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Abstract 

Escherichia coli is one of the most used microorganisms in biotechnology. Even though the 

complexity of this microorganism is low and the production of antibodies or proteins with post-

translational modifications is hardly possible, traits, like fast growth rates, inexpensive media, 

and an almost limitless genetic toolbox, emphasize its widespread utilization. To date, the 

production of heterologous proteins is primarily carried out in fed-batch cultivations due to high 

achievable product concentrations within a short time. However, state-of-the-art fed-batch 

processing is accompanied by large equipment sizes causing increased energy costs as well as 

high CO2 emissions and water consumption. The reduction of downtimes is economically and 

environmentally desirable and could be achieved with repetitive fed-batch or continuous 

cultivations. Furthermore, a switch towards continuous manufacturing would bring benefits in 

scale-up, reactor size and facility design, leading to a lower carbon footprint. Due to a 

continuous harvest of product and longer cultivation times, the downtimes are reduced, 

resulting in higher yields. However, continuous applications for recombinant protein 

production with E. coli tremendously lack behind other industrial sectors, due to decreasing 

productivities and instabilities in long-term cultivations.  

In my Thesis I investigated i) different E. coli expression systems, ii) a variety of process 

parameters, and iii) different substrates in fed-batch, repetitive fed-batch and continuous 

cultivations with E. coli to generate process knowledge, identify bottlenecks and increase the 

bioprocess performance. I found that the spatial separation of biomass growth and recombinant 

protein expression in cascaded continuous cultivations is promising to achieve stable product 

formation with E. coli in long-term cultivations. I proposed a workflow to implement cascaded 

continuous cultivations, leading to improved space-time yields compared to typical fed-batch 

cultivations.  

In summary, my Thesis sheds light onto different bioprocess modes with the highly important 

expression host E. coli aiming at the generation of process knowledge to transform the typical 

fed-batch mode to a continuous process.  
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Zusammenfassung 

Escherichia coli ist einer der am häufigsten verwendeten Mikroorganismen in der 

Biotechnologie. Obwohl der Mikroorganismus eine geringe Komplexität hat und die 

Produktion von Antikörpern oder Proteinen mit post-translationalen Modifikationen kaum 

möglich ist, sind Eigenschaften wie schnelle Wachstumsraten, kostengünstige Medien und eine 

Vielzahl an Möglichkeiten den Organismus genetisch zu verändern, Gründe für die zahlreichen 

Anwendungen. Die Produktion heterologer Proteine wird derzeit vor allem in Fed-Batch 

Kultivierungen durchgeführt, da hier in kurzer Zeit hohe Produktkonzentrationen erreicht 

werden können. Allerdings ist das Fed-Batch Verfahren derzeit mit großen Anlagen verbunden, 

die zu erhöhten Energiekosten sowie hohen CO2-Emissionen und einem hohen 

Wasserverbrauch führen. Es ist daher wirtschaftlich und umwelttechnisch wünschenswert den 

Produktionsstillstand zu verringern. Dies kann durch repetitive Fed-Batch oder kontinuierliche 

Kultivierungen erreicht werden. Darüber hinaus würde eine Umstellung auf eine 

kontinuierliche Produktion Vorteile beim Scale-up, der Reaktorgröße und dem Anlagenbau 

bringen, was den CO2-Ausstoß verringern würde. Außerdem kann durch eine kontinuierliche 

Ernte des Produkts und längere Kultivierungszeiten der Produktionsstillstand reduziert werden, 

wodurch die volumetrischen Ausbeuten erhöht werden. Allerdings sind kontinuierliche 

Anwendungen für die rekombinante Proteinproduktion mit E. coli derzeit aufgrund von 

abnehmenden Produktivitäten und Instabilitäten bei Langzeitkultivierungen weit hinter jenen 

von anderen Industriezweigen zurück.  

In meiner Dissertation untersuchte ich i) verschiedene E. coli-Expressionssysteme, ii) eine 

Vielzahl von Prozessparametern und iii) verschiedene Substrate in Fed-Batch, repetitiven Fed-

Batch und kontinuierlichen Kultivierungen mit E. coli, um Informationen über die Prozesse zu 

sammeln, Probleme und Hürden zu identifizieren und die Prozessausbeute zu steigern. Dabei 

habe ich festgestellt, dass die räumliche Trennung von Biomassewachstum und rekombinanter 

Proteinexpression in kaskadierten kontinuierlichen Kultivierungen vielversprechend ist, um 

eine stabile Produktbildung mit E. coli in Langzeitkultivierungen zu erreichen. Daher wurde 

ein Arbeitsablauf zur Umsetzung kaskadierter kontinuierlicher Kultivierungen entwickelt, 

wodurch die Raum-Zeit-Ausbeuten im Vergleich zu Fed-Batch Kultivierungen verbessert 

wurden.  

Meine Dissertation beleuchtet verschiedene Bioprozessmodi, durchgeführt mit dem wichtigen 

Expressionswirt E. coli, mit dem Ziel Prozesswissen zu generieren, um die etablierte Fed-Batch 

Kultivierung in einen kontinuierlichen Prozess umzuwandeln.  
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1. Introduction and Problem Formulation 

Escherichia coli is used for the production of recombinant proteins in academia and in industry. 

It was first cultivated in the late 70s for the industrial production of polypeptides. Recombinant 

human insulin expressed in an E. coli strain was approved for the pharmaceutical market in 

1982, and therefore paved the way for subsequent strain, process, and protein engineering [1, 

2]. This first successful market approval using recombinant DNA technology for strain 

engineering resulted in a high number of approved E. coli products that account for almost 25% 

of all available therapeutics nowadays [1, 3, 4]. Since bacteria have the drawback of not being 

able to perform post-translational modifications (PTMs), such as glycosylation or disulfide 

bond formation, the production of antibodies and complex proteins is restricted. However, the 

obstacle of disulfide bridge formation has been overcome by strain engineering approaches, 

enabling either the formation of disulfide bonds in the reducing environment of the cytoplasm 

or translocation into the periplasm using its prevailing oxidizing conditions [5, 6]. The large 

genetic toolbox, fast growth rates, low costs, and easiness of cultivation are indispensable 

advantages causing the wide application range of E. coli in various biotechnological processes. 

The preferred cultivation mode as well as identification of critical pross parameters (CPPs) 

(such as temperature, specific substrate uptake rate, and induction time) are highly strain- and 

product-dependent [7, 8]. The classical fed-batch is the preferred process mode for the 

recombinant protein production using E. coli since high biomass and product concentrations 

can be reached within a short time frame and operational handling of this process mode is 

simple [7, 9]. However, to increase the space-time yield (STY) and develop more economically 

and environmentally desirable bioprocesses, a switch towards other bioprocess modes is 

necessary. 
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1.1. Fed-batch Bioprocesses 

1.1.1. Fed-batch 

In fed-batches the substrate is fed constantly to avoid nutrient depletion and increase the cell 

density while the production of metabolites is reduced or even prevented. The cells and product 

remain in the reactor until the end of fermentation (Figure 1). Since cell growth and product 

formation are severely affected by the chosen feeding rate, it is a crucial process parameter [10, 

11]. Even though cell densities and volumetric productivity can be increased by using optimal 

feeding rates and process conditions, induction temperature, cultivation time and inducer have 

an impact on the process costs and need to be considered [8]. 

Figure 1: Schematic sketch of a fed-batch cultivation with E. coli. After a batch is performed, fresh nutrients are supplied to 
the reactor using a pre-defined feeding strategy. Commonly, pH control in E. coli processes is done solely by the addition of 
ammoniac, while acid is only added manually if required. Figure adapted from [12]. 

To control the bioprocess, various feeding strategies can be used. Feed forward strategies are 

based on determined initial conditions and selected specific growth rates. These strategies 

benefit from operational simplicity without the need of on-line measurements and control 

models [11]. However, host physiological changes are not considered and as a result, 

overfeeding of the cells and subsequent accumulation of the fed primary carbon source is risked. 

Advanced strategies use a feedback control or soft sensors, such as on-line measurements of 

oxygen uptake rate (OUR) or carbon evolution rate (CER) [13-15]. Furthermore, static pO2 or 

pH values can be targeted to control the applied feeding rate [10, 16]. However, applications of 

advanced control strategies in industry are scarce as investment costs for software and 

implementation are often higher than the economic benefit of the improved process 

performance [11].  
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In most fed-batch cultivations, first a batch is performed to increase the cell density, 

subsequently, an exponential feeding profile is applied (non-induced fed-batch) [11, 17]. After 

a desired cell density is reached, recombinant protein expression is induced, and further 

substrate is supplied (induced fed-batch). Currently, fed-batch cultivations are favoured for 

industrial applications due to high achievable volumetric productivities and robustness [7, 9, 

11, 18]. However, operation and investment costs are high and production processes suffer from 

time-dependent product quality [19-21]. Furthermore, sterilization and cleaning steps are 

required after each production cycle, causing high economic costs and an environmental burden 

[7, 22]. Most of the time the vessel is not used for the recombinant protein production (~30%) 

due to biomass growth phases (batch, non-induced fed-batch), sterilization and cleaning, 

whereby the space-time yield is affected. In the industry, rising energy costs and stricter 

regulations regarding CO2 emission likely cause a shift towards different cultivation modes 

with less downtimes. One way to reduce the number of sterilization and cleaning cycles are 

repetitive fed-batches.  

1.1.2. Repetitive Fed-batch 

In a repetitive fed-batch the downtime is reduced while the total duration of heterologous 

protein expression is increased due to repeated production cycles within one cultivation run 

[23]. In a fed-batch the whole reactor is harvested at the end of a cultivation, whereas in a 

repetitive fed-batch the reactor is harvested partially after each induced fed-batch phase (=1 

cycle). Subsequently, the cell broth is diluted with fresh media and an induced fed-batch is 

started repeatedly [24-26]. As mentioned before, a repetitive fed-batch allows to increase the 

STY while the relative amount of time for sterilization and cleaning is lowered with each 

repeated production cycle [24, 27]. Still, previous results reported that the productivity was 

declining with each performed production cycle [24, 28, 29]. Furthermore, common problems 

known from fed-batch cultivations, like scale-up effects affecting biomass yield and product 

formation are observed. In addition, larger vessel sizes lead to a higher carbon footprint due to 

increased energy and water consumption [30, 31]. As an alternative, continuous manufacturing 

would bring benefits in scale-up and facility design, as reduced equipment sizes with 

significantly less working volume allow small footprint facilities [32, 33]. 
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1.2. Continuous Bioprocesses 

1.2.1. Chemostat 

A further step towards intensified equipment utilization is achieved by a switch from batch-

wise production to a continuous cultivation [32-34]. So far, continuous cultivation processes 

are implemented in various industrial sectors, including wastewater treatment, white 

biotechnology, biogas, and ethanol production [32, 35]. In the red biotechnology, continuous 

cultivations are implemented mainly with mammalian cells for the production of therapeutics 

[36-39]. The studies on continuous cultivations go back to the 1950s to Monod and Novick and 

Szilard [40-42]. Since then, chemostat cultivations have been used to study strain physiology 

under constant growth conditions [33]. In microbial chemostat cultivations, cells are maintained 

in a steady-state environment, therefore the culture vessel is supplied continuously with fresh 

nutrients while simultaneously culture broth is removed, defining the dilution rate (! = !""# %&'"%"&(')% *)+,-") (Figure 2) [32]. 

Figure 2: Schematic sketch of a chemostat cultivation with E. coli. After a batch is performed, fresh nutrients are supplied to 
the reactor, using a constant feeding rate, while at the same time fermentation broth is continuously harvested (bleed). The 
dilution rate  is defined by the used feed rate and the reactor volume. Figure adapted from [12]. 

Continuous manufacturing is associated with benefits regarding reduced equipment size and 

easier scalability of cultivation processes, lower set-up and operational costs, as well as an 

increase of product quality and volumetric productivity [21, 32, 34, 35, 43, 44]. Scale-up 

problems can be circumvented due to more similar equipment in different application scales 

(research development to production) [18, 32, 43]. The adapted facility design, accompanied 

by smaller vessel sizes and modular systems, will lead to less water and energy consumption, 

resulting in small footprint facilities [21, 34]. Furthermore, high feasible dilution rates with E. 
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coli have the potential to increase the STYs, outperforming fed-batch cultivations [45]. To date, 

instable and decreasing productivities in chemostat cultivations with E. coli are observed, 

causing that mentioned benefits do not prevail [18, 33, 43]. The occurrence of non-producing 

subpopulations results in cell heterogeneities and instable recombinant protein expression 

levels [46-49]. Decoupling of biomass growth and recombinant protein expression in cascaded 

continuous cultivation led to promising results with stable productivity [18, 35, 48].  

1.2.2. Cascaded Continuous Cultivation 

The declining productivities and instabilities in chemostat continuous cultivations have been 

circumvented in cascaded continuous cultivations. It is known that recombinant protein 

expression causes a metabolic burden to the host cells, especially severe when a strong 

expression systems, like a T7-based pET system, is used [35]. Relying on fed-batches, in which 

biomass formation and recombinant protein expression are decoupled in a timely manner, these 

two steps are separated in a cascaded continuous cultivation in two different reactors (Figure 3) 

[18, 35]. One reactor is solely used for biomass generation, supplying a second culture vessel 

with fresh biomass. In the second reactor, two volume streams, a biomass stream and a feed 

stream inducing recombinant protein expression, come together [18, 35, 50].  

Figure 3: Schematic sketch of cascaded continuous cultivation with E. coli. After a batch is performed, fresh nutrients are 
supplied to the first reactor using a constant feeding rate. The first reactor is solely used to produce biomass, therefore the 
feed does not contain any inducer (e.g. lactose, arabinose). The biomass is continuously transferred to reactor 2, where 
additionally a feed with an inducer (feed 2) is applied to initiate recombinant protein expression. From reactor 2 the 
fermentation broth is continuously harvested (bleed). The dilution rate of reactor 1 is defined by the used feed rate (feed) and 
the reactor volume. The dilution rate in reactor 2 is defined by the feed rate (feed 2), the biomass flow of reactor 1, and the 
reactor volume. Figure adapted from [12]. 

Studies revealed that a separation of these two metabolic pathways (biomass growth and 

recombinant protein expression) reduce the burden and stress on the microbial host and elongate 

productivity [18, 35, 50]. Additionally, this operation procedure enables optimal cultivation 
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conditions for the respective goal (biomass growth, recombinant protein expression) of each 

vessel [18, 35, 50]. 

As mentioned before, fed-batch cultivations are used in academia and in industry as gold 

standard to produce recombinant proteins with E. coli (Figure 4). Due to decreasing 

productivities and low STYs, chemostat cultivations with E. coli are not economically feasible 

to date. Indeed, cascaded continuous cultivations were promising to reach elongated and stable 

production processes, however, detailed knowledge about critical process parameters is missing 

and the application of this two-stage cultivation mode is limited to academic studies so far 

(Figure 4) [18, 35]. 

Figure 4: Comparison of the investigated bioprocess modes in this thesis and their predicted application status for E. coli in 
academia and industry. RFB: repetitive fed-batch 
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2. Goal of the Thesis 

Although the cultivation of E. coli is well established, further process development and 

optimization should aim to develop more sustainable bioprocesses with larger volumetric 

throughputs and reduced downtimes. Therefore, I investigated strain, induction mechanism, 

carbon source and cultivation mode (Figure 5).  

Figure 5: Overview of variables for upstream processing with E. coli investigated in this Thesis. IPTG: Isopropyl-β-D-
thiogalactopyranoside. Created with BioRender.com 

To gain process knowledge and develop more efficient and sustainable bioprocesses for the 

production of recombinant proteins with E. coli, the following five scientific questions were 

examined. 

1. Can a phoA-based expression system increase the soluble expression of a Fab in the E. coli 

periplasm compared to a pET-based expression? 

The production of functional Fabs in E. coli requires oxidizing conditions for the formation of 

disulfide bridges, however, strong induction systems, like the T7-based pET expression system, 

often lead to inclusion body (IB) formation. Thus, we compared the expression to the phosphate 

(PO4)-sensitive phoA expression system in a W3110 strain to increase soluble Fab production 

in the periplasm. Furthermore, the impact of non-limiting and limiting PO4 conditions on strain 

physiology and productivity were explored to extend the process knowledge of this auto-

inducible expression system and evaluate the potential for continuous bioprocessing.  
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2. To what extent can product formation be increased if a fed-batch cultivation is 

systematically optimized? 

The identification of critical process parameters and their alteration in a multivariate data 

approach allowed the determination of optimal process conditions to increase the process 

performance of fed-batch cultivations. In addition, effects of the process conditions on the 

formation of IBs were studied. 

3. Can economic efficiency and equipment utilization be improved in a fed-batch cultivation 

with E. coli? 

To increase the economic and environmental benefit, repetitive fed-batches were studied, as 

less sterilization and cleaning cycles are required in this cultivation mode. The obtained STYs 

were compared to conventional fed-batches and chemostat cultivations. 

4. How do glucose/lactose and glycerol/lactose mixed feeds influence recombinant protein 

expression in a continuous cultivation? 

Induction with lactose increases cell viability and reduces metabolic stress. However, lactose 

uptake is affected by the uptake rates of the feed’s primary carbon source (glucose, glycerol). 

Glucose is the established substrate for bioprocess with E. coli, whereas, in recent studies, 

glycerol was promising to increase the productivity in recent studies. Therefore, the influence 

of glucose/lactose and glycerol/lactose mixed feeds on productivity was investigated in 

chemostat cultivations for the strains BL21(DE3) and HMS174(DE3). 

5. How can the set-up and development of a cascaded continuous cultivation be accelerated 

and simplified? 

Spatial separation of biomass growth and protein expression stabilized recombinant protein 

expression. However, the influence of applied process parameters in cascaded continuous 

cultivations are still not investigated properly and studies are laborious. Therefore, a workflow 

was developed to reduce the experimental workload and speed-up the establishment of a 

cascaded continuous cultivation for stable long-term cultivations. 
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3. Results and Discussion 

The scientific publications of this Thesis are assigned to the four investigated process modes, 

fed-batch (Chapter 3.1.2. and Chapter 3.1.3.), repetitive fed-batch (Chapter 3.1.4.), chemostat 

(Chapter 3.2.2.), and cascaded continuous cultivations (Chapter 3.2.3.). I will give a detailed 

background and highlight major findings of each scientific publication in the following 

chapters. In addition, a Review article that addresses the function of protein L as a universal 

binding ligand and highlights potential applications (Chapter 7.1) and a book chapter entitled 

"Inclusion body production in fed-batch and continuous cultivation" (Chapter 7.2.) can be found 

in the Appendix. 

Figure 6: Structure of this PhD Thesis. SP: scientific publication. Figure adapted from [12]. 
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3.1. Fed-batch Bioprocesses 

3.1.1. Background Information 

Theodor Escherich firstly described the Gram-negative bacterium E. coli during the mid-1880s, 

investigating the human gut [51, 52]. Thenceforward, promising studies on the genome and 

molecular biology caused the rise of recognition, making E. coli one of the most important 

models and production hosts in academia and industry [51-53]. The K-12 and B strains and 

their derivatives are the most used strains for recombinant protein production [52, 54, 55]. In 

1942, Delbrück and Luria first mentioned the ancestor strain B, which was then genetically 

modified, leading to the common laboratory strain BL21 [52]. Almost 45 years later, Studier 

and Moffatt introduced the strain BL21(DE3) by integrating the T7 RNA polymerase, 

originating from a DE3 phage [52, 56]. The integrated T7 polymerase is controlled by the lac 

UV5 promotor, enabling the use of a T7-based pET expression system [56-58]. The operon 

naturally expresses lacY (β-Galactosidase-Permease), lacZ (β-Galactosidase), and lacA (β-

Galactosid-Transacetylase) and is negatively regulated by the LacI repressor protein. 

Furthermore, desirable features like low acetate formation rates, fast doubling times, and the 

lack of two key proteases, Lon and OmpT, cause the popularity of this strain in research and 

industry [4, 53, 59]. Contrary to the beforehand mentioned BL21(DE3), W3110 is related to 

the ancestor strain K-12, isolated from a stool sample [52, 60]. This strain is often referred to 

as wild-type strain and the genome was fully sequenced by Hayashi et al. in 2006 [60, 61]. K-

12 strains have higher acetate production levels, leading to lower biomass yields and slower 

growth rates compared to B-type strains [16, 61]. Still, W3110 is a common strain applied in 

the biotechnology industry for the large-scale production of therapeutics [16, 62]. 

Nevertheless, the strain BL21(DE3) with the integrated T7 RNA polymerase caused that the 

pET-based expression systems are one of the most applied vectors [63, 64]. Up to now, more 

than 220,000 scientific publications using these expression plasmids are available [63]. The T7 

RNA polymerase is under the control of the lacUV5 promotor, while the gene of interest (GoI) 

is cloned among the T7 promotor and terminator [53, 65-67]. The LacI repressor protein 

controls the promotor by negative regulation and is inactivated upon induction. Thus, 

recombinant protein expression starts with the supply of an inducer, which can be Isopropyl-β-

D-thiogalactopyranoside (IPTG) or the natural analogue lactose [53, 68]. Induction with IPTG 

is known to put high stress on the expression host and is toxic at high concentrations [18, 69]. 

Additionally, due to the high metabolic burden, the cell stress increases and consequently, 

inclusion body (IB) formation is enhanced [46, 69]. However, high expression rates are 
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achieved and a one-point addition in fed-batch cultivations is sufficient for the induction [70]. 

To decrease the metabolic burden, the transcription of recombinant proteins can be regulated 

by limiting the inducer supply [46]. As alternative, lactose, more specifically the formed 

allolactose, can be used to induce protein expression in pET-based expression systems [46, 66]. 

Lactose was shown to be a viable alternative to IPTG, increasing cell viability, and has a 

positive effect on soluble protein formation [68, 71]. In contrast to IPTG, lactose is metabolized, 

wherefore a continuous supply is required to keep the transcription ongoing [46, 68, 70]. 

However, the uptake of lactose was shown to be affected by the presence and uptake rates of 

the carbon source [67-70]. Carbon catabolite repression (CCR) leads to a restricted uptake, and 

therefore, the substrate (e.g. glucose, glycerol) needs to be fed in limiting amounts. Upon 

lactose presence, the lactose permease, required for the transport of lactose inside the cell, and 

the b-galactosidase, which cleaves lactose and forms allolactose, are encoded [66, 68, 71]. 

Nevertheless, due to the energy dependent transport, a threshold of qs,glucose/glycerol is required to 

provide a sufficient amount of energy for lactose uptake [68, 72]. Overall, the T7 RNA 

polymerase displays fast transcription rates, being five times faster than native E. coli RNA 

polymerases [4, 58, 65]. However, high expression rates are challenging for the expression of 

proteins which need to be translocated into the periplasm or require a proper folding inside the 

cytoplasm. Thus, the recombinant protein expression with a strong promoter system such as the 

T7-based pET, exhibits a high metabolic burden onto the host cells and could lead to IB 

formation [71]. 

To circumvent the formation of IBs and promote the soluble expression of complex proteins 

like antibodies and fragments, slower expression rates could be beneficial [73, 74]. Especially 

if the target protein is secreted into the periplasm, increase high expression rates the risk of 

overloading transport associated proteins [75]. As an alternative, Luo et al. used the phoA 

promoter to express different Fabs. The expression is initiated as soon as the phosphate 

concentration is decreasing in the fermentation broth [73, 76]. Studies showed that the phoA-

based expression system is beneficial for the expression of Fabs, especially if secretion into the 

periplasm is necessary [76]. Despite that, it is crucial to monitor and control the PO4 

concentration at sufficient levels for high product expression, and at the same time avoid 

depletion as it affects the cell metabolism and ultimately results in cell lysis [77, 78]. 

Besides the used promoter system, also protein structure and complexity (disulfide bonds, 

glycosylation, etc.) cause that heterologous proteins expressed in E. coli are either produced in 

soluble form or as protein aggregates (IBs) [16, 79]. However, the expression in the cytoplasm 

takes place under reducing conditions, whereby no disulfide bonds are formed and proteins 
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accumulate as IBs [16]. In addition, high expression rates can overburden chaperones, resulting 

in the formation of misfolded or even unfolded heterologous proteins [79]. To circumvent the 

formation of IBs, different strategies are available, (i) strain engineering approaches are applied 

for the additional expression of foldases and chaperones, deletion of reductases, or expression 

of periplasmic isomerases to enable a proper folding of complex proteins [16, 80], (ii) 

translocation of translated proteins into the periplasm, where disulfide bonds are formed [81] 

and (iii) secretion of heterologous proteins [6].  

The cytoplasm is the inner part of a bacterial cell and enables high production yields without 

the need for complex strain engineering approaches. Furthermore, it can harbour recombinant 

proteins accounting for up to 30% of the total protein content [6, 16]. On the downside, besides 

the presence of proteases, also a large amount of host cell proteins (HCPs) and DNA need to be 

removed during the purification of the target protein. Due to the prevailing reducing conditions 

and often achieved high expression rates, target proteins could accumulate as IBs. In some 

cases, the adaption of CPPs, like lowering the temperature during the recombinant protein 

expression, circumvents this problem. Approaches to improve proper folding of target proteins 

include media adaptions, different feeding strategies, additional overexpression of chaperones, 

fusion tags, or strain engineering by deleting reductases located on the E. coli genome [6, 82-

85]. These mentioned factors are often insufficient and decrease the biomass yield or are not 

feasible in larger process scale [6]. Alternatively, the expression of recombinant proteins can 

take place in the periplasm, the space between the inner and outer cell membrane. This is 

especially desirable when the formation of disulfide bridges is required [6, 16]. The prevailing 

oxidizing conditions are caused by the Dsb protein family and enable the subsequent formation 

of disulfide bonds [86]. The addition of an N-terminal signal sequence to the polypeptide chain 

of the recombinant protein promotes the export into the periplasmic space. However, often low 

product yields are achieved due to the low number of available transporters which get 

overloaded rapidly [6, 75]. Furthermore, the periplasm only accounts for approximately 10% 

of the total cell volume, lowering the achievable product yields [6]. Despite that, a cell 

disruption process solely targeting the outer membrane could ease the purification due to a 

decreased amount of HCP, DNA and proteases [16, 87]. To transport the proteins from the 

cytoplasm into the periplasm, three pathways using the type II secretion system are existing. 

The secretion is conciliated by (i) the Sec pathway, one of the most applied ways for 

translocation, (ii) the signal recognition (SRP) pathway, or (ii) the twin-arginine translocation 

(TAT) pathway [16, 76, 88]. The translocation is guided by linked signal peptides located on 

the N-terminus of the target protein [89]. In the Sec pathway, the protein is first translated and 
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subsequently transported into the periplasm, while in the SRP pathway the recombinant protein 

is translocated during protein translation [90]. In the TAT pathway the protein is first folded in 

the cytoplasm and then secreted into the periplasm, being not applicable to circumvent the 

formation of IBs due to the reducing environment in the cytoplasm [90]. So far, the Sec-

dependent signal sequences OmpA, LamB, PhoA, and STII have been successfully used for the 

expression and translocation of recombinant proteins [16, 86]. Furthermore, studies revealed 

that the used signal sequence effects severely the expression and secretion, depending on the 

produced protein [88, 89]. A further possibility to localize the produced recombinant proteins 

is the fermentation broth. Besides the advantages of periplasmic expression, the secretion into 

the fermentation broth displays advantages in the subsequent downstream processing (DSP) 

[91, 92]. Cell disruption is not required and the product can be easily separated from the cells 

by centrifugation and/or filtration. This decreases the number of required purification steps 

since already a high purity is obtained in the supernatant. Studies showed that different media 

supplements, such as glycine or Triton, influence the cell membrane integrity [16, 86, 93]. 

Additionally, CPPs showed to be important not only in the total process performance but also 

in cell integrity [94-96]. Overall, protein secretion into the fermentation broth is a promising 

approach which can be applied in continuous bioprocessing and would decrease the costs of the 

DSP [91, 93, 94]. 
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3.1.2. Scientific Publication 1 

Can a phoA-based expression system increase the soluble expression of a Fab in the E. coli 

periplasm compared to a pET-based expression? 

Title: Recombinant Protein Production in E. coli Using the phoA Expression System 

For the soluble production of Fabs in E. coli oxidizing conditions are required to facilitate the 

formation of disulfide bridges. One common approach is the secretion into the periplasmic 

space via N-terminal signal sequences (e.g. STII, PhoA, OmpA) [16, 86, 97]. However, low 

expression yields of soluble protein are observed often due to IB formation, protein degradation 

or insufficient translocation [6, 75]. Strong expression systems with high transcription rates, 

like the inducible T7-based pET vector (pET system), impose a metabolic burden onto host 

cells and cause an overload of transport associated proteins, resulting in IB formation [46, 98, 

99]. Even though the T7 system is still widely applied in academia and industry, softer induction 

systems, like the phosphate (PO4)-sensitive phoA expression system (pAT system), are 

preferably to increase the soluble protein formation of Fabs [76]. Furthermore, due to the 

periplasmic expression only the outer cell membrane needs to be disrupted, which would reduce 

the impurity levels in the supernatant during the purification [100]. Thus, approaches to increase 

the leakiness of the cell membrane during the cultivation have been investigated since this 

would enable a “direct” harvest of the target product in continuous bioprocessing [94, 100]. 

Furthermore, the use of the auto-inducible pAT system enables not only to avoid the addition 

of inducers, but also the direct control of expression levels in continuous cultivations via 

adjusted PO4 concentration in the feed [78, 101]. Therefore, we compared the production of a 

Fab in E. coli using the pET system in a BL21(DE3) strain and the pAT system in a W3110 

strain under the same cultivation conditions (T = 30 °C and 35 °C; µ = 0.05 h-1 and 0.1 h-1). 

Furthermore, we investigated the PO4 dependent protein expression and its effect on strain 

physiology.  

In all pET cultivations the expressed Fab mainly accumulated as IB, independent from the 

applied process parameters. Still, IB formation was enhanced at 35 °C compared to 30 °C and 

an elongated induction time resulted in lower soluble protein levels. The highest soluble Fab 

concentration was achieved 4 h post induction at 30 °C and a µ = 0.1 h-1. In the cultivations 

with the pAT system, protein expression was initiated already before limiting PO4 conditions 

were reached (>0.1 mM), indicating a leaky promoter repression. Although IB formation was 

observed at µ = 0.05 h-1, indicating a high metabolic stress, the highest soluble Fab titer was 

reached with this growth rate at 30 °C. Since the cultivation end was determined by PO4 
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starvation, the cultivation time was significantly longer at lower growth rates. In addition, a 

higher biomass concentration (DCW) was reached using the pAT system, even increasing under 

PO4 limiting conditions. This indicates a metabolic shift from extracellular uptake towards 

utilization of intracellular stored PO4 [102, 103]. This hypothesis was supported by declining 

intracellular P levels, already starting at non-limiting PO4 concentrations in the fermentation 

broth. Overall, IB formation was depending on the used induction system as well as the applied 

cultivation conditions. The highest STY in a pAT cultivation (T = 30 °C; µ = 0.05 h-1) was 1.3-

fold higher compared to the best performing pET cultivation (T = 30 °C µ = 0.1 h-1, 4 h 

induction), even though the cultivation time was almost twice as long (Figure 7).  

Figure 7: Comparison of the best performing cultivation with the T7-based pET expression system (pET 2_a4) and the phoA 
expression system (pAT 4_st). The pET system gave the highest space-time yield (STY) at a µ = 0.1 h-1 and 30 °C after 4 h of 
induction. The pAT system performed best at µ = 0.05 h-1 and 30 °C at PO4 starvation. 

However, at PO4 starvation (<0.1 mM) the cell metabolism started to collapse, and hence 

potential product is lost due to cell lysis. These results underline the importance of identifying 

the optimal point of harvest and the necessity of a reliable process control with a time-resolved 

monitoring of PO4.  

In summary, we studied the potential of the pAT system for the soluble periplasmic expression 

of Fabs and characterized the effects of the PO4 depletion, paving the way for further process 

engineering approaches. Based on the results, we suggest to perform a fed-batch until a 

concentration close to 0.1 mM is reached in the reactor. Subsequently, a feed medium with an 

adjusted PO4 concentration should be used to extend the cultivation at this concentration and 

thus obtain an improved STY.  
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3.1.3. Scientific Publication 2 

To what extent can product formation be increased if a fed-batch cultivation is systematically 

optimized? 

Title: Recombinant Protein L: Production, Purification and Characterization of a Universal 

Binding Ligand 

Design of experiments (DoE) enable a structured identification of important process parameters 

which influence the process performance [101, 104, 105]. Due to the simultaneous alteration of 

investigated factors, it is also possible to observe interactions, while the experimental workload 

can be reduced [101, 105]. In previous studies, specific substrate uptake rate (qs) and 

temperature were identified to affect expression state (soluble and IB) as well as product titer 

for various proteins [106-109]. Therefore, a DoE approach was used to alter these two process 

parameters with the aim to increase the soluble protein L production. To adequately describe 

potential quadratic interactions of the tested parameters, a central composite circumscribed 

design was applied.  

An excess of soluble protein L was obtained for all tested cultivations while the IB titer did not 

exceed 5% of the final concentration. We hypothesize that the expression state of PpL was not 

majorly affected by qs and induction temperature due to the low complexity of the protein (no 

disulfide bridges or other posttranslational modifications) [74]. However, the product titer was 

affected by the tested parameters, as depicted in Figure 8. The specific substrate uptake rate of 

0.5 g/g/h led to an increase of the volumetric product titer until 4 to 6 h of induction, depending 

on the applied temperature (Figure 8). Afterwards the product concentration decreased, 

accompanied by a stop of biomass growth and subsequent accumulation of glycerol. Specific 

substrate uptake rates of 0.1 g/g/h and 0.3 g/g/h at lower temperatures (£27 °C) resulted in 

comparable amounts of PpL after 12 h of induction. The tested temperatures above 31 °C did 

not lead to an increased product formation. Furthermore, it was observed that the optimal point 

of harvest (highest product concentration) depended on the used cultivation condition. 

However, the highest volumetric product titer was reached after 12 h induction time using the 

center point conditions (qs = 0.3 g/g/h, temperature 31 °C) (Figure 8). 
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Figure 8: a): Trend of volumetric titer [g/L] of the performed fed-batches during of 12 h induction. b): Contour plot of the 
volumetric titer [g/L]. The highest titer of about 9 g/L was reached after 12 h using a specific substrate uptake rate (qs) = 0.3 
g/g/h and a temperature of 31 °C.  

Longer induction times as well as higher specific substrate uptake rates had a positive influence 

on productivity, whereas the temperature did not affect the volumetric titer significantly. 

However, too high qs and temperature would not increase the product formation (quadratic 

terms of all tested parameters had a negative impact on the volumetric titer). Furthermore, the 

interaction terms of the tested parameters had no significant effect on product formation. 

In summary, a multivariate data approach was applied and process conditions, leading to the 

highest product titer were identified (Table 1). The product concentration was increased by 

more than 400% (at harvest), resulting in a specific product titer of 0.17 g/g with a final biomass 

concentration of 55 g DCW/L.  

Table 1: Summary of the process conditions leading to the highest volumetric product titer. qs: specific substrate uptake rate 

Factors Condition Titer 

qs 0.3 g/g/h 

9.4 ± 0.4 g/L Temperature 31 °C 

Induction time 12 h 
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3.1.4. Scientific Publication 3 

Can economic efficiency and equipment utilization be improved in a fed-batch cultivation with 

E. coli? 

Title: Repetitive Fed-Batch: A Promising Process Mode for Biomanufacturing With E. coli 

In fed-batches, set-up, sterilization and cleaning of equipment are cost- and time-intensive, thus 

reducing the productivity of a process (lower STY) [25]. However, more production cycles or 

longer induction times within one cultivation could improve the process performance, leading 

to a more economically and environmentally favourable process due to a reduced number of 

required sterilization and cleaning phases (Figure 9). Therefore, we compared fed-batches, 

repetitive fed-batches, and chemostat cultivation for two proteins, one expressed in the 

cytoplasm and one in the periplasm, in terms of product yield and STY. 

 
Figure 9: Comparison of the cultivation modes tested within this study The production time (tprod.) and downtime (tdown) is given 
in percent relative to the total process time. Time for SIP: 3 h; Time for CIP: 6 h (reference values, obtained by the industrial 
partner); SIP: steam in place; CIP: cleaning in place 
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First, a fed-batch with an induction time of 12 h was performed (cycle 1), subsequently half of 

the volume was harvested, and the fermentation broth was diluted with twofold concentrated 

medium to the starting biomass concentration (end fed-batch). The induced fed-batch was 

repeated for 12 h (cycle 2). After that, half of the fermentation broth was harvested again. 

Analogous to the second cycle, a third repeat was performed, resulting in three induction phases 

of 12 h each. The product amount after each cycle was calculated according to the equations in 

Figure 9. Since we aimed to increase the process performance (product yield, STY) and develop 

a more economic and sustainable process, we additionally performed chemostat cultivations for 

each protein. In theory, chemostat cultivations lead to time-independent productivities in which 

continuously target protein is harvested resulting in increased STYs [110]. However, the 

productivity in chemostat cultivation declined for both proteins with the cultivation time, thus 

being not competitive to the other tested process modes. The repetitive fed-batches led to an 

increase of the STY for each tested target protein, but the optimal number of cycles differed for 

the cytoplasmic and the periplasmic protein (Figure 10). For the cytoplasmic protein, the 

specific productivity (qp) declined with each cycle, but the highest STY was still obtained after 

two cycles. A different behaviour was observed for the periplasmic protein, the specific 

productivity was lower throughout the whole process. Additionally, the specific productivity 

more than doubled from the first to the second cycle, while it slightly decreased in the third 

cycle, but still, the highest STY was reached after the third production cycle. Moreover, cell 

leakiness was observed causing an increase of target protein in the fermentation broth with each 

performed cycle. Since the chemostat cultivation was not competitive under the tested 

conditions for both proteins, the STY assuming constant productivity at the highest observed 

qp was simulated (ideal chemostat) (Figure 10). Nevertheless, the STY of the chemostat was 

below the other performed cultivations. 

Figure 10: Comparison of the space-time yield (STY) of each process mode for a) cytoplasmic protein and b) periplasmic 
protein. The values in %, are the relative values referred to the highest obtained STY. The ideal chemostat was simulated, using 
the highest reached specific productivity, assuming a stable productivity at this level throughout the whole cultivation. 
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In summary, we showed that repetitive fed-batches are a viable alternative to achieve higher 

STYs compared to established fed-batches with one induction phase. At the same time, less 

sterilization and cleaning cycles are required due to repeated production phases. Although the 

volumetric throughput could be increased, we observed that the specific productivities declined 

indicating metabolic changes of the cells. 
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3.2. Continuous Bioprocesses 

3.2.1. Background Information 

Glucose is the preferred carbon source of E. coli for metabolization since it leads to the highest 

growth rates (µ) and has been established as standard substrate, especially in the pharmaceutical 

biotechnology sector [72, 111]. For various carbon sources, uptake and phosphorylation are 

catalysed by the phosphoenolpyruvate (PEP) : carbohydrate transferase system (PTS) [112]. 

Glucose is transported, phosphorylated, and then introduced into glycolysis, leading to the 

formation of two PEP molecules. In detail, the phosphoryl group is transferred from PEP to EI 

and then via Histidine protein (HPr) to EIIAGlc and EIIB. Finally, glucose is transported by EIIC 

and phosphorylated during the transport to be further metabolized [113]. After glycolysis, one 

PEP is processed in the tricarboxylic acid cycle (TCA) while the second molecule takes part in 

the phosphorylation-transport process of the fed carbohydrate (Figure 11) [72, 114-116]. 

Figure 11: Transport of carbohydrates by the phosphoenolpyruvate (PEP) : carbohydrate transferase system (PTS). The PTS 
carbohydrate (e.g. glucose) gets transported by EIIC, concomitantly phosphorylated by EIIB, and is then introduced into 
glycolysis. One of the standardly formed PEP is used for the PTS. Adapted from [114]. Created with BioRender.com 

However, with glucose in the cultivation medium, diauxic growth is observed and causes a 

decrease or even repression of the uptake of other carbohydrates (e.g. lactose) [114]. The uptake 

is prevented by inducer exclusion and furthermore, the cAMP (cyclic AMP) synthesis is 

inhibited. Subsequently, CRP (cAMP receptor protein), a transcription factor regulating over 

100 operons, which encode among other things proteins that are involved in utilization systems 

for other sugars, are not activated [114, 116-118]. In addition, the growth on glucose causes the 

EIIAGlc to be predominantly dephosphorylated [112, 116, 119]. Consequently, adenylate 

outside the cell 

inside the cell    
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cyclase is not activated (only activated by the phosphorylated EIIAGlc), explaining the decreased 

cAMP levels during the growth on glucose [115, 116, 119]. The first hypothesis was that the 

cAMP levels play an important role in carbon catabolite repression, leading to decreased lactose 

uptake rates in cultivations using glucose and lactose. However, cAMP levels in cultivations 

with solely lactose or glucose are on a comparable level [116, 119]. Subsequent studies showed 

that the ratio of PEP to pyruvate is mainly responsible for the phosphorylation state of EIIAGlc 

[112, 116]. This means that EIIAGlc is predominantly dephosphorylated at low concentrations 

of PEP compared to pyruvate and vice versa [112, 116]. Therefore, the main factor for the 

preferred uptake of glucose compared to lactose seems to be caused by inducer exclusion, and 

not the cAMP levels. While the cAMP-CRP complex is required for the transcription of the lac 

operon, cAMP levels are similar during growth on glucose or lactose [116, 119]. Additionally, 

the cAMP-CRP complex activates the EIIBC domain of the PTS involved in glucose uptake 

[116]. However, it was shown that the non-phosphorylated EIIAGlc inhibits the lac permease, 

resulting in decreased lactose uptake [112, 113, 119, 120]. These cellular effects have to be 

considered in pET-based expression systems when induction with lactose is performed while 

glucose is fed as the primary carbon source.  

Alternatively, glycerol has been established as a carbon source for biotechnological processes 

using E. coli. Glycerol is known to be a by-product of the biodiesel production and is from a 

sustainable point of view a valuable alternative [72, 121, 122]. About 10% w/w of glycerol is 

produced during biodiesel production, hence, it is highly interesting for upcycling in various 

biotechnological sectors [123]. Glycerol is transported by diffusion into the cells, where it is 

subsequently phosphorylated to glycerol 3-phosphate, which can be further metabolized by the 

cells [113]. Glycerol 3-phosphate is metabolized to dihydroxyacetone phosphate (DHAP), 

which can then be introduced into glycolysis as well as gluconeogenic pathways (Figure 12) 

[121]. 
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Figure 12: Metabolism of glycerol by Escherichia coli. GlpF: glycerol facilitator; GK: glycerol kinase; DH: dehydrogenase. 
Adapted from [124]. Created with BioRender.com 

Biomass yields of glycerol and glucose fed cultivations are comparable since glycerol is utilized 

efficiently by E. coli [72, 121]. Kopp et al. showed that for both carbon sources (glucose and 

glycerol) lactose uptake rates are depending on the applied feeding rates (specific glucose 

uptake rates) of the primary carbon source [68, 72]. Glycerol is already established in 

autoinduction media when cells are grown on a mixture of glucose, glycerol, and lactose [125, 

126]. First, due to diauxic growth, glucose is metabolized by the cells and after depletion, 

induction via the supplied lactose takes place and at the same time glycerol supports growth 

[125, 126]. Furthermore, glycerol has proven to be a valuable alternative when fed with lactose 

since it increases cell viability at higher feedings rates compared to glucose fed cultivations 

[72]. 

However, galactose accumulates during induction with lactose when the commonly applied 

strain BL21(DE3) is used, independently of the used carbon source. The strain has deletions of 

important genes expressing enzymes (galactokinase, galactose-1-phosphate uridylyltransferase 

and UDP-glucose 4-epimerase) that are involved in the pathway for metabolization of 

galactose, which is formed during induction with lactose [4]. Alternatively, the strain 

HMS174(DE3) which originates from the K-12 line, can be cultivated and induced with lactose 

[4]. The strain has no deletion of important genes involved in the metabolization pathway of 

galactose [4]. Additionally, this strain harbours genes of the l prophage, enabling the use of 

pET-based expression vectors [4]. 

outside the cell 
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3.2.2. Scientific Publication 4 

How do glucose/lactose and glycerol/lactose mixed feeds influence recombinant protein 

expression in a continuous cultivation? 

Title: The Lazarus Escherichia coli Effect: Recovery of Productivity on Glycerol/Lactose 

Mixed Feed in Continuous Biomanufacturing 

Fed-batch cultivations in industry are linked to large vessel sizes and a high carbon footprint 

due to high energy and water consumption [30, 31]. The application of continuous cultivations 

would change facility design since reduced equipment sizes with significantly less working 

volume can be used [32, 33, 45]. Furthermore, small reactor sizes lead to lower CO2 emission 

and less water consumption [32, 127]. However, chemostat cultivations with E coli suffer from 

declining productivities over time, thus being not competitive for recombinant protein 

expression compared to other process modes so far [32]. The occurrence of non-producing 

subpopulations cause that advantages of continuous processing are negligible [47, 48, 128]. 

Indeed, first improvements to reduce the metabolic stress during recombinant protein 

expression have been made by switching the inducer from IPTG to lactose. However, lactose 

uptake depends on the specific uptake rate of the used substrate (glucose or glycerol) [68, 72, 

129]. Glucose is established as substrate due to high achievable growth rates, however, glycerol 

was shown to be a promising alternative in terms of biomass yield and productivity [72, 125]. 

Therefore, mixed feed approaches of glucose/lactose and glycerol/lactose were studied in 

chemostat cultivations to boost the STY compared to fed-batches. In addition, the strain 

HMS174(DE3) was compared with the strain BL21(DE3) to investigate potential influence of 

galactose during the induction with lactose. 

In all chemostat cultivations using BL21(DE3) with glycerol/lactose, the product titer initially 

decreased, but then a resurgence of the productivity was observed when process duration 

exceeded 100 hours. The glucose/lactose mixed feed resulted in higher productivities at the 

beginning of the chemostat cultivation, however, no recovery of the product formation was 

observed. In contrast, neither with glucose/lactose nor with glycerol/lactose a recovery of the 

productivity was observed for the strain HMS174(DE3). To sum up, no stable chemostat 

cultivation for the tested proteins was achieved, independent of the used substrate. Furthermore, 

the obtained STYs were below the ones of the corresponding fed-batches, thus showing that 

chemostat cultivations are not competitive so far (Table 2).  



  Results and Discussion 
 

 

 27 

Table 2: Average space-time yields (STYs) of the fed-batch cultivations in comparison to the STYs of chemostat cultivation in 
this study. The cultivation time of chemostat cultivations was calculated to reach the performance of the fed-batch cultivation 
after 10 h of induction for BL21(DE3). IPTG: Isopropyl-β-D-thiogalactopyranoside; FB: fed-batch 

 Glucose-IPTG FB 
STY [g/L/h] 

Glycerol/lactose chemostat 
STY [g/L/h] 

Cultivation time to reach FB 
productivity [h] 

GFP 1.28 0.02 581 

mCherry 0.87 0.05 167 

BBlue 0.56 0.02 215 

 

In summary, we discovered a reproducible reoccurrence of productivity in chemostat 

cultivations when glycerol/lactose was fed. Hence, the fed primary carbon source 

(glucose/glycerol) seems to be an important factor to establish continuous cultivations. 

Furthermore, the declines of productivity were accompanied by changes of the galactose levels. 

Further investigations might help to understand, the Lazarus effect during the cultivation with 

glycerol/lactose and the decrease of productivity, along with the occurrence of subpopulations. 

We believe that transcriptomic and proteomic analyses give a deeper insight and enable a better 

understanding of observed behaviours during chemostat cultivations.  
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3.2.3. Scientific Publication 5 

How can the set-up and development of a cascade continuous cultivation be accelerated and 

simplified? 

Title: Cascaded processing enables continuous upstream processing with E. coli BL21(DE3) 

Continuous cultivations with microbials suffer from a time-dependent decline of productivity, 

independent of the used inducer or substrate [18]. Indeed, glycerol promotes protein expression 

and cell viability compared to glucose during induction with lactose [72]. Still, chemostat 

cultivations have the drawback that recombinant protein expression and biomass growth occur 

simultaneously, thus, growth inhibition and genetic instabilities are observed [35]. Therefore, 

biomass and product formation are timely separated in fed-batch cultivations. This knowledge 

was used for cascaded continuous cultivations in which biomass growth and recombinant 

protein expression are spatially separated, enabling that each reactor can be operated at optimal 

conditions (e.g. biomass growth: 37 °C; protein expression: 30 °C). Previous studies have 

shown that cascaded continuous cultivation resulted in higher STYs compared to fed-batches 

[18, 35]. However, long term results (>100 h) and effects of process parameters, such as dilution 

rate and feed ratio (glycerol to lactose concentration), are not well investigated. Therefore, an 

established model protein (N-Pro) was used to develop a workflow that accelerates the 

establishment of a cascaded continuous cultivation.  

First, the feed ratio (glycerol to lactose) was fixed with a ratio of 2:1 and only biomass and 

induction feeding (feed 2 in Figure 3) rate was varied in reactor 2. However, to avoid the 

accumulation of sugar in the reactor, higher induction feed fluxes than 30% of the total 

volumetric stream were not tested. Highest productivities were obtained for a biomass flux of 

70% and an induction feed flux of 30% (of the total volume stream entering reactor 2). 

Subsequently, these parameters were fixed while the dilution rate and the feed ratio in the 

induction feed were varied in a DoE approach. Highest specific productivities (qp) and STY 

were obtained by applying dilution rates higher than 0.15 h-1 and using a higher concentration 

of glycerol than lactose in the induction feed (ratio >2). Based on these results, we reduced the 

design space and suggest an additional initial screening to investigate physiological parameters 

of unknown strains and products (Figure 13). Therefore, the proposed workflow contains two 

phases: In phase I, strain physiological parameters, like maximum growth rate and inducer 

uptake rates at different substrate uptake rates, are screened. In phase II, the results of phase I 

are combined with the constricted design space to find optimal cultivation conditions for 

cascaded continuous processing. 
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Figure 13: Proposed workflow to accelerate the establishment of a cascaded continuous cultivation. In phase I three 
experiments are required: (1) a batch cultivation for maximum growth rate (A) and inducer uptake without C-source (B), (2) 
a fed-batch cultivation for the maximum inducer uptake rate (C) and (3) a fed-batch cultivation for inducer uptake rates 
between a qs,gly set point from 0.25 to 0.55 g/g/h using a linear ramp approach to screen for carbon catabolite repression 
(CCR). These results are used to determine applicable feed ratios (FR) of glycerol to lactose in the induction feed. In 
combination with the the constricted design space in phase II the process to find optimal process conditions is accelerated. FR 
feed ratio, D dilution rate.  

To validate the workflow, we used an BL21(DE3) strain expressing mCherry. First, we 

conducted the proposed screening to determine specific inducer and substrate uptake rates 

(phase I). These results in combination with the reduced design space were then used to find 

suitable process conditions for a high STY and qp. Finally, we were able to identify the best 

process performance (highest STY and qp) (D=0.22 h-1, FR=2) with the proposed workflow 

within one month. For both tested proteins (N-pro and mCherry) similar process parameters led 

to stable long-term productivities, even though one was expressed as IB (N-Pro) and one as 

soluble protein (mCHerry). High dilution rates were beneficial to increase the product 

formation, which might be caused by a decreased risk of subpopulation formation due to shorter 

residence times (1/D). Furthermore, higher dilution rates increase the bleed volume and thus 

leading to higher STYs.  
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In summary, the proposed workflow enabled to implement a cascaded continuous cultivation, 

which was superior to fed-batch cultivations regarding the STY. In addition, we showed that 

the spatial separation of biomass growth and protein expression allows stable continuous 

cultivations for up to 200 h of process time. 
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4. Conclusion and Outlook 

Fed-batch cultivations are the gold standard in academia and industry to produce recombinant 

proteins, because high product titers are reached in short cultivation times and the process mode 

is operationally simple [7, 9]. One of the most established expression systems is the T7-based 

pET system, which leads to fast transcription rates [63, 64]. However, the application of an 

inducer is required, influencing process design and production costs which can be avoided by 

using an auto-inducible promoter, like the pAT system [78, 101]. In our study, process 

conditions leading to an enhanced soluble expression of a Fab in the periplasm were identified 

and PO4 dependent product formation was extensively investigated. Based on these results, we 

propose an approach that intensifies the production process with this expression system by 

adjusting the PO4 concentration in the feed medium. Moreover, a DoE approach was used to 

systematically optimize the recombinant protein expression in fed-batch cultivations, 

identifying qs and temperature as critical process parameters. Using the best performing process 

parameters, we were able to achieve a fourfold improvement of the final product concentration. 

Repetitive fed-batches have been applied to reduce the downtimes, leading to increased STYs. 

However, the specific productivity was declining and fed-batches are associated with high 

energy consumption, CO2 emission and water usage [30, 31].  

Therefore, continuous cultivations with E. coli were investigated, which would bring 

economic and environmental benefits. However, chemostats suffer from a declining 

productivity, thus, the effect of mixed feeds was studied. A resurgence of the productivity was 

observed for glycerol/lactose fed cultivations, but still the STYs were below fed-batches. 

Finally, a workflow for the implementation of cascaded continuous cultivations was 

developed and led to stable product expression levels over cultivation times of more than 220 

h. This resulted in improved STYs compared to fed-batch cultivations, hence showing the 

potential for continuous biomanufacturing with E. coli BL21(DE3). 

In summary, different process parameters in various bioprocess modes with the expression host 

E. coli were investigated to switch from established fed-batches towards continuous 

manufacturing. However, studies on the observed instabilities in recombinant protein 

expression need to be deepened, focusing on transcriptomic and metabolomic changes. These 

studies could give further insights into subpopulation formation to adapt strains, expression 

systems, process parameters and cultivation strategies with the aim to achieve stable long-term 
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cultivations. This will facilitate the development of more sustainable bioprocesses for the 

production of recombinant proteins. 
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Abstract: Auto-inducible promoter systems have been reported to increase soluble product formation
in the periplasm of E. coli compared to inducer-dependent systems. In this study, we investigated the
phosphate (PO4)-sensitive phoA expression system (pAT) for the production of a recombinant model
antigen-binding fragment (Fab) in the periplasm of E. coli in detail. We explored the impact of non-
limiting and limiting PO4 conditions on strain physiology as well as Fab productivity. We compared
different methods for extracellular PO4 detection, identifying automated colorimetric measurement
to be most suitable for at-line PO4 monitoring. We showed that PO4 limitation boosts phoA-based
gene expression, however, the product was already formed at non-limiting PO4 conditions, indicating
leaky expression. Furthermore, cultivation under PO4 limitation caused physiological changes
ultimately resulting in a metabolic breakdown at PO4 starvation. Finally, we give recommendations
for process optimization with the phoA expression system. In summary, our study provides very
detailed information on the E. coli phoA expression system, thus extending the existing knowledge of
this system, and underlines its high potential for the successful production of periplasmic products
in E. coli.

Keywords: E. coli; phoA promoter; T7lac promoter; pAT; pET; antibody fragment; periplasm;
inclusion body

1. Introduction

Besides mammalian cells, the bacterium Escherichia coli represents the most com-
monly used production host for biopharmaceuticals, especially antigen binding fragments
(Fabs, [1–3]). E. coli provides several benefits, as simple genetic manipulation, high cell den-
sities and productivities, as well as cultivation on inexpensive media [4]. The production of
functional Fabs in E. coli, however, requires secretion into the periplasmic space as only
the oxidizing conditions present there enable the correct formation of disulfide bonds [5].
Periplasmic translocation is directed by addition of an N-terminal leader peptide, which
typically originates from a natively translocated protein [6], such as phoA [7], ompA [7],
pelB [8] or stII [3,9]. Successful production of functional Fabs by periplasmic expression
in E. coli was first reported by Skerra et al. [7] and Better et al. in the 1990s [10]. Skerra
produced a Fab under the control of the lac promoter, whereas Better expressed a Fab
under the control of the araB promoter. In both cases, however, the obtained product yields
did not exceed 2 mg/L. Other promoter systems used for Fab production were the phoA
promoter [3,9] and the tac promoter [8,11,12]. Since then, several studies have dealt with
the commonly observed low expression levels of Fabs [13], which are mainly attributed to
toxicity effects, protein degradation, inclusion body (IB) formation and translocation ineffi-
ciencies [14,15]. In this regard, different cultivation conditions, vector elements [4,16,17],
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medium compositions and aeration strategies [8,18] have been investigated to boost pro-
ductivity. Furthermore, the impact of co-expressed chaperones and application of protease
deficient strains [11] as well as the influence of gene order (heavy and light chain), temper-
ature and DNA sequence [13,19,20] on soluble Fab expression have been investigated.

Based on these studies, the product yield could be pushed to nearly 5 g/L for certain
Fabs [9,11,21,22]. However, in most cases obtained yields are still quite low (<200 mg/L)
even in high cell density cultivations (OD > 100) [12,23]. Several working groups have
attributed these low yields to an uncontrolled loss of product into the culture medium, due
to leakiness of the E. coli outer cell membrane [8,10,13]. Furthermore, intracellular protein
loss in the form of IBs is a common phenomenon for E. coli. This undesired IB formation
can be attributed to several reasons: (1) overexpression imposes metabolic burden on
the biosynthetic machinery of the cell [24]; (2) non-optimal cultivation conditions affect
soluble protein production [25,26] and (3) the use of strong promoters and high inducer
concentrations leads to increased expression rates overcoming the capacity of the native
translocation system [27,28]. Based on that, the application of strong expression systems,
such as the well-established and widely used T7lac system, might not be suitable for
soluble Fab production in the E. coli periplasm. However, the T7 system is still used for the
production of Fabs both in academia and industry (e.g., [29–31]).

In a recent study, Luo et al. used the alkaline phosphatase (phoA) promoter (pAT
system) and the stII leader peptide to successfully produce five different Fabs extracellularly
in E. coli BL21DE3 [3]. They also demonstrated the superiority of the phoA-based pAT
system over the commonly used T7-based pET system. Based on these interesting findings,
we (1) directly compared the production of a recombinant Fab under the control of the E. coli
phoA expression system (hereafter called pAT) and the T7lac expression system (hereafter
called pET) under different cultivation conditions and (2) investigated in more detail the
impact of extracellular PO4 concentration on strain physiology and product formation
during cultivation starting at high PO4 content (30 mM) until PO4 starvation (<0.1 mM).
Since appropriate PO4 analysis is essential for bioprocess control, we also analyzed and
compared different methods for determination of extracellular PO4 in the culture broth.
Finally, we give recommendations for process intensification using the phoA expression
system. In summary, this study extends current knowledge on the phoA expression system.

2. Materials and Methods
2.1. Strains and Product

The gene encoding the model Fab (50 kD, pI 7.4, 5 S-S bonds) was codon-optimized
for E. coli and obtained from GenScript. The antibody chains coding for light chain and
heavy chain were placed under the control of the promoter (order: 1. Promoter—2. light
chain—3. heavy chain). Furthermore, both antibody chains were preceded by the E. coli
enterotoxin II (stII) signal sequence to allow translocation to the E. coli periplasm, as
shown before for five different Fabs [3]. For pET cultivations, E. coli BL21(DE3) (NEB,
Ipswich, MA, USA) transformed with a pET26(+) vector carrying the gene coding for the
Fab—placed between the restriction sites XhoI and XbaI—under the transcriptional con-
trol of the T7lac promoter was used (T7lac strain). For pAT cultivations, E. coli W3110
(DSMZ, Braunschweig, Germany) transformed with a modified pAT153 vector (AmpR gene
was removed) carrying the gene coding for the Fab—placed between the restriction sites
NotI and EcoRI—under the transcriptional control of the E. coli phoA promoter was used
(phoA strain).

2.2. Bioreactor Cultivations
2.2.1. Strain Characterization

Cultivations for characterization of both the T7lac strain and the phoA strain were
carried out in a DASGIP® Parallel Bioreactor System (Eppendorf, Hamburg, Germany)
with a working volume of 2 L. The CO2 and O2 in the off-gas were analyzed by a DASGIP®

GA gas analyzer (Eppendorf, Hamburg, Germany), pH by a pH-sensor EasyFerm Plus
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(Hamilton, Reno, NV, USA) and dissolved oxygen (dO2) by a Visiferm DO 225 electrode
(Hamilton, Reno, NV, USA). The dO2 was kept above 20% oxygen saturation throughout
the whole cultivation by supplying 2 vvm of a mixture of pressurized air and pure oxygen.
The pH was kept at 7.2 by supplying 12.5% NH4OH and 10% HCl and stirring speed
was set to maximum (2000 rpm) to reduce the required pure oxygen consumption. Fed-
batch cultivations were performed using a soft-sensor controlled feeding strategy. The
applied soft-sensor, using online measurement of CO2 in the off-gas for estimation of
biomass concentration, was described in detail by Wechselberger et al. [32]. Calculated
feed-flowrates were adjusted with the DASbox® MP8 Multi Pump Module. All process
parameters were logged and controlled by the DASware® control.

T7lac-Based Expression (pET Cultivations)

In total, 500 mL sterile DeLisa pre-culture medium [33] supplemented with 0.05 g/L
kanamycin and 8 g/L glucose was aseptically inoculated from frozen stocks (T7lac strain,
3 mL, −80 ◦C). Pre-cultures were grown in two 500-mL high-yield shake flasks in an Infors
HR Multitronshaker (Infors, Bottmingen, Switzerland) at 37 ◦C and 230 rpm overnight
(15 h). For batch cultivation, 900 mL DeLisa batch medium [33] supplemented with 20 g/L
glucose was inoculated with 100 mL of pre-culture and temperature was set to 35 ◦C.
After sugar depletion (indicated by a drop of CO2 in the off-gas signal), a non-induced
fed-batch phase using a feed with 400 g/L glucose was carried out. The temperature
was kept at 35 ◦C and the feed flow rate was adjusted to correspond to a specific growth
rate (µ) of 0.1 h−1. At a biomass concentration of around 30 g/L dry cell weight (DCW),
induction was performed by addition of 0.1 mM Isopropyl-β-D-thiogalactopyranoside
(IPTG). Temperature and feed rate (corresponding to µ) for the different cultivations were
set as following: pET 1: µ = 0.1 h−1, 35 ◦C; pET 2: µ = 0.1 h−1, 30 ◦C; pET 3: µ = 0.05 h−1,
35 ◦C; pET 4: µ = 0.05 h−1, 30 ◦C. Each culture was induced for 8 h. Applied feed flow rates
ranged from 8 mL/h (start fed-batch) to 80 mL/h (end fed-batch).

phoA-Based Expression (pAT Cultivations)

A total of 500 mL sterile DeLisa pre-culture medium [33] supplemented with 0.01 g/L
tetracycline and 8 g/L glucose was aseptically inoculated from frozen stocks (phoA strain,
3 mL, −80 ◦C). Pre-cultures were grown as described above. For batch cultivation, 900 mL
DeLisa batch medium [33] containing only 1.09 g/L KH2PO4 and 6.04 g/L (NH4)2HPO4 as
P-source was used. These amounts account for approx. 50 g/L DCW based on the elemental
biomass composition of E. coli W3110, and were supplemented with 20 g/L glucose. Batch
was inoculated with 100 mL of pre-culture and temperature was set to 35 ◦C. After sugar
depletion, a fed-batch phase using a glucose feed with 400 g/L glucose was carried out.
Temperature and feed rate (corresponding to µ) for the different cultivations were set as
following: pAT 1: µ = 0.1 h−1, 35 ◦C; pAT 2: µ = 0.1 h−1, 30 ◦C; pAT 3: µ = 0.05 h−1, 35 ◦C;
pAT 4: µ = 0.05 h−1, 30 ◦C. The fed-batch was terminated at PO4 starvation, indicated by a
stagnation of CO2 in the off-gas signal. Applied feed flow rates ranged from 8 mL/h (start
fed-batch) to 80 mL/h (end fed-batch).

Sampling

For evaluation of pET cultivations, samples were taken at the beginning and end of
batch and non-induced fed-batch, and after 4 h and 8 h of induction. For evaluation of pAT
cultivations, samples were taken at the beginning and end of the batch phase, during the fed-
batch phase at a PO4 concentration of >1 mM (before PO4 limitation) and at PO4 starvation.
Determination of biomass DCW was completed gravimetrically in triplicates [6]. Optical
density at 600 nm (OD600) was determined photometrically in triplicates (Photometer
Genesys 20; Thermo Fisher, Waltham, MA, USA). Glucose and acetate were measured
in cell-free culture broth HPLC [34]. The inorganic PO4 concentration in the cell-free
culture broth was determined colorimetrically using the Cedex Bio HT analyzer (Roche,
Basel, Switzerland) applying the Phosphate Bio HT test kit (Ref 06990088001). Based on
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the measured PO4 concentrations, the respective biomass concentrations and the time
intervals between sampling points, the respective specific PO4 uptake rate (mmol/g/h)
was calculated.

2.2.2. Characterization of the pAT System

Cultivations were carried out in a Cplus Biostat Bioreactor System (Sartorius, Göttin-
gen, Germany) with a total volume of 15 L and a working volume of 10 L. CO2 and O2 in the
off-gas were analyzed by an off-gas analysis system (Dr. Marino Müller Systems, Esslingen,
Switzerland), pH was monitored by a pH-sensor 405-DPAS-SC-K8S/120 (Mettler Toledo,
Columbus, OH, USA), and dissolved oxygen (dO2) by an InPro 6860i nA electrode (Mettler
Toledo, Columbus, OH, USA). The dO2 was kept above 20% oxygen saturation throughout
the whole cultivation by supplying 2 vvm of a mixture of pressurized air and pure oxygen.
The pH was kept at 7.2 by supplying 12.5% NH4OH and 10% HCl and stirring speed was
set to 1200 rpm (the commonly applied stirrer speed for E. coli cultivation in our lab). All
process parameters were logged and controlled by the Process Information Management
System Lucullus (Securecell, Urdorf, Switzerland).

Pre-culture was grown in 2500-mL high-yield shake flasks in an Infors HR Multi-
tronshaker (Infors, Bottmingen, Switzerland) at 37 ◦C and 230 rpm overnight (15 h). A
total of 550 mL of sterile DeLisa pre-culture medium [35] supplemented with 0.01 g/L
tetracycline and 8 g/L glucose was aseptically inoculated from frozen stocks (phoA strain,
3 mL, −80 ◦C). For batch cultivation, 4500 mL of DeLisa batch medium [35] containing
1.09 g/L KH2PO4 and 6.04 g/L (NH4)2HPO4 as P-source, accounting for approx. 50 g/L
DCW, and supplemented with 20 g/L glucose was inoculated with 500 mL of pre-culture
and temperature was set to 35 ◦C. After sugar depletion (indicated by a drop of the CO2
off-gas signal), a fed-batch phase using a glucose feed with 400 g/L glucose was carried
out. Temperature and feed rate (corresponding to µ) were set to 30 ◦C and µ = 0.05 h−1.
Fed-batch cultivations were performed using a feed-forward strategy (exponential feed
rate as well as initial feed rate were based on Equations (1) and (2)). The cultivations were
performed in triplicates.

Equation (1). Formula for feed rate Ft

Ft = F0 ⇥ eµt (1)

Ft feed rate [g/h];
F0 initial feed rate [g/h];
µ specific growth rate [1/h];
t cultivation time [h].

Equation (2). Formula for initial feed rate F0

F0 =
µ⇥ x0 ⇥ V0

cs, Feed ⇥ YX/S
⇥ rFeed (2)

F0 initial feed rate at time point 0 [g/h];
µ specific growth rate [1/h];
x0 biomass conc. at time point 0 [g/L];
V0 culture volume at time point 0 [L];
cs,Feed glucose conc. in feed medium [g/L];
YX/S biomass yield on glucose [g/g].

The feed-flowrate was adjusted with a Preciflow peristaltic pump (Lambda, Baar,
Switzerland). Cultivations were performed until PO4 starvation (indicated by stagnation
of the CO2 off-gas signal). Applied feed flow rate ranged from 18 mL/h (start fed-batch) to
125 mL/h (end fed-batch). For evaluation, samples were taken in a 2 h interval starting
at a PO4 concentration of 35 mM until PO4 starvation. Determination of biomass DCW
was completed gravimetrically [14]. Optical density at 600 nm (OD600) was determined
photometrically (Photometer Genesys 20; Thermo Fisher, Waltham, MA, USA). Glucose
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and acetate were measured in fermentation supernatant and quantified via HPLC [36]. The
inorganic PO4 concentration in the cell-free culture broth was determined colorimetrically
using the Cedex Bio HT analyzer (Roche, Basel, Switzerland) applying the Phosphate Bio
HT test kit (Ref 06990088001).

2.3. Analytics
2.3.1. Sample Preparation for Product Analysis

Cell pellets of 50 mL cultivation broth were resuspended (20 mM NaH2PO4, 100 mM
NaCl, pH 7.0) to 100 g/L DCW and homogenized at 1000 bar for 10 passages (Panda
2000 Plus, GEA, Düsseldorf, Germany). After centrifugation (20 min, 14,000 rcf, 4 ◦C),
the obtained supernatant was analyzed for soluble product, whereas the solid pellet (cell
debris) was used for IB quantification.

2.3.2. Soluble Product Quantification by Affinity HPLC

Crude cell lysates were pre-treated with a de-lipidation step prior to analysis [37] Fab
quantification was carried out by HPLC analysis (UltiMate 3000; Thermo Fisher, Waltham,
MA, USA) using a Protein L-based affinity chromatography column (POROS Capture Select
LC Kappa, Applied Biosystems, Foster City, CA, USA) [37]. The product was quantified
using purified Fab as standard. The standard deviation was quantified with 9.69% by
performing triplicates of Fab standards (no technical triplicates of the single samples from
the bioreactor cultivations were performed).

2.3.3. Product IB Quantification by Size Exclusion HPLC

The cell debris was washed twice with deionized water and aliquoted (200 mg
DCW/tube). Washed aliquots were solubilized in 2 mL of a solution containing 1 part
Tris-buffer (50 mM Tris, pH 8.0) and 1 part solubilization buffer (50 mM Tris, 8 M guanidine
hydrochloride (GnHCl), pH 8.0) and incubated on a shaker at room temperature for 2 h.
Centrifugation (30 min, 14,000 rcf) was performed to remove particles prior to analysis.
Product quantification was carried out by HPLC analysis (UltiMate 3000; Thermo Fisher,
Waltham, MA, USA) using a size exclusion column (BioBasic SEC 300, Thermo Fisher,
Waltham, MA, USA). A total of 50 mM BisTris, pH 6.8, supplemented with 4 M GnHCl
and 150 mM NaCl, was used as mobile phase with a constant flow of 0.2 mL/min and
the system was run isocratically at 25 ◦C. The product was quantified with an UV detec-
tor (Thermo Fisher, Waltham, MA, USA) at 280 nm using purified Fab as standard. The
standard deviation was quantified with 1.04% by performing triplicates of all the samples.

2.3.4. Investigation of PO4 Quantification Methods

Phosphate/phosphorus was measured in cell-free culture broth (centrifugation at
14,000 rcf 4 ◦C and 2 min) by (1) Inductively Coupled Plasma—Optical Emission Spec-
troscopy (ICP-OES); (2) Ion exchange—Ion Chromatography (IC); (3) a Phosphate (PO4)
Colorimetric Assay Kit and (4) a Cedex Bio HT analyzer. Depending on the analytical
method, samples were diluted in deionized water to give results within the detection range.

ICP-OES

The phosphorus concentration was determined by ICP-OES using an iCAP 6000
ICP-OES instrument. Measurements and calibration, as well as standard and sample
preparation, were conducted as described by Kamravamanesh et al. [33].

IC

The inorganic PO4 concentration was determined by IC analysis (Dionex ICS 5000+
chromatography including a Dionex AERS 500 conductivity suppressor, Thermo Fisher,
Waltham, MA, USA) using an anion exchange column (Dionex IonPac AS11, Thermo Fisher,
Waltham, MA, USA). A guard column (Dionex IonPac AG11, Thermo Fisher, Waltham, MA,
USA) was connected upstream for protection of the analytical column and the system was
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saturated with N2 to prevent dissolution of atmospheric CO2 forming undesired carbonates.
A total of 12 mM NaOH was used as mobile phase with a constant flow of 1.2 mL/min
and the system was run isocratically at 25 ◦C. Remaining trace anion contaminants in the
hydroxide eluent were removed using an anion trap column (Dionex ASTC 500, Thermo
Fisher, Waltham, MA, USA). PO4 was quantified with a conductivity detector (Thermo
Fisher, Waltham, MA, USA) using dilutions of NaH2PO4 as standards [34].

Colorimetric Assay Kit

The inorganic PO4 concentration was determined colorimetrically using a colorimetric
assay kit [37]. Measurements and the calibration curve were conducted according to the
product manual [37]. Two hundred µL samples (or diluted samples) were mixed with 30 µL
PO4 reagent on a 96-well plate. After 30 min incubation at room temperature, absorbance
at 650 nm was measured for PO4 quantification.

Cedex Bio HT Analyzer

The inorganic PO4 concentration was determined colorimetrically using the Cedex
Bio HT analyzer (Roche, Basel, Switzerland) applying the Phosphate Bio HT test kit
(Ref 06990088001).

3. Results

In this study we directly compared the production of a recombinant model Fab in
E. coli using the T7lac (pET) and the phoA (pAT) expression system under equal culti-
vation conditions. We analyzed and compared cell physiology as well as soluble and IB
product formation.

3.1. Characterization of T7lac-Based Fab Production (pET)

In all pET cultivations we performed a non-induced fed-batch (µ = 0.1 h−1, 35 ◦C) to a
biomass concentration of 30 g/L DCW, followed by an IPTG induction phase at different
µ (0.1 h−1 and 0.05 h−1) and cultivation temperatures (35 ◦C and 30 ◦C). Induction was
completed by commonly performed one-point addition of IPTG to a final concentration of
0.1 mM [35,36]. Strain physiology and product-related data were evaluated after 4 h and
8 h of induction which was comparable to reported induction times in literature [12,38].

3.1.1. Strain Physiology

The most important strain physiological parameters are summarized in Table 1 and
extended data are given in Supplementary Table S1. Obtained YX/S (biomass/substrate
yield) and YCO2/S (CO2/substrate yield) of the strain cultivated under different conditions
were comparable, however, at the higher µ = 0.1 h−1 glucose accumulated over time
indicating cellular stress. This was also underlined by calculating the real µ of the cultures,
which were only half of the set values at the end of cultivation (Supplementary Table S1).
Although the YCO2/S changed over time, indicating a metabolic shift [39], even the soft-
sensor was not able to react properly to these physiological changes, leading to overfeeding
of the cells and consequent glucose accumulation. At µ = 0.1 h−1 and 35 ◦C we also
observed cell lysis (indicated by foam formation and an increase in extracellular DNA
content) (Supplementary Table S5). In contrast, in cultivations completed at a lower
µ = 0.05 h−1 the calculated µ corresponded well to the set values. Recoveries of total
carbon in all cultivations were similar, resulting in C-balances of 0.78–0.85 (Table 1). We
attribute minor cell lysis to be the reason for non-closing C-balances [40,41]. As also shown
before [42], we demonstrated that even a relatively low µ = 0.1 h−1 during induction of a
pET system negatively impacts cell physiology and leads to cell lysis.
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Table 1. Strain physiological parameters for pET cultivations.

Cultivation
µ Temp. Induction DCW Glucose Acetate YX/S YCO2/S C-Balance

(h−1) (◦C) (h) (g/L) (g/L) (g/L) (C-mol/C-mol) (C-mol/C-mol)

pET 1 0.1 35
4 h 40.1 1.52 0 0.33 0.47 0.80
8 h 40.3 + 93.1 0.42 n.d. * n.d. * n.d. *

pET 2 0.1 30
4 h 41.3 0.93 0.87 0.36 0.47 0.85
8 h 42.6 21.7 0 0.25 0.61 0.84

pET 3 0.05 35
4 h 33.9 0 0.33 0.33 0.52 0.85
8 h 36.9 0 0 0.27 0.56 0.83

pET 4 0.05 30
4 h 36.4 0 0.52 0.37 0.48 0.85
8 h 40.4 0 0.59 0.27 0.51 0.78

+ biomass concentration was calculated from OD600 due to unreliable values obtained from gravimetrical determi-
nation resulting from cell lysis (OD600/DCW correlation: DCW = 0.3077 ⇥ OD600; R2 = 1). * not determined due
to cell lysis. Abbr.: YX/S, biomass/substrate yield; YCO2/S, CO2/substrate yield.

3.1.2. Fab Productivity

Most of the recombinant Fab was found as IBs in all pET cultivations independent
from the cultivation conditions and induction time (Table 2)—in fact 5–10 times more
IBs than soluble product was formed (Supplementary Table S2). We confirmed that a
higher temperature during induction favored IB formation [43,44]. However, we could still
find soluble Fab. At 30 ◦C we obtained specific titers of up to 2.89 mg/g DCW resulting
in a volumetric titer of nearly 120 mg Fab/L cultivation broth. We confirmed that a
lower temperature during induction of a pET system favored the formation of soluble
product [26,45]. In contrast to the temperature, µ had no considerable impact on specific
Fab titers—neither soluble nor IBs. As expected, extended induction times led to a shift
from the production of soluble Fab towards IB formation (Table 2) which can be addressed
to an extended exposure to metabolic stress [24]. Possibilities to overcome this problem
could be a reduction of applied inducer concentration or the continuous addition of IPTG in
a specific ratio to the biomass during induction [35,46]. Summarizing, the highest specific
soluble Fab titer was achieved at 30 ◦C after 4 h induction independent from µ. This result
is comparable to data published previously [12].

Table 2. Fab productivity for pET cultivations.

Fab Insoluble (IBs) Fab Soluble

Cult.
µ Temp. Ind. Spec. Titer Vol. Titer STY Spec. Titer Vol. Titer STY Ratio

(h−1) (◦C) (h) (mg/g) (mg/L) (mg/L/h) (mg/g) (mg/L) (mg/L/h) IB:SP *

pET 1 0.1 35
4 h 19.5 782.6 33.4 2.22 89.0 3.79 8.8
8 h 22.2 896.6 32.2 1.89 76.5 2.75 11.8

pET 2 0.1 30
4 h 14.9 613.0 26.0 2.89 119.5 5.07 5.1
8 h 22.1 942.4 33.9 2.42 102.9 3.71 9.1

pET 3 0.05 35
4 h 20.4 693.6 29.3 2.38 80.6 3.41 8.6
8 h 24.6 907.7 33.5 2.20 82.0 2.99 11.2

pET 4 0.05 30
4 h 12.0 436.5 18.3 2.81 102.9 4.32 4.2
8 h 20.9 841.0 30.4 2.50 101.5 3.67 8.3

* ratio of insoluble (IB) Fab titer compared to soluble (SP) Fab titer. Abbr.: STY, space-time yield.

3.2. Characterization of phoA-Based Fab Production (pAT)

The main goal of the study was to investigate Fab production under the control of
the E. coli phoA system in detail. In contrast to the T7lac promoter, the phoA promoter
is recognized by the E. coli RNA polymerase and is regulated under PO4-limiting condi-
tions [3,24,47]. Successful Fab production under control of the phoA promoter has been
reported before (e.g., [3,9,48]). In this study we performed a batch cultivation at 35 ◦C fol-
lowed by a single-phase fed-batch until PO4 starvation (indicated by stagnation of the CO2
off-gas signal) at different µ and temperatures. Required PO4 in the cultivation medium for
generation of 50 g/L DCW was calculated based on the elemental biomass composition of
E. coli W3110 and provided in the batch medium considering the PO4 carry-over from the
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pre-culture. Physiology and productivity were evaluated at PO4 starvation, but also before
PO4 limitation was reached (>1 mM PO4) since the shake flask screening experiments
indicated product formation already at non-limiting PO4 conditions (data not shown).

3.2.1. Impact of Cultivation Conditions on the Overall Cultivation Time

In contrast to pET cultivations, which were all induced for 8 h, the end of pAT
cultivations was determined by the time point of PO4 starvation, indicated by the stagnation
of CO2 in the off-gas signal. Obviously, the overall cultivation time strongly depended on
set cultivation conditions (Table 3).

Table 3. Impact of cultivation conditions on cultivation times for pAT cultivations.

Cultivation
µ Temp. Sample PO4 Conc. Cultivation Time

(h−1) (◦C) (-) (mM) (h)

pAT 1 0.1 35
>1 mM PO4 2.37 22.3

PO4 starvation 0.16 27.3

pAT 2 0.1 30
>1 mM PO4 2.82 22.4

PO4 starvation <0.10 25.2

pAT 3 0.05 35
>1 mM PO4 4.57 43.2

PO4 starvation 0.39 * 54.8

pAT 4 0.05 30
>1 mM PO4 4.46 37.1

PO4 starvation 0.10 47.3

* higher due to potential cell lysis.

Interestingly, at µ = 0.05 h−1 we observed an impact of the cultivation temperature on
the time needed until PO4 starvation: at 35 ◦C the cultivation took significantly longer than
at 30 ◦C (Table 3). Since the specific PO4 uptake rates (qPO4) in cultivations pAT 3 and pAT
4 were similar (Table 4), we believe that the increased temperature in combination with the
low µ = 0.05 h−1 caused partial cell lysis, thus the release of intracellular PO4 into the broth.
This hypothesis was underlined by the higher PO4 concentration (Table 3; pAT 3) as well as
significant lower YX/S and biomass concentration at the end of the cultivation (Table 4).

3.2.2. Strain Physiology

The most important strain physiological parameters are summarized in Table 4 and
extended data are shown in Supplementary Table S3. Physiological yields obtained under
non-limiting conditions (>1 mM PO4) were similarly independent from cultivation condi-
tions, except for cultivation pAT 3. It seems that for the strain harboring the phoA system,
a combination of low µ and high temperature (pAT 3) implies increased metabolic burden
leading to cell lysis (indicated by foam formation and an increased extracellular DNA
content; Supplementary Table S5). Despite this, we observed a shift towards decreased
YX/S and increased YCO2/S during the phase of PO4 starvation in all cultivations, indicating
metabolic change [49]. At 35 ◦C, C-balances were between 0.8 and 0.9, whereas at 30 ◦C
C-balances were close to 1. Determined qPO4 correlated with the applied µ at >1 mM
PO4, giving a two-fold higher qPO4 at µ = 0.1 h−1. Although hardly any PO4 uptake was
determined during the PO4 limitation phase (Table 4), surprisingly the biomass concen-
tration still increased. We hypothesized a metabolic shift from uptake of extracellular
towards utilization of intracellular, stored PO4 to be the reason [50,51]. The calculated
µ correlated well with the set µ (except for cultivation pAT 3) underlining the stability
of these cultivations as well as the applicability of the soft-sensor-based feeding control.
Overall, strain physiological parameters of pAT cultivations showed that 35 ◦C negatively
affects physiology and viability, especially at a low µ = 0.05 h−1.
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3.2.3. Fab Productivity

Independent of cultivation conditions, we observed soluble Fab production already
at non-limiting PO4 conditions (>1 mM PO4), indicating incomplete promoter repres-
sion (Table 5 and Supplementary Table S4). Although the phoA promoter is usually
tightly controlled, protein expression at increased PO4 concentrations has been reported
before [24]. Since the phoA promoter also controls chromosomal alkaline phosphatase, it is
hypothesized that competition between chromosomal and plasmid DNA for the repres-
sors involved in regulation of phoA-based gene expression might be the reason for leaky
expression [24,52].

In all pAT cultivations, soluble Fab was produced with specific titers ranging from
2.28–6.09 mg/g DCW. Interestingly, only during PO4 starvation of cultivations at µ = 0.05 h−1

IB formation was observed, indicating a high metabolic burden under these
conditions—probably due to increased recombinant expression [53]. Cultivation of pAT 4
at µ = 0.05 h−1 and 30 ◦C delivered the highest soluble Fab titer yielding 6.09 mg/g DCW
and 321 mg/L cultivation broth. However, due to the long cultivation time the space-time
yield (STY) was only 6.77 mg/L/h. Summarizing, phoA-based Fab production is favored
at low temperatures as well as low µ, which leads to long cultivation times, but results in
high titers of soluble Fab.

3.3. Direct Comparison of T7lac- and phoA-Based Fab Production

Important criteria for industrial production processes are volumetric product titer
as well as STY, whereas the latter is more important regarding economic feasibility by
incorporation of process time [54]. In Figure 1 we compare the pET and the pAT system
under the conditions giving the highest productivity of soluble Fab, namely cultivation
pET 2 after 4 h induction time (called pET 2_a4; Table 2) as well as cultivation pAT 4 at
PO4 starvation (called pAT 4_st; Table 5). Under these conditions, Fab expression under
the control of the T7lac promoter led to five-fold higher formation of IBs compared to
soluble Fab, whereas phoA-based expression gave comparable amounts of IBs and soluble
Fab. Cultivation pAT 4_st resulted in a three times higher volumetric soluble Fab titer
compared to the pET cultivation and, despite the long cultivation time, the final STY was
1.3-fold higher. Thus, we underline the great potential of the easy-to-use pAT system as
an interesting alternative to the well-known pET system for the production of periplasmic
products, as also reported before [3].
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Figure 1. Comparison of cultivation times, biomass concentrations and Fab production of the T7lac
(pET 2_a4) and the phoA expression system (pAT 4_st) under conditions resulting in the highest space-
time yield (STY) of soluble Fab. Fab production using the pET system gave highest productivity in
cultivation at µ = 0.1 h−1 and 30 ◦C after 4 h induction time (pET 2_a4). The pAT system gave highest
productivity in cultivation at µ = 0.05 h−1 and 30 ◦C until PO4 starvation (pAT 4_st). Presented
standard deviations result from analytical measurements which were performed in triplicates.

3.4. Detailed Characterization of the pAT System
3.4.1. PO4 Monitoring

In this study we explored the impact of extracellular PO4 concentration on strain
physiology and product formation of the pAT system in more detail, to extend knowledge
about this valuable system. In this respect, we also investigated and compared different
methods for determination of extracellular PO4 in the culture broth for their suitability as
an at-line PO4 monitoring tool. An overview of the evaluated methods is given in Table 6.

Table 6. Overview of investigated analytical methods for PO4 monitoring.

ICP-OES IC Colorimetric Kit Cedex Bio HT

Analyte P PO4 PO4 PO4
Limit of Quantification 65 µmol/L 4 µmol/L 5 µmol/L 100 µmol/L

Equipment costs − − + −
Sample preparation − − − +
Operator’s impact ~ ~ − +

Time >>30 min >>30 min >>30 min 15 min
Automation − − − +

At-line measurement − − − +

Features are evaluated to be (1) advantageous (+); (2) disadvantageous (−) or (3) intermediate (~). Abbr.:
ICP-OES, inductively coupled plasma-optical emission spectroscopy; IC, ion chromatography; P, phosphorus;
PO4, phosphate.

ICP-OES

In contrast to the other investigated methods, ICP-OES determines elemental phos-
phorus (P) instead of inorganic PO4. In case PO4 describes the only P source of the sample,
obtained P contents correlated well with PO4 concentrations (data not shown). However,
contamination of the sample with other P sources, e.g., organophosphates from complex
media or polyphosphates, nucleic acids and membrane lipids from cells [25,27], complicate
a valid correlation with PO4. In this regard, missing selectivity for PO4 describes a major
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drawback of this method. In addition, the limit of quantification (LOQ) of 65 µM is also
rather high compared to other methods (Table 6). ICP-OES also requires costly equipment
as well as an argon supply for measurement. Furthermore, the method needs expertise
and routine by the analyst, and is time consuming concerning sample preparation (HCl
treatment) and manual dilution, which hampers the usage for at-line monitoring.

IC

IC allows direct quantification of inorganic PO4 with a very low LOQ of 4 µM. How-
ever, PO4 detection is highly affected by contaminating anions in the eluent, which have
to be either removed (anion trap column) or their formation prevented (saturation with
N2). Furthermore, the impact of the sample matrix (E. coli culture broth) on the detection
performance (peak fronting and peak maxima shifts) describes a major drawback of this
method (data not shown). Acquisition costs for equipment (IC system and chromatog-
raphy columns) are considerable as well as the requirement for continuous N2 supply.
Performance of IC is usually quite simple; however, the required sample treatment and
manual dilution describe potential error risks. Finally, the overall procedure, comprising
sample preparation and IC sequence (30 min), may take up more than 60 min, which makes
IC-based PO4 detection not suitable for at-line monitoring.

Phosphate Colorimetric Assay Kit

Performance of a PO4 colorimetric assay (PCA) allows quantification of inorganic PO4.
The method is based on the reaction of PO4 with a chromogenic complex that results in
a colorimetric product. The PCA provides a low LOQ (5 µM; Table 6) and only requires
a plate reader or simple photometer. The PCA is intended for measurement of low PO4
concentrations (blood or wastewater) [37], which explains the very low linear detection
range (5–25 µM). However, high sample dilutions are necessary, which requires tedious
pipetting work. Therefore, the overall procedure (sample preparation, incubation time and
measurement) can take up 1–1.5 h.

Cedex Bio HT

The Cedex Bio HT analyzer is a completely automated instrument that allows simulta-
neous measurement of up to 90 samples. Furthermore, up to 32 test kits can be loaded at
the same time [39]. Application of the Phosphate Bio HT kit [40] allows the quantitative
determination of inorganic PO4. The LOQ is rather high (100 µM; Table 6), which describes
the major drawback of this method. Furthermore, acquisition costs for the analyzer and
the test kits are significantly higher compared to PCA. However, PO4 measurement using
the Cedex Bio HT provides several advantages as sample preparation is quite simple and
samples are diluted automatically. Therefore, measurement results can be obtained within
15 min, which is essential for at-line based PO4 monitoring.

Summarizing, investigation of described PO4/P detection methods revealed the Cedex
Bio HT system to be most suitable for required at-line PO4 monitoring. Therefore, this
method was chosen to be used for the detailed investigation of the pAT system.

3.4.2. Impact of PO4 Conditions on Strain Physiology

To analyze the pAT system in more detail, we performed batch cultivations at 35 ◦C,
followed by a single-phase fed-batch until PO4 starvation at µ = 0.05 h−1 and 30 ◦C. The
main strain physiological parameters are summarized in Table 7 and extended data are
shown in Supplementary Table S6. The bioreactor cultivation was performed in triplicates.
The standard deviations for all calculated rates and yields were below 10%. The required
process time (45 h) and obtained biomass concentration at cultivation end (49 g/L DCW)
were comparable to the respective small-scale experiment in the 2 L scale. The CO2 off-
gas signal was monitored for process evaluation and determination of cultivation end
(Figure 2).
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Table 7. Strain physiological parameters of E. coli W3110 harboring the phoA expression system at
different extracellular PO4 concentrations.

Process Time DCW µ cPO4 qPO4 YCO2/S YX/S C-Balance
(h) (g/L) (h−1) (mM) (mmol/g/h) (C-mol/C-mol) (C-mol/C-mol) (-)

27.4 29.0 n.a. 33.5 n.a. 0.54 0.55 1.09
29.3 30.7 0.040 27.5 0.090 0.58 0.38 0.98
31.3 32.0 0.036 24.3 0.059 0.59 0.32 0.89
33.3 34.3 0.049 20.2 0.053 0.58 0.42 0.99
35.3 37.0 0.054 14.6 0.070 0.57 0.45 1.01
37.3 39.0 0.045 8.7 0.071 0.56 0.36 0.91
39.3 41.4 0.049 3.6 0.061 0.56 0.38 0.93
41.3 45.5 0.070 1.9 0.018 0.54 0.54 1.07
43.3 48.7 0.057 0.13 0.018 0.56 0.43 0.99

45.0 * 48.9 0.021 <0.10 0.0003 0.82 0.19 0.99

n.a. not applicable, since this is the initial sample for characterization and calculation of specific rates. * time point
of harvest. Abbr.: DCW, dry cell weight; µ, specific growth rate; cPO4, extracellular phosphate concentration;
qPO4, specific PO4 uptake rate; YCO2/S, CO2/substrate yield; YX/S, biomass/substrate yield.

Figure 2. Time courses of CO2 off-gas signal (black dots); extracellular PO4 concentration (cPO4;
black squares) and E. coli dry cell weight (DCW; blue triangles) during fed-batch cultivation until
PO4 starvation (indicated by a stagnation of the CO2 off-gas signal at around 43 h). The sudden
drop of the CO2 off-gas signal at the end of cultivation (45 h) resulted from stopping the feed pump
(C-source limitation) prior to cultivation end.

Under non-limiting PO4 conditions (>1 mM), the CO2 signal showed the expected
trend for an exponential feeding regime. However, during PO4 limitation we observed a fast
increase in the CO2 signal indicating a metabolic shift of the E. coli cells. This assumption
was confirmed by evaluation of physiological yields, which were quite constant under
non-limiting PO4 conditions, but shifted towards increased YCO2/S and decreased YX/S
during PO4 limitation (Supplementary Table S6). Our results confirm that PO4 limitation
triggers metabolic burden and physiological changes [55]. However, no considerable cell
lysis was observed, which was supported by obtained C-balances between 0.9 and 1.1,
even under PO4 limitation (Table 7). Although hardly any PO4 was taken up during PO4
limitation, interestingly the biomass concentration still slightly increased (Supplementary
Table S6). We assume a metabolic shift from uptake of extracellular towards consumption of
intracellular, stored PO4 to be the reason [50,51]. Therefore, we investigated the intracellular
phosphorus (P) content during cultivation under non-limiting and limiting PO4 conditions
(Supplementary Figure S1). The intracellular P content (initial value of 2.3%; [56]) started
to decrease already at a PO4 concentration of around 5 mM. At this PO4 concentration
also qPO4 strongly decreased (Table 7). These results confirmed our hypothesis that E. coli
accumulates polyphosphate as PO4 reservoir that is reused, when needed [57,58]. At
PO4 starvation, cell metabolism started to break down, indicated by the stagnation of
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the CO2 off-gas signal and glucose accumulation in the culture broth (data not shown).
In conclusion, limiting PO4 conditions highly affect cell physiology and PO4 starvation,
ultimately results in collapsing cell metabolism (data not shown).

3.4.3. Impact of PO4 Conditions on Fab Productivity

Recombinant Fab production was already observed at non-limiting PO4 conditions
indicating incomplete repression of the phoA promoter (Table 8). Although the phoA
promoter system is usually tightly controlled, protein expression at increased PO4 concen-
trations has been reported before [24,59]: competition of plasmid and chromosomal DNA
for the repressors involved in regulation of phoA-controlled gene expression have been
reported to be the reason for leaky expression [24,52,59]. However, we clearly see a boost
in qFab at PO4 concentrations of <1 mM (Table 8; Figure 3). Finally, a maximum specific
and volumetric Fab titer of 7.2 mg/g DCW and 350 mg/L cultivation broth, respectively,
was obtained at the end of cultivation.

Table 8. Fab productivity of E. coli W3110 harboring the pAT expression system at different PO4

concentrations.

Process Time cPO4 qPO4 Spec. Fab Titer Vol. Fab Titer qFab Fab STY
(h) (mM) (mmol/g/h) (mg/g) (mg/L) (mg/g/h) (mg/L/h)

27.4 33.5 n.a. 5.26 153 n.a. n.a.
29.3 27.5 0.090 5.46 167 0.31 9.4
31.3 24.3 0.059 5.65 181 0.29 9.2
33.3 20.2 0.053 5.56 191 0.23 7.6
35.3 14.6 0.070 5.49 203 0.26 9.3
37.3 8.7 0.071 5.72 223 0.37 14.0
39.3 3.6 0.061 5.77 239 0.31 12.4
41.3 1.9 0.018 5.73 261 0.38 16.6
43.3 0.13 0.018 6.43 313 0.69 32.5

45.0 * <0.10 0.0003 7.15 350 0.59 28.6

n.a. not applicable, since this is the initial sample for characterization and calculation of specific rates. * time point
of harvest. Abbr.: qFab, specific product formation rate; Fab STY, Fab space-time yield.

Figure 3. Specific product formation rate (qFab) as a function of the extracellular PO4 concentration
(cPO4) during fed-batch cultivation until PO4 starvation. The average standard deviation was
quantified with 9.69%.

4. Discussion

In a recent study, Luo et al. showed the high potential of the pAT system for the
extracellular production of a series of Fabs [3]. The pAT system allows auto-induction
regulated by limitation of phosphate (PO4) in the cultivation broth. In contrast to the



  Scientific Publications 
 

 
 

 55 

 

 

Fermentation 2022, 8, 181 16 of 19

established pET system, it does not require the addition of expensive/toxic inducers and
allows simple process regimes. However, detailed information regarding performance
under different cultivation conditions, especially PO4 concentrations, is scarce.

In this study we directly compared the commonly used T7-based pET expression
system and the pAT system for the recombinant production of a model Fab in E. coli under
equal cultivation conditions and then investigated the pAT system in detail. For directly
comparing the pET and the pAT system we chose cultivation conditions which (1) have
been reported in literature for these systems before (e.g., [60–63]), and (2) can be also
implemented on an industrial scale. Even though literature also discusses much lower
cultivation temperatures below 30 ◦C especially for the T7 expression system (e.g., [64–68]),
we chose 30 ◦C and 35 ◦C as these temperatures are feasible and can be controlled at large
scales [69]. Even though we believe that lower temperatures during induction boost the
formation of soluble product, we considered potential limitations in cooling capacities at
large scales for our experimental design. Besides, we aimed for a direct comparison of the
two-expression systems pET and pAT under equal cultivation conditions and thus chose
conditions which have been reported for both systems before [3]. We also neglected the
use of an autoinduction medium based on lactose for the T7 system (e.g., [68,70,71]) in
the current study, as this type of medium is not widely accepted in the biopharmaceutical
industry. For T7-based pET expression systems induction by IPTG is still the state-of-the-art.
Since the DE3 system is not required for phoA-based recombinant protein production, we
used an E. coli W3110 chassis strain for investigating the pAT system. This E. coli strain
has been used for such purposes before [50,72]. The cultivations for strain characterization
of the pET and the pAT system were performed only once—however, closing C-balances
confirm the accuracy of the data.

In our study, we underline the recent findings of Luo et al. [3] of the superiority of
the pAT system compared to the T7-based pET system. Under comparable cultivation
conditions, the pET system resulted in a five-fold higher formation of Fab IBs compared to
soluble Fab, whereas the pAT system gave comparable amounts of IBs and soluble Fab. To
get better understanding and extend the current knowledge of the valuable pAT system we
characterized this system in more detail. The phoA-based recombinant protein production
in E. coli is typically executed until PO4 starvation (<0.1 mM; [3,9,24,73]. However, in
this study we showed that cultivation until PO4 starvation induces drastic physiological
changes (Table 7), ultimately resulting in collapsing cell metabolism and potential product
loss. As extracellular PO4 already depletes several hours before PO4 starvation it is tricky
to identify the optimal time point of harvest in a typical fed-batch cultivation. Based on
our findings that qFab is already quite high at PO4 concentrations >0.1 mM (Table 8),
we recommend to use the CEDEX Bio HT device to monitor the fed-batch until a PO4
concentration close to 0.1 mM is reached. Then we suggest to add PO4 to the feed medium
to allow extended cultivation at this PO4 concentration in the bioreactor and thus obtain a
boosted STY. Summarizing, our study extends the knowledge on the E. coli phoA expression
system and demonstrates its high potential for the successful production of periplasmic
products in E. coli.

Supplementary Materials: The following supporting information can be downloaded at: https:
//www.mdpi.com/article/10.3390/fermentation8040181/s1, Figure S1: Time courses of extracellular
PO4 concentration in the culture broth (black circles) and intracellular P content of the E. coli W3110
biomass (blue squares) during fed-batch cultivation until PO4 starvation; Table S1: Extended strain
physiological parameters for pET cultivations; Table S2: Extended Fab production data for pET
cultivations; Table S3: Extended strain physiological parameters for pAT cultivations.; Table S4:
Extended Fab production data for pAT cultivations.; Table S5: Extracellular DNA contents of pET and
pAT cultivations; Table S6: Extended overview of strain physiological parameters of E. coli W3110
harboring the phoA expression system at different extracellular PO4 concentrations.
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A B S T R A C T   

Protein L (PpL) is a universal binding ligand that can be used for the detection and purification of antibodies and 
antibody fragments. Due to the unique interaction with immunoglobulin light chains, it differs from other affinity 
ligands, like protein A or G. However, due to its current higher market price, PpL is still scarce in applications. In 
this study, we investigated the recombinant production and purification of PpL and characterized the product in 
detail. We present a comprehensive roadmap for the production of the versatile protein PpL in E. coli.   

1. Introduction 

The affinity protein protein L (PpL) originates from Finegoldia magna 
(formerly Peptostreptococcus magnus) and was identified by Myhre and 
Erntell as a membrane protein (Björck, 1988; Nilson et al., 1992; 
Rosenthal et al., 2012). PpL has up to 5B (binding) domains, which 
selectively bind to kappa light chains of immunoglobulins (Igs) and, 
unlike protein A and G, do not interfere with the Fc region during 
binding (Kittler et al., 2021; Rodrigo et al., 2015; Zheng et al., 2012). In 
biotechnology, PpL is of high interest due to its ability not only to bind 
whole Igs, but also antibody fragments containing light chains, such as 
single chain variable fragments (scFvs) and fragments antigen binding 
(Fabs) (Kittler et al., 2021; Nilson et al., 1993; Rodrigo et al., 2015; 

Zheng et al., 2012). Different commercial versions (4 or 5B domains) are 
available, as the fifth binding domain has only minor effects on the 
binding affinity of the protein (Kittler et al., 2021). It was shown that 
PpL binds to kappa subtypes 1, 3 and 4, and is therefore applicable for 
more Ig classes compared to protein A and G (Nilson et al., 1992; 
Rodrigo et al., 2015). However, all three proteins are currently used in 
downstream processing (DSP) and bioanalytics due to their binding 
abilities. Ig binding proteins enable the purification of high value 
products (i.e. antibodies and antibody fragments) in the pharmaceutical 
industry, where most of the processes use protein A, G or L affinity 
columns as a first chromatography capture step. Other applications 
encompass site-specific immobilization of Igs to maintain high func-
tionality, including enzyme-linked immunosorbent assay (ELISA) and 
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immunoprecipitation (Bohinski, 2000; Shen et al., 2017). Furthermore, 
they are used as binding ligand for surface plasmon resonance (SPR) and 
biolayer interferometry (BLI) to determine binding kinetics of Igs and 
antibody fragments (Douzi, 2017; Kittler et al., 2021; Sultana and Lee, 
2015). 

However, the number of applications of PpL lag behind those of 
protein A and G, even though the use of PpL is the only viable alternative 
for binding antibody fragments missing the Fc region. To our knowl-
edge, there is no literature describing the production of PpL available to 
date (process mode and conditions, purification, etc.), even though re-
combinant PpL versions can be purchased. Furthermore, the commercial 
price is approximately twice as high as for protein G and even three 
times higher than that of protein A (Kittler et al., 2021). We hypothesize 
that this is caused by the lower number of approved antibody fragments 
on the biopharmaceutical market compared to antibodies, reducing the 
need of PpL. 

The goal of this study was to recombinantly produce 5B domain His6- 
tagged PpL in Escherichia coli and test its functionality in comparison 
with a commercially available PpL with 4B domains (purchased from 
Sigma-Aldrich). In the upstream process (USP), product localization 
(inclusion body (IB) vs. soluble) and protein quantity were investigated 
by altering specific substrate uptake rate (qs) and temperature. The 
downstream processing aimed to obtain a high purity (>80%) without 
using an expensive affinity column. In this respect, the attachment of a 
His6-tag presents several advantages: It enables simple DSP, composed 
of Immobilized Metal Affinity Chromatography (IMAC), resulting in an 
efficient capture step for proteins produced in soluble form (Bornhorst 
and Falke, 2000; Ley et al., 2011). Furthermore, the tag enables the 
immobilization in a specific orientation which benefits subsequent ap-
plications such as electrochemical assays, SPR and lateral flow assays 
(Andreescu et al., 2001; Kröger et al., 1999; Ley et al., 2011). In the last 
step the purified PpL was characterized to investigate any potential 
negative impact of the His6-tag on the binding characteristics of the 
protein. 

2. Material and Methods 

2.1. Strain 

The cultivations were performed using an E. coli BL21(DE3) strain 
transformed with a pET-24a(+) plasmid carrying the codon-optimized 
gene for the 5B domain PpL (GenBank accession no. AAA67503) with 
a C-terminal His6-tag (restriction sites: NheI/XhoI). The encoded PpL has 
a theoretical size of 41.98 kDa and a theoretical pI of 4.82 (supple-
mentary information: 1. Sequencing Result). The sequence for the 5B 
domains originates from F. magna and was adapted from ProSpec 
(PROTEIN-L, 2019). 

2.2. Media 

The bioreactor cultivations were carried out using a defined medium 
described by DeLisa et al. (DeLisa et al., 1999), supplemented with 0.02 
g/L kanamycin to prevent plasmid loss (Table 1). Glycerol was used as 
sole carbon source since recent results showed that this can result in 
higher product titers due to a higher amount of accessible energy (Kopp 
et al., 2017). 

2.3. Bioreactor Cultivations 

For pre-culture, 500 mL of DeLisa medium (Table 1) in a 2500 mL 
high yield shake flask were inoculated with 1.5 mL frozen bacterial 
stock. The pre-culture was grown at 37 ◦C and 230 rpm in an Infors HR 
Multitron incubator (Infors, Bottmingen, Switzerland) for 16 h. The 
cultivations were carried out in a DASGIP parallel reactor system 
(Eppendorf, Hamburg, Germany) with four vessels having 2 L working 
volume each. The culture broth was aerated with 2 L/min and stirred at 

1400 rpm. The pH was monitored with an Easyferm electrode (Hamil-
ton, Reno, NV, USA) and kept constant at 6.7 via addition of NH4OH 
(12.5%). The dissolved oxygen was monitored using a Visiferm fluo-
rescence dissolved oxygen electrode (Hamilton, Reno, NV, USA) and 
kept above 30% by supplying a mixture of pressurized air and pure 
oxygen if necessary. Off-gas was monitored using a DASGIP-GA gas 
analyzer (Eppendorf, Hamburg, Germany). The temperature was 
controlled with a heat jacket and cooling finger and kept at 37 ◦C for the 
batch and at 35 ◦C during the non-induced fed-batch phase. For process 
control and monitoring the DAS-GIP-control system (DASware-control) 
was used. The batch phase (volume = 1 L) was started by inoculating the 
reactor with 10% (v/v) of the pre-culture. Once all glycerol was 
depleted, as indicated by a drop of the CO2 signal and vice versa a rise in 
the dO2 signal, substrate was fed to reach a cell dry weight concentration 
of approx. 25 g/L. After the fed-batch, expression of PpL was induced by 
addition of Isopropyl β-D-1-thiogalactopyranoside (IPTG) to a final 
concentration of 0.5 mM (induced fed-batch). During the induction 
phase, the specific substrate uptake rate (qs) and temperature were 
altered using a design of experiment (DoE) approach. These process 
parameters have been shown to be crucial factors for protein quantity 
and localization (IB vs. soluble) (Kopp et al., 2017; Slouka et al., 2018). 
During the induced fed-batch, samples were drawn every two hours to 
monitor product formation. The factor qs was adjusted at the start of 
induction and was altered in the range of 0.1 g/g/h to 0.5 g/g/h. The 
temperature was investigated in a range of 27–35 ◦C, while the center-
point conditions (CP) (qs = 0.3 g/g/h; T = 31 ◦C) were performed three 
times to investigate reproducibility. We decided to perform a central 
composite circumscribed design to adequately describe potential 
quadratic interactions. In a first step the product localization and 
feasibility of a tunable production of IB or soluble PpL was investigated. 
For the design of DoE the volumetric product concentration in g/L was 
chosen as process response. The software MODDE 10 (Sartorius. 
Göttingen, Germany) was used for model design and to develop a mul-
tilinear regression model describing volumetric titer of PpL as a function 
of qs and temperature over the induction time. 

2.4. Bioreactor Cultivation Analytics 

2.4.1. Biomass 
Biomass was quantified via optical density by measuring OD600 using 

a UV/VIS photometer (Genisys 20, Thermo Scientific, Waltham, MA, 
USA) to monitor biomass growth during the process. Additionally, dry 
cell weight (DCW) was determined gravimetrically by centrifuging 1 mL 
of culture broth (9000 rcf, 10 min), subsequently washing the pellet with 
0.9% (w/v) NaCl and centrifuging again. Afterwards the pellets were 
dried at 105 ◦C for 72 h. 

Table 1 
DeLisa medium used for all cultivation phases. 0.02 g/L kanamycin were added 
for all phases.   

Pre- 
culture 

Batch Feed  

Component Concentration [g/L] Sterilization 
Citric acid 13.3 – autoclave 
(NH4)2HPO4 4 – 
Citric acid 1.7 – 
MgSO40.7 H2O (stock 500 x) 1.2 10.00 autoclave 
Fe(III) citrate (stock 100 x) 0.1 0.02 autoclave 
EDTA (stock 100 x) 0.0084 0.0065 autoclave 
Zn(CH3COO)2⋅H2O (stock 200 

x) 
0.013 0.008 filter sterile 

TEa (stock 200 x) 5 mL/L 7.27 mL/ 
L 

filter sterile 

Thiamine HCl (stock 1000 x) 0.0045 – filter sterile 
Glycerol 8 20 400 autoclave  
a TE stock: CoCl20.6 H2O (2.5 mg/L); MnCl20.4 H2O (15 mg/L); CuCl20.2 H2O 

(1.2 mg/L); H3BO3 (3 mg/L); Na2MoO40.2 H2O (2.5 mg/L) 
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2.4.2. Metabolite Analysis 
The concentration of glycerol in the supernatant was analyzed via 

high performance liquid chromatography (HPLC) (UltiMate 3000; 
Thermo Fisher, Waltham, MA) using a Supelcogel C-610 H column 
(Supelco, Bellefonte, PA, USA) (Kopp et al., 2017). For this method 0.1% 
H3PO4 with a constant flow rate of 0.5 mL/min was used as eluent. The 
sugars were detected and quantified using respective standards, by a 
refractive index detector (Shodex RI-101, Ecom, Prague, Czech Repub-
lic) (Kopp et al., 2017). The qs was calculated according to Eq. 1, taking 
accumulated glycerol into account. 

qs

[
g
gh

]
= Vin,feed,Δt [L] ∗ cfeed

[g
L

] − Vreactor,ti [L] ∗ cacc,ti
[g

L

]
Δt [h] ∗ XΔt [g] (1) 

qs
[

g
gh
]

… specific substrate uptake rate. 
Vin,feed,Δt[L] … feed volume in timespan Δt. 
cfeed

[g
L
]

… glycerol concentration in the feed (400 g/L). 
Vreactor,ti [L] … reactor volume at time point i. 
cacc,ti

[g
L
]

… concentration of glycerol in the supernatant at time point 
i. 

Δt[h] … timespan (ti – ti-1) for the calculation of qs. 
XΔt [g] … average biomass in the reactor in the timespan Δt. 

2.4.3. Product Analysis 
For determining the PpL concentration, 10 mL of the cultivation 

broth were centrifuged at 9000 rcf for 10 min at 4 ◦C. The supernatant 
was discarded and the product samples were stored at − 20 ◦C until 
further use. The cell pellet was suspended in 40 mL lysis buffer (100 mM 
Tris, 10 mM EDTA, pH = 7.4) and homogenized using a high-pressure 
homogenizer at 1200 bar for 7 passages (PandaPLUS, Gea AG, Ger-
many). Subsequently, the cell suspension was centrifuged at 20,380 rcf 
for 20 min at 4 ◦C, and supernatant and IB pellet were further analyzed 
as described in the sections below.a) SDS-PAGEFor SDS-PAGE, Mini- 
PROTEAN® TGX Stain-Free™ (BioRad, Hercules, CA, USA) gels were 
used. The IB pellet were dissolved in 1x Laemmli buffer containing 
100 µL ß-mercaptoethanol (reducing conditions) (Laemmli, 1970). The 
soluble fraction was mixed in a 1–2 ratio with 2x Laemmli buffer. All 
samples were incubated at 95 ◦C for 10 min and subsequently spun 
down. Five µL of a protein molecular weight standard (precision plus 
protein standard dual color, BioRad) and 10 µL of each sample were 
loaded in the respective wells. The gel was run at 180 V for 30 min. 
Staining was performed using Coomassie brilliant blue and gels were 
analyzed using a Gel Doc (Universal Hood II, BioRad, Hercules, CA, 
USA) and the ImageLab software (Version 6.0.1, BioRad, Hercules, CA, 
USA).b) HPLCReversed Phase-HPLC:The product concentration was 
determined using a BioResolve reversed phase (RP) Polyphenyl column 
(dimensions 100 × 3 mm, particle size 2.7 µm) (Waters Corporation, 
MA, USA) equipped with a pre-column (3.9 × 5 mm, 2.7 µm (Kopp 
et al., 2020). Eluent A was ultrapure water (MQ) and eluent B was 
acetonitrile, both supplemented with 0.1% (v/v) trifluoroacetic acid. A 
sample volume of 2 µL was injected. The flow was kept constant at 
0.4 mL/min and the measurement performed at 70 ◦C. A detailed 
description of the used method is given by Kopp et al. (Kopp et al., 
2020). The soluble fractions were filtered with a 0.2 µm syringe filter 
(CHROMAFIL® Xtra PVDF-20/25, Pall, New York, USA), while the IB 
pellets were first solubilized with 7.5 M guanidine hydrochloride, 
62 mM Tris and 100 mM DTT at pH = 8 and filtered afterwards. To 
determine the protein concentration, BSA (bovine serum albumin) 
standards with concentrations between 0.1 and 2 g/L were measured. 
Size Exclusion Chromatography-HPLC:PpL concentration and purity 
during the DSP was measured using a size exclusion chromatography 
(SEC)-HPLC method. A BEH 200 A SEC 1.7 µm 4.6 × 300 mm, 3.5 µm 
(Waters Corporation, MA, USA) column was run isocratically with SEC 
buffer (80 mM phosphate, 250 mM KCl, pH = 6.8) (Kittler et al., 2020). 
The method run time was 18 min with a flow rate of 0.5 mL/min and an 

injection volume of 2 µL was used. Column temperature was kept con-
stant at 25 ◦C and absorbance was recorded at 280 nm and 214 nm. For 
quantification purposes, BSA protein standards were measured between 
0.125 and 2 g/L and PpL concentrations calculated based on the cali-
bration curve. 

2.5. Downstream Processing 

The biomass of each cultivation was harvested 12 h after induction, 
centrifuged at 17,000 rcf, 4 ◦C, 30 min and the biomass pellet stored at 
− 20 ◦C until further use. For the described DSP protocol, biomass 
produced at qs = 0.3 g/g/h and T = 31 ◦C was used. For preparative 
chromatography, an ÄKTA pure™ system (Cytiva Life Sciences, MA, 
USA) was used, monitoring conductivity and UV absorbance at three 
wavelengths (280 nm, 260 nm, 214 nm). 

The DSP comprised the following steps:  

• Cell lysis via high pressure homogenization  
• Capture via IMAC chromatography  
• Purification via anion exchange chromatography (AEC) 

2.5.1. High Pressure Homogenization 
In order to release intracellularly produced soluble PpL, cell lysis was 

performed via high pressure homogenization using a PandaPLUS (Gea 
AG, Germany). Frozen biomass was resuspended in Buffer A (50 mM 
phosphate, pH = 7.4) containing protease inhibitor (cOmplete™ Mini, 
EDTA-free, Roche, Switzerland) to a final concentration of 13 g DCW/L 
buffer A. Homogenization was performed at 1200 bar for 7 passages and 
the homogenized sample was kept at 4 ◦C afterwards. In order to sepa-
rate cell debris from the soluble fraction containing PpL, the sample was 
centrifuged at 20,380 rcf for 20 min at 4 ◦C. The supernatant was used in 
the following chromatography step and the pellet discarded. 

2.5.2. Capture Chromatography: IMAC 
As a capture step for the His6-tagged PpL, a 5 mL HiTrap™ IMAC FF 

(Cytiva Life Sciences, MA, USA) with a flowrate of 0.2 column volumes 
(CV)/min was used. The column was equilibrated with buffer A (50 mM 
phosphate, pH = 7.4) until all signals were stable. The supernatant 
(35 mL) after homogenization was loaded onto the column, followed by 
a wash step with 4 CVs of buffer A. Elution was performed using a step 
gradient with 40% buffer B (50 mM phosphate, 500 mM imidazole, pH 
= 7.4). During elution, fractions of 1 mL were collected, pooled based on 
the UV 280 nm signal and analyzed for their respective concentration 
and purity using SEC-HPLC. 

2.5.3. Purification Chromatography: AEC 
As purification step, a 1 mL Hitrap™ Capto Q (Cytiva Life Sciences, 

MA, USA) column with a flowrate of 1 CV/min was used. The column 
was equilibrated with buffer A (50 mM phosphate, pH = 7.4). The 
pooled fractions containing PpL obtained from the capture chromatog-
raphy step (IMAC) were used as load (6 mL load volume) (Cytiva, 
2021a, 2021b). After loading was completed, the column was washed 
with 5 CVs buffer A. PpL was eluted using a step gradient with 25% 
buffer C (50 mM phosphate, 1 M NaCl, pH = 7.4). As for IMAC, fractions 
of 1 mL were collected, pooled based on the UV 280 nm signal and 
analyzed for their respective concentration and purity using SEC-HPLC. 

2.6. Characterization and Protein Functionality 

2.6.1. Mass Spectrometry 
The primary structure and mass of the purified His6-tagged PpL was 

confirmed using digestion followed by LC/MS (liquid chromatography/ 
mass spectrometry). Additionally, the total mass of the produced PpL 
and the commercial PpL (for comparison) was measured using intact 
protein mass spectrometry. A detailed description of the performed 
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measurements can be found in the supplementary information (sup-
plementary information: 6. Mass spectrometry). 

2.6.2. Infrared Spectroscopy 
Both PpL variants were measured using laser-based mid-infrared 

spectroscopy to obtain structural information. A detailed description of 
the applied external cavity-quantum cascade laser (EC-QCL) setup has 
previously been reported (Akhgar et al., 2020). Briefly, the laser 
(Hedgehog, Daylight Solutions Inc., San Diego USA) was operated in a 
tuning range between 1470 cm−1 and 1730 cm−1 with a scan speed of 
3600 cm−1 and pulse rate and width of 1 MHz and 200 ns, respectively. 
The IR light was attenuated by optical filters, divided into two beams 
and directed into a two-path transmission flow cell with a path length of 
26 µm. Approximately 500 µL of sample solution were injected into the 
signal cell, while the reference cell was filled with the pure buffer so-
lution. The intensity of both beams was detected by a thermoelectrically 
cooled mercury cadmium telluride balanced detector (Vigo System S.A., 
Poland) to compensate the noise introduced by the EC-QCL. A previ-
ously described pre-processing routine (Schwaighofer et al., 2018), 
including similarity index evaluation, scan averaging (300 single scans 
= 45 s acquisition time) and fast Fourier transform (FFT) filtering, was 
applied in order to obtain the final protein spectra with a spectral res-
olution of 2.6 cm−1. 

2.6.3. Surface Plasmon Resonance 
Surface plasmon resonance spectroscopy (SPR) was performed at the 

core facility at the University of Natural Resources and Life Sciences in 
Vienna. For the measurement, a Bioacore T200 (Cytiva Life Sciences, 
MA, USA) was used. For measuring the binding affinity of both PpL 
samples, a commercial protein A chip was used. In the first step, a 10 µg/ 
mL Herceptin solution was applied to bind the antibody to the protein A 
chip. Subsequently, to monitor the binding affinity, different PpL con-
centrations (0.617, 1.85, 5.55, 16.6, and 50 nM respectively) were 
loaded for 10 min. The flow rate for all loading steps was 10 µL/min. 
The general running buffer was HBS-EP buffer (Cytiva Life Sciences, MA, 
USA). The obtained RPU (response) was plotted versus the time and 
fitted with a one site saturation model (Eq. 1) using Sigma plot (Systat 
Software GmbH) to determine the response at equilibrium. The RPU at 
equilibrium of all measurements was then plotted against the respective 
concentration and fitted with a one site saturation equation to determine 
the KD value (Eq. 2) (Moscetti et al., 2017; Sparks et al., 2019). 

y = Bmax ∗ x
KD + x

(2)  

y … y – value e.g. response of the SPR measurement Bmax … maximal y- 
value x … x – value e.g. concentration of the analyte KD … analyte 
concentration at Bmax/2. 

2.6.4. Structure Analysis 
Finally, the 3D structure of PpL was predicted using AlphaFold 

(Jumper et al., 2021; Varadi et al., 2022). For the analysis, the full amino 
acid sequence including the His6-tag was used and the prediction 
computed using the Alvis cluster within the Chalmers Centre for 
Computational Science and Engineering (C3SE), Sweden. 

2.6.5. ELISA 
To evaluate the functionality of the purified PpL, the purified protein 

was conjugated to recombinant horseradish peroxidase (HRP) and 
ELISA was performed. A detailed description of the protocol for conju-
gation, which was adapted from Nygren et al. and Molin et al. is given in 
the supplementary information (supplementary information: 2. ELISA 
Conjugation) (Molin So Fau - Nygren et al., 1978a, 1978b; Nygren et al., 
1981). 

For the ELISA, 100 µL Herceptin (200 µg/mL) in phosphate buffered 
saline (PBS, pH = 7.4) was incubated at 4 ◦C in high binding ELISA 

plates (Greiner Bio-One, Kremsmünster, Austria) for 16 h. Afterwards, 
the Herceptin solution was removed and the wells were washed four 
times with PBS containing 0.05% Tween20 (=wash buffer). Subse-
quently, to block open binding positions, the wells were incubated with 
200 µL 1% BSA in PBS (=blocking solution) for 60 min at RT. Then the 
wells were washed again four times with wash buffer. Subsequently, the 
respective detection complex with a concentration of 0.2 µg/mL was 
incubated at RT for 30 min (Table 2). The solution in the wells was 
discarded and wells were washed seven times with wash buffer to 
remove non-specifically bound HRP. 

Bound HRP-PpL conjugates were quantified immediately after the 
last washing step using a S2,2′-azino-bis(3-ethylbenzothiazoline-6-sul-
fonic acid) (ABTS) assay. 180 µL of 8 mM ABTS in 50 mM phosphate- 
citrate buffer, pH = 5, were pipetted in each well and the reaction was 
started by adding 20 µL 10 mM H2O2. The change of absorbance at 
420 nm was monitored for 45 min using a Tecan plate reader (Spark®, 
Tecan, Männedorf, Switzerland) at 30 ◦C. For each well, the volumetric 
activity was calculated according to Eq. 3. 

A
[ U

mL

]
= Vtotal[µL] ∗ ΔA/min ∗ dilution

Vsample[µL] ∗ d[cm] ∗ ε[mM−1 ∗ cm−1] (3) 

Vtotal [µL] … total volume in well. 
ΔA/min … change in absorption (ΔAbs 420 nm/min). 
Dilution … dilution of the sample. 
Vsample [µL] … volume of sample. 
d [cm] … length of the beam path through the cuvette (d = 0.58 cm). 
ε [mM−1 *cm−1] … extinction coefficient (ε420 = 36 mM−1 *cm−1). 

3. Results and Discussion 

3.1. Production and Purification of Recombinant Protein L 

The goal of this study was to develop a production process for re-
combinant PpL that enables production of a high amount of biologically 
active protein with high purity (>80%). The investigated variables in 
the USP and DSP are listed in Table 3. 

For the recombinant production of His6-tagged PpL, the specific 
substrate uptake rate and temperature (qs, T) were investigated in a DoE 
approach. In previous studies it was shown that these process variables 
influence localization (IB or soluble) and quantity of produced recom-
binant protein (Kopp et al., 2017; Slouka et al., 2018). For all tested 
fermentation conditions, an excess of soluble PpL compared to IBs (9 g/L 
to <0.5 g/L) was observed (supplementary information: Fig. S1). Since 
PpL originates from a bacterial host, we believe that expression has a 
low burden on E. coli due to low protein complexity (no disulfide bridges 
or other post-translational modifications) and therefore only low 
amounts of IB were produced (Bhatwa et al., 2021). As depicted in  
Fig. 1a, high specific substrate uptake rates (≥0.5 g/g/h) led to an in-
crease of the volumetric product titer in the beginning of the induction 
phase. However, after four to six hours, glycerol started to accumulate 
(data not shown) as the biomass growth stopped (DCW decreased) and 
the volumetric productivity declined. The observed drop in the specific 
growth rate correlated with the mentioned accumulation of glycerol, 
caused by a high metabolic stress using a qs higher than 0.5 g/g/h. 
Lower temperatures (25.3 ◦C and 27 ◦C) did not increase the amount of 

Table 2 
Tested combination of samples and conjugation-complex. HRP: 
horseradish peroxidase; PpL: protein L; BSA: bovine serum 
albumin.  

Immobilized protein Detection complex 
Herceptin HRP 
Herceptin PpL 
Herceptin PpL-HRP 
BSA PpL-HRP  
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PpL, independent of the adjusted qs. The CP conditions (qs = 0.3 g/g/h, 
temperature 31 ◦C) resulted in an almost linear increase of the volu-
metric titer, while higher temperatures did not lead to an increase of 

product formation. 
The regression model for the volumetric titer showed that longer 

induction time had a positive influence on productivity (Fig. 1b). 
Furthermore, increasing temperature led to an increase of the volu-
metric titer, while the quadratic terms of all tested parameters had a 
negative impact on product formation (supplementary information: 
Fig. S2). The highest volumetric product titer (>9 g/L) was achieved at a 
qs = 0.3 g/g/h, a temperature of 31 ◦C and an induction time of 12 h, 
leading to a specific product titer of 0.17 g/g with a final biomass con-
centration of 55 g DCW/L (process data: supplementary information: 
Figs. S3 and S4). 

After cell lysis, the His6-tagged PpL was purified to achieve purities 

Table 3 
Overview of investigated factors in the production process of recombinant 
protein L. USP: upstream processing; DSP: downstream processing; qs: specific 
substrate uptake rate; IMAC: immobilized metal affinity chromatography.  

Unit operation Factors Range 
USP qs 0.1 g/g/h – 0.5 g/g/h 

Temperature 27–35 ◦C 
DSP - IMAC NaCl 0 mM or 500 mM  

Fig. 1. a: Time resolved trend of volumetric titer [g/L] of performed cultivations according to the design of experiment (DoE). b: Contour plot of the volumetric titer 
[g/L]. The optimum in the tested design space is at a specific substrate uptake rate (qs) = 0.3 g/g/h and temperature 31 ◦C after 12 h. These conditions led to a 
product concentration of about 9 g/L. 
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similar to the commercial PpL (i.e. 80%, determined by SEC). A standard 
protocol for IMAC, including 20 mM imidazole in the sample and the 
binding buffer, led to unexpectedly low recoveries (<30%, data not 
shown). In order to improve binding capacity and recovery, sample and 
binding buffers were prepared without imidazole. This adaptation 
resulted in improved recovery (59%) and purity (67%). Still, a second 
chromatography step was required to reach the targeted purity of 
> 80%. Due to the pI of 4.82, an anion exchange chromatography (AEC) 
step was chosen. However, the used salt (500 mM NaCl) in the IMAC 
buffers requires a buffer exchange to ensure sufficient binding in the 
subsequent AEC step. Therefore, we investigated whether NaCl can be 
omitted in the IMAC step without negative effects on recovery and pu-
rity. Summarized in Table 4, the final process using IMAC buffers 
without salt showed increased recovery and purity, resulting in a final 
PpL purity of 92% and a final yield of 5 g PpL / L fermentation broth 
(57%) after the second AEC step. As an additional advantage, the eluate 
of the capture step (IMAC) could directly be used to load the column in 
the second purification step, circumventing additional unit operations 
such as e.g. pH-adjustment or buffer exchange (Cytiva, 2021a, 2021b). 
The presented process might be a viable alternative to industrial pro-
duction processes in which far more expensive Ig containing resins are 
used for the capture step (Cytiva). Furthermore, the purified 5B domain 
His6-tagged PpL had a higher purity (92%) compared to the commercial 
protein (80%). However, it is important to mention that DNA and 
endotoxin concentrations were not analyzed. 

3.2. Protein Structure and Functionality Analysis 

First, the primary structure of both PpL variants (TU Wien: 5B 
domain His6-tagged PpL and Sigma-Aldrich: 4B domain PpL) was 
confirmed using enzymatic digestion followed by LC/MS. However, due 
to the existence of repetitive B domains, the exact mass of the proteins 
could not be determined by analyzing the fragments. For this purpose, 
whole protein LC/MS was performed of each PpL variant. The 5B 
domain His6-tagged PpL, had a mass of 41816 Da (supplementary in-
formation: Fig. S5), while the commercial 4B domain PpL (one binding 
domain less) had a mass of 36038 Da (supplementary information: 
Fig. S6). Moreover, for both PpL variants, a distribution of different mass 
fragments was observed. This size heterogeneity has been reported for 
different Ig-binding proteins of Gram-positive bacteria (Kastern et al., 
1992). 

Laser-based mid-IR spectroscopy was applied to record absorbance 
spectra across the amide I (1600–1700 cm−1) and amide II 
(1500–1600 cm−1) bands, since these represent the most important 
wavenumber regions for protein secondary structure determination 
(Barth, 2007). Compared to conventional Fourier-transform infrared 
(FTIR) instrumentation, EC-QCLs operate at significantly higher spectral 
power densities, thus allowing the application of larger optical path 
lengths that lead to improved robustness and sensitivity (Schwaighofer 
and Lendl, 2020). Fig. 2a shows a comparison of PpL from Sigma-Aldrich 
(4B domains) and PpL produced here (TU Wien; 5B domains His6--
tagged). Positions and shapes of the IR absorbance bands show excellent 
comparability between the spectra. The maxima at 1640 cm−1 in the 
amide I region, as well as the broad amide II bands at approximately 
1550 cm−1 indicate a high share of β-sheet secondary structure (Barth, 
2007). 

For testing functionality and binding affinity, SPR measurements 
were performed to determine the KD value of both PpL variants. How-
ever, PpL has a very high affinity to Igs and antibody fragments, indi-
cated by a small KD and a slow dissociation reaction. Therefore, the 
dissociation could not be determined with the used experimental set up, 
since no steady state was achieved (data not shown). As an alternative 
approach, the maximum signals for steady state conditions were calcu-
lated based on a one site saturation model. In Fig. 2b the maximum fitted 
response (RPU) for each tested concentration is plotted against the 
respective concentration (Moscetti et al., 2017; Sparks et al., 2019). The 
obtained values were fitted again using a one site saturation model to 
determine the KD values (Fig. 2b). 

The determined KD value for the recombinant 5B His6-tagged PpL 
variant (KD = 2.93 ×10−10 M) was lower than for the commercial 4B 
domain PpL (KD = 1.55 ×10−9 M). This can likely be attributed to the 
additional B domain in the construct, which slightly increases the af-
finity (Kastern et al., 1992; Kittler et al., 2021). 

After similarity of the secondary structure was validated for both 
variants and the functionality was demonstrated, the tertiary structure 
of the 5B His6-tagged PpL variant was modeled using AlphaFold (Jum-
per et al., 2021; Varadi et al., 2022). Since no amino acid sequence was 
available for the commercial PpL variant, a comparison of the modeled 
structures was not possible. However, the single B domains could be 
predicted with high confidence and are in accordance with literature 
(Kittler et al., 2021; Wikstroem et al., 1994). The linkers between the 
binding domains were found to have lower prediction scores and are 
most likely flexible and without a defined structures (Fig. 3, supple-
mentary information: Fig. S7). These linkers as well as the unstructured 
N- and C- terminal ends of the protein (the latter incorporating the 
His6-tag) could be susceptible to some proteases, possibly explaining the 
size heterogeneity observed in mass analysis and the low recovery 
during the capture step (IMAC) (Shen et al., 1991). 

3.3. Application of Protein L in an ELISA 

For the purpose of using PpL in an ELISA, both PpL variants were 
conjugated to recombinant HRP and used to detect Herceptin. First, 
solely the HRP activity without the binding to Herceptin was measured. 
The recombinant His6-tagged 5B domain PpL conjugate showed an ac-
tivity of 6.82 ± 0.27 × 103 U/mol, which was similar to the 4B domain 
conjugate PpL that showed an activity of 7.49 ± 0.91 × 103 U/mol. 
However, it was expected that the 5B domain PpL would exhibit a higher 
amount of conjugated HRP due to the higher number of primary amines 
(e.g. lysine), which act as conjugation partners. However, we assume 
that these additional primary amines were not accessible due to their 
position within the binding domains, resulting in similar amounts of 
conjugated HRP. In the ELISA, the His6-tagged PpL with 5B domains 
achieved a volumetric activity of 3.99 ± 0.86 U/mL, while for the 
commercial PpL (Sigma-Aldrich) with 4B domains showed an activity of 
4.96 ± 0.92 U/mL. Conjugation of PpL to HRP without loss of activity 
and detection of an antibody was thus possible for both variants, 
showing that the tested HRP-PpL complex can be successfully used for 
ELISAs applied as in-process control e.g. in the early DSP or for refolding 
processes. 

4. Conclusion 

In this study we were able to successfully produce and purify re-
combinant His6-tagged PpL with 5B domains in E. coli with a final 
product yield of 5 g product per L fermentation broth. The produced 
protein was characterized and compared to a commercially available 
PpL regarding secondary structure and activity (Table 5). The initial DSP 
resulted in unexpectedly low recoveries and purities, but these could be 
significantly improved by optimization of the IMAC capture step and 
performing a second AEC step. The results from the performed MS 
indicate a size heterogeneity of PpL, which could possibly explain the 

Table 4 
Recovery and purity of the His6-tagged PpL comparing the IMAC runs with and 
without 500 mM NaCl.  

Step Recovery [%] Purity [%] 
Capture (IMAC) with NaCl 66 45 
Whole DSP 44 72 
Capture (IMAC) without NaCl 49 67 
Whole DSP 57 92  
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still somewhat low overall recoveries. The structural analysis revealed 
unstructured protein parts that could be susceptible to cleavage, which 
would then result in different protein sizes and loss of the purification 
tag. We believe that further studies focusing on the structure of PpL will 
help to understand the observed results. Nevertheless, the secondary 
structure of the produced PpL was similar to the commercial variant 
with 4B domains. Furthermore, it was shown that the produced PpL is 
functional and active, without being negatively influenced by the HIS6- 
tag and the obtained KD value was lower compared to the 4B domain 

PpL. Additionally, the application in an ELISA detecting Herceptin using 
a PpL-HRP conjugate was successful. 
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Fig. 2. a: IR spectrum of both protein L (PpL) variants. Both 4B domain and 5B domain His6-tagged PpL, from Sigma-Aldrich and TU Wien, respectively, show highly 
similar absorbance spectra indicating comparable secondary structure. b: Results of the SPR measurement of both protein L (PpL) variants. The calculated saturation 
values for each concentration is plotted against the respective concentration. The curve was fitted with a one-site saturation equation to determine the KD value. 4B 
domain PpL (Sigma-Aldrich PpL) KD = 1.5 × 10−9 M; 5B domain His6-tagged PpL (TU Wien PpL): KD = 2.93 × 10−10 M. 

Fig. 3. a) Cartoon models colored by the prediction score, red-green-blue, from low to high, with the N-terminus on the left. b) Space-fill model of His6-tagged 
protein L, colored as in a), and with the N-terminus at the bottom. The structure of the B domains are confidently predicted, while the structure of the linkers and 
termini cannot be predicted reliably and are likely flexible in solution. 

Table 5 
Summary of the results of the structural and functionality analysis of both 
protein L (PpL) variants. mAb: monoclonal antibody.   

TU Wien PpL Sigma-Aldrich PpL 
Mass [Da] 41816 36038 
Structure of single B 

domain 
4 beta sheets + 1 alpha 

helix 
4 beta sheets + 1 alpha 

helix 
B domains  5 4 

KD [M] 2.93 × 10−10 1.55 × 10−9 

Application in ELISA Detection of mAb 
possible 

Detection of mAb possible  
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Kastern, W., Sjöbring, U., Björck, L., 1992. Structure of peptostreptococcal protein L and 
identification of a repeated immunoglobulin light chain-binding domain. J. Biol. 
Chem. 267, 12820–12825. 

Kittler, S., Kopp, J., Veelenturf, P.G., Spadiut, O., Delvigne, F., Herwig, C., Slouka, C., 
2020. The lazarus escherichia coli effect: recovery of productivity on glycerol/ 
lactose mixed feed in continuous biomanufacturing. Front. Bioeng. Biotechnol. 8, 
993. 

Kittler, S., Besleaga, M., Ebner, J., Spadiut, O., 2021. Protein L—More Than Just an 
Affinity Ligand. Processes 9. 

Kopp, J., Slouka, C., Ulonska, S., Kager, J., Fricke, J., Spadiut, O., Herwig, C., 2017. 
Impact of Glycerol as Carbon Source onto Specific Sugar and Inducer Uptake Rates 
and Inclusion Body Productivity in E. coli BL21(DE3). Bioeng. (Basel, Switz. ) 5, 1. 

Kopp, J., Zauner, F.B., Pell, A., Hausjell, J., Humer, D., Ebner, J., Herwig, C., Spadiut, O., 
Slouka, C., Pell, R., 2020. Development of a generic reversed-phase liquid 
chromatography method for protein quantification using analytical quality-by- 
design principles. J. Pharm. Biomed. Anal. 188, 113412. 
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Recombinant protein production with Escherichia coli is usually carried out in fed-batch
mode in industry. As set-up and cleaning of equipment are time- and cost-intensive, it
would be economically and environmentally favorable to reduce the number of these
procedures. Switching from fed-batch to continuous biomanufacturing with microbials
is not yet applied as these cultivations still suffer from time-dependent variations
in productivity. Repetitive fed-batch process technology facilitates critical equipment
usage, reduces the environmental fingerprint and potentially increases the overall space-
time yield. Surprisingly, studies on repetitive fed-batch processes for recombinant
protein production can be found for yeasts only. Knowledge on repetitive fed-batch
cultivation technology for recombinant protein production in E. coli is not available until
now. In this study, a mixed feed approach, enabling repetitive fed-batch technology for
recombinant protein production in E. coli, was developed. Effects of the cultivation mode
on the space-time yield for a single-cycle fed-batch, a two-cycle repetitive fed-batch,
a three-cycle repetitive fed batch and a chemostat cultivation were investigated. For
that purpose, we used two different E. coli strains, expressing a model protein in the
cytoplasm or in the periplasm, respectively. Our results demonstrate that a repetitive
fed-batch for E. coli leads to a higher space-time yield compared to a single-cycle fed-
batch and can potentially outperform continuous biomanufacturing. For the first time, we
were able to show that repetitive fed-batch technology is highly suitable for recombinant
protein production in E. coli using our mixed feeding approach, as it potentially (i)
improves product throughput by using critical equipment to its full capacity and (ii) allows
implementation of a more economic process by reducing cleaning and set-up times.

Keywords: E. coli, repetitive fed-batch, process understanding, process intensification, recombinant protein
production, continuous biomanufacturing

INTRODUCTION

Escherichia coli serves as a beloved workhorse for the production of many recombinant
proteins. Fast doubling times, little risk of contamination, cheap media and easy
upscale are the most prominent benefits (Casali, 2003; Baeshen et al., 2015; Gupta
and Shukla, 2017). The E. coli strain BL21(DE3) is the most commonly applied strain
in industry with outstanding low acetate secretion and high product concentrations
(Rosano and Ceccarelli, 2014; Wurm et al., 2017a; Rosano et al., 2019). The strain is
regularly used for recombinant protein production with pET-plasmids, making use of the
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integrated T7-promotor system (Wurm et al., 2016; Kopp
et al., 2017; Rosano et al., 2019). For many applications IPTG
(Isopropyl-b-D-thiogalactopyranosid) is the inducer of choice,
which leads to high levels of recombinant protein. Even though
IPTG induction is described as tunable, toxic effects can be
observed (Wurm et al., 2016; Hausjell et al., 2018). Several
studies showed that the use of IPTG throughout long induction
times leads to increased stress levels and thus to low viability
(Dvorak et al., 2015; Slouka et al., 2018). Promotor systems,
like araBAD and rhamBAD are not described to show any
toxic effects (Marschall et al., 2016). The utilization of arabinose
or rhamnose might enable long-term cultivation with E. coli
(Marschall et al., 2016), however they are rarely used in industry
due to the high price of these inducers (Kopp et al., 2019b).
Thus, it is of great importance to find a suitable inducer that
is affordable in large scale and shows no signs of toxicity onto
host cells (Malakar and Venkatesh, 2012; Mühlmann et al., 2018).
The disaccharide lactose is taken up via lactose permease. Upon
uptake, lactose is either cleaved to glucose and galactose or
converted to allolactose via b-galactosidase (Deutscher et al.,
2006). Allolactose can then bind to the lac repressor and enable
induction as described in various previous publications (Wurm
et al., 2016; Kopp et al 2017). Due to the non-toxicity and
low cost of lactose compared to other inducers, this induction
mechanism is tuneable and also economically feasible (9.39 €/g
IPTG vs. 0.02 €/g lactose) (Yan et al., 2004; Briand et al., 2016).
For mixed feed systems using lactose, an established mechanistic
knowledge platform, which explains the correlation between
sugar and inducer uptake by physiological parameters can be
used (Wurm et al., 2017a). Furthermore, lactose has shown to
boost productivity in soluble recombinant protein production
when compared to IPTG (Wurm et al., 2016, 2017a). For
periplasmic recombinant protein production soft induction by
lactose is especially important as translocation to the periplasm
is the rate limiting step (Gupta and Shukla, 2017; Karyolaimos
et al., 2019; Hausjell et al., 2020).

Independent of product location, recombinant protein
production in E. coli is commonly carried out in fed-batch
cultivation mode (Slouka et al., 2018; Kopp et al., 2019b).
However, in fed-batch cultivation sterilization, cleaning and
biomass formation take up the majority of process time (Slouka
et al., 2018). As industry is always aiming to increase the
space-time yield, a continuous production system would be
desirable to reduce down-times (Rathore, 2015; Tan et al.,
2019; Zobel-Roos et al., 2019). Regulations of continuously
produced products used to be an issue, however regulatory
authorities have defined to separate production into diverse lot
numbers according to ICH Q7: “The batch size can be defined
either by a fixed quantity or by the amount produced in a
fixed time interval” (EU GMP Guide, Part II). Compared to a
batch system, continuous systems enable maximum utilization
of equipment. By reducing down-times, production scale can
be decreased or amounts of product can be gained within
less time, or a combination of both factors (Glaser, 2015;
Herwig et al., 2015; Rathore, 2015). Continuous production
processes would allow increased product yields in smaller
production facilities while obtaining the same amounts of

product (Allison et al., 2015; Konstantinov and Cooney, 2015;
Nasr et al., 2017).

Aiming to establish time-independent microbial cultivation
systems, evolutionary mechanisms, such as mutations (Rugbjerg
and Sommer, 2019) and shifts in transcriptome and proteome
(Peebo et al., 2015; Peebo and Neubauer, 2018) spoiled
expectations of industry.

Repetitive fed-batch cultivation mode offers the chance of
an immense down-time reduction, with multiple production
cycles performed within one cultivation run (Bergmann and
Trösch, 2016; Kuo et al., 2017; Zagrodnik and Łaniecki, 2017).
While in fed-batch processes a complete harvest of the fermenter
is performed at the end of cultivation, repetitive fed batch
processing differs by performing only a partial harvest (Martens
et al., 2011). Afterwards, the spared fermentation broth is diluted
with fresh media and a new induction cycle can be started right
away (Fricke et al., 2013). Repetitive fed-batch has proven to
be a suitable cultivation mode to improve many processes in
biotechnology and conducted studies and literature concerning
repetitive fed-batch cultivations up to date are given in Table 1.
However, studies on repetitive fed-batch using E. coli are scarce.

Repetitive fed-batch technology has shown promising effects
in recombinant protein production mainly using Pichia pastoris
(Ohya et al., 2005; Martens et al., 2011; Fricke et al., 2013). To our
knowledge, a repetitive fed-batch cultivation mode using E. coli
has only been implemented for pyruvate production (Zelić et al.,
2004). However, the potential of using E. coli in repetitive fed-
batch mode for recombinant protein production has not been
investigated yet.

In this study we performed repetitive fed-batch cultivations for
recombinant protein production using the production host E. coli
in combination with lactose induction. In previous studies, the
negative side effects of IPTG induction onto recombinant protein
production in long-term fermentations were shown, whereas
lactose was found to have a beneficial effect on productivity
(Malakar and Venkatesh, 2012; Dvorak et al., 2015; Kopp et al.,
2019a). We believe that no studies on repetitive fed-batch
cultivation with E. coli for recombinant protein production have
been published yet, either due to toxic effects of IPTG and the
consequent decreasing productivity over time (Dvorak et al.,
2015; Kopp et al., 2019b) or due to the absence of an induction
strategy comparable to the established yeast system (Fricke et al.,
2013). The goal of this study was to compare productivities and
space-time yields of different production modes for E. coli. The
assessment of changes in product quality and purity was not in the
scope of this study. For the first time, we were able to show that a
repetitive fed-batch cultivation mode using our developed lactose
induction strategy is able to outperform conventional fed-batches
and chemostat cultivations regarding the overall space-time yield.

MATERIALS AND METHODS

Strains
All cultivations were carried out with the strain E. coli
BL21(DE3), transformed with a pET30a+ plasmid carrying
the gene for the cytoplasmic protein (CP) and periplasmic
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TABLE 1 | Summary of studies about repetitive fed-batch cultivations.

Microorganism Product Process description Ref.

Crypthecodinium cohnii docosahexaenoic acid 4 cycles, 80% medium replacement Liu et al., 2020

Aspergillus terreus Lovastatin 3 cycles, 37% yield in crease Novak et al., 1997; Kumar et al., 2000

Gluconobacter oxydans Dihydroxyacetone 4 cycles, repeated fed-batch process
using two spatially separated vessels

Bauer et al., 2005

Kluyveromyces marxianus Ethanol 5 cycles, product yield constant Ozmihci and Kargi, 2007

Kitasatospora +-Poly-L-lysine 5 cycles Zhang et al., 2010

Yarrowia lipolytica Citric acid 10 cycles, productivity decrease over
cultivation time

Moeller et al., 2011

Pichia pastoris human serum albumin (rHSA) 4 cycles, 47% yield increase Ohya et al., 2005

Pichia pastoris Malaria vaccine candidates stable productivity for 2-8 cycles,
methanol induction

Martens et al., 2011; Fricke et al., 2013

Escherichia coli Pyruvate 5 cycles, qp increased fivefold Zelić et al., 2004

protein (PP), respectively. The cytoplasmic protein contained
no disulfide bonds, had a isoelectric point (PI) of 5.62 and a
protein size of 26.9 kDa. PI and protein size of the periplasmic
protein were 5.42 and 32 kDa, respectively and it contained a
single disulfide bond.

Media
All cultivations were conducted using a definedminimal medium
by DeLisa et al. (1999), supplemented with different amounts
of glucose and lactose. 0.02 g/L kanamycin was added to
prevent plasmid loss.

Bioreactor Setup
All cultivations were performed in aMinifors 2 bioreactor system
(max. working volume: 1 L; Infors HT, Bottmingen, Switzerland).
The cultivation offgas was analyzed in online mode using gas
sensors – IR for CO2 and ZrO2 based for Oxygen (Blue Sens Gas
analytics, Herten, Germany).

Process control and exponential feeding was established using
the process control system PIMS Lucullus (Securecell, Urdorf
Switzerland). pH was monitored using an EasyFerm Plus pH-
sensor (Hamilton, Reno, NV, United States) and was kept
constant at 6.7 throughout all cultivations and controlled using
a base only control (12.5% NH4OH), while acid (5% H3PO4)
was added manually, if necessary. Stirrer speed was set to
1400 rpm. Dissolved oxygen (dO2) was kept above 30% oxygen
saturation by supplying 2 vvm of a mixture of pressurized air
and pure oxygen. The dO2 was monitored using a Visiferm
fluorescence dissolved oxygen electrode (Hamilton, Reno, NV,
United States). Feed medium was added by using a PRECIFLOW
pump (Lambda, Laboratory Instruments, Baar, Switzerland).
Reactor weight and the depleted feed weight were monitored
to determine exact feeding rates using a feed forward control
as described here (Slouka et al., 2018). Harvest and fill-up
step were conducted using a peristaltic pump (Watson-Marlow,
Guntramsdorf, Austria).

Cultivation Procedure
The pre-culture and batch phase was equivalent for all performed
cultivations, followed by a single-cycle fed-batch, a two-cycle

fed-batch, a three-cycle fed-batch or a chemostat cultivation
(Supplementary Figure 1).

Pre-culture
Pre-culture was prepared using 2500 mL high yield flasks.
500 milliliter of DeLisa medium (DeLisa et al., 1999)
supplemented with 8.8 g/L glucose were inoculated with
1.5 mL of bacteria solution stored in cryos at −80◦C and
subsequently cultivated for 16 h at 230 rpm in an Infors HR
Multitron shaker (Infors, Bottmingen Switzerland) at 37◦C.

Batch Cultivation
Batch medium [DeLisa medium supplement with 20 g/L glucose
(DeLisa et al., 1999)] was inoculated with 1/10th of the reactor
volume using the previously described pre-culture. Batch process
was carried out at 37◦C and took approximately 6–7 h until sugar
was depleted, monitored via a drop in the CO2 signal or a pO2
peak, respectively.

Fed-Batch for Biomass Generation
After the batch phase, a non-induced fed-batch was carried out at
35◦C over-night using carbon-limited feeding approaches. Non-
induced fed-batch was carried out at a constant specific feeding
rate (=qs) of 0.25 g/g/h to achieve a biomass concentration
of approximately 35 g/L prior to induction (Supplementary
Figures 3a,b). For exponential feeding, DeLisa medium (DeLisa
et al., 1999) supplemented with 300 g/L glucose was used as feed
medium. Equation 1 was used for the feed controller to calculate
the feed-rate for maintaining a constant qs in feed forward mode
(Kopp et al., 2017;Wurm et al., 2017a). Dry cell weight of biomass
and feeding rates were determined as described here (Hausjell
et al., 2018; Slouka et al., 2018). In short, triplicate at-line optical
density (OD) measurements and a previously established OD to
biomass correlation were used for calculation of the exponential
feeding profile.

F(t) = qs ⇥ X(t) ⇥ rf

cf
. (1)

F, feed-rate (g/h); qs, specific glucose uptake rate (g/g/h); X(t),
biomass (g); rf, feed density (g/L); cf, feed concentration (g/L).
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Single-Cycle Fed-Batch
Prior to induction, temperature was decreased to 30◦C, to reduce
stress onto host cells and enhance soluble protein formation
(Wurm et al., 2016). The induction phase was conducted for
12 h using a glucose–lactose mixed feed system according to
a previous study (Slouka et al., 2018). For induction, DeLisa
medium (DeLisa et al., 1999) supplemented with 250 g/L glucose
and 141.2 g/L lactose, was fed at a constant specific feeding
rate of 0.25 g/g/h, as these mixing ratios were found to show
better results in previous cultivations (Wurm et al., 2017a). For
single-cycle fed-batch cultivations, the cultivation was terminated
after 12 h of induction and a full reactor harvest was conducted
(Figure 1 and Supplementary Figure 1a), whereas for two-cycle
and three-cycle fed-batches only a partial harvest was performed.

Two-Cycle Repetitive Fed-Batch
Prior to the repetitive fed-batch the process cycles preculture,
batch cultivation, fed-batch for biomass generation and the
single-cycle fed-batch were performed. However, after the
induction phase feeding was stopped and only a partial harvest
was conducted leaving half of the initial volume for the ongoing
process steps. In order to achieve the same biomass concentration
as before induction, biomass was determined at-line and diluted
to approximately 35 g/L using sterile DeLisa medium (DeLisa
et al., 1999). Dilution media contained no carbon source but
was double concentrated in salt and trace element concentration
to avoid nutrient limitation throughout the following repeated
cycles. Antibiotic was also added to the sterile medium to achieve
the initial start concentration. After the refilling the feeding was
started analogous to the single-cycle fed-batch for another 12 h.
Complete harvest was conducted after the second cycle.

Three-Cycle Repetitive Fed-Batch
Cultivation was carried out analog to the description in section
“Two-Cycle Repetitive Fed-Batch.” However, after the second
cycle was finished, again only a partial harvest was conducted.
The refilling step was conducted analog to the procedure for the
two-cycle repetitive fed-batch and the total fermentation broth
was harvested after cycle 3 was finished.

Chemostat Cultivation
After batch cultivation the continuous process mode was started.
Dilution rate was set to D = 0.1 h−1 and the volume in the reactor
was kept constant at 750 mL using an immersion tube adjusted to
the right height of the stirred liquid surface in the reactor which
was connected to a bleed pump (Watson-Marlow, Guntramsdorf,
Austria). Medium for chemostat cultivation was prepared as
described by DeLisa (DeLisa et al., 1999) supplemented with
50 g/L glucose and 25 g/L lactose. To keep the growth rates of
the performed repetitive fed-batch processes comparable to the
performed chemostat processes, only dilution rates of 0.1 h−1

were investigated within this study. The overall induction time
of the chemostat process was 90 h.

Ideal Chemostat
In order to test advantages of a continuous cultivation system, an
ideal chemostat was simulated.We calculated the ideal chemostat

with stable product formation at maximum specific productivity
as shown in Figures 2B,3B.

Sampling
Samples were taken at the end of the batch phase, after
the fed-batch phase and regularly during the induced cycles
of all cultivation modes. Biomass, optical density, viability
and metabolite accumulation were determined for every
sample taken. All samples taken during induction phase were
additionally analyzed for product formation.

Samples during repetitive fed-batch cultivations were taken
every three hours during the first and the third cycle, while the
second cycle was conducted over night and therefore only the
harvest sample was taken.

For the chemostat cultivation, samples were taken 3 h after
start of the induced chemostat and from then on twice a day.

Biomass, Viability, Substrate and Metabolite Analysis
Biomass was measured by optical density (OD600) and
gravimetrically by dry cell weight (DCW), while flow cytometry
analysis (FCM) was used for the determination of viability.

OD600 was measured in triplicates using a Genesys 20
photometer (Thermo Scientific, Waltham, MA, United States).
Since the linear range of the used photometer was between 0.2
and 0.8 (AU), samples were diluted with dH2O to stay within
the given range.

The DCW was determined by centrifugation (10,000 rpm for
10 min at 4◦C) of 1 mL of homogenous sample solution in a pre-
tared 2 mL Eppendorf-Safe-Lock Tube (Eppendorf, Hamburg,
Germany). After centrifugation, the supernatant was withdrawn,
frozen at −20◦C and used to determine sugar concentrations
by HPLC measurements. The pellet was re-suspended with
1 mL of 0.9% NaCl solution and centrifuged again (10,000 rpm
for 10 min at 4◦C). Afterward, the pellet was dried for at
least 48 h at 105◦C and DCW was evaluated gravimetrically
in triplicates.

For FCM, cultivation broth was diluted 1:100 with 0.9%
NaCl solution, stored at 4◦C and measured every day. The
measurement was performed using a Cyflow R� Cube 8 flow
cytometer (Sysmex, Görlitz, Germany) according to Langemann
et al. (2016) using DiBAC4(3) (bis-(1,3-dibutylbarbituricacid-
trimethineoxonol) and Rh414 dye. Both dyes were purchased
from AnaSpec (Fremont, CA, United States).

Sugar concentrations of feed and clarified fermentation
broth were measured via anion exchange HPLC (Thermo
Scientific, Waltham, MA, United States) using a Supelcogel-
column (Sigma-Aldrich, St. Louis, MO, United States) and a
refractive index detector (Agilent Technologies, Santa Clara,
CA, United States). The mobile phase was 0.1% H3PO4
with a constant flow rate of 0.5 mL/min, and the system
was run isocratically at 30◦C. Glucose, lactose, galactose,
and acetate accumulation was monitored using calibration
standards with a concentration of 1, 5, 10, 25, and 50 g/L
of each analyte. Chromatograms were analyzed using
Chromeleon Software (Thermo Scientific, Waltham, MA,
United States).
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FIGURE 1 | Comparison of cultivation durations of a fed-batch, a repetitive fed-batch consisting of two cycles, a repetitive fed-batch consisting of three cycles and a
chemostat process; effective production time vs. downtime for a 10 m3 fermenter scale is given for each process in percent relative to total process time; steam in
place (SIP), cleaning in place (CIP).

FIGURE 2 | Specific productivity qp (mg/g/h), viable cell concentration (=VCC) [%] and the harvested product titer for (A) a repetitive fed-batch cultivation and (B) a
chemostat process; a theoretical ideal chemostat was simulated at qp,max.; VCC was evaluated by flow cytometry analysis with an average standard deviation of 2%.
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Product Quantification
Product samples were taken after the start of the induction phase.
Five milliliter of cultivation broth were pipetted in a 50 mL
falcon tube and centrifuged for 10 min at 5000 rpm at 4◦C. The
supernatant was discarded and the pellet was frozen at −20◦C.
Afterward, the samples were disrupted by homogenization as
follows: The pellets were re-suspended in a buffer (0.1 M TRIS,
10 mM EDTA, pH 7.4) according to their dry cell weight to reach
a biomass of 10 g/L prior to homogenization. After suspending
the cells with a disperser (T10 basic ULTRA-TURRAX R�, Staufen,
Germany) they were treated with an EmusiflexC3 Homogenizer
(Avestin, Ottawa, ON, United States) at 1400 bar for 4 passages,
ensuring complete cell disruption. After homogenization the
broth was centrifuged (14,000 rpm, 10 min, 4◦C) and the
supernatant was used immediately for HPLC quantification.

For soluble titer measurements of the cytoplasmic target
protein, the supernatant derived after centrifugation of
homogenized broth was filtered and then quantified via UHPLC
(Thermo Scientific, Waltham, MA, USA). For quantification
of cytoplasmic soluble protein, a size exclusion (=SEC)
chromatography principle was applied, using a X-bridge column
(Waters, Milford, DE, United States). The mobile phase was
composed of 250 mM KCl and 50 mM of each KH2PO4 and
K2HPO4 dissolved in Ultrapure water as describe elsewhere
(Goyon et al., 2018). A constant flow rate of 0.5 mL/min was
applied with an isocratic elution at 25◦C for 18 min. BSA
standards (50, 140, 225, 320, 500, 1000, and 2000 mg/mL;
Sigma Aldrich, St. Louis, MO, United States) were used
for quantification.

For soluble titer measurements of the periplasmic protein,
clarified cultivation broth was analyzed by a BioResolve RP mAb
Polyphenyl column (Waters, Milford, DE, United States), using a
reversed-phase HPLC method published elsewhere (Kopp et al.,
2020). Product was quantified with a UV detector (Thermo
Fisher, Waltham, MA, United States) at 214 nm, using BSA as
standard reference.

Specific productivity was calculated as a rate between two
sampling points using Eq. 2:

qp =
ci+ci−1

2
xi+ xi−1

2
⇥ 1

ti − ti−1
. (2)

qp specific productivity (mg/g/h); ci, product concentration of
sample at timepoint i (mg/L); Xi, biomass concentration of
sample at timepoint i (g/L); ti, cultivation time at timepoint of
sample i (h).

The experimentally evaluated qp values were used for the
calculation of the real chemostat. For the simulated ideal
chemostat, stable product formation at maximum specific
productivity was assumed, once the maximum productivity was
reached, as shown in Figures 2B,3B.

Reproducibility
To test the reproducibility of the equipment described in section
“Bioreactor Setup,” triplicates of a fed-batch cultivation were
assessed by the same operator for one target protein. Found
errors were not higher than ±0.35 g/L for titer determination

[resulting in a maximum relative standard deviation (RSD)
below 10%]. Specific feeding rates were found to be within
a deviation of ± 0.03 g/g/h (max. RSD below 11%). Dry
cell weights deviations between replicates were below 3.8 g/L
(below a max. RSD of 9%). Set specific feeding rates require
at-line OD600 determination to estimate the biomass, before
the exponential feeding ramp is calculated. Variances (i.e.,
due to dilution) in OD600-signals thus may cause differences
in the resulting biomass and titer, as previously shown
(Slouka et al., 2018).

RESULTS AND DISCUSSION

Experimental Design
The potential of achieving high recombinant protein titers in
repetitive fed-batch cultivation mode was shown by Luttmann
et al. for P. pastoris as production host (Martens et al.,
2011). However, repetitive fed-batch technology for recombinant
protein production using E. coli has not been investigated yet.
As methanol was continuously fed throughout the repetitive
fed-batch studies with P. pastoris (Martens et al., 2011; Fricke
et al., 2013), we established a similar feeding strategy for
the inducer lactose and E. coli. Hence a feed-forward feeding
strategy according to Eq. 1 was applied throughout all cycles.
Furthermore, we tested whether a single-cycle fed batch, a
two-cycle repetitive fed-batch, a three-cycle repetitive fed-batch
or a chemostat is the cultivation mode of choice regarding
overall space-time yield. We tested the cultivation modes for
two different recombinant products: one produced in the
cytoplasm and one secreted to the periplasm. Establishing
such a process is of high interest for industry, to reduce
downtime. For the calculations within this study the duration
of the cycles and downtimes of the cultivation were chosen as
regularly applied in industry (Slouka et al., 2018). Downtime,
production time as well as calculation of total product titer are
depicted in Figure 1.

The fermenter scale for the calculations was assumed with
10 m3, which is a common scale for E. coli in industry. Thus,
time for steam in place (SIP) and cleaning in place (CIP) takes
3 and 6 h, respectively (communication with industrial partner).
Batch phase on glucose was 6 h (Slouka et al., 2018). Non-
induced fed-batch time was 8 h, to achieve a biomass of 35–
40 g/L before induction using a growth rate of µ = 0.1 h−1

(equivalent to a qs of 0.25 g/g/h using a biomass/substrate
yield of 0.4 g/g for calculation, Kopp et al., 2017). Previous
results indicate, that a qs of 0.25 g/g/h, a cultivation temperature
of 30◦C and an induction time of 10–12 h is beneficial for
the production of many recombinant proteins and was thus
chosen for this study (Wurm et al., 2016; Wurm et al., 2017b;
Slouka et al., 2018; Schein, 2019). As fed-batch cultivations were
conducted at qs = 0.25 g/g/h (equivalent to µ = 0.1 h−1), dilution
rates in chemostat cultivation were investigated for the same
µ = D = 0.1 h−1.

The final product titer for the different cultivations modes was
calculated according to Figure 1. Space-time yield was calculated
according to Equation 3 to allow comparison of the different
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process modes.

STY =
P

VHarvest ⇥ cProtein ⇥ 24
VReactor ⇥ t

. (3)

STY, space-time yield (g/L/day); 6 VHarvest, sum of harvested
volume (L); cProtein, protein titer measured by HPLC analysis
(g/L); VReactor, Reactor volume (L); t, process time (h).

Cultivation Strategies and Their Results
for Cytoplasmic Protein Formation
Mixed feed approaches, containing glucose and lactose, were
found to enhance soluble protein formation (Wurm et al., 2016,
2017a,b). This is in accordance with our results obtained for
the single-cycle fed-batch cultivation for the cytoplasmic protein,
yielding a specific productivity of 29.12 mg/g/h. Other studies
indicate stable viability throughout fed-batch cultivation using
lactose induction at given feeding rates (Kopp et al., 2017), which
we also confirmed in this study (95.1% viability at harvest).

Throughout the two-cycle repetitive fed-batch cultivation a
minor decrease in productivity from 29.12 to 25.67 mg/g/h
could be observed. Even though productivity in cycle two
decreased, the total titer obtained per liter reactor volume
at harvest increased majorly (Table 2). As viability was also
high with 95.4% throughout the second cycle, the reduction
in cell specific productivity might be a result of metabolic
burden. Kanamycin concentration was adapted to the starting
concentration of 0.02 g/L before the start of each repeated cycle
to avoid possible plasmid loss.

Throughout the third cycle, a rapid decrease of qp to
19.51 mg/g/h was found. Viable cell concentration decreased
by 30%, which is most likely the cause for the high decrease
in productivity. Upon producing high amounts of recombinant
protein the host cell needs to be divided into a physiological
compartment and a recombinant compartment as described
by Neubauer et al. (2003). High titers as needed to make
recombinant protein formation industrially feasible can also be
toxic for host cells. As accumulated recombinant protein can
effect ATP and NADH balances negatively this might lead to a
decrease in physiological functions of the cell and can potentially
hinder cell doubling (Rugbjerg and Sommer, 2019). Even though
the specific productivity declined over time, the harvested titers of
cycle three (Figure 2A) still increased significantly, compared to
the harvest of the previous cycles. As viability decreased majorly
throughout the third cycle, no further cycle was conducted.

For the chemostat cultivation, product formation started after
an adaption phase of 5 h post induction (Figure 2B). Specific
productivity further increased until it peaked after 18 h of
induction at a qp of 10.4 mg/g/h. However, ongoing sampling
points determined the product formation to decrease rapidly and
to terminate after 50 h of induction. No decrease in viability was
observed and kanamycin was continuously fed to the system to
avoid plasmid loss. Still, reduced plasmid copy numbers might
occur and thus could be an explanation for the decreasing
productivity (Sieben et al., 2016). Recent results, however,
show that the productivity can fluctuate in lactose induced
chemostat with BL21(DE3) as a result of genotypic or phenotypic TA
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FIGURE 3 | Specific productivity qp (mg/g/h), viable cell concentration (=VCC) [%] and the titer available for harvest plotted for (A) repetitive fed-batch cultivation
separated in their number of cycles; and (B) a chemostat process plotted as a function of induction time; theoretical ideal chemostat was simulated at qp,max.; as
extracellular protein was found for cultivations of the periplasmic proteins, the secreted protein is shown in dotted lines for the harvested titer; VCC was evaluated by
flow cytometry analysis with an average standard deviation of 2%.

diversification (Kittler et al., 2020). Hence we believe effects
causing the decrease in productivity derive from subpopulation
diversification. Shifts in the transcriptome in combination with
point mutations (Rugbjerg and Sommer, 2019), are known to
cause the formation of non-producing subpopulations (Basan,
2018). Recent publications (Schreiber et al., 2016; Binder et al.,
2017) showed that carbon limited feeding increases probability
of phenotypic subpopulation diversification. These effects are
described to increase with generation time (Rugbjerg et al., 2018).
As cells in chemostat processes are cultivated for longer time-
spans than fed-batch and repeated fed-batch processes, long-term
cultures face a higher chance of being affected (Buerger et al.,
2019). We believe that a fitter subpopulation, having altered
levels of transcription, is avoiding the burden of production. As
recombinant protein expression is referred to cause decreasing
biomass yields, a non-productive subpopulation, showing no
decrease in biomass yield thus could overgrow the initial
population. Hence we believe that the productive subpopulation
is washed-out over the time-course of the induction phase and a
non-productive subpopulation takes over, explaining the decline
in productivity (Peebo and Neubauer, 2018; Kopp et al., 2019b).

In order to test the applicability of continuous cultivations
for industry, a theoretical “ideal” chemostat with constant
productivity at maximum specific productivity was simulated.
However, the maximum specific productivity during the
chemostat cultivation is significantly lower compared to the
repetitive fed-batch cultivation (2.9 times lower compared to
productivity of cycle two, Figures 2A,B). Furthermore, higher
biomass concentrations and thus higher volumetric titers can be
achieved in fed-batch and repetitive fed-batch mode. As biomass
yield is decreasing upon production of recombinant proteins, this
can potentially lead to washout (Lis et al., 2019). Hence, trying
to achieve “fed-batch like” biomass concentrations in chemostat
cultivation is highly difficult. Our results are in favor of fed-batch
and repetitive fed-batch cultivation for the cytoplasmic target

protein and will be compared in section “Targeting Maximum
Space-Time Yield: The Cultivation Mode to Choose” regarding
their space-time yield.

Cultivation Strategies and Their Results
for Periplasmic Protein Formation
In order to test and verify the effects monitored for the
cytoplasmic protein, we investigated the same cultivation
techniques for periplasmic protein production (Figure 3
and Table 3).

The measured cell specific productivity in the single-cycle
fed-batch was qp = 5.47 mg/g/h, which was significantly
lower compared to the cytoplasmic product. Production of
the periplasmic protein started only 6 h post induction and
low uptake rates of the inducer lactose potentially explain the
low specific productivity during the single-cycle fed-batch. As
production of periplasmic products depends on several factors
(i.e., translocation to the periplasm), generally lower specific
productivity can be expected, compared to protein expression
in the cytoplasm (Kleiner-Grote et al., 2018; Karyolaimos et al.,
2019). No decrease in viability could be observed throughout
cycle one, as for the cytoplasmic product.

Cell specific productivity in the two-cycle repeated fed-
batch cultivation was much higher compared to the first cycle
(qp = 14.44 mg/g/h). Even though viability did not decrease
in cycle two, leaky product (7.7% of total product) could be
detected in the supernatant. This behavior has been observed
for periplasmic proteins in literature before (Chen et al., 2014;
Hausjell et al., 2020).

For repeated fed-batch technology carried out for three
cycles, a minor decrease in productivity was found compared
to cycle two, resulting in a qp of 12.96 mg/g/h. The uptake
rate of the inducer lactose increased during cycle two and three
(Supplementary Figure 4b). Thus, we hypothesize that longer
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14 timespans of full lactose induction were the reason for the

increase in specific productivity compared to cycle one. No cell
death was monitored throughout cycle three, however higher
amounts of leakiness were found (28.1% of total product). No
fourth cycle was conducted, in order to make repetitive fed-batch
cultivations for both target proteins comparable in their number
of cycles. Moreover, levels of leakiness increased over the time-
span of the cultivation, which was a further reason to terminate
the process after cycle three.

For the chemostat cultivation no product formation was
found for the first 8 h of induction. Product formation started
after 8 h of induction and increased until reaching a peak of
5.75 mg/g/h after 20–25 h. The timespan until full induction was
comparable for repetitive fed batch cultivations and chemostat
cultivations (Figure 3). Therefore, it seems like the expression
of the periplasmic protein required an adaption time after the
start of induction, to establish protein translocation toward the
periplasm (Kopp et al., 2017). Throughout chemostat cultivation
maximum specific productivity was lower compared to repetitive
fed-batch cultivation by a factor of 2.9 (which is in accordance
with results obtained for the cytoplasmic product). However, we
could not monitor any secretion of periplasmic protein during
continuous cultivation. Chemostat cultivation was terminated
after 90 h of induction as productivity was below the LOD
for both products.

Again, a theoretical ideal chemostat was simulated, exhibiting
time-independent productivity once cell specific productivity
reached qp,max (Figure 3B). Our results favor repetitive fed-batch
cultivation mode for the periplasmic target protein over single
cycle fed-batch and chemostat cultivations regarding the specific
productivity. Achieved space-time yields of each cultivation
mode will be compared in section “Targeting Maximum Space-
Time Yield: The Cultivation Mode to Choose.”

Targeting Maximum Space-Time Yield:
The Cultivation Mode to Choose
The goal of this study was to determine the cultivation strategy
giving the highest space-time yield with recombinant E. coli.
Thus, we calculated the overall space-time yield in gproduct/
Lreactor/day, including “downtimes” for each cultivation mode.
Results are shown in Figure 4 and Supplementary Figure 2 for
recombinant cytoplasmic and periplasmic protein production.

In fed-batch cultivations, cleaning and set-up take up a
severe amount of time. Generally, this leads to a much shorter
production time in comparison to the total process time. For
repetitive fed-batch cultivations and continuous cultivations
these downtimes can be reduced compared to single-cycle fed
batches (Figure 1). Even though fed-batch cultivations usually
give a high qp, cultivation modes with a lower qp in combination
with a lower downtime might still result in an increase of the
overall space-time yield.

For repetitive fed-batch cultivations and the cytoplasmic
target protein, the highest space-time yield was found for a two-
cycle process (Figure 4A). Even though qp declined during cycles
two and three (Figure 2A), the space-time yield for all repetitive
fed batch cultivations was superior to a single-cycle fed batch.
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TABLE 4 | Comparing substrate per product yield for the production of a cytoplasmic protein; each cycle is investigated separately for fed-batch and repeated fed-batch
cultivation; chemostat cultivation is calculated as a rate every 12 h (i.e., one cycle).

induction time (h) 12 24 36 48 60 72 84

cytoplasmic protein YP/S (mg/g)

Fed-batch (1 cycle) 86.8 ± 4.3

Repeated fed-batch (2 cycles) 84.6 ± 4.2

Repeated fed-batch (3 cycles) 77.9 ± 3.4

Chemostat cultivation 241.7 ± 12.1 280.8 ± 14.0 176.3 ± 8.8 11.6 ± 0.6 0 0 0

Theroretical "ideal" chemostat 241.7 ± 12.1 280.8 ± 14.0 280.8 ± 14.0 280.8 ± 14.0 280.8 ± 14.0 280.8 ± 14.0 280.8 ± 14.0

TABLE 5 | Comparing substrate per product yield in mg/g for the production of a periplasmic protein; each cycle is investigated separately for fed-batch and repeated
fed-batch cultivation; chemostat cultivation is calculated as a rate every 12 h (i.e., one cycle).

induction time (h) 12 24 36 48 60 72 84

periplasmic protein YP/S (mg/g)

Fed-batch (1 cycle) 24.5 ± 0.9

Repeated fed-batch (2 cycles) 135.4 ± 4.8

Repeated fed-batch (3 cycles) 133.5 ± 4.7

Chemostat culitvation 94.9 ± 3.3 133.6 ± 4.7 99.3 ± 3.5 58.4 ± 2.1 32.3 ± 1.1 7.8 ± 1.2 5.2 ± 0.8

Theroretical "ideal" chemostat 94.9 ± 3.3 133.6 ± 4.7 133.6 ± 4.7 133.6 ± 4.7 133.6 ± 4.7 133.6 ± 4.7 133.6 ± 4.7

FIGURE 4 | Comparison of the overall space-time yield of each cultivation mode for (A) cytoplasmic protein expression and (B) periplasmic protein expression in
g/L/day; percentages are calculated relatively to the highest space-time yield achieved for each target protein.

For processes conducted with the periplasmic target protein,
qp in cycle two and three was higher than productivity in cycle
one (Figure 3A). Hence, it was obvious that repetitive fed-batch
would be superior to a single-cycle cultivation regarding space-
time yield. Even though the total space-time yield (Figure 4B)
differed only by 2.2% when harvesting after cycle two or cycle
three for the periplasmic protein, we want to highlight that by
applying three induction cycles, total downtime can be reduced
compared to the two-cycle repeated fed-batch.

A reduction of downtimes leads to reduced costs for chemicals
and energy needed throughout SIP and CIP. Taking into account
that CO2-taxes for industry will potentially be realized in near
future, a reduction of energy consummation could also lead to
higher profits (Kettner et al., 2018).

Continuous processes are generally described to lead to higher
space-time yields (Lee et al., 2015). However, the monitored

space-time yield for the chemostat cultivations within this
study was beneath 1/5th of the space-time yield received by
the repetitive fed-batch cultivations, independent of the target
product (Figures 4A,B). As (i) cell specific productivity and (ii)
set biomass concentrations are lower in chemostat cultivation
compared to repetitive fed-batch cultivation, this implies an
overall reduction of space-time yield for chemostat processes.
Product per Substrate Yield at the beginning of the continuous
cultivation might compete with repetitive fed-batch cultivations
(Tables 4, 5, and Supplementary Table 1). However, a severe
decrease in productivity over time was monitored for chemostat
cultivations, as microbial chemostat cultivations are known to
result in fluctuating productivity (Peebo and Neubauer, 2018;
Kopp et al., 2019a).

In order to simulate a steady state upon recombinant protein
in chemostat cultivation, a stable productivity at qp,max. was
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assumed for more than 6 residence times. The simulated
space-time yield however was not superior compared to the
repetitive fed batch cultivation. This is because qp of chemostat
cultivations was significantly lower compared to repeated fed-
batch cultivations (Figures 2, 3). Hence, in this study chemostat
cultivation led to a lower productivity and a lower space-time
yield andwould still need further investigation to achieve the high
demands needed for recombinant protein formation.

CONCLUSION

The goal of this study was to find out, whether a single-cycle
fed-batch, a repetitive fed-batch consisting of two cycles or three
cycles or a chemostat is the most suitable cultivation technique
to achieve the highest space-time yield of soluble recombinant
protein within E. coli BL21 (DE3). The impact of the cultivation
technology on soluble protein formation was investigated for a
cytoplasmic and a periplasmic model protein.

The results of this study show that a repetitive fed-batch
approach leads to higher space-time yields compared to single-
cycle fed-batches and chemostat cultures. For the cytoplasmic
protein a two-cycle repetitive fed-batch was the most efficient
cultivation mode, whereas for the periplasmic product a three-
cycle repetitive fed-batch was found to be the most efficient
cultivation method. Chemostat cultivations suffered from a low
maximum specific productivity, which further decreased over
time. Therefore, overall product throughput of the chemostat
cultivations was much lower compared to other cultivation
modes. Furthermore, a single-cycle fed batch was always
outperformed by repeated fed-batch independent of the target
product and number of applied cycles.

Production processes for recombinant proteins in large-scale
are cost-intensive. Here, we were able to show that a repetitive

fed-batch cultivation leads to a higher space-time yield compared
to a single-cycle fed-batch or a chemostat process. We can
promote the developed mixed feeding approach in combination
with the repetitive fed-batch cultivation mode, as it leads toward
a more economic fingerprint and an increased space-time yield.
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Continuous cultivation with Escherichia coli has several benefits compared to classical
fed-batch cultivation. The economic benefits would be a stable process, which leads to
time independent quality of the product, and hence ease the downstream process.
However, continuous biomanufacturing with E. coli is known to exhibit a drop of
productivity after about 4–5 days of cultivation depending on dilution rate. These
cultivations are generally performed on glucose, being the favorite carbon source for
E. coli and used in combination with isopropyl b-D-1 thiogalactopyranoside (IPTG) for
induction. In recent works, harsh induction with IPTG was changed to softer induction
using lactose for T7-based plasmids, with the result of reducing the metabolic stress and
tunability of productivity. These mixed feed systems based on glucose and lactose result
in high amounts of correctly folded protein. In this study we used different mixed feed
systems with glucose/lactose and glycerol/lactose to investigate productivity of E. coli
based chemostats. We tested different strains producing three model proteins, with the
final aim of a stable long-time protein expression. While glucose fed chemostats showed
the well-known drop in productivity after a certain process time, glycerol fed cultivations
recovered productivity after about 150 h of induction, which corresponds to around 30
generation times. We want to further highlight that the cellular response upon galactose
utilization in E. coli BL21(DE3), might be causing fluctuating productivity, as galactose
is referred to be a weak inducer. This “Lazarus” phenomenon has not been described
in literature before and may enable a stabilization of continuous cultivation with E. coli
using different carbon sources.

Keywords: E. coli, recombinant protein production, continuous biomanufacturing, mixed-feeding, productivity
recovery

Frontiers in Bioengineering and Biotechnology | www.frontiersin.org 1 August 2020 | Volume 8 | Article 993



  Scientific Publications 
 

 
 

 81 

  

Kittler et al. Lazarus E. coli

INTRODUCTION

The gram-negative bacterium Escherichia coli is the expression
host of choice to produce 30% to 40% of recombinant enzymes
[recombinant protein production (RPP)] in industry (Walsh,
2010; Gupta and Shukla, 2016). This organism has fast replication
rates and can be cultivated on comparatively cheap media (DeLisa
et al., 1999) and has high intracellular product titers. These
benefits often outweigh the numerous purification steps (Berlec
and Strukelj, 2013; Gupta and Shukla, 2016) and the missing
glycosylation pattern on the recombinant product (Spadiut et al.,
2014; Baeshen et al., 2015). The strain BL21(DE3) generated
by Studier and Moffatt (1986) is often used in industrial scale,
because of showing low acetate formation, high replication rates
as an effect of the integrated T7-polymerase (Steen et al., 1986;
Studier and Moffatt, 1986; Studier et al., 1990; Dubendorff and
Studier, 1991; Neubauer and Hofmann, 1994; Lyakhov et al.,
1998), as well as the possibility of protein secretion into the
fermentation broth due to a type 2 secretion pathway (Jeong
et al., 2009, 2015; Tseng et al., 2009). The lac operon is still
one of the most favored promotors in pET-expression-systems
(Dubendorff and Studier, 1991; Marbach and Bettenbrock,
2012; Wurm et al., 2016), therefore it is generally used for
insertion of the gene of interest. Induction can be performed
by addition of lactose or a structural analog, e.g., the well-
known inducer isopropyl b-D-1 thiogalactopyranoside (IPTG)
(Burstein et al., 1965; Neubauer and Hofmann, 1994; Wurm
et al., 2016). IPTG is known to bind directly to the lacI repressor
protein after uptake, whereas lactose needs to be transformed
to allolactose to cause the blockage of the repressor protein
(Burstein et al., 1965). Still, these “low-cost” products in E. coli
with the pET system, are expensive in their making (Jia and
Jeon, 2016), as one gram of IPTG can exceed the price of one
gram of 900 gold. For economic reasons and for reduction
of metabolic/product burden (Malakar and Venkatesh, 2012),
lactose, generally regarded as waste product, can be used for
induction (Wurm et al., 2016, 2018; Wurm et al., 2017a). Apart
from induction mechanism, a replacement of the primary carbon
source is also frequently discussed. The most favored carbon
source in E. coli cultivations has always been glucose (Postma
et al., 1993; Ronimus and Morgan, 2003; Deutscher et al., 2006).
However, compared to other carbon sources glucose is quite
expensive and causes diauxic growth upon lactose induction
(Monod, 1949; Loomis and Magasanik, 1967). Glycerol has
shown quite promising results in terms of biomass/substrate
yield in E. coli cultivations (Blommel et al., 2007). In addition,
mixtures of glucose, glycerol and lactose have shown good results
for diverse products gained via autoinduction systems (Monod,
1949; Viitanen et al., 2003; Blommel et al., 2007). Recently, we
presented that glycerol used as primary carbon source for E. coli
cultivations performed equally well during biomass production
as glucose, but even increased the specific product titer in fed
batches (Kopp et al., 2017).

Most processes today rely on fed batch mode, which are
state-of-the art in industry. They can be highly affected by
different process parameters, like pH and T, physiological feeding
(adaption of the specific substrate uptake rate) and change

in induction agent. However, the time dependence of product
quality is still a major drawback using this cultivation technique.
This makes determination of the correct harvest time point
often challenging, as the intracellular stress often leads to very
quick lysis of the cells and product degradation. This results in
variations in the downstream purification process. Continuous
biomanufacturing is considered to increase product quality and
therefore to a facilitation of the downstream process. However,
up to now, only one stable microbial industrial chemostat process
was established for Saccharomyces cerevisiae in the 90’s for
production of insulin (Diers et al., 1991). A drop of productivity
after a certain process time and the lower time-space yield hinder
continuous upstream using microbial hosts from being applied in
industry (Peebo and Neubauer, 2018; Kopp et al., 2019b).

Several efforts have been made to enable continuous processes
in E. coli (Kopp et al., 2019a), but we are still far away
from application of such systems. Long-term cultivations with
E. coli showed enhanced cell burden using IPTG induction
and clearly favored feeding of the disaccharide lactose (Dvorak
et al., 2015). From an engineering point of view, higher growth
rates seem to be beneficial for RPP as shown in chemostat-
and fed-batch experiments (Vaiphei et al., 2009; Slouka et al.,
2019). Mutations and plasmid loss are expected during long
time cultivation of E. coli (Weikert et al., 1997; Sieben et al.,
2016; Peebo and Neubauer, 2018). However, constant supply
of antibiotics is believed to prevent plasmid loss in continuous
cultures (Sieben et al., 2016). Change in gene regulation of the
transcription upon long time cultivation are often reported. The
lac operon resulting in multistability of induction is well known
and reported in literature (Ozbudak et al., 2004). Fluctuations in
plasmid number, lac-repressor and cAMP levels may drastically
influence RPP during long time cultivation. High concentrations
of metabolites, like galactose upon feeding of lactose, are known
to affect b-galactosidase concentrations (Llanes and McFall, 1969;
Portaccio et al., 1998). Other approaches try to integrate the
gene of interest into the genome to receive stable production in
combination with strong inducible promotors (Striedner et al.,
2010). Reactor design is a further screw to overcome stability
issues in long-term RPP with E. coli, as recently published
by Schmideder and Weuster-Botz (2017) who implemented a
cascaded system, where two stirred tank reactors are operated in
parallel at different conditions.

In this contribution, we present the results of chemostat
cultures using mixed feed systems first applied by Wurm
et al. (2016, 2018). The goal was to accomplish a continuous
process with stable productivity outperforming the frequently
used fed-batch. We tested mixed feeds with glucose/lactose
and glycerol/lactose in chemostat for three model proteins
and compared the performance to state-of-the-art fed batches
induced with IPTG. In contrast to cultivations using BL21(DE3)
with glucose/lactose, glycerol/lactose-based cultivations showed
a recovery of productivity at elevated induction time. Alterations
regarding the choice of carbon source thus might be a key
driver to possible enable stable productivity on a long-term basis.
As an already lost productivity is recovered, we annotated this
resurrection of productivity with the Christian term of “Lazarus”
and the corresponding “Lazarus effect.”
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MATERIALS AND METHODS

Strains
Cultivations were carried out with the strain E. coli Bl21(DE3)
using three different model proteins. All three protein sequences
were cloned in a pET vectors, using pET21a+ for green
fluorescent protein (GFP), and pET28a for mCherry protein
(mCherry) and Blitzenblue (BBlue). mCherry and BBlue were
thankfully received from Prof. Maurer at FH Campus Wien. All
cultures were kept at −80◦C in 25% glycerol cryo stocks. The
extracted pET21a+ plasmid encoding for GFP was extracted and
electroporated into an HMS174(DE3) strain (Novagen, Merck,
Darmstadt, Germany).

Cultivation and Process Modes
Cultivations were executed in a Minifors 2 bioreactor system
(max. working volume: 1 L; Infors HT, Bottmingen, Switzerland).
All cultivations were carried out using a defined minimal medium
referred to DeLisa et al. (1999). Media had the same composition
with different amounts of glycerol and glucose. Details on pre-
culture, batch, fed batch and chemostat cultivation are given in
Table 1. Induction was performed according to Table 1. The ratio
of glycerol to lactose was calculated based on recent works in
fed-batch regarding maximal lactose uptake versus applied qs,C
(Wurm et al., 2016). Fed batch was always cultivated to have
a standard for protein production with similar specific growth
rate as applied in the chemostat. The cultivation offgas flow was
analyzed online using gas sensors – IR for CO2 and ZrO2 based
for Oxygen (BlueSens Gas analytics, Herten, Germany). Process
control and feeding was established using the process control
system PIMS Lucullus (Securecell, Urdorf, Switzerland).

We used glucose or glycerol as carbon source and 0.5 mM
IPTG for induction. During all induction phases pH is kept
constant at 6.7 and temperature at 30◦C. pH was controlled with
base only (12.5% NH4OH), while acid (10% H3PO4) was added
manually, if necessary. The pH was monitored using a pH-sensor
EasyFerm Plus (Hamilton, Reno, NV, United States). Aeration

TABLE 1 | C source and induction for the different cultivations.

Glucose [g/L] Glycerol [g/L]

Pre-culture media 8 8

Batch media 20 20

Feed Glucose
[g/L]

Glycerol
[g/L]

Inducer Inducer
concentration

GFP chemostat mode 1 50 Lactose 25 g/L

GFP chemostat mode 2 50 Lactose 25 g/L

GFP Fed-batch mode 300 IPTG 0.5 mM

mCherry chemostat mode 50 Lactose 25 g/L

mCherry Fed-batch mode 300 IPTG 0.5 mM

BBlue chemostat mode 50 Lactose 25 g/L

BBlue Fed-batch mode 400 IPTG 0.5 mM

HMS GFP chemostat 1 50 Lactose 25 g/L

HMS GFP chemostat 2 50 Lactose 25 g/L

was carried out using a mixture of pressurized air and pure
oxygen at about 2 vvm to keep dissolved oxygen (dO2) always
higher than 30 %. The dissolved oxygen was monitored using a
fluorescence dissolved oxygen electrode Visiferm DO (Hamilton,
Reno, NV, United States).

For fed batches static feed forward qs-controls were performed
during induction phase. Exponential feed was established
according to Eq. 1, to keep qs,C constant (Slouka et al., 2016;
Wurm et al., 2016):

F (t) = qS,C ⇤ X (t) ⇤ rf

Cf
(1)

With F being the feedrate [g/h], qs,C the specific glycerol
uptake rate [g/g/h], X(t) the absolute biomass [g], rF the feed
density [g/L], and cF the feed concentration [g/L], respectively.
For applied control strategies adaption of the qs,C during the
induction time was performed based on Eq. 1. Chemostat
cultivations were set manually to a dilution rate of D = 0.1 h−1

for all performed runs.

Process Analytics
For fed batch, samples were always taken after inoculation, upon
end of the batch-phase and after the non-induced-fed batch was
finished. During the induction period, samples were taken in
a maximum of 120 min intervals and analyzed subsequently.
Details on the process analytics can be found elsewhere (Kopp
et al., 2018; Slouka et al., 2018). For chemostat cultivations
samples were collected after batch and afterward once or, if
necessary, twice a day.

Product Analytics
Preparation
A 5 mL fermentation broth samples were centrifuged at 4800 rpm
at 4◦C for 10 min. The supernatant was discarded, and the pellet
was resuspended to a DCW of about 4 g/L in lysis buffer (100 mM
Tris, 10 mM EDTA at pH = 7.4). Afterward the sample was
homogenized using a Gea PandaPlus homogenizer (Gea, AG,
Germany) at 1500 bar for 10 passages. After centrifugation at
10000 rpm and 4◦C for 10 min 10 ml of the supernatant were
kept for analysis of the soluble protein. Soluble protein was stored
in 4◦C. The resulting IB pellet was washed twice with ultrapure
water. Aliquoted of pellets à 2 mL broth were centrifuged again
(14000 rpm, 10 min 4◦C) and finally stored at −20◦C.

Inclusion Body Titer
Soluble protein samples were filtered (0.2 µm mesh) and
directly used in the HPLC. Inclusion Body (IB) pellet
samples were prepared according to Kopp et al. (2018), and
subsequently solubilized using following buffer: 7.5 M guanidine
hydrochloride, 62 mM Tris at pH = 8 and 125 mM DTT was
added right before use. The filtered IB samples were quantified
by HPLC analysis (UltiMate 3000; Thermo Fisher, Waltham,
MA, United States). The used column was manufactured by
Waters (BioResolve RPmab) and was designed for monoclonal
antibody measurements (Waters Corporation, Milford, MA,
United States). The product was quantified with an UV detector
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(Thermo Fisher, Waltham, MA, United States) at 280 nm,
respectively. Mobile phase was composed of water (ultrapure)
(eluent A) and acetonitrile (eluent B) both supplemented with
0.1% (v/v) trifluoride acetic acid. Details on the method are given
in Kopp et al. (2020). For quantification of soluble protein, a size
exclusion (=SEC) chromatography principle was applied, using
a X-bridge column (Waters Corporation, ıMilford, MA, United
States). The mobile phase was composed of 250 mM KCl and
50 mM of each KH2PO4 and K2HPO4 dissolved in Ultrapure
water as described elsewhere (Goyon et al., 2018). A constant
flow rate of 0.5 mL/min was applied with an isocratic elution at
25◦C for 18 min. BSA standards (50, 140, 225, 320, 500, 1000,
and 2000 mg/mL; Sigma Aldrich, St. Louis, MO, United States)
were used for quantification.

RESULTS

Fed batch cultivations inducedwith IPTG are the golden standard
for RPP with E. coli. To be able to compete with fed batches,
the specific productivity in chemostat cultivations must be
maximized and the duration of the productive phase prolonged,
so that time space yields are significantly increased.We tested two
mixed feed systems, glucose/lactose, and glycerol/lactose, to find
conditions for stable protein expression in E. coli chemostats.

Fed-Batch and Chemostats Using
Bl21(DE3) Expressing GFP as Model
Protein
First, we compared three different cultivation modes using GFP
as model protein. As IPTG is often referred to as toxic to the
cells after a certain induction time, we used lactose as mild
inducer in the first run (Dvorak et al., 2015). A mixed feed
consisting of glucose and lactose (Table 1) was used for the first
chemostat (Figure 1). To ease the comparability between fed
batch and chemostat cultivation we aimed for similar specific
substrate uptake rates – qs,C, which resulted in a dilution rate
for the chemostats of 0.1 h−1. Respective process parameters are
presented in Table 2.

While the fed batch gave the highest product titers after
10 h of induction, the glucose/lactose chemostat system had
the maximum product titer at 20 h. In the glucose chemostat,
productivity dropped below the limit of quantification (LoQ) of
the HPLC method after around 3 days of cultivation, including
batch of 6 h, and did not recover at later induction times. This
phenomenon is well known for other strains cultivated with
glucose as sole carbon source in chemostat mode (Peebo and
Neubauer, 2018). Based on our recent results in fed batch using
glycerol as carbon source (Kopp et al., 2017), we cultivated E. coli
producing GFP with a mixed feed of glycerol/lactose. Highest
specific titer (calculated by dividing titer through biomass),
was found in the beginning of the glucose/lactose chemostat
(Figure 1). There are high differences in terms of productivity
between the three cultivations (Table 2).

In general, inclusion bodies and soluble protein were
produced simultaneously during cultivations of E. coli expressing
GFP (Wurm et al., 2018). For easy comparison, we calculated

the total productivity as a sum of IBs and soluble protein.
Productivity and titer on glycerol were far lower in the
beginning in comparison to the glucose/lactose fed chemostat
(compare axes in Figure 1). In contrast to the glucose/lactose
chemostat a recovery in productivity appeared at about 150 h
of induction time. This renewed productivity dropped again at
about 250 h of induction.

Chemostat Cultivation Using E. coli
HMS174 Expressing GFP
Escherichia coli Bl21(DE3) lacks in a functioning Leloir pathway
implementing lacking galactose uptake (Daegelen et al., 2009).
To investigate effects of galactose metabolism, a recombinant
E. coliHSM174(DE3) strain with a working galactose metabolism
was examined. E. coliHSM174(DE3) was cultivated with glycerol
and glucose as primary carbon source and lactose as inducer
in chemostat cultures (Table 3). In Figure 2A, the chemostat
cultivation with glucose/lactose is shown. HMS strain behaves
like Bl21 with initial high productivity of GFP expressed in
similar specific titers. Biomass concentration was in overall
higher using this strain, as galactose served as additional carbon
source. The glycerol based chemostat, given in Figure 2B,
showed also comparable productivity after induction to Bl21,
however, no recovery after 100 h of induction was observed using
HMS174(DE3) strain.

Chemostat Cultivation Using Bl21(DE3)
Expressing mCherry and Blitzenblue as
Model Proteins
To check the effects of glycerol/lactose chemostats, we produced
two further fluorescent model proteins with this respective
system and compared them to glucose/IPTG fed batches using
the strain Bl21(DE3). In Table 4 results for cultivation using
E. coli expressing mCherry are presented. Higher productivity
and specific titer were found for the fed batch cultivations.
However, induction with IPTG and product titers up to
18 g/L imposed stress to cells, obvious in the low substrate
to biomass yield.

A similar result was obtained for cultivation for E. coli
recombinantly expressing BBlue (Table 4). The magnitude of
specific titer and qp,max differed, but the trends were comparable.
The substrate to biomass yield was even lower than for mCherry
indicating that BBlue even imposed more stress to the host in
the fed batch mode.

Chemostats for mCherry and BBlue resulted in less cellular
stress compared to the fed batch cultivation. In Figure 3 DCW,
specific titer and IB fraction over time are plotted for mCherry
(Figure 3A) and BBlue (Figure 3B). mCherry produced a high
amount of IBs in the beginning of the chemostat upon the first
decrease in productivity during the cultivation. The recovery of
productivity at about 200 h was exclusively soluble protein with
no IB fraction anymore. BBlue showed no IB expression in fed
batch nor in the chemostat and a high specific titer at the recovery
at 200 h of induction time. This effect was highly different to
the GFP glycerol run. While a high IB ratio was present in the
GFP glycerol chemostat, the other E. coli expressing mCherry
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FIGURE 1 | Comparison between (A) fed batch, (B) glucose/lactose fed chemostat, and (C) glycerol/lactose chemostat for production of recombinant GFP using
Bl21(DE3).

and BBlue produced mainly soluble protein in the recovery
phase. During intermediate time between 100 and 200 h biomass
concentration was generally higher (also indicated by higher yield
coefficients), so metabolism was most likely regulated toward
anabolism of host cell proteins. During the recovery, DCW
started to drop again because of recombinant protein expression.
In contrast to GFP and BBlue, mCherry had a high overall specific
titer within the entire cultivation. Elucidating this metabolic shift
in regulation may be a key parameter for maintaining constant
productivity in chemostat cultures.

DISCUSSION

We tested the effects on productivity using mixed feed systems
with glucose/lactose and glycerol/lactose in chemostats and
compared them to classical fed batches with similar specific
uptake rates. In the performed chemostat cultivation, we could

TABLE 2 | Process variables for three performed cultivations with Bl21(DE3)
expressing GFP.

Process
parameters

Glucose-IPTG
fed-batch

Glucose-lactose
chemostat

Glycerol-lactose
chemostat

spec. titer max.
[g/g]

0.30 0.31 0.04

qp,max [g/g/h] 0.05 0.01 0.01

qs,C [g/g/h] 0.23 ± 0.02 0.24 ± 0.04 0.27 ± 0.04

YX/S [g/g] 0.39 ± 0.09 0.49 ± 0.09 0.42 ± 0.03

TABLE 3 | Process variables for performed chemostat cultivations with
HMS174(DE3) expressing GFP.

Process parameters Glucose-lactose
chemostat

Glycerol-lactose
chemostat

spec. titer max. [g/g] 0.27 0.35

qp,max [g/g/h] 0.02 0.039

qs,C [g/g/h] 0.27 ± 0.05 0.27 ± 0.02

YX/S [g/g] 0.37 ± 0.04 0.43 ± 0.03

distinguish between three different metabolic states (Figure 4A).
Phase I is the adaption phase after the batch. This phase
resembled a fed batch like behavior for E. coli Bl21(DE3)
with GFP and mCherry including high RPP. This effect was
most likely linked to high IB concentrations upon protein
expression during this phase, which led to increased metabolic
burden for the host (Figure 4B). Rise in IB concentrations
was indicated by a change of the carbon dioxide to substrate
yield (YCO2/S not shown). Phase II was characterized by
constant yields and carbon balance (C-balances). This phase
overlapped with phase III, where recovery of productivity
set in. Acetate formation measured by photometric assays
(not shown) was always low for all cultivations. In contrast,
BBlue chemostat did not show a phase I increase in yield
coefficients of the C-balance. We believe that this was due
to lack of IB expression in this strain. Surprisingly, a drop
in C-balance was present upon recovery of productivity at
100–150 h (phase II and III). C-balance did not close to 1
during the entire cultivation, which indicated some other non-
measured metabolites during this run. Reduction of biomass
formation (decreased µ) is a common phenomenon upon RPP
(Neubauer et al., 2003; Hoffmann and Rinas, 2004). Effects
could be clearly seen for E. coli expressing GFP and mCherry
in the beginning and for BBlue at the start of the recovery
phase (Figures 1, 3). These effects were obviously strongly
dependent on the expressed protein and could not be generalized.
Comparing results of the mCherry chemostat cultivation to a
chemostat cultivation for production of mCherry in literature
(Schmideder and Weuster-Botz, 2017), maximum specific titer
was found to be higher by a factor of 100, whereas average
specific titer was higher by a factor of 10 (Table 4). As referred
chemostat cultivation was induced with IPTG, we suppose
that lactose induction facilitated the production of mCherry in
chemostat cultivation.

Higher dilution rates are beneficial for productivity in
chemostat, as described in literature before (Seo and Bailey,
1986; Reinikainen and Virkajärvi, 1989). However, no discussion
on long term stability was given, as generally steady state was
assumed after three residence times (Seo and Bailey, 1986), which
corresponds to D = 0.1 h−1 at 30 h. This would only result
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FIGURE 2 | HMS174 expressing GFP (A) using a glucose/lactose mixed feed and (B) a glycerol/lactose mixed feed. In neither of the cultivations a recovery of
productivity is observed. Based on consumption of galactose, the overall DCW is higher in both cultivations.

in 17.3 generation times at the presented D = 0.4 h−1, where
maximum productivity was found. The cultivations presented
here, were cultivated for almost 40 generations. Stability of the
long-time process is the main concern using E. coli as host (Peebo
and Neubauer, 2018). Genetic instabilities, like plasmid loss and
mutations, happen during this long term of cultivation. The
recovery of the productivity in phase III was a strong indicator
that only minor plasmid loss happened during cultivations and
that no plasmid deficient hosts overgrew the culture.

All chemostat cultivations except for the glycerol-lactose
chemostat cultivation on Bl21(DE3) follow the often describe
bell-shaped decrease of productivity (Peebo and Neubauer,
2018). It is not clear yet, why glucose based chemostats showed
a complete loss of productivity and glycerol-based cultivations
recovered after a certain time span. Diauxic growth is known
to downregulate b-galactosidase activity, leading to inducer
exclusion often observed in batch cultivation (Monod, 1949;

TABLE 4 | Cultivation variables for fed batch cultivation and continuous cultivation
with the glycerol/lactose system for production of recombinant mCherry and
recombinant Blitzenblue.

Glucose-IPTG fed-batch Glycerol-lactose chemostat

Process variables mCherry

spec. titer max [g/g] 0.21 0.17

qp,max [g/g/h] 0.069 0.01

qs,C [g/g/h] 0.28 ± 0.02 0.22 ± 0.2

YX/S [g/g] 0.34 ± 0.09 0.47 ± 0.04

Process variables BBlue

spec. titer max [g/g] 0.13 0.035

qp,max [g/g/h] 0.033 0.002

qs,C [g/g/h] 0.29 ± 0.01 0.25 ± 0.05

YX/S [g/g] 0.18 ± 0.05 0.30 ± 0.03

Inada et al., 1996). As feeding of carbon source and inducer
was conducted using previously established feeding protocols,
growth rates never exceeded µmax (Wurm et al., 2017a). Both
carbon sources were taken up at all time, except for a monitored
adaption phase observed for HMS174 (Supplementary Figure 1).
Therefore, diauxic growth can be excluded as a possible
explanation. Even though IPTG transport was found to be
highly dependent on lactose permease (Fernández-Castané
et al., 2012), chemostat cultivations with Bl21(DE3) and IPTG
induction also resulted in an irreversible drop of productivity
(Kopp et al., 2019a). Only galactose accumulation was found
to alter when comparing glucose and glycerol cultivations on
Bl21(DE3), which will be discussed in more detail. Acetate
formation was present in HMS174 strains for both carbon
source, while acetate concentration was always below limit of
detection of our respective HPLC method for Bl21(DE3) strains
(Supplementary Figure 1).

Our recent work on fed batch cultivations using mixed feeds
systems with glucose/lactose and glycerol/lactose showed a strong
increase on productivity upon glycerol feeding (Kopp et al.,
2017). Higher and better performance of cultivations using
glycerol as carbon source was also found to produce different
enzymes (Hansen and Eriksen, 2007; Liu et al., 2011). Difference
in enzymatic regulations on glycerol consumption were reported
by activation of gluconeogenesis also including “carbon stress
responses” for batch culture approaches (Martínez-Gómez et al.,
2012). However, in the performed chemostat cultures this
glycerol carbon stress could be clearly seen for E. coli expressing
GFP (Table 2) in yields and productivity compared to the
glucose/lactose mixed feed system. Results indicate that glucose
is the carbon source of choice in the beginning of a chemostat
culture, as higher productivity upon glucose cultivation can be
observed. As µmax is higher upon glucose cultivation compared
to glycerol, energy (ATP) needed for recombinant protein
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FIGURE 3 | Chemostat cultures with Bl21(DE3) with glycerol/lactose mixed feed expressing (A) mCherry, (B) Blitzenblue. The recovery of the productivity is clearly
visible at 200 h in both cultivations. Blitzenblue (B) exhibits only soluble protein in fed batch and continuous cultivation.

FIGURE 4 | (A) C-balances of all three chemostat cultivations with glycerol/lactose feed. Blitzenblue does not reach a balance of 1 in the entire cultivation time and
does not have adaption phase I. (B) Inclusion body (IB) fractions over the timespan of glycerol-lactose chemostat cultivations: GFP IB amount increased up until
100 h and followed a subsequent drop. A recovery after 125 h of the IB fraction could be observed, mCherry showed higher IB content in the beginning of the
cultivation but only recovered in productivity of the soluble fraction whereas the IB formation stopped after 100 h. Blitzenblue showed no IB-formation.

formation might be faster accessible upon start of induction
(Kopp et al., 2017; Wurm et al., 2017b).

The faster metabolism on glucose cultivation, compared to
glycerol consumption (Wang and Yang, 2013) could possibly
explain higher productivity for glucose fed chemostats in the
beginning of the cultivation. NADPH formation on glycerol is
also meager, when compared to glucose cultivation, emphasizing
the previous statement (Yao et al., 2016). Still, in contrast
to glucose, glycerol enabled a recovery of productivity at
later stage. Reasons still need to be investigated but could

possibly result from different intracellular metabolism (i.e.,
pyruvate dehydrogenase and TCA activity) (Murarka et al., 2008;
Yao et al., 2016).

Multistability of induction was described by Ozbudak et al.
(2004) showing changes in expression. In this publication,
it is shown that the lac system can remain in several states,
depending on the amount of LacI and cAMP molecules. With
constant process parameters, changes in plasmid number
during the cultivation might be a reasonable explanation
for the observed effects. Based on the strong metabolic
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FIGURE 5 | (A) Bl21(DE3) expressing GFP: glycerol/lactose cultivation: specific substrate uptake rates are constant throughout the whole induction time, while titer
of the recombinant protein and extracellular galactose concentrations show high fluctuations; (B) HMS174 expressing GFP: glycerol/lactose cultivation with no
accumulation of galactose and no respective recovery of productivity.

burden in the beginning, total number of plasmids might
change and lead to a bi-stability of the cultivation system.
Yet, pET plasmids generally carry a LacI gene, resulting
in a direct relationship between lac repressor and plasmid
number and may drastically reduce those observed effects
during pET-based induction. Furthermore, the study
by Ozbudak et al. (2004) was performed with a strong
irreversible inducer [thiomethyl galactoside (TMG)], in
comparison to lactose used for our experiments. Glycerol
does not provoke a cAMP response directly, but cAMP
response might be present based on the metabolized glucose
(from lactose) as seen in fed batch cultivations (Kopp
et al., 2017), which inherited a very different regulation
compared to the glucose based cultivations. A further possible
alternative for this fluctuation in productivity might be
intracellular galactose accumulation (Supplementary Figure 1).
Galactose is known to affect the cellular b-galactosidase
concentrations (Llanes and McFall, 1969; Portaccio et al.,
1998) and has been shown to function as a weak inducer
(Ukkonen et al., 2013). High intracellular galactose
concentration (drop in extracellular concentration), seen
in Figure 5A, was accompanied by a drop of productivity.
However, lactose consumption was not affected by the
galactose fluctuations.

HMS174 can metabolize galactose upon induction with lactose
(Hausjell et al., 2018), therefore this strain was investigated
using a mixed feed with glycerol/lactose. However, previously
mentioned advantages, such as overflow metabolism and
overall titer formation favor B strains over K strains for
the RPP (Shiloach and Fass, 2005; Rosano and Ceccarelli,
2014). HMS174(DE3) expressing GFP revealed no recovery on
glycerol and no pronounced accumulation of neither glycerol,
nor lactose or galactose, compare to Figure 5B. Still constant
overflow metabolism was found for HMS174(DE3) chemostat
cultivations whereas no acetate accumulation could be monitored
for Bl21(DE3) (Supplementary Figure 1). As galactose was

completely metabolized in HMS174(DE3) cultivations, biomass
was found to be higher compared to Bl21(DE3) cultivations.
Specific uptake rates were also constant, expect for deviations
upon start of the induction phase. Yet, we believe that galactose
variations are the most reasonable explanation for the effects seen
in Bl21(DE3). It is not clear why galactose is stored inside the
E. coli cells or expelled into the supernatant as seen in shifts of
galactose concentration. Previous studies indicated galactose as
main player for Lazarus effect. Based on these findings we expect
a non-trivial interaction of multiple factors in Bl21 resulting in
the observed behavior.

Furthermore, the three analyzed fluorescence proteins exhibit
several differences. GFP originates from jellyfish Aequorea
Victoria while mCherry from Discosoma sp. (Shaner et al.,
2004) and BBlue from Actinia equina. BBlue and mCherry
show a homology of about 60% identical amino acids. GFP
was found to be highly different, as overlap in gene sequence
is below 30% of amino acids. All three analyzed proteins do
not have any disulfide bonding, predicted via Disulfind server
(Ceroni et al., 2006). However, a high difference is reported in
maturation kinetics. While GFP only exhibits one maturation
step (oxidation), for mCherry a two-step mechanism is described.
Therefore, far longer maturation times for mCherry, than for
GFP about a factor of 10 were reported (Hebisch et al., 2013).
Both maturation kinetics exhibit a pronounced growth rate

TABLE 5 | Average time-space-yield (TSY) of fed batch and glycerol/lactose
chemostat including running time of chemostat to reach the performance of the
fed batch for BL21(DE3).

Protein Glucose-IPTG
fed-batch average

TSY [g/l/h]

Glycerol-lactose
chemostat TSY

[g/l/h]

Cultivation time to reach
fed-batch productivity at

10 h of induction [h]

GFP 1.28 0.022 581 h

mCherry 0.87 0.052 167 h

BBlue 0.56 0.017 215 h
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dependency. Knowledge about the maturation may be a key
parameter in further analysis of bacterial subpopulations during
chemostat cultivations (Hebisch et al., 2013).

Finally, we compared time space yields for the three
glycerol/lactose-based cultivations in Bl21(DE3) to fed batches
in Table 5. No continuous glycerol/lactose cultivations could
compete with fed batch cultivation. mCherry showed the highest
time space yield in tested cultivations. It needed at least 167 h
of cultivation with an averaged time space yield to meet the
performance of a classic fed-batch (which exhibits about 7.5 g/l
titer after 10 h of induction).

Long-term E. coli cultivations are known to cause different
mutants, showing different physiology (i.e., µ, YX/S, etc.)
compared to the original strain (Weikert et al., 1997; Binder
et al., 2017; Delvigne et al., 2017; Heins et al., 2019). Long
cultivation durations with wild-type strains revealed that changes
in transcriptome and proteome can be already seen without
recombinant protein formation (Wick et al., 2001; Peebo
and Neubauer, 2018). As exact regulations in recombinant
protein formation are still unknown, reasonable control
strategies with further insight in the metabolic regulation
are needed. We have ongoing projects identifying different
productive subpopulations in E. coli being responsible for
the change in productivity. However, new insights into the
“black box” using transcriptomic analysis and measurement
of plasmid and cAMP contents of the glycerol/lactose
mixed feed system is mandatory and are ongoing in
our group.

Summarizing, in this study we tested glycerol/lactose mixed
feed systems in continuous culture using E. coli Bl21(DE3) and
HMS174 expressing different model proteins to find a system
with long time stable productivity potentially outperforming fed-
batches. Beside lower productivity of glycerol/lactose chemostats
compared to glucose/lactose in the beginning, a recovery of
productivity at times larger than 100 h (about 15 generation
times) could be observed for all strains investigated. However,

further analysis like subpopulation monitoring is necessary to
understand this “Lazarus” effect on a cellular level.
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Cascaded processing enables 
continuous upstream processing 
with E. coli BL21(DE3)
Stefan Kittler1, Christoph Slouka1, Andreas Pell1, Roman Lamplot1, Mihail Besleaga1, 
Sarah Ablasser1, Christoph Herwig2, Oliver Spadiut1 & Julian Kopp1*

In many industrial sectors continuous processing is already the golden standard to maximize 
productivity. However, when working with living cells, subpopulation formation causes instabilities 
in long-term cultivations. In cascaded continuous cultivation, biomass formation and recombinant 
protein expression can be spatially separated. This cultivation mode was found to facilitate stable 
protein expression using microbial hosts, however mechanistic knowledge of this cultivation strategy 
is scarce. In this contribution we present a method workflow to reduce workload and accelerate 
the establishment of stable continuous processes with E. coli BL21(DE3) exclusively based on 
bioengineering methods.

Escherichia coli is frequently employed in research and industry for the production of recombinant proteins 1–3. 
The advantages of a large toolbox for genetic modifications as well as fast doubling times outweigh the negative 
traits, such as the lack of posttranslational modifications 3–6. Lactose and the synthetic structural analogue IPTG 
(Isopropyl-β-d-thiogalactopyranosid) are common transcription inducers for T7-based E. coli expression hosts, 
like BL21(DE3) 7–9. Whereas IPTG is known to cause cellular stress ensuing toxic effects at concentrations higher 
than 1 mM 8,9, no such effects have been reported for lactose 7,10–12. High concentrations of recombinant product 
additionally have been reported of causing host cell toxicity 13, potentially favoring the use of lactose over IPTG 
due to slower heterologous protein expression. Furthermore, induction by lactose increases the production of 
soluble product 6,14–16. Recently, we reported that co-utilization of glycerol and lactose promotes recombinant 
protein expression and increases viability compared to a mixed-feed with glucose 17,18. Unlike glucose, glycerol 
is integrated into glycolysis and gluconeogenesis 17,18. Results of other studies also indicate altered TCA-activity 
on glycerol compared to glucose metabolism potentially favoring recombinant protein production 19–21.

For E. coli bioprocesses it is known that batch and fed-batch cultivations result in unwanted variable, time-
dependent productivity 22, however these processing modes are still state-of-the-art for industrial applications. 
Time-independent processing would reduce batch to batch variations and consequently allow stable productivity 
and robust downstream processing 23,24. Furthermore, a change from fed-batch to continuous manufacturing 
would allow a reduction in scale and operating costs and thus should be pursued as the most efficient cultiva-
tion technique 25–27. However, solutions for continuous cultivation with E. coli have not been realized yet, since 
subpopulations evolve over elongated cultivation times 13,28–30, which are yet to be investigated 13,31.

Previous studies highlighted a cascaded continuous operating system using two bioreactors, to reduce sub-
population formation compared to common continuous cultivations (i.e. chemostat, turbidostat, etc.) 13,32–34. 
Even though a spatial separation of biomass formation and recombinant protein production seems promising, 
the effects of process parameters on productivity in such a cascaded continuous cultivation are barely known 
10,35. Further, long-term effects beyond 100 h of induction and thus the potential for continuous manufactur-
ing with E. coli have not been investigated yet 32,34,36 because the development of continuous processes is highly 
time- and resource-dependent.

In this study, we investigated the cascaded continuous cultivation with a T7-based E. coli host over extended 
cultivation times of more than 220 h using cell specific productivity as a key performance indicator to determine 
cell equilibrium state. Glycerol-lactose systems were utilized solely for continuous process development, due to 
their beneficial results over glucose-fed and IPTG-induced systems in diverse pre-studies18,32,37. After intensive 
screening and variation of selected process parameters, a workflow on how to set-up continuous cultivations 
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with E. coli BL21(DE3) was developed, tested and verified. Consequently, we present a first workflow to set up 
and accelerate stable continuous process development with E. coli BL21(DE3).

Results
Cascaded continuous biomanufacturing with E. coli BL21(DE3) was set up as shown in Fig. 1a. Process per-
formance of the cascaded reactor system was evaluated via specific productivity  (qp [mg/g/h]) and space time 
yield (STY [mg/L/h]). The STY was chosen as indicator to determine the volumetric product throughput, which 
is frequently used to evaluate continuous processes. The process parameters dilution rate and glycerol-lactose 
mixed feed ratio were varied according to a multivariate design (Fig. 1b). The design space was based on recent 
findings on effects of the dilution rate 32 and the feeding rates using glycerol 18 in our group. Two model proteins 
with completely different expression behavior were chosen as model proteins in this study: The N-Pro fusion 
protein which is obligatory expressed as inclusion body in E. coli was used for initial screening 38. The gained 
Know-how and the proposed workflow was then tested with the fluorescence protein mCherry, being predomi-
nantly expressed in soluble form 39.

Prior knowledge on the E. coli host producing N-Pro. To screen the expression of recombinant pro-
teins in a cascaded continuous operating system, we used a recombinant E. coli BL21(DE3) strain producing 
a N-Pro fusion protein. Essential physiological parameters, which are required for process development, have 
been determined in previous studies and are summarized in Table 1.

It is known that the dilution rate significantly affects the productivity in a cascaded cultivation system 32,34. 
As a high number of variables in a multivariate design space would result in a remarkably high experimental 
load, we started with univariate experiments varying the specific glycerol uptake rate  qs,gly during induction, by 
keeping the total dilution rate constant (Reactor 2; Fig. 1a). Hence, the biomass flux and the induction feed flux 
into reactor 2 were varied in different percentages (10–30% induction feed of total volumetric stream in reactor 
2; Eq. (1)) measuring STY and  qp as a response. We did not test percentages higher than 30% induction feed to 
prevent sugar accumulation in reactor 2. The concentration of carbon source to inducer was fixed at a 2:1 ratio. 
This ratio was based on fed-batch results for concomitant C-source and inducer uptake 42 to ensure complete 
uptake of the inducer lactose. Based on previous findings, where stable productivity was achieved for 36 genera-
tions 32, we fixed the total dilution rate at 0.15/h.

(1)Dscreening = Dreactor 1 + Dmixed feed reactor 2 = 0.15/h.

Figure 1.  (a) Process overview of the cascaded continuous cultivation. Reactor 1 is used for biomass formation. 
Biomass stream is transferred to reactor 2, where recombinant protein production is induced; (b) showing 
the full factorial design of experiment (DoE) conducted for the factors dilution rate and feed ratio with the 
responses space–time yield and specific productivity, center point experiments were conducted in triplicates. 
(1–4 = run1– run 4, SP starpoint, FR feed ratio).

Table 1.  Prior knowledge on the expression strain BL21(DE3) producing the N-Pro model protein.

Parameter BL21(DE3) [N-Pro] Refs.
Maximum specific growth rate—µmax/h 0.38 18

Maximum specific lactose uptake rate—qs,lac,max [g/g/h] 0.23 18

Maximum specific productivity—qp,max [mg/g/h] in fed batch 70 at a  qs,gly of 0.4–0.5 g/g/h 40,41

Induction temperature [°C] 31.5 22

Induction pH [−] 6.7 22
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First screening experiments showed best results when the total dilution rate in reactor 2 was composed of 
30% mixed feed addition (=  Dmixed feed reactor 2 in Eq. (1)). The other 70% of the volumetric stream into reactor 2 
were assembled via biomass and base addition. Details are given in Supplementary Data Sect. 1.1.

In the following multivariate design, we fixed the induction feed at 30% and changed the dilution rate and 
the induction feed ratio (Fig. 1b), which represents the influx of primary carbon source (glycerol) to inducer 
(lactose) 18. All performed cultivations followed the same trend: STY and  qp reached a maximum after the start 
of induction and then decreased after 20 generations (Fig. 2a,b). Afterwards, productivity either stabilized at 
a certain level or further decreased to zero. The decrease of  qp in the adaption phase can be explained by the 
adaptation time of biomass to inducing conditions. Thus, we subdivided the process into an adaptation phase 
until 20 generations, before a “transition point” marked the switch towards a constant phase (Fig. 2).

Long-term recombinant protein production was possible in numerous cultivations in the design of experi-
ment (DoE), however STY and  qp varied significantly. Runs at a dilution rate of 0.2/h and the feed ratio of 4 
(Supplementary Data 2.1) led to the highest STY and  qp. However, these cultivations showed high fluctuations 
in STY and were not regarded as stable. The contour plots (Fig. 2c,d) visualize the results, tending towards 
higher dilution rates and higher feed ratio. Dilution rate showed the highest parameter impact, but also mixed 
feed composition influenced the model (Supplementary Data 2.2). As process conditions resulting in highest 

Figure 2.  Results derived from the multivariate experiments carried out for cascaded continuous cultivation 
for the N-pro protein. Centerpoint runs (CP) were summed up in a trend line (triplicate). (a) Space–time-yield 
(STY), (b) specific productivity  (qp), contour plot for (c) STY and (d) for  qp. High dilution rates, as well as a high 
uptake rates of glycerol and low rates of lactose seem to be preferable to achieve a high specific productivity and 
a high STY (FR feed ratio, D dilution rate).
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productivity were at the edge of the design space (Fig. 2c,d), we added star-point experiments with a distance of √
2 according to a central composite circumscribed (CCC) model, namely (1) D = 0.22/h with a feeding ratio = 2, 

and (2) D = 0.15/h with feeding ratio = 4.72 (Fig. 3).
The process operated at a D = 0.22/h with a feeding ratio = 2 gave a high productivity of 0.35 g/L/h even in the 

constant phase for a prolonged cultivation time of 250 h. At these conditions we further determined stable STY 
and  qp. We included the star point experiments in the multivariate design and modeled the response in terms of 
STY and  qp (Fig. 3c,d). All model parameters are given in the Supplementary Data 2.2.

As µmax for this strain was determined at 0.38/h, the known limit of a stable process was found at a dilution 
rate of 0.3/h considering biomass yield decrease upon recombinant protein production (Supplementary Data 
1.2). To avoid wash-out of host cells, we tested yet another process condition between the new targeted optimum 
and 0.3/h, namely at D = 0.24/h (with an identical feed ratio of 2). Specific productivity was found stable from 
60 to 80 generations throughout the process operated at D = 0.24/h. However, the process operated at star-point 
1 with D = 0.22/h achieved higher stable STY and  qp and was thus found to be optimal. Summing up, we could 
identify a narrow operating space for cascaded continuous processing using the N-Pro model protein in E. coli 
BL21(DE3), which led to stable long-term protein expression. In a next step, we summarized our findings in a 
workflow protocol which comprises two phases.

Figure 3.  Comparing the optimum run of cascaded continuous cultivations derived from the DoE (design 
of experiment) (run 3) and the centerpoints, with star-point experiment 1 (D = 0.22/h with  Fin,gly = 6.6 g/h and 
 Fin,lac = 3.3 g/h), star-point experiment 2 (D = 0.15/h with  Fin,gly = 14.25 g/h and  Fin,lac = 3.3 g/h) and a further 
increase in dilution rate (D = 0.24/h with  Fin,gly = 6.6 g/h and  Fin,lac = 3.3 g/h) (a) STY (space–time-yield) (b)  qp 
(specific productivity): Contour plots for (c) STY and (d)  qp (FR feed ratio, D dilution rate, SP star point).
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2-phase workflow for setup of a cascaded continuous process for E. coli BL21(DE3). Phase 
I. For the strain producing the N-pro fusion protein essential physiological data was already known from 
previous studies (Table 1). To determine this essential pre-knowledge, solely three bioreactor runs in a batch-/
fed-batch mode without the need of sophisticated analytics (i.e. OMICs-studies) are necessary. Phase I is thus 
subdivided into three steps to obtain the required knowledge:

In step (I) the maximum growth rate and specific inducer uptake rates  (qs,lac) are determined. Maximum 
growth rate is easily available upon a batch fermentation with excess carbon source. After the batch, lactose is 
pulsed in the reactor and uptake of lactose is monitored in a timely resolved way, e.g. by sampling every 30 min 
(Fig. 4, first reactor). The outcome of the first cultivation provides the maximum growth rate µmax and the inducer 
uptake rate at  qs,gly = 0, namely  qs,lac,0.

Furthermore, the mechanistic relation between  qs,gly and inducer uptake rate  (qs,lac) must be determined. 
This can be done in a series of static experiments: A fixed  qs,gly is applied, inducer is pulsed in excess and lactose 
decrease in the broth is measured 42. However, using this approach a high number of cultivations is necessary. 
We recently showed that this relation can be obtained more elegantly in only three experiments using dynamic 
feeding during induction 42. Therefore, in step (II) a fed-batch is performed at  qs,gly of 0.1 g/g/h to determine 
the maximum  qs,lac (Fed-batch 1 in Fig. 4). In step (III)  qs,lac as function of  qs,gly can be identified using a linear 
 qs,gly ramp. Inducer is pulsed,  qs,gly is increased steadily from 0.25 to 0.55 g/g/h and regular samples are taken to 
determine  qs,lac in the regime of carbon catabolite repression (CCR) (Fed-batch 2, Fig. 4).

Phase II. As intensive screening of cascaded continuous cultivation has been conducted for the N-pro protein, 
we hypothesize that determined dilution rate optima for the N-pro protein can be transferred to the expression 
of other proteins using glycerol as C-source, reducing the experimental workload. Based on the previous find-
ings, we recommend to alter the dilution rates in a narrow range of 0.16 to 0.22/h. In addition moderate to high 
uptake rates  (qs,gly = 0.25–0.55 g/g/h) were found to result in high recombinant protein production in fed-batches 
22,32,40–43. Hence, we recommend to vary the feed ratio for screening near to the maximum inducer uptake rate, to 
prevent inducer deficiencies and also investigate moderate to high sugar uptake rates  (qs,gly).

Consequently, our strategy to establish cascaded continuous cultivations for E. coli BL21(DE3) using glycerol 
as carbon source and lactose as inducer, can be summarized as: In phase I physiological parameters are deter-
mined (Fig. 4) to estimate a design space for proper feed ratios for cascaded continuous cultivation. In phase II, 
the output of phase I is combined with the results obtained from initial screening to set up a reduced design of 
experiment (DoE) in a constricted design space (Figs. 2, 3, 5).

Testing the proposed workflow to establish cascaded cultivation using E. coli BL21(DE3). To 
test whether the proposed workflow shows platform character, we conducted the procedure proposed in Figs. 4 
and 5 for BL21(DE3) expressing the fluorescence protein mCherry. In phase I, inducer uptake rates at varying 
feeding rates were determined. This allowed to compose feed ratios for the mCherry protein in cascaded con-
tinuous cultivation (Outcome of phase I; Fig. 4).

The effect of the dilution rate was already screened intensively in previous cultivations conducted with the 
N-Pro protein. Hence, dilution rates were altered in a narrow range of 0.16 to 0.22/h.

Figure 4.  Phase I: Generic workflow for determination of maximum inducer uptake rates  (qs) versus primary 
substrate uptake rates for E. coli. Therefore three experiments are necessary: (1st step) a batch cultivation for 
maximum growth rate (A) and inducer uptake without C-source (B); (2nd step) fed-batch cultivation for the 
maximum inducer uptake rate (C) (3rd step) fed-batch cultivation for inducer uptake rates between a  qs,gly set 
point from 0.25 to 0.55 g/g/h using a linear ramp approach to screen the regime of carbon catabolite repression 
(CCR) (E,D).
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Assembling the gathered information allowed to set up a new screening strategy for mCherry, bearing a 
much lower experimental load, compared to the initial screening of Npro. The resulting constricted design 
space (Outcome of phase II, Fig. 5) was used to find suitable operation conditions for high STY and  qp in E. coli 
expressing mCherry (Fig. 6).

Figure 5.  The previous findings of cascaded continuous cultivation are used and combined with the output 
of Phase I to choose a reduced design space. The obtained constricted design space in phase II accelerates the 
process to find optimal process conditions (FR feed ratio, D dilution rate).

Figure 6.  Results derived for cascaded continuous cultivation with mCherry, (a) showing the results for STY 
(space–time-yield) derived on a generation dependent manner, (b) showing  qp (specific productivity) on 
generation based behavior; high dilution rates and moderate feeding rates seem to be beneficial for production 
of mCherry (FR feed ratio, D dilution rate).
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Although the adaptation phase for the mCherry strain was found shorter compared to the N-Pro strain (10 
generations vs 20 generations, respectively), chosen process parameters had a comparable impact on specific 
productivity (Fig. 6b). Model terms for the reduced DoE can be found in Supplementary Data 3.2. Again, the pro-
cess operated at D = 0.22/h with a feeding ratio = 2 resulted in a stable, long-time productivity for 180 h. The best 
process performance was found at dilution rate 0.22/h and a feed ratio of 2 (run 2, Fig. 6a), identical to N-Pro).

The proposed workflow (Figs. 4, 5) thus was appropriate to find well suited operating conditions for an 
uncharacterized recombinant BL21(DE3) strain and enabled stable long-time productivity with a highly reduced 
experimental load. Results indicate that the proposed workflow shows platform character, which can be used to 
ease the set-up of cascaded continuous cultivation for other uncharacterized strains.

Comparison of cascaded continuous cultivations to fed-batch cultivations. We want to stress 
that the described process development for cascaded bio-manufacturing could be solely done with process 
engineering methods. This technique is thus ideal for being transferred to process development laboratories in 
industry. To strengthen this hypothesis STY from both processes were compared to state-of the art fed-batch 
cultivations which is the industrial golden standard. Total amount of produced protein was calculated for cas-
caded continuous process and fed-batch (Fig. 7a for N-pro and 7b for mCherry). As downtimes, such as CIP 
(clean-in-place), SIP (sterilize-in-place) and biomass cultivation times, can be reduced in cascaded processing, 
the total space time yield could be increased by a factor of 2.2 for N-pro protein cultivations () and 1.6-fold for 
mCherry STY.

Discussion
Continuous cultivation with E. coli suffers from time-dependent productivity caused by the arising of non-
producing subpopulations, which overgrow the producing population 13,31,44. Hence, common continuous cul-
tivations with microbials bear mutation rates, plasmid loss and further genetic errors 13,31,44. The investigation 
of subpopulation evolution (i.e. via Flow cytometry analysis) was not within the scope of this study. In fact, for 
one of the chosen products such analytics would not have been technically feasible. In this study, we propose 
a workflow on how to set up continuous cultivations, keeping cells in an equilibrium state for induction times 
longer than 220 h using glycerol and lactose. Choosing recombinant protein titer (shown as  qp and STY) to deter-
mine cell equilibrium state in continuous cultivation, negligible long-time effects were observed at optimized 
process conditions. Results indicate low dilution rates (D = 0.1/h) to be unsuitable for achieving long-term stable 
productivity, independent from the applied uptake rates 32,34. We believe that high residence times (resulting from 
low dilution rates) enhance subpopulation diversification, as cells have more time to adapt to environmental 
conditions and to evolve a non-producing sub-population 35,45,46. High dilution rates (implementing low resi-
dence times) were found to result in stable productivity. The principle facilitates continuous bio-manufacturing, 
as higher volumetric rates would lead to higher amount of bleed and consequently higher STY. Even though 
cultivations at higher dilution rates, such as D = 0.24/h and D = 0.3/h were found to result in stable productivity 
(Fig. 3a,b, Supplementary Data 1.2), the feed ratio had a severe impact on the level of cell specific productivity. 

Figure 7.  Space–time-yield calculated over the total process time for a fed batch and the cascaded continuous 
cultivation; For fed batches the maximum achieved titers were 5.09 g/L for the N-pro protein and 8.96 g/L for 
mCherry after each induction phase, CIP + SIP were assumed with 6 and 3 h respectively, batch phase with 6 h 
and non-induced fed-batch/continuous adaption phase with 12 h. Induction time for fed-batches was calculated 
with 10 h resulting in the dotted red lines, whereas cascaded continuous cultivation was calculated using 
cleaning and set-up times stated before, with the time-dependent results measured throughout induction phase 
given in the black curves for (a) N-pro and for (b) mCherry (FR feed ratio, D dilution rate, CIP clean-in-place, 
SIP sterilize-in-place).
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Careful optimizations in the feeding procedure (percentage of induction feed to feed) is thus necessary to achieve 
high and stable specific productivity.

As the ideal operating space for recombinant protein expression in cascaded continuous processing was 
intensively screened, obtained results were taken to propose a generic workflow for the establishment of cascaded 
continuous cultivation for E. coli BL21(DE3). We suggest to screen initial physiological parameters in a batch 
and two fed-batch runs (phase I) at first. Based on the initial screening experiments and the determination of 
physiological parameters (output of phase I) a reduced experimental design can be used to optimize process 
conditions in cascaded continuous cultivation (phase II). Testing the anticipated workflow showed that identical 
process parameters led to best results, independent from the recombinant protein. Stable specific productivity 
at highest space–time yield for the expression of both target proteins was found at a dilution rate of 0.22/h con-
ducted at a feed ratio of 2  (qp N-pro: 2.47 ± 13.3%;  qp mCherry = 3.97 ± 14.4%). Even tough ideal cultivations were 
well comparable for both proteins exploitation of different carbon sources and inducers could lead to different 
effects (i.e. altered inducer uptake rates 18,42).

Still, for new BL21(DE3) strains and products, we propose an experimental workflow with two phases using 
solely bioengineering methods. As parallelization of continuous processes can be used to speed up process 
development 10, we were able to establish stable continuous cultivations for a new target product within less 
than a month. Results presented in this study also show that cascaded continuous cultivation is superior to 
fed-batch cultivation for E. coli BL21(DE3) and hence is a suitable tool for bio-manufacturing. Consequently, 
the demonstrated experimental workflow could be used to set up and accelerate the implementation of a stable 
continuous upstream process for E. coli.

Material and methods
Strains and media. All performed cultivations were carried out using the E. coli strain BL21(DE3). The 
protein used for initial studies is an industrial protein (28.8 kDa), being linked to an N-pro fusion tag and inte-
grated into a pET-30a plasmid system 38. The protein used for verification and transfer studies was mCherry, 
being integrated also in a pET30a plasmid system. Expression for mCherry was dominantly soluble in the cyto-
plasm, with small fractions being expressed as an inclusion body.

For all cultivations, a defined minimal medium referred to DeLisa et al. was used (Supplementary Data, Chap-
ter 4.5). To cope for the antibiotic selection of pET30a systems, Kanamycin was supplemented to the medium 
resulting in a final concentration of 0.02 g/L47.

Preculture was assembled of 8.2 g/L glycerol while batch medium contained 20.4 g/L glycerol. The feed for 
biomass formation (reactor 1) contained 25 g/L of glycerol, while the mixed feed was altered according to the 
DoE approach (Fig. 1). Each step was conducted using the referred media, with altered sugar and trace-element 
concentrations adapted for the corresponding growth phases.

The preculture was carried out in Ultra yield flasks using 500 mL sterile DeLisa medium. Preculture was 
inoculated with 1.5 mL frozen bacterial stocks, stored at − 80 °C using 25% glycerol as antifreeze solution. They 
were cultivated over night at 37 °C, 230 rpm and a pH of 6.7 in an Infors HR Multitron shaker (Infors, Bottmingen 
Switzerland). The batch medium was inoculated the next day with the preculture using 20% of the reactor volume.

Cascaded continuous cultivation. The used set up for the cascaded continuous cultivation is sketched in 
Fig. 1a. Biomass formation and protein expression were spatially separated, having sequentially operating che-
mostats implemented with separated feeds 34. In each run, one reactor was used for biomass formation and the 
derived biomass stream was transferred to the second reactor, controlled via pumps monitored by the process 
system PIMS Lucullus (SecureCell, Urdorf, Swiss). Biomass formation (reactor 1) was performed in a Labfors 
3 bioreactor (max. wV: 2 L; Infors HT, Bottmingen, Switzerland). The reactor was coupled to a continuously 
operated stirred-tank reactor—(Minifors 2, max. wV: 1 L; Infors HT, Bottmingen, Switzerland), used for recom-
binant protein expression. Reactor 1 was aerated with a mixture of pressurized air and pure oxygen at 3 vvm and 
constantly stirred at 1000 rpm. Minifors reactors were aerated with 2 vvm and stirred at 1400 rpm. The off-gas 
concentrations of  CO2 and  O2 were monitored via BlueSens Gas sensors (BlueSens Gas analytics, Herten, Ger-
many). Throughout all cultivations the dissolved oxygen  (dO2) was kept above 40% by adjusting the ratio of pure 
oxygen and pressurized air. The dissolved oxygen was monitored with a fluorescence dissolved oxygen electrode 
Visiferm DO425 (Hamilton, Reno, NV, USA). As throughout the continuous phase the volume in the reac-
tors was controlled with a dip pipe adjusted to the liquid surface, no stirrer cascade was implemented. pH was 
maintained at a constant value of 6.7 through all process phases and controlled by addition of  NH4OH (12.5%). 
The pH was monitored with an EasyFerm electrode (Hamilton, Reno, NV, USA). In all three reactors, a batch 
was conducted with carbon concentrations of 20.4 g/L, yielding in 9–10 g dry cell weight of biomass per litre of 
cultivation broth. The end of the batch phase was determined by a drop in the  CO2 signal.

Afterwards, the non-induced chemostat system was started by supplying the biomass reactor with a dilution 
rate of 0.14/h feed 1 (Table 1) and starting the transfer of biomass. For the cascaded continuous cultivation, the 
temperature in reactor 1 was set to 35 °C. To achieve an optimal protein expression the temperature in the second 
reactor was lowered to 31.5 °C for the N-pro protein 22, whereas 30 °C where applied throughout induction phase 
for mCherry, due to previous results obtained for soluble protein expression 43.

The so-called continuous adjustment phase and lasted over-night to achieve a steady state in all reactors, 
monitored by an equilibrium state of reactor 1 of derived  pO2 and off gas signals. To initiate protein expression 
reactor 2 was supplied with the mixed feed containing glycerol and the inducer lactose, adjusted to the DoE 
approach. The volume throughput (Minifors 2, max. wV. 1 L) was adjusted to the desired dilution rate according 
to the design of experiment.
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Experiments to determine uptake rates in mCherry, were performed in a Sartorius Biostat Cplus bioreactor 
(Sartorius, Göttingen, Germany) with 10 L working volume. Monitoring and control were performed via Lucullus 
(SecureCell, Urdorf, Swiss). The maximum glycerol uptake rate was determined in regularly sampling during 
the batch. Afterwards a lactose was added via pulse and uptake of solely lactose was evaluated. At a  qs,gly of about 
0.15 g/g/h a static experiment was performed using a classic fed-forward approach and lactose pulses. Higher 
 qs,gly were screened using a linear ramp from about  qs,gly 0.25 to 0.55 g/g/h of the glycerol feed in combination 
with lactose pulses. While for BL21, uptake rates are similar 42, results might be different for other E. coli strains 
using lactose as inducing agent.

Fed-batch cultivations. Pre-culture and process analytics were performed equivalent to the cascaded con-
tinuous cultivations. Fed-batches were conducted with an exponential feeding approach at a constant  qs,C. Feed 
addition was started after the end of the batch, indicated by a drop of the  CO2 signal. Feeding was conducted at 
 qs = 0.2 g/g/h and lasted over-night to generate 25–30 g/L biomass. Prior to induction temperature was adjusted 
to 31.5 °C for Npro and to 30 °C for mCherry. The exponential feeding was set to a  qs = 0.3 g/g/h for both pro-
teins. Induction was performed via a 0.5 mM IPTG pulse to the fermentation broth and induction lasted for 10 h.

Multivariate data assessment and process analytics. Multivariate data assessment of the performed 
experimental design was performed. Results were investigated for the statistical relevance of the model using 
the measure of fit  (R2), the model predictability  (Q2), the model validity and the model reproducibility, adjusted 
for degrees of freedom. Analysis of the process dataset was done by a multivariate data assessment (MODDE 
12, Umetrics, Sweden). Time independent rates (space–time yield STY (mg/L/h) and specific productivity  qp 
(mg/g/h)) were chosen as responses to be evaluated for this study.

Process analytics were performed as described in previous studies 18,22,32,40 and further information can be 
found in Supplementary Sect. 4. Titer was determined using the described HPLC method 48. For quantification of 
the N-pro fusion protein, our industrial partner provided a purified standard reference. mCherry was quantified 
via a commercial available protein standard. Protein size of the expressed target proteins was determined via SDS-
PAGE (results not shown). Time independent rates (specific productivity  qp (mg/g/h) and space–time yield STY 
(g/L/h) were chosen as model responses to be evaluated for this study. Rates were calculated as stated beneath:

qp: specific productivity [mg/g/h], ci : product concentration of sample i [mg/L], Xi : biomass concentration 
of sample i [g/L], ti : cultivation time at timepoint of sample i [mg/L].

Space–time-yield used for comparison, was calculated by the following Eqs. (2) and (3):

STY: space–time-yield [g/L/h], ci : product concentration of sample i [g/L], Fi : volumetric flow through recombi-
nant protein producing reactor at timepoint of sample i [L/h], Ẋi : biomass flux derived from reactor 1 at timepoint 
of sample i [L/h], Ḟind.Feed : volumetric rate of inducer feed in reactor 2 [L/h] (comp. to Fig. 1a), ḞBase : volumetric 
rate of base in reactor 2 [L/h] (comp. to Fig. 1a).
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Abstract: In the past 30 years, highly specific drugs, known as antibodies, have conquered the
biopharmaceutical market. In addition to monoclonal antibodies (mAbs), antibody fragments are
successfully applied. However, recombinant production faces challenges. Process analytical tools for
monitoring and controlling production processes are scarce and time-intensive. In the downstream
process (DSP), affinity ligands are established as the primary and most important step, while the
application of other methods is challenging. The use of these affinity ligands as monitoring tools
would enable a platform technology to monitor process steps in the USP and DSP. In this review,
we highlight the current applications of affinity ligands (proteins A, G, and L) and discuss further
applications as process analytical tools.

Keywords: monoclonal antibodies; antibody fragments; affinity ligands; process analytical technol-
ogy; protein A; protein G; protein L

1. Introduction

In 1986, a new type of drug was approved and introduced to the biopharmaceutical
market—the first monoclonal antibody (mAb) with the trade name Orthoclone (OKT3),
preventing rejection after kidney transplantation [1]. Ever since, the number of mAbs
on the biopharmaceutical market has increased rapidly. Antibodies (Abs) are part of the
adaptive immune response and formed by B cells as a response to a specific antigen [2].
They can be divided into five classes (IgG, IgA, IgM, IgD, and IgE), differing in their type
and number of heavy chains [3–5], specifying their properties and functions. The majority
of antibodies consist of at least two identical light and heavy chains, with each chain being
subdivided into a constant and variable region (Figure 1) [5,6]. Antibodies bind via non-
covalent interaction to antigens and provide a targeted and specific interaction [7,8]. The
hypervariable region at the top of the Y structure, called the complementarity-determining
region (CDR), is responsible for antigen-specific binding and consists of a light and a heavy
chain [4–6]. Details about the function of each antibody class and reaction have been
extensively discussed previously [2–6,9–17].

A wide range of applications for mAbs in therapeutics, biology, biochemistry, and
bioanalytics, ranging from drugs against cancer and autoimmune diseases to labeling and
detection of virulence factors, has been reported [18–20]. They are the largest product
class on the biopharmaceutical market today, with a continuous increase in the number
of approved products and over 75 currently available mAbs [17,21]. They have an annual
market value of around 150 billion dollars, which is approximately 10% of the entire phar-
maceutical turnover [21]. Monoclonal antibody production was initially developed by
Kohler and Milstein by fusing an antibody-producing B cell and a myeloma cell, leading
to the expression of large amounts of identical molecules, so-called monoclonal antibod-
ies [22]. In recent years, mammalian cells lines have emerged as the standard expression
host due to their ability to perform posttranslational modifications (PTMs) and extracellular
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protein production [23,24]. In contrast, microorganisms, such as bacteria and yeast, are not
capable of performing human-like glycosylation. However, recent approaches in strain
engineering enable human-like glycosylation in microbial hosts [23,25,26]. In contrast to
mAbs, microbes are perfectly suited to produce antibody fragments, which do not require
glycosylation. Smaller antibody fragments can bind target molecules within the CDR re-
gion, which is located in the Fab (fragment antigen binding) region [6,13,17]. However, due
to the missing Fc part, these fragments have different pharmacokinetic properties [17,27].
Fragments are no bigger than one-third of a full-length IgG (Fab ~55 kDa), and, as a result,
tissues and tumors are penetrated faster, opening a broader field of applications regarding
imaging and labeling [28–31]. On the downside, they show decreased half-life times in
the human body [28]. However, this faster clearance can be used as an advantage for the
transportation of toxic radioisotopes [28]. Fragments can be subdivided on the basis of
the light and heavy chain, namely, Fab (Figure 2a), scFv (Figure 2b), sdAb (Figure 2c), and
diabody (Figure 2d), to list the most important ones [32].

The economic success on the biopharmaceutical market is driven by the advances
in the production processes. Mammalian cells are used for the production of mAbs,
reaching titers above 5 g/L. Non-glycosylated or non-human-like glycosylated mAbs and
antibody fragments are produced mainly in Saccharomyces cerevisiae, Pichia pastoris, and
Escherichia coli [23,24]. All production processes require reliable and sensitive process
analytical technological tools. The use of real-time monitoring would be beneficial to
increase process efficiency and fulfill high-quality requirements [33,34]. Furthermore,
recent advances in the productivity have shifted the focus in process development from
upstream (USP) toward downstream processing (DSP) [24]. Efficient purification methods
are necessary to reach high purity levels, ensuring drug safety. For both applications,
affinity ligands can be used. Protein A is currently the state of the art for the purification of
mAbs [35]. However, protein A is not applicable for the purification of fragments lacking
the Fc region [35]. In contrast, protein L from Peptostreptococcus magnus binds kappa light
chains and is, therefore, a promising tool for binding a multitude of mAbs, as well as
antibody fragments. In this review, we focus on three different affinity ligands (proteins
A, G, and L) and highlight their application ranges. We believe that these proteins can
not only be used for common downstream applications, but also be employed as highly
sensitive and accurate process analytical tools.

Figure 1. Structure of an IgG antibody. The Fc binding region consists of four heavy chains (2⇥ CH3,
2⇥ CH2), and the Fab region consists of one constant heavy and one constant light chain, while, at
the top, two variable chains of each type are located (Fv region).
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Figure 2. Antibody fragments: (a) the antigen-binding fragment (Fab) contains a variable and a
constant domain of a light and heavy chain (size ~55 kDa); (b) the single-chain variable fragment
(scFv) consists only of the variable domains, which form the antigen-binding part, linked together
by a polypeptidlinker (size ~28 kDa); (c) the single-domain antibody (sdAb) consists of only one
variable heavy chain (size ~15 kDa); (d) the diabody consists of two heavy and two light chains
forming a bispecific fragment capable of binding two different antigens (size ~50 kDa).

2. Downstream Processing of mAbs and Fabs

Due to the high market competition and the need to decrease the time to market, it
is crucial to determine optimal process conditions leading to high product yields while
maintaining the highest quality [13,36]. In Figure 3, an overview of a typical recombinant
bioprocess to produce antibody fragments in E. coli is given [24]. In addition to high product
yields, strict critical quality attributes (CQAs) have to be reached, which are defined as “a
physical, chemical, biological, or microbiological property or characteristic of the product
that should be within an appropriate limit, range, or distribution to ensure the desired
product quality” [37].

As shown in Figure 3, the intracellular protein production in microbial hosts requires
several unit operations during the early DSP (harvest to filtration) [23,38]. In the subse-
quent capture step, large volumes with a low product concentration have to be processed.
Furthermore, due to the presence of proteases, short process times are a necessity for
this step. Even though a high purity after the capture step is not required, it can be
provided using affinity chromatography during the capture step for mAbs and antibody
fragments. Therefore, this technique is currently established as the gold standard, achieving
not only high recoveries but also high purities. Nevertheless, several chromatography
steps are required after the capture step in order to remove host cell proteins (HCPs),
DNA, and product-related impurities to reach desired CQAs [39]. A further important
reason for subsequent chromatographic steps is the leaching of affinity ligands due to
harsh elution conditions [40,41]. The different chromatographic methods for capture and
purification/polishing are listed in Table 1, with a focus on the methods used for mAbs
and antibody fragments.
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Figure 3. Schematic overview of a bioprocess using E. coli to produce antibody fragments.

Table 1. Comparison of chromatographic methods used for the purification of monoclonal antibodies (mAbs) and antibody
fragments. AC (affinity chromatography); AEX (anion exchange chromatography); CEX (cation exchange chromatography);
HIC (hydrophobic interaction chromatography); SEC (size-exclusion chromatography); DSP (downstream processing).

Method Advantages Disadvantages DSP Step References

AC

- most applied method for
purification of mAbs and
antibody fragments

- high yields and purity are
reached in one step (>90%)

- expensive
- leaching of the ligand
- requires low pH elution

buffers which can denature
mAbs

- no alkaline stability

capture [42–45]

CEX

- primary capture step for mAb
fragments which lack Fc parts

- separation of charge
- removal of leached protein A
- removal of aggregates, host

DNA, and cell proteins

- many parameters to
consider: mobile phase (pH,
salt, composition); stationary
phase (matrix type);
operating variables (flow,
elution gradient, etc.)

- optimization is labor- and
time-intensive

capture (Fc lacking
mAbs)

purification
polishing

[17,27,44,46,47]
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Table 1. Cont.

Method Advantages Disadvantages DSP Step References

AEX

- separation of biomolecules
which have minor differences in
their net charge

- higher binding capacity than
affinity columns

- cheaper than affinity columns
- removal of host cell DNA and

proteins

- many parameters to
consider: mobile phase (pH,
salt, composition); stationary
phase (matrix type);
operating variables (flow,
elution gradient, etc.)

- optimization is labor- and
time-intensive

purification
polishing [13,44,46–48]

HIC
- aggregate removal, good

removal of process-related
impurities

- binding capacity is limited
(compared to IEX)

- use of high salt
concentrations, which affects
mAbs

polishing [49,50]

SEC

- good for isolation of
immunoglobulins based on their
classes

- useful for small scale in case of
product and process
development

- requires minimal process
development

- separation of aggregates

- low productivity since it is
not adsorption-based and
only a small amount of
sample can be loaded

- low selectivity

polishing [51]

To ensure an efficient capturing in the DSP, affinity resins have been established
and are mainly used [13,52]. The capability to selectively capture target peptides, while
host cell proteins and other molecules bind very weakly or not at all, outperforms other
methods [53,54]. Although affinity chromatography is widely used as an initial step, it is
expensive and requires harsh elution conditions (pH~3), leading to decreased column sta-
bility, ligand leaching, and possible activity loss of the target product [52,55,56]. However,
the acidic conditions are an advantage for the required viral inactivation in mammalian
production processes [41]. Other chromatographic methods, such as ion exchange (IEX),
are mainly used as additional purification steps to remove leached affinity ligands, HCPs,
and DNA [41]. These purification and polishing steps can include up to three or four
different chromatographic steps to achieve the required product quality (Figure 3) [24].

Nevertheless, affinity resins have emerged as the gold standard for the first step of
purification (capture step) of mAbs and antibody fragments; therefore, we explain the most
important ligands below.

2.1. Protein A

Protein A originates from the human pathogen Staphylococcus aureus and has a molec-
ular weight of 42 kDa [57–60]. The protein is anchored to the cell wall and protects the
organism by binding IgGs produced by the immune system [59,61]. It contains five ho-
mologous binding domains A–E (Figure 4) [40,59,62], and each has the ability to bind IgG
subclasses. The S region serves as a signal sequence, and the XM region is used as a cell
anchor [56]. The binding domains are composed of three antiparallel alpha helices, and the
interaction with the mAbs is primarily based on hydrophobic interaction [55]. In addition
to the possibility of binding the Fc region, protein A has shown the ability to bind specific
Fab domains [55,59].
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Figure 4. Schematic sketch of protein A, composed of a signal sequence (S) domain, five homologous
immunoglobulin binding domains (E, D, A, B, and C), and a cell-wall anchoring domain (X, M) [56].

Each of the immunoglobulin-binding domains can bind to one Fc domain of an
antibody or to the Fab region of VH3 human antibodies [55,57,62,63]. Staphylococcal
protein A (SPA) binds strongly to Fc domains of IgG1, IgG2, and IgG4 and has a weaker
ability to bind IgG3 [55,56,60]. Protein A is used for labeling and purification of mAbs [62],
as well as indirect coating for enzyme-linked immunosorbent assays (ELISA) and other
immunobinding assays. In nature, protein A makes only 1.7% of the total protein content of
Staphylococcus aureus [64]. Since the approval of the first immunosorbent adsorption column
by the FDA in 1998 for the therapy of autoimmune diseases, recombinant expression hosts,
such as E. coli or Pichia pastoris, have been used for production [64]. Protein A affinity
resins have emerged as the primary purification step (capturing) in mAb production
processes [40,55]. The DSP of, e.g., HerceptinTM, RituxanTM, MabCampathTM, RemicadeTM,
and SimulectTM includes a capture step using protein A affinity chromatography, already
resulting in a purity of around 90% after this first chromatographic capture step [13].

2.2. Protein G

Protein G originates from the group G streptococci and has a molecular mass of around
65 kDa [65]. It is the second most used capture ligand in the DSP of mAbs and antibody
fragments [55]. Protein G consists of a signal peptide, a cell-wall anchoring domain, and
two different binding regions: one located at the N terminus, binding serum albumin, and
the second one at the C terminus, interacting with immunoglobulins (Figure 5) [55,65]. For
the purification of mAbs, recombinant Protein G is expressed lacking the serum albumin-
binding region since albumin would be a contaminant in the formulation of mAbs as
biopharmaceuticals [55,66].

Figure 5. Schematic structure of protein G. It is composed of a signal peptide (Ss), an alanine-rich
region (E), an albumin-binding site, an immunoglobulin-binding site, and a cell-wall anchoring
region (W) [65].

Protein G interacts with the Fc region of immunoglobulins and binds via hydrogen
bonds and salt bridges [55,66,67]. Additionally, protein G shows the capability of binding
Fabs through the CH1 domain of IgG1,3,4. Nevertheless, due to the low affinity, purifica-
tion of fragments is not applicable [55,60,68,69]. Therefore, protein G is mainly used for
processes where protein A proves to be unsuitable, e.g., the purification of IgG3. Due to a
decreased stability and harsher elution conditions compared to protein A, the number of
processes using protein G is considerably lower [55,56,70].
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2.3. Protein L

As another alternative to previously mentioned capture ligands, protein L can be used
for the binding of mAbs and fragments. Protein L was first isolated in 1985 by Myhre and
Erntell as a surface protein of Peptostreptococcus magnus, showing binding activity against
IgGs [71–73]. The native protein has a size between 76 to 106 kDa, depending on the
number of B domains [27,74]. It consists of a signal sequence domain (SS), up to five binding
domains (B1–B5), a short spacer region (S), two C repeats with an unknown function, and
the wall anchor domain (W) with the transmembrane region (M) (Figure 6) [71]. It was
shown that the fifth B domain slightly increases the affinity constant for interaction with
kappa light chains (1.5 ⇥ 109 M−1 to 2–3 ⇥ 109 M−1) [71,75]. Therefore, different versions
of recombinant produced protein L consisting of either four or five binding domains
are available.

Figure 6. Schematic structure of protein L. It is composed of a hydrophobic signal sequence (SS), the
NH2 terminal domain (A), repeated immunoglobulin-binding domains (B1–B5), a spacer region (S),
C1 and C2 with unknown function, and the cell-wall anchoring domain [71].

All five binding domains (B1–B5) have a similar structure of an alpha helix and a beta
sheet formed by four beta strands [55,76]. Unlike proteins A and G, protein L interacts
with the VL domain of kappa light chains [55,71]. It binds to kappa subtypes 1, 3, and 4,
enabling the interaction with various types of antibody fragments [77,78]. Furthermore,
compared to previously mentioned affinity ligands A and G, protein L binds to a wider
range of Ig classes [27,73].

2.4. Comparison of Proteins A, G, and L

Protein A is the most common affinity ligand in the DSP of mAbs and has been inves-
tigated in numerous studies in the past years [27]. Protein G is only used in cases where
protein A cannot be used, while protein L has only been established for the purification of
fragments so far. A low price compared to the other affinity ligands and the suitability for
common antibody types make protein A applicable for most capture steps in production
processes of mAbs. As depicted in Figure 7, there is a huge price difference between pro-
teins A, G, and L. This is caused by a decreased number of current applications for proteins
G and L. Protein L is by far the most expensive ligand. To our knowledge there has been
no publication about the large-scale production of protein L to date. Tocaj et al. produced
recombinant protein L with four B domains using E. coli on a small scale, obtaining a
concentration of 360 mg/L [79]. Nevertheless, recombinant versions produced in E. coli
can be purchased from different vendors (Figure 7). The commercial proteins differ in the
number of B domains, either four or five, and combinations with affinity tags are available.
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Figure 7. Comparison of prices for recombinantly produced proteins A, G, and L, normalized to EUR
per mg [80–82]. Status: May 2021.

However, antibody fragments do not have an Fc domain, reducing the applicability
of protein A [83,84]. Due to the rising applications and research regarding therapeutic
antibody fragments, a modular capture step applicable for both mAbs and fragments is
desirable—something that can be provided by protein L [27]. There is no doubt that protein
L, due to its unique interaction with kappa light chains, has a huge market potential in
the future. Additionally, it shows a high binding capability for human-derived antibodies
and fragments [85]. Further interest in antibody fragments is also caused by the possibility
to express these target molecules in microbials, such as E. coli [23]. Production costs are
significantly lower, higher cell densities can be reached, and virus inactivation is not
necessary [86]. However, applications of protein L are still scarce, and its development and
improvement are behind that of other affinity ligands. Furthermore, regulatory challenges
addressed for protein A are also applicable for protein L. Ligand leaching and limited
lifetime would, thus, also be factors to consider.

However, we believe that, in addition to applications as an affinity ligand for product
purification, protein L will also have an important role in analytical applications.

3. Is Protein L the Future?

Recombinant proteins in E. coli are usually located intracellularly [39,87]. However,
during cultivation, E. coli cells often get leaky, causing an uncontrolled release and, thus,
loss of highly valuable product—such as antibody fragments—into the fermentation
broth [39]. Today, there is no online detection method for cell leakiness available. Re-
sults are obtained too late, and the product is lost in the fermentation broth. Another
important analytical aspect in the recombinant production of antibody fragments in E. coli
concerns the DSP. Harvested E. coli cells are disrupted, and the product is released together
with proteases and other host-specific proteins, which are then removed by several chro-
matographic steps [39,87]. Furthermore, during the DSP process train, antibody fragments
are usually analyzed offline, leading to great time delay. However, online monitoring
and control using process analytical technology (PAT) are requested by Quality-by-design
(QbD) principles [34,88]. This is particularly challenging for the production of antibody
fragments in E. coli, which need to be analyzed in a complex sample background, limiting
the applicability of robust and sensitive analytical methods [89]. Currently, recombinant
fragments are quantified and analyzed by time-consuming and expensive offline methods,
such as immunoassays (ELISA), high-performance liquid chromatography (HPLC,) mass
spectrometry (MS), or Western blot [89]. Even though LC–MS-based techniques are con-
stantly being improved, automatization of these techniques is difficult, and they lack high



  Appendix 
 

 
 

 110 

 

  

Processes 2021, 9, 874 9 of 13

reproducibility [33,89]. More detailed information on currently available PAT tools can be
found in a recent review by Wasalathanthri et al. [33].

The implementation of lateral flow, surface plasmon resonance (SPR), impedance, or
electrochemical-based techniques as at-line or online tools in the USP and DSP of mAbs
or antibody fragments would be highly beneficial. These methods are already used for
the detection of virus particles and antibodies [90–92]. The use of affinity ligands, such
as protein L, as biorecognition elements would provide a platform technology in this
respect (Figure 8). The analyte (e.g., mAb, Fab) binds to the immobilized affinity ligand,
causing a change in the readout signal (visual, refractive index, impedance, or resistance).
Commercial sensors with immobilized protein L are already available to determine binding
kinetics of mAbs/antibody fragments. These chips are used for a label-free analysis
using SPR or biolayer interferometry (BLI) to determine kinetics and to quantify mAbs or
antibody fragments containing kappa light chains [93,94].

Figure 8. Depiction of an electrochemical impedance spectroscopy (EIS) sensor. An affinity ligand
(e.g., protein L) is immobilized to a gold surface. Due to the interaction with an analyte, the charge
transfer resistance changes, and the analyte can be detected and quantified.

Protein L is a highly important affinity ligand in these applications due to its interac-
tion with kappa light chains. Antibody fragments and mAbs can be detected with high
specificity, which enables universal application in different production processes. Further-
more, protein L shows the highest affinity constants to IgGs derived from human, which is
the most important class of mAbs and antibody fragments.

4. Further Applications of Protein L in Biomanufacturing

In addition to the possible application of protein L as a biorecognition element, it
can further improve the DSP of E. coli. As extensive clarification of the lysate is required,
membranes with immobilized protein L are an alternative to the traditional resin-based
chromatography approach. Functionalized membrane adsorbers can be used, providing
high flow rates and the great combination of filtration and chromatography [95,96]. With
significantly higher flow rates, which are impracticable for packed bed columns due to
high backpressure and the need for longer residence times, the space–time yield can be
significantly increased [96]. The disadvantages of lower dynamic binding capacities caused
by a decreased surface-to-volume ratio is of less concern during the capture step, where
high volumes with relatively low product concentrations have to be processed. Here,
membrane absorbers with protein L would show highly interesting properties, especially
for E. coli as an expression host [96].

A further application of protein L in the DSP is the separation of homodimers from
heterodimeric bispecific antibodies (bsAbs). Due to a high similarity of the physiological
properties, the separation is quite difficult. However, Chen et al. successfully used protein
L-based affinity columns to differentiate between homodimers and target bsAbs [97].
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5. Final Remarks

So far, protein A has mainly been used for the purification and as recognition element
for antibodies. However, with a shift of the market situation toward antibody fragments
and the use of microbials to produce them, protein A will definitely lose its blockbuster sta-
tus. Antibody fragments have huge potential in the future of drug development, enabling
fast tissue penetration due to a smaller size. The number of approved antibody fragments
has increased from three to eight approved drugs in the past 7 years. In cancer treat-
ment, the mentioned properties of antibody fragments are considered to be advantageous;
however, so far, the number of approved drugs still lags behind mAbs [6,21].

Protein L would be a universal biorecognition element and ligand for both product
purification and process analytical technology. Thus, we believe that this molecule will
have a bright future in both research and industry.
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Abstract 

Various fermentation strategies in industrial biotechnology are applied to produce 

recombinant target proteins using Escherichia coli. These proteins are often expressed as 

inclusion bodies (IBs), resulting in a high purity, high stability and high product titers. In state-

of-the-art fed-batch processes, product formation takes place in a short period of time. 

Sterilization, cleaning and biomass growth are time consuming steps and reduce the space-

time yield. Thus, the interest in establishing continuous cultivations, facilitating higher space-

time yields, increased in recent years. In this protocol, we provide information and a guide to 

set up the production of recombinant proteins in fed-batch, as well as in chemostat 

continuous cultivations using E. coli. 

 

Keywords: E. coli; inclusion body; fed-batch; chemostat; recombinant protein production 
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1. Introduction 

Recombinant proteins originating from higher organisms (yeast, human etc.) can require post 

translational modifications (PTMs) to be functional [1, 2]. Hence, production of these proteins 

in Escherichia coli faces diverse challenges: E. coli has limitations to form disulphide bonds, 

when expressing recombinant proteins in the cytoplasm [1]. This can be bypassed by 

translocation into the periplasm, where disulfide bonds can be formed in the present oxidizing 

conditions [2-4]. Nevertheless, E. coli is one of the most used organisms in biotechnology since 

media components are cheap and the growth rate is high compared to various other hosts [1, 

5-8]. Another industrially feasible option to express foreign proteins, is the formation of 

inclusion bodies (IBs). These are insoluble aggregates accumulating in the cytoplasm [9, 10]. 

Subsequent denaturing and refolding in the downstream process leads to the native structure 

and full functionality [2, 9, 10]. The production of IBs can be desirable since high product 

concentration and high purity can be achieved [10-12]. 

Fed-batch cultivations are currently state-of-the-art to produce recombinant proteins in 

industry using microbials. Using this cultivation mode, indeed a high biomass concentration 

can be achieved, however a time-dependent productivity can be observed. Additionally the 

recombinant protein formation phase itself is only a minor part of the total process time, thus 

causing low space-time yields [13]. To achieve time-independent processes, a change towards 

different cultivation modes is necessary. Higher space-time yields, lower set up costs and 

smaller cultivation vessels are benefits linked to continuous manufacturing. Furthermore, 

scalability of bioprocesses is simpler, as cultivation setups for production scale are more 

comparable [14, 15]. In chemostat cultivations, fermentation broth is steadily harvested, 

maintaining a constant reactor volume [14, 16]. In theory, cells reach a steady-state and 

constant product concentration and quality can be achieved. Even though equipment usage 

regarding recombinant protein production in E. coli can be increased applying continuous 

cultivation modes, implementations in industry are scarce [8, 16, 17]. This due to the fact, that 

microbial continuous cultivations suffer from an instable productivity, referred to the 

occurrence of subpopulations at elongated cultivation times (>100 h) [13, 15]. The simplicity 

of the fed-batch cultivation strategy yielding in high biomass concentrations and therefore 

high product titers in short time favor fed-batch cultivations over continuous cultivations still 

[16]. However, ongoing research and optimization of critical process parameters in continuous 
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manufacturing led to an increase of space-time yields compared to fed-batch cultivations and 

might change the paradigm of cultivation modes [15, 16, 18]. 

In this book chapter we will highlight recombinant protein production with the host E. coli 

BL21(DE3), enabling the use of a T7 based expression system [5, 7]. This system is well-known 

for high expression rates due to the strength of the T7 promotor. The induction can be 

performed either with isopropyl-β-D-1-thiogalactopyranoside (IPTG) or the natural analogue 

allolactose, formed from added lactose. IPTG cannot be metabolized by cells, while fed lactose 

is partially metabolized by the strain BL21(DE3) and needs to be constantly supplied. Even 

though IPTG is favored over lactose in fed-batch cultivations, it was shown to be toxic at 

concentrations exceeding 1 mM [8, 19]. Furthermore, it is stated that mixed feeds of either 

glucose or glycerol combined with the inducer lactose can increase the productivity of 

recombinant proteins in fed-batch as well as in chemostat continuous cultivations [13, 19, 20]. 

As a result of partial degradation of the lactose, stress onto the host organism is minimized 

compared to an induction with IPTG. Thus, lactose is preferred in chemostat continuous 

cultivations, facilitating an increase of the recombinant protein expression. Non metabolized 

lactose is converted by β-galactosidase to allolactose, stopping repression of the lac operon. 

As primary C-source, glucose is conventionally favored for E. coli processes. Glucose is known 

to provide a high amount of energy due to affinity towards the phosphotransferase system 

and being used as glucose 6-phosphate in the glycolysis [6, 21, 22]. However, carbon catabolite 

repression is observed while feeding lactose and glucose in a mixed feed, minimizing lactose 

uptake from the broth and causing low induction levels [19]. As an alternative, glycerol 

showed less repression onto lactose uptake, resulting in higher and more stable expression 

rates of recombinant proteins [6]. Moreover, glycerol is introduced into glycolysis and 

gluconeogenesis, providing, like glucose, a high amount of energy for cell growth and 

recombinant protein expression [6, 23-25]. To summarize, the co-feeding of glycerol and 

lactose outperforms the feeding of a glucose-lactose mixture in chemostat continuous 

cultivations and can increase space-time yields therefore.  

 

Various factors need to be considered to choose proper cultivation mode, carbon source and 

induction system (Note 1). In the following protocol we describe two cultivation modes (fed-

batch and chemostat) and depict necessary analytics for characterization and optimization of 

the process.  
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2. Materials 

2.1. Host Organism 

For cultivations E. coli BL21(DE3) (Life technologies, Carlsbad, CA, USA) was used as a host 

strain (Note 2). The target plasmid (pET system) was transformed according to standard 

protocols described in detail elsewhere [26, 27]. Antibiotic must be adapted for cultivation, 

depending on the resistance gene of the used plasmid.  

2.2. Cultivation Media 

All cultivation steps were carried out using a defined medium described by DeLisa et al. [28], 

supplemented with 0.02 g/L of the respective antibiotic to prevent plasmid loss. The used 

concentrations of substrate and the contained supplements are depicted in Table 1 (Note 3). 
Table 1: DeLisa medium used for all cultivation phases. 0.02 g/L of the respective antibiotic were added for all phases [28]. As 

substrate either glycerol or glucose can be used. 

 pre-culture batch feed  

component concentration [g/L] sterilization 

KH2PO4 13.3 - 

autoclave (NH4)2HPO4 4 - 

Citric acid 1.7 - 

MgSO4*7H2O (stock 500 x) 1.2 10.00 autoclave 

Fe(III) citrate (stock 100 x) 0.1 0.02 autoclave 

EDTA (stock 100 x)  0.0084 0.0065 autoclave 

Zn(CH3COO)2*H2O (stock 200 x) 0.013 0.008 
filter 

sterilization 

TE1 (stock 200 x) 5 mL/L 7.27 mL/L 
filter 

sterilization 

Thiamine HCl (stock 1,000 x) 0.0045 - 
filter 

sterilization 

Substrate 8 20 400 autoclave 
1 TE stock: CoCl2*6H2O (2.5 mg/L); MnCl2*4H2O (15 mg/L); CuCl2*2H2O (1.2 mg/L); H3BO3 (3 mg/L); Na2MoO4*2H2O (2.5 mg/L) 
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2.3. Devices and Equipment for Cultivation 

I. Pre-culture:   

Pre-culture requires growth for 16 h to reach an optical density (OD600) of > 5 measured at a 

wavelength of 600 nm. An incubation shaker (250 rpm) equipped with a temperature control 

in the range of 30 - 40°C is required. The shake flask is inoculated with 0.3% (v/v) of the 

bacterial stock. 

II. Bioreactor cultivation:   

For all further cultivation steps at least one stirred-tank bioreactor is required, equipped with: 

- Process control system: 

o Controlling of pumps (e.g. exponential feeding) 

o Data-recording scales for base and feed 

o Monitoring of offgas signals 

- PI- or PID-controller regulating the ratio of applied pressurized air and pure oxygen to 

keep dO2 > 30% 

- PI- or PID-controller connected to a pump to control the pH 

- Gas flow controller for supplying pressurized air and oxygen if necessary 

- Stirrer 

- two pumps: feeding pump, base pump 

- pH probe: The probe need to be calibrated within a pH-range of 4 - 7 prior usage. pH 

is controlled with 12.5% NH4OH solution.  

- Dissolved oxygen (=dO2): The probe needs to be calibrated before inoculation, 

however all medium supplements and process parameters should be adjusted. 

- Offgas sensor for measuring residual offgas from reactors (CO2, O2).  

For chemostat cultivation the bioreactor needs to be additionally equipped with: 

- Pump for harvesting cultivation broth 

- Dip-pipe adjusted to the desired volume 
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2.4. Process analysis 

2.4.1. Biomass determination 

OD600 

- Photometer or plate reader 

- Cuvettes or well plates 
Dry Cell Weight (DCW) 

- Oven (min. 105 °C)  

- Centrifuge  

- 2 mL Eppendorf Safe-Lock Tubes or glass Eprouvettes 

- 0.9% NaCl solution 

 

2.4.2. Metabolite determination 

Option 1 - chromatography 

- Liquid chromatography device. Equipped with: 

o Refractory index (=RI) – detector 

o Pump module 

o Auto-sampler module 

o Oven module 

- Software for data analysis 

- Anion exchange column 

- HPLC-grade eluents  

- HPLC (high performance liquid chromatography) vials 

- Syringes and 0.2 μm syringe filters 

- Calibration standards of respective metabolites which need to be quantified  

 

Option 2 - automated analyser 

- Respective test kits and calibration standards  

- 1.5 mL Eppendorf Safe-Lock Tubes 
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2.4.3. Inclusion body concentration determination 

The analysis of inclusion bodies is highly product dependent. An example for product analysis 

applying liquid chromatography is given which is applicable for various recombinant proteins 

[29] (Note 4). 

 

- High-pressure homogenizer  

- Centrifuge  

- 50 mL conic Greiner centrifuge tubes  

- 2 mL Eppendorf Safe-Lock Tubes 

- Vortex mixer 

- Liquid chromatography device, equipped with: 

o Pump module 

o Auto-sampler module 

o Oven module 

o UV detector module 

- Software for data analysis  

- Reversed phase column  

- HPLC-grade eluents 

- HPLC (high performance liquid chromatography) vials 

- Syringes and 0.2 μm syringe filters 
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3. Methods 

3.1. Reactor set up and cultivation scheme 

Figure 1 shows the cultivation set-up for both, fed-batch mode and chemostat mode. 

 

For both cultivation modes the reactors require the in section 2.3. described equipment. 

However, for chemostat cultivation additionally a dip-pipe and an additional pump for 

harvesting the bleed are required. In both cultivation modes first a batch is performed to reach 

a biomass concentration of approximately 8 g/L. Afterwards, for fed-batch cultivations, an 

exponential feeding is applied to reach a targeted biomass of e.g. 25 g/L. Subsequently, 

inducer can be applied either by one-point addition (IPTG (Isopropyl β-d-1-

thiogalactopyranoside) or continuously in a mixed feed, containing e.g. lactose as inducer and 

glucose as the primary C-source (Note 5). For continuous cultivations a constant feeding is 

applied and biomass harvested, furthermore a perpetual supply of inducer is necessary. The 

cultivation scheme for both cultivation modes is depicted in Figure 2. 

  

Figure 1: Process overview of a fed-batch cultivation, requiring at least two pumps (feed, base). The protein expression is 

triggered by supplementing an inducer (e.g.: IPTG (Isopropyl β-d-1-thiogalactopyranoside)). For chemostat continuous 

cultivation a dip-pipe is adjusted to a set height. By applying, a constant feed flow the dilution rate (D) is specified. During the 

whole process, biomass is removed. 
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As mentioned above after the batch phase, further steps separate both cultivation modes. 

3.1.1. Pre-culture and Batch 

1. Prior to sterilization, the pH of the pre-culture media needs to be adjusted to 7.2 using 

sodium hydroxide. Afterwards the required media components have to be sterilized 

according to Table 1. 

2. Pre-culture is conducted at 37 °C and 230 rpm for 16 to 20 h (overnight) until an OD600 of 

>5 is reached.  

3. Reactors need to be prepared before inoculation: 37 °C, 1,400 rpm, 2 vvm aeration and a 

pH of 6.7. The pH is set after sterilization using 12.5% NH4OH. The dO2 probe is calibrated 

using a one-point calibration to 100% dissolved oxygen shortly before inoculation. 

4. Inoculation: The batch medium is inoculated with 10% of the pre-culture (e.g.: 100 mL for 

1 L batch). During the whole process dissolved oxygen is kept above 40% using pure oxygen 

if necessary. 

5. The end of the batch phase is indicated by a drop of the CO2 signal or a rise of the dO2 

signal. 

 

Figure 2: Exemplary process overview for estimated cultivation times. The classical fed-batch consists of a batch phase to grow 

cells reaching biomass concentration of approx. 8 g/L. Subsequently a feed is applied exponentially to increase biomass. This 

phase is then followed by an induction phase, where inducer is supplied and feeding continued. A chemostat consists of a 

batch phase and a subsequent continuous feed supply. 
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3.1.2. Fed-batch vs Chemostat after batch phase 

 

The expression rates of recombinant proteins depend highly on expression host and target 

product. To boost the product titer an optimization of the induction phase is recommended 

(Note 1). 

 

 

Fed-batch 

The goal for the non-induced fed-batch is to 

increase the biomass concentration. 

Therefore, an exponential feeding profile is 

used, to grow cells at a defined growth rate 

= µ [h-1]. After the targeted biomass 

concentration is reached, induction is 

performed either using IPTG or lactose. 

Feeding in the induced fed-batch phase can 

be varied and is described in more detail 

below. 

 

Chemostat 

In chemostat continuous cultivations feed 

is supplied and biomass harvested to 

achieve a cell equilibrium indicated by 

stable offgas signals. In this steady-state 

the biomass concentration is constant and 

therefore the dilution rate (=D) equals the 

growth factor (=µ).  
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 Induced Fed-batch 

Feeding can be performed using a) an 

exponential b) a linear or c) a constant 

profile. The different feeding strategies are 

illustrated in Figure 3.  

 
Figure 3: Overview of possible feeding strategies and the 

corresponding specific substrate uptake rate (qs [g/g/h]) in 

a fed-batch. a: exponential feeding, b: linear feeding, c: 

constant feeding 

!̇!" #$%ℎ ' =  *# +,,ℎ - ∗ / (1) [,]
5%&&'  6,%7  

 

- Biomass (X(t)) is determined by OD600 

measurements and biomass is 

calculated using a previously 

determined OD to biomass correlation. 

- For exponential feeding (a) an 

exponential ramp is used for calculating 

the biomass, which is used to adapt the !̇!" automatically. 

 

Chemostat 

- The dilution rate (D) (or residence 

time) is calculated according the 

following equation 3:  

8 [ℎ()] =  !̇!" 6$%ℎ 7! [$%]  

- The trend of the feeding rate and the 

specific substrate uptake rate (qs) is 

depicted in Figure 4. 

Figure 4: Overview of feeding profile and the 

corresponding specific substrate uptake rate (qs [g/g/h]) 

in a chemostat continuous cultivation. 

- D can be adjusted with the volumetric 

flow (!̇!") at a defined reactor volume 

(V). 

- Maintenance of constant volume can 

be ensured by a peristaltic pump, 

connected to the dip-pipe, with a flow 

rate (!̇*+,) larger than !̇!". 

Equation 1 

Equation 3 
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Induced Fed-batch 

- For linear feeding (b) equation 1 is used 

to calculate the start value (!̇!"). The 

feed rate (!̇!",,) is then increased 

linearly until a targeted final feed rate is 

reached. This can be done by a formula 

with a slope with represents the change 

of the feed rate per hour (Equation 2). 

!̇!",, #$%ℎ ' =  !̇./0"1& #$%ℎ2 ' ∗  1[ℎ]
+  !̇!" #$%ℎ ' 

Equation 2 !̇!",, 634/ 7 … feed rate into the reactor at 

time point t !̇./0"1& 634/! 7 … slope for the change of the 

feed rate t [h] … feed rate at elapsed time in h !̇!" 634/ 7 … start feed rate into the reactor 

- For constant feeding (c) !̇!" is calculated 

at the beginning and kept constant 

during the whole induction phase. 

Chemostat 

- Dip-pipe is adjusted to the required 

volume height: To adjust the dip-pipe 

at the required height, set up the 

reactor (probes, pipes etc.), fill the 

reactor with required volume prior to 

sterilization and adjust height at 

applied process parameters (e.g. 1400 

rpm, 2 vvm). 

- Continuous supply of inducer (e.g. 

IPTG, lactose) and antibiotic (selection 

pressure) etc. is necessary.  
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3.2. Sampling and Analysis  

After batch, a first sample is taken. For fed-batch cultivation, this sample is used to determine 

the biomass concentration required for starting the exponential feed. At the end of the fed-

batch again a sample is taken to determine biomass concentration for subsequent feeding 

during induction (Notes 6-8). 

 

3.2.1. Biomass determination 

Biomass concentration is determined via OD600 and gravimetrically by DCW. 

OD600 

- Procedure: 

1. Vortex sample for 5 – 10 sec 

2. Dilute sample to linear range of the photometer (e.g.: 0.2 – 0.8 AU) 

3. Blank the device with water 

4. Measure absorbance of the homogeneous sample at 600 nm 

 

Dry Cell Weight (DCW) 

- Preheat 2 mL Eppendorf Safe-Lock Tubes or glass Eprouvettes at >105 °C until weight 

stability is reached (3 – 4 days) 

- Pre-weigh labelled tubes at room temperature (cooling for 1h recommended) 

- Procedure: 

1. Vortex sample for 5 – 10 sec 

2. Pipette 1 mL of homogenous sample into the pre-weighted reaction tube 

3. Centrifuge at 4 °C and 10,000 rpm for 10 min 

4. Decant supernatant in other reaction tubes and store it at -20 °C for metabolite 

analysis 

5. Resuspend biomass pellet in 0.9% NaCl solution 

6. Centrifuge at 4 °C and 10,000 rpm for 10 min 

7. Discard supernatant 

8. Dry biomass pellet at 105 °C for 2 to 3 days 

9. Determine ∆weight to pre-weighted reaction tube at room temperature 
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3.2.2. Metabolite determination 

Samples of the supernatant from fermentation samples and feed can be measured using liquid 

chromatography or an automated analyzer 

- Thaw supernatant from 3.2.1. DCW 

- Filter supernatant using 0.2 µm syringe filters prior analysis 

Liquid chromatography: 

1. Prepare eluent 

2. Prepare HPLC using anion exchange chromatography 

3. Prepare standards of the respective metabolites and substrate 

4. Analyze of chromatogram with suitable software  

Automated analyser: 

1. Transfer filtered supernatant into 1.5 mL Eppendorf Safe-Lock Tubes  

2. Select test kit and start measurement 

3.2.3. Product determination 

For the determination of product concentration a HPLC can be used. As mentioned above, 

analysis of inclusion bodies is highly product dependent, however an example for determining 

product concentration is given in Note 8. 

 

3.3. Calculation of process parameters 

3.3.1. Calculation of feed rate for Fed-batch cultivations 

The feed flow into the reactor can be monitored gravimetrically. A desired rate can be 

calculated according to Equation 4.  

!̇!" #$%ℎ ' =  *# +,,ℎ - ∗ /(1) [,]
5%&&'  6,%7 ∗ 1000 

Equation 4 !̇!" 634/ 7 … feed rate into the reactor 

*# > ""/ ? … specific substrate uptake rate /(1) [,] … biomass in the reactor at specific time point 
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5%&&'  6147 … concentration of substrate in the feed 

 

3.3.2. Calculation of dilution rate for Chemostat cultivations 

The dilution rate can be calculated via the monitored feed volumes over time, while the 

reactor volume must be kept constant (Equation 5). Dilution rates exceeding Dcrit must be 

avoided, to prevent a wash out of the cells. 

8 [ℎ()] =  !̇!" 6$%ℎ 7! [$%]  

Equation 5 !̇!" 634/ 7 … feed rate into the reactor V[mL] … reactor volume 

 

3.3.3. Calculation of substrate uptake-rates 

The real specific substrate uptake rate can be calculated according to Equation 6.  

*#  +,,ℎ - =  !!",%&&',∆,[%] ∗  5%&&' 6,%7 −  !6&0.,*6,,#$%[%] ∗  50..,∆, 6,%7 ∆1 [ℎ] ∗ /∆, [,]  

Equation 6 

*# > ""/ ? … specific substrate uptake rate !!",%&&',∆,[%] … volume of applied feed in timespan Δt  5%&&'  6147 … concentration of substrate in the feed !6&0.,*6,,#$%[%] … volume in the reactor at time point i+1 50..,∆, 6147 … concentration of substrate accumulated in the reactor in time span Δt ∆1 [ℎ] … timespan (ti+1 – ti) for calculated uptake rate /∆, [,] … average biomass in the reactor during timespan Δt 
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4. Notes 

1.) For optimization of the protein expression rates, critical process parameters need to be 

determined. These parameters (Table 2) can be altered in a Design of Experiment (DoE) 

approach. First, the maximum specific growth rate (µmax) needs to be determined either 

in shake flask experiments or using a plate reader, monitoring biomass growth over time, 

µmax is calculated according Equation 7. 

 µ307  #1ℎ' = ln(/,#$%  [,]/,#[,] ) ∗ 1∆1 

Equation 7 

The determined µmax can be correlated to the specific substrate uptake rate which can be 

used for fed-batch cultivations. In chemostat continuous cultivations µ equals D, in case 

the operation range is below the critical dilution rate.  

 
Table 2: Parameters that can be considered to optimize recombinant protein expression rates. 

Fed-batch Chemostat 

- Induction temperature - Induction temperature 

- Induction time - Dilution rate 

- Specific substrate uptake rate 

- Ratio of primary carbon source to 

inducer in mixed feed approaches 

- Specific substrate uptake rate 

- Type of inducer  

- Ratio of primary carbon source to 

inducer in mixed feed approaches 
 

  

  

 

As chemostat cultivations run for longer process times, screening the optimized induction 

temperature is recommended in fed-batch cultivations. The knowledge from these 

experiments can be used for chemostat cultivations to optimize the dilution rate. 
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2.) The described methods and process times are exemplarily given for E. coli BL21(DE3), 

however they depend highly on the used host organism and strain. 

 

3.) Glucose needs to be sterilized separately in a split volume in order to avoid Maillard 

reaction. Glycerol can be autoclaved with KH2PO4, (NH4)2HPO4 and citric acid. 

 

4.) The given HPLC method is an example, applicable for some recombinant proteins. As a 

commonly used alternative, sodiumdodecyl sulfate polyacrylamide gel electrophoresis 

(SDS-PAGE) can be performed. To perform a SDS-PAGE, samples are mixed with a Laemmli 

buffer stock to achieve a 1× concentration of Laemmli buffer in the final dilution. Then 

samples need to be heated to 95 ◦C for 10 min and are subsequently spun down for 2 min. 

Five μL of each sample are loaded onto a pre-cast SDS gel and the gel is run for 30 min at 

180 V. Subsequently the gel is stained with Coomassie Blue.  

 

5.) For mixed feeds (glucose/glycerol + lactose) the carbon source to inducer ratio must be 

calculated prior to utilization. Screening approaches therefore can be found in given 

citations [5, 6]. 

 

6.) All samples can be stored at -20 °C until analysis, DCW and OD600 have to be determined 

immediately after sampling. 

 

7.) Sampling during induction depends on various factors: 

- growth rate of the host organism 

- expectations in productivity 

- cultivation mode: 

a. induced fed-batch: sampling e.g. 2 h is recommended 

b. chemostat: sampling once a day is recommended 

 

8.) Product determination 

Sampling: 

1. Pipette approx. 10 mL of homogeneous fermentation broth into 50 mL conic 

Greiner centrifuge tubes to reach a wet cell weight of approx. 1 – 2 g 
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2. Centrifuge at 4 °C and 10,000 rpm for 10 min 

3. Discard supernatant und store biomass pellet at -20 °C until further use 

Homogenization: 

1. Suspend biomass pellet in Lysis buffer (100 mM Tris, 10 mM EDTA, pH = 7.4) 

2. Disrupt cells using a high-pressure homogenizer  

3. Centrifuge at 4 °C and 10,000 rpm for 10 min 

4. Discard supernatant 

5. Suspend pellet in 30 mL MQ 

6. Centrifuge at 4 °C and 10,000 rpm for 10 min 

7. Discard supernatant 

8. Suspend pellet in 10 mL MQ, aliquot 1 mL each into a 2 mL Eppendorf tube and 

centrifuge at 4 °C and 10,000 rpm for 10 min 

9. Discard supernatant and freeze IB pellets at -20 °C until further use 

 

IB concentration analysis: 

1. Suspend IB pellet in IB buffer (7.5 M Gu-HCl, 62 mM Tris, 125 mM DTT, pH = 8) 

2. Filter sample prior HPLC measurement using 0.2 µm syringe filter 

3. Prepare eluents (A: MQ + 0.1% TFA, B: ACN + 0.1% TFA) [29] 

4. Prepare HPLC using reversed phase column  

5. Prepare standards of the respective protein standard 

6. Analysis of chromatograms with a suitable software  
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Figure caption: 

Figure 1: Process overview of a fed-batch cultivation, requiring at least two pumps (feed, 

base). The protein expression is triggered by supplementing an inducer (e.g.: IPTG (Isopropyl 

β-d-1-thiogalactopyranoside)). For chemostat continuous cultivation a dip-pipe is adjusted to 

a set height. By applying, a constant feed flow the dilution rate (D) is specified. During the 

whole process, fermentation broth is removed. 

 

Figure 2: Exemplary process overview for estimated cultivation times. The classical fed-batch 

consists of a batch phase to grow cells reaching biomass concentration of approx. 8 g/L. 

Subsequently a feed is applied exponentially to increase biomass. This phase is then followed 

by an induction phase, where inducer is supplied and feeding continued. A chemostat consists 

of a batch phase and a subsequent continuous feed supply. 

 

Figure 3: Overview of possible feeding strategies and the corresponding specific substrate 

uptake rate (qs [g/g/h]) in a fed-batch. a: exponential feeding, b: linear feeding, c: constant 

feeding 

 

Figure 4: Overview of feeding profile and the corresponding specific substrate uptake rate (qs 

[g/g/h]) in a chemostat continuous cultivation. 
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Table caption: 

Table 3: DeLisa medium used for all cultivation phases. 0.02 g/L of the respective antibiotic 

were added for all phases [28]. As substrate either glycerol or glucose can be used. 

 

Table 4: Parameters that can be considered to optimize recombinant protein expression rates. 
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