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Abstract 

In this work, an internally circulating fluidized bed reactor 
was proposed and designed for the catalytic methanation of 
syngas from the 100 kWth dual fluidized bed gasification 
reactor at TU Wien. Additionally, first fluid dynamic 
investigations were carried out in order to determine 
characteristic pressures and the gas slip in the internally 
circulating fluidized bed. The results from the design of the 
reactor showed that a volume contraction in the reactor 
between 30-50% and a heat generation between 0.16 to 
0.25 kW per kW of exit gas need to be considered in the 
thermodynamic equilibrium for a low temperature 
methanation process at 300 °C and 1 bara. Further technical 
and economic considerations resulted in the design of a 
fluidized bed with an outer diameter of 164 mm, which 
corresponds to a maximum feed gas volume flow of 6 m3

stp/h 
and a maximum chemical energy of 15 kW in the exit gas for 
the chosen catalyst properties. The fluid dynamic 
investigations with an inert bed material showed that there is 
a clear correlation between the pressure difference between 
the draft tube and the annular region and the fluidization 
ratio. Additionally, the gas slip was shown to increase with a 
higher fluidization ratio as well as higher absolute fluidization 
velocities. Furthermore, the gas slip from the annular region 
to the draft tube was shown to be by an order of magnitude 
higher than the gas slip from the draft tube to the annular 
region.  
 
Introduction 

The global energy system clearly shows a transition from 
solid energy carriers via liquids to gaseous energy carriers. 
This trend can be observed throughout historical data and is 
also predicted for centuries to come [1]. Besides the mere 
transition from solids to gases, there is also a transition from 
fossil fuels towards renewable energy resources taking 
place today. Synthetic natural gas (SNG) is one possible 
energy carrier which combines both trends and therefore 
shows a relevant potential for the implementation in future 
energy systems [2].  

The Biomass-to-Gas (BtG) route is a viable concept for the 
production of valuable secondary energy carriers, like SNG, 
on a fossil-free basis. A possible process route within the 
BtG concepts is the dual fluidized bed (DFB) gasification and 
the consecutive upgrading to SNG. The upgrading steps 
consist of a gas cleaning section, the catalytic methanation 
process itself and the purification of the methane-rich gas 
(raw-SNG) in order to fulfill the feed-in requirements of the 
natural gas grid. Within this process chain, there are still 
some technical and economical challenges which must be 
addressed in order to make this process competitive [3]–[5]. 
Some recent investigations already focus on the 
implementation of the process chain in different industrial 
settings to extend the fields of application and improve the 
economic performance. In [6], for example, the process is 
utilized in an integrated hot metal production plant to replace 
the natural gas demand which is currently covered with fossil 
natural gas. Another study investigated the production of  

 
SNG from sewage sludge as feedstock. The results showed 
that the process can be economically competitive due to the 
negative purchase price of sewage sludge [7]. 

In this work, the focus lies on the design of the 
methanation reactor where the highly exothermic 
methanation reactions take place. The most important 
equations describing the ongoing processes are the CO-
methanation reaction, 
 

𝐶𝑂 + 3𝐻 ⇌ 𝐶𝐻 + 𝐻 𝑂             Δ𝐻 = −216      (1) 

 
the reverse water gas shift reaction, and 
 

𝐶𝑂 + 𝐻 ⇌ 𝐶𝑂 + 𝐻 O                Δ𝐻 = 39         (2) 

the CO2-methanation reaction, which is implicitly defined by 
the linear combination of Eq.(1) and (2) [8].  
 

𝐶𝑂 + 4𝐻 ⇌ 𝐶𝐻 + 2𝐻 𝑂         Δ𝐻 = −177     (3) 

Besides these species, the product gas of the DFB gasifier 
also contains higher hydrocarbons like ethylene (C2H4). The 
hydrogenation of C2H4 to methane can be written as: 
 

𝐶 𝐻 + 2𝐻 → 2𝐶𝐻                Δ𝐻 = −209        (4) 

There are more reaction equations which can be considered 
in a methanation process, but are irrelevant for the purpose 
of this paper. A more detailed thermodynamic analysis for 
this process route can be found in [9].  

Commercially, only adiabatic fixed bed reactors are 
available today. This type of reactor is chosen because of 
the low construction effort for a single reactor and the low 
mechanical stress on the catalyst. However, there are some 
major drawbacks as well. Because of the highly exothermic 
methanation reactions, a reactor cascade with intermediate 
gas cooling and most of the time also product gas recycle is 
necessary. This in term increases the complexity of the 
overall process setup. In addition, the risk for catalyst 
deactivation by carbon depositions and/or coke formation is 
high. For these reasons, alternative reactor concepts have 
been investigated. Cooled fixed bed reactors, fluidized bed 
reactors, three-phase reactors and structured reactors have 
been proposed for this purpose. This variety of reactor 
concepts also lead to a wide range of reaction conditions. 
250 °C to 700 °C and 1 bara to 87 bara have been applied. 
Every reactor concept benefits from certain advantages but 
also shows disadvantages compared to adiabatic fixed 
beds. Fluidized bed reactors, for example, distinguish 
themselves by the improved heat and mass transfer. 
Therefore, nearly isothermal operation conditions and a high 
conversion close to the thermodynamic equilibrium even at 
lower temperatures are possible. Also, the risk for catalyst 
deactivation by coke formation is reduced and no separate 
water gas shift reactor prior to the methanation is necessary. 
All of the above points allow a shorter gas cleaning section 
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and reduce the number of required methanation reactors to 
a minimum. However, a drawback of the fluidized bed 
methanation reactor is the high mechanical stress on the 
catalyst. More information on the different reactor types can 
be found in [8], [10]–[12].  

There are two large-scale projects for the conversion of 
woody biomass to SNG based on the DFB gasification 
technology. The GoBiGas project (Gothenburg, Sweden) 
produced 20 MWSNG from the product gas of a DFB gasifier 
and utilized the commercially available TREMP process 
from Haldor Topsøe with 4 adiabatic methanation reactors 
with intermediate cooling and product gas recycling at a 
pressure of 16 bara. Together with the gas cleaning, the gas 
pretreatment and the gas upgrading, 16 main process steps 
are implemented in this plant. The second large-scale 
project was the 1 MWSNG plant in Güssing, Austria. This 
plant utilized a single fluidized bed methanation reactor and 
10 main process steps were necessary for the production of 
SNG from the product gas of the DFB gasifier. The operating 
conditions in the reactor were about 380 °C and 1 bara [8], 
[13].  

Some investigations have already been performed on 
fluidized bed methanation in small lab-scale test rigs. These 
investigations mainly focus on the assessment of the 
catalyst performance in fluidized beds with only a few 
millimeters in diameter [14], [15]. Other investigations in 
somewhat larger bubbling fluidized bed reactors, with a 
diameter of about 50 mm, were conducted by the Paul 
Scherrer Institute (PSI). Extensive studies on kinetics, 
carbon depositions and mass transfer phenomena were 
carried out. All investigations utilized a bubbling fluidized bed 
but hardly any considerations to the reactor design are 
mentioned [16]–[18]. Other studies propose advanced two-
stage methanation processes with a fluidized bed 
methanation reactor as the first stage and a fixed bed reactor 
as the second stage. However, these process setups were 
only theoretically proposed but have not been 
experimentally investigated so far [19], [20]. Neubert on the 
other hand already carried out experiments in a two-stage 
methanation process with intermediate water condensation 
including a structured reactor as the first stage and a fixed 
bed reactor as the second stage and reached to required 
gas quality for grid feed-in in Germany [21]. 

In this paper an internally circulating fluidized bed (ICFB) 
methanation reactor for improved heat and mass transfer is 
proposed and designed. Additionally, first results of fluid 
dynamic investigations of the ICFB are presented. The 
reactor concept is developed for the purpose of investigating 
the methanation process with bottled gases on the one hand 
and with ‘live gas’ from the 100 kWth DFB gasifier at TU Wien 
on the other hand.  
 
Concept and methodology 

Design 

ICFB’s have been studied and applied to various processes 
in the past and today. Because of the possibility to split the 
reactor in different reaction zones, it is used in coal and 
biomass gasification processes, for example. The 
development of the DFB technology at TU Wien is also 
based on an ICFB and has been optimized over the last 
three decades [22], [23].  

The ICFB reactor usually consists of one reactor with two 
separated fluidized beds and/or reaction zones, which are 
connected by the circulation of the solid material between 
the two zones. One possibility to separate the fluidized beds 
is by the insertion of a draft tube, which divides the reactor 
into an inner cylindrical fluidized bed and an outer annular 
fluidized bed. A schematic diagram of such an ICFB is 
shown in Fig. 1. By the independently controllable gas 

supply to each fluidized bed, it is possible to create a 
circulation between the two zones. For example, if there is a 
higher fluidization velocity inside the draft tube than in the 
annular region, the solids will rise in the draft tube and 
traverse downwards in the outer fluidized bed (green arrows 
in Fig. 1). ICFB’s with draft tube mainly distinguish 
themselves by the fluid velocity in the draft tube. If the 
velocity is low, such that the particles are not carried out of 
the fluidized bed, the result are two interconnected bubbling 
fluidized beds and the solid circulation works on the principle 
of an airlift pump. If the fluid velocity in the draft tube is well 
above the point of entrainment (𝑢 , se=significant 
entrainment), the particles are carried out of the draft tube 
and flow back into the outer zone by the widening of the 
reactor above the draft tube. This type is called fast internally 
circulating fluidized bed (FICFB). Besides this definition, 
ICFB’s can be distinguished by the type of the gas distributor 
or by the type of connection between the two reactor zones 
[24]–[27].  

The proposed reactor concept is designed according to 
the following design parameters. The minimum fluidization 
velocity (𝑢 ) (Eq. 5) and 𝑢  (Eq. 6) are calculated 
according to Grace [28] and Bi and Grace [29], respectively.  
 

𝑢 =
 

√27.2 + 0.0408 𝐴𝑟 − 27.2           (5) 

 

𝑢 =
 

 1.53 𝐴𝑟 .              (6) 

 
Where 𝐴𝑟 is the Archimedes number. 
 

𝐴𝑟 =
   

                 (7) 

 
In order to calculate these parameters, gas properties like 
the dynamic viscosity 𝜇 and the density 𝜌  must be known 
under the prevailing reaction conditions. For this reason, a 
model in the process simulation software IPSEpro was 
implemented. In this software, the property data for all 
required substances are implemented. These substances 
are H2, CO, CO2, CH4, H2O, N2 and C2H4. Besides the 
property data of the gases, also the property data of the solid 
bed material must be defined. The defined bed material has 
a Sauter diameter of 𝑑 = 165 𝜇𝑚 and a particle density of 
𝜌 = 2000 𝑘𝑔 𝑚⁄ . These values resemble the Ni/Al2O3-
catalyst, which was synthesized especially for the utilization 
in a fluidized bed. Another useful definition for the 
characterization of the two fluidized beds is the superficial 
velocity in relationship to 𝑢 . This relationship can be 
defined for both the inner (𝑢 /𝑢 , i.e. draft tube) and the 
outer (𝑢 /𝑢 , i.e. annular region) fluidized bed. Division of 
these two values leads to the fluidization ratio, 
 

𝑓𝑙𝑢𝑖𝑑𝑖𝑧𝑎𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑖𝑜 = =            (8) 

 
which characterizes the circulation between the fluidized 
beds. Furthermore, the reaction conditions in the design 
case are set to 300 °C and 1 bara. The low temperature is 
possible because of the superiority of the fluidized bed in 
terms of heat management. It allows a high conversion and 
thus a methane-rich gas in a single reactor unit. Atmospheric 
pressure is chosen because the DFB gasification process 
works under ambient pressure and the energy, which is 
required for the pressurization of the feed gas, is omitted. 
Additionally, thermodynamic calculations reveal that there is 
only a mild influence of pressure on the gas composition 
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especially at low temperatures [9]. The temperature of the 
feed gas at the inlet to the reactor is set to 250 °C.  

For the design of the fluidized bed, it is important to 
consider the chemical reactions taking place in the reactor. 
Not only the gas composition changes during the 
methanation process, but also the volume contracts (see 
Eq. 1,3 and 4). In the case of methanation it has been 
reported that the reaction kinetics are fast and the 
thermodynamic equilibrium can be approached within the 
first few millimeters of the reactor height [30]. Both 
statements justify the use of the exit gas 
composition/properties and volume flow in the 
thermodynamic equilibrium for the fluid dynamic calculations 
of the fluidized bed. Four typical feed gas compositions were 
used for the design of the reactor.  
 

 a stoichiometric mixture of H2 and CO2 
(H2:CO2 = 4:1). 

 a stoichiometric mixture of H2 and CO 
(H2:CO = 3:1). 

 a typical product gas composition from the DFB 
steam gasification with wood as fuel and olivine as 
bed material (typ. product gas) [23]. 

 a typical product gas composition from the sorption 
enhanced reforming process (SER) [31]. 

 
Fluid dynamic investigations 
 
In order to characterize the fluid dynamic behavior of the 
ICFB cold flow experiments are carried out. The 
investigations focus on the determination of the pressure 
difference between the draft tube and the annular region of 
the ICFB as well as the gas slip between the two regions. As 
bed material quartz sand with similar properties as the 
catalyst is used. It characterizes as a Geldart group B 
material with a Sauter diameter of 𝑑 = 143 𝜇𝑚 and a 
particle density of 𝜌 = 2600 𝑘𝑔 𝑚⁄ . Fig. 1 shows the 
location of the pressure measurements. In order to obtain 
the pressure difference in the upper gap the pressure in the 
annular region (pa) is subtracted from the pressure in the 
draft tube (pd). This difference is an indication for the 
circulation of the bed material between the two regions as 
stated in [24]. The measurements are carried out with 
Kalinsky DS2 pressure transmitters. The gas slip on the 
other hand has an influence on the superficial velocity in the 
fluidized beds as well as on the gas compositions. The latter 
is important if two different feed gas streams are introduced 
to the two fluidized bed regions. This would be the case if, 
for example, an advanced two-stage methanation process in 
one reactor is investigated. In this case, the feed gas could 
be introduced to the draft tube and the exit gas of the draft 
tube then could be recycled to the annular region with a 
partial water condensation in between. The gas slip can be 
determined by introducing a tracer gas to one of the fluidized 
beds and measuring the concentration of the tracer gas after 
the draft tube (yd), the annular region (ya) and in the inlet 
stream (yi). In our case, the tracer gas was CO2 and its 
concentration was measured with an Emerson NGA 2000 
gas analyzer module. A CO2 mass balance then leads to 
Eq. 9 and Eq. 10 for the gas slip from the draft tube to the 
annular region (Sa) and vice versa (Sd). 
 
𝑆 = �̇�                  (9) 

 
𝑆 = �̇� 𝑦

( )
+ �̇� 𝑦          (10) 

 

�̇�  and �̇�  denote the set volume flows to the draft tube and 
the annular region, respectively. All variables are also 
graphically represented in Fig. 1 and additionally also the 
direction of the gas slip is denoted with red arrows. The 
assumption that the gas slip to the draft tube (Sd) mainly 
takes place in the lower gap was experimentally confirmed 
in preliminary tests, while the assumption that the gas slip to 
the annular region (Sa) mainly takes place in the upper gap 
was shown to be a valid approximation in [24]. 
 
Results 

Design 

In Fig. 2a and Fig. 2b the feed gas composition and the 
equilibrium exit gas composition, respectively, are displayed 
for the four reference cases. The H2:CO2 feed gas mixture 
leads to an exit gas which consists mostly of CH4 and H2O. 
The latter can be easily condensed after the reactor but 
needs to be considered for the fluid dynamic design. The 
high water content can be explained by Eq. 3. It shows that 
two moles of H2O are formed per mole of CO2. The H2:CO 
feed gas mixture shows a similar result, but with a higher 
CH4 and a lower water content. For the typical product gas, 
the high CO2 content is - besides CH4 and H2O - a relevant 
component for the fluid dynamic calculation. This is due to 
the understoichiometric hydrogen to carbon ratio of this feed 
gas. The SER product gas on the other hand produces an 
exit gas with a similar composition as the H2:CO feed gas 
mixture. The CO in the feed gas is almost completely 
converted for all feed gases. In Fig. 2c the corresponding 
excess heat released by the exothermic reactions and the 
volume contraction for each feed gas mixture is depicted. 
The volume contraction is given in percent of the feed gas 
volume. The highest contraction takes place with the H2:CO 
feed gas. The volume of the exit gas reduces to almost 50% 

Figure 1: Schematic diagram of the ICFB reactor with bed 
material circulation (green arrows) and the direction of the gas 

slip (red arrows) 
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of the volume of the feed gas. The excess heat on the left 
axis indicates how much heat is released by the exothermic 
reactions and therefore needs to be removed by the reactor 
cooling to ensure an isothermal operation. It is given in kW 
per kW of chemical energy of the exit gas. The H2:CO 
mixture leads to the highest amount of produced heat with 
about 0.25 kW/kW.  

With this knowledge, it is possible to calculate the fluid 
dynamic parameters and in further consequence determine 
the plant size and the plant design. The calculation is done 
by varying the size parameters of the fluidized beds and 
checking the required volume flows and the fluidization ratio. 
Based on this iteration a decision for a plant size is made. 
Consequently, the results for these size parameters are 
shown. The diameter of the inner fluidized bed is 80 mm and 
the diameter of the annular fluidized bed is 164 mm. The 
decision for this size is based on the following limitations: i) 
the amount of gas in the feed must be covered by gas 
cylinders and is therefore limited because of economic 
considerations, ii) the excessive heat must be manageable 
in the reactor, iii) the amount of product gas from the 
100 kWth pilot plant must be sufficient (typically 20-30 Nm3/h 
on a dry basis), iv) the size of the fluidized beds should not 
be below a certain scale limit in order to have a 
representative size for further upscaling considerations. 
Table 1 shows the results of this calculation. 𝑢  and 𝑢  as  

 
Table 1: U  and U  as well as calculation results for the four 

investigated feed gas compositions and three different fluidization 
ratios 

Parameter Unit Gas compositions 

  
H2:CO2 
= 4:1 

H2:CO 
= 3:1 

SER 
Typ. prod. 

gas 
𝑈  cm/s 2.0 2.03 1.98 1.68 

𝑈  cm/s 464 468 454 358 

𝑼𝒅 𝑼𝒂⁄ = 𝟓/𝟐 
Volume flow 
feed Nm3/h 2.76 3.36 2.59 2.08 

Excess heat kW 1.1 2.14 1.1 0.96 
Chem. Energy 
exit gas 

kW 5.54 8.41 8.64 6.02 

𝑼𝒅 𝑼𝒂⁄ = 𝟏𝟎/𝟑 
Volume flow 
feed Nm3/h 4.82 5.88 4.53 3.66 

Excess heat kW 1.92 3.74 1.91 1.68 
Chem. Energy 
exit gas 

kW 9.68 14.7 15.1 10.53 

𝑼𝒅 = 𝑼𝒔𝒆, 𝑼𝒂 = 𝟎 
Volume flow 
feed Nm3/h 63.6 77.1 59.1 44.3 

Excess heat kW 25.35 49 25 20.3 
Chem. Energy 
exit gas 

kW 127.8 193 197 127.4 

 
well as the chosen fluidization ratios, the required volume 
flows of the feed gas, the excess heat, which is produced by 
the exothermic reactions, and the chemical energy of the exit 
gas (i.e. the raw-SNG) are listed for the four previously 
defined feed gas compositions. The fluidization ratio of 5/2 
represents the standard design case and the fluidization 
ratio of 10/3 the maximum design case. The resulting 
maximum values are displayed in bold numbers. The 
maximum volume flow of 5.88 Nm3/h of feed gas for the 

H2:CO mixture can be covered from gas cylinders. This list 
also shows that the reactor cooling must dissipate a 
maximum of 3.74 kW. In the last section of the table, values 

 

 

Figure 3: 3D-CAD drawing of the ICFB reactor: isometric view 
of the whole reactor (left), sectional view of the lower reactor 

part (right) 

Figure 2: Gas compositions used for the design of the fluidized 
bed reactor: a) feed gas composition, b) exit gas composition 

according to the thermodynamic equlibrium at 300 °C and 1 bara, 
c) heat dissipation and volume contraction during the conversion 

of the feed gas to the exit gas 
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for the design of a FICFB are given. In this case, the velocity 
in the draft tube is equal to 𝑢 . The resulting volume flows 
and the excess heat are by an order of magnitude higher 
than in the previous cases. This volume flow can neither be 
covered by gas cylinders nor by the DFB pilot plant. Vice 
versa, if the volume flows are reduced to a manageable 
level, the reactor diameter is considered too small for a 
representative operation. Therefore, the design and 
construction of a FICFB is not expedient in this case. 

Based on these calculations a 3D-CAD drawing of the 
ICFB reactor is created. The left picture in Fig. 3 shows the 
complete reactor from the outside. The lowest part of the 
drawing shows the two windboxes, which allow an individual 
gas flow to the two fluidized beds. The flange above the 
windbox incorporates the gas distributor, which is in this 
case made of 22 pneumatic silencers. This flange connects 
to the actual reactor zone where the reaction takes place. 
Above the reaction zone are two conical freeboards – one 
for the annular fluidized bed and one for the draft tube. The 
gas streams then leave the reactor by two separate pipes. 

The various small pipes coming off of the reactor are used 
for the installation of temperature sensors as well as 
connection points for pressure or gas measurements. 

In the right part of Fig. 3, a section view of the lower 
reactor part is shown. The bed material is fluidized and the 
reaction takes place in the depicted area above the gas 
distributor. In order to manage the heat released by the 
exothermic reactions, the draft tube is cooled by an air 
perfused coil. Below and above the draft tube the gap for the 
bed material circulation can be seen (upper gap and lower 
gap). A cooling jacket on the outside of the reactor 
additionally cools the annular part of the ICFB with air. The 
air crisscrosses several times in the cooling jacket before it 
is exhausted. The exiting raw-SNG can be separately 
withdrawn from the reactor through the inner pipe and the 
outer conical annular region. 

Subsequently a P&I diagram of the whole process setup 
is drafted based on the results from the calculations and the 
3D-CAD drawing (Fig. 4). All temperature, pressure, gas 
volume flow and gas measurement points are displayed in 
the flowchart. The plant is equipped with a maximum of 10 
pressure and 29 temperature measurement points. Also, 5 
gas measurement points for the measurement of the gas 

Figure 4: P&I flowchart of the process setup  
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composition with online measuring devices are included 
(denoted by ‘Analysis’ in the flowchart). All pressure 
measurement points are flushed with a small amount of 
nitrogen to protect the pressure transmitters and to clear the 
pipes from reacting gases and bed material. In the bottom 
left corner of the flowchart, the gas cylinders are depicted. 
The volume flows of the single gas components are 
controlled by variable area flow meters (also called 
rotameters) with an integrated needle valve. The mixed gas 
is then split up into two streams in order to supply the gas 
flow to the draft tube and the annular fluidized bed. Again, 
rotameters are used to set the split ratio between the two 
regions. The composition of the mixed feed gas can be 
verified at the point marked with ‘Analysis’. Afterwards the 
feed gas streams are preheated to 250 °C (design case) by 
electrical heating cartridges. Additionally, heating tapes are 
used to equalize the heat losses in the pipes from the 
heating cartridges to the reactor. In the reactor itself, 
temperature, pressure and gas measurement points are 
installed over the height of the annular fluidized bed in order 
to obtain axial profiles. In the draft tube the measurement is 
carried out by vertically moveable pipes which also yield 
axial profiles. At the two exits of the reactor, the composition 
of the two gas streams from the draft tube and the annular 
zone can be measured separately. These two gas streams 
are then mixed and the gas composition can be measured 
again. Afterwards, the gas flows through a filter stuffed with 
glass wool. The plant parts after the reactor are also 
equipped with heating tapes in order to prevent water 
condensation. A bypass allows changing the filter material 
during operation, if any problems should arise. The exit gas 
is then directed to a natural gas operated torch where the 
raw-SNG is burnt. Eventually, the flue gases are ventilated 
through a chimney. At the bottom center of the flowchart the 
pressurized air supply for the reactor cooling is depicted. 
Again, rotameters with a needle valve control the volume 
flow of the cooling air. For the plant start-up phase, the air 
can be preheated the same way the feed gas is preheated. 
The cooling air leaving the reactor is also ventilated through 
the chimney. In order to enable the water-gas shift reaction, 
water vapor can be dosed individually to the two fluidized 
beds. Additionally, the installation of two safety valves 
ensure a safe operation of the plant.  

The shown configuration in Fig. 4 is designed and 
constructed for the operation with gas cylinders and ‘live-
gas’ from the DFB pilot plant at TU Wien. The latter case is 
not shown in the flowchart. Regarding the construction of the 
plant, there is, however, no change necessary. The 
flowchart also shows that the separate exit gases from the 
draft tube and the annular zone are merged together after 
the reactor. This can be easily adapted for the investigation 
of a two-stage methanation process. The exit gas from the 
annular zone can be recirculated to the draft tube by the 
installation of a recirculation pipe as well as a blower. 
Additionally, a partial water condensation in the recirculation 
pathway can be installed. Both measures possibly allow an 
enhanced conversion of the feed gas to methane.  

In Fig. 5, a picture of the bench-scale ICFB methanation 
setup at TU Wien is shown. The picture shows the plant 
without insulation and without heating tapes. On the right, 
the connection points to the gas cylinders and the 
pressurized air are located. Here, also the rotameters for the 
feed gas splitting and the cooling air are shown. On the left 
middle the actual ICFB reactor is placed. The exhaust gas 
pathway follows to the left of the reactor. The pressure 
transmitters and the electrical installations are located on the 
back of the plant in the control cabinet. Each of the 4 heating 
cartridges has an installed electrical power of 1.2 kW. 
Together with the heating tapes and the water evaporators, 

the plant has a maximum installed electrical power of about 
11.5 kW.  
 
Fluid dynamic investigations 

In Fig. 6 the pressure difference in the upper gap between 
the draft tube and the annular region is shown over the 
fluidization ratio ud/ua. In the P&I flowchart, the 
corresponding pressure measurement points are PIR44 and 
PIR40. The graph shows that the pressure difference 
increases with an increasing fluidization ratio. With a high 
accuracy, this relationship is shown to be of a quadratic 
nature and can be seen as an indication for the bed material 
circulation rate. Additionally, also the absolute fluidization 
velocities influence the pressure difference. I.e. a higher ua 
and therefore also a higher ud lead to a higher pressure 
difference at a constant fluidization ratio. These results are 
in accordance with [24], who also found that the pressure 
difference gives an indication for the bed material circulation 
rate.  

Fig. 7 shows the gas slip from the draft tube to the annular 
region (Sa) in Nm3/h over the fluidization ratio ud/ua for 
different fluidization velocities (ua=1.5-3.9umf) and two 
different sand filling levels. In Fig. 7a, the sand completely 

Figure 6: Pressure difference in the upper gap over the fluidization 
ratio 

Figure 5: Picture of the bench-scale methanation setup at TU 
Wien 
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covers the upper gap even when the reactor is not fluidized, 
while in Fig. 7b the upper gap is not completely covered with 
sand as long as the reactor is not fluidized.  

The results for the fully covered gap in Fig. 7a show a 
steep incline of the gas slip with a rising ud/ua. The rising gas 
slip is in accordance with the increasing pressure difference 
in the upper gap (cf. Fig. 6). This increased pressure leads 
to a higher bed material circulation rate and simultaneously 
also pushes the gas from the draft tube to the annular region. 
Besides the influence of the fluidization ratio, also the 
absolute fluidization velocities determine the gas slip to a 
large extent. Like the pressure difference, higher fluidization 
velocities lead to a higher gas slip. Between 5*10-3 and 0.15 
Nm3/h, which is equal to a relative gas slip between 0.4 to 
5 % of �̇� , slip to the annular region. In Fig. 7b on the 
contrary, the only partially covered upper gap leads to a 
much higher gas slip compared to the fully covered gap, 
because the gas is able to flow from the draft tube to the 
annular region without resistance from the bed material. 
With an increasing fluidization ratio (for ua=1.5umf and 
ua=2.4umf), the gas slip decreases because the bed material 
expands further and therefore also the gap closes gradually. 
At a certain fluidization ratio, the gap is fully closed and the 
gas slip increases again with higher fluidization ratios. If the 
absolute fluidization velocities are high enough in order to 
cover the gap even at low fluidization ratios (e.g. ua=3.9umf), 
the course of the curve is similar to the curves in Fig. 7a.  

The gas slip from the annular region to the draft tube Sd 
does not show such a clear correlation with the fluidization 
ratio as Sa. Nevertheless, it could be shown that Sd ranges 
between 0.1 and 0.76 Nm3/h, which is equal to a relative gas 
slip between 4 to 43% of �̇� . Hence, Sd is almost an order of 
magnitude higher than Sa and thus has a significant impact 

on the fluidization velocity and the gas composition in the 
draft tube. These results are again in accordance with 
Hofbauer [24] who also found that Sd is much higher than Sa. 
 
Conclusion and Outlook 

In this work, an ICFB has been proposed and designed for 
the optimized catalytic methanation of syngas from the DFB 
gasification process. Additionally, first results from fluid 
dynamic investigations in the ICFB have been presented. 
The application of a fluidized bed shows advantages in 
terms of heat management, conversion efficiencies and the 
prevention of catalyst fouling by coke depositions. 
Additionally, the whole process setup of the BtG process 
route is simplified. This work has shown, that the design of 
an ICFB for catalytic methanation requires careful 
thermodynamic modelling (Fig. 1). Besides the different gas 
compositions and properties, also the volume contraction of 
the gas during methanation must be considered. 
Additionally, the heat evolution by the exothermic reactions 
must be modelled in order to design a suitable cooling 
system to ensure an isothermal operation of the fluidized 
bed. The consideration of different operating conditions has 
been used to determine the plant size and point out the limits 
of a technical and economical operation (Table 1). These 
considerations have resulted in a novel reactor design for 
the production of maximum 15 kW of raw-SNG from about 
6 𝑁𝑚 /ℎ of syngas. Additionally, fluid dynamic 
investigations have shown that the pressure difference in the 
upper gap between the draft tube and the annular region is 
proportionate to the fluidization ratio and most likely also to 
the bed material circulation rate. The determination of the 
gas slip between the two fluidized beds has also shown a 
clear correlation with the fluidization ratio. A completely 
covered upper gap has been shown to be essential for a 
minimal gas slip. Simultaneously, the gas slip from the 
annular region to the draft tube has been found to be by an 
order of magnitude higher than the gas slip from the draft 
tube to the annular region. Further investigations concerning 
the fluid dynamics should focus on the determination of the 
gas slip from the annular region to the draft tube and on the 
quantification of the bed material circulation rate. With 
respect to the actual methanation, the designed ICFB 
reactor will be used to investigate the methanation reactions 
with syngas from gas cylinders. Additionally, the plant will be 
integrated into the whole BtG process chain, where it is 
connected to the 100 kWth DFB pilot plant and a gas 
cleaning section in order to demonstrate ‘live-gas’ 
methanation.  
 
Acronyms 

BtG biomass-to-gas 

CAD computer aided design 

DFB dual fluidized bed 

FICFB fast internally circulating fluidized bed 

ICFB internally circulating fluidized bed 

SER sorption enhanced reforming 

SNG synthetic natural gas 

 
Symbols 

𝐴𝑟 Archimedes number 

𝑑  Sauter diameter in 𝜇𝑚 

Figure 7: Gas slip to the annular region (Sa) over the fluidization 
ratio for different ua: a) sand covers the upper gap completely, b) 

sand covers the upper gap only partially 
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𝑢  superficial velocity in the annular 
fluidized bed in cm/s 

𝑢  superficial velocity in the draft tube in 
cm/s 

𝑢  minimum fluidization velocity in cm/s 

𝑢  velocity where significant entrainment 
occurs (= fast fluidized bed) in cm/s 

𝜇 dynamic viscosity in Pas 

𝜌  density of the gas in kg/m3 

𝜌  particle density in kg/m3 

𝑆  gas slip from the draft tube to the 
annular region in Nm3/h 

𝑆  Gas slip from the annular region to the 
draft tube in Nm3/h 

�̇�  volume flow to annular region in Nm3/h 

�̇�  volume flow to annular region in Nm3/h 

𝑦  volume fraction of CO2 above the 
annular fluidized bed 

𝑦  volume fraction of CO2 above the draft 
tube 

𝑦  volume fraction of CO2 in the feed gas 
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