
DISSERTATION

Advancing Continuous Biomanufacturing: Quality

Control and Process Intensification Strategies for

Perfusion Cell Culture

ausgeführt zum Zwecke der Erlangung des akademischen Grades eines Doktors der
technischen Wissenschaften eingereicht an der Technischen Universität Wien,

Fakultät für Technische Chemie

von

Patrick Romann, MSc
Matrikelnummer 12130537

unter der Anleitung von

Prof. Dipl.-Ing. Dr.nat.techn. Oliver Spadiut

Institut für Verfahrenstechnik, Umwelttechnik und technische Biowissenschaften
Forschungsbereich Integrated Bioprocess Development

Technische Universität Wien,
Getreidemarkt 9/166-4, A-1060 Wien
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Abstract

Emerging product classes, like fusion proteins, antibody-drug conjugates (ADCs),

and bispecifics, are reshaping the landscape of biologics. Biosimilars have also en-

tered the market in recent years. As competition grows and product pipelines ex-

pand, continuous manufacturing of biologics has gained momentum due to its poten-

tial for process intensification. A number of manufacturers are evolving or adapting

their production platform to use perfusion cell culture and continuous downstream

purification principles to benefit from more productive and faster production and

purification capabilities.

The present work aims at providing a product quality control framework for

intensified steady-state perfusion processes, with the objective to build a time-

independent integrated continuous biomanufacturing platform for biologics in Chi-

nese hamster ovary (CHO) cells. A prerequisite for such a continuous manufacturing

platform is a steady-state perfusion cell culture yielding consistent product quality

over time. This is especially challenging for highly intensified processes, almost

indispensably requiring real-time process control to detect process excursions and

initiate preventive actions to avoid product quality drifts. Process analytical tech-

nologies (PAT) such as multivariate spectroscopic sensors are promising tools to

enable real-time process monitoring and control, yet direct measurement of criti-

cal quality attributes such as glycosylation remains extremely challenging due to

relatively low concentrations and complex process matrices. Leveraging the under-

standing of the relationship between critical process parameters (CPPs) and critical

quality attributes (CQAs), according to the Quality by Design (QbD) principle, ap-

pears to be a more tangible approach. This strategy involves estimating CQAs based

on real-time PAT measurements of CPPs. However, spectroscopic sensor calibration

remains a challenging and time-consuming task, especially for perfusion processes

with inherently low process variability.

The first step towards incorporating spectroscopic PAT tools into the manufac-

turing platform involved therefore the creation of a novel PAT sensor calibration

method designed specifically for steady-state perfusion. This approach enables the
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development of exceptionally precise and robust prediction models within a mat-

ter of days, as opposed to the traditional duration of several months. With this

method in place, a real-time Raman spectroscopy feedback control strategy was es-

tablished, reducing ammonium accumulation 3-fold, which in turn stabilized CQAs

of the bispecific antibody product. Various critical glycoforms, such as high man-

nose glycans and fucosylation, were stabilized to yield standard deviations below

0.2% over the course of a 40-day perfusion process, qualifying the operation as time-

independent manufacturing process. Additionally, promising glycosylation mod-

ulators to fine-tune antibody-dependent cell-mediated cytotoxicity (ADCC) were

successfully screened and evaluated for applicability in continuous manufacturing,

representing a particularly interesting tool to match reference product quality in the

biosimilars field.

This work further investigated potential process intensification strategies to boost

productivity with a particular focus on their impact on product quality. Technologies

for innovative bleed recycling applications were evaluated and scaled to manufactur-

ing scale, with the intent to selectively concentrate the biomass and recycle the liquid

fraction containing the product, which would otherwise be wasted. In conjunction

with extended culture durations enabled through product quality stabilization by

real-time control, a novel operating mode for frequently applied hollow fiber-based

tangential flow filtration (TFF) was proposed. Additional harvest volumes gained

through process intensification can be handled, thereby alleviating extensive product

retention or premature filter clogging as experienced for standard TFF operation.

In summary, the implementation of the developed quality control framework

represents a significant contribution to the field of continuous biomanufacturing, as

exemplified by an intensified CHO perfusion process producing a glycosylated bis-

pecific antibody. QbD principles in combination with Raman spectroscopy as PAT

technology ensure time-independent product quality profiles under highly intensified

manufacturing conditions, thereby qualify the perfusion upstream process for seam-

less incorporation into the integrated continuous biopharmaceutical manufacturing

platform.
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Zusammenfassung

Aufstrebende Produktklassen wie Fusionproteine, Antikörper-Wirkstoff-Konjugate

(ADCs) und Bispezifika revolutionieren das Feld der Biologika, während Biosimilars

in jüngerer Vergangenheit Marktzutritt erlangt haben. Mit wachsendemWettbewerb

und der Erweiterung der Produktpipelines erhält die kontinuierliche Produktion von

Biologika durch ihr Potenzial zur Prozessintensivierung immer mehr Auftrieb. Eine

Reihe von Herstellern entwickelt ihre Produktionsplattform weiter oder passt sie an,

um die Prinzipien der Perfusionszellkultur und der kontinuierlichen nachgeschalteten

Aufreinigung zu nutzen und so von produktiveren und schnelleren Produktions- und

Aufreinigungsmöglichkeiten zu profitieren.

Ziel dieser Arbeit ist es, einen Rahmen zur Qualitätskontrolle für intensivierte

Steady-state-Perfusionsprozesse zu entwickeln, um eine zeitunabhängige integrierte

kontinuierliche Produktionsplattform für Biologika in Chinesischen Hamster Ova-

rialzellen (CHO) zu etablieren. Voraussetzung für eine solche kontinuierliche Pro-

duktionsplattform ist eine Steady-state-Perfusionskultur, die über die Zeit hinweg

eine gleichbleibende Produktqualität liefert. Dies ist insbesondere für hochintensi-

vierte Prozesse eine Herausforderung, die eine Echtzeit-Prozesskontrolle nahezu un-

abdingbar macht, um Prozessabweichungen frühzeitig zu erkennen und vorbeugende

Maßnahmen zur Vermeidung von Qualitätsabweichungen einzuleiten. Obwohl Pro-

zessanalysetechnologien (PAT), wie multivariate spektroskopische Sensoren, großes

Potenzial zur Ermöglichung von Echtzeit-Prozessüberwachung und -steuerung bie-

ten, bleibt die direkte Messung kritischer Qualitätsmerkmale wie der Glykosylie-

rung aufgrund relativ niedriger Konzentrationen und komplexer Prozessmatrizen

extrem anspruchsvoll. Ein vielversprechender Ansatz scheint hierbei das Verständnis

der Beziehung zwischen kritischen Prozessparametern (CPPs) und kritischen Qua-

litätsattributen (CQAs) gemäß dem Quality by Design (QbD) Prinzip zu nutzen.

Diese Strategie beinhaltet die Abschätzung der CQAs basierend auf Echtzeit-PAT-

Messungen der CPPs. Die Kalibrierung von spektroskopischen Sensoren bleibt al-

lerdings eine herausfordernde und zeitaufwendige Aufgabe, insbesondere für Perfu-

sionprozesse mit intrinsisch niedriger Prozessvariabilität.
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Der erste Schritt zur Integration spektroskopischer PAT-Sensorik in die Produk-

tionsplattform bestand daher in der Entwicklung einer neuartigen Kalibrierungsme-

thode für PAT-Sensoren, die speziell für Steady-state-Perfusion ausgelegt ist. Dieser

Ansatz ermöglicht die Entwicklung von äußerst präzisen und robusten Vorhersage-

modellen innerhalb weniger Tage, im Gegensatz zu der herkömmlichen Dauer von

mehreren Monaten. Mit dieser Methode wurde eine Echtzeit-Raman-Spektroskopie-

Kontrollstrategie etabliert, die die Anreicherung von Ammonium auf ein Drittel

reduzierte und somit die CQAs des bispezifischen Antikörperprodukts stabilisier-

te. Verschiedene kritische Glykolysierungsformen, wie hohe Mannose und Fucosy-

lierung, wurden so stabilisiert, dass die Standardabweichungen über den Verlauf

eines 40-tägigen Perfusionprozesses unter 0.2% lagen, was das Verfahren als zeitu-

nabhängigen Produktionsprozess qualifizierte. Darüber hinaus wurden vielverspre-

chende Glykosylierungsmodulatoren zur Feinabstimmung der antikörperabhängigen

zellvermittelten Zytotoxizität (ADCC) erfolgreich gescreent und auf ihre Anwend-

barkeit in der kontinuierlichen Herstellung hin untersucht, was ein besonders inter-

essantes Instrument zur Anpassung der Qualität von Referenzprodukten im Bereich

der Biosimilars darstellt.

Diese Arbeit untersuchte weiterhin mögliche Prozessintensivierungsstrategien zur

Steigerung der volumetrischen Produktivität mit besonderem Fokus auf ihre Aus-

wirkungen auf die Produktqualität. Technologien für innovative Bleed-Recycling-

Anwendungen wurden evaluiert und auf Produktionsgröße skaliert, mit der Absicht,

die Biomasse im Bleed selektiv zu konzentrieren und den Flüssigkeitsanteil, der das

Produkt enthält und sonst verschwendet würde, zum Bioreaktor zurückzuführen.

In Kombination mit verlängerter Kultivierungsdauer, die durch die Stabilisierung

der Produktqualität durch Echtzeitkontrolle ermöglicht wird, wurde ein neuarti-

ger Betriebsmodus für häufig angewandte hohlfaserbasierte Tangentialflussfiltration

(TFF) vorgeschlagen. Auf diese Weise können zusätzliche Erntevolumina, die durch

die Prozessintensivierung gewonnen werden, gehandhabt werden, wodurch eine um-

fangreiche Produktretention oder ein vorzeitiges Verstopfen des Filters, wie es bei

der Standard-TFF der Fall sein kann, vermieden wird.

Zusammenfassend lässt sich sagen, dass die Implementierung des entwickelten

Qualitätskontrollrahmens einen bedeutenden Beitrag zum Bereich der kontinuierli-

chen Produktion von Biologika darstellt, wie am Beispiel eines intensivierten CHO-

Perfusionsprozesses zur Herstellung eines glykosylierten bispezifischen Antikörpers

gezeigt wurde. QbD-Prinzipien in Kombination mit Raman-Spektroskopie als PAT-

Technologie gewährleisten zeitunabhängige Produktqualitätsprofile unter intensi-

vierten Herstellungsbedingungen und qualifizieren den Perfusionsprozess für die
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nahtlose Integration in eine vollkontinuierliche Produktionsplattform.
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Šoóš from UCT Prague for his expert advice on gravity settler design, and to Evgueni

Voronkov, Matthew McRae, and Roystein Bulman from Nova Biomedical for their

collaboration on cell culture sampling.
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1 Introduction

1.1 Background on biopharmaceutical manufac-

turing

The field of biopharmaceutical manufacturing began its journey with the identifi-

cation of several macromolecular molecules with promising characteristics to treat

diseases. As such, insulin was found to effectively treat diabetes in 1921 and was

extracted from the pancreas of pork [1]. Similarly, other macromolecules such as

Factor VIII, a vital blood clogging protein to treat hemophilia A, were obtained from

human blood plasma. However, these extraction methods from animal or human

sources had their limitations and were bearing risk for patients. Non-human derived

products often resulted in severe immunologic responses, whereas human-derived

products were prone to transmit other diseases such as acquired immune deficiency

syndrome (AIDS) from donor to patient [2].

The advent of genetic engineering in the 1970s revolutionized biopharmaceutical

manufacturing and allowed to insert genetic sequences into bacteria or other cell

lines coding for the product of interest. Many biopharmaceuticals no longer had

to be extracted from animal or human sources but could instead be recombinantly

manufactured in a much safer and better controlled bioreactor environment. Re-

combinant insulin was the first approved recombinant protein by the U.S. Food and

Drug Administration (FDA) in 1982 and produced in bacteria [3], whereas factor

VIII due to its complex post-translational modification was produced in CHO cells,

which was approved in 1992 [2].

Parallel to these developments, the first monoclonal antibody (mAb) was created

using hybridoma technology in 1975 [4]. In 1986, the first murine mAb muromonab-

CD3 (OKT3) to prevent transplant rejection was approved. Monoclonal antibodies

have since experienced unprecedented success in treating cancer, auto immune and

inflammatory diseases and infectious diseases [5]. With over 162 approved therapies

worldwide and an ever-increasing demand, mAbs constitute the largest and fastest
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growing class of biologics [6–8]. At the same time, more complex protein formats

such as antibody-drug conjugates (ADCs), bispecific antibodies or fusion proteins

are being developed with the aim to achieve advanced therapeutic applications [9].

As the biologics landscape undergoes rapid evolution, manufacturing complexity

is on the rise, necessitating a shift from the relatively standard monoclonal anti-

body (mAb) platform processes that have been extensively developed over the past

decades to more advanced manufacturing strategies [10]. Advancements in bioman-

ufacturing that offer enhanced flexibility and intensified manufacturing capabilities

are therefore crucial to address the demands of these complex protein formats.

1.2 Monoclonal antibodies and advanced antibody

therapeutics

Antibodies, complex glycoproteins of the adaptive immune system, are generated

by B-lymphocytes within the human body and provide a fast yet effective response

to foreign immunogens [11, 12]. The structure of an antibody, also immunoglobu-

lins (Ig), is composed of four polypeptide chains – two identical heavy chains (γ,

α, µ, δ or ϵ isotype, 50 – 77 kDa) and two identical light chains (κ or λ isotype,

25 kDa) covalently bound by disulfide bridges at conserved cysteine residues. The

heavy chains of the Ig are composed of one variable domain (VH) and three to four

constant domains (CH1-4). Variability in the constant region of the heavy chain

determines the isotype of the antibody (IgG, IgA, IgM, IgD, and IgE), graphically

illustrated in Figure 1.1. The light chains consist of one variable domain (VL) and

one constant domain (CL). Antibody specificity is generated by the Fab region,

the composition of the entire light chain and the VH combined with the adjacent

constant domain of the heavy chain (CH1), located at both tips of the Y-shaped

molecule. The remaining heavy chain domains build the crystallizable fragment (Fc

domain), enabling cell-mediated immune responses, such as antibody-dependent cel-

lular cytotoxicity (ADCC), as well as complement-based immune responses, notably

complement-dependent cytotoxicity (CDC). Additionally, the Fc domain plays a

significant role in promoting phagocytosis and the clearance of pathogens [13–15].

Glycosylation, both O-linked and N-linked, contribute to roughly 3% of the molec-

ular weight of the IgG isotype, but can increase up to 14% for highly glycosylated

isotypes such as IgM, IgE and IgD and is mainly located in the constant domains

of the heavy chain [11].

Even though five different Ig isotypes exist, marketed antibody products mainly

represent the IgG isotype for multiple reasons. Firstly, IgG isotypes are with around
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Figure 1.1: Schematic representation of different Ig isotypes, with heavy chain
(blue) and light chain (purple). N-glycosylation sites are shown with complex
(red) and oligomannose (green). O-glycosylation is represented as yellow. Disul-
fide bridges are represented by black lines. Figure reprinted form literature [11].

80% the most abundant isotype in human blood serum, reflecting their importance in

the immune system [14, 15]. Secondly, they both efficiently trigger ADCC and CDC,

being pivotal for the potency and therapeutic success of these antibodies as drug

candidates. Moreover, IgG exhibit a notably extended serum half-life, prolonging

their presence and efficacy within the patient and thereby allowing for less frequent

dosing while maintaining robust therapeutic efficacy, which enhances patient com-

pliance and treatment outcomes [15]. To guarantee a high degree of specificity in

biotherapeutics, commercially available antibodies are produced as monoclonal an-

tibodies (mAb). Unlike human serum with a diverse mixture of antibodies, mAb

products were produced using a monoclonal manufacturing cell line ensuring the
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presence of only one particular type of antibody [16, 17]. The majority of mAbs

have a conserved N-glycosylation site (Asn297) in the Fc-domain which is critical

for molecular stability, effector function and pharmacokinetics.

Despite the tremendous success story of mAbs over recent decades, the biophar-

maceutical landscape is evolving to get more diverse [18]. An increasing number

of complex therapeutic formats do not only make their way into clinical trials, but

also achieve regulatory approval [19–22]. Advanced genetic engineering approaches

paired with better understanding of protein structures, intercellular signaling mech-

anisms, and disease pathophysiology have enabled the combination of various pro-

teins, protein domains or even small molecules to achieve multi-specific molecules

with more sophisticated effector functions [9, 23–25]. As such, the first fusion pro-

tein etanercept composed of two proteins subunits with different effector functions

was approved in 1998. This dimeric fusion protein consists of a tumor necrosis factor

receptor (TNFR) and a Fc domain of an IgG to prolong serum half-life, designed

to capture and neutralize tumor necrosis factor (TNF) molecules, which plays a

crucial role in driving inflammation in several auto-immune diseases [26, 27]. ADCs

are another entity consisting of three main components – an mAb to target spe-

cific antigens present on cancer cells, a cytotoxic drug to kill targeted cells, and a

linker responsible for release and thereby activating the cytotoxic drug upon entry

into the target cell. Gemtuzumab ozogamicin was the first approved ADC in 2000

to treat acute myeloid leukemia (AML) consisting of a mAb targeting the AML

cells by the CD33 antigen and the cytotoxic drug component calicheamicin being

released upon entering AML cells to exhibit its cytotoxic effect. Compared to tradi-

tional chemotherapy indiscriminately targeting all rapidly dividing cells within the

patient’s body, ADCs offer targeted therapeutic approach and thereby reduce the

side effects significantly [20, 28, 29]. A third way to generate multi-specific biother-

apeutics are bispecific antibodies (bsAb). Bispecific antibodies are engineered to

have two different antigen-binding sites, yet various designs of bispecific antibodies

exist. Some retain the basic Y shape but have different variable regions at each of

the two tips and feature a common Fc domain to retain Fc related effector functions

whilst increasing serum half-life. Alternatively, formats with identical antigen bind-

ing sites at the tips exist but introduce an additional antigen binding site at the Fc

domain. Other bsAb designs include single-chain variable fragments (scFv) designs,

bispecific T-cell engagers (BiTEs) and dual-affinity retargeting (DART) molecules

[9, 19, 25]. Blinatumomab notably was the first approved bsAb by the FDA in 2014

and belongs to the T-cell engagers (BiTE) to treat acute lymphoblastic leukemia

(ALL) [21, 30]. The vast variety of bsAbs designs reflect the immense flexibility and
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adaptability in targeting diverse diseases through recombination protein domains.

Depending on the type and structure of these multi-specific molecules, several gly-

cosylation sites can be present on the molecule. Additional challenges can therefore

occur during the manufacturing process to ensure consistent product quality of these

more sophisticated molecules.

1.3 Regulatory framework for commercialization

of biotherapeutics

Commercialization of a biopharmaceutical drug involves several key steps that are

well defined by regulatory organs to ensure an effective, safe, and high-quality prod-

uct for patients. Assuming a drug candidate has successfully passed development,

pre-clinical and clinical trials, the next step is compiling all data into the Biologics

License Application (BLA). The BLA is a submission that a company makes to

the regulators such as the FDA to seek approval to market a biological product. It

contains extensive data from pre-clinical and clinical trials demonstrating the safety

and efficacy of the drug candidate, detailed information about the product chem-

istry, manufacturing process and control (CMC), but also labeling and packaging

suggestions and information about manufacturing facilities.

The CMC is one of the most critical sections in a BLA and gives regulators

the information to assess whether a company is capable of consistently producing a

high-quality biotherapeutic. Manufacturing information, such as description of all

process steps, equipment used, raw materials, and PAT, but also control strategies

including process controls, finished product controls or stability controls must be

defined. Additionally, the chemistry section providing detailed information about

the chemical composition, properties and structure of the drug candidate must be

described.

Whereas in the traditional reactive model, end product testing to assess if all

CQAs fulfill the requirements was the norm, the FDA launched an initiative to

facilitate the manufacturing process of pharmaceuticals in 2002. This led to the

concept of QbD to encourage a more systematic and science-based risk assessment

approach to pharmaceutical development described in the International Conference

on Harmonization guidelines (ICH) Q8 – 11 [31–34], later described in detail in ICH

Q8(R2) [35]. Overall, the QbD approach attempts to engineer product quality into

the manufacturing process to obtain a more proactive process potentially reducing

or even avoiding end product testing. The first step in the QbD approach consists

in defining a quality target product profile (QTPP) and CQAs of the product. As
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such, CQAs, product quality attributes that have an impact on clinical efficacy and

patient safety, must be identified. Subsequently, statistical methods such as Design

of Experiment are essential tools in the QbD workflow to establish the relation-

ship between CPPs and CQAs. Understanding the relationship between CPPs and

CQAs enables the definition of a so-called design space, a multidimensional area of

operating conditions of CPPs, where the CQAs are highly likely to fall within the

predefined acceptable ranges, as long as the process was operated correctly within

the design space [35].

1.4 Critical quality attributes of biotherapeutic

proteins

Quality attributes of biotherapeutic drugs manufactured in mammalian expression

systems can in general be subdivided into three categories: Contaminants, process-

related impurities and product-related impurities [36].

1.4.1 Contaminants

Living organisms such as bacteria, fungi, mycoplasma or viruses including their po-

tential byproducts, such as endotoxins, classify as contaminants. Equipment dam-

age, contamination originating from raw materials or aseptic operating conditions

can be reasons for their presence in the drug product and pose serious safety con-

cerns for patients such as inflammation or sepsis [37]. Additionally, care should be

taken to sufficiently remove endogenous retroviruses from the manufacturing cell

line during purification activities [38–40].

1.4.2 Process-related impurities

Impurities coming from the raw material or from the manufacturing cell line such as

host-cell DNA (HCDNA) or host cell proteins (HCP) that are secreted or released

upon cell death are labelled process-related impurities. Even though HCDNA poses

potential risk of oncogenic material being transferred to the patient, injections of

highly dosed injections into primates did not cause any tumors [41]. HCPs from

non-human manufacturing cell lines are expected to be detected by the immune

system and cause side effects. These side effects were more frequently observed dur-

ing earlier studies with relatively impure drug products [42, 43]. Today’s efforts to

optimize purification processes to minimize not only the presence of HCPs but also

HCDNA has largely alleviated these safety concerns with mammalian expression
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systems [43]. Raw material related impurities can either stem from media com-

ponents, purification buffers as well as excipient for drug product formulation, or

being released from manufacturing equipment such as leachables of single use com-

ponents, chromatography resins, filtration membranes or other process equipment

in contact with the drug substance or product. A thorough risk assessment is crucial

to evaluate the potential impact of these impurities on patient safety [36].

1.4.3 Product-related impurities

Proteins, as macromolecules, are known to undergo a wide spectrum of posttrans-

lational modifications (PTMs), some of which can induce undesirable side effects in

patients. Not only can PTMs intentionally be added to proteins by the host cell

line’s complex protein processing machinery, they can also alter during the manu-

facturing process or storage due to chemical or physical influences. These PTMs can

alter protein structure and function, leading to therapeutic proteins that may not

perform as expected or might cause adverse reactions. Despite the myriad of possible

PTMs, only a restricted subset has been linked with recombinant biotherapeutics

[36].

Deamidation and oxidation products: Whereas asparagine and glutamine

are mainly susceptible to deamination, methionine and tryptophan and common

residues known for oxidation reactions [44–47]. In both cases, the amino acids

properties are altered impacting protein stability, loss of function and can trigger

potential immunogenic reactors [36, 48].

Glycation: The posttranslational chemical addition of a reducing monosaccha-

ride to lysine residues such as glucose, fructose or galactose is called glycation and

mainly happens in the cell culture due to the presence of glucose in the media [49].

Although glycan was reported not to appear substantially affecting mAb activity,

loss of activity was reported in some cases and keeping the glycation level close to

human plasma protein levels is advisable [50, 51].

C- and N-terminal modifications: C-terminal lysine cleavage, C-terminal

carboxylamidation or N-terminal glutamate cyclization are frequently observed mod-

ifications of mAbs and also found in the native proteins [45, 52, 53]. Negligible im-

pact on biological activity and no adverse effects regarding drug safety or efficiency

are reported so far [36, 54].

Disulfide bond modifications: The mAb structure heavily depends on disul-

fide bonding between cysteine residues of the HC and LC. Dissociation, incorrect

paring between cysteine residues, or even trisulfide bonds can therefore heavily im-

pact the protein structure and function [45, 55]. Similarly, unbound cysteine residues
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(free thiols) can result in reduced potency, even though they are rather uncommon

in mAbs [56].

Charge variants: A change in the overall charge of the protein can result in

different charge variants as a consequence of various PTMs such as deamidation, oxi-

dation, glycosylation, and other previously mentioned PTMs. These charge variants

have gained considerable attention due to their ability to influence protein stability

and biological activity [57, 58].

Glycosylation: Glycosylation consists of covalently attached glycan moieties to

the protein which can significantly influence their solubility, stability, and biological

function. With almost 70% of all human proteins being glycosylated, glycosylation

is one of the most common PTMs in proteins [59]. Due to the significant impact

of glycosylation on product stability, pharmacokinetics, but also effector functions

such as ADCC or CDC, glycosylation has become one of the most vital CQA for

the biopharmaceutical industry [60–62]. Hence, a comprehensive understanding

of the glycosylation machinery and the development of efficient tools to control

glycosylation during manufacturing processes remains a significant focus of ongoing

research. Although various types of glycosylation exist, O-glycosylation and N-

glycosylation are the most common ones also represented in antibodies [63]. Whereas

O-glycosylation involves the attachment of a sugar moiety to the oxygen atom of

serin or threonine without the requirement of a consensus sequence, N-glycosylation

happens at a asparagine residue within a well-defined consensus sequence (Asn-X-

Ser/Thr) [64, 65]. N-glycosylation is more common than O-glycosylation and the

sugar moieties tend to be larger and more heterogeneous and described in more

detail in section 1.5.

Next to PTMs, aggregation of proteins or fragmentation represent further CQAs

that can impact effector functions. Aggregation: Protein aggregation is defined as

the process whereby a minimum of two proteins associate to form dimers, with the

potential to escalate into the formation of visibly detectable particulates comprised

of a multitube of proteins. The factors that contribute to protein aggregation are

multifaceted and include temperature, pH, protein concentration, ionic strength,

as well as the type of buffer in the formulation. Physical stresses such as stirring,

shaking, freezing, thawing, shearing, and interactions at surfaces can also initiate

aggregation [66]. Aggregates have been associated with impaired biological activity

and efficacy, but also with provoking immune responses [67–69].

Fragmentation: Enzymatic cleavage or chemical disruption of the peptide bond

can result in fragmentation of the biotherapeutic with the effect of reduced or com-

pletely lost efficacy, reduced serum half-life and potential immunogenicity issues [70].
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Enzymatic cleavage can be caused by proteases present in the cell culture process or

drug product or by chemical disruption mainly described for solvent-exposed amino

acid side chains under acidic or basic conditions and should be avoided by proper

formulation and storage conditions [71–74].

1.5 N-glycosylation of therapeutic proteins

IgGs, and therefore also most marketed mAbs - if not engineered otherwise - are

N-glycosylated at a conserved asparagine residue (Asn297) in the CH2 domain of

the Fc region. Additionally, about 15 – 20% of the IgGs contain a second N-

glycosylation site Fab region [36]. More complex biotherapeutic formats such as

fusion proteins, ADCs and bsAb also often contain glycosylation sites, but their

number and location can vary widely depending on their construct. For fusion

proteins, the presence of glycosylation sites depends on the different proteins being

fused, but also on accessibility of these sites within the fusion protein. ADCs mostly

retain their glycosylation site as they are usually based on an IgG antibody with

inherent glycosylation sites. BsAb when still containing the Fc domain can retain

the glycosylation site but constructs with either no or additional glycosylation sites

are no exception.

1.5.1 N-glycosylation machinery

N-glycosylation is a complex process involving hundreds of enzymes and is initiated

on the cytosolic face of the endoplasmic reticulum (ER) of the eukaryotic expression

cell. An oligosaccharide precursor bound to a membrane linked dolichol phosphate

anchor is synthesized consisting of 14 carbohydrate residues (Glc3Man9GlcNAc2):

two N-acetylglucosamine (GlcNAc), nine mannose (Man) and three glucose (Glc)

units. During the assembly, the dolichol-oligosaccharide precursor is translocated to

the lumen side of the ER where it is subsequently transferred to the asparagine in the

consensus sequence catalysed by an oligosaccharyltransferase (OST) [75, 76]. The

oligosaccharide undergoes a series of modifications as it passes through the secretory

pathway (ER and cis-Golgi). This includes trimming by glycosidases and mannosi-

dases resulting in range of high mannose-type N-glycans (HM), reaching from HM

glycans with 9 mannose residues (M9) to mostly 5 mannose residues (M5). Glyco-

sylase trimming removing the three Glucose residues constitutes a key regulatory

mechanism for correct protein folding and subsequent transfer to the Golgi Appara-

tus (GA) for further trimming, or, if incorrectly folded degradation initiation by the

ubiquitin-proteasome referred as ER-associated degradation pathway (ERAD) [77,
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78]. Enzymes in the medial Golgi can further modify the HM glycan structure, lead-

ing to the formation of complex glycans, followed by further branching and capping

reactions in the trans-golgi and trans-golgi network [79, 80], summarized in Figure

1.2. The addition of sugar by glycosyltransferases and the cleavage by glycosidases is

a complex process which is highly influenced by the cellular environment, availability

of specific enzymes within cells and varying processing times in the GA, ultimately

resulting in a heterogeneous mixture of complex-, hybrid- and HM-type N-glycans

[81–83].

Figure 1.2: Schematic N-glycosylation pathway in the ER and GA reprinted from
the literature [79].

1.5.2 Different types of N-glycosylation and their impact on

product characteristics

Complex glycan forms of mAbs are based on a GlcNAc2Man3 base structure with

additional sugars attached to both branches, such as N-acetylglucosamine, galactose,
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fucose and sialic acid. Compared to HM or hybrid glycoforms, complex glycans

undergo more extensive processing and are typically found in proteins that have

transited through both the ER and GA.

Fucosylation: Core fucosylation of mAbs has been demonstrated to signif-

icantly impact biological activity of the biotherapeutic. Whereas recombinantly

produced mAbs, similar to their native counterparts in human serum, consist of pre-

dominantly biantennary fucosylated glycosylation species, reduced core-fucosylation

of IgGs was reported to enhance ADCC activity without changing CDC activity [84–

88]. Accordingly, increasing the afucosylated glycan species in a biotherapeutic rep-

resents an interesting target for engineering strategies to increase ADCC activity of

mAbs [85, 89, 90].

Galactosylation: It is common to observe that over 50% of the glycan species

in a monoclonal antibody consist of terminal galactose [45]. Despite increased bind-

ing to the FcγRIII receptor, no major increase in ADCC is reported for increasing

terminal Galactosylation in mAb products [84, 91, 92]. The effect of galactosylation

on CDC activity appears to be unique to each antibody, with various studies report-

ing both increases and decreases in CDC activity due to galactosylation [93, 94]. No

change in pharmacokinetics was observed for variable terminal galactosylation [92,

94, 95].

Sialylation: Sialic acid constitutes the final sugar in N-glycosylation with an

abundance of about 10% in human serum mAbs, however, much lower levels are

usually present in recombinantly produced mAbs [85]. Either decreased or similar

ADCC activity was reported for sialylated antibodies compared to the asialylated

form [96–98]. Whereas most studies reported no change in serum half-life with

increasing sialylation, others demonstrated increased serum half-life at elevated sialic

acid levels [92, 96, 99, 100].

Bisecting N-acetylglucosamine: Compared to the standard core structure of

two N-acetylglucosamine branches, a third one can be attached to the core mannose

via a β(1-4) glycosidic bond. This bisecting N-acetylglucosamine creates a third

branch and is present in human serum mAbs with about 9 – 15%. In contrast,

bisecting N-acetylglucosamine is not commonly observed in recombinantly produced

mAbs with common mammalian expression systems such as CHO cells [101, 102].

Due to their presence in human serum mAbs they are not considered to cause

immunogenic reactions [103].

Hybrid glycans: While HM glycans are solely composed of core N-acetylglucosamine

and terminal mannose sugar residues, complex glycans are fully branched structures

with two antennae composed of various additional sugar types. On the other hand,
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hybrid glycoforms represent an intermediate structure where one antenna mirrors

that of complex glycans, while the second antenna retains terminal mannose residues

characteristic of HM glycans. Despite lower CDC, no difference in ADCC activity

and serum half-life was observed compared to complex glycoforms [82, 103]. Their

abundance is rather low with up to 2% in human serum mAbs and is negligible in

recombinantly produced therapeutic products [36, 101].

HM glycoforms: Premature termination of the glycosylation process can result

in incomplete glycoforms consisting solely of core N-acetylglucosamine and five to

nine terminal mannose residues. These HM glycan species are almost inexistant in

endogenous IgGs but can be significantly higher in marketed antibody therapeutics

where they can constitute as much as 10% of the total glycan fraction [101, 104].

HM glycans are of particular importance given their impact on pharmacokinetics

and effector function. In general, higher ADCC [82, 105–108], reduced CDC [82,

109], and reduced serum half-time are reported for HM-type mAbs [50, 107, 110,

111]. Increased ADCC is however thought to be a secondary effect related to the

concomitantly reduced core fucosylation, rather than being a direct consequence of

the increased HM glycan fraction [85].

1.6 Levers to modulate N-glycosylation of bio-

therapeutics in mammalian cell culture

Strategies to ensure high-quality biotherapeutic production involve the choice of

a proper host cell line, but also cell line engineering, careful selection of media

composition and optimization of process conditions can be crucial when targeting

a specific set of CQAs in a biotherapeutic product [79, 112]. Considering the high

importance of N-glycosylation as CQA in biotherapeutics and its particular relevance

for this Thesis, the following parts will primarily focus on the aspects related to N-

glycosylation.

1.6.1 Selection of the host cell line and cell line engineering

The selection of the host cell line is a crucial decision with a strong influence on

product quality attributes, given that each cell line possesses a cell line specific

glycosylation fingerprint. CHO cell lines are by far the most dominantly used cell

line in biotherapeutic production due to their human-like, non-immunogenic gly-

cosylation [18, 112, 113]. While other cell lines, such as NS0 and Sp2/0 likewise,

produce human-like glycosylation, their use in manufacturing is less frequent. This
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is primarily due to the presence of immunogenic epitopes such as the Galα(1–3)Gal

epitope and high contents of NeuGc sialic acid, constituting risks for product safety

if not properly controlled [114, 115].

The access to genomic sequences in combination with genome editing tools such

as zinc finger nucleases (ZFNs), transcription activator like effector nucleases (TAL-

ENs) and clustered regularly interspaced short palindromic repeats (CRISPR) sys-

tems has enabled cell line engineering at an unprecedented precision. Knock down,

knock out and over expression of glycosylation enzymes or nucleotide sugar donor

transporters are common strategies to alter glycosylation patterns [115–118]. The

primary focus of mAb glycoengineering has so far relied on increasing afucosylation

with the potential to increase ADCC up to 100-fold. This was either tackled by

gene knock-out of the fucosyl transferase gene (FUT8) or by genetic inactivation of

FUT8 by RNA interference [89, 90, 119–121]. Other engineering approaches aiming

to increase serum half-life and improve anti-inflammatory properties of mAbs tar-

geted enhanced protein sialylation. Overexpression of sialyl transferases (ST3- and

ST6GALTs) or increased precursor availability by boosting CMP-NeuAc synthesis

and transport to the GA represent interesting genetic engineering targets [122, 123].

More recently, protein backbone engineering in combination with cell line engineer-

ing has gained attention. Protein backbone engineering alters the accessibility of

the glycosylation site by glycan remodelling enzymes and thereby generates some

control or limitations on the glycosylation profile [124–126]. Further backbone mod-

ifications include removal or addition of glycosylation sites and the formation of

fusion constructs or scaffolds for multimerization. Despite achievements in the field

of cell line engineering, the process of getting an approved new cell line remains

challenging, expensive and not always successful [127].

1.6.2 Media components and supplements with their impact

on N-glycosylation

Since the introduction of the first cell culture media with the necessity to supplement

bovine serum, or later hydrolysates, both with significant batch-to-batch variability,

the industry has been moving towards completely chemically defined culture media

[112, 128]. Better control of media components and reduced batch-to-batch vari-

ability had also significant impact on more consistent product quality. Ever since,

knowledge about the relationship between certain media components and resulting

product quality attributes has been collected and summarized in many reviews [79,

112, 127]. It must be mentioned that results are often ambiguous and depend heav-
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ily on the different cell lines, processes but also product characteristics, rendering

thorough case-by-case process characterization absolute indispensable.

As such, media component concentration, such as glucose or amino acids, have

shown impact on the glycosylation profile. While glucose deprivation through a sec-

ondary effect of reduced oligosaccharide precursors led to a higher fraction of non-

glycosylated proteins [129, 130], fine-tuning amino acids compositions can largely

affect ammonium concentrations as ammonium is a byproduct of anaplerotic re-

actions to replenish the tricarboxylic acid (TCA) cycle [131–134]. Ammonium in

turn is well known to interfere with the glycosylation machinery by altering nu-

cleotide sugar synthesis and transport [135–137], changing protein expression [138],

misslocalizing glycosyltransferases or changing pH in the Golgi apparatus impacting

enzymatic activity [139, 140], consequently shifting glycosylation to less complex

glycoforms. Media supplementation with TCA cycle intermediates or precursors

such as lactate or pyruvate have effectively reduced ammonia with a beneficial effect

on product quality [141, 142]. Especially the addition of pyruvate to the cell culture

reduced HM species, expanding the very limited levers for HM reduction [143].

Nucleotide and monosaccharide supplementation have been reported to increase

the level of nucleotide activated sugars, representing important precursors in the

N-glycosylation pathway [144]. The addition of pyrimidine nucleosides, glucosamine

[145], N-actetylmannosamine [146], galactose [147–149], mannose [150, 151], fucose

[151], and fructose [149, 151] has consequently led to more processed glycan pat-

terns. The trisaccharide raffinose on the other hand increased HM species when

supplemented to the cell culture media [152].

Cofactors for glycosylation remodelling enzymes are another critical media com-

ponent highly affecting product glycosylation. Manganese, a cofactor of involved

enzymes, has been demonstrated to influence various glycoforms, such as high man-

nose, galactosylation, fucosylation and sialylation [147, 153]. In general, the pres-

ence of manganese led to a shift towards more complex glycoforms, with the most

pronounced effects observed in combination with additional supplements to ensure

sufficient oligosaccharide precursors [154, 155]. Even though also calcium, iron cop-

per and other divalent ions are relevant enzymatic cofactors in cell culture media,

their roles are less well understood [127, 156].

Altering enzymatic activity of glycosylation remodelling enzymes by the addition

specific enzyme inhibitors such as kifunensine, swainsonin or deoxymannojirimycin

comprises a very effective way to change glycosylation patterns [157–159]. Kifunen-

sine, the most popular α-mannosidase I inhibitor in the ER, has extensively been

used in mammalian cell culture to drastically increase HM glycans and thereby
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modulating ADCC [105, 107, 108, 158]. Whereas kifunensine and most of these in-

hibitors predominantly increase M8/M9 structures, M5 type glycans could be selec-

tively increased using monensin [160]. Monensin belongs to the polyether ionophore

compound family and is a sodium-hydrogen ionophore inhibiting glycan processing

by increasing the pH in the Golgi. This pH change alters enzymatic activity of Golgi

resident enzymes due to their dependency on pH [161, 162].

1.6.3 Process parameters influencing N-glycosylation

Advanced sensor technology has enabled to accurately monitor a large set of process

parameters in real-time and realize feedback control loops to keep target setpoint

throughout fermentation processes. Manipulating process parameters is a relatively

cheap and fast approach to fine-tune product quality attributes compared to cell line

engineering or media reformulation. This requires however thorough understanding

of the relationship between CPPs and CQAs, which in most cases is highly cell

line and product dependent. Design of Experiment (DoE) approaches executed in

high-throughput miniature bioreactor systems are a valid tool for gaining process

understanding. Despite case-by-case differences, a general overview of the most

important process parameters can be given.

Temperature reductions during the manufacturing process are a widely accepted

strategy to reduce cell growth, keep high viabilities and boost product titer. Never-

theless, mild hypothermia can influence product glycosylation by reduced intracel-

lular nucleotide sugar donor (NSD) availability, reduced expression of glycosyltrans-

ferases and reduced NSD transportation activity [163, 164]. In general, a trend of

less processed glycans was observed in both fed-batch but also perfusion cultivations

upon temperature reduction [163, 165, 166].

Efficiency of the glycosylation machinery can be influenced by both low and

high pH excursion during the manufacturing process due to the delicate pH gradients

between different cellular compartments [104]. Reduced pH has been associated with

enhanced galactosylation and sialylation but decreased specific productivity [167,

168], whereas others described a sialylation maximum at pH 7.0 and reduction at

higher or lower pH [165]. Based on the extent of pH reduction, ER-Golgi trafficking

and even disassembling of the GA can constitute reasons for reduced productivity

and glycan processing [169]. Elevated pH on the other hand can perturbate the

functionality of glycosyltransferases which are active in the external GA at lower

pH, resulting in less processes glycosylation patterns [140, 170].

Hyperosmolality can be a result of progression bioreactor run time, extensive

nutrient feeding or acid and base addition to control pH. Next to decreased cell
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growth, reduced viability and lower product titer, osmolality also impacts product

glycosylation [171]. Reduced galactosylation [172], decreased levels of core fucosyla-

tion [173] and increased HM glycan were observed at elevated osmolality [171, 174].

These effects might be explained by reduced activity of the glycosylation machinery

due to hyperosmolality.

Dissolved oxygen (DO) is a critical process parameter and should be chosen

carefully to ensure sufficient oxygen for cellular respiration in aerobic fermentation

processes. DO was assigned less critical role to influence glycosylation, only marginal

differences when operating at reduced or elevated DO were reported in the literature

[175, 176]. Even though changes in galactosylation and sialylation were observed,

these were mainly attributed to secondary effects caused by reduced mAb production

rates due to oxygen limitations [177].

Cell density is a key parameter to boost process productivity and significant

effort is made in order to reach as high cell densities as possible. At the same time,

high cell densities can impact product quality such as N-glycosylation. Increasing

HM fraction were observed with increasing cell densities, concomitantly reducing the

fraction of complex glycoforms [143, 178–180]. This observation might be explained

by increasing ammonia concentration at elevated cell densities, media limitations

resulting in suboptimal glycan processing or altered cellular metabolism under high-

density conditions. Balancing productivity and product quality remains therefore a

critical task in bioprocess development.

1.7 Modern manufacturing of biotherapeutics: From

batch to continuous

1.7.1 Manufacturing unit operations in upstream and down-

stream processing

The manufacturing of biologics can be divided into two main steps - upstream pro-

cessing (USP) and the downstream processing (DSP). Unit operations related to cell

culture and the expression of the recombinant protein group into the USP section,

whereas purification activities and formulation to a final drug product fall into the

DSP.

The main cultivation strategies applied in the USP with suspension cell lines

are batch, fed-batch, chemostat or perfusion. The simplest bioreactor operation

mode, the batch bioreactor, consists in growing the cells until media is depleted,

and cell density starts to decline. Low maximal cell densities and productivities
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achieved in the batch cultivation can be mitigated in fed-batch processes by feed

additions at predefined culture times. Feeds are highly concentrated nutrient stock

solutions that enable significantly higher maximal cell densities of above 30 × 106

cells mL−1 [10, 141], high cell viabilities and increased product titer. Despite the

fresh nutrient addition, waste products of the cellular metabolism accumulate with

progressing cultivation time in fed-batch as well as in batch processes and can impact

culture viability as well as product quality [181]. In contrast to batch cultivations,

continuous cultivations do not only benefit from continuously added fresh nutrients,

at the same time waste products are removed from the cell culture resulting in

much more stable cultivation environment. In a chemostat, there is a constant

introduction of fresh culture medium, while an equivalent volume, including the

manufacturing cells, is removed for further downstream processing. Even though

maximal cell densities of around 30 × 106 cells mL−1 were achieved in chemostats,

much higher cell densities can be achieved in perfusion mode with the integration of

a cell retention device (CRD) [181, 182]. The CRD selectively retains cells within the

bioreactor while only cell free harvest containing the secreted product is passed to the

downstream processing. Cell densities of above 200×106 cells mL−1 were achieved in

perfusion operation, demonstrating the enormous potential for recombinant protein

manufacturing [181, 183, 184]. Recombinant proteins produced secreted to the liquid

fraction of the cell culture have subsequently to be separated from cell material

prior to chromatographic purification. This unit operation is called clarification and

involves flocculation, precipitation, centrifugation and depth filtration technologies

for batch and fed-batch processes [185, 186]. Perfusion cell culture with an integrated

cell retention device does not require additional filtration steps prior to DSP as long

as the chosen CRD meets the filtration requirements for further steps.

In general, the DSP consists of a capture step, several polishing steps, viral in-

activation and a set of filtrations such as sterile filtration and crossflow filtration.

The capture step is frequently an affinity chromatography, usually protein A for

mAbs, with a high affinity for the product of interest. Viral inactivation (VI) is

another critical unit operation to inactivate and remove potentially harmful viruses

from the drug substance. Remaining impurities are then removed in a sequence of

polishing steps such as anion exchange chromatography (AEX) or cation exchange

chromatography (CEX). Sterile filtration steps are commonly performed between

various chromatography steps to reduce the bioburden. Ultrafiltration and diafil-

tration (UF/DF) to concentrate the product and exchange the buffer for stable for-

mulation prior to fill and finish operation finalize the downstream processing. The

chosen purification steps and their sequence might vary depending on the molecular
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properties of the molecule and the specific manufacturing process, pursue however

all the same goal of a highly pure and safe final drug product free from any impuri-

ties [185, 187, 188]. As for USP, batch mode purification or continuous purification

strategies exist. Whereas batch mode purification consists mainly of large multiuse

chromatography columns that are considered as independent unit operations en-

abled by intermediate hold tanks, continuous downstream operations have greatly

advanced in recent years [188]. Dual or multicolumn chromatography equipment

that can be operated in several modes such as simulated moving bed (SMB) or pe-

riodic counter current (PCC) chromatography have entered the market and enable

continuous harvest purification [189–191]. Additionally, process designs away from

binding and elute towards flow-through operations more compatible with continuous

manufacturing platforms are on the rise [192, 193].

1.7.2 State-of-the-art manufacturing of biologics and future

trends

Batch processing has dominated the biopharmaceutical industries since the begin-

nings in the 1980s, defined as separated unit operations that are incrementally pro-

cessed before being transferred to the subsequent independent unit operation. Since

then, batch processing has been the prevailing processing mode in upstream as well

as downstream processing. The standard manufacturing processes today for mAbs

and most other recombinantly expressed proteins in mammalian expression systems

consists of large fed-batch bioreactors with working volumes up to 20,000 L [183,

194]. After completed fermentation, the entire bioreactor is emptied, and culture

broth is clarified for further processing in the downstream purification and formula-

tion. Large hold tanks enable product storage and transfer in between different unit

operations. This classical batch processing in biopharmaceutical manufacturing con-

trasts with more continuous methods used by other industries such as the chemical,

petroleum food and other high-tech sectors [195, 196]. Continuous manufacturing

involves the uninterrupted flow of raw materials through interconnected unit opera-

tions, yielding a constant output of the final product. Unlike batch manufacturing,

continuous manufacturing tailors all unit operations for continuous processing, elim-

inating the need for holding or pause steps. Consequently, the shift towards more

continuous processing in these industries is frequently a sign of their maturation,

requiring a higher degree of process understanding, more sophisticated equipment

and mature technologies for advanced process control. Therefore, continuous man-

ufacturing is often seen as the natural progression following batch processing with
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the potential to eventually replace it.

Continuous manufacturing is not particularly new to the biopharmaceutical in-

dustry. A series of different commercial molecules were launched using perfusion

processes in the 1990s. The decision to produce these molecules in perfusion mode,

such as recombinant follicle stimulating hormone, interferon β-1a, and factor VIII,

was mainly driven by the molecular instability [183, 197]. Additionally, adherent

cells attached to microcarriers changed particle properties allowing to use cell reten-

tion technologies such as spin filters, fixed bed or gravity settler to attain efficient

cell retention [198, 199]. Perfusion operation for suspension cells was not ready

back then, expression yields were too low, media was not competitive and tech-

nologies for cell retention and integration with seamless downstream operations was

not mature enough, resulting in a lack of process reproducibility and robustness

[195]. At the same time, tremendous advances in batch processing were achieved

by improved expression systems, optimized media and feed formulation as well as

facilitated process development through enabler technologies such as screening plat-

forms and scale-down models [200, 201]. With titers having doubled every 5 years

in batch manufacturing, the industry largely moved away from perfusion and con-

tinuous manufacturing to focus on todays fed-batch platforms with titers above 10

g L−1 [10, 141, 195, 202].

Currently, the biopharmaceutical industry is facing a new set of business realities

and uncertainties challenging the well-established batch manufacturing approach.

Rapidly evolving product portfolios with emerging complex product classes like fu-

sion proteins, ADCs, and bispecifics call for more flexible manufacturing capabilities

and more stringent product quality control. Uncertainties related to clinical trial

failure, demand variability, and overall product success are contributing to these

challenging market conditions [197, 203–206]. Moreover, the entry of biosimilars

into the market fosters a competitive manufacturing environment that necessitates

more cost-effective manufacturing [207, 208]. An end-to end integrated continuous

manufacturing scenario in a single use facility constitutes an interesting solution to

respond to the dynamic market situation for several reasons:

Economic benefits: Continuous manufacturing has well-reviewed cost advan-

tages for clinical and commercial manufacturing scenarios [196, 198, 203, 209, 210].

Significant intensification of the volumetric bioreactor productivity allows to build

much smaller manufacturing plants with similar productivity output. Cost estima-

tions for an integrated continuous manufacturing facility with a product output of

8 tons of product per year are estimated to $100 – 150 M [211], whereas a simi-

larly sized fed-batch facility accounts for $500 – 1,000 M [206]. Despite higher cost

19



for single use consumables in upstream processing, significant saving due to better

downstream resin utilization such as protein A contribute to the reduction of cost

of goods (COGs) [210–212].

Ecological benefits: The ecological impact of continuous manufacturing has

been studied by numerous organizations. However, its assessment varies consider-

ably based on the underlying assumptions and specific process characteristics. Single

use technology (SUT) eliminates the need for cleaning in place (CIP) and steril-

ization in place (SIP), thereby decreasing both chemical and energy consumption

[213–215]. While continuous processes typically consume more water than fed-batch

processes, the immense potential of continuous perfusion processes for process inten-

sification and higher process titers can considerably mitigate this ecological impact

[216, 217]. In fact, when optimized, continuous manufacturing could even surpass

the ecological efficiency of fed-batch processes.

Manufacturing flexibility: Single use facilities, while offering reduced capital

expenditure, can be built in as little as 1 year, whereas large-scale stainless-steel

facilities require 5 years or more for design and construction [211]. This accel-

eration in facility readiness empowers manufacturers to respond much more agile

to changing market situations and can give competitive advantages. Multiproduct

manufacturing scenarios given the increasing product pipelines can further better

be accommodated within a single use facility as downtime due to extensive cleaning

procedures can be reduced to a minimum [197]. Continuous manufacturing also

decreases the cost associated with process failures by more flexible failure handling.

While failures in a batch scenario result in complete batch abortion, product in

continuous manufacturing collected prior and after the process excursion can meet

regulatory requirements [192].

Product quality considerations: Labile proteins have traditionally benefited

from continuous manufacturing as residence times in the respective unit operations

are significantly shorter compared to batch processing [218]. Upstream perfusion

culture aims to achieve a steady-state, a condition where all key process parameters

remain constant over time, leading to a similarly time-independent product quality

profile. The more complex molecular formats entering the market renew accord-

ingly the interest in a more stable manufacturing environment, demonstrated by

many case examples in the literature. As such, reduced protein clipping of fusion

proteins, significantly improved and stabilized N-glycosylation profiles, and reduced

impurities such as HCPs were observed by continuous manufacturing of biologics

[179, 219, 220].

The biopharmaceutical industry seems matured enough to seriously challenge
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batch processing by continuous manufacturing. In contrast to earlier days, tech-

nological advances support this undertaking as device manufacturers redesigned

previous batch unit operations to provide integrated continuous solutions. Compa-

nies are gradually adopting the new continuous unit operations, both in upstream

as well as in downstream processing. This leads to a dizzying array of reported

option for integrated continuous biomanufacturing, depending on the companies’

requirements, experience but also existing manufacturing facility designs. Whereas

some manufacturers with existing large-scale fed-batch facilities attempt to inten-

sify their existing fed-batch facilities by perfused N-1 bioreactors or by subsequent

continuous capture chromatography to increase resin utilization [189, 221], others

envision the continuous integrated manufacturing approach by building novel sin-

gle use facilities with 2,000 L single use perfusion bioreactors and continuous DSP

(cDSP) capabilities. While direct adoption of continuous biomanufacturing remains

a significant challenge, a more feasible approach is to implement continuous unit

operations in a stepwise manner and subsequently connect them once each opera-

tion is ready. Several small-scale studies have demonstrated feasibility of continuous

integrated biomanufacturing [180, 190, 222, 223] and first successful pilot scale and

GMP productions were reported [192, 224]. Even though real-time release, meaning

the ability to release products based on in-process monitoring and analysis without

the need for end product testing, would be the vision for the future, end product

testing is still the norm. Defining manufacturing batches is an essential step in this

process. While defining batches is relatively straightforward for fed-batch manu-

facturing, steady-state perfusion operations offer different possibilities to define a

manufacturing batch. Depending on the downstream strategy, either stable process

intermediates have been generated and pooled at the end of a manufacturing run to

define a batch [192], or several lots were created from one bioreactor run, treated

as individual drug substance (DS) batches for end-product testing [224]. Storing

stable process intermediates at manufacturing scale can compensate for product

quality drifts over time as they are pooled to one large manufacturing batch, assum-

ing that the same drift occurs in all manufacturing batches as known for fed-batch

processes [155]. This final pooling strategy can however require large storage capac-

ities exceeding 20,000 L and requires in-process hold studies to demonstrate product

stability [211]. Splitting the perfusion harvest of one long-term run into multiple

DS batches offers various advantages in terms of storage capacity reduction, reduced

residence time for labile proteins and flexibility with respect to the process dura-

tion and excursion handling even at manufacturing scale (Figure 1.3). In this case

however, as well as for the ultimately aspired real-time release scenario, consistent
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product quality is required at any time during the continuous manufacturing process

and each DS batch must fulfil the quality expectations.

Figure 1.3: Exemplary continuous manufacturing scenario at 2,000L scale taken
from literature [192]. Continuously collected harvest is processed on a daily basis
by a continuous downstream processing (cDSP) sequence composed of six cycles of
capture, two cycles of VI-F, AEX, and MM. A pool of four daily cDSP sequences is
then further processed in NAF and UF/DF, prior to further pooling into DS. Two
diversion points are present that enable to divert process stream that do not meet
product quality requirements – one in the perfusion bioreactor harvest stream and
a second if the post-cDSP stream does not qualify for further processing. Time-
independent product quality is required in this scenario in order to allow diversion
without impacting the product quality of the final DS pool.

1.8 Steady-state perfusion: A key unit operation

for continuous manufacturing of biologics

Steady-state perfusion cell culture, the stage for protein expressed and primary

hotspot for post translational modifications, plays a central role in attaining the

time independent quality profile. The highest product quality must be achieved in

this step as modification and corrective actions are limited in subsequent purification

and formulation steps.
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1.8.1 Steady-state perfusion process setup

Steady-state perfusion involves a sophisticated interplay of various devices, along

with the incorporation of sensor technology. This technology plays a key role in

assessing process states and facilitating communication between devices, ultimately

resulting in a robust and efficient operational system (Figure 1.4).

Figure 1.4: Schematic representation of a steady-state perfusion setup. Fresh
media and feeds are entering the bioreactor. Sensor technology is mounted to the
bioreactor for real-time control of CPPs. Bleed is controlled by a capacitance sensor
monitoring VCV. A CRD generates cell-free product harvest that is either collected
in a tank or directly processed in cDSP.

The bioreactor is the heart of each perfusion system and ensures an optimal

growth and production environment for manufacturing cell lines. No different to

fed-batch bioreactors, minimal sensor requirement to measure temperature, pH and

DO are essential for tight control of culture environment. Mixing and gas sparging

setups should be designed to support highest cell densities achieved in perfusion

bioreactors [197, 225]. Bioreactor types in manufacturing are most commonly single

use vessels and cover a wide range from 50, 200, 500, 1,000 up to 2,000 L. Due to

the higher cell density and consequently higher volumetric productivity, these are

significantly smaller compared to their fed-batch counterparts of up to 20,000 L.

Small-scale perfusion bioreactors reach down to 2 mL vessel volume [226], whereas

identical sensor technology as in manufacturing scale can usually be incorporated

into 2 L vessels or larger.

Next to acid, base, antifoam or feed addition pumps, perfusion systems require

additional liquid transfer capabilities for continuous fresh media addition, continuous

harvesting as well as removal of excess biomass called bleed removal. Large media
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tanks, frequently much larger than the bioreactor itself, allow media preparation

in batch mode and supply for continuous bioreactor perfusion. Continuous media

preparation stations are under development and might replace large hold tanks in the

future to further reduce the facility footprint. If not yet processed by an integrated

continuous capture step, large harvest tanks are necessary to collect cell free product

harvest until further processing. Process bleed is considered waste and is further

collected in storage tanks, smaller vessels than for media and harvest are sufficient

due to the lower relative bleed stream.

All liquid streams must be controlled by sensor technology ensuring that the

correct flow rates for entering liquids, but also exiting liquid streams are applied.

Bolus additions of acid and base are triggered by the pH sensor readings. Antifoam

is frequently added on demand by operator intervention unless foam sensors are

available. Media and feed are continuously added and require a feed rate calculation

to control liquid flow per unit time. Feeding rates are frequently calculated based

on balance reading at smaller scale, whereas flow sensors readings become more

feasible at large scale. As cell division rates can fluctuate with proceeding run time,

sensor readings for cell density or viable cell volume (VCV) are required to control

continuous bleed removal [227]. This feedback control strategy is described in more

detail in section 1.8.2. Given the sum of entering and existing liquids defined by flow

rates or sensor feedback control loops, the harvest flow rate can be gravimetrically

controlled to keep a constant vessel volume. The CRDs, additionally required to

provide a cell free harvest stream, are described in section 1.8.3. Less frequently,

the harvest rate is defined and counterbalanced by a variable media addition rate

to keep the bioreactor level constant.

1.8.2 Stable operation by bleeding: Bleed control strategy

Accurate continuous bleeding is a prerequisite for a stable perfusion process. Even

though daily bleed adjustments based on low-frequency at-line measurement are re-

ported, the industry has moved towards real-time PAT sensors. Next to acoustic

resonance densitometry, conductivity, optical sensors and real-time imaging, capac-

itance probes are the currently most utilized sensors for online biomass monitor-

ing [228–230]. The capacitance sensors measure permittivity on the principle of

dielectric spectroscopy, the ability to transmit an electric field. Viable cells, non-

conductive entities surrounded by a conductive field, distort this electric field. As

dead cells lack an intact membrane, they are not influencing the measurement [231].

The degree of distortion can then be correlated to the viable cell volume (VCV), a

measure for the viable biomass in cell culture. These real-time VCV measurements

24



can then be integrated into a feedback control loop actuating a bleed pump to keep

VCV on target setpoint.

1.8.3 Cell retention devices for high density perfusion pro-

cesses

Recent advances in the development of CRDs are one of the key enablers for con-

tinuous manufacturing. As density-based separation technologies such as gravity

settler, acoustic separators cyclones or centrifuges require additional filtration steps

prior to chromatography, hollow fiber-based tangential flow filtration delivers readily

filtered harvest that can directly be integrated to continuous downstream operations

[199]. Additionally, higher cell densities can be reached compared to density-based

separators, increasing the volumetric productivity of the bioreactor. Thus, hollow

fiber-based tangential flow filtration has emerged to the dominant cell retention

technology for mammalian perfusion processes [183, 211, 232]. Two main operating

modes of tangential flow filtration are common in the biopharmaceutical industry

– the unidirectional tangential flow filtration (TFF) mostly driven by a low-shear

centrifugal pump, and the alternating tangential flow filtration (ATF) driven by

a diaphragm pump [233–235]. The alternating flow in the ATF systems has been

shown superiority in terms of product sieving in lab-scale studies compared to uni-

directional TFF operation [236–238]. Consequently, ATF was proposed as more

suitable technology for long-term perfusion cultivations with a desire to maximize

product passage. However, scalability of ATF system is not trivial leading to simul-

taneous operation of several parallel systems at 2,000 L manufacturing scale [211].

Additionally, ATF systems driven by diaphragm pumps were associated with oper-

ational instability at manufacturing scale [211, 239–241]. Thus, TFF systems were

claimed the preferred choice at manufacturing scale due to smaller facility footprint

and higher robustness, whereas ATF systems showed improved product sieving and

reduced development time for lab-scale and pilot-scale operations [211]. As culti-

vation durations extend and cell densities increase, the loads on the filter modules

are expected to rise, in turn challenging the filtration modules even more. Filter

clogging and product retention remain major challenges that risk run abortion and

must be solved moving towards robust continuous manufacturing processes. Low-

shear levitated centrifugal pumps or diaphragm pumps support higher cell culture

viabilities and consequently reduce the amount of fouling provoking particles on the

filter membrane, but alone are not enough to mitigate filtration limitations [236,

238, 242, 243]. Better understanding of the underlying mechanism driving further
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innovations to enhance filtration capacity must be realized in the future.

1.8.4 Advanced PAT for perfusion cell culture: Raman spec-

troscopy

On top of the minimally required setup to achieve a stable operation in perfu-

sion cell culture, further PAT tools have found their place in biopharmaceutical

manufacturing for simultaneous monitoring of multiple process parameters. The

vision to continuously monitor CQAs driving the industry towards real-time release

testing (RTRT) is another key driver for PAT implementation [244–246]. Spectro-

scopic techniques gained particular interest due to their measurement speed, non-

invasiveness and relatively low impact material being analyzed [247]. Vibrational

spectroscopy analyses such as near-infrared (NIR), mid-infrared (MIR) and Raman

spectroscopy are powerful tools, of which Raman spectroscopy is arguably the most

versatile for upstream processing due to the inherently low water inference [183,

248–250].

Raman spectroscopy works of the principle of Raman scattering, where incident

laser light is scattered by a molecule and experiences a change of its vibrational

energy. A small fraction of the incident light is inelastically scattered (Stokes and

anti-Stokes), resulting in photons being released with a different energy. Raman

devices usually focus on the Stokes scattering due to higher photon intensity com-

pared to anti-Stokes scattering. This change in energy (Raman shift) is detected

by the system and provides specific information about the chemical composition of

the molecules present in the culture represented as specific peaks in the resulting

Raman spectrum [251]. Knowledge about culture composition by at-line or off-line

analytics at various process stages in combination with simultaneously acquired Ra-

man spectra can be leveraged to create quantification models. This process called

chemometric modelling uses spectral pre-processing algorithms to remove spectral

noise prior to regression analysis such as partial least squares regression (PLS) to

establish the correlation between reference measurements and acquired Raman spec-

tra. Special care should been taken to ensure that these chemometric models are

truly based on the fingerprint of the analyte of interest, rather than just being a

correlation to unknown other effects concomitantly changing in the process matrix

with run evolution [252]. Resulting predictions models can then be used to monitor

culture components of interest in real-time and establish control strategies based on

the prediction outputs.

Even though some groups have reported real-time CQA monitoring, such as gly-

26



cosylation, by Raman spectroscopy in cell culture processes, the measurement of

CPPs such as glucose lactate or amino acids seems a more feasible at sufficiently

high accuracy and robustness with current Raman analysers [178, 248, 253–257]. De-

tection limits provided by device manufacturers of modern Raman analysers in cell

culture processes lie around 0.1 – 0.2 g L−1 and root mean square errors in the same

range or higher depending on the analyte are reported in the literature. In the case

of mAb glycosylation, glycosylation represents approximately 3% of the molecular

weight of a mAb molecule [11]. Given mAb titers in the lower gram range for state-

of-the-art cell culture processes, the glycosylation seems to constitute a very small

fraction of the complex cultivation matrix. Manyfold higher concentrated nutrients,

metabolites or cell components are therefore likely to cover the glycosylation signal.

Understanding the relationship between higher concentrated nutrient or metabo-

lites (CPPs) and the resulting product CQAs according to the QbD concept, and

monitoring or even controlling the levels of the CPPs by real-time Raman measure-

ments seems a more approachable solution unless further technology advancements

are introduced. Based on this concept, a glucose feedback control strategy was im-

plemented for a fed-batch process maintaining a stable glucose setpoint throughout

the culture time and thereby reducing product glycation [258].

The use of Raman spectroscopy in perfusion cell culture has so far been lim-

ited to nutrient and metabolite monitoring activities [178, 259–261], even though

real-time prediction of CPPs and feedback control could represent a gamechanger in

achieving the much-desired time-independent quality profiles for continuous man-

ufacturing [183, 262]. In contrast to fed-batch processes where culture composi-

tion changes with proceeding runtime, perfusion cell culture has inherently a much

lower component variability. In terms of chemometrics, reduced analyte variabil-

ity can negatively impact sensor calibration activities due to restricted calibration

ranges. Integrating sufficient analyte variability remains therefore one of the biggest

challenges for Raman implementation in perfusion processes. As previously accom-

plished for fed-batch processes, analyte spiking or the execution of DoE strategies

with miniaturized bioreactor systems to increase variability in the calibration data

set might be the next steps towards reliable and robust Raman calibration for per-

fusion applications [252, 263–268].

1.8.5 Current challenges for continuous perfusion processes

While it is fairly simple to get a stable perfusion process with consistent product

quality over time at low cell densities, high media perfusion rates and oversized

equipment to avoid any potential limitations endangering the run progression, such
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best-case scenarios are not economically profitable. From a manufacturer’s point of

view, the process should be pushed to the limits in terms of production in order to

reduce the COGs of the final drug product. This can be achieved by maximizing

cell density, minimized media utilization, and optimally designed or operated man-

ufacturing equipment to support these extreme conditions. The major challenge

of pushing productivity boundaries lies in maintaining consistent product quality

attributed. Consistent CQAs are of highest priority in continuous manufacturing

scenarios and ultimately contribute to patient safety of the biological drug. A lack

of process understanding, insufficient process development and unexpected effects

during process scale-up are the main reasons for undesired product quality drifts.

As such, next to other CQAs, drifting glycosylation profiles were reported in steady-

state perfusion cell culture. A general tendency towards less processed glycoforms

such as HM was observed with progression run time [143, 178–180]. Despite stable

cell density setpoint, reduced cell division rates and consequently reduced process

bleed rates were observed at the same time. Accordingly changing nutrient and

metabolite levels, such as increasing ammonia levels and changing amino acid con-

sumption rates, further indicate alterations in cellular metabolism of these perfusion

cultures [143]. Altogether, these are clear signs that despite stable operation at a

predefined cell density setpoint, no metabolic steady-state was achieved resulting in

drifting product quality profiles, highlighting the current challenges in perfusion cell

culture.

Process development for fed-batch processes has significantly benefited from

streamlined development activities in recent years. Robotic platforms and minia-

turized bioreactor systems have been developed and tailored to support optimiza-

tion of fed-batch processes [10, 183]. These high-throughput tools in combination

with decade-long experience ensure smooth scale-up from lab-scale to manufacturing

scale of current fed-batch processes delivering predictable process yield and product

quality. Perfusion processes in contrast to fed-batch processes require a more com-

plex bioreactor configuration and processing times tend to be significantly longer,

complicating perfusion process development. With commonly reported steady-state

duration 20 – 30 days, compared to 12 – 16 days of fed-batch process duration, and

a persisting trend to further prolong perfusion operating times, requirements for

a manufacturing cell line are changing [211]. Whereas robust growth kinetics and

high productivity were the major hallmarks for fed-batch cell lines, perfusion cell

lines must additionally provide higher stability to ensure constant product secretion

with consistent product quality over prolonged process duration [269, 270]. Reduced

growth in steady-state operation while maintaining productivity and product qual-
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ity is a further positive perfusion cell line attribute to improve overall process yield

by reduced bleed stream [166, 183]. In addition to cell line engineering, environ-

mental factors can influence the performance of a particular manufacturing cell line

and were summarized in section 1.6.2. As such, media development is central for

perfusion process optimization due to its direct impact on culture viability and pro-

ductivity. At the same time, media cost is one of the main drivers of manufacturing

cost, generating a trade-off between high perfusion rates to ensure optimal cell cul-

ture conditions and cost considerations with endeavors to minimize media utilization

[203, 210, 271]. Significant media optimization to make perfusion processes more

robust, economically viable, but also more sustainable, represents a major milestone

for continuous biomanufacturing. Most cell culture media were developed for fed-

batch processes and are expected not to be ideal for perfusion process requirements

[183]. Media reformulation from fed-batch to perfusion culture suitability, develop-

ment of higher concentrated media formulations to reduce perfusion rates and media

rebalancing to optimize nutrient utilization in steady-state operation are topics of

ongoing development activities [221, 272–274].

The maximization of the process output for a steady-state perfusion process re-

quires a holistic approach - only the combination of a high producing cell line, an

optimized media formulation and the appropriate set of process parameters will

enable manufacturers to fully take advantage of continuous manufacturing. To

solve these multivariate process optimization challenges, high-throughput capabil-

ities such as available for fed-batch process development are necessary and must

be adapted to perfusion development requirements. Even though semi-continuous

workflows in shake tube or miniaturized bioreactor systems were evaluated for per-

fusion processes development, these methodologies originally designed for fed-batch

process platforms only partially mimic true perfusion [275–278]. Increasing interest

in screening tools especially designed for perfusion process development has been

identified by device manufacturers and novel designs as well as retrofitted fed-batch

platform tools are becoming available. Scale-down of continuous media addition

and harvest removal by cell retention devices, as well as continuous cell density

monitoring ensuring continuous bleed removal are the main difficulties to overcome

when designing such high-throughput devices. Nevertheless, first devices for highly

parallelized cell line screening in nanofluidic-chips [279], fully controlled perfusion

systems at 2 mL working volume [226], and miniaturized stirred tank bioreactor

systems with cell retention capabilities have entered the market [280]. Integration

of these high-throughput screening tools and scale-down models have the potential

to decrease development timelines, increase process robustness and ensure smooth

29



scale-up to manufacturing scale and are expected to become important pieces of

industrial perfusion platforms.

1.8.6 Process intensification in steady-state perfusion

Despite upcoming perfusion adapted process development tools, increasing time-to-

market pressure continues to compress development schedules. Instead of length-

ening the process development timelines to accommodate the additional challenges

in continuous perfusion process development, timelines can be expected to further

decrease in order to stay competitive in the fast-evolving market environment [197,

203–206]. Insufficient process development can potentially lead to suboptimal manu-

facturing processes, resulting in lower yields and issues with product quality. Process

intensification strategies and fine-tuning of continuous processes during a later stage

closer to market entry can address these challenges, given that identical product

quality can be assured at intensified processes. The QbD approach was especially

designed to support more flexibility in the approval process. Changes within the

defined design space are not considered as a change to the manufacturing process,

whereas moving out of the design space is considered a change and would initiate

a post approval change process [33, 35]. This new concept gives manufacturers

the possibility to evaluate innovative approaches throughout the product lifecycle

and expand, reduce, or redefine the design space upon gaining additional process

knowledge.

Process intensification in biopharmaceutical manufacturing refers to the strategy

of making processes more efficient and effective. The goal is to enhance productiv-

ity, quality, and sustainability of the manufacturing process, while decreasing its

footprint, cost, and waste production. This methodology involves a rethinking of

current manufacturing practices, looking for opportunities to optimize and stream-

line every aspect, from raw material input to final product output [269, 281, 282].

In upstream processing, one of the main drivers for process intensification is the

increase of volumetric productivity in the bioreactor. A large increase in volumetric

productivity can already be achieved by switching from batch processing to contin-

uous manufacturing. As such, an increase from 0.1–0.7 g L−1 day−1 in fed-batch

processes to volumetric productivities above 2 g L−1 day−1 [269], even expected to

increase to 4.8 g L−1 day−1 in the near future [211], can be achieved. Focussing

on N-stage steady-state perfusion intensification, volumetric productivities can be

improved by increasing cell-specific productivity (QP ), increasing the total amount

of viable cells in the steady-state, reduce the process waste stream (bleed), or reduce

bioreactor idle stages.
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Cell-specific productivity can be increase by cell line engineering and media or

process optimization. In contrast to cell line engineering and media optimization

that require large screening capabilities, late-stage process optimization such as

PAT controlled feeding strategies are more amenable for QP tuning [258]. Much

more common and more attractive alternatives to increase volumetric bioreactor

productivity in continuous perfusion cultures are increasing the cell density in the

bioreactor or prolongation of the run duration [269]. A straight-forward strategy

to increase cell density consists in finding the minimally required medium renewal

rate per cell density to ensure stable process operation, namely the critical cell-

specific perfusion rate (CSPR). Once the CSPR is determined, cell density can be

increased in the bioreactor by maintaining a constant CSPR [283, 284]. Obviously,

operational bioreactor constraints such as mixing and gas transfer, as well as CRD

limitations due to high viscosity and high perfusion rates will limit the maximally

achievable cell density. Further, prolonged run duration reduces the idle time of

the bioreactor. Non-productive phases such as initial growth phase before reaching

steady-state operation and bioreactor turnaround times can be reduced if runs have

to be started less frequently [269]. The highly productive bioreactor steady-state

phase can be extended leading to an increased number of productive days annually,

ultimately enhancing the facility output. In addition, consumable utilization gets

enhanced which translates to reduced COGs. Main challenges such drifting product

quality attributes with proceeding process time due to cell line stability issues must

be overcome as discussed in section 1.8.5. A very steady-state perfusion specific

and more recent process intensification strategy consists in bleed stream reduction.

Bleed is inherently required for maintaining a stable perfusion operation and is a

good indicator for continuing cell division ensuring stable process operation. Simul-

taneously, bleeding means product loss as the liquid fraction of the bleed, containing

the product of interest, gets wasted and reduces the overall productivity. Endeav-

ours to either reduce the bleed stream by reducing cell division [166], or recycle part

of the liquid fraction in the bleed have recently been reported [285], and constitute

a less explored process intensification strategy for perfusion cell culture.

Altogether, a systematic investigation of possible process intensifica-

tion strategies for steady-state perfusion processes is required to fully

leverage the potential of continuous manufacturing. Not only their capacity

and extent of pushing volumetric productivity have to be evaluated, more impor-

tantly, their impact on product quality attributes must be characterized in detail.

With this in-depth understanding of process intensifications, their incorporation into

the QbD framework can become achievable, facilitating the definition of appropri-
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ate control strategies that ensure consistent product quality in intensified perfusion

processes.
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2 Scope of the Thesis

The biopharmaceutical industry is facing a new set of business realities and uncer-

tainties which challenge the well-established batch manufacturing approach. Emerg-

ing complex product classes are reshaping the biological landscape and biosimilars

have entered the biological drug market. With the broadening of product portfolios

and growing competition, continuous manufacturing of biologics has gained mo-

mentum due to its potential for cost saving, higher flexibility, and product quality

considerations. Responding to these industry shifts, the healthcare unit of Merck

KGaA, the industrial partner of this project, aspires to adopt continuous manu-

facturing technologies for both USP and DSP. Merck KGaA recently invested in

a center of process development and clinical manufacturing excellence called the

Biotech Development Center (BDC). The laboratories and the manufacturing areas

were designed to improve process development capabilities and enable the produc-

tion of clinical material using continuous manufacturing technologies.

From a manufacturer’s perspective, establishing a highly efficient, steady-state

perfusion process is essential to fully leverage the advantages of continuous manu-

facturing and consequently, lower the COGs. At the same time, continuous man-

ufacturing is at its best when time-independent product quality profiles can be

achieved. This increases the operational flexibility and is clearly the target for com-

mercial processes. The run duration could then be adapted to the product demand

and some operational risks are decreased. If a contamination occurs after 10 days

of production for example, some of the produced material could still be released if

the segregation strategy is well defined. But in terms of process development, main-

taining process stability is often leading to a delicate balance between optimizing

productivity without impaction on product quality. This is a challenge that is also

exacerbated by the time pressure that early-stage development programs are dealing

with.

The aim of this cumulative Thesis, performed on Merck’s perfusion platform, is

directed towards achieving two main objectives which were addressed in five sections:

• Product quality control: Attaining time-independent product qual-
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ity in intensified perfusion processes

In Section I, a novel PAT calibration approach specifically tailored for steady-

state perfusion processes is introduced. This innovative approach facilitates

the rapid development of exceptionally precise and robust prediction models

within a few days, as opposed to the traditional timeframe of several months.

Together with considerable cost savings due to reduced model calibration ac-

tivities, this approach substantially alleviates the burden of implementing PAT

in continuous perfusion processes, making it more accessible and practical.

Building upon the established PAT calibration approach and comprehensive

knowledge about the relationship between CPPs and CQAs from prior pro-

cess characterization, Section II outlines the successful implementation of a

Raman-based feedback control strategy. This QbD compliant control strat-

egy effectively stabilizes product quality profiles during extended periods of

intensified steady-state perfusion, satisfying the criteria for seamless integra-

tion into the continuous manufacturing platform. Additionally, Section III

presents promising novel N-glycosylation modulators to fine-tune antibody

effector functions such as ADCC and demonstrates their applicability in con-

tinuous feeding scenarios, which are required for continuous manufacturing

processes. This expands platform capabilities from product quality control

to modulation, representing a particularly interesting tool to match reference

product quality in the biosimilars field.

• Productivity increase: Investigation of process intensification strate-

gies and their impact on product quality

Next to extended cultivation time as process intensification strategy to boost

volumetric productivity, Section IV explores innovative bleed recycling appli-

cations to selectively recycle the liquid fraction of the bleed stream containing

the product, which would otherwise go to waste. Different bleed recycling tech-

nologies are compared at lab-scale and manufacturing scale, with a particular

focus on their impact on product quality attributes.

Lastly, Section V elaborates on enhancements for hollow fiber-based TFF to

accommodate the increased harvest volumes generated by process intensifica-

tion. Co-current filtrate flow as a solution to prevent premature filter clogging

and extensive product retention is discussed, thereby reducing CRD-related

bottlenecks in steady-state perfusion processes.

This cumulative Thesis comprises five first-authored research articles, of which

two are published (Section I and IV), and three are under review (Section II,
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III and V). All publications are assembled in Appendix A. The author’s scientific

curriculum vitae is attached to Appendix B.
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3 Results and Discussion

3.1 Product quality control: Attaining consistent

product quality in intensified perfusion pro-

cesses
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3.1.1 Section I - Advancing Raman model calibration for

perfusion bioprocesses using spiked harvest libraries

PAT plays a major role in transitioning from batch to the envisioned integrated

continuous manufacturing platform to gain better process understanding and im-

prove process control. Especially spectroscopic sensors with the ability to monitor

multiple CPPs at the same time are interesting for the biopharmaceutical industry

as they could enable real-time feedback control strategies to stabilize intensified per-

fusion processes and prevent product quality drifts [34, 35, 247]. Despite the great

potential in development as well as in commercial manufacturing, implementation

of PAT has been associated with tremendous hurdles. Time and resource intensive

calibration efforts, insufficient analyte variability in calibration data sets and high

cross-correlation of various media components resulted in unspecific prediction mod-

els with low robustness, not suitable for feedback control strategies [252]. Further,

traditional calibration strategies by aligning at-line reference measurements with

simultaneously acquired process spectra are challenged by steady-state perfusion

processes with inherently low analyte variability compared to evolving fed-batch

processes.

In order to address the urgent needs for enhanced model performance and prac-

ticability of spectroscopic PAT, as well as to establish a basis for their incorpo-

ration into development workflows and continuous manufacturing environments, a

novel calibration approach was developed (Figure 3.1). This workflow harnesses the

presence of the cell free harvest stream in perfusion processes to monitor analytes

by inserting a specifically designed flow cell accommodating standard PAT sensor

probes. This strategic repositioning of the PAT sensor into the harvest stream, in-

stead of within the bioreactor, allows a fundamental restructuring of the calibration

approach, resulting in the following workflow:

1. Harvest library (HL) generation: Perfusion harvest samples from multiple

development bioreactor runs at different processing times are collected and

frozen at -80 ◦C to build a harvest library, covering intra- as well as inter-

process variability.

2. Sensor calibration by HL spiking: Once a HL is established, new calibra-

tion models can be created at any time by thawing HL samples and spiking

them with analytes of interest. Alternatively, fresh harvest samples can be

used instead or in addition to HL samples. Spiking enables to selectively

change concentrations of particular analytes to decouple their spectral peaks
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from the process matrix. Optimized DoE spiking additionally offers to spike

multiple analytes at the same time to reduce calibration efforts and further

increase prediction performance. All calibration activities are executed offline

under non-aseptic conditions, meaning not connected to the bioreactor.

3. Chemometric modeling: Standard pre-processing methods commonly ap-

plied for the respective spectroscopic technology can be used, followed by re-

gression modeling such as PLS regression.

4. Model verification and in-line predictions: The flow cell is connected

to the bioreactor harvest stream and analyte additions into the bioreactor are

performed. Model predictions are then compared to reference analytics to

assess accuracy and robustness of the model. Not just analytes of interest,

but also other matrix components can be added to assess the independency of

the prediction models from other components.

Figure 3.1: Schematic representation of the harvest library calibration approach.
Harvest library samples are thawed and spiked with analytes of interest (A). Spectra
for spiked harvest samples are collected in an offline setup (B) followed by chemomet-
ric modeling to create prediction models (C). Subsequently, the flow cell is connected
to the bioreactor harvest stream and in-line model verification by adding analytes
or other matrix components into the bioreactor is performed to assess model per-
formance (D).

Raman spectroscopy, particularly advantageous for measuring aqueous solutions

due to its minimal interference with water, was selected as the preferred platform

technology to monitor perfusion cell culture [183, 249]. Various sugars such as glu-

cose, raffinose, galactose, mannose, and fructose, were chosen as excellent test sub-

jects for assessing this new PAT calibration approach via Raman spectroscopy, due

to their relevance in cell culture by modifying the N-glycosylation of recombinantly

produced proteins [144, 147, 149–152].

An initial screening to assess whether these sugars with a high degree of molecular

similarity can be distinguished by Raman spectroscopy at process relevant concen-

tration was performed using a single batch of perfusion harvest. In this ideal scenario

at a fixed matrix composition, spiking of 200 samples revealed that Raman spec-

troscopy was indeed able to distinguish and quantify the different sugars, resulting
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in root mean square error of prediction (RMSEP) between 0.2 to 0.4 g L−1. More

importantly, model regression coefficient patterns varied strongly between different

sugars (Figure 3.2) and the most important spectral regions for prediction were in

good agreement with specific vibrational bands reported in the literature [286, 287].

Figure 3.2: Raman spectra for glucose (A), raffinose (B), galactose (C), mannose
(D), and fructose (E) in perfusion process harvest. All spectra were pretreated with
a Savitzky–Golay filter (derivative 1, polynomial = 2, window size = 31) followed by
standard normal variate (SNV). Background bands represent the min-max normal-
ized regression coefficient for the respective wavenumber for the individual models.
Blue colors show the negative contribution of the wavenumber to the predicted value,
red colors indicate a positive contribution. The more intense the coloring, the more
important the wavenumber for the respective model.

As a next step and more realistic scenario, a robust Raman prediction model

for raffinose as a glycosylation modulating sugar in the presence of glucose as main

energy source in cell culture media was aspired [152]. Raffinose, a trisaccharide con-

taining even a glucose molecule, was chosen as a worst-case sugar to demonstrate

the applicability of the calibration workflow for similar compounds. This time, ma-

trix variability was incorporated by using HL samples. Different calibration models

were created and compared to assess whether raffinose spiking alone is sufficient for

robust model calibration, or if additional glucose spikes are required to extend the

matrix variability. Although both the simple model based solely on raffinose spikes
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and the comprehensive DoE model, which incorporates both raffinose and glucose

spiking, demonstrated a low root mean square error of cross-validation (RMSECV)

below 0.3 g L−1 for raffinose predictions, the deficiencies of the simpler model became

evident during in-line model verification. When challenged with glucose additions to

the bioreactor, simulating potential process deviations, the simpler raffinose model

predicted an increase of raffinose, even though no raffinose at all was present in the

culture (Figure 3.3A). The DoE model on the other hand could accurately predict

raffinose at any time due to properly decoupled spectral peaks between raffinose

and other matrix components such as glucose at low RMSEP of 0.35 g L−1 (Figure

3.3B).

Figure 3.3: Raman predictions of the model verification run comparing the simple
calibration model consisting solely of raffinose spikes (A) with the comprehensive
DoE model incorporating raffinose as well as glucose spiked (B). RA1 and RA2
represent raffinose additions of 10.9 g L−1 and 11.1 g L−1 to the bioreactor, whereas
GA1 is a glucose addition of 11.8 g L−1 and GA2 a glucose addition of 5.6 g L−1.
Raw predictions without moving average are shown and aligned with reference values
for glucose (circles) and raffinose (squares). GA, glucose addition; RA, raffinose
addition.

In summary, this innovative PAT calibration approach enables the generation of

highly accurate and robust prediction models at unprecedent speed. Unlike tradi-

tional calibration procedures that take months and span a wide range of process de-

velopment activities, this approach reduces the calibration timeline to days. With a

well-defined HL in place, spiking calibration activities can be conducted offline with-

out interfering with ongoing process development activities and prediction models
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can be made accessible already for initial development bioreactor runs. The fact

that the PAT sensor is placed in the perfusion harvest stream, contributing to a

less complex background matrix due to absence of cells, cell debris and gas bubbles,

might further facilitate the creation of generic platform calibration models rather

than recalibrating predictions models for each new process. Considering scale-up,

the same flow cell as in lab-scale can be used for commercial manufacturing when

connected in a harvest by-pass, thereby alleviating scalability risks. In combina-

tion with considerable cost savings due to reduced calibration activities and better

model performance by calibration range extension and proper peak decoupling, this

approach substantially facilitates the burden of implementing PAT in continuous

perfusion processes and paves the way for the envisioned real-time product quality

control framework.

This section is based on the following publication: P. Romann, J. Kolar, D. Tobler, C. Herwig,
J. Bielser, and T. K. Villiger, Advancing Raman model calibration for perfusion biopro-
cesses using spiked harvest libraries, Biotechnology Journal, vol. 17, no. 11, p. 2200184, Nov.
2022, DOI: 10.1002/biot.202200184.
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3.1.2 Section II - Raman-controlled pyruvate feeding to con-

trol metabolic activity and product quality in contin-

uous biomanufacturing

Despite advancements in technology ensuring stable cell culture perfusion opera-

tion at constant cell densities and fixed CSPR, maintaining a cellular steady-state

metabolism throughout the extended perfusion process duration remains a consid-

erable challenge. Metabolic drifts are especially pronounced at highly intensified

processes and might be related to media limitations or other effects such as cell

aging. Merck’s proprietary CHO-K1 platform cell line, among other reported cell

lines, revealed a lack of steady-state metabolism for various recombinantly expressed

products [143, 178–180]. As run time progressed, the cultures exhibited reduced cell

division rates, altering amino acid consumption rates, increasing ammonium con-

centrations and reduced productivity. The severity of these trends increased with

higher cell densities and prolonged run duration, putting constraints on process in-

tensification by limiting maximal cell density and run duration to prevent extensive

product quality drifts towards less processed N-glycosylation species such as high

mannose. Process characterizations studies revealed pyruvate, a precursor enter-

ing the TCA cycle, as an effective lever to stabilize the cellular metabolism [143].

Constant pyruvate feeding was proposed to substitute amino acid catabolism and

reduce anaplerotic reactions replenishing the TCA cycle. Despite significantly low-

ered ammonium levels, which had a beneficial effect on product quality, the cell

cultures’ needs evolved with extended run duration. This altering of the pyruvate

consumption rate led to a residual yet diminished drift in product quality, calling

for an on-demand feeding strategy adjusting the pyruvate supplementation to the

evolving needs of the cell culture.

Utilizing pyruvate as a potent glycosylation modulator and leveraging the pre-

viously described PAT calibration approach (Section I), a real-time Raman-based

product quality control strategy was developed and exemplified with a steady-state

perfusion process producing a bispecific antibody. Raman calibration activities in-

corporated a DoE spiking approach to generate prediction models for pyruvate, lac-

tate, and ammonium. Furthermore, glucose was spiked to avoid peak interference

with the analytes of interest. Raman model verification by inline analyte additions

revealed that the ammonium model was entirely based on correlation to other matrix

components and disqualified for feedback control. Noticing the swift conversion of

pyruvate into lactate by the culture upon pyruvate addition, leading to consistently

low pyruvate levels but elevated lactate levels, identified lactate as an ideal marker
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for TCA saturation that can be robustly measured using Raman spectroscopy. As

a result, the real-time quality control strategy comprises an on-demand pyruvate

feed, regulated by adhering to a predefined lactate setpoint, which is measured in

real-time using Raman spectroscopy (Figure 3.4).

Figure 3.4: Raman controlled pyruvate feeding strategy. Schematic setup of a per-
fusion bioreactor with Raman flow cell after cell retention device (CRD) in harvest
stream predicting lactate concentration and controlling pyruvate feed addition (A).
Simplified metabolic scheme of feeding strategy (B).

Two different lactate setpoints were evaluated by pyruvate feeding, a rather

low concentration of 0.3 g L−1 and a slightly higher concentration of 0.7 g L−1.

In both cases, stable VCV and high cell viabilities were achieved (Figure 3.5A).

Lactate levels in contrast to depletion after an initial lactate peak in the control

runs were stabilized at the respective setpoint (Figure 3.5C), but pyruvate levels

remained much lower due to rapid conversion into lactate (Figure 3.5D). Pyruvate

feeding profiles increased slowly with run progression and decreased again towards

the end of the runs (Figure 3.5F) and higher pyruvate feeding rates were required

for the higher lactate setpoint of 0.7 g L−1. Ammonia was significantly stabilized

and maintained below 2 mmol L−1 for the 0.7 g L−1 lactate and was only slightly

higher for the lower lactate setpoint, marking an up to 3-fold ammonium reduction

at peak concentrations (Figure 3.5E). On day 20 of the 0.3 g L−1 lactate setpoint

run, external ammonium at a concentration of 5 mmol L−1 was supplemented to the

cell culture medium to evaluate its impact on N-glycosylation. Whereas productivity

was not impacted by pyruvate feeding at all, additional ammonium supplementation

reduced productivity significantly (Figure 3.5B).

N-glycosylation of the bispecific mAb was stabilized resulting in a flat profile

across the board and no residual drifting was remaining (Figure 3.6). The most

critical glycosylation species, high mannose and fucosylation, which exhibited serious

drifts in the absence of on-demand pyruvate feeding were effectively stabilized to

standard deviations below 0.2% for high mannose and fucosylation throughout a
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Figure 3.5: Cell culture parameter, nutrient and metabolite trends for steady-
state perfusion cultivations. VCV and viability (A), product titer (B), lactate (C),
pyruvate (D), ammonium (E) and pyruvate feed rate (F). The vertical black lines
represent the start of Raman controlled pyruvate feeding and the blue and red
vertical line represent the end of pyruvate feeding of the respective runs. Blue
horizontal lines represent a phase of ammonium addition of 5 mmol L−1 to the
perfusion media in the perfusion run with 0.3 g L−1 lactate setpoint.

perfusion process duration of over 40 days. While galactosylation and sialylation

were stabilized in a comparable way, adjusting lactate setpoints could provide a

method for moderate fine-tuning of these specific glycan forms. Unless specific

preferences for galactosylation or sialylation favor higher lactate setpoints, reducing

the lactate setpoint to 0.3 g L−1 or lower reduces the pyruvate feed consumption

which translates into a more economic process. However, care should be taken that

extensive lactate setpoint reduction does not compromise the TCA supplementation,

as this would result in destabilization of the N-glycosylation species. Interestingly,

additional ammonium supplementation did not impact the product quality at all
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Figure 3.6: Product glycosylation profiles for steady-state perfusion cultivations.
High mannose (A), fucosylation (B), G0 (C), G1 (D), G2 (E), a-sialylation (F),
mono-sialylation (G) and di-sialylation (H). The vertical black lines represent the
start of Raman controlled pyruvate feeding and the blue and red vertical line rep-
resent the end of pyruvate feeding of the respective runs. Blue horizontal lines
represent a phase of ammonium addition of 5 mmol L−1 to the perfusion media in
the perfusion run with 0.3 g L−1 lactate setpoint.
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even though ammonium is well known to impact N-glycosylation [138, 139, 155].

This effect might have been masked in this study by sufficient TCA cycle saturation,

thereby minimizing the impact of ammonium, but is not fully understood.

The Raman-controlled pyruvate feeding strategy represents a valuable platform

tool for continuous manufacturing, effectively addressing one of the most substantial

challenges in intensified perfusion processes – the need to compromise productivity

for the sake of product quality. In general, all cell lines demonstrating a metabolic

shift caused by insufficient TCA cycle saturation accompanied by accumulating

ammonium concentration might profit from this control strategy. Rapid model cali-

bration workflows enable early implementation into process development activities,

helping to identify pyruvate feeding profiles. This allows to investigate manufac-

turing cell line specific pyruvate demands with ease. Should there be an altering

pyruvate requirement over time, the on-demand pyruvate feeding strategy can be

transferred to commercial manufacturing. If requirements remain constant, this

strategy supports development in determining the optimal constant pyruvate feed

rate. This exemplary application of a QbD approach, which bridges the knowledge

between CPPs and CQAs, while utilizing PAT for real-time control, highlights the

potential of real-time process control in a continuous manufacturing environment

and shall serve as a blueprint for further process optimization efforts.

This section is based on the following publication: P. Romann, S. Schneider, D. Tobler, M.
Jordan, A. Perilleux, J. Souquet, C. Herwig, J-M. Bielser, and T. K. Villiger, Raman-controlled
pyruvate feeding to control metabolic activity and product quality in continuous
biomanufacturing, 2023, Under review in Biotechnology Journal
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3.1.3 Section III - Maduramycin, a novel glycosylation mod-

ulator for mammalian fed-batch and steady-state per-

fusion processes

On top of controlling product quality attributes at consistent levels throughout the

manufacturing run, the ability to modulate product quality to fine-tune antibody

effector functions such as ADCC, or to match reference product quality attributes

in the biosimilar field, could offer substantial advantages to the biopharmaceutical

industry [104]. A-fucosylation and high mannose glycan species are particular mod-

ulation targets given their role in enhancing ADCC, even though the effect of high

mannose is attributed to its intrinsic a-fucosylation [83, 84, 86, 107, 108]. A prac-

tical strategy to increase ADCC involves therefore in increasing the proportion of

less processed glycan species like high mannose through media supplementation of

enzymatic inhibitors, arresting the glycan processing at an early stage. Kifunensine,

the most popular α-mannosidase I inhibitor in the ER, has extensively been used

in cell culture and mainly increases M8-M9 species [105, 107, 108, 158]. Although

commercial mAbs primarily feature M5 type high mannose species, modulators that

specifically increase M5 are scarce. Moreover, the use of these modulators has so

far been limited to bolus additions in batch manufacturing or dynamic perfusion

systems. Their suitability in continuous feeding regimes over prolonged process

durations for steady-state perfusion, however, has yet to be explored [160].

Several compounds of the polyether ionophore family, molecules influencing the

glycosylation machinery by increasing the pH in the Golgi [161, 162], were screened

for their ability to selectively increase M5 glycans of mAb products. Maduramycin,

in contrast to other promising polyether ionophores, showed the intended effect on

all tested cell lines and was subsequently compared to kifunensine in continuous per-

fusion cultures by media supplementation. Continuous feeding of both maduramycin

and kifunensine in separate perfusion runs did not disrupt stable operation at the

target VCV setpoint and high viabilities were maintained throughout the duration

of 35 days (Figure 3.7A). During this period, different modulator concentrations

were targeted, incorporating both ascending and descending ramps, to assess the

dynamics and the reversibility of the effect on glycosylation (Figure 3.7C and 3.7D).

Glycosylation patterns of high mannose closely mirrored the modulator concentra-

tion trends were decreasing after reducing the modulator concentration, suggesting

reversibility and no accumulation of maduramycin nor kifunensine within the cells

(Figure 3.7E and 3.7F). The total high mannose proportion could be regulated in

a concentration-dependent manner for both tested modulators, the effective high
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Figure 3.7: Steady-state perfusion process data at 2 L bioreactor scale for control
run, kifunensine and maduramycin run producing a bispecific antibody. VCV and
viability (A), process titer (B), feeding strategy and calculated modulator concen-
tration in the bioreactor for kifunensine run (C) and for maduramycin run (D), with
respective absolute HM levels for kifunensine run (E) and maduramycin (F). Steady-
state HM glycoforms averaged over last 3 days before media change for kifunensine
run (G) and for maduramycin run (H).
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mannose distribution did however vary significantly. While kifunensine increased

all high mannose type glycans, particularly M8-M9 (Figure 3.7G), maduramycin, as

desired, mainly increased the M5 fraction (Figure 3.7H). Bispecific mAb titers did

not decrease compared to the modulator-free control run, indicating no impact on

process productivity (Figure 3.7B).

Figure 3.8: N-glycosylation data of steady-state perfusion process at 2 L bioreactor
scale for continuous 50 nM maduramycin run and control run producing a bispecific
antibody. Absolute HM (A), a-fucosylated species (B), galactosylated species (C)
and a-sialylated species (D). The dashed lines represent the change from modulator
free media to 50 nM maduramycin media on day 11.

The primary objective of this study was to develop a method to increase and

control total HM glycoforms, specifically augmenting the high mannose M5 type

glycan species, within a continuous steady-state perfusion process and maintain

this altered glycan distribution stable over time. Constant maduramycin feeding

supplemented to the cell culture media at 50 nM concentration increased HM from

0.7% to 12.2% and remained over 10% until the end of the run (Figure 3.8A). As

anticipated due to their interdependency, afucosylation increased simultaneously
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from approximately 2% to 8% (Figure 3.8B). At the same time, galactosylation

decreased from 55% to 25% while asialylation remained rather constant around 99%

(Figure 3.8C and 3.8D).

The discovered N-glycosylation modulators expand the current effector function

modulating toolbox for biotherapeutics. Their applicability or extended steady-state

perfusion processes without impacting culture performance make them a universal

tool with regards to integrated continuous manufacturing processes. Once the re-

lationship between the modulator concentration and its effect on N-glycosylation is

understood, a straightforward continuous feeding regime, achieved by supplement-

ing the culture media, allows to consistently modulate N-glycosylation. Given their

complimentary effect on high mannose glycan distribution, and depending on the

specific requirements, kifunensine, maduramycin, or a combination of both can be

selected to fine-tune N-glycosylation. The demonstrated reversibility of modulation

even enables real-time adjustments through concentration changes, an aspect that

becomes particularly compelling once real-time glycan measurements are accessi-

ble. These modulators extend platform capabilities from product quality control to

modulation, representing a particularly interesting tool to produce differently glyco-

sylated biologics to investigate effector functions or match reference product quality

in the biosimilars field.

This section is based on the following publication: P. Romann, T. Vuillemin, S. Pavone, M.
Jordan, A. Perilleux, J. Souquet, J-M. Bielser, C. Herwig, and T. K. Villiger, Maduramycin,
a novel glycosylation modulator for mammalian fed-batch and steady-state perfusion
processes, 2023, Under review in Journal of Biotechnology
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3.2 Productivity increase: Investigation of pro-

cess intensification strategies and their im-

pact on product quality
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3.2.1 Section IV - Maximizing yield of perfusion cell cul-

ture processes: Evaluation and scale-up of continuous

bleed recycling

Process intensification strategies to make processes more cost-efficient and sustain-

able are a major focus of manufacturers to stay competitive in the demanding market

environment. Prolonging the cultivation period enabled by the real-time Raman-

based product quality control framework was a first step towards improved pro-

cess productivities of Merck’s continuous manufacturing platform. Meanwhile, the

bleed stream of a perfusion process, of which the liquid phase contains a substantial

amount of product, represents another interesting target to further improve pro-

cess productivity and reduce waste. Given that bleed rates often reach up to 30%

of the perfusion rate, significant process intensification potential lies within either

reducing the bleed stream or recovering the liquid fraction containing the product.

While growth reduction to reduce bleed streams was associated with negative effects

on process long-term stability [166], innovative bleed recycling applications have re-

cently gained attention. Acoustic separators have been used in a proof-of-concept

study to selectively concentrate the cell fraction of the perfusion bleed stream and

recycling the liquid fraction back to the bioreactor ultimately increasing the per-

fusion harvest [285]. This resulted in significant product saving which otherwise

would go to waste. As long as cells can be concentrated and separated, existing cell

separation devices can be employed for such an application. However, to seriously

consider incorporating bleed recycling into the continuous manufacturing platform,

it is essential to gather knowledge about the advantages of various cell concentrat-

ing technologies. This includes understanding their efficiency, scalability, and the

potential impact on product quality when employed in a continuous long-term bleed

recycling scenario.

In this study, continuous bleed operation, which maintains uninterrupted liquid

flow, was achieved by integrating the bleed recycling devices into the bleed stream.

The clarified harvest stream was then recirculated back into the bioreactor. The

recycle pump speed was automatically adjusted to a predefined fraction of the ca-

pacitance control process bleed pump. The difference between the inlet flow and

the recirculation flow defined the effective concentrated waste stream (Figure 3.9A).

For the first time, inclined gravity settlers (Figure 3.9C and D) were evaluated as

bleed recycling device and compared to an acoustic separator (Figure 3.9B) with

respect to bleed recycling efficiency, metabolite profiles, product quality attributes,

cell debris removal, and ease of operation.
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Figure 3.9: Schematic representation of the bleed recycling setup (A), lab-scale
acoustic settler (B), lab-scale inclined gravity settler (C), and large-scale inclined
gravity settler (D).

The evaluation of bleed recycling efficiencies revealed no observable difference

between gravity settling and acoustic separation. VCV of the perfusion process,

defining the VCV entering the bleed recycling device, is an important parameter that

determines the settler recycle rate (Figure 3.10A). Conditions that lead to a gradual

accumulation of biomass within the separation device, typically due to insufficient

waste stream, were identified. These undesired conditions have provided a founda-

tion for determining optimal recycle rates and depend heavily on the VCV in the

inlet stream (Figure 3.10B). Assuming bleed recycling at optimal, non-accumulating

conditions, estimates about the process yield increase can be made and provide use-

ful information to estimate process yield increases depending on perfusion process

characteristics (Figure 3.10C and D).

Except for lower debris removal, inclined gravity settling showed similar bleed re-

cycling efficiency and no negative impact on cell viabilities, nutrient and metabolite

levels and product N-glycosylation. Taking reduced system complexity and facili-

tated scale-up of gravity settlers into account, inclined gravity settling emerged as

the favoured technology for further evaluation during a 42-day lab-scale perfusion

process. The automated bleed recycling strategy (Figure 3.9A) was operated dur-

ing two consecutive periods of 17 and 5 days to assess long-term effects on culture

performance and product quality, could however also have been operated without in-

terruption. No difference in culture stability concerning VCV setpoint and viability

was observed (Figure 3.11A). During active bleed recycling phases in the perfusion

process with a VCV setpoint of 12% and a bleed rate between 20% and 25%, the

waste stream could be reduced by up to 3.5 times down to 6% effective bleed rate,

resulting in a harvest rate increase of 19% (Figure 3.11B). Ammonium levels and

pH were unaffected by bleed recycling operation (Figure 3.11C), solely debris levels
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Figure 3.10: Bleed recycling efficiency data and performance calculations. VCV
contour plot showing the relationship of VCD and average cell diameter for VCV
(A). Experimental data to evaluate optimal recycle rates by accumulating and non-
accumulating settler experiments (B). The straight line represents an expected ac-
cumulation limit based on linear regression of all data points. Process yield increase
contour plot relating process bleed rate to settler recycle rate (C) or process VCV
setpoint (D) assuming optimal settler recycle rate as evaluated by the regression line
in (B). The points in (A), (C) and (D) serve as an example for a process bleed of
approximately 20% with the specified VCV of roughly 12%. Acoustic settler (AS),
Inclined Gravity Settler (IS).

slightly increased, did however not impede CRD performance as process titer re-

mained high (Figure 3.11D). The long-term perfusion process validated that bleed

recycling had no impact on product quality, such as high mannose or fucosylation

(Figure 3.11E and F). Subsequent gravity settler scale-up designed to process bleed

for a 2,000 L manufacturing scale perfusion bioreactor confirmed lab-scale efficiency

and quality considerations.

Gravity settling has been identified bleed recycling technology with reduced com-

plexity which is readily scalable to manufacturing scale. Significant volumetric
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Figure 3.11: Process data of lab-scale 2 L perfusion settler run compared with a
standard control run without bleed recycling for a bispecific mAb product. VCV and
viability (A), process harvest rate (B), ammonia and pH profile (C), harvest titer
and debris trend (D), high-mannose (D) and fucosylation (E). Grey areas represent
process phases were bleed recycling was performed, whereas bleed recycling was
turned off during white process phases.

productivity increases of 20% were demonstrated during long-term perfusion and

waste was reduced 3-fold. This process intensification strategy can be connected to

the perfusion processes without disturbing the cell culture, solely reducing the net

bleed stream, and thereby increasing the harvest stream. The presented automa-

tion strategy adjusted the recirculation pump to the actual process bleed stream and

required no operator interference throughout the entire perfusion run. Bleed recy-

cling characterization across a variety of perfusion parameters supports informed

decision-making regarding integration of bleed recycling into a particular perfusion

process with the aim to reduce perfusion waste, increase process sustainability and

boost overall process yield. Fully continuous operation enables integration into

Merck’s continuous manufacturing platform. With emerging technologies enabling
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even higher biomass compaction, such as single use continuous centrifuges, bleed re-

cycling efficiency might be even further improved and advanced PAT might support

advanced control strategies to ensure maximal efficiency.

This section is based on the following publication: P. Romann, J. Kolar, L. Chappuis, C. Her-
wig, T. K. Villiger, and J.-M. Bielser, Maximizing yield of perfusion cell culture processes:
Evaluation and scale-up of continuous bleed recycling, Biochem. Eng. J., vol. 193, no. 2,
p. 108873, Apr. 2023, DOI: 10.1016/j.bej.2023.108873.
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3.2.2 Section V - Co-current filtrate flow in TFF perfusion

processes: Decoupling transmembrane pressure from

crossflow to improve product sieving

As cultivation durations extend and cell densities rise, further process intensifica-

tions such as bleed recycling continue to increase the loads on the hollow fiber-based

cell retention devices. These intensified filtration conditions bear risk of premature

filter clogging and severe product retention, major challenges that must be overcome

while moving towards robust continuous manufacturing processes. While ATF sys-

tems showed improved product sieving [236–238], TFF systems were claimed to be

better suited for manufacturing scale operations due to higher technology robust-

ness with smaller facility footprint [211]. Irrelevantly of ATF or TFF operation,

low filtrate fluxes in perfusion processes and high axial pressure drops within the

filtration module generate a reverse flow of filtrate back into the fiber lumen at the

filter exit, named Starling recirculation [288]. This backflush was credited with ben-

eficial effects on product sieving by washing the membrane in ATF systems upon

alternating the crossflow, whereas unidirectional TFF systems could not benefit

[237, 289]. Nonetheless, this backflush must be compensated by an enhanced fil-

tration flux at the filter inlet, which in turn puts additional stress on the filtration

module. A more comprehensive understanding of the delicate balance between the

advantageous effects of backflush and the added stress of Starling recirculation on

filtration appears necessary. Approaches to control Starling recirculation indepen-

dently of filter characteristics and the crossflow might allow to design more efficient

TFF filtration systems that are ready to accommodate increased harvest volumes

of intensified perfusion processes.

This study aimed at evaluating co-current filtrate flow in TFF systems to decou-

ple transmembrane pressure from crossflow to improve product sieving in steady-

state perfusion processes. In conventional TFF operation, the magnitude of the axial

pressure drop within the fiber lumen is dependent on the crossflow, culture viscosity

and filter characteristics. Even though a certain flexibility in filter choice and cross-

flow range is available, adjusting these parameters does not solve the fundamental

problem of extensive Starling recirculation in TFF systems (Figure 3.12A). As an al-

ternative strategy to diminish the axial pressure drop within the fiber lumen, efforts

can also be directed towards achieving a similar axial pressure drop on the filtrate

side as on the retentate side, resulting in a nearly uniform transmembrane pres-

sure (TMP) throughout the module (Figure 3.12B). This concept, originally applied

to control membrane polarization along the filter length to enable high resolution
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Figure 3.12: Schematic representation for TFF (A), HPTFF (B) and scTFF (C)
systems with centrifugal pumps based on pressure characterization. Relative pres-
sure curves along the filter length for each system are given and arrows indicate
filtrate flux, longer arrows represent larger fluxes. Additionally, a zoom into a fiber
at the beginning, middle and at the end of the filter is provided and colored from
red (high pressure) to blue (low pressure). As scTFF consists of two phases, the
situation for reduced (scTFF Phase 1) and enhanced co-current filtrate flow (scTFF
Phase 2) and are depicted.
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protein-protein separations in downstream operations, was coined High-Performance

TFF (HPTFF) and was enabled by a co-current filtrate flow driven by an additional

gear pump in a filtrate loop [290, 291]. In addition to translating the HPTFF con-

cept from DSP operation to steady-state perfusion, a novel concept coined stepping

co-current TFF (scTFF) was developed in this study to extend HPTFF operation

with the ability to play with the Starling recirculation. Consequently, instead of

generating a uniform TMP across the filtration module, the co-current filtrate flow

is periodically increased or decreased to generate well-controlled membrane sweeping

phases by Starling recirculation at the start or end of the filtration module (Figure

3.12C).

Figure 3.13: Detailed schematic representation of the experimental setup for the
pressure characterization in water (A). Pressure transmitters (PT), flow sensors
(FS), centrifugal pumps (CD) and peristaltic pumps (PP) are specified with sub-
scripted letters according to their position (R: Retentate; F: Filtrate; A: Additional
sensors on filtrate side; H: Harvest). Minimally required setup for HPTFF or scTFF
operation used for cell culture runs are further shown (B). Pressure measurements
according to their position along the filter length are provided for HPTFF (C) and
scTFF (D) at 650 mL min−1 crossflow, grey areas represent absolute fiber length.

Co-current filtrate flow in TFF systems was achieved by inserting a second low-

shear centrifugal pump (CDF ), identical to the pump in the cell loop (CDR1), into
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the filtrate loop directed towards the filter inlet. A pressure characterization setup

with pressure sensors at both inlet and outlet of the retentate loop (PTR1 and PTR2),

and filtrate loop (PTF1 and PTF2), and five additional pressure sensors along the

filter length on the filtrate side (PTA1−5) was built. Two flow sensors (FSR and

FSF ) were integrated to measure flows of the retentate and filtrate loop (Figure

3.13A). Pressure characterization studies revealed that ideal HPTFF conditions can

be achieved by simply matching the filtrate loop inlet pressure (PTF1) with the re-

tentate loop inlet pressure (PTR1) (Figure 3.13C). This allows a reduced design for

controlling HPTTF operation in steady-state perfusion with only two pressure sen-

sors (Figure 3.13B). The scTFF concept could further be validated by demonstrating

the ability to adjust the TMP profile to achieve targeted backflush either at the fil-

ter outlet (scTFF Phase 1) or at the filter inlet (scTFF Phase 2) (Figure 3.13D).

The same device setup as depicted for HPTFF in Figure 3.13B can be applied for

scTFF, with the difference not to match PTF1 with PTR1, but controlling at slightly

reduced PTF1 (scTFF Phase 1) or elevated PTF1 (scTFF Phase 2). Additionally,

pressure profiles revealed that HPTFF and scTFF are scalable to manufacturing

scale by repeating pressure characterization using a large-scale filtration module.

Figure 3.14: Perfusion cell culture runs with TFF (black), rTTF (blue), HPTFF
or scTFF (red) as cell retention devices. VCV and viability (A), cell diameter (B),
harvest titer (C) and product sieving (D).

The benefits of HPTFF operation or precise control of the direction and inten-
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sity of Starling recirculation in scTFF operation was subsequently demonstrated in

steady-state perfusion cell culture processes. Comparison to standard TFF reveal

up to 40% higher product sieving and even outperformed reverse TFF (rTFF), a

system featuring alternating crossflow driven by two inversely positioned centrifugal

pumps in the cell loop (Figure 3.14D). At the same time, no impact on cell pa-

rameters was observed (Figure 3.14A and B) and product titer remain high (Figure

3.14C).

Co-current filtrate flow in unidirectional TFF systems represents an interesting

and scalable extension to standard TFF or alternating TFF operation when deal-

ing with growing volumes of harvest due to process intensification. The flexibility

to adjust the duration, frequency, and extent of Starling recirculation in HPTFF

or scTFF operation resulted in highest product sieving performance under inten-

sified perfusion process conditions. Decoupling of TMP from crossflow and filter

characteristics, thereby enabling control of local TMP along the filtration module,

addresses common obstacles associated with filter length constraints and crossflow

restrictions. This opens an entirely new playground to optimize filtration perfor-

mance of unidirectional as well as of alternating TFF sytsems, consequently reducing

CRD-related bottlenecks in intensified steady-state perfusion processes.

This section is based on the following publication: P. Romann, P. Giller, A. Sibilia, C. Herwig,
A. Zydney, A. Perilleux, J. Souquet, J-M. Bielser, and T. K. Villiger, Co-current filtrate flow
in TFF perfusion processes: Decoupling transmembrane pressure from crossflow to
improve product sieving, 2023, Under review in Biotechnology and Bioengineering.
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4 Concluding Remark

Continuous manufacturing of biologics offers immense potential for process inten-

sification, helping manufacturers maintain competitiveness in a diversifying market

environment. Maximizing benefits from continuous manufacturing requires time-

independent product quality profiles for highest operational flexibility. However,

maintaining process stability often presents a delicate balance between optimiz-

ing productivity without compromising product quality. This Thesis tackled both

aspects - intensifying processes to bolster productivity, while also introducing a

framework for product quality control.

The quality control framework, developed in line with the Quality by Design

(QbD) principle, comprises three primary components: a glycosylation modulator,

an indirect metabolic marker (which links culture conditions to product quality if

the modulator itself cannot be easily quantified), and a PAT sensor that includes

a novel PAT calibration approach specifically tailored for steady-state perfusion

processes. The sensor monitors the metabolic marker in real time, enabling an on-

demand modulator feeding strategy to ensure consistent product quality outcomes.

This novel calibration strategy accelerates the creation of robust and accurate pre-

diction models to a matter of days, rather than months. It not only reduces costs

and eases the implementation of various PAT in continuous perfusion processes but

can also be translated to cDSP monitoring. Leveraging pyruvate as an effective

glycosylation lever, lactate as indirect metabolic marker that estimates TCA cycle

saturation and allows to detect pyruvate shortage, coupled with Raman spectroscopy

enabled effective control of product quality in an intensified CHO perfusion process,

demonstrating the feasibility of the proposed quality control framework. This pro-

cess, producing a bispecific antibody, achieved time-independent quality profiles,

qualifying for seamless integration into the envisioned integrated continuous manu-

facturing platform. Moreover, novel glycosylation modulators such as maduramycin

were found to effectively fine-tune N-glycosylation, ultimately allowing to fine-tune

ADCC. Their applicability as media supplements in continuous feeding regimes aug-

ment the toolbox for quality modulation of the continuous manufacturing platform.
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Figure 4.1: Schematic overview where the different Section integrate into the
steady-state perfusion platform. Section I: Novel offline calibration method for
PAT tools. Section II: Raman-based pyruvate feeding strategy to ensure consistent
product quality. Section III: Medium supplementation with modulators to fine-
tune N-glycosylation. Section IV: Bleed recycling to reduce process waste and
increase productivity. Section V: Improved TFF by applying co-current filtrate
flow to alleviate product retention.

Process intensification strategies to boost volumetric productivity of perfusion

bioreactors is crucial for achieving cost-effective manufacturing. While the presented

quality control framework resulting in time-independent product quality enabled

significant prolongation of the perfusion process run time, innovative bleed recy-

cling applications were investigated to simultaneously increase the product harvest

stream. Gravity settling was identified as a scalable technology that increased the

process yield by 19% by recycling the liquid fraction of the bleed stream without

impacting product quality. Upcoming technologies such as continuous single-use

centrifuges might further advance the recycling potential. With further process in-

tensification expected in the future, harvest volumes and protein concentration are

expected to rise, whereas higher cell densities will contribute to even more chal-

lenging filtration matrices. To address the increased filtration challenge and avoid

premature filter clogging or extensive product retention, a novel TFF strategy was

introduced to perfusion processing. By upgrading existing TFF systems with a co-

current filtrate flow, which minimizes or eliminates Starling recirculation within the

hollow fiber module, maximum product passage was achieved compared to nearly

40% retention in standard TFF operation. As a result, this strategic enhancement

to the TFF system significantly reduces current CRD-related bottlenecks in steady-

state perfusion processes and contributes to the overall robustness of the continuous

manufacturing platform.
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Regarding the scope of this work, a better understanding of process intensifica-

tion and its impact on product quality was generated, while the presented quality

control framework supports leveraging the intensification potential of continuous

perfusion processes without compromising consistency of product quality profiles

(Figure 4.1).
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[4] G. Köhler and C. Milstein. “Continuous Cultures of Fused Cells Secreting

Antibody of Predefined Specificity”. In: Nature 256 (1975), pp. 495–497.

[5] Peter A. Todd and Rex N. Brogden. “Muromonab CD3: A Review of its

Pharmacology and Therapeutic Potential”. In: Drugs 37.6 (1989), pp. 871–

899. issn: 11791950. doi: 10.2165/00003495-198937060-00004.

[6] Xiaochen Lyu et al. “The global landscape of approved antibody therapies”.

In: Antibody Therapeutics 5.4 (2022), pp. 233–257. issn: 2516-4236. doi: 10.

1093/abt/tbac021.

[7] Theo Vos et al. “Global, regional, and national incidence, prevalence, and

years lived with disability for 301 acute and chronic diseases and injuries

in 188 countries, 1990–2013: a systematic analysis for the Global Burden of

Disease Study 2013”. In: The Lancet 386.9995 (2015), pp. 743–800. issn:

01406736. doi: 10.1016/S0140-6736(15)60692-4.

[8] Christina Fitzmaurice et al. “Global, regional, and national cancer incidence,

mortality, years of life lost, years lived with disability, and disability-adjusted

life-years for 32 cancer groups, 1990 to 2015: A Systematic Analysis for the

Global Burden of Disease Study Global Burden ”. In: JAMA Oncology 3.4

(2017), pp. 524–548. issn: 23742445. doi: 10.1001/jamaoncol.2016.5688.

67



[9] Mariam Elshiaty, Hannah Schindler, and Petros Christopoulos. “Principles

and current clinical landscape of multispecific antibodies against cancer”. In:

International Journal of Molecular Sciences 22.11 (2021). issn: 14220067.

doi: 10.3390/ijms22115632.

[10] Abhinav A. Shukla et al. “Evolving trends in mAb production processes”.

In: Bioengineering & Translational Medicine 2.1 (2017), pp. 58–69. issn:

23806761. doi: 10.1002/btm2.10061.

[11] James N. Arnold et al. “The Impact of Glycosylation on the Biological Func-

tion and Structure of Human Immunoglobulins”. In: Annual Review of Im-

munology 25.1 (2007), pp. 21–50. issn: 0732-0582. doi: 10.1146/annurev.

immunol.25.022106.141702.

[12] Taketoshi Yoshida et al. “Memory B and memory plasma cells”. In: Immuno-

logical Reviews 237.1 (2010), pp. 117–139. issn: 01052896. doi: 10.1111/j.

1600-065X.2010.00938.x.

[13] Leonard G. Presta. “Engineering of therapeutic antibodies to minimize im-

munogenicity and optimize function”. In: Advanced Drug Delivery Reviews

58.5-6 (2006), pp. 640–656. issn: 0169409X. doi: 10.1016/j.addr.2006.

01.026.

[14] HarryW. Schroeder and Lisa Cavacini. “Structure and function of immunoglob-

ulins”. In: Journal of Allergy and Clinical Immunology 125.2 (2010), S41–S52.

issn: 00916749. doi: 10.1016/j.jaci.2009.09.046.

[15] Gestur Vidarsson, Gillian Dekkers, and Theo Rispens. “IgG subclasses and

allotypes: From structure to effector functions”. In: Frontiers in Immunology

5.OCT (2014), pp. 1–17. issn: 16643224. doi: 10.3389/fimmu.2014.00520.

[16] Ruei-Min Lu et al. “Development of therapeutic antibodies for the treatment

of diseases”. In: Journal of Biomedical Science 27.1 (2020), p. 1. issn: 1423-

0127. doi: 10.1186/s12929-019-0592-z.

[17] Bharath Wootla, Aleksandar Denic, and Moses Rodriguez. “Polyclonal and

Monoclonal Antibodies in Clinic”. In:Methods in Molecular Biology. Vol. 1060.

2014, pp. 79–110. isbn: 9781627035859. doi: 10.1007/978-1-62703-586-

6_5.

[18] Gary Walsh. “Biopharmaceutical benchmarks 2018”. In: Nature Biotechnol-

ogy 36.12 (2018), pp. 1136–1145. issn: 1087-0156. doi: 10.1038/nbt.4305.

68



[19] Christoph Spiess, Qianting Zhai, and Paul J. Carter. “Alternative molecular

formats and therapeutic applications for bispecific antibodies”. In: Molecular

Immunology 67.2 (2015), pp. 95–106. issn: 18729142. doi: 10 . 1016 / j .

molimm.2015.01.003.

[20] Juliana T. W. Tong et al. “An Insight into FDA Approved Antibody-Drug

Conjugates for Cancer Therapy”. In: Molecules 26.19 (2021), p. 5847. issn:

1420-3049. doi: 10.3390/molecules26195847.

[21] Asher Mullard. “FDA approves first bispecific”. In: Nature Reviews Drug

Discovery 14.1 (2015), pp. 7–7. issn: 1474-1776. doi: 10.1038/nrd4531.
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A.1 Scientific Publication Section I

Advancing Raman model calibration for

perfusion bioprocesses using spiked har-

vest libraries

This section is based on the following publication: P. Romann, J. Kolar, D. Tobler, C. Herwig,
J. Bielser, and T. K. Villiger, Advancing Raman model calibration for perfusion biopro-
cesses using spiked harvest libraries, Biotechnology Journal, vol. 17, no. 11, p. 2200184, Nov.
2022, DOI: 10.1002/biot.202200184.
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Abstract

Background: Raman spectroscopy has gained popularity to monitor multiple pro-

cess indicators simultaneously in biopharmaceutical processes. However, robust and

specific model calibration remains a challenge due to insufficient analyte variability

to train the models and high cross-correlation of various media components and

artifacts throughout the process.

Main Methods: A systematic Raman calibration workflow for perfusion pro-

cesses enabling highly specific and fast model calibration was developed. Harvest

libraries consisting of frozen harvest samples from multiple CHO cell culture biore-

actors collected at different process times were established. Model calibration was

subsequently performed in an offline setup using a flow cell by spiking process har-

vest with glucose, raffinose, galactose, mannose, and fructose.

Major Results: In a screening phase, Raman spectroscopy was proven capable

not only to distinguish sugars with similar chemical structures in perfusion harvest

but also to quantify them independently in process-relevant concentrations. In a

second phase, a robust and highly specific calibration model for simultaneous glucose

(root mean square error prediction [RMSEP] = 0.32 g L−1) and raffinose (RMSEP =

0.17 g L−1) real-time monitoring was generated and verified in a third phase during

a perfusion process.

Implication: The proposed novel offline calibration workflow allowed proper

Raman peak decoupling, reduced calibration time from months down to days, and

can be applied to other analytes of interest including lactate, ammonia, amino acids,

or product titer.

Keywords: flow cell, harvest library, model calibration, MVDA, Raman spec-

troscopy, spiking

Abbreviations: AOI, analyte of interest; DoE, design of experiments; GA, glucose addition;
G CS, glucose model for calibration set; mAb, monoclonal antibody; PC, principal component;
PCA, principal component analysis; PLS, partial least squares; R2, coefficients of determination
calibration; RA, raffinose addition; R CS, raffinose model for calibration set; R2CV, coefficients of
determination cross validation; RMSE, root mean square error; RMSECV, root mean square error
cross validation; RMSEP, root mean square error prediction; R2P, coefficients of determination
prediction; RV, reactor volumes; SD, standard deviation; SNV, standard normal variate; VCD,
viable cell density; VCV, viable cell volume.
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1 Introduction

Encouraged by regulatory authorities, a variety of different process analytical tech-

nology (PAT) tools have found their place in (bio)pharmaceutical manufacturing

to ensure product quality in complex manufacturing processes [1, 2]. By allowing

continuous monitoring of process indicators (e.g., the glucose level in cell culture)

connected to their corresponding control systems (e.g., glucose feed), PAT tools

would improve the assurance of delivering a product with more consistent criti-

cal quality attributes. Spectroscopic techniques are characterized by their speed,

non-invasiveness, and relatively low impact on the material under investigation [3].

Raman spectroscopy is arguably the most versatile technology for biotechnological

upstream process (USP) monitoring given its low water interferences [4, 5].

The possibility of simultaneous monitoring of multiple process output variables

and controlling them using multivariate models in conjunction with feedback loops

has been demonstrated by several groups. Calibration models were generated to

monitor metabolites (glucose, lactate, ammonia), amino acids, as well as product

titer, viable cell density (VCD), viability, and even product quality attributes such

as glycosylation [6–11]. Most of these models are exclusively based on in-situ col-

lected Raman spectra aligned with reference analytics of process samples trying

to capture process variability. However, many media components change concomi-

tantly during the process, leading to difficulties generating chemometric models that

are truly based on the fingerprint of the analyte of interest (AOI). This can lead

to unawareness about the specificity of the generated models and predictions based

on process evolution rather than compound specific Raman bands. The importance

to decouple Raman signals to obtain compound specific calibration models was dis-

cussed previously, where specific wavenumber regions assigned to glucose and lactate

increased model reliability [12]. Furthermore, the model generation by alignment of

offline measurements to simultaneously measured Raman spectra is limited to the

offline analytics available on the respective site. Thus, Raman model generation for

non-routinely measured compounds which might be interesting for developmental

activities is difficult to realize and would require changes in the analytical pipeline.

Integrating sufficient analyte variability into the Raman calibration workflow

remains one of the biggest challenges to generate robust calibration models. In

general, analyte variability can either be integrated into the calibration process by

executing a design of experiments (DoE) strategy incorporating variability to a set

of bioreactor runs, or by spiking analytes of interest directly into the bioreactor to

change their concentrations independently of the process matrix. The DoE strategy
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with multiple bioreactor runs was successfully applied for monitoring glucose and

lactate concentrations in a cross-scale experiment composed of 5, 200, and 2,000

L bioreactor runs with variability introduced to 5 L bioreactor runs [13]. Further-

more, a miniatured bioreactorsystem allowing up to 48 simultaneous cultivations

at different conditions was shown to facilitate Raman model calibration for reliable

glucose and lactate predictions [14]. Spiking strategies to augment analyte variabil-

ity in the calibration data set were demonstrated insitu [12, 15], at-line [16], and

offline [17]. In contrast to the standard calibration approach aligning process spectra

to reference analytics, these two strategies allow controlled coverage of the design

space to achieve sufficiently high analyte variability for robust Raman calibration

which might be especially important for steady-state perfusion processes with inher-

ently low variability. Despite the ability to generate important analyte variability

for model generation, these two approaches are very resource intensive. Dedicated

bioreactor runs operated at varying setpoints or reactors used for spiking studies

need to be executed for Raman model generation, interfering with other ongoing

process development activities.

Although most of the reported Raman models were acquired in situ by inserting

the Raman probe into the bioreactor, in-line monitoring of perfusion harvest using

a flow cell offers an interesting alternative, provided that the harvest is collected

through a cell separation device (e.g., ATF or TFF systems). Albeit some cell-related

information cannot be extracted when acquiring Raman signals from the filtered

harvest, the absence of cells and gas bubbles in the flow cell might be advantageous

in terms of signal sensitivity, robustness, and scalability. Models developed in a flow

cell can be used independently of the process scale when installed in a bypass loop,

facilitating Raman model transfer across different production scales. As such, in-

line monitoring of product titer in perfusion harvest using a stainless-steel flow cell

was used to optimize an integrated continuous chromatography step [18], whereas

others developed a more sophisticated flow cell intensifying Raman signals to detect

product breakthrough in a continuous protein A capture step [19].

N-glycosylation is considered a major CQA of therapeutic monoclonalantibodies

(mAbs) due to its potential effect on the efficiency and safety profile of the product.

The glycosylation pattern of recombinant proteins is highly dependent on the cul-

tivation conditions that need to be well controlled to deliver a consistent product

quality [20]. Hence, factors that impact glycosylation need to be monitored and

controlled ideally throughout the manufacturing process [21]. To modulate glycosy-

lation patterns during a production process or to match glycosylation patterns to a

reference product, feeding sugars such as mannose, galactose, fructose, or raffinose
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has been proven an effective way to reach target specifications [22–27]. Direct con-

trol with known modulators is of particular interest in quasi-steady-state continuous

perfusion processes, where product quality attributes are kept constant throughout

the process.

The goal of this study was to develop a systematic Raman calibration workflow

to generate highly specific Raman models for perfusion cell culture with inherently

low process variability and thereby overcoming limitations of current calibration ap-

proaches such as a lack of analyte variability in the calibration data, unsatisfactory

analyte specificity due to correlation with simultaneously changing process com-

pounds, or resource and time intensive calibration activities. The novel calibration

workflow consisting of a harvest library containing process samples from multiple

bioreactor runs covering different process time points enabled rapid model genera-

tion by spiking without impacting ongoing bioreactor runs. Model calibration was

performed in an offline setup using a flow cell which was finally connected to the

perfusion process harvest for real-time predictions. The obtained results show that

a systematic spiking approach can build a robust basis for the training of chemomet-

ric models particularly for substances having similar chemical structures in complex

matrices. This approach not only speeds up a model generation for perfusion cul-

tures from several months down to weeks or even days but more importantly allows

breaking correlations of the batch evolution with the analytes of interest.

2 Experimental Section

2.1 Perfusion culture process, monitoring, and control

A proprietary CHO-K1 cell line producing a bispecific mAb was expanded in an in-

cubator (Multitron 4, InforsHT, Bottmingen, Switzerland) for 21 days using a pro-

prietary chemically defined medium (Merck Serono SA, Corsier-sur-Vevey, Switzer-

land). Perfusion bioreactors (Labfors 5 Cell, Infors HT, Bottmingen, Switzerland)

were inoculated with a seeding density of 0.6× 106 viable cells mL−1. Culture con-

ditions were maintained at 36.5 ◦C with a DO setpoint of 50% (VisiFerm DO Arc,

Hamilton, Bonaduz, Switzerland). The pH was controlled at 7.07± 0.17 (EasyFerm

Plus Arc, Hamilton, Bonaduz,Switzerland) by CO2 sparging and a 1.1 M Na2CO3

solution. Bioreactors were operated at 2 L working volume and perfusion was started

on day 0 and kept constant at 1.3 reactor volumes per day (RV day−1). Bioreactor

harvests were gravimetrically controlled to maintain the bioreactor weight constant

using either alternating tangential flow filtration (ATF2H, Repligen, Waltham, MA)
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or tangential flow filtration (Levitronix technologies Inc, Framingham, MA) with

polyether sulfone hollow fibers having a pore size of 0.22 µm (Repligen, Waltham,

MA). After an initial growth phase, an online capacitance probe (Incyte Arc, Hamil-

ton, Bonaduz, Switzerland) was used to keep the viable cell volume (VCV) constant

at 12%.

2.2 Hardware setup and data acquisition

A custom-made flow cell from stainless steel 316 L with a chamber volume of 0.95

mL was used for all Raman measurements. The flow cell allowed to insert any com-

mercially available bioreactor probe compatible with a bioreactor headplate PG 13.5

thread. The outlet of the chamber was placed at the highest point to prevent bubble

formation that could impair spectral acquisition. More details about the flow cell

can be found in the Supporting Information section (Supporting Information Fig-

ures A.8 and A.9). A Raman spectrometer Multispec Raman (tec5 AG, Steinbach,

Germany) using the software MultiSpec Pro II (tec5 AG, Steinbach, Germany) with

785 nm laser excitation wavelength and 500 mW power output was used in com-

bination with the InPhotonics RamanProbe (InPhotonics, Norwood, MA) for the

initial screening phase using spectral acquisition time of 6×20 s. For the model cal-

ibration and verification, 12×20 s scans were performed using a Raman Immersible

Probe MSR M571 (tec5 AG, Steinbach, Germany) with a ViewPort PG13.5 sensor

interface (SCHOTT AG, Landshut, Germany). In the offline setup, light-protected

and tempered harvest (37 ◦C) was pumped through the flow cell at a flow of 2 L

day−1 matching the approximate harvest speed when connected to the perfusion

bioreactor, resulting in an average residence time of 40 s.

2.3 Chemometric modeling procedure

Data analysis was performed using The Unscrambler X (CAMO Software, Oslo, Nor-

way). A standard spectral preprocessing procedure was applied for all chemometric

modeling activities. Spectra were pre-treated by a 1st derivative with Savitzky-

Golay filter (2nd order polynomial, 31 points window) followed by standard normal

variate (SNV). Preprocessed spectra were then truncated to wavenumbers from 450

– 1,800 cm−1 and used for further principal component analysis (PCA) and partial

least squares (PLS) regression. The number of latent variables was determined by

using the standard approach of The Unscrambler X software unless otherwise men-

tioned. Performance of the models was compared based on the root mean square

error (RMSE) of the calibration dataset, five-fold cross-validation (root mean square
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error cross validation [RMSECV]) and prediction (root mean square error prediction

[RMSEP]), and the corresponding coefficients of determination calibration (R2), co-

efficients of determination cross validation (R2CV), and coefficients of determination

prediction (R2P) as previously described [12, 19].

2.4 Reference analytics

Glucose concentrations and other CPPs such as lactate, ammonia, glutamine, gluta-

mate, VCD, and viability were measured using the Bioprofile Flex2 (Nova Biomed-

ical, Waltham, MA). The supplier indicated an analytical standard deviation (SD)

for glucose of 0.07 g L−1. VCV was calculated as follows: [28]

VCV =

4
3
· π ·

�
D
2

�3 · VCD
V

· 100 (A.1)

where D is the average cell diameter, VCD the viable cell density, and V is the

cell culture volume, assuming a spherical shape of the cells. Raffinose was quantified

on an Agilent 1,200 HPLC system combined with a refractive index detector (Agi-

lent RID, G1362A). Compounds were separated using a Hiplex H column (250×4.6

mm, PL1170-6830, Agilent Technologies AG, Basel, Switzerland) with a guard col-

umn Hiplex H column (3 × 5 mm, PL1670-0830, Agilent Technologies AG, Basel,

Switzerland) as described in the literature [29]. The flow rate was adapted to 0.2 mL

min−1 and the analytical SD was determined to be 0.04 g L−1. Due to the absence

of raffinose in the platform perfusion medium, raffinose concentrations during the

verification run on day 1 and from day 8 – 13 were assumed to be 0 g L−1.

2.5 Experimental workflow for Raman model calibration

An experimental workflow consisting of three main steps was developed to ensure

robust Raman sensor calibration (Figure A.1):

Initial screening phase: Initial screening to assess whether analytes of interest can

be distinguished by Raman in the desired concentration range and process matrix.

Model calibration phase: Data acquisition of the AOI for the model calibration using

a harvest library.

Model verification phase: Model verification in a perfusion bioreactor run.

During the initial screening phase, a full factorial design with two factors (glu-

cose and one out of the four secondary sugars) with five levels was performed and

prepared in duplicates, leading to 50 spectra per glucose-secondary sugar combina-
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Figure A.1: Spiking chart for the spiking-based Raman calibration workflow. The
workflow consists of three phases. Initial screening phase: identification if calibration
of a certain analyte is possible. Model calibration phase: actual model calibration
using the harvest library. Model verification phase: final stage to verify calibration
models with independent bioreactor runs.

tion. As there were four different secondary sugars, a total of 200 spectra resulted

in a combined calibration data set. Furthermore, one extra solution of each corner

condition and three extra central point solutions were prepared as a test set, result-

ing in 28 spectra. Glucose levels were equally distributed within a range of 3.45 –

13.45 g L−1. The concentration ranges of secondary sugars were chosen according

to the values found to modulate glycosylation patterns in the literature [22, 26].
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This resulted in 0 – 4 g L−1 for galactose, mannose, and fructose, and in 0 – 10

g L−1 for raffinose all equally distributed on five levels. Glucose (glucose mono-

hydrate for microbiology, CarlRoth, Karlsruhe, Germany), raffinose (D(+)raffinose

pentahydrate, Apollo scientific, Bredbury, UK), galactose (D(+)galactose 99+%,

Acros organics, Thermo Fisher Scientific, Waltham, MA), mannose (D(+)mannose

99+%, Acros organics, Thermo Fisher Scientific), and fructose (D(-)fructose, Fisher

Scientific, Thermo Fisher Scientific) were weighted and dissolved in 15 mL perfu-

sion harvest for spectral acquisition in the spiking experiments. The same perfusion

harvest was used for all the spikes in the initial screening phase to keep the harvest

matrix constant.

For the model calibration phase, harvest samples of five different perfusion biore-

actor runs, each sampled on five different days to capture intra- as well as inter-

process variability were used (Table A.2). Harvests of bioreactor runs R1 and R2

were sampled and directly spiked for model calibration in the flow cell setup. Harvest

samples of the three remaining bioreactors (R3, R4, and R5) were light-protected

and stored at -80 ◦C thereby building a harvest library. Harvest library samples

were thawed and handled in the same way as the fresh harvest once the model cali-

bration was performed (Figure A.2). The variability of the main process parameters

was assessed in all the harvests using a Bioprofile Flex2 (Nova Biomedical). Spiking

for raffinose ranged from 0 – 10 g L−1, for glucose from 3.3 – 12.7 g L−1, and is

summarized in Figure A.3B.

Model verification was performed by connecting the flow cell to the harvest

stream of a perfusion bioreactor run and continuous spectra acquisition was per-

formed for 13 days during the stable operation phase. Two raffinose additions (RAs,

RA1 and RA2) followed by two glucose additions (GAs, GA1 and GA2) were per-

formed directly into the bioreactor to assess the model prediction performance of

the model over the entire calibration range. Raffinose was fed for 4 h with a flow of

2.6 L day−1 by exchanging the standard perfusion medium with a medium supple-

mented with 50 g L−1 raffinose. Considering an average VCV of 12.2% during the

model verification phase (data not shown) and washing out of the reactor already

during the addition phase, a theoretical raffinose peak concentration of 10.9 g L−1

for RA1 was calculated based on the bioreactor mass balance (see Supporting Infor-

mation). For RA2 with a starting concentration of 0.2 g L−1 raffinose determined

by reference HPLC analytics, a peak concentration of 11.1 g L−1 was calculated.

Glucose alterations were initiated by adding bolus shots of a 300 g L−1 glucose feed.

A bolus addition of 50 and 12 mL was executed for GA1 and GA2, respectively.

Glucose peak concentrations were calculated to be 11.8 g L−1 (GA1) and 5.6 g L−1
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Figure A.2: Schematic of the harvest library spiking approach. Fresh harvest
samples of two reactors (A) and harvest samples of three reactors (B) which were
frozen and stored in a harvest library (C) were used for model calibration. Harvests
were spiked with glucose and/or raffinose and pumped through a Raman flow cell
(D) to generate Raman calibration data. The flow cell was then connected directly
to the bioreactor run (E) for model verification.

(GA2) considering starting concentrations of 3.2 and 3.6 g L−1, respectively. The

bioreactor harvest stream was sampled during alterations for raffinose and glucose

reference analytics.

3 Results and Discussion

3.1 Initial screening phase

The purpose of the initial screening phase is to determine whether the different

analytes of interest can be distinguished by Raman spectroscopy in a best-case

scenario without process disturbances, fluorescence, or other detrimental effects. By

using a single harvest for all initial spiking experiments, sugar concentrations could

independently be varied without changing the matrix at the same time.

PCA was performed after the standard spectral pretreatment showing distinct
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Figure A.3: PCA plot colored by the spiked compounds are depicted in (A) and the
corresponding theoretical concentrations in (B). Single raffinose spikes are colored
in red, single glucose spikes in blue and mixed spikes in green. CS1 is composed
of red samples, CS2 of red and blue samples, CS3 of red, blue, and green samples.
PCA plots of the individual sugar concentrations are depicted for glucose in (C)
and raffinose concentration in (D). CS, calibration set; PCA, principal component
analysis.

clustering of the Raman spectra with spiked sugars. The glucose variability in the

spectra is mainly captured by principal component (PC)1 and PC2 (Figure A.4B),

whereas variability introduced by other sugars can be explained by PC3 – 5 (Fig-

ure A.4A). All spectra containing only a certain glucose concentration but without

additional sugar were populating in the center of the PCA plot. With increasing

concentrations of the secondary sugar, the recorded spectra shifted into a specific

direction away from the common center, the further away, the higher the added con-

centration of the secondary sugar. This showed not only that the investigated sugars
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can be differentiated but can also be quantified within the respective concentration

range.
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Figure A.4: Principal component analysis (PCA) plots for the initial screening
phase for raffinose, galactose, mannose, and fructose with increasing color intensity
according to their concentration (A) and glucose (B). Originating from a common
center point, all sugars populate in a distinct direction. The higher the concentra-
tion, the further away from the center, demonstrating that the Raman spectra can
distinguish the various sugars in a concentration-dependent manner.

Table A.1: PLS models were generated for the five different sugars within the
specified concentration ranges. The calibration data set consisted of 200 samples,
and the test data set of 28 samples. A five-fold cross-validation was performed. LV,
latent variables; R2, coefficients of determination calibration; R2CV, coefficients
of determination cross validation; RMSE, root mean square error; RMSECV, root
mean square error cross validation; RMSEP, root mean square error prediction; R2P,
coefficients of determination prediction.

Sugar Concentration Suggested RMSE RMSECV RMSEP R2 R2CV R2P
range [g L−1] LV [g L−1] [g L−1] [g L−1]

Glucose 3.45 - 13.5 3 0.45 0.46 0.41 0.984 0.983 0.988
Raffinose 0 - 10 5 0.28 0.31 0.29 0.990 0.988 0.990
Galactose 0 - 4 5 0.20 0.21 0.21 0.969 0.965 0.967
Mannose 0 - 4 5 0.21 0.22 0.26 0.966 0.962 0.948
Fructose 0 - 4 5 0.14 0.14 0.16 0.985 0.983 0.982

PLS modeling results underlined the feasibility of distinguishing and quantify-

ing the investigated sugars within the perfusion harvest matrix (Table A.1). In

general, the models featured low RMSE, RMSECV, and RMSEP with R2, R2CV ,

and R2P ≥ 0.95. To identify important wavenumber regions for the different PLS

models, min – max normalized regression coefficients were used to color the back-

ground of the Raman spectra for the respective sugar models (Figure A.5). Model

regression coefficient patterns vary strongly between different sugars. As a first
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derivative was applied to the spectra during spectral pre-treatment, peak assign-

ment to functional groups/bonds becomes a challenging task and would go beyond

the scope of this work. Nevertheless, the most important regions according to the

regression coefficients are in good agreement with specific bands reported in the

literature [30, 31]. The highest regression coefficient region for glucose lies between

1,100 and 1,150 cm−1, which is likely the particular COH bending (δ(COH)) at

1,128 cm−1. Raffinose shows the highest regression coefficients between 820 and

860 cm−1, relating to the COC stretching (ν(COC)) at 836 cm−1. Galactose was

reported to show a strong distinctive CCO stretching band (δ(CCO)) at 526 cm−1,

which corresponds well with the high regression coefficients between 510 and 550

cm−1. Mannose showed particularly high regression coefficients between 460 and

510 cm−1, covering an important mannose peak at 488 cm−1 found by others [31].

Fructose showed one particularly important wavenumber region between 610 and

650 cm−1, reported to be a very particular OCO-stretching band (δ(OCO)) at 631

cm−1. A clear color pattern of the spectra according to the concentration is visible

in the regions with important regression coefficients for all measured sugars, which

can be used as another indication for a compound-specific calibration based on the

molecular fingerprint [12].

Overall, the specific sugar clustering seen in the PCA plot, successful PLS mod-

eling with low RMSEP, and the assignment of the most important model regions to

molecular vibrations indicated that a Raman calibration for the various sugars in

the harvest matrix is possible.

3.2 Model calibration phase

Since glucose is one of the main energy sources in mammalian cell culture, the

model for secondary sugars should be reliable also in the presence of varying glu-

cose concentrations. Raffinose is a trisaccharide containing a glucose molecule and

was therefore chosen as a worst-case scenario to demonstrate the applicability of

the calibration workflow for similar compounds. Galactose, mannose, or fructose

exhibited similar strong differences from glucose in the initial screening phase, and

thus similar performances can be expected.

Model calibration was based on harvests collected from five different perfusion

bioreactor runs once they reached a stable operation. Each reactor was sampled on

five different working days to create a diverse set of harvest matrices. In contrast

to the initial screening phase, where only a single harvest with a particular matrix

composition was used, the model calibration data set is based on spiking experiments

with inherent process variability (samples from different process working days) but
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Figure A.5: Raman spectra for glucose (A), raffinose (B), galactose (C), mannose
(D), and fructose (E) in perfusion process harvest. All spectra were pretreated with
a Savitzky–Golay filter (derivative 1, polynomial = 2, window size = 31) followed by
standard normal variate (SNV). Background bands represent the min-max normal-
ized regression coefficient for the respective wavenumber for the individual models.
Blue colors show the negative contribution of the wavenumber to the predicted value,
whereas red colors indicate a positive contribution. The more intense the coloring,
the more important the wavenumber for the respective model.

also inter-process variability (different bioreactor runs). Nutrient and metabolite

concentrations as well as cell-specific parameter ranges of the calibration run harvests

showed variability as expected from 12 reference runs throughout the steady state

perfusion phase (Table A.2), which is a pre-requisite for obtaining robust Raman

models. The means and SDs of the calibration and reference runs are close, providing

a solid basis for spiking studies for the five calibration runs.

Harvest samples were either directly spiked and used for model calibration or

frozen for later use. The spiking scheme in Figure A.3B summarizes which concen-

trations of glucose and raffinose were present after the spikes were added. Different

spiking strategies were assessed to see whether raffinose spiking alone (red points)

leads to a robust calibration set (CS1), or if the data set should be augmented (CS2)

by glucose spiking (blue points). A third calibration set (CS3) was built including

both the raffinose spikes (red points) and glucose spikes (blue points), but also all
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the combinations of the two sugars (green points) present in the measured harvest

at the same time. As different harvests contained varying starting concentrations

of glucose, measurement points with equal amounts of spiked glucose and raffinose

scatter slightly along the glucose axis and do not perfectly overlap as one would

maybe expect of a DoE approach. The theoretical spiking scheme depicted in Fig-

ure A.3B could almost identically be projected by the PCA plot Figure A.3A, just

with a small rotation, showing that glucose and raffinose influence the Raman spec-

tra in an independent yet concentration-dependent manner. Raman spectra were

then colored according to the glucose concentration (Figure A.3C) and according to

the raffinose concentration (Figure A.3D), revealing a distinct separation along the

concentration gradient. Already three PCs cover the variability introduced by the

spiking approach. A PCA plot colored according to the reactor run origin of the

spiked harvest can be found in the Supporting Information (Figure A.10).

PLS regression was performed for the three calibration sets, both for glucose

and raffinose (Table A.3). All three models for glucose feature low RMSE ≤ 0.36 g

L−1 and RMSECV ≤ 0.38 g L−1. Model glucose model for calibration set (G CS)1

showed even smaller RMSE and RMSECV of 0.08 and 0.09 g L−1, however, showed

rather low R2 and R2CV with 0.741 and 0.698. For the other two glucose models,

R2 and R2CV were above 0.975. A potential explanation for the low R2 values for

G CS1 is the limited glucose range used for the model calibration of only 3.3 – 4.7

g L−1. For this reason, the model might not be able to distinguish the free glucose

from the glucose molecule present in the raffinose molecule as peaks are not ideally

decoupled. Despite the low RMSE and RMSECV of model G CS1, the PLS results

must be taken with care and proper verification data should be considered. Raffinose

models showed low RMSE ≤ 0.29 g L−1 and RMSECV ≤ 0.30 g L−1 with all R2 and

R2CV ≥ 0.992. Again, the model containing only raffinose spikes (raffinose model

for calibration set [R CS]1) showed the lowest RMSE and RMSECV, however with

high R2 values. In general, the obtained RMSE for glucose are in a similar range

as models reported in the literature [6, 9–11], even in the presence of a secondary

sugar like raffinose.

To assess whether concentration changes of untracked harvest component or

freeze-thawing of harvest library samples (Run 3, 4, and 5) showed different con-

centration predictability compared to freshly spiked harvest samples (Run 1 and 2),

a leave-one-out regression analysis was performed based on the largest calibration

set CS3 (Supporting Information Table A.4). Therefore, one of the five runs was

removed from the calibration set and used as a test set. This was iteratively done for

all five runs leading to predictions for glucose and raffinose. The resulting RMSEP
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for glucose and raffinose does not drastically deviate from the overall model based

on all five runs for CS3, therefore underlining that the five chosen runs indeed cover

process variability well and the harvest library approach is legitimate for Raman

model generation.

3.3 Model verification phase

The initial screening phase and the model calibration phase were performed in an

offline setup, meaning the flow cell was not connected directly to a bioreactor harvest

stream. For the model verification phase, the flow cell was connected to the harvest

stream of a perfusion bioreactor run and online predictions were made for glucose

and raffinose (Figure A.6) using the six models built in the model calibration phase

(Table A.3). Due to the absence of raffinose in the standard perfusion medium,

two RAs into the bioreactor of 10.9 g L−1 were made on day 1 (RA1) and 11.1

g L−1 on day 4 (RA2) to assess the model performance on a wide concentration

range. Furthermore, two GAs were performed on day 10 (GA1) and day 12 (GA2)

to investigate the raffinose model performance in the presence of changing glucose

concentrations. The GA1 addition targeted a bioreactor concentration of 11.8 g L−1

glucose to simulate a very strong glucose deviation. The addition of GA2 on the

other hand simulated smaller glucose drift up to 5.6 g L−1 being more realistic for

steady-state perfusion process fluctuations.

Raffinose predictions based on CS1 (Figure A.6A) led to a reasonable perfor-

mance on RA1 and RA2, even though the target peak concentrations of raffinose

were slightly underpredicted. After stopping RA, a slow decrease of the raffinose

concentration due to consumption and washing out by the perfusion process was

measured. Glucose predictions during the raffinose alterations are in close align-

ment with the reference points, showing no interference of the raffinose with the

glucose prediction. However, strong prediction deviations for the glucose and raffi-

nose models (G CS1 and R CS1) occurred when glucose was added at 11.8 g L−1

(GA1). These models are not able to distinguish raffinose from glucose, leading to a

prediction of up to 3 g L−1 raffinose when there was no raffinose present at all. Glu-

cose on the other hand was strongly underpredicted with 6.4 g L−1 instead of 11.8 g

L−1. Even for the smaller GA2 of 5.6 g L−1, a similar behavior was observed, result-

ing in an RMSEP for glucose of 1.59 g L−1 and raffinose of 0.84 g L−1 (Table A.3).

Glucose variability during the process was not sufficient to properly train the raffi-

nose model, clearly demonstrating a need to extend the calibration range to make

the model more robust in case of glucose fluctuations during the process. Proper

model verification by performing compound spiking into the verification run should
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Figure A.6: Raman predictions of the verification run using models based on
calibration set CS1 (A), CS2 (B), and CS3 (C). RA1 and RA2 represent raffinose
additions of 10.9 and 11.1 g L−1 to the bioreactor, whereas GA1 is a glucose addition
of 11.8 g L−1 and GA2 a glucose addition of 5.6 g L−1. Raw predictions without
moving average are shown and aligned with reference values for glucose (circles)
and raffinose (squares). CS, calibration set; GA, glucose addition; RA, raffinose
addition.

therefore routinely be done to assess model accuracy, robustness, and reliability as

PLS regression metrics alone proved to be insufficient.

Raffinose models based on CS2 (Figure A.6B) showed good predictive power for

the RAs RA1 and RA2 throughout the whole run. Only a marginal drop of 0.1 –

0.2 g L−1 raffinose prediction was detected during the large GA GA1. No impact on

raffinose prediction for GA2 was observed, simulating a realistic glucose deviation

during the process. Thus, the raffinose model R CS2 can be considered a specific

and robust model for process monitoring. The glucose prediction by G CS2 during

the raffinose spikes showed small increases in the glucose prediction of about 0.2 –

0.3 g L−1, indicating some leftover correlation between the two sugars. Nevertheless,

glucose predictions by G CS2 were in good alignment with the target concentration

and the reference analytics during GAs GA1 and GA2. An overall low RMSEP of

0.39 g L−1 for glucose and 0.17 g L−1 for raffinose resulted in CS2 (Table A.3).

The prediction model for raffinose R CS3 based on the largest calibration set

CS3 including combination spikes in the calibration data showed good alignment

with reference analytics (Figure A.6C). Compared to R CS2, this model led to a
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slightly higher RMSEP of 0.25 g L−1, meaning that combination spiking did not

bring any significant benefit during the perfusion run verification. Combination

spiking however had a positive impact on the glucose predictions with an RMSEP

of 0.32 g L−1, even artifacts of raffinose during RAs RA1 and RA2 could be removed.

Comparing regression coefficients of the glucose model G CS1, which was gen-

erated by simply aligning offline glucose measurements with Raman spectra, to the

regression coefficients of the glucose model G CS2 and G CS3, clear differences in the

absolute values are visible (Figure A.7A). The regression coefficient of the G CS1

model show not only much lower absolute values, but peaks are less defined and

noisier, being a sign of weak model calibration. This demonstrated that the G CS1

model had not enough glucose variability in the calibration data to generate a robust

and specific model for glucose. Albeit the overall regression coefficients are similar

in structure for all raffinose models, the numeric contributions at the fingerprint re-

gions are slightly more pronounced for R CS2 and R CS3 (Figure A.7B). The largest

difference distinguishing R CS1 from the other models (R CS2 and R CS3) arises

between 1,100 and 1,150 cm−1. The more robust raffinose models R CS2 and R CS3

show much lower regression coefficients around 1,128 cm−1, being exactly the very

particular glucose COH bending (δ(COH)) at 1,128 cm−1, and higher regression co-

efficients toward 1,150 cm−1. The decoupling of the Raman bands for glucose and

raffinose in this particular region by glucose spiking is most likely responsible for the

higher specificity of the Raman prediction and demonstrates the necessity of proper

spiking studies to decouple Raman bands.

Overall, successful model verification demonstrated that the developed model

calibration approach spiking fresh harvest or a harvest library showed significant

advantages compared to the traditional in-situ model calibration. Once a harvest

library is established, new calibration models can be created at any time by thawing

harvest and spiking it with analytes of interest. In this way, the Raman fingerprint of

an analyte in a complex matrix is used to calibrate models while lowering matrix and

process effects, constituting an alternative for perfusion cell culture to the relative

resource and time-intensive DoE calibration strategies with parallelized bioreactor

runs operated at varying process setpoints to induce sufficient process variability [13,

14]. Although all three calibration sets CS1, CS2, and CS3 showed good raffinose

predictions during the first 10 days without larger glucose fluctuation, significant

prediction deviations occurred when challenged by glucose alterations for the mod-

els with no glucose spikes (G CS1 and R CS1). The inherent glucose variability of

the different harvest samples was not sufficient for the PLS regression to distinguish

glucose from raffinose, and spiking proved to be necessary to achieve proper peak
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Figure A.7: Regression coefficients for glucose models (A) and raffinose models
(B).

decoupling to generate compound-specific model predictions. In contrast to success-

ful previous spiking studies where only one or a few spikes were added directly to a

set of bioreactor runs [12, 15], the proposed spiking approach for perfusion cell cul-

ture increases spiking capabilities and flexibility as spikes are performed externally

of the bioreactor in a small harvest volume. Whether combination spiking is nec-

essary, or if single compound spiking is sufficient as demonstrated by the raffinose

model R CS2, remains an open question and might depend on the respective com-

pounds being modeled. With the increasing number of components to be spiked at

the same time, the DoE approach might show an advantage of significantly reducing

the number of experiments. With raffinose, it was demonstrated that calibration

models for analytes absent in the standard perfusion process can be created offline

without the need of adding the analyte to a single bioreactor.

The novel calibration approach has been applied to a steady-state perfusion pro-

cess for an mAb producing CHO cell line to extend calibration ranges and improve

the decoupling of process compounds. Dynamic perfusion cultures with the pres-

ence of a cell-free harvest stream would equally profit from this calibration approach.

Whether harvest-based calibration data acquisitions are sufficient to enable robust

generic models such as for different media and cell lines remains an open question.

The rapidity of generating adequate Raman spectra using the spiked harvest library

approach would certainly facilitate the development of process specific as well as
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general Raman models. Generating representative library samples for batch and

fed-batch cultivations without a filtration device is more challenging due to the

presence of cells. Thus, applying a similar design-of-experiment spiking approach

to a fresh culture sample represents a promising method to decouple concomitant

changing culture compounds.

4 Conclusion and Outlook

In this work, a systematic spiking-based Raman calibration workflow using a harvest

library was developed to calibrate chemometric models and to monitor analyte con-

centrations using a flow cell connected to the harvest stream of a perfusion process.

In a showcase to generate models of molecularly similar compounds, well-decoupled

calibration models for glucose and raffinose with an RMSEP of 0.32 and 0.17 g L−1,

respectively, were achieved.

Providing appropriate calibration data sets in place of observations around nor-

mal operating points is paramount for chemometric modeling, whether standard

PLS regression or more advanced mathematical regression techniques are used. The

developed calibration workflow can be applied to other nutrients or metabolites as

long as their concentration is in a Raman detectable range, eliminating the need for

complex and time-consuming offline data alignment.

Ultimately, the presented workflow may pave the way for advanced monitoring

and control of a number of critical cell culture components that can have a significant

impact on critical quality attributes including post-translation modifications such

as glycosylation or glycation.
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ETH Zürich) for support in HPLC sugar analysis, and Damian von Blarer (FHNW)

for automation support. Christian Ott (SCHOTT AG), Sebastian Dedera, and

Christian Lux (tec5 AG) kindly assisted with the Raman device setup. Moreover,

the authors would like to acknowledge Merck Serono SA (an affiliate of Merck KGaA)

for material support and specifically the Bioprocess Sciences (BPS) team for valuable

discussions and support throughout the project, especially Martin Jordan, Golzar

Mesbah, Loic Chappuis, Alexandre Chatelin, Arnaud Perilleux, Hervé Broly, and
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Supporting Information

V · dc
dt

= Q · (cin − c) (A.2)

Where c is the concentration of the analyte in the bioreactor, cin the feed con-

centration, Q the flow rate, and V the bioreactor volume.

Figure A.8: Illustration of the Raman flow cell using a diagonal cut to show the
flow chamber with the inlet (lower left side, close to Raman probe) and outlet (upper
right side, further away from Raman sensor) (A). This design enabled efficient bubble
removing ensuring stable operation. Picture of Raman flow cell setup connected to
a perfusion harvest stream (B).
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Table A.4: Modeling results of leave-one-out validation for glucose and raffinose.
Based on calibration set CS3, glucose and raffinose models were built by leaving
out data from a specific run, which was then used as prediction set. The removed
data was used as a test set. All-R1 means that data from all runs except Run 1 are
included to build the model, and the data from Run 1 was used as a test set in this
particular case. For the models names “All”, all data from all five runs was included
and an independent test set of the validation run was used.

Name Sugar Cal. Set Pred. Set RMSEC RMSECV RMSEP R2C R2CV R2P

All Glucose 155 18 0.36 0.38 0.32 0.979 0.977 0.982

All-R1 Glucose 100 55 0.33 0.34 0.39 0.986 0.986 0.974

All-R2 Glucose 116 39 0.29 0.30 0.20 0.989 0.998 0.997

All-R3 Glucose 143 12 0.18 0.19 0.29 0.993 0.993 0.990

All-R4 Glucose 131 24 0.27 0.28 0.30 0.986 0.985 0.988

All-R5 Glucose 131 24 0.25 0.26 0.28 0.987 0.986 0.989

All Raffinose 155 23 0.29 0.30 0.25 0.993 0.992 0.995

All-R1 Raffinose 100 55 0.33 0.36 0.17 0.992 0.990 0.997

All-R2 Raffinose 116 39 0.27 0.29 0.40 0.994 0.993 0.985

All-R3 Raffinose 143 12 0.29 0.30 0.34 0.993 0.992 0.992

All-R4 Raffinose 131 24 0.25 0.27 0.46 0.994 0.993 0.985

All-R5 Raffinose 131 24 0.28 0.30 0.36 0.993 0.992 0.990

124



PC1 (4
3%)

3
2

1
0

1
2

3

PC3 (16%) 1.1
0.6

0.1
0.4

P
C

2
 (3

6
%

)

1.1

0.6

0.1

0.4

0.9

1.4

R1 R2 R3 R4 R5

Figure A.10: PCA plot for glucose and raffinose model calibration using the har-
vest library colored according to the base harvest origin.

1 2 3 4 5 6 7

Latent Variables (LVs)

0.0

0.5

1.0

1.5

2.0

2.5

R
M

S
E
P
 [

g
/L

]

(A)

Glucose (G_CS1)

Glucose (G_CS2)

Glucose (G_CS3)

1 2 3 4 5 6 7

Latent Variables (LVs)

0.0

0.5

1.0

1.5

2.0

R
M

S
E
P
 [

g
/L

]

(B)

Raffinose (R_CS1)

Raffinose (R_CS2)

Raffinose (R_CS3)
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Abstract

Background: Despite technological advances ensuring stable cell culture perfusion

operation over prolonged time, reaching a cellular steady-state metabolism remains

a challenge for certain manufacturing cell lines. This study investigated the sta-

bilization of a steady-state perfusion process producing a bispecific antibody with

drifting product quality attributes, caused by shifting metabolic activity in the cell

culture.

Main Methods: A novel on-demand pyruvate feeding strategy was developed,

leveraging lactate as an indicator for tricarboxylic acid (TCA) cycle saturation.

Real-time lactate monitoring was achieved through in-line Raman spectroscopy, en-

abling accurate control at predefined target setpoints.

Major Results: The implemented feedback control strategy resulted in a 3-

fold reduction of ammonium accumulation and stabilized product quality profiles.

Stable and flat glycosylation profiles were achieved with standard deviations below

0.2% for high mannose and fucosylation. Whereas galactosylation and sialylation

were stabilized in a similar manner, varying lactate setpoints might allow for fine

tuning of these glycan forms.

Implication: The Raman-controlled pyruvate feeding strategy represents a

valuable tool for continuous manufacturing, stabilizing metabolic activity and pre-

venting product quality drifting in perfusion cell cultures. Additionally, this ap-

proach effectively reduced high mannose, helping to mitigate increases associated

with process intensification, such as extended culture durations or elevated culture

densities.

Keywords: steady-state perfusion, Raman feedback control, pyruvate, glycosy-

lation stabilization, continuous manufacturing

Abbreviations: AOI, analyte of interest; DS, drug substance; LV, latent variable; PAT, pro-
cess analytical technology; PLS, partial least squares; R2, coefficient of determination calibration;
R2CV, coefficient of determination cross validation; R2P, coefficient of determination prediction;
RMSE, root mean square error calibration; RMSECV, root mean square error cross validation;
RMSEP, root mean square error prediction; RV, reactor volumes; SD, standard deviation; SNV,
standard normal variate; TCA cycle, tricarboxylic acid cycle; VCD, viable cell density; VCV,
viable cell volume.
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1 Introduction

The biopharmaceutical industry is experiencing a shift from conventional batch pro-

cesses to integrated and continuous biomanufacturing [1]. Continuous manufactur-

ing enables process intensification, resulting in a smaller facility footprint and various

benefits like reduced capital expenditure, shorter lead time for plant construction,

increased flexibility in responding to demand changes, and improved product qual-

ity consistency [2–6]. The transition implies a significant change in upstream and

downstream processing influencing various aspects such as process control strategy,

quality monitoring, and regulatory matters [7].

Several small-scale studies have demonstrated feasibility of continuous biomanu-

facturing [8–11] and first successful pilot scale and GMP productions were reported

[12, 13]. Depending on the downstream strategy, either stable process intermediates

were generated and pooled at the end of a manufacturing run to define a batch

[12], or several lots were created from one bioreactor run, treated as individual drug

substance (DS) batches for end-product testing [13]. Storing stable process interme-

diates at manufacturing scale can require large storage capacities exceeding 20,000

L and requires in-process hold studies to demonstrate product stability [14]. Gen-

erating multiple DS batches from one manufacturing offers various advantages in

terms of storage capacity reduction, reduced residence time for labile proteins and

flexibility with respect to the process duration even at manufacturing scale. In this

case however, consistent product quality is required at any time during the contin-

uous manufacturing process as no final product pooling is performed and each DS

batch must fulfil the quality expectations.

Steady-state perfusion upstream processing represents the first step in the con-

tinuous manufacturing process. Even though the name steady-state perfusion would

not only imply constant component addition and removal but also constant cellu-

lar metabolism, biological reaction rates are not always constant and might change

with proceeding runtime [15]. This is supported by transcriptomic and proteomic

studies demonstrating that some transcripts of CHO cells in steady-state perfusion

never reached a steady-state concentration [16]. Significant fluctuations of metabo-

lites during steady-state perfusion operation were reported in the literature, conse-

quently resulting in drifting product quality attributes. As such, lactate levels were

observed to drop after an initial peak, ammonium levels were observed to rise with

proceeding runtime and changes in cell diameter were observed, all indicating that

the cell culture is not in the desired steady-state [17].

Metabolic profiling of CHO cells revealed high glycolytic activity with lactate
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production and reduced tricarboxylic acid (TCA) cycling in the exponential growth

phase of batch or fed-batch cultures [18–21]. When the culture proceeded into the

stationary phase, lactate consumption and maximal TCA cycling indicated high

oxidative phosphorylation in the mitochondria. Even though lower catabolism of

amino acids was reported in the stationary phase compared to the growth phase,

still a substantial fraction of amino acids was replenishing the TCA cycle [20, 22–24].

The preferred metabolic state of cells in steady-state perfusion cultures is somewhere

at the edge between growth phase and stationary phase; cell division is still desired

to keep a stable culture with high viability, but at a much-reduced rate compared to

the regular growth phase to reduce the bleed fraction. Accordingly, after an initial

lactate peak in the exponential growth phase, the metabolic shift resulted in con-

sumption of the accumulated lactate. Once the lactate had been consumed, amino

acid catabolism had to replenish the TCA cycle, resulting in increased ammonium

levels and a drift of quality attributes towards less complex glycoforms in perfu-

sion cultures [17]. Similar glycoform shifts were observed for elevated ammonium

concentrations in fed-batch processes [25–27]. Ammonium was reported to interfere

with the glycosylation machinery by altering nucleotide sugar synthesis and trans-

port [28–30], changing protein expression [26], misslocalizing glycosyltransferases or

changing pH in the Golgi apparatus impacting enzymatic activity [27, 31]. There-

fore, ensuring constant ammonium levels in steady-state perfusion cultures is critical

to deliver consistent product quality for continuous biomanufacturing. Product qual-

ity levers must be defined, and appropriate control strategies must be implemented

in order to alleviate the influence of to the changing cellular metabolism on product

quality.

TCA cycle intermediates and molecules entering the TCA cycle such as lactate

or pyruvate represent an interesting toolbox to influence metabolic activity of the

cell culture. Whereas in fed-batch processes TCA cycle intermediates and lactate

have been identified to increase process titer when fed in the stationary phase [32,

33], in steady-state perfusion cultures a constant pyruvate addition of 2 g L−1 day−1

has been demonstrated to stabilize the product quality profile [17]. In all cases, the

feeding of these metabolites clearly decreased the ammonium production, indicating

a reduced pressure on amino acid catabolism to replenish the TCA cycle [23]. To

achieve the full potential benefits, the challenge remains to stay close at the optimal

feeding rate. Overfeeding should be avoided to prevent excessive lactate accumu-

lation whereas insufficient feeding would cause a metabolic switch back to amino

acid catabolism, leading to increased ammonium concentrations. Considering that

metabolic activity is not truly stable over time in perfusion processes [15], previ-

134



ously published constant feeding strategies might not be appropriate depending on

the manufacturing cell line. Therefore, it becomes crucial to devise advanced pyru-

vate feeding strategies that can adjust to the specific needs of the cell culture. Such

adaptable strategies offer a versatile solution for stabilizing both the perfusion cell

cultures and the product quality.

The aim of this study is to stabilize the metabolic activity during an industrial

steady-state perfusion cell culture process producing a bispecific antibody. Raman

spectroscopy integrated into the cell free perfusion harvest stream allowed accu-

rate and robust real-time lactate monitoring and control at target concentration.

A novel Raman-based feedback control was realized continuously feeding pyruvate

to maintain stable lactate levels, adapting to changing culture need with run pro-

gression. As a result, the TCA cycle was saturated by pyruvate throughout the

entire 40-day perfusion process which significantly reduced amino acid catabolism.

Subsequently, ammonium accumulation was prevented and product glycosylation

such as high mannose, fucosylation and galactosylation were successfully stabilized

to consistent quality profiles suitable for fully integrated continuous manufacturing

processes.

2 Materials and Methods

2.1 Perfusion bioreactor setup and operation

A proprietary CHO-K1 cell line producing a bispecific mAb was expanded in an

incubator (Multitron, Infors HT, Bottmingen, Switzerland) for 21 days using a pro-

prietary chemically defined perfusion platform medium (Merck KGaA, Corsier-sur-

Vevey, Switzerland). Perfusion bioreactors (Labfors 5 Cell, Infors HT, Bottmingen,

Switzerland) were inoculated at a seeding density of 0.6× 106 viable cells mL−1.

Culture conditions were maintained at 36.5 ◦C with a dissolved oxygen setpoint

at 50% (VisiFerm DO Arc, Hamilton, Bonaduz, Switzerland). The pH was con-

trolled at 7.07± 0.17 (EasyFerm Plus Arc probe Hamilton, Bonaduz, Switzerland)

by sparging CO2 and a 1.1 M Na2CO3 solution. Bioreactors were operated at 2

L working volume. Perfusion started on day 0 and was kept constant at 1.3 re-

actor volumes per day (RV day−1) until the end of the run. Bioreactor harvests

were gravimetrically controlled to maintain the bioreactor weight constant with a

cell retention device consisting of a hollow fiber filter having a pore size of 0.22

µm (Repligen, Waltham, Massachusetts. USA) driven by centrifugal pumps (Lev-

itronix, Zurich, Switzerland). After an initial growth phase, an online capacitance
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probe (Incyte Arc, Hamilton, Bonaduz, Switzerland) was used to keep the viable

cell volume (VCV) constant at 12%. Next to standard perfusion runs (controls),

two perfusion runs with Raman-controlled pyruvate feeding were performed to keep

lactate concentration constant at a target setpoint. For those runs, a Raman flow

cell was inserted into the cell-free harvest stream. Based on lactate predictions by

Raman, a pyruvate feed was added to the cell culture by a PI-controlled feed pump

(Ismatec Reglo ICC, Ismatec SA, Barrington, USA) to keep lactate concentration

on setpoint. The pyruvate feed consisted of perfusion media supplemented with 100

g L−1 sodium-pyruvate (CAS: 113-24-6, Thermo Fisher Scientific, Waltham, Mas-

sachusetts, USA) and was placed on a balance to calculate pyruvate addition rates.

The first run was performed with a lactate setpoint of 0.7 g L−1 where the feedback

control was active from day 5 – 41. The second run was controlled at 0.3 g L−1 lac-

tate from day 6 – 39 and an additional supplementation of 5 mmol L−1 ammonium

was added to the culture media from day 21 – 35.

2.2 Raman Hardware Setup and Data Acquisition

A Raman spectrometer Multispec® Raman (tec5 AG, Steinbach, Germany) using

the software MultiSpec® Pro II (tec5 AG, Steinbach, Germany) with 785 nm laser

excitation wavelength and 500 mW power output was used in combination with

the InPhotonics RamanProbeTM (InPhotonics, Norwood, USA). The Raman probe

was inserted into a custom-made flow cell made from stainless steel 316 L with

a chamber volume of 0.95 mL [34]. Spectral acquisition time was 12× 20 s. For

in-process control, a spectra every 300 s was recorded.

2.3 Raman Model Calibration

Model calibration was performed by spiking a harvest library as described previ-

ously [34]. A peristaltic pump (Ismatec Reglo ICC, Ismatec SA, Barrington, USA)

connected to the Raman flow cell was used as an offline calibration setup for rapid

spectral acquisition. Flow rates through the Raman chamber were matching flow

rates of a perfusion bioreactor operated at 1.3 RV day−1 and a bleed rate of 20%,

resulting in approximately 2 L day−1. To get a representative harvest library, har-

vests of three perfusion bioreactors were sampled on different days to capture intra-

as well as inter-process variability. Spiked analytes of interest for model generation

were lactate, glucose, pyruvate and ammonium (Table A.5). A total of 286 Raman

spectra were recorded with this offline calibration setup. Additionally, 72 in-process

Raman spectra where the flow cell was directly inserted into the harvest stream of
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a perfusion bioreactor were recorded and implemented into the calibration data set.

Overall, 358 Raman spectra were combined to build the calibration data set.

Table A.5: PLS models were generated for lactate, glucose, pyruvate and ammo-
nium within the specified concentration ranges. The calibration data set consisted
of 286 spiked samples and 71 in-process samples, the spike validation (Figure A.12)
served as test set. 5-fold cross-validation was performed.

Compound Concentration Range LV RMSE RMSECV RMSEP R2 R2CV R2P

Lactate 0.0 - 2.2 g L−1 4 0.08 0.09 0.11 0.980 0.978 0.799
Glucose 3.5 - 7.0 g L−1 4 0.14 0.14 0.15 0.975 0.974 0.940
Pyruvate 0.0 - 2.0 g L−1 1 0.07 0.09 0.08 0.987 0.983 0.798
Ammonium 0.0 - 6.0 mmol L−1 7 0.45 0.49 1.32 0.895 0.877 0.192

2.4 Chemometric Modelling

The Unscrambler X (CAMO Software, Oslo, Norway) was used for multivariate

data analysis. All spectra were preprocessed by a 1st derivative with Savitzky-

Golay filter (2nd order polynomial, 31 points window) followed by standard normal

variate (SNV). Preprocessed spectra were then truncated to wavenumbers from 450

– 1,800 cm−1 prior to partial least squares regression (PLS). The number of latent

variables (LV) suggested by The Unscrambler X software was chosen for prediction

models. During the regression modelling, prediction models were assessed based on

the root mean square error (RMSE) of the calibration dataset and a 5-fold cross-

validation (RMSECV). Further, the corresponding coefficients of determination R2

and R2CV were considered as previously described [35, 36].

2.5 Model Verification

Model verification studies were performed by spiking various components directly

into a perfusion bioreactor with the Raman flow cell connected to the harvest stream.

Reference samples were taken before and after bolus additions for reference analyt-

ics. The analytes of interest lactate, glucose, pyruvate and ammonium but also

sodium chloride were added as bolus at process relevant concentrations (Table A.6)

to validate the impact of the spiked compound on the previously generated Raman

prediction models. The model parameters RMSEP and R2P were calculated based

on the Raman predictions of the spike recovery experiment and reference compound

concentrations measured by at-line or offline analytics.
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Table A.6: Spiked compounds as well as stock solution, effectively increase of
compound concentration in bioreactor (spike addition) and added spike volume.
Spike solutions were prepared in perfusion harvest.

Spiking Time Compound Stock Solution Spike Addition Spike Volume
[days] [g L−1] [g L−1] [mL]

0.5 Ammonium 2.88 0.01 (= 0.5 mmol L−1) 6.3
0.7 Sodium-chloride 100 1 20.0
1.6 Glucose 400 2 10.0
2.7 Lactate 79.5 1 25.2
3.6 Pyruvate 78.9 0.5 12.7
4.4 Ammonium 2.88 0.04 (= 2.0 mmol L−1) 25.0

2.6 Analytics

Cell density, viability, cell diameter, glucose, lactate, ammonium, and pH were

measured using a BioProfile FLEX2 (Nova Biomedical, Waltham, USA). Perfusion

bioreactors were automatically sampled by the FLEX2 On-Line Autosampler (Nova

Biomedical, Waltham, USA) and samples were fractionated using a Teledyne Cetac

ASX-7200 (Teledyne CETAC Technologies, Omaha, Nebraska, USA). Viable cell

volume (VCV) was calculated as follows [37]:

VCV =

4
3
· π ·

�
D
2

�3 · VCD
V

· 100 (A.3)

Where D is the average cell diameter, VCD the viable cell density, and V is

the cell culture volume, assuming a spherical shape of the cells. Osmolality was

measured by an osmometer OM 819 (Vogel MedTech GmbH, Fernwald, Germany).

Pyruvate was quantified on an Agilent 1200 HPLC system combined with a refrac-

tive index detector (Agilent RID,G7162A) as described in the literature [38]. Com-

pounds were separated using a ReproGel H column (250 × 4.6 mm, Su.9.h0.s2546,

Dr. Maisch, Germany) with a guard column ReproGel H column (5 × 4.6 mm,

Su.9.h0.s0046 , Dr. Maisch, Germany). The flow rate and the column tempera-

ture were adapted to 0.5 mL min−1 and 55 ◦C with a runtime of 15 min. Process

titer was determined using a protein affinity high performance liquid chromatog-

raphy device (PA-HPLC, Waters, Milford, Massachusetts, USA). Amino-acid con-

centrations were measured using ultra-performance liquid chromatography (UPLC,

Waters, Milford, Massachusetts, USA). To quantify protein glycosylation, mAbs

were purified on Phytips (PhytipsVR, PhyNexus, San Jose, CA, USA), followed

by a multi attribute method (MAM) which is based on high performance liquid

chromatography-mass spectrometry (LC-MS, VanquishTM Horizon UHPLC System
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and Q ExactiveTM Plus, Thermo Fisher Scientific, Waltham, Massachusetts, USA).

2.7 Calculation of net specific consumption rates

Viable cell volume net specific consumption rates (qAOI) for various analytes of

interest (AOI) were calculated according to formula A.5. For the net consumption

rate of pyruvate (qPyr), the additional pyruvate feed had to be included according

to formula A.5:

qAOI =
QPerf · (cin − cout)− ct1−ct2

t2−t1

X
(A.4)

qPyr =
QPerf · (cin − cout) +QFeed · cFeed − ct1−ct2

t2−t1

X
(A.5)

Where t1 and t2 were the measurement timepoints (days), QPerf the perfusion

rate (vvd), cin the AOI concentration in the media (g L−1 or mmol L−1), cout the AOI

concentration in the harvest averaged between the two timepoints (g L−1 or mmol

L−1), ct1 and ct2 the measured analyte concentrations at the respective timepoint (g

L−1 or mmol L−1), QFeed the pyruvate feed rate (L RV−1 day−1), cFeed the pyruvate

feed concentration (g L−1) and X the averaged VCV between the two timepoints

(%).

3 Results and Discussion

3.1 Raman model calibration and spike validation

Raman model calibration for lactate, glucose, pyruvate, and ammonium by harvest-

library spiking [34] led to RMSE and RMSECV values below 0.15 g L−1 (lactate,

glucose and pyruvate) and below 0.5 mmol L−1 for ammonium predictions (Table

A.5). A spike validation was subsequently performed to assess the accuracy and

robustness of the models during a steady-state perfusion process by adding defined

amounts of the corresponding component as a bolus to the bioreactor and evaluate

the impact on the prediction models (Table A.6). An immediate sharp increase of the

prediction signal for the spiked component to the expected concentration is a strong

indication for direct measurements based on spectral peaks, being required for robust

prediction models. On the other hand, an immediate sharp prediction increase by
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adding a different component than the model was calibrated for is indicative of

insufficient peak decoupling and does not qualify for model robustness. A slow

change of the prediction signal when spiking other components can come from a

metabolic perturbation resulting in increased or decreased consumption rates of

the predicted component. As long as the changes can be confirmed by reference

analytics, the model can be considered accurate and robust.

The glucose model immediately responded to the glucose bolus addition and cor-

rectly predicted the concentration confirmed by reference analytics (Figure A.12A).

Slight glucose prediction increases were monitored upon addition of lactate, pyruvate

and the larger ammonium spike of 2 mmol L−1. As increases were not immediate

and could be confirmed by reference analytics, this can be explained by impacted

cellular metabolic activity changing glucose levels upon addition of lactate, pyru-

vate or ammonium. Overall, the glucose predictions aligned well with reference data

points that were taken prior and after the spike additions and the model can be con-

sidered robust and accurate with a RMSEP of 0.15 g L−1. Similar independence

of models to different spiked compounds and high accuracy could be demonstrated

for lactate (Figure A.12B) and pyruvate (Figure A.12D) with RMSEP of 0.11 g

L−1 and 0.08 g L−1 respectively. The ammonium model on the other hand did

not react to ammonium spikes of 0.5 mmol L−1 and 2 mmol L−1 (Figure A.12C).

Ammonium predictions were constantly around 2 – 3 mmol L−1 and slight changes

were observed for sodium-chloride, lactate and pyruvate addition. These results are

in sharp contrast to reported cases about apparently good ammonium models for

fed-batch cultivations [39–41] or perfusion runs [42]. A possible explanation for the

unsuccessful ammonium prediction model might be that reported ammonium mod-

els rely on correlations of ammonium with other process components rather than

being based on ammonium specific Raman bands. In such a case the model would

fail during spike validation. In fact, this is congruent with earlier reports where no

ammonium corresponding peaks were detected when spiking ammonium into water,

suggesting that direct ammonium Raman models might not be possible at process

relevant concentrations [43, 44]. Whereas RMSEP below 0.15 g L−1 based on spike

validation data confirmed low RMSE and RMSECV of Raman models for lactate,

glucose and pyruvate, a significantly higher RMSEP (from RMSECV of 0.49 mmol

L−1 to RMSEP of 1.32 mmol L−1) was computed for ammonium (Table A.5). RMSE,

RMSECV and RMSEP were plotted versus the number of latent variables used for

the models and is provided in the Supporting Information section (Figure A.18).

Although only one Raman model is required for feedback control, proper decoupling

of other compounds such as glucose and pyruvate by harvest library spiking is of
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crucial importance to obtain independent and accurate Raman prediction models

[34]. Furthermore, spike validation is required to distinguish models purely relying

on correlation to other process compounds from models based on compound spe-

cific Raman bands rendering them suitable for real-time monitoring and feedback

control.
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Figure A.12: Spike validation of Raman models during steady-state perfusion.
Glucose model (A), lactate model (B), ammonium model (C) and pyruvate model
(D) were evaluated by addition of spiked compounds (Table A.6). Vertical dashed
lines represent the time of the respective spike addition.

3.2 Steady-state perfusion cell culture stabilization by Ra-

man controlled pyruvate feeding

Aiming to stabilize a perfusion process by minimizing ammonium production through

Raman-controlled pyruvate feeding, it seemed most practical to adopt a Raman

ammonium model that would maintain ammonium levels at a predefined setpoint.

However, spike validation revealed that real-time ammonium monitoring to control

pyruvate feed addition upon ammonium increase was not possible due to poor model

performance. The next strategy would be to feed pyruvate and feed to a defined

target value. As pyruvate is quickly converted to lactate by the cells (Figure A.12B),

pyruvate concentration within the culture tends to be very low and complicates a
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feedback control (Figure A.14D). Lactate on the other hand, assuming it is only

produced by the culture when enough pyruvate is present to supply the TCA cy-

cle, represents the ideal metabolite to realize a feedback control loop ensuring TCA

saturation by pyruvate addition (Figure A.13A). Feeding pyruvate on demand by

Raman feedback control such that the lactate concentration was kept stable at a

defined setpoint to ensure sufficient pyruvate availability for the TCA cycle was

therefore evaluated with the intention to reduce anaplerotic reactions such as amino

acid catabolism with the byproduct ammonium (Figure A.13B). Stabilized cellular

metabolism and reduced ammonium production in turn could subsequently mitigate

product quality drifts.

Figure A.13: Raman controlled feeding strategy. Schematic setup of perfusion
bioreactor with Raman flow cell after cell retention device (CRD) in harvest stream
predicting lactate concentration and controlling pyruvate feed addition (A). Sim-
plified metabolic scheme of feeding strategy (B). Real-time Raman predictions and
corresponding at-line reference measurements for a perfusion run with 0.7 g L−1

lactate setpoint (C) and a perfusion run with a lower lactate setpoint of 0.3 g L−1

(D).

Lactate setpoints for Raman controlled pyruvate feeding were set to 0.7 g L−1

and 0.3 g L−1. The setpoint of 0.7 g L−1 was defined based on the initial lactate

peak concentration of approximately 1.4 g L−1 for the standard perfusion processes

without pyruvate feed addition (Figure A.14C). By controlling at 0.7 g L−1 lactate,
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corresponding to half of the initial peak concentration, a clear effect on ammonium

product was expected without impacting culture viability. A second lower lactate

setpoint was defined to assess whether varying lactate concentrations could be used

to fine-tune product quality, or if product quality is independent of the lactate

concentration as long as it is not fully depleted corresponding to a saturated TCA

cycle by pyruvate. This second setpoint with 0.3 g L−1 was a low concentration but

still sufficiently high to be accurately quantified by the lactate Raman prediction

model with a RMSEP of 0.11 g L−1.

Real-time Raman predictions for the 0.7 g L−1 lactate setpoint run (Figure

A.13C) and for the 0.3 g L−1 lactate setpoint run (Figure A.13D) are well aligned

with reference analytics during the steady-state operation. Slight deviations oc-

curred during the initial growth phase, where the lactate models predicted slightly

higher than the reference values. Glucose models predicted well during steady-state

operation and the initial growth phase, potentially as the glucose concentration is

manyfold higher than the lactate concentration. Pyruvate predictions are not shown

as the pyruvate concentration remained below 0.2 g L−1 for all perfusion runs (Fig-

ure A.14D). The slight deviation of the lactate predictions early in the process can

be explained as the Raman calibration set consisted solely of samples during the

steady-state operation, not including matrix changes of the initial growth phase. If

models are required to correctly predict during steady-state operation as well as dur-

ing the first days of the culture, additional early process samples could be included

into the data set. This is however of no concern in this study as the models were

designed to accurately predict during the steady-state operation and predictions

during the initial growth phase are not required for any feedback control.

Standard perfusion culture runs without pyruvate feed (Ctr. 1 – 3) achieved sta-

ble operation within 6 days after inoculation and remained at high culture viability

above 87% throughout the entire run time of 40 days or longer (Figure A.14A).

After an initial lactate peak, the lactate concentration dropped below the detection

limit of the at-line analyzer of 0.1 g L−1 for the remaining process time (Figure

A.14C). Similarly, pyruvate concentration was depleted throughout the entire run

time (Figure A.14D). Ammonium started to accumulate once the initial lactate peak

was fully consumed and reached its maximum of 6 – 7 mmol L−1 around process day

20. Subsequently, ammonium concentrations decreased slowly back to the starting

concentration of 2 – 3 mmol L−1 on day 6. Glucose levels, after the initial decrease

during the growth phase, slightly increased from below 4 g L−1 to almost 5 g L−1

until day 20, followed by a decreasing trend towards the end of the process (Figure

A.14H). pH was maintained stable within the defined dead band (Figure A.14G)
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Figure A.14: Cell culture parameter, nutrient and metabolite trends for steady-
state perfusion cultivations. VCV and viability (A), product titer (B), lactate (C),
pyruvate (D), ammonium (E), pyruvate feed rate (F), culture pH (G), glucose and
osmolality (H). The vertical black lines represent the start of Raman controlled
pyruvate feeding and the blue and red vertical line represent the end of pyruvate
feeding of the respective runs. Blue horizontal lines represent a phase of ammonium
addition of 5 mmol L−1 to the perfusion media in the perfusion run with 0.3 g L−1

lactate setpoint.
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and osmolality remained relatively stable as well (Figure A.14H).

Fluctuating nutrient and metabolite levels as observed for ammonium clearly

indicated that no metabolic steady-state was achieved despite stable perfusion op-

eration. As a consequence, product quality attributes were impacted and drifted

accordingly during the perfusion operation (Figure A.15). High mannose correlated

with the increase in ammonium and reached its peak of up to 4% around day 20

(Figure A.15A). This is in agreement with the literature reporting increased high

mannose levels at elevated ammonia concentrations [25–27]. Fucosylation showed its

lowest concentration of below 94% on day 20 – 25, before rising back to almost 98%

(Figure A.15B). A lower degree of fucosylation and a simultaneous increase in high

mannose can be explained by a general decrease in the progression of the glycosyla-

tion pathways. A-galactosylation with G0 (Figure A.15C), and galactosylation with

G1 (Figure A.15D) and G2 (Figure A.15E) showed furthermore fluctuation with G0

being at its highest around day 20 – 25, whereas G1 and G2 were at their lowest

around day 20 – 25. A-sialylation (Figure A.15F), mono-sialylation (Figure A.15G)

and di-sialylation (Figure A.15H) were drifting towards the end of the run but to a

much lower extent below 1% compared to other glycoforms.

Raman controlled pyruvate feeding at 0.7 g L−1 and 0.3 g L−1 lactate concentra-

tion setpoints was started on day 6 when stable operation as achieved and did not

impact culture viability (Figure A.14A). Lactate levels could be stabilized between

0.5 – 0.8 g L−1 for the 0.7 g L−1 setpoint and between 0.1 – 0.4 g L−1 for the 0.3 g

L−1 setpoint (Figure A.14C), representing a significantly tighter control compared

to previously published lactate levels when applying a constant pyruvate feed of 2

g L−1 day−1 [17]. Pyruvate was only slightly elevated up to 0.2 g L−1 for the 0.7 g

L−1 lactate setpoint run, whereas it remained depleted for the 0.3 g L−1 lactate set-

point (Figure A.14D). This underlines that even though accurate Raman prediction

models were achieved, controlling based on pyruvate concentration is difficult due to

very low pyruvate concentrations in the bioreactor. Ammonium accumulation was

successfully prevented and stayed below 2 mmol L−1 for the higher lactate setpoint

of 0.7 g L−1 until feed stopping on day 38 and slightly above 2 mmol L−1 for the 0.3

g L−1 lactate setpoint until day 20 (Figure A.14E). On day 21 – 35, ammonium was

added to the fresh media in the 0.3 g L−1 lactate setpoint run to assess the impact

of ammonium to modulate product quality. Ammonium levels increased rapidly to

5 – 6 mmol L−1. The higher lactate setpoint of 0.7 g L−1 indeed led to a further

reduction of ammonium by almost 1 mmol L−1, demonstrating that elevating lactate

concentration by pyruvate feeding comprises a tool to adjust ammonium concentra-

tions. Higher lactate setpoints in turn require larger pyruvate feed rates which were
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Figure A.15: Product glycosylation profiles for steady-state perfusion cultiva-
tions. High mannose (A), fucosylation (B), G0 (C), G1 (D), G2 (E), a-sialylation
(F), mono-sialylation (G) and di-sialylation (H). The vertical black lines represent
the start of Raman controlled pyruvate feeding and the blue and red vertical line
represent the end of pyruvate feeding of the respective runs. Blue horizontal lines
represent a phase of ammonium addition of 5 mmol L−1 to the perfusion media in
the perfusion run with 0.3 g L−1 lactate setpoint.
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in this study 2 – 3 times larger for the 0.7 g L−1 setpoint compared to the 0.3 g

L−1 setpoint (Figure A.14F). Fluctuations in the pyruvate feed rate especially for

the higher lactate setpoint demonstrate the benefits of Raman controlled feeding

rather than constant feeding at a predefined feeding rate to attain stable metabo-

lite profiles. The pH remained within the dead band despite pyruvate feeding and

no base nor CO2 additions were required. Glucose concentrations were stabilized

compared to the control run and remained closer to the 4 g L−1 mark throughout

the entire run when pyruvate was fed. Possible explanations might be that cel-

lular metabolism got reduced at peak ammonium concentrations or that glucose

consumption got reduced by switching to more active amino acid catabolism during

standard perfusion runs. Osmolality was slightly increased for the perfusion runs

with pyruvate feed, remained however around or below 300 mOsm kg−1. Product

titer remained unchanged independently of the pyruvate feeding. Only when am-

monium was fed during day 21 – 35 in the 0.3 g L−1 lactate run, the titer dropped.

In contrast to other studies feeding TCA cycle intermediates, no beneficial effect on

product titer was observed [32, 33].

Raman controlled pyruvate feeding significantly stabilized product quality re-

sulting in flat glycosylation profiles (Figure A.15). Whereas high mannose started

at 0.5% and increased up to 4.1% during the standard perfusion runs, resulting in

a delta change of up to 3.6%, maximal delta changes of 0.5% were achieved for per-

fusion cultures with pyruvate feeding (Figure A.15A). Accordingly, proper lactate

control by pyruvate feeding addresses the need to expand the scarce toolbox of high

mannose reducing approaches in cell culture [45]. This might become especially

useful when increased high mannose concentrations arise upon perfusion process

intensification by pushing cell densities to the limits or optimizing cell specific per-

fusion rates [11]. Similarly, delta changes of up to 5.1% for standard perfusion runs

were reduced to delta changes of maximally 0.8% for fucosylated species (Figure

A.15B). No difference on high mannose and fucosylation levels were observed for

0.3 g L−1 or 0.7 g L−1 lactate setpoints. All other glycoforms showed a similar

trend with significantly stabilized concentration levels throughout the entire run

time, however different lactate concentration setpoints resulted in different abso-

lute glycoform concentration levels. As such, the higher lactate setpoint of 0.7 g

L−1 resulted in an increase of G0 (Figure A.15C), mono-sialylated (Figure A.15G)

and di-sialylalted species (Figure A.15H), whereas G1 (Figure A.15D), G2 (Figure

A.15E) and a-sialylated species (Figure A.15F) where slightly lower than for the 0.3

g L−1 lactate setpoint. Standard deviations (SD) of all glycoforms were significantly

reduced by Raman controlled pyruvate feeding down to 0.1% as in the case of high
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mannose.

A similarly stable recombinant antibody quality profile during a 30-day perfusion

process was reported in a study with a human hybrid cell line F2N78 without addi-

tional pyruvate feed [46]. Interestingly, lactate concentration was constant at around

2 g L−1 and ammonium remained below 2 mmol L−1 for the entire 30 days. Whereas

Raman controlled pyruvate feeding was not required in the reported study due to

sufficiently high lactate levels, the CHO-K1 cell line used in this study required

additional pyruvate supplementation to reach the same stabilizing effect. Raman

controlled pyruvate feeding represents therefore a valuable tool to stabilize perfusion

cell culture runs for cell lines otherwise consuming the entire lactate and switching to

amino acids catabolism. The achieved product quality trends for the previously un-

stable perfusion process can therefore be considered as time-independent, enabling

splitting the perfusion batch into multiple DS batches without the need to generate

stable process intermediates. Additionally, accurate lactate control further enables

product quality fine-tuning by varying the lactate setpoint for a multitude of gly-

cosylation attributes. Stabilization metrics are summarized in a numerical form in

Table A.7 for the three most stabilized glycoforms, metrics for remaining glycoforms

can be found in the Supporting Information section (Table A.8).

Interestingly, the ammonium addition into the fresh medium during day 21 – 35

of the 0.3 g L−1 lactate setpoint run did not impact product quality. This result was

not expected considering diverse studies demonstrating that elevated ammonium

concentrations and spikes of ammonium can impact product quality in fed-batch

cultures [25–27]. The external ammonium addition with a concentration of 4.5 –

6.5 mmol L−1 reached the same region as during the peak of the standard perfusion

runs showing clear impact on product quality, however not on product titer. By

externally adding ammonium the opposite trend was observed with no impact on

product quality but on product titer. The correlation between increased ammonium

and reduced titer has also been observed in fed-batch processes and was explained by

reduced cellular activity at elevated ammonia levels [32]. One possible explanation

for unchanged product quality upon ammonia feeding might be that the impact

of ammonium on product quality was somehow mitigated due to the continuing

lactate control by pyruvate feeding. However, further research to understand this

observation would be necessary and goes beyond the scope of this study.
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Table A.7: Process stabilization metrics for control runs and Raman controlled
perfusion runs. Minimal and maximal fraction of glycoforms (Min, Max), the differ-
ence of lowest and highest measured fraction of glycoforms during the same perfusion
run (Delta), Mean and standard deviation (SD) are provided for the respective gly-
coforms.

Run Min [%] Max [%] Delta [%] Mean [%] SD [%]

High mannose

Control 1 0.5 3.1 2.6 1.6 0.8
Control 2 0.4 3.6 3.3 1.7 1.1
Control 3 0.5 4.1 3.6 2.4 1.3
0.3 g L−1 Lac 0.5 1.0 0.4 0.8 0.1
0.7 g L−1 Lac 0.6 1.1 0.5 0.9 0.1

Fucosylation

Control 1 94.5 98.3 3.8 96.7 1.3
Control 2 93.5 98.6 5.1 96.4 1.6
Control 3 93.3 98.4 5.1 95.7 1.9
0.3 g L−1 Lac 97.6 98.1 0.5 97.9 0.1
0.7 g L−1 Lac 97.3 98.2 0.8 97.8 0.2

G0

Control 1 37.2 47.6 10.4 42.6 3.1
Control 2 37.5 46.6 9.2 42.9 2.5
Control 3 40.7 48.8 8.0 43.8 2.7
0.3 g L−1 Lac 41.2 45.3 4.2 42.8 1.2
0.7 g L−1 Lac 43.4 46.5 3.1 45.1 0.9

3.3 Understanding the impact of pyruvate feeding on cellu-

lar metabolism

Amino acid concentrations were analysed for all perfusion cultures to gain deeper

insight into the metabolic activity of the cell culture. Alanine concentrations were

about 2 mmol L−1 higher for the perfusion runs with pyruvate feed addition (Figure

A.16A). Glycine concentrations showed a rise from initially 1 mmol L−1 to 3 mmol

L−1 on day 20, after which they returned to the initial concentration of 1 mmol L−1

towards the end of the process (Figure A.16B). Glutamine showed no significant

differences between the control run and the 0.3 g L−1 lactate setpoint run, yet

increased up to 3 mmol L−1 for the 0.7 g L−1 lactate setpoint (Figure A.16C).

Glutamate levels remained low throughout the entire process time and were slightly

lower when pyruvate feeding was present (Figure A.16D). Asparagine did not show

differences when pyruvate feeding was present (Figure A.16E), but lower aspartate

levels were observed with pyruvate feeding (Figure A.16F). Remaining amino acid
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concentrations were comparable between standard perfusion runs and perfusion runs

with Raman controlled pyruvate feeding (Figure A.19).
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Figure A.16: Amino acid profiles during steady-state perfusion cultivation. Ala-
nine (A), glycine (B), glutamine (C), glutamate (D), asparagine (E) and aspartate
(F). The vertical black lines represent the start of Raman controlled pyruvate feed-
ing and the blue and red vertical line represent the end of pyruvate feeding of the
respective runs.

Calculation of consumption rates for these amino acids revealed that asparagine

was by far the most consumed amino acid (Figure A.17A), corresponding with ob-

servations by others [21, 47] and consumption rates even slightly increased with

pyruvate feed addition. Alanine consumption rates however changed drastically

upon pyruvate feed addition (Figure A.17C). Whilst alanine was catabolised from

the medium without pyruvate feed, alanine was produced with rates of around 0.2

mmol %−1 day−1. As alanine is generated from pyruvate and ammonium by alanine

aminotransferase, supplying sufficient pyruvate as precursor to capture ammonium

can be one of the major explanations for the significantly reduced ammonium levels
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Figure A.17: Consumption rate of nutrients, metabolites and amino acids dur-
ing steady-state perfusion cell culture. Steady-state data was used to calculate
consumption rates, three control runs were combined for the calculation of control
data. Consumption rates of net consumed amino acids (A) and nutrients (B), con-
sumption rates of net produced amino acids (C) and nutrients and metabolites (D).
The Welch’s test was applied to determine statistical significance (* P < 0.05, **
P < 0.01, *** P < 0.001, n.s. not significant). Simplified schematic representation
of cellular metabolism without pyruvate feed (E) and with Raman controlled pyru-
vate feeding (F).

during pyruvate feeding in perfusion cultures [17]. Increased glutamine produc-

tion was also observed at high pyruvate feeding with the 0.7 g L−1 lactate setpoint

(Figure A.17C), which might explain the even lower ammonium levels at 0.7 g L−1

lactate setpoint compared to 0.3 g L−1 lactate setpoint (Figure A.14E). The peak

in glycine production for standard perfusion runs could potentially be explained by

increased threonine catabolism, producing the TCA cycle precursor acetyl-CoA and

glycine as a byproduct. Moreover, an increased conversion from serine to glycine by

the enzyme serine hydroxymethyltransferase initiated by enhanced serin biosynthe-
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sis activity due to elevated ammonium levels could be an explanation. As threonine

and serine concentration levels did not significantly vary between pyruvate feeding

and standard perfusion runs (Figure A.19), no final explanation for the glycine stabi-

lization by pyruvate feeding could be drawn in this study. Aspartate and glutamate

remained at rather low consumption rates below 0.1 mmol %−1 day−1 for all tested

conditions (Figure A.17A).

Pyruvate consumption rates increased the more pyruvate was fed and were al-

most 4-fold larger for the 0.7 g L−1 lactate setpoint run compared to the standard

perfusion runs (Figure A.17B). Albeit pyruvate is partially converted to lactate (Fig-

ure A.17C) and was washed out of the perfusion culture, significantly more pyruvate

is available to enter the TCA cycle or serve as precursor for amino acid anabolism

such as alanine. Glucose consumption rates remained rather constant for all condi-

tions and revealed that glucose was still the major energy source for the cells (Figure

A.17B). Nevertheless, the increase in pyruvate addition to the culture achieved a

3-fold reduction of the ammonium production from up to 0.6 mmol %−1 day−1 down

to as little as 0.2 mmol %−1 day−1. Whereas asparagine, alanine and many other

amino acids were catabolized without additional pyruvate feeding (Figure A.17E),

alanine and glutamine synthesis acted as major ammonium sinks when sufficient

pyruvate was fed into the TCA cycle (Figure A.17F). Combined with an overall de-

creased amino acid catabolism, ammonium production was minimized and stabilized

throughout the entire perfusion culture.

4 Conclusion and Outlook

This study aimed to stabilize a steady-state perfusion process producing a bispecific

antibody, which was experiencing drifting product quality attributes despite stable

operation. A shifting metabolic activity was identified as the cause of the variability,

and a stabilization strategy was implemented to improve the consistency of the

product quality.

Pyruvate as a potential glycosylation modulating lever by reducing amino acid

catabolism and saturating the TCA cycle has been leveraged to develop a novel

on-demand feeding strategy. Lactate, exclusively produced from pyruvate when suf-

ficient TCA cycle precursors are present in the cell culture, served as ideal indicator

for TCA cycle saturation which was monitored in real-time by Raman spectroscopy.

Inserting the Raman probe into the cell free harvest stream of the perfusion process

enabled fast and robust prediction model generation and allowed for accurate lactate

level monitoring. In contrast to lactate depletion after an initial peak during the
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growth phase of the standard perfusion process and thereby indicating insufficient

TCA cycle precursors, Raman controlled pyruvate feeding enabled to control the

lactate concentration at a desired setpoint concentration. Concomitantly, the TCA

cycle got optimally saturated with the precursor pyruvate thereby minimizing amino

acid catabolism, resulting in a 3-fold reduction of ammonium accumulation. Stabi-

lized metabolic activity of the cell culture ultimately stabilized the product quality

profiles. High mannose and fucosylation showed stable concentration levels with a

standard deviation of less than 0.2% and were independent of the lactate setpoint.

Other glycosylation species such as galactosylation or sialylation were stabilized in

an analogous way and could additionally be fine-tuned by varying lactate setpoint

levels.

The presented feedback control strategy represents a valuable tool for continuous

manufacturing to stabilize metabolic activity of cells throughout the entire perfusion

culture which would otherwise result in product quality drifting. Hence, the novel

Raman-controlled pyruvate feeding strategy comprises one of the scarce approaches

to effectively reduce high mannose which might increase with proceeding culture

duration or process intensification activities.
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Figure A.19: Amino acid profiles during steady-state perfusion cultivation for all
measured amino acids.
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Table A.8: Process stabilization metrics for control runs and Raman controlled
perfusion runs. Minimal and maximal fraction of glycoforms (min, max), the differ-
ence of lowest and highest measured fraction of glycoforms during the same perfusion
run (Delta), mean and standard deviation (SD) are provided for the respective gly-
coforms.

Run Min [%] Max [%] Delta [%] Mean [%] SD [%]

High mannose

Control 1 0.5 3.1 2.6 1.6 0.8

Control 2 0.4 3.6 3.3 1.7 1.1

Control 3 0.5 4.1 3.6 2.4 1.3

0.3 g L−1 Lac 0.5 1.0 0.4 0.8 0.1

0.7 g L−1 Lac 0.6 1.1 0.5 0.9 0.1

Fucosylation

Control 1 94.5 98.3 3.8 96.7 1.3

Control 2 93.5 98.6 5.1 96.4 1.6

Control 3 93.3 98.4 5.1 95.7 1.9

0.3 g L−1 Lac 97.6 98.1 0.5 97.9 0.1

0.7 g L−1 Lac 97.3 98.2 0.8 97.8 0.2

G0

Control 1 37.2 47.6 10.4 42.6 3.1

Control 2 37.5 46.6 9.2 42.9 2.5

Control 3 40.7 48.8 8.0 43.8 2.7

0.3 g L−1 Lac 41.2 45.3 4.2 42.8 1.2

0.7 g L−1 Lac 43.4 46.5 3.1 45.1 0.9

G1

Control 1 42.1 50.4 8.3 46.6 2.6

Control 2 43.3 50.4 7.1 46.2 2.1

Control 3 40.1 48.9 8.8 44.9 2.9

0.3 g L−1 Lac 46.3 48.7 2.4 47.7 0.7

0.7 g L−1 Lac 44.0 46.4 2.3 45.3 0.8

G2

Control 1 6.4 9.8 3.4 8.0 1.1

Control 2 6.7 9.7 3.0 8.0 1.0

Control 3 6.0 9.1 3.1 7.5 0.9
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Run Min [%] Max [%] Delta [%] Mean [%] SD [%]

0.3 g L−1 Lac 6.8 8.4 1.6 7.7 0.4

0.7 g L−1 Lac 6.8 7.5 0.8 7.0 0.2

A-sialylation

Control 1 98.2 99.3 1.0 98.9 0.4

Control 2 98.3 99.3 1.0 98.9 0.4

Control 3 98.4 99.1 0.7 98.8 0.3

0.3 g L−1 Lac 98.9 99.2 0.3 99.0 0.1

0.7 g L−1 Lac 98.1 98.7 0.6 98.4 0.2

Mono-sialylation

Control 1 0.5 1.3 0.8 0.8 0.3

Control 2 0.4 1.2 0.8 0.8 0.3

Control 3 0.6 1.1 0.5 0.9 0.2

0.3 g L−1 Lac 0.5 0.7 0.2 0.7 0.1

0.7 g L−1 Lac 0.8 1.2 0.4 1.1 0.1

Di-sialylation

Control 1 0.1 0.4 0.3 0.2 0.1

Control 2 0.1 0.3 0.3 0.2 0.1

Control 3 0.1 0.4 0.2 0.2 0.1

0.3 g L−1 Lac 0.1 0.3 0.2 0.2 0.1

0.7 g L−1 Lac 0.2 0.5 0.3 0.3 0.1
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A.3 Scientific Publication Section III

Maduramycin, a novel glycosylation mod-

ulator for mammalian fed-batch and steady-

state perfusion processes

This section is based on the following publication: P. Romann, T. Vuillemin, S. Pavone, M.
Jordan, A. Perilleux, J. Souquet, J-M. Bielser, C. Herwig, and T. K. Villiger, Maduramycin,
a novel glycosylation modulator for mammalian fed-batch and steady-state perfusion
processes, 2023, Under review in Journal of Biotechnology.
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Abstract

Controlling high-mannose (HM) content of therapeutic proteins during process in-

tensification, reformulation for subcutaneous delivery, antibody-drug conjugate or

biosimilar manufacturing represents an ongoing challenge. Even though a range of

glycosylation levers to increase HM content exist, modulators specially increasing

M5 glycans are still scarce. Several compounds of the polyether ionophore family

were screened for their ability to selectively increase M5 glycans of mAb products

and compared to the well-known α-mannosidase I inhibitor kifunensine known to in-

crease mainly M8 – M9 glycans. Maduramycin, amongst other promising polyether

ionophores, showed the desired effect on different cell lines. For fed-batch processes,

a double bolus addition modulator feed strategy was developed maximizing the effect

on glycosylation by minimizing impact on culture performance. Further, a continu-

ous feeding strategy for steady-state perfusion processes was successfully developed,

enabling consistent product quality at elevated HM glycan levels. With kifunensine

and maduramycin showing inverse effects on the relative HM distribution, a com-

bined usage of these modulators was further evaluated to fine-tune a desired HM

glycan pattern. The discovered HM modulators expand the current HM modulating

toolbox for biotherapeutics. Their application not only for fed-batch processes, but

also steady-state perfusion processes, make them a universal tool with regards to

fully continuous manufacturing processes.

Keywords: N-linked glycosylation, HM modulation, M5 glycans, fed-batch,

steady-state perfusion

Abbreviations: ADC, antibody-drug-conjugate; ADCC, antibody dependent cell cy-
totoxicity; ECE, enzyme conversion efficiency; ER, endoplasmic reticulum; GnTI, N-
acetylglucosaminyltransferase I; HM, high mannose; M5 – M9, HM glycans with 5 – 9 mannose
residues; mAb, monoclonal antibodies; ST, shake tubes; STR, stirred tank reactor; VCD, viable
cell density; VCV, viable cell volume.
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1 Introduction

With over 162 approved therapies world-wide and an ever-increasing demand due to

rising incidences of chronic diseases and cancer, monoclonal antibodies (mAbs) make

the largest and fastest growing class of biologics [1–3]. The majority of mAbs have

a conserved N-glycosylation site in the Fc-domain which is critical for molecular

stability, effector function and pharmacokinetics [4]. During the production of these

mAbs, a mannose rich oligosaccharide chain is attached to a predefined and specific

region in the protein (Asn-X-Ser/Thr). This process is called N-linked glycosylation

and occurs in the endoplasmic reticulum (ER)[5, 6]. The oligosaccharide undergoes

a series of modifications as it passes through the secretory pathway (ER and cis-

Golgi). This includes trimming by glycosidases and mannosidases resulting in range

of high mannose-type N-glycans (HM), reaching from HM glycans with 9 mannose

residues (M9) to mostly 5 mannose residues (M5). HM glycans are of particular

importance given their impact on pharmacokinetics and effector function. In general,

higher antibody dependent cell cytotoxicity (ADCC) [7–11], reduced complement

dependent cytotoxity [8, 12], and reduced serum half-time are reported for HM-

type mAbs [10, 13–15]. Enzymes in the medial Golgi can further modify the HM

glycan structure, leading to the formation of complex glycans, followed by further

branching and capping reactions in the trans-golgi and trans-golgi network [16, 17].

The way that mAbs are manufactured has a direct impact on the glycosylation

profile, resulting in a heterogeneous mixture of complex-, hybrid- and HM-type N-

glycans [4, 18].

Process intensification to meet the increasing demand and market supply, refor-

mulation of drugs for subcutaneous delivery, rising interest in antibody-drug con-

jugates (ADCs), and biosimilar manufacturing heavily depend on proper control of

HM content [19]. Especially for biosimilars, where 22 of the 37 licensed biosimilars

are glycosylated monoclonal antibodies [20], careful control of HM levels is necessary

to demonstrate biosimilarity to the reference product.

Naturally occurring mAbs contain relatively low levels of HM, but levels can be

significantly increased up to 10% for commercially produced products [21]. Historical

processes in contrast to newer processes tend to induce more HM species, particularly

M5. Better process control, improved media formulation or shifts towards advanced

manufacturing methods such as perfusion cell culture might be the reason for this

discrepancy.

Many approaches to increase HM content in a biosimilar in order to match

glycosylation of a reference product have been described and summarized in the

167



literature [16, 19, 22]. As such, changes in pH [19, 23], in osmolality [23, 24],

hypothermia [25], or sugar additives are reported to increase HM glycans [26, 27].

Many of these approaches do however not allow large changes in HM content, do

not specifically increase M5 species, and often come with negative impact on culture

performance and product titer.

Larger changes in HM content could be achieved with enzyme-specific inhibitors

such as kifunensine, swainsonin or deoxymannojirimycin [28–30]. Kifunensine as

the most popular α-mannosidase I inhibitor in the ER has extensively been used

in mammalian cell culture to drastically increase HM without significant impact on

product titer but increased predominantly M8/M9 structures [7, 11, 29, 31].

Although it was demonstrated that higher mannose-type glycans (M6 – M9)

show similar ADCC and pharmacokinetic properties than M5 glycans in intravenous

administration [8, 10], the presence of M6 – M9 might be mitigated by serum α-

mannosidases cleaving higher mannose-type glycans to M5 glycans [13, 15, 32]. With

an increasing interest in subcutaneous administration of biologics, where no serum

α-mannosidase activity is available, M6 – M9 glycans cannot be trimmed to M5

glycans [33]. Potential interaction of higher mannose-type glycans (M6 – M9) with

C-type lectin receptors might trigger immunogenic reactions and increases interest in

selective M5 glycan modulators [34, 35]. Furthermore, for biosimilar manufacturing

where exact product quality matching is necessary, methods to particularly increase

M5 glycans are of high interest.

Approaches to selectively increase M5 glycans are scarce, expensive, or patented

and therefore not available for commercial mAb manufacturing. Raffinose for ex-

ample used as sugar additive to the culture media has been identified to selectively

increase M5 in a fed-batch process, showed however negative impact on culture

growth and titer at higher concentrations [36]. M5 could be increased up to 7%, but

at a significant rise in media cost due to raffinose supplementation.

Monensin, a sodium-hydrogen ionophore inhibiting glycan processing by increas-

ing the pH in the Golgi, has been identified and patented to selectively increase M5

glycans for mAbs in a cell line independent and dose dependent manner [37]. Mon-

ensin belongs to the polyether ionophore compound family, a large group of relatively

cheap antimicrobials extensively used in beef cattle production [38, 39]. In a per-

fusion process retaining the product in the bioreactor, monensin was bolused at a

500 nM dose and kept constant for 24 h, after which the monensin addition was

stopped to reach the desired glycan target at the end of the run. Continuous mon-

ensin feeding was suggested in order to hold the HM concentration at a pre-defined

target level throughout the production run, was however not demonstrated [37].
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With continuous manufacturing of mAbs including perfusion upstream processing

and continuous downstream processing on the rise [40–42], continuous modulator

feeding is the only choice to achieve stable quality profiles at defined target set-

points over time. Applicability for steady-state perfusion processes of such potent

glycosylation modulators must therefore be assessed.

This study initially focused on finding alternatives to monensin within the polyether

ionophore compound family to address the need for further potent M5 glycan in-

creasing modulators. Maduramycin was identified as a novel HM modulator pre-

dominantly increasing M5 glycans of mAbs. Subsequently, feeding strategies of

maduramycin for fed-batch and steady-state perfusion processes were evaluated us-

ing shake tubes (ST), automated miniature bioreactor systems and stirred tank

bioreactors (STR). With a strong focus on the development of fully continuous

manufacturing processes, continuous feeding of maduramycin during steady-state

perfusion processes was successfully applied to control HM at a target setpoint and

compared to continuous kifunensine feeding. This study further reports a novel

combination to use maduramycin and kifunensine to target a specific HM glycan

distribution at a defined absolute HM level.

2 Materials and Methods

2.1 Cell Lines

Three different CHO-S cell lines were used for fed-batch cultivations. Cell line A and

B produced classical monoclonal antibodies (IgG1), whereas cell line C produced a

fusion protein composed of a Fc-domain of IgG1 linked to a protein of interest.

For perfusion cell cultures, a proprietary CHO-K1 cell line producing a bispecific

monoclonal antibody (cell line D) was used (Table A.9).

Table A.9: Description of cell lines, products and glycosylation sites.

Cell line Host cell line Product Glycosylation site Cell culture system

A CHO-S IgG 1 Fc Shake tubes, ambr15
B CHO-S IgG 1 Fc ambr15, ambr250
C CHO-S IgG-fusion protein 1 Fc + 2 fusion protein ambr15
D CHO-K1 Bispecific IgG 1 Fc Shake tubes, 2 L bioreactors

2.2 Modulator Stock Solutions

Maduramycin (CAS: 84878-61-5, Sigma-Aldrich, St. Louis, Missouri, USA) was

dissolved in DMSO (DMSO Anhydrous, Invitrogen, Waltham, USA) at a stock con-
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centration of 17.1 mM. Kifunensine (CAS: 109944-15-2, Sigma-Aldrich, St. Louis,

Missouri, USA) stock solution was prepared in water at a concentration of 0.144 mM.

Narasin (CAS: 55134-13-9, Sigma-Aldrich, St Louis, Missouri, USA) was dissolved

in DMSO (Sigma-Aldrich, St Louis, Missouri, USA) at a stock concentration of 20.9

mM. Salinomycin (CAS: 53003-10-4, Sigma-Aldrich, St Louis, Missouri, USA) was

dissolved in DMSO at a stock concentration of 24.5 mM. All stock solutions were

stored at -20 ◦C.

2.3 Shake Tube Compound Screening

Cell line A was transferred into 50 mL ST (TubeSpin®, TPP, Trasadingen, Switzer-

land) after 24 days of expansion for fed-batch cultivation over 14 days. Cells were

incubated at 36.5 ◦C, 5% CO2, 320 rpm in an incubator with an orbital throw of 25

mm and a shaking angle of 90◦ (Multitron 4, Infors HT, Bottmingen, Switzerland).

Cells were cultivated in a proprietary chemically defined medium (Merck Serono

SA, Corsier-sur-Vevey, Switzerland) and a glycosylation modulating compound was

added (Table A.10). Cells were fed on days 3, 5, 7 and 10 with a proprietary chemi-

cally defined main feed and a cysteine/tyrosine feed. A glucose feed was also added

in the cell culture on days 3, 5, 7, 10 and 12 according to glucose consumption.

Table A.10: Experimental conditions for polyether ionophore compound screening.

Cell line Compound Concentration [nM]

A Maduramycin 10, 25, 40, 50, 100
A Narasin 1, 5, 20
A Salinomycin 1, 5, 20
B, C Maduramycin 10, 20, 40
B, C Narasin 1, 5
B, C Salinomycin 1, 5

2.4 Semi-continuous Perfusion in Shake Tubes

Cell culture (cell line D) from a 2 L steady-state STR perfusion bioreactor were

transferred into 50 mL ST (TubeSpin®, TPP, Trasadingen, Switzerland) for semi-

continuous cultivation [43]. The culture volume was 10 mL at a viable cell volume

(VCV) of 10%, which was readjusted daily by bleeding based on VCV measure-

ments. Cells were incubated at 36.5 ◦C, 5% CO2, 270 rpm in an incubator with

an orbital throw of 25 mm and a shaking angle of 90◦ (Multitron 4, Infors HT,

Bottmingen, Switzerland). Cells were cultivated at 1 reactor volume per day (RV
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day−1) using a proprietary chemically defined medium (Merck Serono SA, Corsier-

sur-Vevey, Switzerland) or with the same media supplemented with glycosylation

modulators. Daily media change was performed by centrifugation for 5 min at 200

g (Centrifuge 5810 R, Eppendorf SE, Hamburg, Germany). Samples were 0.22 µm

filtered prior to further analysis.

To screen the effect of maduramycin, kifunensine and the combination of both

modulators on mAb glycosylation, a full factorial experimental design was chosen

with four levels for maduramycin (0, 12.5, 25 and 50 nM) and four levels for kifu-

nensine (0, 25, 50 and 100 nM). Antibody glycosylation was analysed on cultivation

day 3, after 72 hours of incubation in modulator media.

2.5 Glycosylation Flux Analysis and Response Surface Mod-

elling

Flux analysis for the initial glycosylation pathway was performed by assuming a

linear pathway starting from the M9 structure to M5 (Figure A.24A). The con-

nectivity of the network is described by the stoichiometric matrix S. Assuming a

pseudo steady state of the system, the fluxes v are constrained to [44]:

S · v = 0 (A.6)

It is worth mentioning, that the assumption of pseudo-steady-state holds for

most conditions since a slow transient behaviour where no internal accumulation

or depletion of species during the investigated timeframe is sufficient and a true

steady-state is not required. The measured glycosylation species can be therefore

seen as constant fluxes, ve, out of the Golgi apparatus which can be used to calculate

the internal fluxes, vi, inside the network. Species M9 was assumed to be the only

structure entering the late ER and Golgi apparatus. Consequently, formula A.7 can

be split accordingly:

Si · vi + Se · ve = 0 (A.7)

where Se is the stoichiometric matrix for the measured fluxes and Si for the

calculated internal fluxes. The inverse (Si)
−1 is used to solve formula A.8:

vi = −(Si)
−1 · Se · ve (A.8)
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Assuming a fully linear pathway, the system is fully determined, and the result of

formula A.9 is in this case unique. The ratio of the incoming flux and the outgoing

flux was used as measure of the enzyme conversion rate as follows:

ECEi [%] =
vi
vi−1

· 100 (A.9)

Multiple linear regression was performed to model the relationship between the

two factors (kifunensine and maduramycin concentration) and the responses (to-

tal HM, enzyme conversion efficiency and relative HM distribution). A quadratic

function was used for all response surface models (formula A.10):

Y = β0 + β1 ·X1 + β2 ·X2 + β3 ·X2
1 + β4 ·X2

2 (A.10)

Where Y represents the dependent variable (response), β0−4 the regression coef-

ficients, X1 and X2 the independent variables (factors). The statsmodels library

in Python [45] was used to perform multiple linear regression.

For reversibility assessment at high modulator concentration, modulator media

(200 nM maduramycin and 1 µM kifunensine) was used from cultivation day 0 – 4

and switched back to standard media without modulator from cultivation day 4 –

8. Samples for glycosylation analysis were collected every day to get time resolved

glycosylation data.

2.6 Ambr15 Fed-Batch Cultivation

Cell line A was transferred into 15 mL automated mini bioreactor (ambr15®, Sar-

torius, Göttingen, Germany) after 24 days (cell line B: 19 days; cell line C: 28 days)

of expansion for fed-batch cultivation over 17 days (cell line B and C: 14 days). The

seeding density was 0.3×106 cells mL−1 (cell line B: 0.2×106 cells mL−1; cell line C:

0.2×106 cells mL−1). Cells were grown at 37 ◦C for 5 days then at 33 ◦C until the end

of the culture (cell line B: 36.5 ◦C for 6 days then at 33 ◦C until the end of the cul-

ture; cell line C: always at 36.5 ◦C). Stirring speed was kept constant at 800 rpm. pH

was controlled by CO2 and base addition in a defined range. Dissolved oxygen was

controlled at 40% by sparging air and oxygen. Cells were cultivated in a proprietary

chemically defined medium (Merck Serono SA, Corsier-sur-Vevey, Switzerland) into

which a glycosylation modulating compound at varying concentrations was added
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(Table A.10 for screening experiments; Table A.11 for maduramycin vs. kifunensine

comparison). Cells were fed on days 3, 5, 7, 10 and 14 with a proprietary chemically

defined main feed and a cysteine/tyrosine feed (cell line B: 3, 5, 7 and 10; cell line

C: 3, 5, 7 and 10). A glucose feed was added daily to the cell culture starting on

day 3 until the end of the culture according to glucose consumption (cell line B and

C: 3, 5, 7, 10 and 12).

Table A.11: Experimental conditions for maduramycin vs. kifunensine comparison
in ambr15 fed-batch processes.

Cell line Compound Concentration [nM]

A Maduramycin 10, 25, 40
A Kifunensine 25, 50, 75
B, C Maduramycin 10, 20, 40
B, C Kifunensine 50, 100, 1000

2.7 Ambr250 Fed-Batch Cultivation

Cell line B were transferred into 250 mL automated mini bioreactor (ambr250®,

Sartorius, Göttingen, Germany) after 24 days of expansion for fed-batch cultivation

over 12 days at a seeding density of 6.0× 106 cells mL−1. Cells were grown at 36.5
◦C for 4 days then at 32 ◦C until the end of the culture, 500 rpm in an ambr250

automated system (ambr15®, Sartorius, Göttingen, Germany). pH was controlled

by CO2 and base addition in a defined range and dissolved oxygen controlled at

50%. Cells were cultivated in a proprietary chemically defined medium (Merck

Serono SA, Corsier-sur-Vevey, Switzerland) with maduramycin at 40 nM, 50 nM

and 80 nM. A further condition starting with 40 nM maduramycin and a second

maduramycin addition of 40 nM on day 5 was performed. Cells were continuously

fed for the whole duration of the culture with a proprietary chemically defined main

feed and a cysteine/tyrosine feed on days 2, 5 and 8. A glucose feed was also added

in the cell culture for the whole culture duration according to glucose consumption.

Each condition was performed in duplicates but pooled for titer and glycosylation

analysis.

2.8 Lab-scale 2 L STR Perfusion Cell Culture

Cell line D was expanded in an incubator (Multitron 4, Infors HT, Bottmingen,

Switzerland) for 21 days using a proprietary chemically defined medium (Merck

Serono SA, Corsier-sur-Vevey, Switzerland). Perfusion bioreactors (Labfors 5 Cell,
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Infors HT, Bottmingen, Switzerland) were inoculated with a seeding density of

0.6×106 viable cells mL−1. Culture conditions were maintained at 36.5 ◦C with a dis-

solved oxygen setpoint of 50% (VisiFerm DO Arc, Hamilton, Bonaduz, Switzerland).

The pH was controlled at 7.07 ± 0.17 (EasyFerm Plus Arc, Hamilton, Bonaduz,

Switzerland) by CO2 sparging and a 1.1 M Na2CO3 solution. Bioreactors were op-

erated at 2 L working volume and perfusion was started on day 0 and kept constant

at 1.3 RV day−1. Bioreactor harvests were gravimetrically controlled to maintain

the bioreactor weight constant using alternating tangential flow filtration (ATF2H,

Repligen, Waltham, Massachusetts, USA) with polyether sulfone hollow fibers hav-

ing a pore size of 0.22 µm (Repligen, Waltham, Massachusetts. USA). After an

initial growth phase, an online capacitance probe (Incyte Arc, Hamilton, Bonaduz,

Switzerland) was used to keep the VCV constant at 12%. Different modulator me-

dia for kifunensine and maduramycin based on the standard proprietary chemically

defined media were prepared at 25 nM, 50 nM and 100 nM concentration. These

media were connected to the bioreactor depending on the run design according to

Table A.12, whereas modulator-free standard media was used for the entire control

run.

Table A.12: Overview of 2L steady-state STR perfusion cell culture media com-
positions.

Change Ctr run Kif run Mad run Mad const. run
Media Day Media Day Media Day Media Day

Start Standard 0 Standard 0 Standard 0 Standard 0
#1 x x 50 nM 11 50 nM 8 50 nM 11
#2 x x 25 nM 19 25 nM 15 x x
#3 x x 100 nM 26 100 nM 22 x x
#4 x x Standard 33 Standard 29 x x

2.9 Analytical Methods

Cell density, viability, cell diameter, glucose, lactate, ammonia, and pH were mea-

sured using a BioProfile FLEX2 (Nova Biomedical, Waltham, USA). Lab-scale 2 L

bioreactors were automatically sampled by the FLEX2 On-Line Autosampler (Nova

Biomedical, Waltham, USA) and samples were fractionated using a Teledyne Cetac

ASX-7200 (Teledyne CETAC Technologies, Omaha, Nebraska, USA). Viable cell

volume (VCV) was calculated as follows [46]:

VCV =

4
3
· π ·

�
D
2

�3 · VCD
V

· 100 (A.11)
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Where D is the average cell diameter, VCD the viable cell density, and V is the

cell culture volume, assuming a spherical shape of the cells.

Process titers were determined using a protein affinity high performance liquid

chromatography device (PA-HPLC, Waters, Milford, Massachusetts, USA).

To quantify protein glycosylation, mAbs were purified on Phytips (PhytipsVR,

PhyNexus, San Jose, CA, USA). Product glycosylation for cell line A, B and C was

quantified through 2-amino-benzamide labelling UPLC on a 100 mm column (Waters

Corporation, Milford, MA, USA). For cell line D, a multi attribute method (MAM)

which is based on high performance liquid chromatography-mass spectrometry (LC-

MS, Vanquish™ Horizon UHPLC System and Q Exactive™ Plus, Thermo Fisher

Scientific, Waltham, Massachusetts, USA) was used.
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3 Results

3.1 Glycosylation Modulation in Fed-batch Processes

The polyether ionophores maduramycin, narasin and salinomycin were screened in

ST with cell line A in a fed-batch process. All three polyether ionophores showed

growth inhibition (Figure A.20A) and impact on cell viability (Figure A.20B) at

elevated concentrations. For maduramycin, concentrations above 40 nM started to

impact cell growth, whereas for narasin and salinomycin already 20 nM resulted in

almost no cell growth. The desired increase of particularly M5 species was most

pronounced for maduramycin with total HM concentrations of over 30% (Figure

A.20C). Narasin and salinomycin increased total HM concentration to a much lower

extent, but still by mainly increasing M5 species. Even though narasin and salino-

mycin could increase HM to a similar extent as maduramycin on cell line B and cell

line C (Supporting Information Figure A.27), maduramycin was the chosen glyco-

sylation modulator for further studies due to its applicability for all screened cell

lines.
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Figure A.20: HM modulator screening for cell line A in ST. Maduramycin, narasin
and salinomycin, abbreviated with M, N and S were used at nM concentrations
supplemented to the cell culture. VCD (A), viability (B) and total HM (C) for a
fed-batch process. Conditions with error bars were performed in duplicates (n=2).

Consequently, the effect of maduramycin on product glycosylation was compared

to the known α-mannosidase I inhibitor kifunensine in ambr15 bioreactors for fed-

batch processes. Again, maduramycin concentration of 40 nM showed an impact

on the cell growth of cell line A (Figure A.21A) and to a lower extent as well for

cell line B (Figure A.21B) and cell line C (Figure A.21C). Accordingly, process

titer was slightly reduced for the 40 nM maduramycin conditions (Figure A.21J,

K and L). Kifunensine, except for the 1 µM condition with cell line C, showed no

impact on cell growth nor process titer. The total HM could be increased with
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both modulators in a concentration dependent manner, varied however strongly

between the different cell lines at similar modulator concentrations. At 40 nM

maduramycin for example, cell line A reached a total HM level of 15.7% (Figure

A.21D), cell line B a total HM level of 34.7% (Figure A.21E), and cell line C a

total HM level of 20.7% (Figure A.21F). Similar trends were found for kifunensine,

where total HM of the highest tested modulator concentration of 1 µM ranged

from 30.8% in cell line B to 82.1% in cell line C. The HM distributions showed

the expected differences between kifunensine and maduramycin (Figure A.21G, H

and I). Maduramycin almost exclusively increased the M5 species and resulted in a

relative M5 distribution of about 80% or higher for all three cell lines, independent of

the total HM level. Kifunensine showed decreasing relative M5 levels with increasing

modulator concentration. Interestingly, kifunensine could still increase the absolute

M5 levels at 100 nM modulator concentration or lower compared to the control in

cell line B and C. When dosed at much higher concentrations of 1 µM however, the

higher mannose-type glycans such as M8 and M9 were significantly increased at the

cost of M5 and M6 glycans.

As elevated modulator concentrations of maduramycin in the culture media re-

duced cell growth and product titer (Figure A.21), a double bolus feed strategy was

evaluated for a high-seed fed-batch process for cell line B in the ambr250 bioreactor

system. Rather than adding the entire modulator dose of 80 nM at the beginning

of the process, a first addition of 40 nM on the starting day and a second dose of

40 nM on day 5 was performed. The VCD of the single bolus additions of 80 nM

maduramycin at the beginning of the run resulted in significant growth reduction

with a maximal VCD of 16.6× 106 cells mL−1, compared to the much higher VCD

in the control run of 30.9×106 cells mL−1 (Figure A.22A). The single bolus addition

of 50 nM showed only a slightly reduced growth rate in the beginning and reached

similar maximal VCD of 30.1× 106 cells mL−1. The double bolus condition with 40

nM maduramycin until day 5 showed also slightly reduced growth rate, reaching a

high maximal cell density of 30.3×106 cells mL−1. After adding the second bolus of

another 40 nM maduramycin, VCD and viability started to decline faster compared

to the control (Figure A.22B), however less than for the 80 nM single bolus addition.

Considering the impact on product glycosylation, the single bolus additions resulted

in a concentration dependent increase of the total HM of up to 28.6% for the 80 nM

maduramycin condition (Figure A.22C). Relative HM distributions for all conditions

showed that M5 was by far the most abundant mannose form for all conditions as

expected for maduramycin. The double bolus addition 40 nM + 40 nM reached

even higher total HM of 36.3%. Product titer decrease for the single bolus additions
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Figure A.21: HM modulator comparison in ambr15 fed-batch process for cell line
A (first column), cell line B (second column) and cell line C (third column). Kifu-
nensine and maduramycin, abbreviated with K, respectively M, were investigated
at nM concentrations supplemented to the cell culture. VCD and viability (A, B,
C), total HM (D, E, F), HM distribution (G, H, I) and product titer (J, K, L).
Conditions with error bars were performed in duplicates (n=2).

in a concentration dependent manner, reaching the lowest concentration for the 80

nM condition of 2.3 g L−1 compared to the control titer of 6 g L−1 (Figure A.22D).

The double bolus addition resulted in improved titer of 4 g L−1, almost comparable

to the 50 nM single bolus addition with 4.4 g L−1, but with a more than doubled

total HM level.
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Figure A.22: Feeding strategy evaluation in ambr250 high-seed fed-batch process
for cell line B. VCD (A), cell viability (B), total HM (C) and process titer (D).
The green arrow represents the seconds Maduramycin addition for the condition
M 40+40 nM. Conditions were performed in duplicates and pooled for titer and
glycosylation analysis (n=2).

3.2 Glycosylation Modulation in Perfusion Processes

In contrast to fed-batch processes, the media in steady-state perfusion processes

gets added in a continuous manner and product is harvested simultaneously. To

assess the applicability of the new modulator maduramycin to steady-state perfu-

sion processes with continuous modulator enriched media exchange, semi-continuous

perfusion cultures in ST with a perfusion cell line (cell line D) were performed. Cul-

tures were kept at a modulator concentration of 1 µM of kifunensine and 200 nM of

maduramycin for 4 days at steady-state cell density and no impact on cell viability

and VCV was observed despite the high modulator concentrations (Figure A.23A

and B). Total HM increased rapidly after modulator addition and reached steady-

state glycosylation after around 2 days. Upon removal of the modulator media on

day 4 back to modulator free media, total HM decreased again back to the original

glycopattern on day 0 within 2 – 3 days for both kifunensine (Figure A.23C) and

maduramycin (Figure A.23D). Knowing glycosylation reaches a steady-state within

2 days, a screening for lower modulator concentrations was performed by analysing
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the glycosylation after 3 days in modulator media. Kifunensine at concentration

of 25 nM and 50 nM did not drastically increase total HM, yet reduced the M5

type fraction by increasing M6 – M9. The 100 nM kifunensine conditions increased

the total HM to 15.5% with a relative HM distribution with all HM glycan forms

at roughly equal levels (Figure A.23E). Maduramycin at 12.5 nM did not increase

total HM, while the relative HM distribution moved towards M5. The 25 nM madu-

ramycin condition reached 5.8% total HM and the 50 nM maduramycin condition

reached 15.7% total HM. In both conditions, the relative HM distribution contained

mainly M5 type glycans as expected (Figure A.23F).

Having two different modulators increasing total HM, one increasing rather M6

– M9 (kifunensine) while the other almost exclusively increases M5 (maduramycin),

a combination screening was performed in semi- continuous perfusion ST to de-

velop a tool to target specific total HM levels with a customizable relative HM

distribution. From glycosylation results of the mixed screening, overall enzymatic

conversion efficiencies (efficiency of enzymes to catalyse a specific glycosylation re-

action) were calculated and represented as contour plots (Figure A.24A upper row).

Kifunensine demonstrated its expected effect to inhibit mannosidases catalyzing all

the reactions from M9 – M5 with increasing modulator concentration. Maduramycin

showed no or minor impact on the mannosidase activities for conversions from M9

– M7, but some impact on mannosidase activities for conversions from M7 – M5.

N-acetylglucosaminyltransferase I (GnTI) compared to the mannosidases showed

much stronger inhibition by maduramycin, and no inhibition by kifunensine at low

concentrations to slight inhibition at higher concentrations. Contour plots of the

relative HM distribution show clearly that M6 – M9 fractions can be increased by

adding kifunensine to the culture media. For M5 however, the fraction decreases

when increasing kifunensine concentration. With almost horizontal contour lines in

all relative HM distribution plots, maduramycin seems not to change the HM dis-

tributions significantly no matter of the concentrations (Figure A.24A lower row).

Considering the total HM contour plot showing increasing total HM levels for both

modulators (Figure A.24B), the mixing of kifunensine and maduramycin represents

an effective tool to achieve a desired total HM with a particular relative HM dis-

tribution. As such, by adding kifunensine to the culture media, the relative HM

distribution can be tailored. By further adding maduramycin, the total HM level

can be increased without impacting the tailored relative HM distribution. For ex-

ample, targeting a relative M5 fraction of 35 – 40%, kifunensine must be chosen at

a concentration of 25 nM and maduramycin can be supplemented depending on the

targeted total HM level (Figure A.24C). By increasing kifunensine and keeping the
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Figure A.23: Semi-continuous perfusion ST experiment evaluating reversibility of
maduramycin and kifunensine effects on cell line D. VCV and viability (A) and HM
glycoforms (C) for kifunensine cultures at 1 µM. VCV and cell viability (B) and
HM glycoforms (D) for maduramycin cultures at 200 nM. Dashed lines indicate the
switch from modulator media to modulator-free perfusion media. HM glycoforms
for kifunensine (E) and maduramycin (F) screening in ST stopped after 3 days.
Conditions with error bars were performed in duplicates (n=2).

maduramycin at for example 12.5 nM, not only the total HM increased but also

the relative HM distribution changed towards higher mannose-type glycans (Figure

A.24D). Cell culture viability was not impacted by combined addition of kifunensine

and maduramycin (Table A.13). Predicted vs. actual plots for all response surface

models and model equations are provided in the Supporting Information section
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(Figure A.29 and Table A.14).

Validation of the semi-continuous perfusion ST screening was subsequently per-

formed in 2 L steady-state STR perfusion bioreactors at modulator concentration

of 25 nM, 50 nM and 100 nM according to Table A.12. VCV and culture viability

(Figure A.25A) was not impacted by changing kifunensine concentrations (Figure

A.25C) or maduramycin concentrations (Figure A.25D). Time resolved glycosylation

trends for the kifunensine run (Figure A.25E) and for the maduramycin run (Figure

A.25F) changed accordingly to the modulator concentration within the bioreactor.

It is worth noting that total HM levels are fully reversible for both modulators upon

switching back to modulator free media. Steady-state glycosylation levels, calcu-

lated based on the data of the last 3 days prior to a media change, are provided for

kifunensine (Figure A.25G) and maduramycin (Figure A.25H). The averaged total

HM levels for the kifunensine run of 2.5% for 25 nM, 3.0% for 50 nM and 12.0%

for 100 nM modulator concentration are in well agreement with the semi-continuous

perfusion ST screening (Figure A.23E), where total HM levels of 1.9% for 25 nM,

2.8% for 50 nM and 15.5% for 100 nM modulator concentration were observed. Sim-

ilarly, total HM levels for the maduramycin run (25 nM: 5.4%; 50 nM: 13.4%) were

comparable to the ST screening (25 nM: 5.8%; 50 nM: 15.7%) in Figure A.23F.

The 12.5 nM condition was not evaluated at the 2 L bioreactor scale as no increase

in total HM was observed in the screening and therefore replaced by the 100 nM

condition leading to total HM of 20.6%. Next to total HM levels, also the relative

HM distributions were comparable to the ST screening. Process titers during the

perfusion runs were comparable to the control run (Figure A.25B).

The ultimate goal of this study was to develop a tool to increase and control total

and individual HM glycoforms with a particular focus on M5 for a fully continuous

manufacturing process and keep product quality stable over time. Therefore, madu-

ramycin was fed constantly at 50 nM throughout an entire steady-state perfusion

run. VCV and cell viability were not impacted by the modulator addition (Figure

A.28A) and titer remained comparable to the control run (Figure A.28B). Total

HM increased upon maduramycin addition from 0.7% to 12.2% and remained over

10% until the end of the run (Figure A.26A). The major fraction of the relative

HM distribution was clearly the M5 form always remaining above 8%. All other

HM glycans from M6 – M9 remained around 1% or lower (Figure A.26B). At the

same time to an increase of HM species, a concomitant decrease of complex glycans

was observed. As such, galactosylation decreased from around 55% to 25% (Figure

A.26G), and afucosylation increased from approximately 2% to 8% (Figure A.26D).

A-sialylation remained rather constant between 98 – 100% (Figure A.26C). Other
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glycoforms, including A1 (Figure A.26E), A2 and A2G1 (Figure A.26F), FA1 and

FA2 (Figure A.26I) and FA2G1 and FA2G2 (Figure A.26J) also show constant gly-

cosylation levels over time even though absolute levels changed for some glycoforms

compared to the control run.
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4 Discussion

Using polyether ionophores as glycosylation modulator is an attractive method to

increase and fine tune HM glycans of mAbs with a predominant tendency of in-

creasing the M5 glycoform. Next to the previously identified modulator monensin

[9], this study screened three novel polyether ionophores for their propensity to act

as HM modulators. Maduramycin showed the desired effect on all tested cell lines,

whereas narasin and salinomycin showed similar performance on two cell lines, re-

duced effects on a third cell line were observed (Figure A.20). Furthermore, absolute

HM levels varied strongly between the tested cell lines, demonstrating that each cell

line reacts different to a particular dose of a specific polyether ionophore modulator.

This is in agreement with previous studies, where varying HM levels were observed

upon treatment with the same dose of monensin [37]. Whereas maduramycin was

the preferred modulator in this study due to its effect on all tested cell lines, narasin

or salinomycin might be suitable alternatives in case maduramycin shows insufficient

effect on a new cell line.

For fed-batch processes, total HM could significantly be increased using madu-

ramycin. The same fed-batch processes supplemented with kifunensine clearly demon-

strated the differences between the two modulators. With increasing kifunensine

concentration, the relative M5 fraction decreased significantly and relative M6 – M9

fractions were increasing (Figure A.21). It is worth mentioning that also kifunen-

sine increased lower mannose-type glycans (M5 – M7) species when supplemented at

lower doses, higher mannose-type glycans (M8 – M9) prevailed only when kifunen-

sine was supplemented at high doses of 1 µM. Maduramycin in contrast increased the

relative M5 fraction compared to the modulator free control runs on all tested cell

lines and kept high M5 distributions irrelevantly of the dose. At elevated modulator

concentrations, maduramycin and kifunensine showed growth inhibition leading to

lower maximal cell densities in the fed-batch processes, resulting in reduced process

titer. Growth inhibition for kifunensine was also detected by others, however with-

out impacting process titer [11], and minimal impact on culture performance for the

polyether ionophore monensin was observed [37]. The growth inhibition threshold

for maduramycin was reached earlier compared to kifunensine and a special feed-

ing strategy for maduramycin was therefore developed in this work, splitting the

maduramycin dose into two bolus additions (Figure A.22). The first bolus at the

beginning of the process was dosed in order not to impact cell growth. Once the

maximal cell density was reached, a second bolus was added to boost the HM level in

the product. This strategy not only increased the total HM level but also improved
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process titer due to higher maximal cell densities compared to the single bolus addi-

tion. This feeding strategy might be similarly applied to other polyether ionophores

such as narasin, salinomycin, as all of them showed concentration dependent impact

on cell growth.

With increasing attention to continuous manufacturing, steady-state perfusion

processes are gaining interest within the manufacturing space of biopharmaceuti-

cals. Even though monensin has been evaluated in a perfused bioreactor retaining

the product [37], this is the first report to the authors’ knowledge evaluating con-

tinuous maduramycin and kifunensine addition in a steady-state perfusion process

with continuous product harvesting. To assess the applicability of maduramycin and

kifunensine for continuous feeding, semi-continuous ST were used to cultivate a per-

fusion adapted cell line producing a bispecific mAb (Figure A.23). During the initial

phase with daily replaced modulator enriched culture media, steady-state glycosy-

lation was reached within 3 days for kifunensine as well as for maduramycin. Upon

switching back to modulator free media, glycosylation patterns returned to the ini-

tial low HM levels within 2 – 3 days. This demonstrates that neither maduramycin

nor kifunensine accumulate within the cells and both compounds can be readily

washed out once modulator free media is fed. Looking at relative glycosylation pat-

terns highlights the drastic difference between kifunensine producing mainly M8 and

M9 glycans, and maduramycin producing mainly M5 glycans. With two comple-

mentary HM increasing modulators inversely affecting the relative HM distribution,

a further screening including the combined use of kifunensine and maduramycin was

performed (Figure A.24). The HM glycan trimming is a complex process with multi-

ple different mannosidases involved and occurs in the ER as well as in the Golgi [19,

22] and the acquired data set did not allow to distinguish between all the different

enzymes involved. For simplification, the overall conversion efficiencies from a par-

ticular HM glycan to the following HM glycan (e.g., from M9 – M8) were analysed.

A clear trend of kifunensine mainly reducing enzymatic activity of mannosidases and

maduramycin mainly reducing GnTI activity was detected. This novel approach to

mix kifunensine with maduramycin enables to target a specific total HM level with a

customized relative HM distribution. Therefore, the kifunensine concentration can

be chosen to target a specific relative HM distribution and maduramycin can be

added on top to reach the targeted total HM level. For biosimilar process develop-

ment, where matching exact glycosylation patterns is crucial, the usage of polyether

ionophores such as maduramycin in combination with kifunensine might represent

a valid approach.

As the main goal of this study was to increase total HM exclusively by increasing
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Figure A.25: Steady-state perfusion process data at 2 L bioreactor scale for control
run, kifunensine and maduramycin run using cell line D. VCV and viability (A),
process titer (B), feeding strategy and calculated modulator concentration in the
bioreactor for kifunensine run (C) and for maduramycin run (D), with respective
absolute HM levels for kifunensine run (E) and maduramycin (F). Steady-state HM
glycoforms averaged over last 3 days before media change for kifunensine run (G)
and for maduramycin run (H).
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M5, maduramycin supplementation alone was further evaluated in real steady-state

2 L perfusion bioreactors operated for up to 36 days and compared to kifunensine

(Figure A.25). Reversibility observed in semi-continuous ST after changing mod-

ulator concentration could be validated in steady-state perfusion bioreactors. The

glycosylation pattern followed, with a couple of days delay, the modulator concen-

tration within the bioreactor and was fully reversible after switching to modulator

free media. Thinking of possible real-time monitoring of critical quality attributes

(CQA) in the near future with emerging technologies, adaptive modulator addition

based on feedback control might be an interesting tool to modulate product quality

and adapt to process changes in real time. Steady-state glycosylation levels in the

2 L perfusion bioreactors matched well with the glycosylation levels obtained after

3-day semi-continuous ST screening. Semi-continuous ST screenings can therefore

be a fast tool to assess the cell line specific response to polyether ionophores or other

modulators prior to stirred tank bioreactor runs.

In a steady-state continuous manufacturing scenario, product quality must be

held constant throughout the entire perfusion process to enable a fully integrated,

continuous downstream processing. With commercially produced mAb product of

up to 10% HM [21], a perfusion process of cell line D with a standard HM level of

0.5 – 2% was tried to be increased to 10% by continuous maduramycin addition.

This was achieved by feeding 50 nM maduramycin, determined by the previous ST

screening and a 2 L steady-state perfusion run at varying modulator levels (Figure

A.26). The HM level was stably increased and maintained at the elevated level

for almost 25 days. Almost exclusively M5 was present among the HM species.

At the same time, also more complex glycoforms changed in their absolute level,

but remained stable at the new level throughout the perfusion run. This can be

explained partly as increasing HM levels directly lead to reduced levels of more

processed glycosylation forms. Additionally, it seems that maduramycin does not

only act on the enzyme GnTI leading to increased M5, but also on further enzyme

more downstream in the glycosylation pathway. Considering that maduramycin

belongs to the same group of polyether ionophores as monensin, which is believed

to change neutralize the pH within the Golgi [47, 48], all pH sensitive enzymes

might be impacted in the glycosylation pathway. Modelling and tuning of more

complex glycoforms goes however beyond the scope of this study. In contrast to fed-

batch processes, no impact on culture viability and process titer was observed for

both modulators, even though maduramycin was used at higher concentration up

to 200 nM. This might either be a cell line specific characteristic, might be related

to the highly reduced cell division rate during steady-state operation or comes due
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Figure A.26: Glycosylation data of steady-state perfusion process at 2 L bioreactor
scale for continuous 50 nM maduramycin run and control run using cell line D.
Absolute HM (A), HM glycoforms for maduramycin run (B), a-sialylated species
(C), afucosylated species (D), A1 form (E), A2 and A2G1 forms (F), galactosylated
species (G), FA1 and FA2 forms (H), FA2G1 and FA2G2 forms (I). The dashed lines
represent the change to 50 nM maduramycin media on day 11.

to the optimal nutrient supplementation and waste product removal due to the

perfusion operation. Further, the increased biomass to modulator ratio during the

perfusion cell cultures might be an explanation for the findings. In any case, it

is recommended to start with the continuous modulator feeding once the target

VCV of the cell culture is reached to avoid inhibiting cell growth during the initial

exponential growth phase.
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5 Conclusion

This study evaluated amongst other polyether ionophores the use of maduramycin, a

novel HM modulator specifically increasing M5 type glycans, and compared its effect

to kifunensine. Whereas a double bolus addition in fed-batch processes of madu-

ramycin enabled highest total HM levels with minimal titer reduction, a continuous

feeding strategy for steady-state perfusion processes was successfully established.

The study further suggested a novel combination to utilize maduramycin and kifu-

nensine, demonstrating an interesting tool to fine-tune or control the relative HM

distribution independently of the targeted total HM level.
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Figure A.27: Polyether ionophore screening in ST bioreactors for cell line A (first
column), and in ambr15 fed-batch process for cell line B (second column) and cell
line C (third column). Narasin, salinomycin and maduramycin with the respective
abbreviation N, S and M were evaluated. VCD (A, B, C), viability (D, E, F), total
HM (G, H, I) and product titer (J, K, L). Conditions with error bars were performed
in duplicates (n=2).
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Figure A.28: VCV and cell viability (A) and process titer (B) of continuous 50
nM maduramycin feeding during steady-state perfusion process and a control run.
The dashed line represents the start of the continuous maduramycin feeding.

Table A.13: Cell culture parameters for combined utilization of maduramycin and
kifunensine in ST bioreactors.

Name Mad [nM] Kif [nM] Viability [%] Cell Diam. [µm] VCV [%]

WD0 0 0 87.5 22.01 10.35
0/25 0 25 94.0 23.16 10.08
0/50 0 50 94.6 22.87 9.75
0/100 0 100 93.6 23.05 9.37
12.5/0 12.5 0 96.8 23.11 9.95
25/0 25 0 92.9 22.75 8.34
50/0 50 0 93.4 22.89 9.46
12.5/25 12.5 25 93.7 22.92 9.47
12.5/50 12.5 50 92.3 22.94 9.09
12.5/100 12.5 100 95.3 22.98 9.71
25/25 25 25 92.4 23.00 8.59
25/50 25 50 93.8 23.07 9.21
25/100 25 100 91.4 23.10 9.27
50/50 50 50 87.5 22.72 8.61
50/25 50 25 90.5 22.78 9.02
50/100 50 100 92.5 23.10 9.98
0/0 0 0 90.0 22.87 8.58

Table A.14: Response surface model equations for the HM fine-tuning experimen-
tal data of cell line D in semi-continuous ST bioreactors.

Name Equation

Conversion M9 → M8 Y = 100.811595 +−0.070179X1 + 0.014238X2 + 0.000663X12 +−0.000584X22

Conversion M8 → M7 Y = 101.718196 +−0.159924X1 +−0.005934X2 + 0.001252X12 +−0.000894X22

Conversion M7 → M6 Y = 101.260511 +−0.099831X1 +−0.006405X2 + 0.000307X12 +−0.000589X22

Conversion M6 → M5 Y = 101.221842 +−0.098855X1 +−0.014174X2 + 0.000043X12 +−0.000486X22

Conversion M5 → Complex Y = 100.400464 +−0.211775X1 + 0.042188X2 +−0.000781X12 +−0.001104X22

Relative M9 Y = 0.341824 + 0.058320X1 + 0.084876X2 +−0.000770X12 + 0.000384X22

Relative M8 Y = 16.267734 +−0.396442X1 + 0.506230X2 + 0.004178X12 +−0.003338X22

Relative M7 Y = 9.183410 +−0.120694X1 + 0.275201X2 + 0.002047X12 +−0.001800X22

Relative M6 Y = 10.916158 + 0.007931X1 + 0.249038X2 + 0.000126X12 +−0.001943X22

Relative M5 Y = 63.290875 + 0.450884X1 +−1.115345X2 +−0.005582X12 + 0.006698X22

Total HM Y = −3.591360 + 0.521934X1 +−0.004014X2 +−0.000958X12 + 0.002728X22
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This section is based on the following publication: P. Romann, J. Kolar, L. Chappuis, C. Her-
wig, T. K. Villiger, and J.-M. Bielser, Maximizing yield of perfusion cell culture processes:
Evaluation and scale-up of continuous bleed recycling, Biochem. Eng. J., vol. 193, no. 2,
p. 108873, Apr. 2023, DOI: 10.1016/j.bej.2023.108873.
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Abstract

Bleed recycling is a novel method to increase the yield of steady-state perfusion pro-

cesses by concentrating process bleed to selectively remove biomass and recycle the

liquid fraction. This results in significant product saving which otherwise would go

to waste. As long as cells can be concentrated and separated, existing cell separation

devices can be used for such an application. However, limited information compar-

ing operation modes and efficiency for bleed recycling applications is available. For

the first time, inclined gravity settling has been used as bleed recycling technology

and was compared to acoustic separation. Except for lower debris removal, inclined

gravity settling showed similar bleed recycling efficiency and no negative impact on

cell viabilities, nutrient and metabolite levels and product quality. Additionally con-

sidering reduced system complexity and facilitated scale-up, inclined gravity settling

was the preferred technology for further evaluation during a 42-day lab-scale perfu-

sion process. Up to a 3.5-fold bleed reduction and an average harvest rate increase

of 19% was achieved. Scalability was subsequently tested with a large-scale inclined

gravity settler suitable for a 2,000 L perfusion process confirming performance of

lab-scale experiments. Bleed recycling characterization data from screening exper-

iments combined with scalability demonstration facilitates decision making when

considering bleed recycling for novel perfusion process settings to reduce perfusion

waste, increase process sustainability and boost overall process yield.

Keywords: monoclonal antibody production, steady-state perfusion, bleed re-

cycling characterization, acoustic separation, inclined gravity settling, scale-up

Abbreviations: AS, acoustic separator; CRD, cell retention device; IS, inclined gravity set-
tler; mAb, monoclonal antibodies; SE, separation efficiency; VCD, viable cell density; VCV, viable
cell volume.
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1 Introduction

Recent reports about perfusion cell culture have shown increasing volumetric pro-

ductivities, more homogenous product quality profiles, and benefits due to reduced

product residence time in the bioreactor for labile proteins [1–4]. Continuous man-

ufacturing of monoclonal antibodies consists of a steady-state perfusion cell culture

process followed by a continuous capture step and multiple polishing steps [5, 6]. To

achieve a steady-state perfusion operation not only a cell retention device (CRD)

for cell free harvesting, but also a waste stream (bleed) to remove excessive biomass

is required. Bleeding is not a selective operation since the bleed has the same com-

position as the culture in the bioreactor. Assuming a process viable cell volume

(VCV) of 10% means a bleed composition of 10% biomass and 90% liquid fraction.

As bleeding is required to maintain target cell density in a stable perfusion process,

this causes a large amount of liquid (containing the product of interest) to be wasted

along with excessive biomass.

When calculating process yield for perfusion processes, the product concentration

(harvest titer) and the harvest rate must be considered [7]. Large process bleed rates

are therefore undesirable in terms of process intensification as they lead to reduced

harvest rates. Despite major improvements in harvest titer within the industry,

little attention was put on perfusion bleed rate reduction.

A first strategy to improve process yield consists of reducing the overall process

bleed rate. Growth inhibition by cell cycle inhibitors or temperature shifts were

reported in literature [8]. Despite improved process yields, growth inhibition showed

changes in product quality. Furthermore, the process bleed rate corresponds to the

cell division rate. While low cell division rates might initially lead to improved

process yields, this approach can jeopardize high long-term cell culture viability and

stability.

A second strategy concentrates the bleed stream in order to reduce the liquid

fraction that is wasted concomitantly with the biomass in the bleed stream. Only

the concentrated biomass is directed to waste and the clarified liquid stream is

directed back to the bioreactor, resulting in an increased perfusion harvest rate

and process yield. The bleed stream coming from the bioreactor, corresponding

to the cell division rate, is not reduced in this scenario, but a significant liquid

fraction thereof is recycled back to the bioreactor. As such, a recent proof-of-concept

study implementing a solid-liquid separation step using an acoustic separator to

concentrate the biomass in the bleed stream of a perfusion process was conducted

and specified as bleed recycling [9]. Good separation efficiency and no changes
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in product quality or metabolite profile were detected at a VCV of 5%, tested

during a period of 4 days at 2 L scale. A liquid-solid separation device instead of

growth inhibition could mitigate the risk of long-term process stability by keeping

bleed rates sufficiently high without reducing culture performance. The study by

Bielser et al. [9] was the first report of bleed recycling in the literature, and further

research is needed to explore its potential benefits at higher VCV and under different

perfusion process conditions. Furthermore, scalability of acoustic separation for

bleed recycling has not been demonstrated.

Acoustic separators use an acoustic resonance field to cause individual cells to

group together and form larger cell aggregates. These cell aggregates show enhanced

settling properties due to their larger size and settle faster once the acoustic waves

are interrupted [10, 11]. Whereas very promising separation results could be achieved

with acoustic settlers used as CRD in small scale [12–14] a limited amount of in-

formation is available about large-scale application of acoustic separators. Acoustic

separators were successfully tested up to a clarification volume of 200 L day−1 and

further scale-up by merging multiple smaller acoustic chambers was suggested [15].

Development of larger scale acoustic separators seems very difficult due to the sig-

nificant power input required for cell separation, causing heat generation within the

device [16, 17]. A multi-chamber system might solve the problem of heat dissipation

but increases system complexity drastically, raising a need to explore further tech-

nologies as bleed recycling alternatives. These technologies should be less complex

and easier to scale, nevertheless showing similar performance characteristics.

Next to acoustic separation, inclined gravity settling has been successfully used

as CRD to maintain stable perfusion processes [17–19]. In contrast to acoustic

separators, inclined gravity settlers were extensively studied and used for large-scale

production bioreactors due to their relatively low complexity and good scalability

[20, 21], rendering them an interesting alternative to acoustic separation for bleed

recycling. As the particles, in this case cells, settle down within the inclined channel,

a higher density slurry is formed at the bottom of the channel. Driven by gravity,

the slurry slips down the surface, generating a convective flow that enhances the

settling process, described as “Boycott Effect” [22]. As no aggregation support by

an acoustic resonance field is available, inclined gravity settlers tend to be larger than

acoustic separators. This comes with an increased culture residence time within the

inclined gravity settler, with unknown impact on culture performance when used for

bleed recycling.

Even though settling technology does not guarantee 100% clarified culture har-

vest, which led to the widespread use of filter-based cell retention devices with a
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predominant use of tangential flow filtration (TFF) and alternating flow filtration

(ATF) in combination with hollow fiber modules [3, 17, 23, 24], the technological

requirements for bleed recycling are different. In the case of bleed recycling, the

main purpose of the bleed recycling device is to concentrate cells as much as possi-

ble rather than providing a complete cell free harvest stream. The clarified recycle

stream, even if containing some remaining cells, will be directed back to the biore-

actor and ultimately increase the harvest stream. Filtration for further downstream

process operations is performed by the main cell retention device and not by the

bleed recycling device. Since not only whole cells but also smaller particles such as

cell debris can be recycled into the bioreactor, possible negative effects of cell debris

on fouling of cell retention filters should be investigated [25, 26]. Defining critical

process debris levels and corresponding correlation to filter fouling has not yet been

demonstrated and most likely changes depending on chosen process parameters,

equipment, and operation mode.

The aim of this study is to demonstrate the application of bleed recycling for

process intensification of industrially relevant perfusion processes. For the first time,

inclined gravity settling is used as bleed recycling device and compared to acoustic

separation with respect to bleed recycling efficiency, metabolite profiles, product

quality attributes, cell debris removal, and ease of operation. A wide range of per-

fusion scenarios covering process VCV, process bleed rates and settler operation

parameters were investigated at lab-scale, to quantify the potential of process inten-

sification by bleed recycling for a wide range of cases. Scalability of bleed recycling

was demonstrated by building a large-scale inclined gravity settler and recycling

bleed streams of a 2,000 L perfusion bioreactor with 1,500 L filling volume. Details

of the successful outcomes are reported, focusing on the performance of bleed recy-

cling technologies, and even more importantly, on the impact of bleed recycling on

cell culture performance and product quality.

2 Materials and Methods

2.1 Lab-scale perfusion culture process

A proprietary CHO-K1 cell line producing a bispecific monoclonal antibody (mAb1)

was expanded in an incubator (Multitron 4, Infors HT, Bottmingen, Switzerland) for

21 days using a proprietary chemically defined medium (Merck Serono SA, Corsier-

sur-Vevey, Switzerland). Perfusion bioreactors (Labfors 5 Cell, Infors HT, Bottmin-

gen, Switzerland) were inoculated with a seeding density of 0.6 × 106 viable cells
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mL−1. Culture conditions were maintained at 36.5 ◦C with a dissolved oxygen (DO)

setpoint of 50% (VisiFerm DO Arc, Hamilton, Bonaduz, Switzerland). The pH was

controlled at 7.07 ± 0.17 (EasyFerm Plus Arc, Hamilton, Bonaduz, Switzerland)

by CO2 sparging and a 1.1 M Na2CO3 solution. Bioreactors were operated at 2 L

working volume and perfusion was started on day 0 and kept constant at 1.3 reactor

volumes per day (RV day−1). Bioreactor harvests were gravimetrically controlled to

maintain the bioreactor weight constant using alternating tangential flow filtration

(ATF2H, Repligen, Waltham, Massachusetts, USA) with polyether sulfone hollow

fibers having a pore size of 0.22 µm (Repligen, Waltham, Massachusetts. USA).

After an initial growth phase, an online capacitance probe (Incyte Arc, Hamilton,

Bonaduz, Switzerland) was used to keep VCV constant at 12%.

2.2 Pilot-scale perfusion cell culture

Another proprietary CHO-K1 cell line producing a bispecific monoclonal antibody

(mAb2) was cultivated in a 200 L perfusion bioreactor (Mobius 200 L Bioreactor,

Merck KGaA, Darmstadt, Germany). VCV was kept constant at 8% with an on-

line capacitance probe (Incyte Arc, Hamilton, Bonaduz, Switzerland). Bioreactor

harvests were gravimetrically controlled to maintain the bioreactor weight constant

using either alternating tangential flow filtration (XCell ATF® 6 single use, Repli-

gen, Waltham, Massachusetts, USA) with polyether sulfone hollow fibers having a

pore size of 0.22 µm (Repligen, Waltham, Massachusetts. USA) to retain the cells.

When the production was finished, the remaining cell culture was used to test the

large-scale inclined gravity settler (Constructions Inoxydables SA, Châtel-St-Denis,

Switzerland) with flowrates representative for a 2,000 L perfusion bioreactor. Dur-

ing the experiment, cell culture was agitated and maintained at 35 ◦C. The pH was

controlled at 6.95 ± 0.15 (InPro3253i, Mettler Toledo, Greifensee, Switzerland) us-

ing CO2 or 1.1 M Na2CO3 and DO was maintained at 50% (InPro6860i/12/120/nA,

Mettler Toledo, Greifensee, Switzerland). Perfusion and capacitance controls were

stopped.

2.3 Large-scale perfusion cell culture

A 2,000 L bioreactor (Mobius 2,000 L Bioreactor, Merck KGaA, Darmstadt, Ger-

many) was inoculated at 0.67×106 viable cells mL−1 (mAb1) with a constant work-

ing volume of 1,500 L. The pH was controlled at 6.95 ± 0.15 (InPro3253i, Mettler

Toledo, Greifensee, Switzerland) using CO2 or 1.1 M Na2CO3 and DO was main-

tained at 50% (InPro6860i/12/120/nA, Mettler Toledo, Greifensee, Switzerland).
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During the growth phase, the temperature was kept at 36.5 ◦C and was then shifted

to 33 ◦C once the capacitance setpoint was reached. VCV was kept constant at

8% with an online capacitance probe (Incyte Arc, Hamilton, Bonaduz, Switzer-

land). A flowmeter (LFS-03SU-Z-SC1-G25, Levitronix, Zurich, Switzerland) was

used on the process bleed line to monitor the flow and deduct the amount from the

overall target harvest rate. Perfusion rate was gradually increased during growth

phase until 1.3 RV day−1 from when it was kept constant until the end of the run.

Product of interest was harvested through two single use alternating tangential flow

devices in parallel (XCell ATF® 10 single use, Repligen, Waltham, Massachusetts,

USA) with polyether sulfone hollow fibers having a pore size of 0.22 µm (Repligen,

Waltham, Massachusetts, USA) to retain the cells. Harvest flowrates were con-

trolled by flowmeters (LFS-03SU-Z-SC1-G25, Levitronix, Zurich, Switzerland) after

each ATF10 (Repligen, Waltham, Massachusetts, USA) and addition of fresh media

was controlled with gravimetric addition to maintain the weight of the bioreactor

constant.

2.4 Inclined gravity settler lab-scale design and scale-up

Good separation efficiency of the settling device is a prerequisite for bleed recycling

applications. Depending on the inlet flow rate the settler is designed for, the op-

timal settler size must be defined in order to reduce the residence time as much

as possible whilst keeping high separation efficiencies. The inclined gravity settlers

(Figure A.30B and D) were designed and scaled up based on the PNK (Ponder,

Nakamura and Kuroda) theory. The design-acceptance criteria were chosen based

on the theory-related suggestions (see Supporting Information). Settler dimensions

and design parameter are summarized in Table A.15. The constructional drawings

for the lab-scale and the large-scale settler can be found in the Supporting Informa-

tion section (Figure A.38 and A.39)

2.5 Continuous bleed recycling and control strategy for 2 L

perfusion process

Bleed recycling was realized by connecting the bleed stream coming from the bioreac-

tor to the settler inlet, coupling the waste outlet of the settler to a waste container

and returning the recycle stream to the bioreactor (Figure A.30A). To operate a

bleed recycling device at a defined recycle rate, two Ismatec Reglo ICC peristaltic

pumps were required to control the three flows (Ismatec SA, Barrington, USA). The

first pump was placed between bioreactor and settler inlet (process bleed pump) and
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Figure A.30: Schematic representation of the bleed recycling setup (A), lab-scale
acoustic settler (B), lab-scale inclined gravity settler (C) and large-scale inclined
gravity settler (D).

Table A.15: Separator and settler specifications used to concentrate the bleed
stream. *Residence time was calculated using inlet flow rates of 0.5 L day−1 for
lab-scale operation and 500 L day−1 for large-scale operation.

Parameter Acoustic Separator Inclined Gravity Inclined Gravity
(Lab-Scale) Settler (Lab-scale) Settler (Large-scale)

Number of channels - 5 40
Plate length (cm) - 6.8 30
Plate width (cm) - 1.0 29.7
Distance between two plates
(cm)

- 0.5 0.5

Horizontal settling area
(cm2)

- 17.0 17820

Settler inner volume (L) 0.7× 10−3 24× 10−3 30.4
Fluid clarification rate (mL
s−1)

11.6× 10−3 4.8× 10−3 4.6

Estimated settler residence
time (h) *

0.03 1.15 1.46

was controlled by a capacitance-based feedback-loop to regulate the process bleed

stream. The second pump (recycle pump) was placed in the recycle loop, whereas

the third flow was defined by the flow difference going into the waste container. The

bleed rate in this setup was based on the capacitance signal. As a result, the control

system had to account for fluctuations and automatically adapt waste and clari-

fied stream flows to maintain a defined settler recycle rate. Therefore, the recycle

pump was operated at a fraction of the process bleed pump. Given a certain recycle

rate setpoint, the recycle pump speed was recalculated every 15 s by the bioreactor

control system based on the process bleed pump speed.
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2.6 Offline performance evaluation for inclined gravity set-

tler and acoustic separator

Performance of the in-house developed inclined gravity settler (Figure A.30B) was

compared in an offline setup to a commercially available acoustic cell separator

BioSep 1 L with Mini BioSep Controller (Applikon Biotechnology, Delft, Nether-

lands) (Figure A.30C). Acoustic separation was driven by a control unit with power

output 0.7 W, 3 min run time and 3 s stop time. Settler feed streams of both devices

and the recycle stream of the inclined gravity settler were operated by Ismatec Reglo

ICC peristaltic pumps (Ismatec SA, Barrington, USA). The recycle stream of the

acoustic separator was operated by a MasterFlex L/S pump with model 07514-10

pump head (MasterFlex, Dinkelscherben, Germany). Both bleed recycling devices

were fed from a common stirred vessel to ensure identical starting conditions. The

entire experimental setup is illustrated in the Supporting Information (Figure A.40).

Various inlet VCV ranging from 4% to 35% were loaded to the settlers by hourly

sampling a steady-state 2 L perfusion bioreactor at 12% VCV and adjusting the

VCV either by diluting with harvest or concentrating by centrifugation (800 g, 1

min) using a centrifuge 5810 R (Eppendorf SE, Hamburg, Germany). Cells were

gently stirred during the loading to the bleed recycling devices to avoid sedimen-

tation or aggregation using the IKA RET basic C magnetic stirrer (IKA Werke

GmbH & Co. KG, Staufen im Breisgau, Germany). Experiments were performed

at a stable inlet flow rate of 0.5 L day−1, simulating 2 L perfusion process at 1.3 RV

day−1 with approximately 20% bleed rate. The duration of each experiment was

over 6 h to ensure a stable operation was achieved within the devices, after which

all the settler streams (inlet, waste and recycle stream) were sampled for evaluation

of settling performance, cell parameters, nutrients and metabolites, debris removal

and product quality. For high debris experiments, sonication of cell culture was

performed using a Branson sonifier 250 (Branson Ultrasonics, Brookfield, US) with

a tapered microtip at maximum power output over 30 min prior to loading to the

bleed recycling devices.

2.7 Large-scale inclined gravity settler operation

For performance evaluation, the inclined gravity settler (Figure A.30D) was con-

nected to the 200 L bioreactor. A pump with a flowmeter (LFS-03SU-Z-SC1-G25,

Levitronix, Zurich, Switzerland) was used to control inlet flowrate into the gravity

settler. A calibrated pump (Serie 520 U, Watson-Marlow, Pendennis Court, Fal-

mouth Business Park, Falmouth TR11 4SZ, United Kingdom) was placed on the
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bottom outlet of the gravity settler, to ensure no return of the concentrated cells

back into the settler. Outlet flow at the top was monitored by a second flowme-

ter (LFS-03SU-Z-SC1-G25, Levitronix, Zurich, Switzerland). Performance of the

large-scale gravity settler was evaluated by loading the 200 L culture volume to the

inclined gravity settler at a speed matching an operation at 2,000 L bioreactor filling

volume at 1.3 vvd perfusion rate with bleed rates of 18% (470 L day−1), 23% (600 L

day−1) and 28% (730 L day−1). At the same time, settler recycle rates of 75% were

targeted. For at-scale evaluation, the inclined gravity settler was connected on the

bleed line of the 2,000 L bioreactor with a filling volume of 1,500 L in the control

state. The inlet flow (process bleed stream) was regulated by the capacitance probe.

Clarified recycle (top of gravity settler) and concentrated waste (bottom of the de-

vice) were connected to two separated tanks. As another control system than for

the 2 L perfusion run was present, the control strategy had to be changed. Instead

of adapting the flow rates based on the process bleed stream, a fixed pump speed of

the concentrated waste on the settler was set to reach a recycle rate of roughly 70%.

Based on an average process bleed of 430 L day−1, the concentrated bleed pump

was set to 130 L day−1. To stabilize the process bleed stream, an upper limit for

the process bleed flow was set to 450 L day−1.

2.8 Analytical methods

Cell density, viability, cell diameter, glucose, lactate, ammonia, and pH were mea-

sured using a BioProfile FLEX2 (Nova Biomedical, Waltham, USA) for lab-scale

experiments. Lab-scale 2L bioreactors were automatically sampled by the FLEX2

On-Line Autosampler (Nova Biomedical, Waltham, USA) and samples were frac-

tionated using a Teledyne Cetac ASX-7200 (Teledyne CETAC Technologies, Omaha,

Nebraska, USA). For large-scale experiments, cell parameters were analysed using

a Vi-CELL XR analyzer (Beckman Coulter, Brea, California, USA) and metabo-

lites using a Vi-CELL MetaFLEX™ bioanalyte analyzer (Beckman Coulter, Brea,

California, USA). VCV was calculated as follows [27]:

VCV =

4
3
· π ·

�
D
2

�3 · VCD
V

· 100 (A.12)

where D is the average cell diameter, VCD the viable cell density, and V is the

cell culture volume, assuming a spherical shape of the cells.

Separation efficiency (SE) for bleed recycling devices was calculated using for-

mula A.13, where VCVR corresponds to the viable cell volume of the recycle stream
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and VCVIn to the viable cell volume of the inlet stream.

SE = 1− V CVR

V CVIn

(A.13)

Process titers were determined using a protein affinity high performance liquid

chromatography device (PA-HPLC, Waters, Milford, Massachusetts, USA).

Protein glycosylation was quantified through a multi attribute method (MAM)

which is based on high performance liquid chromatography-mass spectrometry (LC-

MS, Vanquish™ Horizon UHPLC System and Q Exactive™ Plus, Thermo Fisher

Scientific, Waltham, Massachusetts, USA).

Optical Density OD600 was measured in cell culture supernatant after centrifuga-

tion for 10 min at 3,200 g using the UV-Vis spectrometer Genesys 10 Bio (Thermo

Fisher Scientific, Waltham, Massachusetts, USA). For debris particle counting, the

fluid imaging device FlowCam (Fluid Imaging Technologies Inc., Scarborough, Maine,

USA) with Olympus UPLFLN 10X objective (Olympus, Shinjuku, Japan) was used

to quantify particles with diameter > 1µm. The samples were diluted 1:10 in deion-

ized water and loaded to the flow camera at a flow rate of 0.15 mL min−1 and 15

frames s−1 without any size filter applied, resulting in an estimated capture efficiency

of 20%.

3 Results and Discussion

3.1 Offline performance evaluation of inclined gravity set-

tler and acoustic separator

Bleed recycling on a perfusion bioreactor splits the bleed stream into a concen-

trated waste stream and a clarified recycle stream that is recirculated back to the

bioreactor (Figure A.30A). As inclined gravity settling as technology for bleed recy-

cling has never been used before, a comparison to a previously applied technology

such as acoustic separation [9] in term of performance was necessary. During bleed

recycling, the fluid in the process bleed and recirculation loop (before and after con-

centration) is not in a controlled environment (pH, DO, Temperature). Therefore, it

was important to understand if the increased residence time of the inclined gravity

settler compared to acoustic separation would impact the cell culture or some of the

product quality attributes.

As cell culture fluids from different perfusion runs and different process times
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Figure A.31: Difference in glucose (A), lactate (B), ammonia (C) and pH (D) of
the inlet stream into the settler (dashed zero line) compared the respective recycle
and waste stream for acoustic separator (AS) and inclined gravity settler (IS) (n =
8).

were used for settling experiments coming from a sampled steady-state perfusion

bioreactor, inlet concentrations of analytes varied depending on the sampling day.

On a specific day however, exactly the same culture was used to assess both acoustic

separation and inclined gravity settling as described in the Supporting Information

(Figure A.40). Therefore, the data was normalized with respect to the inlet con-

centrations and Figure A.31 shows the difference of the waste and clarified stream

compared to the respective inlet stream. Recycle stream concentrations for the

acoustic separator and the inclined gravity settler were comparable to the inlet con-

centrations for glucose (Figure A.31A), lactate (Figure A.31B) and ammonia (Figure

A.31C). Furthermore, there was no detectable shift in pH (Figure A.31D). Despite

significant changes in the composition of the waste stream, there was no impact on

the recycle stream for either settler type. Product glycosylation from samples of

the inlet stream were compared to glycosylation measurements of clarified recycle

stream samples. No significant changes in product quality between the inlet stream

and the recycle stream for both the acoustic separator and the inclined gravity set-

tler were detected, indicating that the increased residence time of the culture in the
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inclined settler had no impact on clarified harvest composition as well as on product

quality (Figure A.32).
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Figure A.32: Glycan forms of antibodies in the recycle stream of the acoustic
settler (AS) and inclined gravity settler (IS) compared to the inlet stream for the
offline experiment (n = 14).

Cell debris as a concern for cell retention device clogging or cause for product

sieving is desired to keep at low levels during the production process [25,28]. In

a standard perfusion process, a fraction of the cell debris is constantly removed

via the process bleed together with excess cells and harvest. When using a bleed

recycling device, the waste bleed stream is significantly reduced and a large fraction

of clarified harvest is returned to the bioreactor. Therefore, offline experiments were

designed to investigate the particle clearance capacity of the acoustic separator and

the inclined gravity settler.

Optical density measurements (OD600) were used to quantify the smallest par-

ticles that were remaining in the liquid phase after sample centrifugation. These

optical density measurements resulted in a slightly higher debris measurements for

the inclined gravity settler compared to acoustic separation (Figure A.33A). Par-

ticle counts based on picture analysis with a minimal particle detection size of 1

µm in the clarified harvest streams confirmed that the acoustic settler favours par-

ticle removal compared to the inclined gravity settler. A clear deviation from the
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Figure A.33: Offline debris investigation of recycle streams using the UV-Vis
spectrometer (A) and the fluid imaging device FlowCam (B). Layered histogram of
intensified debris experiment showing the debris size distribution for the lab-scale in-
clined gravity settler (C) and the lab-scale acoustic settler (D), particle removal rate
for specific debris size (E) and the calculated effectively returned particle amount
considering a recycle rate of 80% irrelevantly of their size (F). Acoustic settler (AS),
Inclined Gravity Settler (IS).
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dashed similarity line towards the inclined gravity settler further demonstrates that

the inclined gravity settler leads to a higher residual particle concentration when

using identical inlet streams (Figure A.33B). For a more detailed investigation of

the difference between the acoustic and the inclined gravity settler, a concentrated

high debris suspension was created by sonication of cell culture samples and inserted

into both settling devices. Particles counts resolved to particle size are shown for

the inclined gravity settler (Figure A.33C) and the acoustic settler (Figure A.33D).

Identical inlet particle distribution resulted in much higher debris concentrations in

the waste stream of the acoustic settler compared to the inclined gravity settler, con-

sequently leading to reduced residual particle counts in the clarified recycle stream.

Calculating the removal efficiency according to the particle size (Figure A.33E) re-

veals that both settler types completely remove particles larger than 10 µm, while

separation efficiency drops for smaller particles. Whilst the acoustic settler still

removed more than 60% of the smallest measured particles of 1 µm, the inclined

gravity settler performed worse for smaller sized particle removal. Calculating the

effectively removed particle fraction with a recycle rate of 80% (Figure A.33F), the

acoustic settler removed roughly 84% of the particles, whereas the inclined gravity

settler removed 47% of the particles for this particular debris enhanced scenario.

Altogether, both settlers removed larger particles efficiently, but lost efficiency for

smaller particles. Wang et al. [26] demonstrated that debris in the size of 20 – 200

nm can contribute to product retention and membrane plugging with similar range

pore size. As the acoustic wave separator was predominantly better at removing

larger particles with only slightly higher removal of submicron particles, it is ques-

tionable whether a clear benefit to avoid product retention for acoustic separation

would be observable.

To balance additional operational complexity with benefits of increased process

yield, many parameters such as process VCV setpoint, process bleed rate and settler

recycle rate must be considered. VCV as a key parameter for bleed recycling is

defined by the VCD count and the average cell diameter (Figure A.34A). The grey

point represents an example simulating a process bleed of approximately 20% (0.5 L

day−1 for 2 L perfusion at 1.3 RV day−1) for the utilized cell line producing mAb1.

In order to maximize the process yield increase with a bleed recycling system, it is

beneficial to operate the settling systems at higher recycle rates. However, operation

at too high recycle rates can lead to accumulation of cells within the settling device

due to limitations in compacting cells being removed with the smaller remaining

waste stream.

The acoustic separator and the inclined gravity settler where therefore evaluated
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Figure A.34: Bleed recycling efficiency data and performance calculations. VCV
contour plot showing the relationship of VCD and average cell diameter for VCV
(A). Experimental data to evaluate optimal recycle rates by accumulating and non-
accumulating settler experiments (B). The straight line represents an expected ac-
cumulation limit based on linear regression of all data points. Process yield increase
contour plot relating process bleed rate to settler recycle rate (C) or process VCV
setpoint (D) assuming optimal settler recycle rate as evaluated by the regression line
in (B). The points in (A), (C) and (D) serve as an example for a process bleed of
approximately 20% with the specified VCV of roughly 12%. Acoustic settler (AS),
Inclined Gravity Settler (IS).

at non-accumulating conditions and accumulating conditions with a bleed of roughly

20% to approximate the optimal operation conditions of each settling device. Inlet

VCV values were chosen from 4% to 35%, covering a wide range of process set-

points (Figure A.34B). As no significant difference between the two bleed recycling

technologies was detected, the optimal operation conditions were calculated by com-

bining both data sets and performing a linear regression. Despite favoured debris

removal, the acoustic separator did not achieve significantly higher recycle rates be-

fore entering the accumulating stage. This is a possible indication that although

the cells tend to aggregate due to the acoustic waves, they do not result in a more

compact cell suspension after gravity settling than with the inclined gravity settler.
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To calculate potential process yield increases, not only the gained knowledge

about achievable recycling rates without cell accumulation, but also process bleed

rates must be considered. It was therefore assumed that bleed recycling device

volumes are scaled accordingly when changing process bleed rates to maintain high

separation efficiency. Having a properly scaled separation device, yield increases

were plotted as contour plots with either settler recycle rate (Figure A.34C) or

process VCV setpoint (Figure A.34D) versus the respective process bleed rate. These

plots help to estimate potential yield increases given a particular perfusion process

assuming optimal settler performances evaluated in Figure A.34B. For the example

process indicated by the grey points, a potential process yield increase of 18% can

be achieved. In general, the lower the process VCV setpoint and the higher the

process bleed rate, the higher the yield increase can be expected.

In brief, the offline investigation to compare acoustic separation to inclined grav-

ity settling showed no difference in nutrients, metabolites, product quality and settler

efficiency. The acoustic separation results are in good agreement with Bielser et al.

[9], demonstrating similar inlet stream and recycle stream characteristics. Despite

the larger settler volume required for inclined gravity settling resulting in increased

settler residence time (Table A.15), no difference to acoustic separation was detected

in this study. Acoustic waves seem therefore to facilitate cell aggregation and ac-

celerate the settling process, which allows a reduction in the volume of the settling

chambers, and subsequently reduced residence time within the separation chamber.

But acoustic waves do not lead to higher compaction of the cell biomass in the waste

stream, as similar performances were obtained with both technologies. Solely for

debris removal, acoustic settling showed superior performance compared to inclined

gravity settling. Due to the experimental data demonstrating that the increased

residence time within the inclined settler compared to the acoustic separator had

no impact on bleed recycling performance, culture parameters and product quality

attributes, and for reasons of lower system complexity and simplified scale-up, all

further experiments were conducted using inclined gravity settling.

3.2 Bleed Recycling in Lab-scale Perfusion Cultivation

A long-term steady-state perfusion run at 2 L scale was performed with a gravity

settler connected to the process bleed stream to demonstrate improved process per-

formance and operationality over prolonged time. The inclined gravity settler was

started on day 9 with a secure recycle rate of 50%, immediately increasing the pro-

cess harvest rate from roughly to 90% compared to 72% in the control run (Figure

A.35E). During 17 days of inclined settler operation, the recycle rate was stepwise
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increase up to 66% without accumulation within the settler (Figure A.35C), keep-

ing the harvest rate (on average 92%) significantly above the harvest rate of the

control run (on average 77%) as demonstrated by the blue area in Figure A.35E.

The process bleed decreased from initially 30% down to 20%, which is related to

slower cell division rates. With an average bleed rate of 23% and an average settler

recycle rate of 56% during these 17 days, a process yield increase of about 16% was

predicted by Figure A.34C. It has to be mentioned that all predictions are based

on the assumption that the harvest titer remains unchanged, and the process yield

increase is solely increased due to higher harvest volumes.

Experimental result showed good agreement with an accumulated harvest vol-

ume increase of 19% by bleed recycling (Figure A.35G). As process yield can not

only be increased by increased harvest volume, but also by increasing harvest titers,

the actual process yield increase during this bleed recycling period was higher. Har-

vest titer was slightly increased in the bleed recycling run leading to a process yield

increase of 24% rather than the 19% coming from increased harvest volume (Figure

A.35H). The reason for the titer increase cannot be explained by the presented data

as bleed recycling should have no impact on harvest titer. Despite a slight titer

increase and an increase of debris (Figure A.35F), all other process parameters such

as VCV and viability (Figure A.35A), glucose and lactate (Figure A.35B), ammonia

and pH (Figure A.35D) and product quality (Figure A.36) were comparable to the

control run. This is in agreement with previous results from the offline screening,

where no significant difference between settler inlet and return could be identified in

terms of nutrients and metabolites (Figure A.31), as well as for product quality (Fig-

ure A.32). Further, the inclined gravity settlers showed reduced removal efficiency

for smaller particles (Figure A.33), subsequently accumulating within the bioreactor

when operated for prolonged time. The experienced levels of debris did however not

cause any problems with the cell retention device as harvest titers was not impacted

compared to the control and showed even slightly higher concentrations.

Bleed recycling was stopped between day 26 – 34, leading to a decrease in cell

debris. This debris reduction can be explained by the fact that once bleed recycling

is stopped, all debris in the bleed stream goes to the waste as no bleed is recycled

anymore. The settler was restarted on day 34 to confirm accumulating conditions

predicted by the regression line (Figure A.34B). At 12% biomass an accumulating

recycle rate of approximately 75% was predicted. Therefore, the recycle rate was

increased step by step (Figure A.35C), until it reached accumulating conditions at

75% on day 38, confirming the expected performance. An average bleed rate of 21%

was observed in the control run during this second period of bleed recycling. A
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Figure A.35: Process data of lab-scale 2 L perfusion settler run compared with
a standard control run without bleed recycling for mAb1. VCV and viability (A),
glucose and lactate concentration (B), theoretical recycle rate setpoint (C), ammo-
nia and pH profile (D), process harvest rate (E), harvest titer and debris trend (F),
cumulative harvest volume (G) and cumulative process yield (H). Grey areas rep-
resent process phases were bleed recycling was performed, whereas bleed recycling
was turned off during white process phases.
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significant bleed rate reduction down to an average of 6% was achieved by applying

an average settler recycle rate of 69%, leading to a predicted 18% process yield

increase (Figure A.34C). This matched the experimentally determined 18% harvest

volume increase (Figure A.35G) assuming no change in harvest titer. As harvest

titer difference to the control got larger with proceeding run time, the product

yield increase for the second bleed recycling phase increased even by 43% (Figure

A.35H). The discrepancy in harvest titer cannot be explained by the presented data

as all other process parameters were comparable to the control run and should not

be overrated. Important is the fact that the harvest volume could significantly

be increased during both bleed recycling phases without impacting the cell culture

(Figure A.35) and product quality (Figure A.36), which is doubtlessly attributable

to bleed recycling.

Overall, bleed recycling was successfully applied to a steady-state perfusion biore-

actor run of 42 days and confirmed recycle rate and yield improvement estimation

based on harvest volume increase. The automation setup around the settler enabled

seamless operation. No operator intervention was necessary, the settler waste and

clarified streams were self-adjusting to the process bleed fluctuations. Additionally,

to a previous bleed recycling proof of concept study performed with very high bleed

rate and relatively low VCV setpoint of 5%, a best-case scenario for a proof-of-

concept [9], this data shows that bleed recycling can be applied to more industrially

relevant viable cell volumes above 10% and for extended periods.

3.3 Bleed recycling scale-up for 2,000 L perfusion processes

The large-scale inclined gravity settler was designed to manage bleed recycling at

a volumetric flow rate of 500 L day−1 (Table A.15). This would correspond to a

2,000 L perfusion process with a perfusion rate of 1.3 RV day−1 with roughly 20%

of it as bleed rate. The evaluation was started with a process bleed rate of 18%

(470 L day−1), slightly below the foreseen maximal capacity of the inclined gravity

settler. Recycle rates between 58% and 75% resulted, in the setup that was used, in

an almost cell free recycle streams (Figure A.37A) with separation efficiencies above

97% (Figure A.37B). Subsequently, the process bleed rate was increased to 23%

(600 L day−1) and 28% (730 L day−1), keeping high recycle rates of 76% and 75%,

respectively. These process bleed rates were above the foreseen settler capacity and

the separation efficiency decreased to 94% and 87%. Cell viabilities in the recycle

stream however were not impacted. It is acceptable that the separation efficiency

is not close to 100% as long as the process is not negatively impacted. Potentially,

cells traveling through the bleed recycling loop could suffer from the absence of pH

220



0 5 10 15 20 25 30 35 40

Time [Day]

20

30

40

50

60

G
0

 [
%

]
(A)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

20

30

40

50

60

G
1

 [
g
/L

]

(B)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

0

5

10

15

20

G
2

 [
%

]

(C)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

0

2

4

6

8

10

H
ig

h
 M

a
n
n
o
s
e
 [

%
]

(D)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

60

70

80

90

100

F
u
c
o
s
y
la

te
d
 [

%
]

(E)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

90

92

94

96

98

100

A
-s

ia
ly

la
te

d
 [

%
]

(F)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

0

2

4

6

8

10

M
o
n
o
-s

ia
ly

la
te

d
 [

%
]

(G)

Control

Settler Run

0 5 10 15 20 25 30 35 40

Time [Day]

0

2

4

6

8

10

D
i-

s
ia

ly
la

te
d
 [

%
]

(H)

Control

Settler Run

Figure A.36: CQA trends of lab-scale 2 L perfusion settler run compared with a
standard control run without bleed recycling for mAb1. Galactosylation G0 (A),
galactosylation G1 (B), galactosylation G2 (C), high-mannose (D), fucosylation (E),
a-sialylation (F), mono-sialylation (G), and di-sialylation (H). Grey areas represent
process phases were bleed recycling was performed, whereas bleed recycling was
turned off during white process phases.
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and pO2 control. The high viability measured in the recycle stream gives confidence

that the cells were not suffering from this (Figure A.37C). To avoid the presence

of cells in the recycle stream at higher process bleed rates, the settler size should

be increased respectively. Given a production process with a bioreactor volume of

2,000 L, 1.3 RV day−1 perfusion rate, a recycle rate of 75% and a process bleed

rate of 18 – 28%, this experiment showed that a yield increase of 17 – 28% can be

achieved with the large-scale inclined gravity settler (Figure A.37D). No significant

changes in product quality were detected and data is summarized in the Supporting

Information section (Table A.16). Previously, inclined gravity settlers were used

as cell retention devices in mammalian cell culture [20,21]. The main goal of this

application is to retain cells within the bioreactor and keep high cell viability at

the same time. Cells are ideally relatively quickly returned to the bioreactor after

entering the uncontrolled environment within the inclined gravity settler to avoid

negative impact on culture viability. This is usually achieved with rather high inlet

and return (return stream on the bottom of inclined gravity settler containing cells)

compared to the clarified harvest stream (on top of the inclined gravity settler).

Here, it has been demonstrated that large-scale inclined gravity settlers can also be

used as bleed recycling devices, enabling selective bleed operation. By operating the

waste stream (on the bottom of the inclined gravity settler) at a relatively low flow

compared to the inlet and recycle stream (clarified stream on top of the inclined

gravity settler), it has been possible to concentrate biomass without impacting the

recycle stream to the bioreactor (clarified stream on top of the inclined gravity

settler).

The settler was then connected to a 2,000 L perfusion bioreactor (filling volume

of 1,500 L) with fluctuating process bleed controlled by the capacitance signal and

processed an average bleed of 430 L day−1. The inclined gravity settler achieved an

overall recycle rate of 70% and showed high separation efficiency of > 99% through-

out the entire operation time (Figure A.37E). There was no quality drift detected

from the start of the operation until the end of the operation (Supporting Infor-

mation Table A.17). Even though operation lasted only for approximately 15 h,

the operating times corresponds to roughly ten times the calculated residence time

in the large-scale inclined gravity settler (Table A.15). Proof of concept for large-

scale bleed recycling could therefore be demonstrated. To optimize the efficiency, an

adaptive control strategy could be implemented as described for the 2 L perfusion

system. This would reduce the concentrated bleed stream once the inlet stream

decreases, which would ultimately lead to improved overall recycle rates.
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Figure A.37: Offline large-scale 2,000 L perfusion process settler evaluation for
various process bleed rates and recycle rates showing VCV of inlet and recycle
streams (A), separation efficiency (B), cell viabilities (C) and process yield increase
(D). Inline, real-time data of flow rates of inclined gravity settler connected to the
2,000 L perfusion run (E).

4 Conclusion and Outlook

This study for the first time used inclined gravity settling for bleed recycling appli-

cations in steady-state perfusion processes and compared it to the previously used

acoustic separation technology. In lab-scale experiments, acoustic separation and

inclined gravity settling showed similar bleed recycling efficiency and had no impact

on nutrients, metabolites as well as on product quality. Solely for cell debris removal,
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the acoustic settler showed superior performance in removing smaller particles.

For reasons of simplified scale-up and reduced system complexity, inclined grav-

ity settling was the chosen technology for long-term steady state perfusion bleed

recycling. It was tested at lab-scale during a 42-day perfusion cell culture and was

then scaled-up for a 2,000 L perfusion process. An adaptive automation strategy was

developed and tested to successfully operate the settling device at optimal setpoints

despite fluctuations in process bleed rates.

For a perfusion process at lab-scale with a VCV setpoint of 12% and a bleed

rate between 20% and 25%, the waste stream could be reduced by up to 3.5 times

down to 6% effective bleed rate, resulting in a harvest rate increase of 19%. The

large-scale inclined gravity settler connected to a 2,000 L perfusion bioreactor with a

filling volume of 1,500 L was able to process an average bleed stream of 430 L day−1

with a recycle rate of 70%, constantly maintaining a separation efficiency of higher

than 99%. Even higher bleed streams of 600 L day−1 were successfully concentrated

with separation efficiencies above 94%, representing a perfusion run with 2,000 L

filling volume and 23% bleed rate. To the authors knowledge, this is the first time

bleed-recycling has been performed at manufacturing scale using an inclined gravity

settler. No impact on product quality was observed at both scales. The insights

gained on bleed recycling builds the basis of a rational support in decision making

when considering this technology to improve process yield for an existing or new

perfusion process with specific target process VCV, perfusion rate and process bleed

rate. Similarly, this knowledge could be applied to other emerging technologies

for bleed recycling such as continuous centrifuges, once they are available in right

dimensions and allow stable operation throughout the entire runtime of a perfusion

cell culture process.
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Supporting Information

For inclined gravity settlers (IS), the otherwise low-efficient settling is enhanced

by the Boycott effect [22]. As the particles (cells) settle down within the inclined

channel, a higher density slurry is formed at the lower side of the channel. Driven by

gravity, the slurry slips down the surface, generating a convective flow that enhances

the settling process. The kinetics of this process are described by an elementary

model invented by E. Ponder, N. Nakamura, and K. Kuroda [28]. The model was

later confirmed using continuum mechanics equations [29]. The kinetic relationship

is known as the PNK theory and describes the rate of the clarified fluid production

as a product of the particle settling velocity and the horizontal projection of the

channel area available for settling described by formula A.14:

S = υp · n · w · (l · sin θ + b · cos θ) (A.14)

where υp is the particle settling velocity, n is the number of channels in the IS,

w is the width of the settler, l is the length of lamellae, b is the distance between

2 plates in orthogonal direction, and Θ is the angle of the lamellae to the vertical

direction [30].

The PNK theory, however, holds only under mild flow conditions. Shen and

Yanagimachi [30] suggested that formula A.14 should only be used if Reynolds num-

ber of the flow (Ref ) is within 0 – 10 and the ratio (Λ) between the Grashof number

for settling (Grs) and Reynolds number for settling (Res) is within 104 to 107. The

dimensionless numbers are described by formulas A.14 - A.17:

Ref =
v · b · ρl

ηl
(A.15)

Res =
υp · h · ρl

ηl
(A.16)

Grs =
h3 · g · ρl · (ρp − ρl) · ϕp

η2
(A.17)

where subscripts p and l are related to the particle and liquid, respectively, υ is
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settling velocity, ρ is the density, η is the viscosity, h is the characteristic settling

distance (given by the relationship b · cosΘ), v is the flow velocity, b is the distance

between 2 plates in the orthogonal direction, and ϕ is the particle volume fraction

[30].

Both the lab-scale and large-scale settler were designed in a way to fit the accep-

tance ranges of these criteria for at least 70% recycle rate of the respective expected

bleed rate. Furthermore, a settler inner volume limit was set to be maximally 1.5-

fold the volume corresponding to a 1-hour residence time. This limit was proposed

to decrease the time cells spend in an uncontrolled environment of the settler in

contact with the product. Different designs were then screened and the best ones of

those fitting the evaluation criteria were selected for construction.
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Figure A.38: Detailed drawing of the lab-scale inclined gravity settler, dimensions
given in mm.
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Figure A.40: Experimental offline setup of Inclined Settler (IS) and acoustic sepa-
rator (AS). Both bleed recycling devices are fed from a common stirred vessel (Inlet).
The return pump of the acoustic separator is turned on and off synchronously with
the on and off times of the ultrasound input. The outlet streams (Bleed and Return)
for both devices are collected in separate vessels for further analyses
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Table A.16: Absolute CQA changes for offline large-scale settler evaluation. Ab-
solute CQA changes were calculated by subtracting the recycle CQA from the inlet
CQA. The tested mAb2 contained 3 different glycosylation sites, which were all an-
alyzed for their glycosylation changes.

Site Experiment High Total Total Total G0 G1 G2
(Process Bleed Rate / Mannose Sialylated NGNA Fucosylated [%] [%] [%]
Recycle Rate [%]) [%] [%] [%] [%]

N77 18 / 58 -0.10 0.64 0.29 0.06 -0.10 -0.16 -0.31
N77 18 / 66 0.01 0.19 -0.35 0.02 -0.07 -0.01 -0.08
N77 18 / 75 0.03 -0.23 -0.45 -0.04 0.02 0.13 0.03
N77 23 / 76 -0.13 1.17 0.11 0.12 -0.12 -0.36 -0.56
N77 28 / 75 0.07 -0.31 -0.59 -0.11 0.10 0.07 0.01
N109 18 / 58 -0.01 0.03 0.04 0.00 0.00 0.00 -0.03
N109 18 / 66 0.02 0.05 -0.33 -0.01 -0.01 -0.02 -0.03
N109 18 / 75 0.03 -0.10 -0.12 -0.04 0.01 0.00 0.06
N109 23 / 76 -0.01 0.00 0.00 0.01 -0.01 -0.01 0.04
N109 28 / 75 -0.01 0.02 -0.03 0.02 -0.02 -0.02 0.05
N208 18 / 58 -0.01 0.02 0.13 0.00 0.50 -0.02 -0.38
N208 18 / 66 -0.01 -0.06 0.25 -0.03 0.06 0.22 0.38
N208 18 / 75 0.01 -0.01 0.00 0.00 -0.35 0.41 -0.18
N208 23 / 76 -0.05 0.02 0.20 -0.01 -0.42 0.31 -0.35
N208 28 / 75 0.02 0.02 -0.08 -0.01 -0.85 -0.42 0.68

Table A.17: Absolute CQA changes for inline large-scale settler evaluation. Abso-
lute CQA changes for mAb1 were calculated by subtracting the recycle CQA from
the inlet CQA.

Time A- Mono- Di- High Hybrid- Fucosyl- Afucosyl- G0 G1 G2
sialylated sialylated sialylated Mannose F ated ated

[h] [%] [%] [%] [%] [%] [%] [%] [%] [%] [%]

0 0.11 -0.07 -0.03 -0.02 0.00 0.04 -0.01 1.08 -0.85 -0.10
15 -0.06 0.05 0.01 -0.03 -0.01 0.01 0.02 -0.05 0.09 -0.06
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A.5 Scientific Publication Section V

Co-current filtrate flow in TFF perfusion

processes: Decoupling transmembrane pres-

sure from crossflow to improve product

sieving

This section is based on the following publication: P. Romann, P. Giller, A. Sibilia, C. Herwig,
A. Zydney, A. Perilleux, J. Souquet, J-M. Bielser, and T. K. Villiger, Co-current filtrate flow
in TFF perfusion processes: Decoupling transmembrane pressure from crossflow to
improve product sieving, 2023, Under review in Biotechnology and Bioengineering.
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Abstract

Hollow fiber-based membrane filtration has emerged as the dominant technology

for cell retention in perfusion processes yet significant challenges in alleviating fil-

ter fouling remain unsolved. In this work, the benefits of co-current filtrate flow

applied to a tangential flow filtration (TFF) module to reduce or even completely

remove Starling recirculation caused by the axial pressure drop within the mod-

ule was studied by pressure characterization experiments and perfusion cell culture

runs. Additionally, a novel concept to achieve alternating Starling flow within uni-

directional TFF was investigated. Pressure profiles demonstrated that precise flow

control can be achieved with both lab-scale and manufacturing scale filters. TFF

systems with co-current flow showed up to 40% higher product sieving compared to

standard TFF. The decoupling of transmembrane pressure from crossflow velocity

and filter characteristics in co-current TFF alleviates common challenges for hollow-

fiber based systems such as limited crossflow rates and relatively short filter module

lengths, both of which are currently used to avoid extensive pressure drop along the

filtration module. Therefore, co-current filtrate flow in unidirectional TFF systems

represents an interesting and scalable alternative to standard TFF or alternating

TFF operation with additional possibilities to control Starling recirculation flow.

Keywords: perfusion cell culture, tangential flow filtration (TFF), co-current

filtrate flow, Starling recirculation, product sieving

Abbreviations: TFF, tangential flow filtration; ATF, alternating tangential flow filtration;
TMP, transmembrane pressure; rTFF, reverse tangential flow filtration; HPTFF, high performance
tangential flow filtration; scTFF, stepping co-current tangential flow filtration; PTR1−2, pressure
transmitter in retentate loop; PTF1−2, pressure transmitter in filtrate loop; PTA1−5, additional
pressure transmitter on filtrate side of hollow fiber filter; PTAB1−5, additional pressure transmitter
on backside of filtrate side of hollow fiber filter; FSR, flow sensor in retentate loop; FSF , flow sensor
in filtrate loop; CDR1−2, centrifugal discharge pump in retentate loop; CDF , centrifugal discharge
pump in filtrate loop; PPH , peristaltic pump in harvest line; VCV, viable cell volume; VCD, viable
cell density.
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1 Introduction

Hollow fiber-based tangential flow filtration has emerged as one of the most preferred

cell retention technologies for mammalian perfusion processes with applications in

main stage perfusion bioreactors and also in N-1 bioreactors improving existing fed-

batch production units [1–3]. Despite significant advancements in pump technology,

such as low-shear diaphragm pumps or levitated centrifugal pumps [4–7], to improve

culture viability and thereby reduce the load of fouling-provoking particles on the

filter membrane, filter clogging and product retention remain major challenges on

the way to robust manufacturing processes.

Tangential flow filtration (TFF) in unidirectional crossflow mode (frequently

driven by a levitated centrifugal pump) and alternating tangential flow (ATF, driven

by a diaphragm pump) are the most commonly reported systems in perfusion pro-

cesses [8–10]. Most studies revealed that ATF showed superior product sieving

compared to TFF at lab-scale and suggested ATF as a more suitable technology

for long-term perfusion operation [5, 7, 11]. However, ATF systems driven by di-

aphragm pumps were associated with operational instability at manufacturing scale

[2, 12–14]. Furthermore, multiple parallel ATF system were required to operate

2,000 L perfusion bioreactors, requiring considerably more floor space compared

to similar TFF systems [2, 15]. Therefore, TFF systems were claimed to be the

preferred choice within the industry at large scale due to smaller facility footprint

and higher robustness, whereas ATF systems showed improved product sieving and

reduced development time for pilot-scale operations [2].

In TFF, concentration polarization and fouling can both affect product retention

[16–20]. Compared to industrial TFF applications that have short operating times

and high filtrate flux [21–23], TFF systems used as cell retention devices in perfusion

processes must be operational for as much as several months (without cleaning) and

are operated at comparably very low filtrate fluxes of around 2 L m−2 h−1 [24]. Due

to the low filtrate fluxes and high axial pressure drops, a reverse flow of filtrate back

into the fiber lumen occurs at the filter exit. This so-called Starling recirculation

[25] was modelled and shown to be significantly larger than the actual harvest rate

during typical perfusion processes [24]. As a consequence, only slightly more than

50% of the actual hollow fiber membrane surface area is used for filtration [24].

More recently, alternating TFF systems have been described either with one lev-

itated centrifugal pump and valves to switch crossflow direction [26], or with two

alternating, inversely positioned centrifugal pumps in the retentate loop called re-

verse TFF (rTFF) [27, 28]. Both setups showed reduced product retention compared

237



to unidirectional TFF systems. While each individual phase of alternating crossflow

filtration (ATF, rTFF or alternating crossflow by valve switching) can be compared

to the situation in a TFF system, the distinguishing factor lies in the alternating

direction of the crossflow and therefore the change in the location of the filter inlet.

When working with cell lines prone to aggregation, switching the filter inlet can

prevent fiber blocking [26, 29]. Improved product sieving with alternating crossflow

systems compared to TFF was further attributed to the short period of zero net flow

between phases resulting in a very low TMP across the entire filter length, possibly

leading to deposit layer relaxation [23, 26]. It was also suggested that the Starling

recirculation, which switches between the two ends of the hollow fiber, could remove

deposited material and thereby minimize fouling [11, 24]. Additionally, alternating

crossflow filtration makes use of the entire filter length, harnessing the full mem-

brane surface of the module [24]. The increased performance of alternating TFF is

likely due to a combination of these factors.

Although there are several advantages associated with alternating crossflow fil-

tration, it is important to note that the backflush of filtrate at the filter exit must

be counterbalanced by an increased filtrate flux near the filter inlet to maintain the

same overall level of filtration. This causes an increase in the drag forces that push

particles into the membrane [30], which can lead to a denser deposit and greater par-

ticle penetration into the membrane, both detectable as an increase of irreversible

fouling resistance [28]. Sundar et al. [31] demonstrated that the greatest fouling in

ATF systems occurs at the ends of the hollow fiber module, i.e., where the filtrate

flux is greatest. This might explain studies observing significant product sieving

losses despite using properly sized ATF modules [7, 32].

These phenomena provide notable constraints in hollow fiber designs and deter-

mining optimal operating conditions for perfusion systems. Crossflow velocities, for

example, must be kept low to decrease the pressure drop along the filter length and

thereby reduce the Starling recirculation. However, reducing crossflow increases the

residence time of the cells within the recirculation loop, risking oxygen depletion [33].

In addition, low crossflow leads to greater concentration polarization, i.e., greater

accumulation of cells at the membrane surface. The increasing axial pressure drop

with increasing length of the hollow fiber modules favors the use of relatively short

filtration modules, requiring multiple filters in parallel to meet the needs for larger

filtration area. Increasing the inner diameter of the hollow fibers would also reduce

the pressure drop along the fiber length, but at a cost of much greater hold-up

volume within the module.

Although all these strategies to improve filtration performance try to reduce the
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impact of the pressure drop and Starling flow, none of them solve the fundamental

problem that the local TMP is coupled to the magnitude of the crossflow (which de-

termines the axial pressure drop) and the filter characteristics. In order to achieve a

nearly uniform TMP throughout the module, a similar pressure drop must be gener-

ated on the filtrate side of the module as on the retentate side. This concept for the

biopharmaceutical industry was originally called High Performance TFF (HPTFF)

and was successfully demonstrated to control concentration polarization along the

filter length to enable high resolution protein-protein separations in downstream

operations [34, 35]. It has also improved purification of viral vectors using ultrafil-

tration [36]. The concept is further known in the dairy industry for microfiltration

[37–39]. The ability to control the filtrate flux and Starling flow independently of

the crossflow and length of the filtration module offers a promising tool to overcome

challenges in current TFF and ATF systems in perfusion processes. To the authors

knowledge, HPTFF to alleviate product retention in perfusion processes has not

been evaluated in the literature.

The aim of this study was to develop a co-current filtration flow system for per-

fusion processes based on single use low-shear centrifugal pumps in combination

with pressure sensors with the ultimate goal to reduce product retention. This so-

called HPTFF system was characterized for a wide range of operating conditions by

measuring the TMP along the length of the filter module. Steady-state perfusion

cell culture runs demonstrated superior performance during HPTFF compared to

standard TFF. Further, a new concept of stepping co-current TFF (scTFF) was

introduced, allowing us to generate alternating Starling recirculation within a uni-

directional TFF system. Subsequently, scalability of HPTFF and scTFF were suc-

cessfully evaluated by recording pressure profiles along a modified large-scale hollow

fiber module.

2 Materials and Methods

2.1 Lab-scale system setup for pressure characterization

An experimental setup capable of operating TFF, rTFF, HPTFF and scTFF was

built to characterize the different filtration systems at lab-scale (Figure A.41A).

Pressure transmitters (PREPS-N-038, PendoTECH, Princeton, USA) were installed

in the retentate loop at the inlet (PTR1) and outlet of the filter (PTR2). Further

pressure transmitters were positioned in the filtrate loop at the inlet (PTF1) and

outlet (PTF2) of the module. A PES hollow fiber-module with a total module length
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of 70 cm, an effective fiber length of 65 cm, an inner fiber diameter of 1 mm, a pore

size of 0.2 µm and a membrane surface area of 0.15 m2 was used (S06-P20U-10-N,

Repligen, Waltham, Massachusetts, USA). For the pressure tests, the hollow fiber

module was modified by drilling holes and gluing additional pressure transmitters

(PTA1−5) into the filtrate side to monitor the filtrate pressures along the filter length.

Considering the total length of the hollow fiber module, the additional pressure

transmitters (PTA1−5) were placed at 5.5 cm, 20 cm, 35 cm, 50 cm and 64.5 cm

measured from the start of the module. Flow sensors (LFSC-i10X-001, Levitronix

GmbH, Zurich, Switzerland) were installed in the retentate loop (FSR) and in the

filtrate loop (FSF ). Three levitated centrifugal pumps (PuraLev i30SU, Levitronix

GmbH, Zurich, Switzerland) were integrated into the experimental setup. Two

pumps were integrated into the retentate loop, of which one was directed towards

the filter inlet (CDR1) and the other towards the filter outlet (CDR2). The third

centrifugal pump (CDF ) was inserted into the filtrate loop directed towards the filter

inlet side. A peristaltic pump (PPH) was inserted into the harvest stream. Data

was recorded by connecting 3 process control units (LCO-i100, Levitronix GmbH,

Zurich, Switzerland).

2.2 Large-scale system setup for pressure characterization

For large-scale pressure characterization, a similar experimental setup as described

for lab-scale experiments was built to achieve TFF, HPTFF and scTFF operation

(Figure A.47A and B). A PES hollow fiber-module with a total module length

of 78 cm, an effective fiber length of 68 cm, an inner fiber diameter of 1 mm, a

pore size of 0.2 µm and a membrane surface of 7.15 m2 was used (X06-P20U-10-

N, Repligen, Waltham, Massachusetts, USA). Pressure transmitters (PREPS-N-1-1,

PendoTECH, Princeton, USA) were installed in the retentate loop (PTR1 and PTR2)

and in the filtrate loop (PTF1 and PTF2). To measure pressures as closely as possi-

ble to the inlet and outlet of the hollow fibers, holes were drilled to place pressure

transmitters (PREPS-N-038, PendoTECH, Princeton, USA) into the adapter piece

of the filter module (PTRC1 and PTRC2). Further pressure transmitters (PREPS-

N-038, PendoTECH, Princeton, USA) on the filtrate side were attached along the

filter length at 15.5 cm, 27.5 cm, 38.5 cm, 50 cm and 62.5 cm measured from the

start of the module (PTA1−5). Additionally, pressure transmitters at the same filter

length but in the back were attached (PTAB1−5). Flow sensors (LFSC-i35X, Levit-

ronix GmbH, Zurich, Switzerland) were installed in the retentate (FSR) and filtrate

loops (FSF ). One levitated centrifugal pump (PuraLev-2000SU, Levitronix GmbH,

Zurich, Switzerland) was inserted into the retentate loop (CDR1) and a second lev-
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Figure A.41: Detailed schematic representation of the experimental setup for the
pressure characterization in water (A). Pressure transmitters (PT), flow sensors
(FS), centrifugal pumps (CD) and peristaltic pumps (PP) are specified with sub-
scripted letters according to their position (R: Retentate; F: Filtrate; A: Additional
sensors on filtrate side; H: Harvest). Minimal required setups for TFF (B), rTFF
(C) and HPTFF or scTFF (D) operation used for cell culture runs are further shown.

itated centrifugal pump (PuraLev-600SU, Levitronix GmbH, Zurich, Switzerland)

was placed in the filtrate loop (CDF ). A peristaltic pump (PPH) was inserted into

the harvest stream. Data recording was achieved by coupling 6 process control units

(5x LCO-i100 and 1x LCO-600, Levitronix GmbH, Zurich, Switzerland).

2.3 Experimental procedure for pressure characterization

Pressure characterization studies were performed with water as a medium. To char-

acterize the TFF system, only pump CDR1 was operational. To realize the HPTFF
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and scTFF systems, pump CDR1 in the retentate loop and pump CDF in the fil-

trate loop were active simultaneously. For the rTFF systems, pump CDR1 was used

for the first phase and pump CDR2 was used for the second phase with reversed

crossflow. For all lab-scale setups, crossflow was kept at 650 mL min−1, except for

ramping experiments where the crossflow was ramped from 0 – 1,500 mL min−1. For

crossflow ramping in HPTFF, a delta pressure PI control (P-term: 2 rpm ∆mbar−1;

I-term: 5 rpm ∆mbar−1 s−1) was used with a setpoint of 0 mbar, meaning that

the pump speed of pump (CDF ) was controlled such that pressure PTF1 matched

PTR1. For scTFF characterization, the co-current filtrate flow rate was set at 870

mL min−1 (scTFF phase 1) and 1,890 mL min−1 (scTFF phase 2) to achieve a

delta pressure control of ± 10 mbar. To characterize large-scale TFF operation, the

crossflow was ramped from 0 – 45 L min−1. For HPTFF pressure characterization,

additional filtrate flow was applied by a delta pressure PI control (P-term: 2 rpm

∆mbar−1; I-term: 5 rpm ∆mbar−1 s−1) such that PTF1 was kept 6 mbar higher

than PTR1. Filtrate flow ramping to assess scTFF operation was achieved by main-

taining a crossflow of 14.5 L min−1 and ramping the co-current filtrate flow from

0 – 70 L min−1. To compare filtration conditions between filtration module scales,

shear rates provided by the manufacturers lookup tool were considered (Repligen,

Waltham, Massachusetts, USA).

2.4 Perfusion culture process

A proprietary CHO-K1 cell line producing a bispecific mAb was expanded in an in-

cubator (Multitron, Infors HT, Bottmingen, Switzerland) for 21 days using a propri-

etary chemically defined perfusion platform medium and an on-demand proprietary

feed (Merck KGaA, Corsier-sur-Vevey, Switzerland). Perfusion bioreactors (Labfors

5 Cell, Infors HT, Bottmingen, Switzerland) were inoculated at a seeding density of

0.6 × 106 viable cells mL−1. Culture conditions were maintained at 36.5 ◦C with a

dissolved oxygen setpoint at 50% (VisiFerm DO Arc, Hamilton, Bonaduz, Switzer-

land). The pH was controlled at 7.07 ± 0.17 (EasyFerm Plus Arc probe Hamilton,

Bonaduz, Switzerland) by sparging CO2 and using a 1.1 M Na2CO3 solution. Biore-

actors were operated at 2 L working volume. After an initial growth phase, an online

capacitance probe (Incyte Arc, Hamilton, Bonaduz, Switzerland) was used to keep

the viable cell volume (VCV) constant at 12%. Perfusion started on day 0 and was

kept constant at 1.3 reactor volumes per day until the end of the process.
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2.5 Cell retention devices in perfusion cell culture

Bioreactor harvests were gravimetrically controlled to maintain the bioreactor weight

constant using the same hollow fiber module. Cell retention devices were either op-

erated as TFF (Figure A.41B), rTFF (Figure A.41C), HPTFF or scTFF systems

(Figure A.41D). In all setups, the crossflow was generated by levitated centrifugal

pumps (PuraLev i30SU, Levitronix GmbH, Zurich, Switzerland) to ensure compa-

rability of sieving studies. Pump speeds in the retentate loop were set to 3,500 rpm,

initially corresponding to a crossflow velocity of 650 mL min−1. For TFF, HPTFF

and scTFF operations, the retentate loop pump CDR1 was stopped every 3 min for 3

s to release accumulated air bubbles within the centrifugal pump head. For HPTFF

operations, a delta pressure PI control (P-term: 2 rpm ∆mbar−1; I-term: 5 rpm

∆mbar−1 s−1) between pressure PTR1 and pressure PTF1 was used with a setpoint

of 0 mbar to control the speed of the filtrate pump CDF . As such, filtrate pressures

were matched with retentate pressures along the filter length. scTFF operation was

achieved by delta pressure control of -5 mbar during scTFF phase 1 and +5 mbar

during scTFF phase 2 between pressure PTR1 and pressure PTF1. rTFF operation

consisted of two phases. In the first phase, the first retentate pump CDR1 was op-

erational and the second retentate pump CDR2 was stopped. During the second

phase, pump CDR2 was operational and the pump CDR1 was stopped. Phase times

were 20 s.

2.6 Reference analytics

Cell density, viability, cell diameter, and pH were measured using a BioProfile

FLEX2 (Nova Biomedical, Waltham, USA). Bioreactors were automatically sam-

pled by the FLEX2 On-Line Autosampler (Nova Biomedical, Waltham, USA) and

samples were fractionated using a Teledyne Cetac ASX-7200 (Teledyne CETAC

Technologies, Omaha, Nebraska, USA). Viable cell volume was calculated as follows

[40]:

VCV =

4
3
· π ·

�
D
2

�3 · VCD
V

· 100 (A.18)

where D is the average cell diameter, VCD is the viable cell density, and V is

the cell culture volume, assuming a spherical shape of the cells. Bioreactor titer

samples were prepared by centrifugation (3,200 g for 10 min) and 0.22 µm filtered.

Harvest titer samples were directly analyzed without further sample preparation.
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Process titers were determined using a protein A affinity high performance liquid

chromatography device (PA-HPLC, Waters, Milford, Massachusetts, USA). Cell de-

bris was measured using an optical density (OD) measurement (Spectronic Genesys

10 Bio, Thermo Electron Corporation, Waltham, Massachusetts, USA). Therefore,

bioreactor samples were centrifuged (3,200 g for 10 min) and measured at 600 nm

against a 0.22 µm filtered reference sample.

3 Results

3.1 Pressure characterization of TFF, rTFF and HPTFF

Measurement of pressure gradients within the hollow fiber and on the filtrate side

along the filter length for the TFF, rTFF and HPTFF system was performed with

a special characterization setup enabling the operation of all three systems (Figure

A.41A). This setup not only allowed us to measure the retentate loop and filtrate

pressures at the inlet of the filter module (PTR1 and PTF1) and at the outlet of the

filter module (PTR2 and PTF2), but enabled us to get additional measurements of

the filtrate pressure along the filter module length (PTA1−5). A crossflow ramping

from 0 – 1,500 mL min−1 to simulate the TFF system or one of the rTFF phases

demonstrated that the axial pressure drop within the retentate loop increased with

increasing crossflow as seen in the diverging retentate inlet pressure PTR1 and re-

tentate outlet pressure PTR2 (Figure A.42A). All remaining pressure sensors on the

filtrate side, irrespective of the crossflow, indicated the average pressure of PTR1

and PTR2. Aligning the pressures at a crossflow of 650 mL min−1 according to their

position revealed positive TMP at the filter inlet and negative TMP at the filter

outlet. The TMP was zero in the middle of the filtration module (Figure A.42C). A

similar crossflow ramping was performed to characterize pressures for the HPTFF

system with activated delta pressure control to match the filtrate inlet pressure PTF1

with the retentate inlet pressure PTR1 (Figure A.42B). In contrast to the TFF and

rTFF, filtrate pressures along the filter were not identical anymore but matched

the retentate pressure gradient along the entire filter length (Figure A.42D). The

only filtrate pressure sensor with a discrepancy to the respective retentate pressure

was PTF2. This discrepancy was negligible for crossflows below 400 mL min−1 but

increased slightly with larger crossflow (Figure A.42B). Required co-current filtrate

flows for varying crossflows using the lab-scale filter are provided in the Supporting

Information (Figure A.48A).

Time resolved pressure recordings for the operation of a TFF and rTFF system
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Figure A.42: Pressure characterization results for TFF, rTFF and HPTFF oper-
ation. Crossflow ramping in TFF and rTFF operation (A) and crossflow ramping
with delta pressure control in HPTFF operation (B). Dashed lines represent the
standard operating region of 1,470 s−1 shear resulting in approximately 650 mL
min−1 crossflow. Pressure measurements according to their position along the fil-
ter length are provided for TFF and the forward crossflow phase of rTFF (C), and
for HPTFF (D), grey areas represent absolute fiber length. Pressure distributions
at 650 mL min−1 crossflow versus time are shown for TFF and rTFF (E), where
the forward crossflow phase corresponds to TFF operation, and rTFF is defined by
alternation between forward and reverse crossflow. HPTFF pressure distribution
versus time upon co-current filtrate flow activation was further measured at 650 mL
min−1 crossflow (F).

at a crossflow of 650 mL min−1 are provided in Figure A.42E. TFF is represented

by only considering the forward crossflow phase. The rTFF is described by adding

a reverse crossflow phase, and thereby alternating the crossflow. The only changing

pressures upon crossflow reversal were the retentate pressures, with PTR1 taking the
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previous value of PTR2 and vice-versa. HPTFF operation at 650 mL min−1 crossflow

was achieved upon delta pressure control activation with a co-current filtrate flow

of approximately 1,400 mL min−1 (Figure A.42F). Immediately, filtrate pressures

align with the retentate pressure gradient and are stably maintained at the target

values.

A schematic representation of the pressure characterization experiments summa-

rizes the findings for the TFF system (Figure A.43A), rTFF system (Figure A.43B)

and for the HPTFF system (Figure A.43C). The schematic pressure plots demon-

strate the TMP differences along the fiber length for the TFF and the rTFF system.

A zoomed view into a hollow fiber at the beginning, in the middle and at the end of

the filter module further highlights the Starling recirculation indicated by arrows.

Compared to the TFF and rTFF system, the filtrate pressures in the HPTFF system

are well aligned with the retentate pressure thereby generating a uniform TMP of

only slightly above zero along the length of the filtration module. Small arrows from

retentate to filtrate indicate that the entire filtration area is utilized for filtration by

avoiding Starling recirculation.

3.2 Pressure characterization of scTFF

Whereas HPTFF operation focused on matching filtrate pressures with the reten-

tate pressure gradient and thereby removing Starling recirculation completely, we

also examined a novel operating mode for unidirectional TFF defined as stepping

co-current TFF (scTFF). The scTFF consists of two phases, a first phase with lower

co-current filtrate flow than required for HPTFF, and a second phase with higher

co-current filtrate flow, resulting in a step profile for the co-current filtrate flow (Fig-

ure A.44A). To demonstrate the impact of co-current filtrate flow on the pressure

profiles, a co-current filtrate flow ramping was performed by fixing the crossflow to

650 mL min−1 (Figure A.44B). At 0 mL min−1 co-current filtrate flow, the system

basically corresponded to a standard TFF operation. With increasing co-current

filtrate flow, the pressure aligned more and more to the retentate pressure gradient

and matched it at about 1,400 mL min−1, corresponding to the situation in HPTFF

operation. Further increasing the co-current filtrate flow led to higher filtrate pres-

sures in the first half of the filter and lower filtrate pressures in the second half of the

filter compared to the retentate pressure gradient. The filtrate pressure at the outlet

PTF2 was not plotted as similar discrepancies to the retentate pressure gradient as

seen in Figure A.42B were observed. Selecting a co-current filtrate flow of 870 mL

min−1 for phase 1 (blue vertical dashed line) and 1,890 mL min−1 for phase 2 (red

vertical dashed line) of the scTFF operation, a delta pressure between PTR1 and
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Figure A.43: Schematic representation for TFF (A), rTFF (B) and HPTFF (C)
systems with centrifugal pumps based on pressure characterization. Pressure curves
along the filter length for each system are given and arrows indicate filtrate flux,
longer arrows represent larger fluxes. Additionally, a zoom into a fiber at the be-
ginning, middle and at the end of the filter is provided and colored from red (high
pressure) to blue (low pressure). As rTFF consist of two phases, the situation for
forward crossflow and reverse crossflow are depicted.
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PTF1 of -10 mbar and +10 mbar, respectively, was achieved. Pressures recorded

for the two phases of scTFF were then plotted according to their position along the

filter (Figure A.44C). The black line represents the retentate pressure gradient, the

blue dashed line represents the pressure drop on the filtrate side for scTFF phase

1 and the red line represents the pressure drop on the filtrate side for scTFF phase

2. A common intersection of all three lines was located in the middle of the filter

length, meaning the absolute TMP is zero in the middle of the filter and gets larger

the closer to one of two filter ends.

By switching between scTFF phase 1 and scTFF phase 2 with defined phase

times, a scTFF system with unidirectional crossflow but reversing Starling recircu-

lation was obtained (Figure A.44C). Red areas represent the flux of filtrate back into

the retentate due to higher filtrate pressures compared to the retentate pressures,

whereas blue areas represent flux from retentate to filtrate due to higher retentate

pressures compared to filtrate pressures. As such, filtrate pressure PTA1 positioned

at 5.5 cm from the filter inlet was lower than the corresponding retentate pressure

at 5.5 cm filter length (black dashed line) during scTFF phase 1 and got larger than

the corresponding retentate pressure during scTFF phase 2. Similar, but reversed,

behaviour was observed for pressure PTA5 positioned on the second half of the filter

at 64.5 cm filter length. In this case, PTA5 was larger than the retentate pressure

during scTFF phase 1 and smaller than the retentate pressure during scTFF phase

2. A combined HPTFF-scTFF operation is also possible by integrating a sweeping

into the HPTFF operation. The sweeping was achieved by lowering the co-current

filtrate flow (scTFF phase 1) and subsequently increasing the co-current filtrate

flow (scTFF phase 2). After the sweep, the system was again operated at HPTFF

conditions (Figure A.44D).

3.3 Characterization of performance in perfusion cell cul-

ture processes

Cell culture parameters and product retention were compared for TFF, rTFF,

HPTFF and scTFF operation in steady-state perfusion processes. For all four cell

retention setups (Figure A.41B to D), steady-state operation was achieved after

approximately 5 days and culture viability was not impacted by the cell retention

operating mode (Figure A.45A). Target process run time of 30 days was achieved

for all runs except TFF 1 and HPTFF 2. These runs were terminated at day 19

(TFF 1) and day 21 (HPTFF 2) due to a sudden decrease in crossflow caused by

inlet blocking of the fibers. Cell diameter increased slightly with runtime for all of
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Figure A.44: Concept of stepping co-current TFF (scTFF) by schematic representation
of pressure gradient along filter length (A). Co-current flow ramping at 650 mL min−1

crossflow (B). Vertical dashed lines represent operating conditions for HPTFF (black),
scTFF phase 1 with -10 mbar pressure difference (blue) and scTFF phase 2 with +10
mbar pressure difference (red) on filter inlet. Pressure measurements according to their
position along the filter length are provided for all three dashed lines (C), grey areas
represent absolute fiber length. Operation of scTFF with two alternating phases (±10
mbar pressure difference) is demonstrated by time resolved pressure distribution plots
(D). Alternative operating mode of HPTFF with alternating membrane sweeps by scPTFF
phases of ± 10 mbar in between HPTFF phases (E). Red areas represent flux of filtrate
back into the retentate, blue areas represent flux from retentate to filtrate.
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the cell retention systems (Figure A.45B) and pH stayed within the defined range

of 7.07 ± 0.17 for all runs (Figure A.45C). Cell debris increased for most runs un-

til day 25, after which a slight decrease in cell debris was observed. In general,

TFF and rTFF runs showed slightly higher debris levels compared to HPTFF and

scTFF runs especially after day 13 (Figure A.45D). The harvest titer plot (Figure

A.45E) and the product sieving plot (Figure A.45F) revealed significantly reduced

product sieving of around 80% for the TFF operation after only a few first days

of steady-state operation. Product sieving further decreased down to 60% or lower

for TFF. Product sieving for rTFF stayed above 90% for the entire experiment for

run rTFF 1 and remained above 80% for run rTFF 2. HPTFF operation resulted

in similar or even higher product sieving with yields above 95% for the entire run.
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Figure A.45: Perfusion cell culture runs with TFF (black), rTTF (blue), HPTFF
or scTFF (red) as cell retention devices. VCV and viability (A), cell diameter (B),
pH (C), cell culture debris (D), harvest titer (E) and product sieving (F).
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Cell culture bioreactors must be oxygenated to support cell growth by sparg-

ing air or oxygen. Centrifugal pumps in unidirectional crossflow operations (TFF,

HPTFF and scTFF) tend to accumulate gas bubbles coming into the cell recircu-

lation loop. This problem was solved by stopping the pumps for 3 s every 3 min

to release the air from the pump head. With activated delta pressure control dur-

ing HPTFF operation controlling delta pressure to 0 mbar, stopping the crossflow

for 3 s caused a sharp change in the pressure profile along the filter length (Figure

A.46A). Due to some delay of the PI controlled co-current filtrate flow regulation,

the filtrate pressure PTF1 was higher than the retentate pressure PTR1 immediately

after crossflow stopping, which resulted in a negative delta pressure up to -14 mbar

(Figure A.46B red area). After reactivation of the crossflow, the co-current filtrate

flow was reduced and the PI control required some more time to establish HPTFF

conditions. During that time interval, a positive delta pressure of up to 5 mbar was

seen at the filter inlet (Figure A.46B blue area). Taken together, stopping the cross-

flow during HPTFF operation resulted in a slight membrane sweeping. In rTFF

operation, gas bubble trapping was alleviated by positioning the pumps such that

they are pointing towards each other, with air removed from the pump head by

alternating activation of the retentate pumps.

3.4 Large-scale filter pressure characterization

Large-scale experiments using TFF, HPTFF and scTFF operation confirmed results

from the lab-scale experiments. Crossflow ramping from 0 – 45 L min−1 showed a

continued increase in the pressure gradient along the filter length in TFF operation

while the permeate pressures were independent of position (Figure A.47C). Consid-

ering similar crossflow conditions with 29 L min−1 corresponding to a shear rate of

1,470 s−1 as applied during lab-scale perfusion cell culture runs resulted in a fiber

inlet pressure of 71 mbar PTRC1, a fiber outlet pressure of 31 mbar (PTRC2) and an

average filtrate pressure (PTA1−5) of 51 mbar (Figure A.47E). Filtrate pressures on

the filtrate inlet and outlet (PTA1−5) showed similar values as the filtrate pressure

sensors on the backside of the filter module (PTAB1−5).

HPTFF operation could be achieved by controlling pressure PTF1 so that it was

6 mbar above the pressure PTR1 for all evaluated crossflows up to 45 L min−1 (Fig-

ure A.47D). Filtrate pressures on the filtrate inlet and outlet (PTA1−5) were aligned

with the corresponding filtrate pressures on the backside (PTAB1−5) (Figure A.47F).

In contrast to TFF operation, filtrate pressures matched the pressure gradient of the

retentate loop, with pressure sensors PTA1 and PTAB1 slightly lower than the cor-

responding retentate pressures. The filtrate outlet pressure PTF2 was significantly
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Figure A.46: Membrane sweep in HPTFF operation upon crossflow stop. Inlet
pressure of the retentate (PTR1) and inlet pressure on filtrate side (PTF1) were
recorded upon a 3 s stop of the levitated centrifugal pump (CDR1) to release air
bubbles (A). The delta pressure (PTR1 - PTF1) was calculated and the blue area
represents a negative delta pressure during which a backflush is happening in the first
half of the filter, whereas the red area represents a positive delta pressure resulting
in a backflush at the second half of the filter (B).

lower compared to the other pressure sensor readings. Co-current filtrate flows to

achieve HPTFF at varying crossflows are provided in the Supporting Information

section (Figure A.48B).

scTFF operation to generate controlled Starling recirculation was further demon-

strated with a large-scale filter module and the data are provided in the Supporting

Information section (Figure A.49). As such, a filtrate loop ramping at constant

crossflow (Figure A.49A) and pressure distribution along the filter length for scTFF

phase 1 (Figure A.49B) and for scTFF phase 2 (Figure A.49C) are provided. In

addition to changing the filtrate flow, a crossflow stop whilst keeping the filtrate PI

control active was able to achieve effective membrane sweeping (Figure A.49D).

4 Discussion

Applying co-current filtrate flow represents a promising tool to alleviate product

retention in mammalian perfusion processes by achieving uniform TMP conditions
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Figure A.47: Large-scale pressure characterization results. Schematic representa-
tion of the experimental setup for the large-scale pressure characterization in water
(A). Pressure transmitters (PT), flow sensors (FS), centrifugal pumps (CD) and
peristaltic pumps (PP) are specified with subscripted letters according to their po-
sition (R: Retentate; F: Filtrate; A and AB: Additional sensors on filtrate side; H:
Harvest). Picture of experimental setup (B). Large-scale crossflow ramping in TFF
operation (C) and crossflow ramping with delta pressure control in HPTFF opera-
tion (D). Pressure measurements according to their position along the filter length
are provided for TFF (E) and for HPTFF (F) at standard operation of 1,470 s−1

shear, grey areas represent absolute fiber length.
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along the filter length. This decreases (or eliminates) the Starling recirculation flow,

reducing the filter load by using the entire membrane surface [24]. In this study,

pressure characterization experiments demonstrated that HPTFF operation is pos-

sible for a wide range of perfusion relevant crossflows using levitated centrifugal

pumps that provide uniform (non-pulsatile) flow (Figure A.42B). By matching the

inlet retentate pressure PTR1 and the inlet filtrate pressure PTF1 with a simple delta

pressure control to 0 mbar, a uniform TMP was achieved along the lab-scale filter

(Figure A.42C). Interestingly, the outlet filtrate pressure PTF2 showed increasing

discrepancy from the retentate outlet pressure PTR2 with increasing co-current fil-

trate flow. This discrepancy may come from increasing turbulence at the filtrate

outlet, although it had no effect on the filtrate pressure profile PTA1−5. A reduced

setup consisting of two pressure sensors (PTR1 and PTF1), a retentate centrifugal

pump CDR1 and a filtrate centrifugal pump CDF are therefore sufficient to operate

the HPTFF system (Figure A.41D).

Large-scale pressure characterization revealed that HPTFF can also be achieved

with manufacturing scale filters (Figure A.47). With the filtration module used in

this study, the inlet filtrate pressure PTF1 had to be increased by 6 mbar compared

to the inlet retentate pressure PTR1 to match the filtrate pressures PTA1−5 with the

retentate pressure drop. A pressure decrease from PTR1 positioned in the inlet reten-

tate tubing compared to the pressure sensor located in the adapter piece connecting

tube was observed (Figure A.47E and F). This offset might be due to the change in

tube diameter from the inlet tubing to the much wider adapter piece connecting to

the hollow fiber module. Further, pressure PTF1 had to be controlled higher than

expected to achieve HPTFF. As already observed in lab-scale, the outlet pressure

sensor in the filtrate loop PTF2 was lower than anticipated. These findings might

be explained by a combination of a relatively smaller filtrate inlet adapter diameter

than in the lab-scale and perturbation of the flow pattern at elevated co-current

filtrate flows in the large-scale module. Nevertheless, determination of the offset by

pressure characterization allowed us to achieve HPTFF operation across the entire

tested crossflow range from 0 – 45 L min−1 by only measuring pressures PTR1 and

PTF1.

In perfusion cell culture, a uniform TMP, as per definition in HPTFF, is not

necessarily the highest priority as in protein separations [34, 35]. The main objec-

tive in perfusion processes is to avoid filter clogging and reduce product retention.

Therefore, a membrane sweep from time to time in the form of a backflush can

be beneficial to remove some deposited material, but avoiding intense backflushing

as attributed to irreversible fouling [28]. A novel operating mode was designed in
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this study named stepping co-current TFF (scTFF). scTFF can be operated with

the same hardware setup as described for the HPTFF (Figure A.41D). By lowering

and subsequently increasing the co-current filtrate flow rate compared to HPTFF

operation, a TMP gradient was achieved along the filter length resulting in a Star-

ling recirculation (Figure A.44A). The Starling recirculation changed direction upon

switching from scTFF phase 1 to phase 2, generating a backflush on the first half

of the filter and then on the second half of the filter similar to what occurs in ATF

or rTFF operation [24, 27, 28]. However, in contrast to ATF and rTFF, where the

strength of the Starling recirculation is a function of crossflow velocity and filter

length, the strength of the Starling recirculation in scTFF can be tuned indepen-

dently of both crossflow velocity and fiber length. For demonstration, a TMP of ±
10 mbar was targeted (Figure A.44C), but any other TMP larger or smaller can be

achieved just by varying the co-current filtrate flow rates (Figure A.44B). Further-

more, scTFF can either be operated by switching between scTFF phase 1 and phase

2 (Figure A.44D), or by operating at HPTFF conditions and integrating a mem-

brane sweeping from time to time by lowering or increasing the co-current filtrate

flow (Figure A.44E). The duration of each phase can thereby freely be chosen, giving

even more operational flexibility. scTFF operation was demonstrated at lab-scale,

and pressure characterization experiments revealed applicability at manufacturing

scale without changing the system setup (Figure A.49).

Perfusion cell culture runs revealed significantly reduced product sieving below

60% for TFF operation (Figure A.45F). This agrees with the literature, where sim-

ilarly reduced product sieving was reported [7, 11, 27]. It is worth mentioning that

the average filtrate fluxes in this study were particularly low with 0.6 L m−2 h−1

compared to commonly reported filtrate fluxes of 2-3 L m−2 h−1 [15, 24].

Despite similar pressure drop and therefore comparable absolute Starling recircu-

lation flow of rTFF compared to TFF, rTFF showed significantly improved product

sieving above 90%, which is comparable to what has been observed in ATF systems

[27]. This confirms that with an identical pump system, rTFF clearly outperformed

TFF. However, this study does not allow us to distinguish between the beneficial

contributions of backflushing at both the inlet and outlet, utilization of the entire

membrane surface, and/or relaxation of the fouling deposit when the crossflow di-

rection changes. The rTFF 2 run with higher amount of cell culture debris showed

lower product sieving than rTFF 1 (Figure A.45D), highlighting that rTFF is still

prone to product retention which can likely be attributed to pronounced fouling at

the inlet or exit of the hollow fiber modules at elevated debris levels [31].

HPTFF operation entirely removing Starling recirculation due to a uniform TMP

255



along the filtration module showed similar or even higher product sieving than rTFF

operation. The HPTFF operation was interrupted every 3 min for 3 s by stopping

the crossflow to release potentially trapped gas bubbles from the centrifugal pump

head, which might even have had a beneficial impact on product sieving. The slightly

delayed PI-response controlling the co-current filtrate flow resulted in a quick sweep

of the membrane, initially backflushing the membrane on the first filter half, followed

by backflushing of the second filter half upon crossflow re-activation (Figure A.46).

Whereas bubble trapping in the centrifugal pump head plays a minor role at larger

scales, intentional pump stopping from time to time to generate a membrane sweep

in HPTFF operation might still be an attractive option (Figure A.49D). It must be

mentioned that a similar effect can be achieved by shortly increasing the crossflow

by maintaining the co-current filtrate flow PI control active.

Similar but more controlled sweeping of the membrane was alternatively achieved

by increasing or lowering the co-current filtrate flow at constant crossflow (Figure

A.44A). Intensity and location of the backflush can be adjusted by changing the

magnitude of the co-current filtrate flow (Figure A.44B), offering a wide range of

possibilities not available in ATF or rTFF operation. scTFF allows the Starling

recirculation flow to be adjusted independently of filtration module specifications

or crossflow velocities without changing the hardware setup. This novel approach

enables further research to evaluate the benefits of membrane sweeping in a con-

trolled but flexible manner to define best operating conditions depending on process

requirements.

A critical aspect of unidirectional crossflow systems remains filter inlet block-

ing [26, 29]. Cell clumps or aggregates getting into the cell recirculation loop can

be trapped at the filter inlet blocking entire hollow fibers. In two unidirectional

crossflow runs (TFF 1 and HPTFF 2) filter inlet blocking led to premature run ter-

mination. When working with cell lines prone to aggregation, rTFF should be the

chosen cell retention operation mode to prevent inlet blocking by crossflow reversal.

When aggregation is not an issue and unidirectional crossflow represents no risk to

premature run termination, HPTFF or scTFF clearly outperform conventional TFF

operation. Further, HPTFF and scTFF offer greater flexibility compared to ATF or

rTFF systems by alleviating previously described restrictions on filter characteristics

and operation parameters:

1. Crossflow velocity: No restriction to low crossflows as strategy to avoid exten-

sive Starling recirculation.

2. Filtration module length: Enabling longer filtration modules due to TMP con-

trol and thereby reducing system complexity with multiple parallel modules.
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3. Inner fiber diameter: No need for increased inner fiber diameters to reduce

pressure gradient at the cost of membrane surface area or greater hold-up

volume.

4. Pore size: Possibility to utilize larger pores sizes without increasing Starling

recirculation caused by lower membrane resistance.

Ultimately, the combination of alternating crossflow to prevent inlet blocking

and co-current filtrate flow to allow Starling flow control would combine the best

attributes of both systems. With the ability to prolong each crossflow phase in rTFF,

co-current filtrate flow could equally be alternated to reach HPTFF conditions for

both crossflow directions. Given the unidirectional flow generation by the centrifugal

pumps in this study would however result in an even more complex system setup with

two pumps in the retentate loop and two pumps in the filtrate loop, unless low-shear

bidirectional pumps become available. Whether the gained filtration performance

outweighs the additional system complexity must be assessed case by case and the

ideal cell retention strategy might vary depending on the process characteristics.

Further, co-current filtrate flow might find application in other domains of upstream

or downstream processing and might be combined with other setups such as flat sheet

filters.

5 Conclusion and Outlook

This study evaluated the impact of co-current filtrate flow on product retention

during steady-state perfusion processes using hollow fiber modules as cell retention

devices. Whereas Starling recirculation in TFF and alternating crossflow TFF is

dependent on crossflow velocity and filter module characteristics, co-current filtrate

flow enabled independent control of Starling recirculation. Pressure characterization

studies performed by inserting additional pressure sensors along the filter module

length revealed detailed insights into the filtrate pressure gradient and confirmed

the theoretical concept of altering TMP by co-current filtrate flow. Further, control

of Starling flow was not only demonstrated at lab-scale, but also successfully applied

to a manufacturing scale filtration module. The benefits of HPTFF operation or

precisely controlling the direction and intensity of Starling recirculation in scTFF

operation was further demonstrated in steady-state perfusion cell culture processes

which showed much higher product sieving compared to standard TFF operation.

Starling flow control enabled by co-current filtrate flow operation represents an ef-

fective tool not only to study filter fouling, but also to reduce product retention in
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steady-perfusion cell culture processes as well as other operations such as dynamic

perfusion or N-1 perfusion.
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Figure A.48: Required co-current filtrate flow to generate HPTFF operation at
respective crossflows for lab-scale filter (A) and large-scale filter (B).
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