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Abstract

Evolution has allowed humankind to prosper and flourish, culminating in unparalleled growth and

abundance where a sustainable existence seems unfeasible. The exorbitant resource consumption

and greenhouse gas emissions must be reduced dramatically to reach climate neutrality and lay

down a sustainable pathway for future generations. Sustainable energy carriers are one technical

solution to contribute to these goals. A promising approach to partially replace natural gas is

dual fluidized bed (DFB) gasification of biomass and catalytic fluidized bed methanation to

synthetic natural gas. Dual fluidized bed gasification is an established technology that produces

a nearly nitrogen-free product gas that has been utilized for heat and electricity generation and

demonstrations of synthetic natural gas production. The demonstrations showed that technical

and economic issues must be addressed to prepare for successful commercialization. Methanation

in adiabatic fixed-bed reactors is already well-known from coal-based production plants and is

applied to syngas methanation from biomass alike. However, fluidized bed reactors offer the

advantage of an increased heat transfer and less risk of carbon deposition on the catalyst, allowing

for a simpler process layout.

Hence, this work aims to elaborate on innovative concepts that increase the efficiency, the carbon

utilization of the biomass, and the gas quality while simultaneously reducing the complexity of the

process and creating economic advantages. The investigations include i) thermodynamic analyses

of methanation, ii) design, construction, and investigation of a 10 kW fluidized bed methanation

reactor and gas cleaning units, iii) investigation of a full process chain including a 100 kWth

advanced dual fluidized bed pilot plant, and, iv) conceptualization, simulation, techno-economic

analysis, and CO2 footprint calculations of industrial scale synthetic natural gas production from

woody biomass.

The results lead to the conclusion that unpressurized fluidized bed methanation with an

optimized catalyst in combination with a fixed-bed polishing reactor and advanced dual fluidized

bed gasification represents an attractive concept that leads to compliance with the specified

thresholds of the natural gas grid (e.g. CO < 0.1 mol.-%) and reduces the electricity consumption

by 17%–38%. From an economic point of view, the process can almost compete with industrial

natural gas prices at around 90 e/MW h in 2022, presuming revenues from secondary products
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like district heat and CO2. If revenues from CO2 are unlikely, sorption enhanced reforming, an

advanced operation mode of dual fluidized bed gasification with in-situ CO2 removal, leads to a

significant cost reduction requiring fewer and smaller equipment. Ecologically favorable hybrid

concepts with external H2 addition allow a doubling of the carbon utilization of the biomass but

penalize the economic feasibility by increasing production costs by roughly 60%.

Overall, synthetic natural gas from woody biomass could lead to a CO2 reduction potential of

12%–39% when applied in the Austrian energy or industrial sectors, thus significantly contributing

to the national climate targets.
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Kurzfassung

Die Evolution hat es der Menschheit ermöglicht, sich ungestört zu entwickeln und entfalten, was

zu einem beispiellosen Wachstum und Überfluss geführt hat, bei dem eine nachhaltige Existenz

nicht mehr möglich scheint. Der exorbitante Ressourcenverbrauch und die Treibhausgasemissionen

müssen drastisch gesenkt werden, um Klimaneutralität zu erreichen und einen nachhaltigen Weg

für künftige Generationen zu ebnen. Nachhaltige Energieträger stellen eine technische Lösung

dar, um diesem Ziel näherzukommen. Ein vielversprechender Ansatz, um Erdgas teilweise zu er-

setzen, könnte die Zweibettwirbelschicht-Gaserzeugung (DFB) aus Biomasse und die katalytische

Wirbelschichtmethanierung zu synthetischem Erdgas sein. Die Zweibettwirbelschichttechnologie

hat sich zur Erzeugung von Strom und Wärme bereits etabliert. Durch das erzeugte, nahezu

stickstofffreie Produktgas wurde die Technologie auch zur Produktion von synthetischem Erdgas

bereits demonstriert. Im Hinblick auf technische und ökonomische Aspekte bedarf es jedoch einer

Weiterentwicklung der bisher betriebenen Demonstrationsanlagen. An sich ist die Methanierung

in adiabatischen Festbettreaktoren bereits aus kohlebasierten Anlagen bekannt und wird auch

bei der Methanierung von Synthesegas aus Biomasse angewandt. Wirbelschichtreaktoren bieten

jedoch den Vorteil eines verbesserten Wärmetransports und eines geringeren Risikos von Kohlen-

stoffablagerungen auf dem Katalysator, wodurch eine einfachere Prozessgestaltung ermöglicht

wird.

Ziel dieser Arbeit ist es daher, innovative Konzepte zu erarbeiten, die die Effizienz, den

Biomasse-Kohlenstoffnutzungsgrad und die Gasqualität erhöhen, und gleichzeitig eine Reduktion

der Prozesskomplexität und eine Senkung der Produktionskosten erreichen. Die Untersuchungen

umfassen i) thermodynamische Analysen der Methanierung, ii) Entwurf, Bau und Untersuchung

eines 10 kW Wirbelschicht-Methanierungsreaktors sowie von Gasreinigungsapparaten, iii) Unter-

suchung einer vollständigen Prozesskette, einschließlich einer 100 kWth Zweibettwirbelschicht-

Pilotanlage, und, iv) Konzeption, Simulation, techno-ökonomische Analyse und Berechnung des

CO2-Fußabdrucks von industriellen Konzepten zur Erzeugung von synthetischem Erdgas aus

Biomasse.

Aus den Ergebnissen lässt sich schlussfolgern, dass eine drucklose Wirbelschichtmethanierung

mit optimiertem Katalysator in Kombination mit einem Festbett-Polishing-Reaktor und der
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Zweibettwirbelschicht-Gaserzeugung ein attraktives Konzept darstellt, welches zu einem hoch-

wertigen Gas entsprechend den Anforderungen des Gasnetzes (z.B. CO < 0, 1 mol-%), bei einer

gleichzeitigen Senkung des Stromverbrauchs von 17–38 %, führt. Mit Produktionskosten von circa

90 e/MW h im Jahr 2022 kann das so erzeugte synthetische Erdgas annähernd mit großtechnisch

gehandelten Erdgaspreisen konkurrieren, wobei Einnahmen aus Beiprodukten wie Fernwärme

und CO2 vorausgesetzt werden. Sind Einnahmen aus CO2 nicht zu erwarten, führt die sorptions-

gestützte Gaserzeugung (SER), eine spezielle Betriebsart der Zweibettwirbelschichttechnologie

mit in-situ CO2-Abscheidung, zu einer erheblichen Kostenreduktion mit weniger und kleineren

Anlagenkomponenten. Ökologisch relevante Hybridkonzepte, mit externer H2-Zudosierung, er-

möglichen eine Verdopplung des Biomasse-Kohlenstoffnutzungsgrads, beeinträchtigen aber die

wirtschaftliche Machbarkeit durch eine Erhöhung der Produktionskosten um etwa 60 %.

Allgemein erlaubt die Produktion von synthetischem Erdgas aus holzartiger Biomasse ein

CO2-Reduktionspotential von 12–39 % bei Anwendung im österreichischen Energie- oder Indus-

triesektor und kann somit einen wertvollen Beitrag zum Erreichen der nationalen Klimaziele

leisten.
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Chapter 1

Introduction

1.1 Motivation

Climate change is seen as one of the most pressing issues of our time [1]. Many institutions

warn of the impacts on the planet and on future generations, resulting in global resolutions to

combat the downwards spiral. The Paris Agreement states a limit on global warming of 1.5 °C

[2]. Furthermore, a transition away from fossil fuels was declared at the UN Climate Change

Conference in Dubai in 2023, simultaneously acknowledging that progress was far too slow in

the past [3]. Meanwhile, the exploitation of our planet continues at an ever growing pace and

the set climate goals seem almost unreachable. The IPCC’s report on climate change paints a

grim picture of the future following the current trajectory [4]. Thus, a tremendous global effort

that tackles climate change from every aspect of life seems necessary. Technological advances

are only one tool that can be instrumentalized toward this goal. The utilization of biomass

resources, for example, enables us to replace energy carriers and products currently based on

fossil fuels. Natural gas is an important energy carrier worldwide, with an annual consumption of

4250 bn m3 in 2021 [5]. Gaseous fuels, in general, are predicted to remain crucial energy carriers

in the foreseeable future [6]. Thus, a sustainable replacement is advisable. Synthetic natural

gas (SNG) from woody biomass via dual fluidized bed (DFB) gasification is one possibility to

produce such a natural gas substitute. This technology produces syngas from woody (waste)

biomass through gasification with steam and consecutively converts it to a methane-rich gas in a

catalytic methanation process.

In general, the following benefits result if an SNG production approach is followed. [7, 8]

• The already existing gas infrastructure (e.g. pipelines) and end-use equipment (e.g. natural

gas burners) can be utilized.
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• The energy supply security is increased, and domestic, biogenic resources can be used

further.

• A (nearly) pure stream of biogenic carbon dioxide (CO2) can be obtained for further

utilization or sequestration with the possibility of creating negative emissions.

• Baseload and peak-load power can be provided with the possibility to equalize fluctuations in

the electricity grid caused by stochastic renewable energy sources (RESs) like photovoltaics

and wind power. This is enabled by supplying SNG to e.g. gas-fired power plants or

converting excess electricity to methane (CH4).

• SNG is easily stored and transported over long spatial and temporal (even seasonal)

distances creating flexibility in the energy system.

However, other aspects need to be considered as well.

• CH4 is a greenhouse gas 28-times more potent than CO2 [9]. Direct emissions to the air

occur through leaking equipment or poorly maintained gas pipelines.

• Biomass resources are limited and the demand for natural gas is far higher than the supply

through biogenic resources if sustainably managed.

• CH4 is usually quite short-lived considering its application as a combustion fuel, re-emitting

CO2 (even though biogenic) to the atmosphere once combusted.

Nevertheless, on the mid-term, there is a need for gaseous, sustainable energy carriers like

SNG [5]. Thus, legislation is prepared in Austria ("Erneuerbare-Gase-Gesetz") for a mandatory

quota of 7.5 TW h p.a. of "green gases" in 2030 [10].

In the past, several investigations concerning SNG production via biomass gasification and

catalytic methanation have been carried out (e.g. [11–13]). However, there is room for process

improvements, as some aspects have not been addressed, require more attention, and can

be optimized further. Hence, this work aims to push innovative concepts forward, improve

the methanation process itself, and optimize SNG production from an economic perspective,

eventually showing the potential greenhouse gas emissions reduction within the Austrian energy

system.
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1.2 Aim and Scope

This thesis aims to optimize SNG production from woody biomass from multiple angles. Even

though lab-scale and demonstration-scale plants already exist, new aspects of this technology are

treated in this thesis.

• Unpressurized fluidized bed methanation with a tailored catalyst to reduce the compression

energy and increase the catalyst’s performance and lifetime.

• Innovative process concepts combining advanced DFB gasification, sorption enhanced

reforming (SER), fluidized bed methanation and optional external hydrogen (H2) addition

to increase the carbon utilization of the biomass, increase the efficiency and comply with

the gas grid specifications (e.g. CO limit).

• Reduce the capital and operational expenditures through the innovations above.

To this end, thermodynamic, experimental, and simulation-based investigations are carried

out. A new fluidized bed methanation reactor, including an optimized catalyst for fluidized

bed applications, is designed and investigated. Full process chain investigations from woody

biomass to raw synthetic natural gas (raw-SNG) are performed, comparing and assessing the

alternative and novel process configurations. Finally, the proposed process configurations are

transferred to commercial-scale concepts via process simulation. A technical, techno-economic,

and CO2 footprint assessment provides the basis for the integration of SNG production from

woody biomass into the Austrian energy system.

1.3 Methodology of this Thesis

This thesis is based on five publications, as depicted in Fig. 1.1. The structure of the thesis

follows the genesis of the publications, which aligns with the general structure of any scientific

work. Chapter 2 is based on extended literature sources of all publications. Additionally, a new

subchapter is presented in this thesis, which has not been published before (section 6.2).

In Paper I, the thermodynamic modeling is performed to investigate the impact of advanced

DFB gasification and SER on methanation at varying parameters like methanation temperature,

pressure, and steam content. The investigations in this paper also provide valuable information

about the methanation reactor design. Paper II deals with the design, construction, and fluid

dynamic investigation of the chosen fluidized bed methanation reactor. A catalyst tailored for

fluidized beds is manufactured and tested together with the reactor under methanation conditions.

Systematic experimental investigations with synthetically premixed syngas allow a deeper insight
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into fluidized bed methanation (Paper III). The investigations reveal the catalyst stability and

activity, the performance of the reactor, and the applicability of DFB and SER product gases

for fluidized bed methanation, ultimately allowing statements on optimized SNG production

possibilities. In Paper IV, a full process chain is set up and investigated to show the technical

feasibility of raw-SNG production from woody biomass. The fluidized bed methanation reactor is

connected to upstream gas cleaning units, comprising a biodiesel scrubber and activated carbon

(AC ) beds, and to a 100 kWth advanced DFB pilot plant. The full process chain operation allows

the tracking of impurities and the comparison of different process configurations. The comparison

involves the direct methanation of syngas from advanced DFB gasification, external H2 addition

to this syngas for increased carbon utilization, and the direct methanation of syngas from SER.

The results allow statements on the advantages and disadvantages of the alternative process

configurations. Eventually, it is important to translate the gained knowledge to commercial-

scale concepts and assess and compare them on a techno-economic and ecological basis. Thus,

Paper V shows a simulation study on the integration of SNG and Fischer-Tropsch (FT ) diesel

into the Austrian energy system. In the previously unpublished subchapter (section 6.2), the

alternative process configurations are translated to commercial-scale concepts and compared

from a technical and techno-economic perspective. Based on the knowledge gained from the

theoretical, experimental, and simulation-based investigations, conclusions toward optimized

SNG production pathways are drawn.

Chapter 2
Fundamentals

Chapter 4
Pilot-Scale SNG Process Chain

Chapter 5
Thermodynamic Investigation &

Experimental Results

Chapter 6
Implementation Concepts &
Techno-Economic Analysis

and CO2 Footprint

Paper I – Paper V
Paper II

Development of an internally
circulating fluidized bed for

catalytic methanation of syngas

Paper I
Thermodynamic investigation of
SNG production based on dual

fluidized bed gasification of
biogenic residues

Paper III
Experimental investigation on the methanation of hydrogen-rich syngas

in a bubbling fluidized bed reactor utilizing an optimized catalyst

Paper IV
Experimental investigation of hydrogen-intensified synthetic natural gas
production via biomass gasification: a technical comparison of different

production pathways Paper V
Economic and ecological impacts

on the integration of
biomass-based SNG and FT
diesel in the Austrian energy

system

This Thesis
Evaluation of alternative SNG

production concepts

Chapter 3
Methodology

Fig. 1.1: Schematic methodology of this thesis
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Chapter 2

Fundamentals

This chapter discusses the fundamentals of methanation (section 2.1) and the gasification and gas

cleaning technologies to provide syngas for methanation (section 2.2). Furthermore, section 2.3

introduces process concepts converting woody biomass to synthetic natural gas (SNG).

2.1 Methanation

Methanation is understood as a technology of producing CH4 from carbon oxides and H2 [14].

The technology became industrially relevant at a time when natural gas had already replaced

town gas and was established as an essential pillar of the energy system [15]. Especially the

abundance of coal, the expected shortage of natural gas, and the oil crisis in the 1970s ramped

up the efforts to produce a natural gas substitute, usually referred to as SNG [7]. The technology

per se had been known before: Sabatier and Senders discovered the methanation reaction already

in 1902 [16] and for a long time it was applied as a gas cleaning step to convert carbon monoxide

(CO) in ammonia synthesis plants [14].

Over the last two decades, the focus has shifted toward the production of renewable CH4.

Biomass-to-Gas (BtG) and Power-to-Gas (PtG) concepts have been developed to combat global

warming and reduce anthropogenic greenhouse gas emissions [17, 18]. In this context, biological

processes also gained importance [19]. Fig. 2.1 gives an overview of methods applied to CH4

production. Generally, all combinations of the displayed gas production and methanation

technologies are possible and have been looked at during the last decades. In the following

paragraphs, these major technologies are described shortly.

Thermochemical processes in the context of SNG production focus on the conversion of biomass

or coal to product gas via gasification, utilizing gasification agents such as steam, air, oxygen

(O2), CO2, H2, or a mixture of those [20]. The resulting product gas is then cleaned and

catalytically converted to raw synthetic natural gas (raw-SNG), which can be injected into the



6 2 Fundamentals

SNG

thermochemical
conversion

anaerobic
digestion

catalytic
methanation

biological
methanation

Power-to-Gas

Fig. 2.1: Overview of methods for SNG production

natural gas grid after upgrading [7]. Since the present thesis focuses on this process, a more

detailed description follows in this chapter. Investigations also focus on the biological conversion

of product gas to CH4. Schwede et al. [21] successfully produced CH4 with methanogenic archaea

immobilized on biochar to improve the mass transfer. Because of the inhibitory effect of CO,

further investigations in this direction are necessary. A further subcategory of thermochemical

conversion processes is hydrothermal gasification (HTG). The aim is to exploit the changing

chemical and physical properties of water near or above the critical point, which increases the

reactivity compared to steam significantly. A gas rich in CH4 and CO2 is obtained under typical

reaction conditions between 350 and 450 °C and 200 and 300 bar. For a sufficient CH4 yield, a

heterogeneous catalyst (e.g. Ru on activated carbon (AC )) is required [22]. Two similar pilot-scale

units have been designed and operated by the Paul Scherrer Institute and the Pacific Northwest

National Laboratory, converting 1–10 kg/h of various biomass feedstocks (including algae) to

a methane-rich gas [23, 24]. Overall the HTG process should be considered for wet biomass

feedstocks, where conventional gasification processes show disadvantages because of the energy

penalty related to drying [22].

Anaerobic digestion is the process of converting organic substrates like manure, energy crops,

municipal waste, or industrial byproducts to biogas, mainly consisting of CH4 and CO2. The

conversion itself is a biological process involving fermentative bacteria, acid-forming bacteria

and methanogens in a four-step process: hydrolysis, acidogenesis, acetogenesis, and methano-

genesis [25]. Typically, biogas is utilized in cogeneration plants to produce heat and electric-

ity [26]. However, increasing attention is paid to upgrading biogas to SNG (mainly referred

to as biomethane synonymously). Upgrading steps involve the removal of impurities and the

bulk removal of CO2. The removed CO2 is either just vented to the atmosphere or utilized

as a source of biogenic carbon for PtG processes. The same applies to removed CO2 from

thermochemical conversion processes. Such a PtG process typically produces H2 via electrolysis,

which is further used for the hydrogenation of CO2—in this particular case for the catalytic or

biological methanation to SNG. The latter uses hydrogenotrophic methanogenic archaea in trickle
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bed reactors, for example. High CH4 concentrations above 95 vol.-% have been obtained—the

poor solubility of H2 being the limiting factor [27]. While this is referred to as ex-situ biological

methanation, in-situ concepts and combinations of both have been investigated as well. During

in-situ biological methanation, H2 is directly injected into the biogas fermenter. This concept

comes with some additional limitations regarding the interference of H2 with the metabolic

pathway of microorganisms used in biogas fermenters [28, 29].

Much research is also put into the catalytic hydrogenation of CO2. In the context of PtG, the

publicly familiar term "e-fuels" is often used as an umbrella term for these processes. Advantages

thereof are (i) the possibility to store electricity from fluctuating renewable energy sources (RESs)

in the long-term, (ii) the coupling of the power and the gas grid which increases the flexibility

and stability of the former, and (iii) the production of sustainable fuels - in this case, CH4 [7].

However, there are a few hurdles along the way [30]: (i) Due to the fluctuating nature of RESs, a

dynamic operation of the plant and H2 storage capacities are required, (ii) low efficiency can be

expected due to the losses connected to electrolysis and the exothermic methanation reaction,

and (iii) high costs can be expected due to the current price of electricity (also see section 6.2).

To date, the largest and most prominent example is the Audi e-gas plant in Germany with an

installed capacity of 6 MWel, utilizing a molten-salt cooled tube bundle reactor [7]. For these

processes, the origins of H2 and CO2 are crucial for an ecologically sound concept. The most

widely discussed and matured source of renewable H2 is water electrolysis [31]. Nevertheless,

alternatives are also investigated, including electrical or thermochemical water splitting [32, 33],

biomass gasification [34], and dark or photo-fermentation of biogenic materials [35]. Biogas plants,

on the other hand, can serve as a source of renewable CO2, like in the above-mentioned Audi

e-gas plant. Furthermore, off-gases from steelworks—though not renewable—are also investigated

in methanation processes as a way of carbon recycling [36, 37].

Also for catalytic methanation processes, the combination of PtG and BtG has been realized.

Adding H2 to product gas or biogas increases the utilization of biomass carbon within a single

process setup. There is no requirement for a CO2 separation step [38, 39] and O2 from electrolysis

could be utilized as a secondary product, for example, directly as a gasification agent [40].

Nevertheless, the same limitations and benefits apply as for straight PtG concepts. This

approach is investigated and will be described further throughout this thesis.
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2.1.1 Thermodynamics

The main chemical species involved in the methanation of syngas are CH4, H2, CO, CO2, and

H2O. The thermodynamic equilibrium can be formulated via the CO methanation reaction

(Eq. 2.1),

CO + 3 H2 CH4 + H2O ΔH0
R = −206 kJ/mol (2.1)

the water-gas shift (WGS) reaction (Eq. 2.2),

CO + H2O CO2 + H2 ΔH0
R = −41 kJ/mol (2.2)

or the CO2 methanation reaction (Eq. 2.3).

CO2 + 4 H2 CH4 + 2 H2O ΔH0
R = −165 kJ/mol (2.3)

The equations are linearly dependent, requiring only two of the three equations for a unique

solution of the equilibrium state. Since these reactions are all exothermic and the methanation

reactions lead to a volume reduction according to Le Chatelier’s principle, low temperatures and

high pressures generally favor the conversion to CH4. As can be seen from the reaction equations,

an H2/CO ratio of 3 and an H2/CO2 of 4 is required for stoichiometric methanation.

Because of the low temperatures required, the methanation reactions are heterogeneously

catalyzed for industrial applications. Therefore, carbon deposition and coke formation on the

catalyst surface are issues that can lead to fouling and catalyst deactivation and need to be

considered (see section 2.1.2) [41]. From a thermodynamic point of view, the Boudouard reaction

(Eq. 2.4),

2 CO CO2 + C(s) ΔH0
R = −174 kJ/mol (2.4)

the hydrogenation of the solid carbon to CH4 (Eq. 2.5),

C(s) + 2 H2 CH4 ΔH0
R = −82 kJ/mol (2.5)

and the gasification with steam (Eq. 2.6)

C(s) + H2O CO + H2 ΔH0
R = 134 kJ/mol (2.6)
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can be considered. Increased amounts of H2O, H2, and CO2 could therefore prevent carbon

depositions [42].

Syngas from gasification—especially from dual fluidized bed (DFB) gasification—also contains

small amounts of hydrocarbons like ethylene (C2H4) [43]. Especially in fluidized bed methanation

reactors, a conversion of C2H4 to ethane (C2H6) or CH4 has been observed by Kopyscinski et

al. [44]. Therefore, the hydrogenation of C2H4 is included here. It can proceed to C2H6 or CH4

(Eqs. 2.7 and 2.8), for example.

C2H4 + H2 C2H6 ΔH0
R = −137 kJ/mol (2.7)

C2H4 + 2 H2 2 CH4 ΔH0
R = −202 kJ/mol (2.8)

Thermodynamic models are often used to describe the main methanation reactions since a good

estimation of the real gas composition can be given. For example, Gao et al. [45] systematically

investigated CO and CO2 methanation under varying temperatures, pressures, and H2/CO ratios.

Other researchers propose novel process configurations and find optimal process conditions based

on thermodynamic analysis (see section 2.3.2). Of course, temperature limits have to be obeyed,

below which kinetic limitations govern the reactions. Such temperature limits are around 320 °C

for fluidized bed applications [11, 46, 47]. Additionally, heat and mass transfer limitations can

lead to deviations [7, 11]. Conversely, carbon depositions are often governed by kinetics and an

exact description is an intricate matter. Nevertheless, thermodynamic models using graphitic

carbon as a model substance have been used by Frick et al. [48] and Bai et al. [49] to give a

rough estimation, since kinetic models are often only valid for specific reaction conditions and

catalysts [48].

2.1.2 Catalysts

As stated in section 2.1.1, a high conversion to CH4 occurs at relatively low temperatures,

requiring the application of catalysts for industrially relevant reaction rates. Generally, group

VIII–X elements of the periodic table have been found to catalyze methanation reactions [17].

Vannice [50] ranked these metals by their activity and selectivity, Mills and Steffgen [51] shortened

the list to relevant methanation catalysts, and Kuznecova and Gusca [52] added a cost ranking,

resulting in the following order:

• Activity: Ru > Fe > Ni > Co > Mo

• Selectivity: Ni > Co > Fe > Ru
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• Cost: Ru > Mo > Co > Ni > Fe

According to this ranking, ruthenium is the most active (120 times more active than nickel [53]),

nickel is the most selective, and iron is the cheapest. If these properties are combined, nickel

turns out to be the preferred solution and is, in fact, widely applied. Nevertheless, a significant

amount of research is put into developing methanation catalysts, as some reviews show [53, 54].

Since PtG applications gain importance, tailored catalysts for CO2 methanation are developed

in parallel. Also for this application, nickel-based catalysts are the front-runners [55]. Another

critical factor is the stability of the catalyst, where nickel shows some issues, as will be discussed

further down.

The support on which the active metal is immobilized also plays a vital role in shaping the

catalyst’s performance. The most commonly applied support for nickel catalysts is Al2O3 in its

γ-configuration because of its high surface area, developed pore structure, and known surface

properties. Alternative metals, such as SiO2, TiO2, ZrO2, CeO2, SiC, and perovskites, are also

studied, each showing specific advantages and drawbacks [54]. Furthermore, promoters are used,

which alter the properties of the catalyst. In combination with Ni/Al2O3, MgO and boron

have been found to increase the resistance against carbon depositions and minimize Ni particle

sintering [56, 57]. Finally, the preparation method and conditions also affect the dispersion of

the active metal and the metal-support interaction. Well-known preparation methods include

impregnation [58], precipitation [59], and sol-gel methods [60]. Also, the calcination temperature

of the support [61] and the active metal loading on the support [62] influence the activity and

stability of the catalyst. Overall, there are even more parameters that have an impact on

the properties of the catalyst. This shows that there are many angles from which catalyst

optimizations can be carried out, possibly explaining the wealth of literature available in this field.

Gao et al. [54] summarized this literature and provided a good overview of applied catalysts,

supports, promoters, and preparation methods.

Catalyst Deactivation

A major issue encountered in catalytic methanation processes is the deactivation of the catalyst

over time. Bartholomew [41] defined chemical, mechanical, and thermal deactivation mechanisms,

which he further broke down into the following categories.

Poisoning A strong chemisorption of species (e.g. impurities) occurs on the active catalyst

sites. In other words, the bond of the poison is stronger than the bond of the desired reacting

species. Sulfur compounds are one of the most problematic substances in this context. H2S,
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COS, and organic sulfur species, like thiophene, are typical substances found in product gas from

biomass gasification [63], which may react with nickel directly (Eq. 2.9) or after hydrogenation

(Eq. 2.10) [17].

H2S + NiO(s) NiS(s) + H2O(g) (2.9)

2 H2(g) + C4H4S(g) H2S(g) + C4H6(g) (2.10)

Especially nickel catalysts are reported to be very sensitive to sulfur poisoning, resulting in

stringent requirements for sulfur contents down to ppb levels [7, 64, 65].

Fouling Fouling occurs through the physical deposition or chemisorption of gaseous species

on the catalyst. When talking about methanation, fouling mainly refers to carbon or coke

depositions. While adsorbed carbon is a necessary reaction intermediate during methanation,

the formation of stable deposits can lead to catalyst deactivation [49]. This happens when the

carbon deposition rate is higher than the reaction of the adsorbed carbon with reactants, such

as H2 or H2O. The tendency to form carbon deposits greatly depends on the temperature, the

H2 and CO partial pressure, and the catalyst properties. The term coking is usually used when

talking about carbon depositions resulting from C2 species and aromatics, such as C2H4 and

benzene, which are typically in product gas from biomass gasification [63]. Various types of

carbon species can be formed thereof. If the adsorbed carbon (Cα) does not desorb, it can diffuse

into the bulk nickel, forming nickel carbide (Cγ). Adsorbed carbon can also polymerize to an

amorphous carbon film (Cβ), which can turn into graphitic carbon (CC) over time. Both species

can deactivate the catalyst by covering active sites with a film or encapsulating nickel crystallites.

Additionally, carbon whiskers (Cv) can form via an intermediate nickel carbide, blocking the

pores and physically destroying the particles. Especially Cβ and Cv occur at relatively low

temperatures (< 500 °C), making it relevant for low-temperature methanation as well. Fluidized

beds show some advantages in this regard, as will be discussed in section 2.1.4. [7, 57, 66]

Vapor-solid reactions Below temperatures of 230 °C, nickel can be carried over to the gas

phase via the reaction with CO to nickel tetracarbonyl (Ni(CO)4(g)). It is highly toxic but only

plays a role during start-up and shutdown since it is formed at temperatures where methanation

catalysts only show low activity. [17]
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Thermal degradation Especially in adiabatic fixed-bed reactors, temperature hot spots can

lead to the sintering of the nickel particles and a loss of surface area and catalyst activity. This

problem occurs due to the high heat flux and the poor heat conductivity, which can be overcome

by the application of alternative reactor concepts (see section 2.1.4). [17, 41]

Attrition and crushing In fluidized bed applications, high mechanical forces act on the bed

material, i.e. the catalyst particles. Therefore, attrition is an issue that can cause a loss of

catalyst material (i.e. lead to operational expenditures) and potentially requires a downstream

particle separation. Attention must be paid to the development of attrition-resistant catalysts,

if fluidized beds are applied. Crushing, on the other hand, refers to the destruction of catalyst

particles by mechanical stress (e.g. pressure fluctuations) or thermal stress (e.g. fast temperature

changes). This phenomenon is mainly problematic for fixed-bed applications during start-up and

shutdown. [41]

2.1.3 Kinetics

The methanation reactions can be described in approximation by the thermodynamic equilibrium

down to a certain temperature level. Below, kinetic effects govern the conversion. Even at

higher temperatures, mass transfer and kinetic limitations must be considered for an exact

description of the gas composition. Different pathways have been proposed concerning kinetic

mechanisms. One mechanism suggests the adsorption and dissociation of CO to an adsorbed Cα

and the following stepwise hydrogenation to CH4. Another mechanism proposes an oxygenated

COH-complex without the dissociation step. The hydrogenation of CO2 is believed to proceed

via CO2 adsorption, dissociation to CO, and subsequent hydrogenation of the adsorbed CO. The

presence of CO can cause a reduced CO2 reaction rate because CO is preferentially adsorbed on

the catalyst surface [67]. Overviews of available literature in this context can be found in Rönsch

et al. [17] and Schildhauer et al. [7].

The Langmuir-Hinshelwood mechanism is widely used as a mathematical description of the

reaction rate. When formulating the rate equation, the question of the rate-determining step

arises. In recent literature, such rate equations for fluidized bed methanation were formulated

by Kopyscinski et al. [68], Witte et al. [39], and Rönsch et al. [69]. The models combine fluid

dynamic aspects of fluidized beds, mass transfer between bubble and dense phase (two-phase

theory), thermodynamic equilibrium, and kinetics. Grossgasteiger utilized these models and

performed a parameter fitting to adjust the kinetic parameters to the catalyst prepared in this

work. Furthermore, he designed an algorithm that calculates the optimal reaction temperature

based on the syngas composition and a controller, which controls the reaction temperature based
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Fig. 2.2: Types of reactors used for catalytic methanation, adapted with permission from [17]

on the algorithm’s results. This topic is, however, not within the scope of this work, and a

reference to the supervised master thesis is made here [70].

2.1.4 Methanation Reactor Types

A wide range of reactor types have been developed for catalytic methanation processes—some

more advanced than others regarding their technology readiness level (TRL). Fig. 2.2 gives an

overview of applied reactor types. The only commercially available reactor types thereof are

adiabatic fixed-bed reactors [7]. Operating conditions ranging from 250 to 700 °C and pressures

from 1 to 87 bara have been applied due to the wealth of reactor types and specific conditions

they are used in [42]. In the following, the reactor types are briefly discussed.

Fixed-bed reactors

Adiabatic fixed-bed reactors are commercially utilized in coal-to-SNG plants. These concepts

consist of a reactor cascade with 2–7 fixed-bed reactors, including intermediate gas cooling and

partial gas recycling. These measures are necessary to control the temperature peaks caused by

the highly exothermic methanation reactions since no heat is directly extracted from the reactors

and the heat transfer in fixed-bed reactors is limited anyway. Additionally, fixed-bed reactors

are prone to catalyst sintering due to the high temperatures and catalyst deactivation by carbon

depositions. Because of the multiple reactors necessary, the overall concept is relatively complex.

Nevertheless, the Lurgi, the HICOM, and the TREMP processes have been developed, giving

a few examples. In 1984, 14 of the Lurgi reactors were installed in the Great Plains Synfuels

Plant in North Dakota, producing up to 4.8 mil. m3 of SNG per day [71]. For a long time, this

was the only operational SNG production plant worldwide. Only more recently, the HICOM

and TREMP processes were installed in coal-to-SNG plants in China. An adapted version of the

TREMP process from Haldor Topsøe is also installed in the GoBiGas biomass-to-SNG plant in

Gothenburg, Sweden (see section 2.3.1). Fig. 2.3 depicts a schematic diagram of the TREMP

process. It consists of 3 (sometimes 4) adiabatic fixed-bed reactors and a partial recycle of
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Fig. 2.3: Scheme of the TREMP process, reproduced with permission from [17]

raw-SNG in the first reactor stage. As it is a high-temperature methanation process (< 700 °C),

high-temperature steam can be recovered at the intermediate gas cooling steps. [8, 15, 17, 72]

Linde has developed, but not commercially applied, a cooled fixed-bed reactor using contorted

cooling tube bundles in the reactor. More recently, a molten-salt cooled tube bundle reactor

was installed in the 6 MW PtG plant in Werlte, Germany [72]. According to Rönsch et al. [17],

these reactor types can be categorized as polytropic reactors since a temperature increase is still

expected due to the heat transfer limitations.

Structured reactors

Research is put into dispersing the catalyst particles onto thermally highly conducting structures

to improve the heat transfer and reduce pressure drops in comparison to traditional fixed beds,

thus reducing temperature hotspots. Typically, metal monoliths are coated with catalyst particles,

often referred to as honeycomb structures. The Engler-Bunte-Institute applied this concept to

the load-flexible methanation of gasifier product gas with additional H2 from electrolysis [72] and

Biegger et al. [73] to a PtG concept. Similarly, micro-channel reactors have been investigated,

which allow a conversion at very high space velocities [74, 75]. However, these concepts are

still on a research level (TRL 4–5) and envisaged for smaller-scale operations. Such reactors

can be categorized as polytropic. They advantageously combine high reaction rates due to the

temperature increase at the inlet with high conversions due to the lower temperature at the exit.

A drawback is the difficult and expensive catalyst preparation and renewal, once spent.

Fluidized bed reactors

Fluidized beds are known for their high heat and mass transfer capabilities due to the movement

of the particles [76]. Hence, fluidized beds have been under investigation for catalytic methanation

processes just as long as fixed beds. One of the most prominent examples is the COMFLUX
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project, which successfully demonstrated the production of 20 MWSNG from coal in the 1980s.

The construction and operation of the large-scale plant was accompanied by a pilot unit (0.4 m

diameter, 200 kg catalyst) and a bench-scale unit at the University of Karlsruhe. In this unit,

they investigated deactivation mechanisms, kinetics, attrition resistance, and influence of sulfur

compound concentrations [8]. Fig. 2.4 shows a scheme of the bench-scale unit (left) and a picture

of the pilot plant (right).

(a) bench-scale unit
(b) pilot plant

Fig. 2.4: Bench-scale fluidized bed methanation unit at the University of Karlsruhe (a), and COMFLUX
pilot plant (b), reproduced with permission from [8]

The Paul Scherrer Institute recently picked up on these developments and investigated the

fluidized methanation process more closely. They performed spatially resolved concentration

and temperature measurements along the height of the catalytic bed. The results show that the

particle movement leads to an in-situ regeneration of the catalyst particles and, therefore, reduces

the risk for carbon depositions even in the presence of C2H4 [44, 47]. The main advantages

of fluidized beds are the intrinsic catalyst regeneration and the nearly isothermal operating

conditions, eliminating temperature hotspots. The limiting factor of fluidized beds, on the other

hand, is the mass transfer between the bubble phase and the dense phase in the upper part of the

bed, reducing conversion [11]. Furthermore, catalyst particles have to cope with high mechanical
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Tab. 2.1: Advantages and disadvantages of fluidized beds in comparison to fixed-bed methanation reactors
[7, 8, 17, 57, 72]

fixed-bed reactor fluidized bed reactor

advantages
– commercially available concept
– commercially available catalyst
– heat recovery at higher temperatures
– higher degrees of freedom through WGS unit

advantages
– conversion in one step possible
– no WGS or pre-methanation unit necessary
– catalyst fouling better manageable
– olefine hydrogenation possible in reactor
– formed C2H6 in SNG increases LHV
– lower amounts of catalyst needed
– better heat and mass transfer

disadvantages
– difficult heat management and temperature

control
– more complex process through reactor cas-

cade
– gas recycling often needed
– higher risk of catalyst fouling especially at

higher temperatures
– higher efforts on gas cleaning and gas condi-

tioning

disadvantages
– no manufacturer established
– fluidized bed methanation catalysts not es-

tablished
– potential catalyst attrition and elutriation
– reactor design more complex

stress, necessitating the development of attrition-resistant catalysts. This, and the more complex

control of the reactor itself compared to fixed beds, might have prevented the commercialization

since only research and demonstration projects are available so far (see section 2.3). Nevertheless,

the Swiss company AlphaSYNT currently works on commercializing the technology [77]. Rönsch

et al. [17] assign a TRL of 7 to fluidized bed methanation. Table 2.1 aims to summarize the

advantages and disadvantages of fluidized beds in comparison to fixed-bed methanation reactors.

Slurry reactors

A few investigations also looked at slurry (or three-phase) reactors for catalytic methanation

processes. Slurry reactors show the advantage of isothermal operating conditions even under load

fluctuations due to the additional heat capacity of the liquid phase. Drawbacks are the additional

mass transfer barrier to and from the liquid phase and possible decomposition and evaporation

of the liquid phase [78, 79]. This technology also started out in the 1970s for converting syngas

from coal. A quite large-scale pilot plant was erected and operated at that time [8]. Nevertheless,

a TRL of 4–5 can be assumed for these types of reactors [17].

2.1.5 Natural Gas Grid Specifications

Natural gas is typically transported in pipelines. The same is envisaged for SNG and biogas if it

is not utilized in the direct vicinity of the production site. Specific criteria have to be fulfilled for
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Tab. 2.2: Excerpt from the Austrian gas grid specifications according to ÖVGW G B210 at 25 °C/0 °C

parameter unit value parameter unit value
Wobbe-Index MJ/m3 47.7 − 56.92 CO mol-% 0.1
HHVa MJ/m3 33.73 − 47.63 NH3 mg/m3 ≤ 10
rel. density - 0.5 − 0.7 total sulfur mg/m3 ≤ 21
H2 mol-% ≤ 10 H2S+COS mg/m3 ≤ 5
CO2 mol-% ≤ 2.5 O2 mol-% 0.001
N2 mol-% ≤ 5 H2O dew pointb °C −8

a higher heating value (HHV)
b at 70 bara, or the maximum allowed pressure of the grid

pipeline transportation, ensuring high-quality gas and meeting safety standards. Unfortunately,

there is no unified standard in the EU, and each country defines its own specifications [80].

In Austria, the specifications are regulated by "Österreichische Vereinigung für das Gas- und

Wasserfach (ÖVGW)" directive G B210. Table 2.2 shows an excerpt of the specifications. While

the maximum allowed H2 content has been increased in the last years, the demanded CO content

of 0.1 mol-% poses a challenge for catalytic methanation processes. The limitations regarding

impurities show that not only the deactivation of the catalyst gives reason for rigorous gas

cleaning but also the grid specifications.

2.2 Product Gas Generation and Gas Cleaning

Conventional syngas for methanation is produced through the gasification of solid feedstock

(biomass, coal) and consecutive gas cleaning. Coal gasification has been carried out for decades to

produce SNG—for example, in the Great Plains synfuel plant, as already introduced in section 2.1.

Over the last two decades, biomass gasification gained importance due to the rising awareness

of climate change. For biomass, alternative gasification technologies have been developed in

comparison to coal because of the different physical and chemical properties and the different

feedstock potentials and utilization strategies.

A stoichiometric syngas for methanation would have an H2/CO ratio of 3 and an H2/CO2 ratio

of 4. Unfortunately, woody biomass has an average elemental composition of CH1.44O0.66 [20],

requiring an active conversion to reach more suitable gas compositions. The parameters that

can be used to adjust the gas composition and quality are the operating mode, the gasification

agent, and the reactor type, as Fig. 2.5 shows. Only the most widely applied combinations are

shown. Other combinations of gasification agents and reactor types are generally applied as well.

Furthermore, the type of woody biomass itself plays a crucial role. For methanation, low nitrogen

and high H2 contents are obligatory, reducing the possibilities to O2, mixed O2/H2O, and pure

H2O gasification in entrained flow or fluidized bed gasifiers. The downside of utilizing O2 as a
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air
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allothermal

H2O

fluidized bed
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CO2

fluidized bed

LHV: mid
N2: low
H2: mid

Fig. 2.5: Classification of gasification technologies, adapted from [20]

gasification agent is the requirement of an air separation unit (or an electrolyzer). Additionally,

entrained flow gasifiers are quite complex. Both issues make these concepts feasible at large

scales (e.g. for coal gasification). Thus, allothermal gasification with H2O as a gasification agent

has proven to be advantageous for syngas production. The following section will introduce the

DFB gasification technology as an example of allothermal, fluidized bed gasification. [20]

2.2.1 Dual Fluidized Bed Gasification

DFB steam gasification has been successfully demonstrated in several industrial-scale plants in

Austria, Germany, Sweden, Thailand, and Japan. Over the last two decades heat and electricity

as well as SNG have been produced from woody biomass via this technology [81]. The basic

principle of DFB gasification is depicted in Fig. 2.6 and follows the description in Paper IV [38].

In the gasification reactor (GR), biogenic feedstock is converted to a product gas containing

mainly H2, CO, CO2, and CH4 with steam as a gasification agent. Due to the allothermal

operation of the GR, a nearly nitrogen-free product gas is obtained. However, impurities, like

tars and nitrogen- and sulfur-containing species, might need to be removed in a downstream gas

cleaning section, depending on the quality of the feedstock. The GR is coupled with a combustion

reactor (CR) through a solids circulation loop. In the CR, ungasified char and additional fuel (e.g.

recycled product gas) is combusted with air to heat up the bed material. Since the CR is operated

as a fast fluidized bed, the hot bed material is transported back to the GR, where it sustains

the endothermic gasification process. Numerous investigations have been conducted looking at

different aspects of the process. Wilk et al. [82], Benedikt et al. [83, 84], Mauerhofer et al. [85],
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Fig. 2.6: Basic principle of DFB gasification (left) and DFB gasification with in situ CO2 removal (SER
process) (right), reproduced from [38]

Schweitzer [86], and Schmid et al. [87, 88] looked at different feedstocks, ranging from high-quality

softwood pellets to sewage sludge, showing the broad applicability of DFB gasification, even for

low-value waste material and residues. Others looked at the application of alternative gasification

agents, such as CO2 [89, 90]. Furthermore, the type of bed material plays a crucial role, defining

its catalytic activity and, therefore, influencing the product gas composition and quality [91–93].

The influence on the tar content is especially well documented [43, 94, 95], as it influences the

operational stability of the plant. Over the last couple of years, the advanced DFB gasification

technology has been developed and investigated at TU Wien. It increases the fuel flexibility,

allows the production of a higher-quality gas, and the application of soft bed materials like

limestone [63, 96]. A closer description of this reactor concept follows in Chapter 4, as it is the

technology used for the investigations in this thesis.

If limestone is used as bed material, the in-situ removal of CO2 from the GR can be facilitated.

This advanced operation mode is also referred to as sorption enhanced reforming (SER) (Fig. 2.6

(right)). At comparable low temperatures of 600 to 750 °C in the GR, CaCO3 is formed out

of CaO and gaseous CO2. Removing gaseous CO2 from the product gas stimulates the WGS

reaction and increases the H2 content (up to 70 vol.-%db). The captured CO2 is transported to

the CR as CaCO3 together with the bed material and char. At elevated temperatures in the

CR, the CaCO3 is calcined. Thus, gaseous CO2 is released again in the CR and CaO is formed

out of CaCO3. The gasification temperature [97, 98] and the bed material cycle rate [99] are

the two main parameters that allow the targeted adjustment of the product gas composition.

Therefore, the product gas from the SER process might be more suitable for methanation than

the conventional product gas. Fig. 2.7 depicts the evolution of the product gas composition over

the gasification temperature of the SER process, according to Fuchs et al. [97]. The data was
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Fig. 2.7: Product gas composition over gasification temperature for the SER process according to Fuchs
et al., reproduced from [97]

recorded at the 100 kWth advanced DFB pilot plant at TU Wien and will be used throughout

this work to assess fluidized bed methanation in combination with the SER process.

2.2.2 Gas Cleaning

Product gas cleaning is probably the most critical area when it comes to high plant availability

and a long catalyst lifetime. At the same time, it is the most difficult segment to assess

fundamentally because of the many potentially involved substances [100, 101]. In this context,

gas cleaning aims to remove impurities from the gas stream which are harmful to downstream

syntheses, cause technical and operational problems in gas utilization appliances, and would

result in environmental and health issues if emitted to the atmosphere. The amount and nature of

substances that need to be removed depends on the biomass feedstock and the primary measures

already carried out during gasification. Nevertheless, the main concerning species remain the

same.

• Particulate matter,

• alkali metals,

• tar,

• sulfur-containing substances (H2S, COS, C4H4S, . . . ),

• nitrogen-containing substances (NH3, HCN, . . . ), and
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• halogen-containing substances (HCl, . . . ).

Another main distinction is made whether gas cleaning is performed hot or cold. The latter

is commonly applied, reliable, and allows high separation efficiencies. Hot gas cleaning, on the

other hand, has the benefit of being more energy efficient and results in less effluent streams

that need to be taken care of. However, the TRL is lower and typically applied catalysts tend to

deactivate rapidly [100]. In this work, primarily cold gas cleaning approaches are utilized and

further discussed.

From a catalyst perspective, sulfur-containing species are the most critical, leading to a fast

deactivation, especially when nickel is used. Conventionally, absorption-based processes, like

Selexol, Rectisol, or amine-based solutions, are utilized. These processes allow a simultaneous

removal of H2S and CO2 [102]. Another possibility is adsorption on AC, the preferred solution in

smaller-scale plants. Additionally, metal oxides, like ZnO and CuO, are applied to chemically

bond H2S for a deep sulfur removal down to ppb levels [103]. Since product gas also contains

organic sulfur species, which are not necessarily removed by the mentioned technologies, a

catalytic conversion to H2S can be targeted in a hydro-desulfurization unit [104].

Tars consist of a complex mixture of organic molecules resulting from incomplete gasification.

They lead to fouling on equipment and catalyst deactivation and must be removed beforehand.

Wet scrubbing is commonly applied, where tars condense or absorb in the washing liquid. Initially,

water has been used for this task, which lacks the ability to dissolve non-polar tar components.

Thus, oil-based scrubbers have been developed, which simultaneously condense and adsorb tars [7,

100]. In this work, rapeseed methyl ester (RME) is used as a solvent, which has previously

been used for tar removal in DFB plants [105]. However, lighter (poly)aromatic compounds,

such as benzene, toluene, xylene, or naphthalene, do not fully separate in the scrubber. Thus,

consecutive adsorption on AC can be carried out. In the GoBiGas plant (see section 2.3.1), AC

was used in a temperature swing adsorption (TSA) unit for this purpose [13].

NH3 and HCN are highly water-soluble [100]. Therefore, water scrubbing is an efficient removal

technology. Since the product gas of a DFB gasifier contains large amounts of water, the solvent

is already inherently available. Thus, a significant NH3 removal capacity has been reported in

oil scrubbers since tars and water condense there [106]. Acidic scrubbers can be applied if the

required purity level is not reached [107].

Much more could be said on the complex topic of gas cleaning, including other impurity

families such as particulate matter, halogenated compounds, or alkali metals. For the purpose of

this work, only the excerpt mentioned above is provided, and further details are documented in

literature [100, 108].
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2.3 Process Concepts

Methanation concepts to produce SNG from woody biomass have been proposed in literature

and even demonstration projects have been realized. In this section, existing demonstration

concepts (section 2.3.1), recent developments on a research level (section 2.3.2), and the concepts

conceived in this thesis (section 2.3.3) are presented.

2.3.1 Demonstration Plants

The most prominent examples of SNG production from woody biomass are the 1 MWSNG process

development unit (PDU ) connected to the DFB gasification plant in Güssing (Austria) and

the 20 MWSNG GoBiGas plant in Gothenburg (Sweden). Fig. 2.8 shows pictures of the two

demonstration plants.

The two realized projects differ in terms of the applied concepts, as Fig. 2.9 and Fig. 2.10

show. While both product gas generation sections are based on the DFB technology, a fluidized

bed methanation reactor is installed in the PDU in Güssing, and a down-scaled TREMP process

from Haldor Topsøe is installed at the GoBiGas plant. The latter uses 4 adiabatic fixed-bed

reactors, a WGS unit, a gas conditioning reactor, and a pre-methanation unit, while only a

single fluidized bed is used in the PDU in Güssing. This obvious advantage is opposed by the

fact that the TREMP process is industrially proven and commercially available. As a result,

the gas cleaning and upgrading sections also differ substantially. The GoBiGas plant uses an

(a) GoBiGas plant Gothenburg (b) PDU Güssing

Fig. 2.8: Pictures of the demonstration plants, reproduced from [109] and [110]
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Fig. 2.9: Basic flow chart of the 1 MWSNG PDU in Güssing (Austria) [110]

olefine hydrogenator and a COS hydrolyzer to convert C2-species and sulfur compounds upstream

to an H2S scrubber. In Güssing, C2-species are converted in the methanation reactor and AC

beds remove H2S. In both cases, light (poly)aromatic compounds such as benzene, toluene,

and naphthalene are removed by AC. The effects of the different methanation concepts show

up when it comes to gas upgrading and conditioning. In the GoBiGas plant, only drying is

required downstream of the methanation section. CO2 separation is performed upstream the

methanation section and downstream the WGS unit. This is enabled by the WGS unit shifting

the gas before methanation and therefore producing CO2. In a single fluidized bed methanation

concept, CO2 separation needs to be placed downstream since the gas shifting is typically carried

out in the methanation reactor [42]. Due to the lower operating pressure and the higher final

methanation temperature in the fluidized bed methanation reactor, an additional H2 separation

is required in the PDU. Despite the different concepts, both plants demonstrated the production

of grid-feedable SNG, the GoBiGas plant being already a scaling step more advanced. However,

the plans for a 100–200 MWSNG industrial-scale plant based on GoBiGas were discontinued.

Good documentation on the GoBiGas plant is available in literature [13, 109, 111]. Unfortunately,

the Güssing PDU lacks open information, apart from the thesis of Rehling [110].

More recently, another fluidized bed methanation project at a scale of 400 kWSNG was realized.

In France, the GAYA platform went into operation and produced SNG via DFB gasification

of woody biomass and solid recovered fuels [112]. Even PtG, hydrolyzing CO2 with H2, was

experimentally investigated [113]. Announcements were made by ENGIE, which indicated that

this process will be scaled-up. Starting in 2026, approximately 20 MWSNG should be produced

from non-recyclable waste within the SALAMANDRE project [114, 115].
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Fig. 2.10: Basic flow chart of the 20 MWSNG GoBiGas plant in Gothenburg (Sweden) [13, 109]

2.3.2 Research Concepts

Some more advanced and novel research concepts for catalytic methanation processes of syngas

have been published in literature. This section aims to present some of the ideas which have

been investigated. For example, Gassner and Maréchal [40] proposed on a theoretical basis the

addition of renewable H2 to the syngas to improve the carbon utilization of the biomass. Some

other works followed up on this idea of a hybrid concept, as summarized in Paper IV [38]:

Alamia et al. [116] simulated the integration of H2 in an optimized GoBiGas plant and calculated

cold gas efficiencies between 70% and 73% for SNG production. Some experimental investigations

were carried out by Salbrechter and Schubert [117]. They performed methanation experiments in

fixed-bed reactors with varying H2 contents in the premixed syngas. Multiple alternative concepts

for the integration of H2 in the SNG production process have been proposed. Giglio et al. [118]

conceptualized a catalytic methanation process in isothermal reactors in combination with solid

oxide electrolysis and O2/steam-blown gasification and calculated cold gas efficiencies as high as

71.7%. From an experimental point of view, Leimert et al. [119] combined the heatpipe reformer

gasification technology with a polytropic fixed-bed methanation reactor and demonstrated the

production of raw-SNG with additional H2. Another demonstration of a hybrid process concept

was shown by Witte et al. [120]. They directly upgraded biogas in a fluidized bed methanation

reactor with external H2 over more than 1000 h with an average CH4 yield of 96%.

Another novel concept is the combination of the SER process with methanation. Brellochs [121]

modeled such a combination and defined a small gasification temperature window between

697.5 °C and 702.5 °C, where the product gas composition in the gasifier can be adjusted close

enough to the stoichiometric requirements of methanation so that no CO2 separation unit is
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required. Martínez et al. [122] modeled a cold gas efficiency of 62% for a combination of the SER

process with the TREMP methanation process. However, neither the hybrid concept, combining

DFB gasification, H2 addition, and catalytic methanation, nor the SER process in combination

with catalytic methanation, have been experimentally investigated and presented in literature.

Therefore, this work deals with these aspects, as section 2.3.3 describes more closely.

2.3.3 Applied Process Concepts

Fig. 2.11 depicts basic flowcharts of investigated process chains in this work. The investigations

focus on three novel configurations, as introduced in section 2.3.2:

• advanced DFB gasification and direct methanation of the DFB product gas (DFB-Std)

• advanced DFB gasification with external H2 addition to the product gas and methanation

of the hydrogen-enriched product gas (DFB+H2)

• SER process with direct methanation of the hydrogen-enriched product gas without external

H2 addition (SER)

All three concepts are investigated with the same advanced DFB pilot-plant and the gas

cleaning and methanation units set-up in this work (see Chapter 4). Gas upgrading is looked at

from a simulation perspective in Chapter 6 but is not investigated experimentally.

Fig. 2.11: Basic process chains investigated in this work, (a) DFB gasification with optional H2 addition
to the syngas, (b) DFB gasification with in-situ CO2 removal (SER process), reproduced from [38]
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Chapter 3

Methodology

This thesis covers catalytic methanation from a thermodynamic, experimental, and simulative

point of view. Therefore, the applied methods are manifold, combining modeling, experiments,

analytical methods, and measurement data.

Thermodynamic modeling of the methanation reactions is performed in HSC Chemistry 6 and

MATLAB to investigate the influence of syngas composition, temperature, and pressure on the

process (see Paper I). The developed MATLAB code numerically solves the equilibrium constant

expressions for each reaction equation, eventually computing the equilibrium concentrations. Basic

fluid dynamic and heat transfer calculations are carried out to design the fluidized bed methanation

reactor. Additionally, a model in the process simulation software IPSEpro 8.0 is developed to

support the design (see Paper II). The developed fluidized bed methanation catalyst is analyzed

using temperature-programmed reduction, temperature-programmed oxidation (TPO), pulse

chemisorption, N2 physisorption, and laser diffraction methods. Methanation experiments with

the designed reactor and catalyst provide numerous temperature, pressure, and gas composition

measurement data, which are evaluated and validated with the previously developed model in

IPSEpro (see Paper III). A similar approach is chosen to evaluate and validate full process

chain experiments (see Paper IV). Eventually, industrial-scale concepts are set up and simulated

in IPSEpro. This data provides the technical basis for the economic and ecological evaluation

(see Paper V). In the following, the technical parameters and key performance indicators (KPIs)

(section 3.1) and the techno-economic KPIs and the CO2 footprint (section 3.2) are introduced.

Further information on the measurement setup can be found in Paper III and Paper IV. A

more detailed description of the methodology used for the techno-economic analysis has been

published in related works [81, 123].
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3.1 Technical Parameters

The CH4 yield (YCH4) is calculated according to Eq. 3.1, where ṅ is the molar flow of species j

and N is the number of carbon atoms in the respective gas component in the feed gas (feed)

and the raw synthetic natural gas (raw-SNG) (out). Eqs. 3.2, 3.3, 3.4 define the CO conversion

(XCO), the CO2 conversion (XCO2), and the H2 conversion (XH2), respectively. [124]

YCH4 = ṅCH4,out�
j Nj ṅj,feed

∗ 100 (3.1)

XCO = ṅCO,feed − ṅCO,out

ṅCO,feed
∗ 100 (3.2)

XCO2 = ṅCO2,feed − ṅCO2,out

ṅCO2,feed
∗ 100 (3.3)

XH2 = ṅH2,feed − ṅH2,out

ṅH2,feed
∗ 100 (3.4)

In this work, ethylene (C2H4), as the main hydrocarbon species in the dual fluidized bed (DFB)

product gas besides CH4, is investigated in the methanation reactor. Thus, it is helpful to define

a selectivity of C2H4 towards C2H6 (SC2H6) (Eq. 3.5) as the results will show. Furthermore,

CO can react to CO2 via the water-gas shift (WGS) reaction, especially if a substoichiometric

product gas is methanated. Thus, a selectivity of CO towards CO2 (SCO2) is defined (Eq. 3.6).

SC2H6 = ṅC2H6,out − ṅC2H6,feed

ṅC2H4,feed − ṅC2H4,out
∗ 100 (3.5)

SCO2 = ṅCO2,out − ṅCO2,feed

ṅCO,feed − ṅCO,out
∗ 100 (3.6)

The stoichiometric number (SN) (Eq. 3.7) assesses the stoichiometry of the feed gas for metha-

nation according to the reaction equations (Eqs. 2.1, 2.2, 2.3) [124].

SN = yH2

3 yCO + 4 yCO2 + 2 yC2H4
(3.7)

For the evaluation of the performance of the whole process chain, the carbon utilization (ηC)

is defined, which relates the amount of carbon in the raw-SNG or synthetic natural gas (SNG)

to the amount of carbon in the feedstock (Eq. 3.8). Two different definitions of the cold gas

efficiency are used, depending on the investigated case. For pilot-scale investigations, the chemical

energy of the raw-SNG (PrawSNG) is compared to the chemical energy of the fuel input to the
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gasification reactor (GR) (PGR,fuel) and the combustion reactor (CR) (PCR,fuel) minus heat

losses (Q̇loss) plus the chemical energy introduced through external H2 addition (PH2)(Eq. 3.9)

[38]. In industrial-scale plants, the additional fuel input to the CR is replaced by an internal

product gas recycling, resulting in the definition of Eq. 3.10.

ηC = ṁC,CH4,SNG

ṁC,GR,fuel
(3.8)

η∗
CGE,o = PrawSNG

PGR,fuel + PCR,fuel − Q̇loss + PH2

(3.9)

ηCGE,o = PSNG

PGR,fuel + PH2
(3.10)

3.2 Techno-Economic Assessment & CO2 Footprint

The main KPIs used for the techno-economic assessment in Chapter 6 are the levelized costs of

products (LCOP), calculated according to Eq. 3.11. The calculation follows the net present value

(NPV ) method and is based on the IPSEpro simulation results for a plant scale of 100 MW fuel

input. The LCOP depend on the capital investment costs (I0), the annual expenditures (E),

the annual revenues of secondary products (Rsec.prod.), and the annual quantity of the produced

SNG (Mt,SNG). The cumulative discount factor (CDF) is used to discount the expenditures and

revenues of the secondary products to the present, depending on the interest rate (i) and the

plant lifetime (n) (Eq. 3.12). [125, 126]

LCOP = I0 + (E − Rsec.prod.) CDF

Mt,SNG CDF
(3.11)

CDF = (1 + i)n − 1
i (1 + i)n

(3.12)

The capital investment costs are determined in two ways. The costs of the DFB plant section are

estimated from the existing industrial-scale DFB plants in Güssing, Oberwart, and Senden. For

the downstream fine gas cleaning and SNG synthesis part, single equipment costs are researched

and multiplied with a Lang factor of 4.87 for a solid-fluid processing plant [127]. The researched

equipment costs Ceq,base are scaled to the required size according to the cost-scaling method and

are inflation-adjusted to the years 2019 and 2022 via the chemical engineering plant cost index

(CEPCI )(Eq. 3.13). Ceq,design refers to the equipment cost at the design scale and Sdesign and
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Sbase to the scale itself, with r being the scaling factor. The overall installation factor Z accounts

for equipment transportation. [125, 127]

Ceq,design = Ceq,base

�
Sdesign

Sbase

�r

Z
CEPCIref

CEPCIbase
(3.13)

From an ecological perspective, the water consumption of the processes and the CO2 footprint

are evaluated in Chapter 6. The water consumption simply results from the mass and energy

balances in IPSEpro. The CO2 footprint, on the other hand, aims to calculate the greenhouse

gas emissions in CO2 equivalent (CO2e). Therein, the direct and indirect emissions of the main

utilities are calculated via ecological factors for e.g., the biomass, the operating utilities, or the

construction material. For an ecologically viable concept, green electricity is assumed. Most of

the data is sourced from the Federal Environmental Agency of Austria [128] and Germany [129],

as well as the software tool GEMIS 5.1 [130]. Since two products are produced—SNG and

district heat—the emissions are evenly distributed to the two products by their respective energy

content. Furthermore, the implementation of SNG in different sectors of the Austrian energy

system is evaluated in Chapter 6. Therefore, a CO2 reduction potential per sector i is defined

(CO2ered,seci
). It compares the substituted gas consumption of sector i (Egas,seci) multiplied by

the difference in CO2 footprint of natural gas (FPNG) and SNG (FPSNG) to the overall annual

CO2e emissions of sector i (CO2etot,seci) (Eq. 3.14). Thus, a quantitative statement on CO2

reduction potentials of different sectors can be made.

CO2ered,seci
= Egas,seci (FPNG − FPSNG)

CO2etot,seci

(3.14)
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Chapter 4

Pilot-Scale SNG Process Chain

In this work, a full process chain converting woody biomass to raw synthetic natural gas (raw-

SNG) was designed, set up, and experimentally investigated. The following description of the

process chain is partly taken from Paper IV [38]. The main units are,

• an existing 100 kWth advanced dual fluidized bed (DFB) gasification pilot plant,

• a biodiesel (rapeseed methyl ester (RME)) scrubber,

• activated carbon (AC ) and zinc oxide (ZnO) adsorber beds,

• and a 10 kWSNG fluidized bed methanation reactor.

Fig. 4.1 shows a basic flow sheet of the process chain at TU Wien. The left part of the diagram

depicts the fuel-feeding system. Three fuel hoppers are available to feed the feedstock via screws

into the lower gasification reactor (GR) where the gasification with steam occurs. The generated

product gas further reacts in the upper GR and leaves the DFB system after particle separation

in a gravity separator and a cyclone. The advanced DFB design, incorporating a counter-current

column with constrictions in the upper GR and gravity separators, allows a better conversion

due to the increased residence time and turbulence in the counter-current column. This results

in a higher quality product gas and the possibility to use softer and catalytically more active bed

materials like limestone [84, 131]. Therefore, this pilot plant is used to investigate product gas

from the DFB process and the sorption enhanced reforming (SER) process. Fig. 4.2 shows a

picture and a schematic drawing of the 100 kWth advanced DFB pilot plant at TU Wien. No

further details are provided here since the design of the pilot plant and the experimental results

are well documented in literature [63, 83, 84, 96, 97, 99, 132].

Downstream the DFB system, a partial flow of the product gas is directed towards the synthetic

natural gas (SNG) process chain. This partial stream is cleaned in a filter stuffed with glass
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Fig. 4.2: Picture (left) and schematic drawing (right) of the 100 kW advanced DFB pilot plant at TU
Wien, reproduced from [38]

wool1 and enters the RME scrubber. In the RME scrubber (Fig. 4.3 left), tar compounds and

water-soluble substances, like NH3, partially separate from the gas stream. An emulsion phase

and a water-rich phase are obtained in the connected phase separator, while the RME phase

recirculates to the scrubber column. Further information on this topic is documented in [105].

The following membrane compressor is used as a blower to set the required volume flow for

the methanation reactor. Since the process chain is operated at almost atmospheric pressure,

Fig. 4.3: Pictures of the gas cleaning units: RME-scrubber (left) and AC beds (right), reproduced
from [38]

1At the time of writing the glass wool filter had already been upgraded to a hot gas filter with ceramic filter
candles.



34 4 Pilot-Scale SNG Process Chain

no significant pressure increase is desired at this point. To further remove impurities from the

product gas stream, the gas passes through two AC beds and a ZnO bed at approximately

300 °C (Fig. 4.3 right). These beds remove (poly)aromatic compounds such as benzene, toluene,

naphthalene, and sulfur compounds (e.g. H2S) from the gas stream. The preheated gas then

enters the fluidized bed methanation reactor, where the syngas is converted to raw-SNG. A glass

wool filter holds back potentially carried-out catalyst particles and a natural gas operated flare is

used to burn the raw-SNG downstream of the gas analysis measurements. Auxiliary systems, like

process media supply, measurement technology, a process control system and safety measures

accompany the main process chain.

4.1 Design and Construction of the Fluidized Bed Methanation

Reactor

The methanation reactor is designed as an internally circulating fluidized bed (ICFB), following

the work of Hofbauer [134]. Fig. 4.4 shows a schematic drawing of the reactor concept. It

consists of two individually fluidized reaction zones—the inner draft tube and the outer annular

region. By adjusting the volume flows Q̇a and Q̇d, and therefore the superficial gas velocities

ua and ud, a bed material (or catalyst) circulation between the two bubbling fluidized bed

regions via the upper gap and the lower gap can be established (gray arrows). This should allow

additional circulation, increasing the heat exchange of the bed material with the cooling surfaces.

Fig. 4.4: Schematic drawing of the internally circulating fluidized bed reactor concept (left) and results
of the gas slip investigations showing the gas slip from the draft tube to the annular region Sa over the
fluidization ratio ud/ua (right), adapted from [133]
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Furthermore, increased load flexibility could be achieved by the individual fluidization of the two

regions. For example, only one of the two regions could be active under partial load while the

other is in standby mode. Eventually, even a two-stage concept in one reactor is thinkable. For

example, after a first conversion in the annular region, the gas could be withdrawn, water could

be externally condensed, and redirected to the draft tube for a final conversion (or polishing) step.

However, not only the bed material circulates between the two zones, but also a gas slip occurs

(denoted by red arrows and Sa and Sd). The fluid dynamic investigations carried out in Paper

II [133] confirm the gas slip and show a correlation of the gas slip with the fluidization ratio

ud/ua (cf. Fig. 4.4). Furthermore, the fluidization ratio was found to be directly proportional to

the pressure difference in the upper gap pd − pa. Further details are provided in the respective

publication.

Fig. 4.5 shows a 3D CAD drawing of the fluidized bed reactor setup. Two wind boxes allow

the individual fluidization of the two reaction zones. A distributor plate with integrated nozzles

provides the necessary pressure drop. Pneumatic silencers 2 are used as nozzles in the small-scale

reactor to ensure a uniform gas distribution. Both reaction zones are cooled individually to

manage the heat released by the exothermic reaction. An air-perfused coil cools the inner reaction

zone, while an outer cooling jacket is used to cool the annular reaction zone. Thus, an isothermal

operation of the methanation reactor is ensured. At the same time, the fluidization in the two

reaction zones is not disturbed by internals. The catalyst, however, can move freely between the

zones through the upper gap and the lower gap. [124]

Fig. 4.5: 3D CAD drawing (left) and picture (right) of the fluidized bed reactor, reproduced from [38]

2PKS GmbH Type SDD 18
https://pks.fittingline.com/artikel/de/schalldaempfer-g-18-drahtgewebe-messing/SDD18

https://pks.fittingline.com/artikel/de/schalldaempfer-g-18-drahtgewebe-messing/SDD 18
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The design of the methanation reactor considered the following steps, targeting a chemical

raw-SNG power of 10 kW.

• Thermodynamic calculation of the raw-SNG gas composition, volume reduction and the

heat of reaction, considering a stoichiometric H2/CO and H2/CO2 inlet composition as

well as a typical advanced DFB and SER product gas at 300–350 °C and 1 bara.

• Fluid dynamic calculation of the minimum fluidization velocity umf in IPSEpro according

to Grace [135], utilizing the property data of the gas in the thermodynamic equilibrium.

• Calculation of a suitable pressure drop in the gas distributor plate, determining the number

of required nozzles.

• Estimation of the heat exchanger surface area and cooling air volume flow according to VDI

Wärmeatlas [136] to remove the reaction heat from the reactor and ensure an isothermal

operation.

The drawings of the fluidized bed methanation reactor, the whole assembly, and the gas cleaning

units are attached to Appendix B. Table 4.1 additionally summarizes the main properties and

dimensions of the fluidized bed methanation reactor. Further information on the design is

documented in Paper II [133].

Tab. 4.1: Main design values of the fluidized bed methanation reactor

parameter unit value
inner diameter draft tube cm 8.0
inner diameter annular region cm 16.4
unfluidized bed height cm 20
number of nozzles draft tube - 8
number of nozzles annular region - 14
nominal chemical energy SNG kW 10
operating temperature reaction zone °C 280–400
gas preheating temperature °C 250
operating pressure bar atmospheric

Fig. 4.6 depicts a simplified piping and instrumentation (P&I ) diagram of the fluidized bed

methanation reactor setup. The test rig can either be used with synthetically premixed gases or

connected to the process chain for the live gas methanation of DFB syngas. For the former, the

gases (H2/CO/CO2/CH4/C2H4) are withdrawn from gas cylinders and premixed according to

the volume flow set by valves and rotameters. After splitting and preheating, the gas stream

enters the wind boxes. Here, water vapor can be added if the syngas composition requires so.

The reaction zones are equipped with thermocouples type K to measure the axial temperature

distribution along the reactor height. The gas outlet is equipped with a particle filter and
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Fig. 4.6: Simplified P&I diagram of the fluidized bed reactor setup, reproduced from [124]

downstream the raw-SNG is burnt in a flare. The syngas and raw-SNG compositions are analyzed

online with Emerson NGA-2000 modules.

4.2 Catalyst Preparation and Properties

Disclaimer: A declaration error occurred in Paper III [124]. The catalyst support material

was wrongly declared as α-Al2O3. Instead, the Puralox SCCa-150/200 Al2O3 support material

from SASOL shows a γ/δ crystal phase structure. A corrigendum was published (see Paper

IV [137]).

A considerable amount of research on methanation catalysts is available in literature, following the

wealth of available preparation methods and influencing parameters, as explained in section 2.1.2.

Only limited information is available on the preparation of methanation catalysts for fluidized

bed applications. Cui et al. [138] added binders to a spray-granulated Ni-Mg/Al2O3 catalyst



38 4 Pilot-Scale SNG Process Chain

Fig. 4.7: Picture of the prepared
catalyst

Tab. 4.2: Measured properties of the Al2O3 support and the
prepared NiO/Al2O3 catalyst [124]

parameter unit Al2O3 NiO/Al2O3

Geldart group - B B
Sauter diameter dSV µm 140 150
bulk density ρb kg/m3 787 902
BET surface area m2/g 183 142
Ni surface area m2/g - 2.8
Ni mean particle size nm - 37

and found the highest attrition resistance for acidic silica sol. Others generally showed the

superiority of fluidized beds over fixed beds in small lab-scale test rigs. However, no holistic

approach combining the investigation of the fluidization behavior with the catalytic activity

seems to be available. Thus, a catalyst designed for fluidized bed applications was prepared in

this work. Composition-wise, a typical 20 wt.-% NiO and 2 wt.-% MgO catalyst was prepared

by impregnation on an Al2O3 catalyst support, following Hu et al. [56]. The catalyst support

was a Puralox SCCa-150/200 γ-Al2O3 from SASOL, particularly designed for fluidized beds and

exhibiting a high attrition resistance, a narrow particle size distribution, and high sphericity [139].

Table 4.2 shows the main properties of the prepared catalyst and the unimpregnated Al2O3.

Both are classified as group B particles close to the transition area to group A, according to

Geldart [140]. An increase in the mean Sauter diameter dSV and the bulk density ρb is observed

through the impregnation, while the surface area is reduced by approx. 22%. Most likely, some

pores were blocked by NiO particles. Nevertheless, the surface area is in the range of commonly

used NiO/Al2O3 catalysts [11, 56]. For the operation of the fluidized bed methanation reactor,

1.6 kg of the prepared catalyst and 1.5 kg of unimpregnated Al2O3 is used, which amounts to

an unfluidized bed height of 20 cm. A picture of the catalyst in the fluidized bed methanation

reactor during operation is shown in Fig. 4.7. It captures a bursting bubble at the bed’s surface,

dispersing the catalyst horizontally in the reactor. Further results concerning the catalyst’s

stability and activity are documented in section 5.2. More information on the catalyst preparation

and the experimental conditions are documented in the respective publication [124].
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Chapter 5

Thermodynamic Investigation & Experimental

Results

This chapter summarizes the main findings of this work considering the thermodynamic analyses

of methanation (see section 5.1), the experimental investigation with the designed catalyst and

the methanation reactor (see section 5.2), and the experimental investigation of the full synthetic

natural gas (SNG) process chain (see section 5.3)—all in the context of advanced dual fluidized

bed (DFB) gasification.

5.1 Thermodynamic Analyses

In Paper I, thermodynamic analyses of the methanation reactions considering different operation

modes and product gas compositions of the advanced DFB gasification technology are carried out.

The aim is to reveal and assess the potential of this combination in terms of the achievable SNG

gas composition and the carbon utilization ηC by varying operating conditions of the methanation

reactor. The parameters are the reaction temperature, pressure, product gas composition, and

necessary steam addition to prevent carbon deposition from a thermodynamic point of view.

Since a fluidized bed is the focus of the investigations, the water-gas shift (WGS) reaction is

assumed to occur entirely in the fluidized bed methanation reactor without a prior WGS reactor.

Table 5.1 shows the product gas compositions used for the thermodynamic modeling of the

methanation reactions. The product gas compositions result from different feedstocks like bark

(BA), lignin (LI), sewage sludge (SS), rapeseed cake (RSC), and softwood (SW). For product

gas no. 5, the admixture of CO2 to steam as a gasification agent is investigated additionally.

Furthermore, the bed material selection between olivine and limestone influences the product gas

composition. At low temperatures, the utilization of limestone leads to an in-situ CO2 removal

from the product gas (sorption enhanced reforming (SER)), represented by product gas nos. 1

and 6. In Paper I [42], product gas no. 6 is selected from the possible operating range of the
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Tab. 5.1: Investigated product gas compositions and related gasification parameters (BA = bark, LI =
lignin, SS = sewage sludge, RSC = rapeseed cake, SW = softwood, L = limestone, O = olivine), adapted
from [42]

DFB parameters unit product gas number
1 2 3 4 5 6

source – [141] [83] [63] [87] [85] [97]
gasification agent – H2O H2O H2O H2O CO2/H2Oa H2O
feedstock – BA BA LI SS RSC SW
bed material – L L O O/Lb O L
gasification temperature °C 625 761 789 800 840 683
combustion temperature °C 820 998 945 945 938 n.a.c

product gas composition to methanation (water-free feed)
H2 vol.-% 68.3 51.1 42.6 35.6 25.8 67.8
CO vol.-% 6.5 17.9 21.2 13.7 32.1 7.3
CO2 vol.-% 8.9 22.4 21.8 36.5 33.7 9.8
CH4 vol.-% 14.5 8.0 12.0 11.7 7.3 13.3
C2H4 vol.-% 1.9 0.6 2.4 2.5 1.1 1.7

a CO2/H2O=68/32 vol.-%
b O/L=80/20 wt.-%
c not available

SER process (cf. Fig. 2.7) so that the CH4 content is maximized in the raw synthetic natural gas

(raw-SNG) (not shown here).

The results of the raw-SNG composition in equilibrium at 1 bara and 300 °C are depicted in

Fig. 5.1—the related key performance indicators (KPIs) are shown in Table 5.2. When product

gas from conventional DFB gasification is used (no. 2–4), the main raw-SNG components are

CH4 and CO2. CO2 can even be the main raw-SNG component if the product gas already

contains a large portion of CO2—as is the case with sewage sludge gasification (product gas no. 4).

Because of the WGS reaction, CO2 is produced instead of consumed (negative CO2 conversion

XCO2). Utilizing CO2 as a gasification agent further increases the surplus of CO2 and only a

very limited CH4 yield YCH4 is possible because of the low stoichiometry. Nevertheless, residual

hydrogen remains in the raw-SNG, owed to the thermodynamic limitations at atmospheric

pressure. On the other hand, a high CO conversion XCO and thus low residual CO contents

between 600–700 ppmv,db remain, despite the low SN . Though this seems low, the gas grid

regulations demand 0.1 mol-% (1000 ppm) CO after CO2 separation. Considering that the

selected methanation temperature is already quite low at 300 °C, this limitation could become

problematic if kinetic or mass transfer limitations are considered. To prevent carbon depositions

caused by the low H2/CO ratio, up to 52 vol.-% of steam needs to be added to the methanation

reactor from a thermodynamic point of view. However, at low temperatures, like in the fluidized

bed methanation reactor, a considerable discrepancy between a thermodynamic description of

carbon deposition and reality must be expected [7], possibly allowing a much lower steam content.
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Fig. 5.1: Raw-SNG composition at equilibrium for feed gas nos. 1-6 at 1 bara and 300 °C including the
amount of steam needed to prevent carbon deposition, 6*: feed gas no. 6 at a methanation pressure of
4 bara, adapted from [42]

Looking at product gas from the SER process (nos. 1, 6, and 6*), a much more favorable

composition for methanation with an SN around 1 is possible. Theoretically, almost all the CO2

can be converted in this case, resulting in a YCH4 above 98.8% (see Table 5.2). Furthermore, only

trace amounts of CO remain (7–51 ppmv,db) and no steam addition is necessary to prevent carbon

deposition. However, SN must be kept rather close to 1 to prevent excessive amounts of H2 in

the raw-SNG. Another measure is a pressurized operation. Increasing the methanation pressure

of product gas no. 6 to 4 bara (no. 6*) leads to increased YCH4 , XCO2 , and XCO and a residual

H2 content just below the allowed threshold level of 10 mol-%. Composition-wise, a grid-feedable

gas is obtained in this setting. Another indicator to describe the efficiency of the whole process,

including gasification, is the carbon conversion ηC . Even though almost all the carbon can be

converted in the methanation reactor if an SER product gas is utilized, the overall ηC remains

in a comparable range to conventional DFB gasification between 35% and 38%. The nature of

the SER process explains this behavior: The in-situ removal of CO2 in the gasification reactor

Tab. 5.2: KPIs of the equilibrium calculations, adapted from [42]

parameter unit product gas number
1 2 3 4 5 6 6*

SN - 1.16 0.35 0.27 0.19 0.11 1.05 1.05
YCH4 % 99.9 50.8 50.8 39.8 29.6 98.8 99.7
XCO % 100 99.8 99.8 99.7 99.8 99.97 99.99
XCO2 % 99.7 −8.5 −34.9 −10.3 −57.1 95.8 99.1
ηc % 36.5 37.0 47.0 34.6 23.1 37.9 38.3
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Fig. 5.2: Temperature and pressure variation for the sewage sludge product gas (no. 4) in the thermody-
namic equilibrium: 1 bara (full line), 5 bara (dashed line), 10 bara (dash-dotted line), a) CH4 yield and
feed water content, b) raw-SNG gas composition, reproduced from [42]

lowers the carbon utilization in the gasification reactor to low levels. Whereas, for conventional

gasification the low ηC results from the low carbon utilization in the methanation reactor. In

both cases, carbon is "lost" either through the flue gas of the SER process or the unreacted

CO2 which needs to be separated from the raw-SNG during gas upgrading. Two outliers are

lignin gasification with olivine (no. 3) and the mixed CO2/H2O (no. 5) operating points. As

expected, the latter shows a poor ηC . On the other hand, the former shows an exceptionally

high ηC resulting from the high carbon conversion in the DFB system. This is, however, only a

single test run and other factors, like the amount of auxiliary fuel introduced to the combustion

reactor of the DFB system, would have to be considered as well.

The investigations above were conducted at a fixed methanation temperature. The increased

pressure for operating point no. 6 already showed the influence on the gas composition. Hence, a

temperature and pressure variation is carried out to see the influence on the raw-SNG composition,

YCH4 , and the necessary feed water content to prevent carbon deposition (H2Ofeed). The sewage
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sludge product gas (no. 4) is chosen as an example (Fig. 5.2). As expected, YCH4 and the CH4

content decrease strongly with increasing temperatures while the residual H2 and CO contents

increase. The most pronounced influence of pressure is visible at high temperatures, diminishing

at lower temperatures. Especially the pressure increase from 1 to 5 bara significantly improves

the composition, while a further increase shows only limited improvements. In the range of

300–350 °C, where fluidized bed methanation is operated, a pressure increase still has a significant

impact. It can lead to the desired reduction in residual H2 and CO contents while improving

the carbon utilization. At 350 °C and 10 bara or 320 °C and 5 bara, the allowed H2 threshold of

10 mol-% in the final SNG is complied with after CO2 separation. Even lower temperatures or

higher pressures would be needed to fulfill the CO threshold of 0.1 mol-%.

Generally, the other product gases follow the same trends. However, it has to be noted

that these statements premise a full conversion within thermodynamic limitations. In reality,

other constraints, like kinetics, catalyst deactivation, and mass transfer phenomena occur,

further impeding the conversion and the reachable raw-SNG composition. Hence, experimental

investigations need to be carried out in an actual fluidized bed methanation reactor.

5.2 Fluidized Bed Methanation

The experimental investigations of the fluidized bed methanation reactor and the prepared

catalyst in Paper III [124] focus on the performance and characterization of the catalyst and the

reactor, as well as the application of DFB and SER product gas methanation. For this purpose,

variations in temperature, weight hourly space velocity (WHSV ), and gas composition are

carried out utilizing synthetically premixed gases at a constant near-ambient operating pressure.

The findings in the section should also provide further knowledge for the following full process

chain investigations.

The goal of the catalyst preparation (see section 4.2) was to develop a methanation catalyst

suitable for fluidized beds. It should fulfill the requirements of mechanical and chemical stability,

activity, and a suitable fluidization behavior. Fig. 5.3 (left) depicts the particle size distribution

of the freshly prepared catalyst in comparison to the spent catalyst after about 200 h of operation.

The uniform, narrow particle size distribution could be maintained, showing only a slight,

negligible deviation of the mean Sauter diameter dSV , which the catalyst reduction could have

influenced1. Furthermore, 100 h of operation under methanation conditions2 showed the chemical

stability of the catalyst. The temperature-programmed oxidation (TPO) curve (Fig. 5.3 right)

1The measurement of the fresh catalyst was performed before reduction.
2Varying syngas compositions including synthetically premixed gases partially containing C2H4 as well as real

product gas from the 100 kWth DFB pilot plant.
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Fig. 5.3: Comparison of the particle size distribution of the fresh and the used catalyst (left) and TPO of
the used catalyst (right); the x-axis is displayed from 0.01 µm–3000 µm to show that only a single peak is
visible over the entire measurement range; reproduced from [124]

suggests only minimal amounts of rather weakly bound amorphous carbon on the catalyst

surface, even though methanation experiments with syngas containing C2H4 were carried out.

Unfortunately, a quantitative statement from the TPO measurements is not possible. Nevertheless,

no apparent catalyst deactivation could be observed from a macroscopic point of view. Repeatedly

carried out methanation experiments during the 100 h operation time with a stoichiometric H2/CO

ratio of 3 at 360 °C showed no significant deviation in the raw-SNG gas composition, i.e. the

catalyst’s activity.

The same stoichiometric H2/CO ratio of 3 was used to carry out a temperature and WHSV

variation. Fig. 5.4 plots the results thereof. The main findings can be summarized as follows:

• Highest CH4 content and lowest H2 and CO contents reached between 320–360 °C depending

on the applied WHSV as a result of the kinetic temperature dependency.

• Close to equilibrium conversion at higher temperatures with a slight remaining deviation

possibly caused by mass transfer limitations and the back-mixing behavior of fluidized

beds.

• Slight selectivity of CO towards C2H6 at low temperatures (< 300 °C).

• Nearly isothermal operation during methanation with a maximum temperature gradient of

10 °C at 280 °C and 1 NL/gcath and a maximum deviation of only 2 °C for temperatures

above 320 °C (not depicted here).
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Fig. 5.4: Experimentally determined raw-SNG
composition for stoichiometric H2/CO methana-
tion (75/25 vol.-%) as a function of reaction tem-
perature and WHSV and raw-SNG composition
in the thermodynamic equilibrium (dotted lines),
a) CH4, H2 and CO2 concentrations, b) CO and
C2H6 concentrations, reproduced from [124]

Fig. 5.5: Experimentally determined raw-SNG
composition for a typical DFB product gas as
a function of reaction temperature and WHSV
and raw-SNG composition in the thermodynamic
equilibrium (dotted lines), a) CH4, H2 and CO2
concentrations, b) CO and C2H6 concentrations,
reproduced from [124]

Similar curves can be recorded when premixing a typical advanced DFB product gas composi-

tion3 (Fig. 5.5). Because of the substoichiometric composition, large amounts of CO2 remain

in the raw-SNG. Again, at 320–360 °C the highest conversion can be observed. However, the

influence of the reaction temperature is less pronounced. The CO content reaches a minimum

of 0.32 vol.-%db at 320 °C and 1 NL/gcath. Even the thermodynamic limit at this temperature

would not be below the demanded limit of 0.1 mol-%, especially considering that a downstream

CO2 separation approximately doubles the residual CO content. Thus, further measures must

be taken to fulfill the gas grid regulations (see Chapter 6). Furthermore, C2H6 can be found

to some degree in the raw-SNG. In this case, it is a result of the selectivity of C2H4 towards

342.3 vol.-% H2, 23.1 vol.-% CO, 21.9 vol.-% CO2, 10.4 vol.-% CH4, 2.4 vol.-% C2H4
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Fig. 5.6: SC2H6 as a function of reaction temperature, WHSV , and syngas ethylene concentration, and
SCO2 as a function of reaction temperature and WHSV for a typical DFB syngas, reproduced from [124]

C2H6 (SC2H6) and not the selectivity of CO towards C2H6 (see Paper III). Fig. 5.6 plots the

increasing SC2H6 at declining temperatures, showing a gradually increasing kinetic limitation

concerning the C2H6 conversion. The variation in WHSV follows this trajectory, whereas the

C2H4 concentration shows no impact on SC2H6 . The C2H4 conversion, on the other hand, shows

no limitation. Interestingly, the selectivity of CO towards CO2 (SCO2) is almost independent of

the temperature. At lower WHSV it is decreased, showing that the methanation reactions gain

more importance and lead to an increased CO conversion to CH4. The higher CO2 concentrations

in the raw-SNG are therefore attributed to dilution effects.

One option to diminish the CO2 content in the raw-SNG is the utilization of a hydrogen-

enriched product gas produced via the SER process. Through the variation of, e.g. the gasification

temperature, the product gas composition can be adjusted in a wide range, as was introduced

in section 2.2.1 (cf. Fig. 2.7). If these available SER operating points are reconstructed with

bottled gases and methanated at a constant reaction temperature of 360 °C and 1.5 NL/gcath, the

raw-SNG compositions over the stoichiometric number SN , depicted in Fig. 5.7, result. If SN is

greater than 1.2, a large portion of the CO2 (> 90%) can be converted and no downstream CO2

separation would be required to fulfill the threshold level of 2.5 mol-% of CO2 for grid injection.

However, excessive amounts of H2 remain, which would need to be separated and recirculated.

An SN of around 1 results in the highest CH4 content but requires a CO2 and H2 separation

under the investigated operating conditions. Nevertheless, the CO limit could be complied with

for all SN down to around 1.
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Fig. 5.7: Experimentally determined raw-SNG compo-
sition and raw-SNG composition in the thermodynamic
equilibrium (dotted lines) for different SER syngas com-
positions as a function of the stoichiometric number
SN at 360 °C and a WHSV of 1.5 NL/gcath, a) CH4,
H2 and CO2 concentrations, b) CO and C2H6 concen-
trations, reproduced from [124]

Fig. 5.8 compares the operating points

of the DFB and SER product gas metha-

nation, displaying the maximum achieved

conversion in both cases. The maximum

achieved conversion corresponds to a metha-

nation temperature of 360 °C, a WHSV of

1 NL/gcath, and an SN of 1.05 in the case of

SER4. The CH4 content increases by more

than 30 percentage points and the CH4 yield

YCH4 doubles by utilizing the SER syngas.

Conversely, the CO and CO2 concentrations

decrease to low levels. A large portion of

CO2 can be converted, whereas CO2 is pro-

duced via the WGS reaction in the case of

the DFB product gas. However, the low

CO2 content in the SER raw-SNG doubles

the residual H2 content, despite the higher

hydrogen conversion XH2 . This is because

of the dilution of the DFB raw-SNG with

CO2. After CO2 separation, the residual H2

concentrations are in a similar range. Never-

theless, both raw-SNG gases require an H2

and CO2 separation unit before grid feeding

under the considered reaction conditions. On

the contrary, the residual CO concentration

of the SER raw-SNG is within the limit of

0.1 mol-%, whereas a further reduction for

the DFB raw-SNG is required. In general, the SER raw-SNG is much closer to the specifications

of the gas grid. [124]

In any way, the full process chain must be studied to understand the potential benefits of

the SER process in combination with methanation. A high CO2 conversion or CH4 yield in

the methanation reactor alone does not necessarily improve the whole process’s efficiency or

economy. Additionally, it is necessary to look at process configurations that potentially allow the

4An SN closer to 1 might result in even more conversion, but no operating point is available there.
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production of grid-feedable SNG without the need for CO2 and H2 separation (see section 6.2).

A pressurized operation could also help to achieve the necessary gas quality, as was discussed in

section 5.1.

Fig. 5.8: Comparison of the raw-SNG composition (left) and the key figures (right) of the DFB (hatched)
and the SER (filled) syngas methanation experiments at 360 °C and a WHSV of 1 NL/gcath, reproduced
from [124]

5.3 Process Chain Investigations

A holistic evaluation of the investigated SNG production processes requires the operation of

a full process chain. Within this work, a fluidized bed methanation reactor and gas cleaning

units were designed, set up, and connected to the 100 kWth advanced DFB pilot plant at TU

Wien (see Chapter 4). This section shows an excerpt of the results gained from the process chain

operation. As stated before, the three investigated configurations are:

• DFB gasification and direct methanation of the DFB product gas (DFB-Std).

• DFB gasification with external hydrogen addition to the product gas and methanation of

the hydrogen-enriched product gas (DFB+H2).

• The SER process with direct methanation of the hydrogen-enriched product gas without

external hydrogen addition (SER).

Softwood pellets are used as a comparable reference feedstock for all investigations in this

context. More details on the results, the methodology used, and the operating parameters are

documented in Paper IV [38].

Fig. 5.9 shows the raw product gas analysis values of the DFB product gas (top) and the raw-

SNG (bottom) on a dry and nitrogen-free basis over time for the DFB-Std configuration. Nitrogen



5.3 Process Chain Investigations 49

Fig. 5.9: Raw measurement values of the DFB product gas composition (top) and the raw-SNG composition
(bottom) for the DFB-Std configuration on a dry and nitrogen-free basis over time, reproduced from [38]

is excluded because it results from flushing the fuel hoppers and the pressure measurement

points. Hardly any nitrogen is expected from the fuel in the case of softwood pellets. Internal

investigations not depicted in the current study showed that CO2 can be used as a flushing agent,

which reduced the nitrogen content in the product gas to about 0.13 vol.-%db. The product gas

and the raw-SNG compositions show a stable trend over the displayed 8.5 h. The excluded parts

of the diagram are mainly caused by the maintenance of the gas measurement equipment, while

the process itself remains in a steady state. Exceptions are the refilling of fuel hoppers and tar

measurements after the activated carbon (AC ) adsorber beds. Furthermore, hydrogen addition

(DFB+H2) was investigated between 18:15 and 19:30. [38]

Fig. 5.10a) depicts via mass and energy balances validated data of the DFB-Std operation for

all units throughout the process chain (denoted by stream numbers 1–12). Each stream number

can be allocated to a certain point in the process chain according to the process flow diagram in

Fig. 5.10b). The data shows the evolution of temperature and pressure (top) and the evolution

of the gas components (bottom). The illustration of the gas composition is divided into two

sections: from stream nos. 1–8, the evolution of impurities such as BTEX5, GCMS6 tar, NH3,

and H2S are depicted, while for stream nos. 9–12, the evolution of the main gas components

(H2, CO2, CO, CH4) and the water content is displayed. The illustration of impurities and main

5benzene, toluene, ethyl-benzene, xylene (BTEX)
6gas chromatography/mass spectroscopy (GCMS)
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Fig. 5.10: Process conditions over the whole process chain during the direct methanation of the DFB
product gas (DFB-Std): a) evolution of temperature, pressure (top), and concentration of impurities and
main gas components (bottom), b) process flow diagram with stream numbers, reproduced from [38]

gas components for the other stream numbers is omitted because the gas composition does not

change there. [38]

The main observations taken from this figure can be summarized as follows.

• Low H2S concentrations in the raw product gas because of the high quality of the feedstock.

• Low GCMS tar concentrations because of high gasification temperature and limestone-share

in the bed material.

• BTEX amount to the highest share of impurities, but only benzene and toluene were

detected.

• Impurities are efficiently removed in the RME scrubber. Separation efficiencies are 98.5%,

95%, and 83% for GCMS tar, NH3, and BTEX, respectively. Naphthalene, which makes

up two-thirds of the GCMS tar concentration, is removed below the detection limit and

mainly benzene remains from the BTEX sum downstream of the scrubber because of the

low boiling point. Interestingly, some high molecular weight tars (particularly anthracene,

fluoranthene, and pyrene) remain, which should have been removed due to their high boiling

point. The high NH3 separation efficiency results from the dissolution in the condensed



5.3 Process Chain Investigations 51

steam (see Additional Paper II [142] for more information about NH3 in the scrubber).

Literature reports substantial variations of separation efficiencies in the scrubber, depending

on the operating conditions and the scale [95, 105, 143].

• H2S is removed below the detection limit in the first adsorber bed and benzene in the

second adsorber bed.

• In the raw-SNG after the fluidized bed methanation reactor, approx. 40 vol.-%db of CH4

was reached at 360 °C and near ambient pressure conditions. The high CO2 content is a

result of the WGS reaction. Residual H2 remains because of thermodynamic and kinetic

limitations at these operating conditions. CO is almost completely converted, but still

0.47 vol.-%db remains which is too high for grid injection. Similar results were achieved by

Seemann et al. [12], factoring in the deviating operating conditions and a different catalyst.

Similarly, the DFB+H2 and the SER process configurations were investigated. Details can be

found in the respective publication [38]. Here, a comparison of the results of the three process

configurations is discussed. Fig. 5.11 depicts the raw-SNG composition and the KPIs of the

methanation reactor for a DFB-Std, two DFB+H2, and one SER operating point. The horizontal

lines indicate the theoretically achievable gas composition at equilibrium. Compared to the

DFB-Std configuration, the CH4 content increases up to 70 vol.-%db for SER, similar to the

results with synthetically premixed gases. Furthermore, CO2 is converted and not produced,

lowering the residual CO2 concentration. The amount of residual CO2 and H2 depends on the

SN of the syngas, which is controlled by the amount of external H2 added and the operating

conditions of the gasifier. In the case of SER, a substoichiometric product gas (SN = 0.71)

with an H2 content of approx. 60 vol.-%db was produced, resulting in a higher CH4 content,

but also a higher residual CO2 content compared to DFB+H2. Although this increases YCH4

to 80%, it is significantly lower than the results with synthetically premixed gases, where a

near stoichiometric SER product gas composition (SN = 1.05) resulted in a YCH4 of 95%. If

hydrogen is added externally to produce a slightly substoichiometric (SN = 0.91) and a slightly

overstoichiometric (SN = 1.04) syngas, much more CO2 can be converted (see XCO2). Naturally,

the more H2 is added, the more CO2 is converted—however, at the cost of a lower XH2 and a

substantial amount of residual H2 in the raw-SNG. Nevertheless, XH2 is still higher compared

to the DFB-Std operation, where the steam addition to the methanation reactor leads to a

production of H2 via the WGS reaction. To reach an SN of 0.91 and 1.04, 91% and 111% of H2

in relation to the syngas volume flow upstream of the H2 addition must be added, respectively.

Thus, the distance to the equilibrium is increased because of the resulting higher WHSV and
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Fig. 5.11: Comparison of the four operating points, a) raw-SNG composition, b) KPIs of the methanation
reactor; the horizontal lines indicate the thermodynamic equilibrium; reproduced from [38]

the kinetic limitations. The residual CO content, on the other hand, is reduced and XCO is

increased. Nevertheless, the required CO limit of 0.1 mol-%db could not be reached. Once more,

this confirms that further measures are necessary (see Chapter 6).

For the performance of the methanation reactor alone, it is unimportant how the adjustment

of the syngas towards high H2 contents is achieved. The main influencing parameter is SN at the

inlet of the methanation reactor and, to some extent, the changing WHSV due to H2 addition.

However, the performance of the whole process chain depends very much on the origin of the

syngas. Therefore, to compare the KPIs of the whole process chain, Fig. 5.12 depicts the overall

cold gas efficiency (η∗
CGE,o) and the carbon utilization (ηC) [38]. Interestingly, the DFB-Std and

the DFB+H2 configurations show a very similar η∗
CGE,o. On the contrary, the SER configuration
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Fig. 5.12: Comparison of the KPIs of the overall process chain for the four operating points, reproduced
from [38]

leads to an increased η∗
CGE,o. The lower temperatures in the DFB reactor, more available char

for combustion, less heating oil consumption, and a higher product gas CH4 content, allow a

more efficient process. Brellochs [121] calculates a similar efficiency at 67.5% for a simulated

10 MWth SNG plant. For the DFB+H2 route, a much higher η∗
CGE,o, between 67% and 73%,

has been calculated on a theoretical basis in literature [40, 116]. ηC , on the other hand, can

be increased to roughly 70% via H2 addition. From a technical and ecological perspective, it is

highly desirable to utilize limited biomass resources as efficiently as possible. Of course, economic

perspectives also have to be considered (see Chapter 6). Through the SER process, no increase

in ηC can be achieved, since this process only shifts some carbon from the product gas to the flue

gas, not changing the overall hydrogen availability. Hence, values around 36%–37% are reached

for both the DFB-Std and the SER process, which is in the range of reported values for the

GoBiGas plant (30%). Of course, a comparison to large-scale plants is always tricky since the

fully integrated process is not available at pilot-scale, and e.g., the amount of heating oil used at

pilot-scale has to be provided by product gas recirculation in large-scale plants, reducing ηC of

the latter.
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Chapter 6

Implementation Concepts, Techno-Economic

Analysis and CO2 Footprint

Based on the previously established knowledge and results in this work, the question arises how

an industrial concept for the production of synthetic natural gas (SNG) could look like and how

such a process could be implemented and assessed. In this chapter, the bigger picture is captured

by the "Reallabor" case study, which puts the technology in the context of the Austrian energy

system (see section 6.1 and section 6.3). In section 6.2, alternative SNG production concepts

beyond the state-of-the-art are proposed, assessments are made, and suggestions are derived.

The focus of the quantitative analysis lies in the evaluation of technical, economic, and ecological

parameters relevant to this technology. The investigations provide a basis for the realization

of the "Reallabor" and the rollout of the technology. Furthermore, the introduced concepts in

this chapter provide possible research topics to be investigated and demonstrated in such an

industrial-scale laboratory setting.

6.1 Case Study "Reallabor"

In 2020, the "Reallabor" study was conducted by Hofbauer et al. [81], showing the technical,

economic, ecological, and legislative aspects of integrating dual fluidized bed (DFB) gasification

based processes for the production of SNG and Fischer-Tropsch (FT ) diesel to defossilize the

agricultural sector (excluding fertilizers) in Austria. A more general approach in terms of the

utilization of the products within the Austrian energy sector was investigated by Hammerschmid

et al. [125] (Paper V). This section and section 6.3 summarize the paper’s main findings

concerning SNG. The FT part of the paper can be found in the respective publication.
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6.1.1 Process Flow Diagram of the Proposed Concept

Fig. 6.1 depicts the process flow diagram (PFD) of the proposed SNG process chain for 100 MW

thermal fuel input. Only the main process units, but no heat displacement or regeneration steps,

are depicted for better legibility. 100 MW thermal fuel input was chosen as a trade-off between a

realistic, manageable size and the impact of economy of scale [81]. The calculation of mass- and

energy balances was carried out in IPSEpro 8.0 (cf. Chapter 3). The following description of the

PFD is largely taken from Paper V. The modeling assumptions can be found in the appendix

of Paper V [125].

The resource supply section consists of the on-site fuel handling and storage as well as a dryer

to reduce the water content of the fuel to an optimal and constant level for gasification, which is

about 20%. In this study, the considered fuel is woody biomass. The heat required for drying is

supplied internally through heat displacement. The gasification section is based on the advanced

DFB steam gasification technology utilizing a mixture of olivine and limestone as bed material,

similar to the experiments in section 5.3. Product gas leaves the gasification reactor (GR) and

is cooled to 180 °C in heat exchangers (PG cooler). In the coarse gas cleaning section, dust

and some tar compounds are removed in a baghouse filter (PG filter). The main amount of tar

compounds are separated in a biodiesel scrubber at 40 °C based on the solvent rapeseed methyl

ester (RME). Additionally, steam condenses in the biodiesel scrubber and enables the separation

of water-soluble substances from the product gas, like ammonia (NH3). The tar-rich RME

and the condensed water are directed into a phase separator (solvent regen.). Here, the liquid

separates into a clear RME phase, an emulsion phase, and a water phase. The clear RME phase

is recirculated to the scrubber while the water phase is evaporated, superheated, and reused as

a gasification agent in the gasification reactor. Through that, the freshwater consumption of

the DFB system is minimized. The emulsion phase consists of a mixture of RME, absorbed tar

compounds, and water and is utilized as additional fuel in the combustion reactor. Downstream

of the biodiesel scrubber, a part of the product gas is recirculated to the combustion reactor to

provide the necessary heat for gasification (PG recycle to CR). This way, there is no need for an

external fuel supply to the combustion reactor of the process. In the fine gas cleaning section,

all remaining impurities are removed that harm the catalysts during the synthesis processes

and are unwanted in the final product. Activated carbon (AC ) adsorbers remove light aromatic

compounds such as benzene, toluene, or naphthalene and sulfur compounds such as hydrogen

sulfide (H2S). The AC filters are operated as temperature swing adsorption (TSA), and the

regeneration is carried out with steam at 250 °C.
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For SNG synthesis, the product gas is compressed to 10 bara in a two-stage intercooled

compressor. 10 bara is chosen to reach the required CO conversion in the methanation reactor,

thus limiting the CO content in the SNG to 0.1 mol.-% according to natural gas grid regulations.

Simultaneously, it is the assumed pressure at the transfer point to the gas grid operator.

Downstream the compressor, the product gas is preheated to 250 °C and enters a ZnO guard

reactor, which acts as a protection layer against sulfur break-through. The conversion of syngas

to raw synthetic natural gas (raw-SNG) takes place in a cooled fluidized bed methanation reactor

at 320 °C in the presence of a nickel catalyst. After heat recovery, a condenser separates water

from the raw-SNG, and the gas enters an amine scrubber for CO2 removal. The condensed

water is fully reused within the process, e.g. for steam regeneration of the AC or steam addition

upstream of the methanation reactor. In the last step, the gas is dried in a glycol scrubber and

transferred to the natural gas grid following the specifications of the Austrian gas grid (ÖVGW

G B210 [144]). Furthermore, CO2 and district heat are generated as secondary products from

these processes, creating additional revenues.

The flue gas line starts at the combustion reactor (CR) of the DFB system. In the CR, the

biomass char and recycled product gas is burnt with air. After particle separation in a cyclone,

the remaining CO content in the flue gas is converted in a post-combustion chamber. Here,

contaminants, like NH3, H2S, and BTX, coming from the pre-evaporator and the AC TSA unit,

are combusted. After heat recovery and particle filtration, the flue gas leaves the stack via the

FG blower. No additional gas cleaning is necessary due to the application of woody biomass. If

residues and waste materials would be used, additional flue gas cleaning efforts would have to be

considered.

6.1.2 Results of the Techno-Economic Analysis and CO2 Footprint Calculations

The techno-economic analysis (TEA) is based on the calculation of the mass- and energy balances

in IPSEpro 8.0. More details on the methodology of the TEA can be found in section 3.2 and in

Paper V. The most important input and output streams are summarized in Table 6.1 "reference

case" (section 6.2.1) and can be found in more detail in Paper V.

Fig. 6.2a shows the production costs (including taxes) of the proposed process chain compared

to the market price of fossil natural gas for 2019 and 2022. The decision to distinguish between

2019 and 2022 results from the significantly changed prices caused by global disruptions. In

2019, the production costs of SNG were almost equal to the household price of natural gas at

approximately 70 e/MW h. In 2022, the production costs of SNG are almost identical to the

industrial price of natural gas at around 90 e/MW h. This shows that SNG production can be
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(a) comparison to fossil natural gas in 2019 and 2022 (b) comparison to biomethane [145] and e-
fuels [30] in 2019

Fig. 6.2: Comparison of the production costs of SNG for 100 MW fuel input to fossil natural gas and
renewable alternatives, adapted from [125]

competitive with fossil natural gas, assuming that revenues from CO2 (69.60 e/tCO2 (2022),

24.90 e/tCO2 (2019)) and district heat (37.4 e/MW h (2022), 31.3 e/MW h (2019)) are created.

Furthermore, the production costs are split into investment, operation and maintenance, and fuel

costs. The most pronounced increase of 57% between 2019 and 2022 is found for the operation

and maintenance costs due to the doubling of the electricity price during that time.

Fig. 6.3: Sensitivity in production costs of SNG for 100 MW fuel input in 2022, numbers in brackets
indicate the baseline costs, adapted from [125]
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Fig. 6.2b compares the production costs (excluding taxes) of the proposed process chain to the

production costs of other renewable alternatives. Fermentative biomethane production routes

show 20% to 55% higher production costs, depending on the used feedstock [145]. As of 2019,

much higher production costs can be expected from e-fuels produced from biogenic CO2 and

renewable energy sources (RESs) (plus 175%), mainly driven by the high electricity costs. Of

course, a fair comparison is hardly possible due to the different plant sizes (2 MWSNG compared

to 65 MWSNG). Fermenters are not subject to economies of scale as thermochemical routes

are. Instead, they are built on a smaller scale but in higher numbers, which is preferable for

decentralized applications. On the other hand, thermochemical routes only reveal their economic

advantages at relatively large scales, making them suitable for centralized production facilities.

This shows that the plant location, the feedstock supply, and the operator’s goals are crucial

factors when evaluating different technology options.

Additionally, a sensitivity analysis is carried out to investigate the sensitivity of the production

costs to the most prominent commodities and cost drivers (Fig. 6.3). The most influential

parameters are the annual operating hours, plant lifetime, investment costs, and fuel costs. To

a lesser extent, earnings from CO2 certificates and district heat, interest rate, electricity costs,

and maintenance costs impact production costs. Thus, high plant availability and lifetime, low

investment costs, e.g. through less equipment, or less fuel costs, e.g. by utilizing residual and

waste materials [123], are measures to keep the production costs low.

(a) Breakdown of CO2 footprint (b) CO2 footprint in comparison to fossil natural
gas [128], biomethane, and e-fuels [146, 147]

Fig. 6.4: Breakdown of the CO2 footprint of SNG and comparison to fossil natural gas and renewable
alternatives, adapted from [125]
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From an ecological perspective, the CO2 footprint of SNG based on woody biomass is evaluated

(Fig. 6.4). Compared to fossil natural gas, an emission reduction of 90% results. Even in

comparison to biomethane via anaerobic digestion, a lower CO2 footprint is observed—only

e-fuels show comparatively low emissions. The remaining emissions very much depend on the

applied parameters, like the substrate mix used to evaluate the biomethane route or the electricity

and CO2 source for e-fuels. For the investigated SNG route, renewable electricity is assumed.

Thus, the highest share of the remaining emissions originates from the direct and indirect

emissions of the biomass itself (77%). The rest is split between utilities like RME and bed

material, electricity, and the plant’s construction. Of course, the CO2 footprint gives only a hint

at the ecological impacts of these processes. A full life cycle assessment could provide further

insights into this issue.

6.2 Evaluation of Alternative Concepts

In this work, alternative process concepts have been introduced, which are now translated to

industrial-scale concepts utilizing the same methodology as in section 6.1. This includes an

optimized layout to the "reference case" in section 6.1, as well as advanced concepts utilizing

external H2 and the sorption enhanced reforming (SER) process. The three process concepts are

• an optimized layout for advanced DFB gasification with direct methanation of the syngas

(DFB-Std),

• a hybrid route including external H2 addition and methanation of the hydrogen-enriched

syngas (DFB+H2),

• DFB gasification with in-situ CO2 removal and direct methanation of the hydrogen-enriched

syngas (SER).

A sensitivity analysis again shows the main influencing parameters. Furthermore, the input

and output streams and key performance indicators (KPIs), such as cold gas efficiency for

industrial-scale concepts (ηCGE,o) and carbon utilization (ηC), are evaluated and compared. The

following analysis omits displaying the DFB section of the process since the layout and the

assumptions are identical to section 6.1.

6.2.1 Optimized Conventional Concepts (DFB-Std)

The concept introduced in section 6.1 (reference case) can theoretically produce injectable SNG if

the thermodynamic equilibrium is almost perfectly reached at 10 bara and 320 °C. Especially the
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demanded CO content of <0.1 mol-% is challenging to reach, considering practical kinetic limita-

tions and theoretical thermodynamic limitations even under elevated pressures (cf. Chapter 5) [38,

42, 124]. Therefore, some adaptions should be made to ensure a high-quality gas and increase

the operational flexibility. A second-stage adiabatic fixed-bed polishing reactor is suggested

after condensing water from the raw-SNG downstream the methanation reactor. The water

condensation drives the CO methanation reaction (Eq. 2.1) in the polishing reactor—according

to Le Chatelier’s principle—towards CH4 and away from CO. However, the same principle would

also imply a production of CO via the reversed water-gas shift (WGS) reaction (Eq. 2.2), which

can be counteracted by removing CO2 beforehand. Therefore, the polishing reactor must be

placed downstream of the CO2 removal step. The polishing reactor also opens up the possibility

of placing the compression unit downstream the fluidized bed methanation reactor, thus reducing

the energy consumption for compression. From a design point of view, a rather simple adiabatic

fixed bed is chosen. This is sufficient because only minor amounts of CO are reacting, resulting

in a low reaction heat, and carbon deposition is unproblematic due to the high H2/CO ratio

(approx. 20) at this point.

Fig. 6.5 shows PFDs of two variants of such a concept. Variant 1 (Fig. 6.5 a)) places the

compression unit in-between the fluidized bed methanation unit and the CO2 scrubber (framed

in red), while in variant 2 (Fig. 6.5 b)), it is placed downstream the CO2 scrubber. The main

difference lies in the monoethanolamine (MEA) regeneration heat required in the desorber of the
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CO2 scrubber and the electricity requirement of the compression unit. Amine scrubbing is known,

for example, from post-combustion CO2 capture, to be a large consumer of thermal energy [148].

Li et al. [149] calculate with a reboiler energy duty of 3.6 MJ/kgCO2, which is used in variant 2

due to the near-ambient pressure conditions similar to flue gas CO2 capture.1 If compression

takes place upstream the CO2 scrubber (variant 1), a significant reduction in reboiler energy

duty to 0.83 MJ/kgCO2 is achieved, according to data from the GoBiGas plant2 [150]. Thus,

variant 1 aims to minimize the thermal energy requirement and maximize the output of district

heat. Additionally, higher CO2 separation efficiencies are reached under pressurized conditions.

In contrast, variant 2 minimizes the electricity consumption due to the lower volume flow, i.e.,

the lower compression energy (about 50 % of the total raw-SNG volume flow is CO2).

Table 6.1 summarizes the input and output streams, the KPIs, and the levelized costs of

products (LCOP) of the two discussed variants in comparison to the reference case in section 6.1.

The modeling assumptions deviating from the reference case are found in Appendix A. At

this point, it should only be mentioned that the reaction temperatures of the fluidized bed

methanation unit and the polishing reactor are set to 340 °C and 360 °C, respectively. At this

temperature, the highest conversion rates could be observed (cf. Chapter 5) in the pilot-scale

fluidized bed methanation unit. Furthermore, a sufficiently high inlet temperature to the polishing

Tab. 6.1: Production costs, input and output streams, and KPIs of DFB-Std variants 1 and 2 in
comparison to the DFB-Std reference case for 100 MW fuel input

parameter unit variant 1 variant 2 reference case
input
electricity kWel 3371 2716 4340
fresh water kg/h 148 161 -
output
SNG Nm3/h 6780 6810 6840
district heat kW 12550 2770 14170
captured CO2 Nm3/h 6140 6140 6150
waste water kg/h - - 320
KPIs
ηCGE,o % 64.95 64.96 64.96
ηC % 34.47 34.42 34.36
SNG CH4 content vol.-% 95.76 95.18 94.62
SNG CO content vol.-% 0.042 0.035 0.093
SNG CO2 content vol.-% 2.21 2.32 2.34
SNG H2 content vol.-% 1.87 2.33 2.82
production costs
LCOP excl. taxes e/MW h 74.88 76.51 75.84

1The influence of the lower CO2 partial pressure of flue gas (˜12 vol.-%) compared to raw-SNG (50 vol.-%) is
neglected.

2In the GoBiGas plant, actually a mixture of methyldiethanolamine and piperazine is used instead of MEA as
a solvent. The different costs and absorption enthalpies are neglected.
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reactor can be maintained due to heat recuperation if the exothermic reactions are allowed to

heat up the gas stream in the adiabatic polishing reactor to 360 °C. The pressure is kept constant

at 10 bara.

The results show almost identical numbers in terms of KPIs, SNG output, and captured CO2.

Most importantly, the two variants are able to reduce the CO content well below the threshold

level despite the higher, but more realistic, methanation reaction temperatures. Simultaneously,

the CH4 content is increased and the H2 and CO2 contents are below 10 mol.-% and 2.5 mol.%,

respectively. As discussed previously, the placement of the compression unit largely influences its

electricity consumption and, inversely, the amount of usable district heat. A district heat penalty

of 80% must be accepted for a 37% reduction in electricity consumption when comparing variant

2 with the reference case. This instance also influences the production costs, resulting in the

lowest costs for variant 1 despite the larger number of equipment. However, the margin is small

when thinking about a ±30% prediction accuracy of the applied TEA methodology [151, 152].

Nevertheless, it is worth considering the production cost sensitivity of the two variants to the

electricity price and the district heat revenues. Fig. 6.6 displays these dependencies, assuming

5800 district heat operating hours per year. If the earnings from district heat were reduced

by more than 38%, variant 2 would have a slight economic advantage due to the low amount

of district heat and, thus, the low sensitivity. Regarding the electricity costs, variant 1 is

superior throughout the displayed range, despite the higher electricity consumption, i.e. the

higher sensitivity. In the end, the most favorable variant will be determined by the location of

the plant and the availability of surrounding district heat consumers.

Summing up, DFB-Std variant 1 is chosen as the overall best trade-off considering the

investigated parameters. The main advantages compared to the reference case are

• an SNG CO content securely below the threshold level of 0.1 mol-%,

• an increased CH4 content despite the slightly lower SNG amount,

• a significantly reduced electricity consumption due to the volume reduction in the fluidized

bed methanation unit and water condensation (40% less volume flow),

• fluidized bed methanation at near-ambient pressure (no pressure vessel) and potentially

more space for heat exchanger surfaces in the reactor to handle the highly exothermic

reactions,

• similar production costs.
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Fig. 6.6: Sensitivity in production costs to electricity costs and district heat revenues for DFB-Std variant
1 and 2

Therefore, variant 1 will be used in section 6.2.4 as the prevailing DFB-Std route for a com-

parison to alternative concepts.

6.2.2 Hybrid Route with External Hydrogen Addition (DFB+H2)

The inclusion of additional H2 to Biomass-to-Gas (BtG) processes can significantly increase the

carbon utilization of the biomass. Fig. 6.7 depicts a PFD of such a concept. The layout is identical

to the DFB-Std variant 1, except for the omittable CO2 scrubber and the H2 addition upstream

of the fluidized bed methanation reactor. The process layout is chosen for the same reasons

as previously: reducing compression energy, less pressure vessels, and enhanced, more flexible

conversion to CH4. The origin of the external H2 is considered outside of the investigation’s

boundary. Nevertheless, it must be acknowledged that a renewable, continuous supply of H2 is

a crucial factor for the success of this process from a technical, economic, and ecological point

of view [40, 153]. In this study, only the H2 price (4.5 e/kgH2 [125]) is considered. For a fair

comparison, the simulation parameters are identical to previous concepts.

H2 addition has multiple other effects besides increased carbon conversion and high CO2

utilization: (i) The amount of SNG produced is increased, thus increasing the equipment size; (ii)

both CO and CO2 can be converted in the methanation unit, i.e., the heat flux density increases
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Fig. 6.7: PFD of the hybrid concept including external H2 (DFB+H2)

and more attention must be paid to the design of the heat exchange system; (iii) H2 costs play a

major role in determining the production costs of SNG due to the large amount of H2 required;

(iv) the stoichiometric number (SN) must be kept in a rather narrow range to ensure low enough

H2 and CO2 contents in the SNG. The latter is shown in Fig. 6.8, where variations in SN are

plotted to determine the influence of the amount of H2 added on production costs, KPIs, and

input and output streams.

To keep within the requirements of the gas grid, a narrow range fulfilling 0.975 < SN < 1.04

must be adhered to, assuming fixed simulation parameters otherwise. Within this range, higher

production costs can be expected if more H2 is added since the costs for the additional H2

outweigh the additional revenues from the increased amount of SNG. For the same reason, the

absolute production costs are high at 121–123 e/MW h. Looking at the CH4 content and the

SNG amount at higher SN , it can be interpreted as a dilution with H2, i.e., an increasing

amount of H2 passes through unreacted until the threshold of 10 vol.-% is reached. Of course, the

amount of consumed H2 increases accordingly. 2200–2450 kg/h H2 are required, corresponding to

73–82 MW of chemical energy. ηCGE,o and ηC are only slightly affected from the SN variation,

showing a minor increase at higher numbers. Additionally, about 9500–10100 kg/h of waste water

are produced, mainly in the raw-SNG condenser. The waste water from the raw-SNG condenser

should be largely free of impurities and could be used to lower the fresh water consumption of

electrolysis used for H2 production. An estimation results in a remaining fresh water consumption

of about 10 t/h if all of the waste water is recycled. However, the electrolyzer is not within the

scope of this study and disposal costs are assumed for the waste water.

For further analyses, an SN of 0.98 is chosen to keep the H2 consumption low. For this setting,

a sensitivity analysis is performed (Fig. 6.9), showing the sensitivity of the production costs to

the H2 price, investment costs, fuel costs, and annual operating hours. The other parameters

shown in section 6.1 are not displayed because of their comparatively insignificant influence. As
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(a) Influence on the CH4 content, cold gas efficiency (ηCGE,o), carbon
utilization (ηC), and the production costs (LCOP)

(b) Influence on the SNG amount, H2 consumption, district heat, electricity
consumption, and waste water amount

Fig. 6.8: Variation in SN showing the influence on different parameters for the 100 MW fuel input
DFB+H2 concept
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Fig. 6.9: Sensitivity in production costs to the H2 price, investment costs, fuel costs, and annual operating
hours for the DFB+H2 concept at SN = 0.98

expected, the H2 costs are the main cost driver for this concept. Only if the H2 price is 59%

lower, corresponding to 1.85 e/kgH2 , equal production costs as the DFB-Std variant 1 concept

would be reached. This H2 price reduction cannot be expected even when forecasts for 2040 are

considered [154, 155]. Barbuzza et al. [156] argue that integrating H2 in SNG production can

nevertheless become economically feasible if off-peak hour electricity becomes largely available

due to variable renewable energy sources. However, even if this came into effect in the future,

a fluctuating supply of H2 would impose high demands on the dynamic operation of the plant

or require, for example, buffer tanks to equalize these fluctuations [157, 158]. An unconsidered

influence on the process is the O2 produced by electrolysis. It could be considered as a secondary

product creating revenues or utilized as a gasification or combustion agent in adapted concepts.

6.2.3 Sorption Enhanced Reforming (SER)

DFB gasification with in-situ CO2 removal (SER) can be applied to produce syngas with a

stoichiometric composition without the need for external H2, as was discussed in section 2.2.1 and

Chapter 5. Fig. 6.10 shows a PFD of the methanation section for a SER syngas. The flowsheet is

almost identical to the DFB+H2 flowsheet, except for the not needed H2 addition.3 Compared to

the other concepts, the equipment is smaller because the removal of CO2 already takes place in

the gasifier, resulting in a lower syngas volume flow. Again, an SN variation can be carried out.

3The raw-SNG cooler is not displayed because no extractable heat is available between the syngas preheater
and the raw-SNG condenser under the investigated process conditions.
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Fig. 6.10: PFD of the SER concept

In this case, the SN variation is achieved by varying the gasification parameters. The modeling

follows data on the SER process provided by Brellochs [121] and Fuchs et al. [141]. The input

parameters are summarized in Appendix A. Else, the same assumptions apply as for the two

other concepts.

Fig. 6.11 displays the influence of the SN variation on the same parameters as in Fig. 6.8.

Additionally, the gasification temperature is depicted, which is the main gasification parameter

used to model the different syngas compositions. SN must be kept between 0.97 and 1.07 to

adhere to the gas grid specification. The production costs show a decreasing trend towards

higher SN , while ηCGE,o slightly increases. The CH4 content and ηC show maxima at SN = 1.0,

while the electricity consumption is minimal at around SN = 1.07. Also, some amount of waste

water needs to be disposed of. The decreasing production costs are mainly attributed to the

rising energy content of the SNG with increasing SN . This brings down the energy-specific (per

MW h) production costs even though the SNG amount is not monotonously increasing and the

district heat amount is decreasing.

Modeling suggests a quite narrow gasification temperature window between 696 °C and 702 °C

to limit SN to the needed range, similar to the results of Brellochs [121]. Of course, this is

a very idealistic approach. In reality, syngas fluctuations resulting from, e.g., inhomogeneous

biomass feedstock, must be considered. Additionally, other gasification parameters, like the bed

material circulation rate have been found to impact the syngas composition [99]. Therefore, it is

crucial to control the syngas composition and amount efficiently, factoring in all disturbances

inherent to the complex gasification system. Ongoing research is performed in this context at

TU Wien, setting up and testing a model predictive controller (MPC ) for the DFB gasification

system (Additional Paper IV) [159]. Promising results have been obtained, demonstrating a close

setpoint tracking of the gasification temperature and the product gas mass flow. The methanation
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(a) Influence on the CH4 content, cold gas efficiency (ηCGE,o), carbon
utilization (ηC), and the production costs (LCOP)

(b) Influence on the SNG amount, electricity consumption, district heat
and waste water

Fig. 6.11: Variation in SN showing the influence on different parameters for the 100 MW fuel input SER
concept
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Fig. 6.12: Sensitivity in production costs to the electricity price, investment costs, fuel costs, annual
operating hours, and earnings from CO2 certificates for the SER concept at SN = 1.06

temperatures in the fluidized bed methanation and the polishing reactor give additional degrees

of freedom in ensuring the SNG quality.

For further analysis, an overstoichiometric SN of 1.06 is chosen to exploit the advantages of

this setting (e.g. lower production costs). Again, a sensitivity analysis of the production costs for

the most prominent parameters is carried out. Fig. 6.12 depicts the relative sensitivity to the

investment costs, electricity costs, annual operating hours, fuel costs, and the earnings from CO2

certificates of the SER process in comparison to the DFB-Std variant 1. The earnings from CO2

certificates are especially interesting since no concentrated CO2 stream is acquired from the SER

concept. Instead, a diluted CO2 stream is vented to the atmosphere via the combustion reactor,

while the DFB-Std concept produces around 12 tCO2/h at a spot market price of 69.60 e/tCO2 in

2022. The base case shows 0.9% higher production costs for the SER variant. However, the SER

concept would be more cost-efficient if the earnings from CO2 certificates or the annual operating

hours were 5% or 7% lower, respectively. The same is valid if the investment or electricity costs

are 8% and 28% higher, respectively. Of course, vice versa, the DFB-Std concept would be more

favorable.

6.2.4 Comparison of the Process Concepts

Table 6.2 summarizes and compares the main inputs and outputs, the KPIs, and the production

costs of the three proposed process chains. The DFB-Std variant 1 is the cheapest overall despite

producing the least amount of SNG and district heat. Thus, the efficiencies are the lowest in
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Tab. 6.2: Comparison of the three proposed industrial scale process concepts for 100 MWth fuel input

parameter unit DFB-Std variant 1 DFB+H2 SER
input
electricity kW 3371 3620a 2690
fresh water kg/h 148 - -
H2 MW - 74.1 -
output
SNG Nm3/h 6780 13330 7060
district heat kW 12550 25820 15780
captured CO2 Nm3/h 6140 - -
waste water kg/h - 9666 880
KPIs
SNb - 0.29 0.98 1.06
ηCGE,o % 64.95 72.69 66.38
ηC % 34.47 66.87 34.59
production costs
LCOP excl. taxes e/MW h 74.88 121.25 75.56

a without electrolyzer
b upstream methanation

comparison. The low production costs result from the amount of concentrated CO2, which

creates additional revenues in the assumed scenario. The SER concept practically shows the same

production costs and carbon utilization ηC at a slightly increased cold gas efficiency ηCGE,o. No

CO2 stream can be sold in this case. Nevertheless, almost the production costs of the DFB-Std

variant 1 can be maintained because of the increased SNG and district heat amounts, the reduced

electricity consumption, the simpler process layout, and the reduced equipment size. By adding

additional H2 to the process (DFB+H2), the amount of SNG, district heat, and ηC is almost

doubled. Furthermore, ηCGE increases to more than 72%. However, the definition of ηCGE,o does

not include electrolysis, which would lower ηCGE,o to 63.3%, assuming an electrolyzer efficiency of

75% [31]. Large amounts of H2 and water (about 10 t/h) are needed for this process, even when

all the process water could be internally reused. The required chemical energy of H2 amounts to

74 MW, which is in the same range as the chemical energy of the produced product gas. Thus,

much higher production costs must be expected due to the large amounts and high price of

H2 in comparison to the produced SNG. Economically, the lack of a concentrated CO2 stream

exacerbates the situation, while an increased carbon utilization is favorable from a technical

and ecological perspective. On the other hand, a pure oxygen stream would be available from

electrolysis, which could create revenues or could be used as a gasification agent or within an

OxySER process [160] in adapted concepts. However, these aspects are not treated within this

thesis.
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6.3 Implementation

Table 6.3 displays the main advantages and disadvantages of the three proposed process concepts

as a decision basis. It incorporates the knowledge gained from the experimental investigations in

Chapter 5 and the simulation studies in this chapter. Depending on the implementation scenario,

the plant’s location, the plant operator’s goals, and the legal framework, the most suitable setup

can be chosen considering this list.

Tab. 6.3: Advantages and disadvantages of the three proposed process concepts

concept advantages disadvantages

DFB-Std
– similar process proven on demonstration

scale
– cheapest option if CO2 can be sold at spot

market price
– concentrated CO2 stream with possibility

for neg. emission via BECCSa

– CO2 separation required
– low carbon utilization
– higher risk of catalyst deactivation

through fouling due to low SN
– steam addition to inlet of methanation

reactor
– least amount of SNG and district heat

produced
– economically unfavorable without CO2

pricing

DFB+H2
– adjustment of syngas composition to

methanation requirements
– doubling of ηC , SNG amount, and district

heat
– no CO2 separation required
– less risk of catalyst deactivation through

fouling
– no steam addition to inlet of methanation

reactor

– high LCOP due to high H2 price and low
SNG price

– renewable H2 required for ecologically vi-
able concept

– dynamic process behavior or buffer tanks
required for fluctuating H2 supply

– large amounts of fresh water and electric-
ity required for electrolysis

– no usable CO2 from an economic & eco-
logical perspective

SER
– in-situ adjustment of product gas compo-

sition to methanation requirements
– higher ηCGE,o in comparison to DFB-Std

concept
– less risk of catalyst deactivation through

fouling
– no steam addition to inlet of methanation

reactor
– no CO2 separation required
– smaller units and less electrical power con-

sumption
– comparable LCOP to DFB-Std route
– economically preferred if no CO2 is sold

– SER process industrially not proven
– less stable operation in pilot plant
– no increased ηC possible
– exact tracking of product gas composition

necessary to fulfill methanation require-
ments

– no usable CO2 from an economic & eco-
logical perspective

a bioenergy carbon capture and storage
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If the decision is made to roll out the technology and implement it into a country’s energy

system, a substantial contribution towards more sustainability could be achieved. Table 6.4

displays the implementation of SNG into three representative sectors of the Austrian energy

system based on the DFB-Std reference case introduced in section 6.1. The results show that

between 38%–57% of today’s natural gas consumption of either sector could be replaced by

SNG4, which is equal to approximately 13.5 TW h in absolute numbers. Translated, this would

mean that around 28 commercial-scale 100 MWth plants could be erected if the full potential

would be utilized. Additionally, a considerable amount of district heat would be available. From

an ecological point of view, a CO2 reduction potential of 12%–40% is calculated, depending on

the considered sector.

Tab. 6.4: Comparison of possible implementation scenarios of SNG in the Austrian energy system,
adapted from [125]

implementation scenario natural gas
demanda

substituted natural
gas demandb district heat CO2 reduction

potential
SNG use in the energy sector 30.6 TW h 44% 6.7 TW h 39.4%
SNG use in the private and public
sector (without mobility)

23.8 TW h 57% 5.1 TW h 40.5%

SNG use in industry 35.5 TW h 38% 7.3 TW h 12.3%
a current natural gas demand
b substitutable natural gas demand per sector, assuming a woody biomass potential of 75 PJ in 2050

The 13.5 TW h are opposed by an overall Austrian natural gas demand of about 90 TW h in

2021 [161] and an expected demand between 15–114 TW h in 2040, depending on the applied

scenario [162]. Thus, 15% of the natural gas demand in 2021 or 12%–90% of the natural gas

demand in 2040 could be replaced. Other studies have determined the potential of SNG from

thermochemical processes in Austria ranging from 9 TW h to 42 TW h p.a. [81, 162, 163]. This

study is within the lower range, resulting from the assumed woody biomass potential of 20.8 TW h

(75 PJ) in 2050 (cf. [125]). This assumption excludes residual and waste materials because the

implications on the process are not comprehensively studied in this work. If residual and waste

materials would be considered as additional feedstock, each of the considered sector’s natural

gas consumption could be almost completely replaced, as Paper V shows. Of course, it needs

to be taken into account that this is a theoretical consideration implying a maximum SNG

usage scenario. Biomass is a valuable renewable carbon source and other products will be

produced as well. Simultaneously, multiple other technologies are available to defossilize the

three mentioned sectors. In the energy sector, RES, like wind and photovoltaics, as well as

heat pumps and waste heat recovery for district heat production, will play an important role.

4Note that the numbers are meant as "either this sector or another sector" can be substituted, not all at once.
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Similarly, heat pumps, solar thermal systems, and wood-fired boilers could provide the necessary

heat in the public and private sectors. In industry, there is the possibility to switch to alternative

production processes or provide high-temperature heat via increased waste heat recovery, H2,

or high-temperature heat pumps [125]. Nevertheless, gaseous energy carriers are forecasted to

remain essential energy carriers in the future [5]. Especially peak-load coverage in the energy

sector could be a valuable application with a substantial CO2 reduction potential. Similarly, the

provision of high-temperature heat in industrial processes lacks alternatives and could be an

important application of SNG in the future.
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Chapter 7

Conclusion & Outlook

The production of synthetic natural gas (SNG) from biomass presents a possibility to contribute

to the defossilization of the energy system. Catalytic methanation processes have been applied

to syngas from coal gasification for decades. Over the last two decades, the focus has shifted to

converting biomass resources for a sustainable development in Europe. Dual fluidized bed (DFB)

gasification has shown its capabilities to produce syngas and even SNG via catalytic methanation

processes on a demonstration scale. Nevertheless, technological advances are necessary to allow

a faster transformation to a sustainable future.

This work merged theoretical, experimental, and simulation-based investigations to develop

fluidized bed methanation in combination with advanced DFB steam gasification further. Ther-

modynamic analyses were carried out to assess the impact of DFB gasification and sorption

enhanced reforming (SER) under varying parameters on methanation. A full process chain,

including gas cleaning units and a fluidized bed methanation reactor, was designed, set up, and

investigated to demonstrate the production of SNG in combination with advanced DFB steam

gasification, H2 addition and SER. Simultaneously, impurities were tracked to gain more insight

into the gas cleaning processes. Based on the acquired knowledge, simulation studies were carried

out to evaluate advanced SNG production processes from a technical, economic, and ecological

point of view. The conducted research allows the following conclusion to be drawn.

• Fluidized bed methanation is suitable for a single-stage, mid-temperature conversion of

product gas to raw synthetic natural gas (raw-SNG) under nearly isothermal conditions and

at nearly ambient pressure. Optimal reaction temperatures are between 320 and 360 °C,

maximizing conversion.

• The prepared Ni/γ−Al2O3 catalyst proved to be well-suited for fluidized bed applications.

No significant chemical deactivation or mechanical attrition was observed with the applied

fluidized bed reactor.
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• Investigations indicated that no water-gas shift (WGS) or olefine hydrogenation unit was

necessary when applying fluidized bed methanation with the prepared catalyst in contrast

to fixed-bed methanation.

• The gas grid specifications demand a CO limit of 0.1 mol.-%. This threshold level was found

to be the most critical limitation, requiring a further conversion in a polishing reactor. If

external H2 is added or an SER product gas is methanated, the 10 mol-% H2 or 2.5 mol-%

CO2 threshold can be limiting.

• The advanced process layout, utilizing unpressurized fluidized bed methanation and fixed-

bed polishing, was shown to produce a higher-quality gas at slightly lower costs while

reducing the requirements for the catalyst’s activity due to the higher reaction temperature

and significantly decreasing the electricity consumption by 17%–38%.

• From an economic point of view, SNG production can almost compete with the industrial

price of fossil natural gas at 90 e/MW h in 2022, assuming revenues from the secondary

products district heat and CO2.

• SER, combined with fluidized bed methanation, was shown to be feasible and resulted in a

more efficient process with fewer and smaller equipment. It should be applied due to its

economic advantage, especially if no CO2 can be sold as a secondary product.

• The utilization of external H2 efficiently utilizes the valuable biomass carbon. About 2/3

of the biomass carbon can be transformed into CH4 instead of 1/3. The efficient use of the

sole renewable carbon source is highly desired from a technical and ecological perspective.

However, H2 costs are the main costs drivers. The H2 costs would have to drop by 60% to

make it economically competitive with the other concepts.

• SNG can significantly contribute to a greenhouse gas emission reduction presuming a

sustainable use of biomass resources. Especially, the application for peak-load coverage in

the energy sector or high-temperature heat provision in industry could lead to an emission

reduction of 39% and 12%, respectively.

While this work provides some answers, more questions arise which need answering.

• An internally circulating fluidized bed (ICFB) reactor was designed and investigated.

However, this work has not applied the internal circulation to methanation. The suggestions

provided should be followed up for advanced methanation concepts.
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• An advanced process layout was proposed and backed up by simulation. However, the

experimental proof producing SNG according to the gas grid specifications is missing.

• The operational stability of the SER process should be increased and demonstrated on a

larger scale. Additionally, the production of grid-feedable SNG via the SER process with

the proposed methanation concept needs to be shown experimentally.

• H2 addition in a hybrid concept requires more thought on how a dynamic operation could be

integrated from a technical point of view. Furthermore, oxygen as a secondary product from

electrolysis should be considered. Additionally, the production of grid-feedable SNG via the

hybrid process with the proposed methanation concept needs to be shown experimentally.

• The mechanical and chemical stability of the catalyst was shown. However, longer-term

experiments under standardized conditions and a dedicated test rig would provide more

reliable results.

• Impurities were tracked throughout the process chain. However, gas cleaning of DFB

product gas is still opaque considering the amount of substances involved. Fundamental

correlations are missing and should be developed to provide an engineering basis for plant

design.

• Residues and waste materials should be further investigated to strengthen the circular

economy, reduce feedstock costs, and increase the biomass availability.

• The overall process is complex, and understanding the internal correlations is not trivial.

Thus, advanced control, automation, and optimization strategies should be implemented

for an efficient and cost-effective process.

• CH4 is the simplest hydrocarbon foremost utilized as a combustion fuel. Furthermore,

it has a comparatively low market value. Alternative products could be produced from

syngas which have a higher market value and allow a material use of the biomass carbon.

In summary, this work suggests unpressurized fluidized bed methanation with an optimized

catalyst and with fixed-bed polishing in combination with SER and advanced DFB gasification,

resulting in technical and economic advantages (e.g. significantly reduced electricity consumption).

It suggests the application of SNG in the industrial and energy sector, where alternatives are

scarce in some applications and a significant greenhouse gas emission reduction could be achieved

with the estimated additional biomass potential. The gained knowledge in this work supports the

technology development during scale-up and incentivises research into these novel concepts, for
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example, within a future "Reallabor" demonstration. Furthermore, it shows potential stakeholders

that SNG can be economically competitive and ecologically beneficial, eventually supporting the

transition towards a climate neutral energy system.
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List of Symbols

Symbol Unit Description

CDF − cumulative discount factor

CEPCIbase − chemical engineering plant cost index in base year

CEPCIref − chemical engineering plant cost index in 2019 or 2022

CO2ered,seci
% CO2 reduction potential of sector i

Ceq,base e equipment costs base case

Ceq,design e equipment costs design case

dSV µm mean Sauter diameter

E e annual expenditures

Egas,seci
TWh

a annual substituted natural gas demand of sector i

CO2etot,seci

kgCO2e
a annual CO2e emissions of sector i

FPNG
kgCO2e

kWh CO2 footprint of natural gas

FPSNG
kgCO2e

kWh CO2 footprint of SNG

GHSV h−1 gas hourly space velocity

i − interest rate

I0 e total capital investment costs

LCOP e
MWh levelized costs of products

ṁC,CH4,SNG
kg
h massflow of carbon in SNG

ṁC,GR,fuel
kg
h massflow of carbon in the fuel to the GR

Mt,SNG MWh annual quantity of produced SNG

n years plant lifetime

ṅj
mol

s molar flow of species j

Nj − number of carbon atoms in species j

PCR,fuel kW chemical energy of the fuel to the CR

PGR,fuel kW chemical energy of the fuel to the GR

PH2 kW chemical energy of the additional hydrogen

PSNG kW chemical energy of the SNG
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Symbol Unit Description

PrawSNG kW chemical energy of the raw-SNG

pa mbar pressure in the annular region at the upper gap

pd mbar pressure in the draft tube at the upper gap

Q̇loss kW calculated heat loss of the DFB pilot plant

Q̇a
Nm3

h volume flow to the annular region

Q̇d
Nm3

h volume flow to the draft tube

r − scaling factor

Rsec.prod. e annual revenues from secondary products

SN − stoichiometric number

SC2H6 % selectivity of C2H4 towards C2H6

SCO2 % selectivity of CO towards CO2

Sa
Nm3

h gas slip between the draft tube and the annular region

Sbase suit. units plant scale base case

Sd
Nm3

h gas slip between the annular region and the draft tube

Sdesign suit. units plant scale design case

ua
m
s superficial gas velocity in the annular region

ud
m
s superficial gas velocity in the draft tube

umf
m
s minimum fluidization velocity

WHSV NL
gcat h weight hourly space velocity

XCO % carbon monoxide conversion

XCO2 % carbon dioxide conversion

XH2 % hydrogen conversion

y − molar fraction

YCH4 % methane yield

Z − installation factor

ηCGE,o % cold gas efficiency for industrial-scale concepts

η∗
CGE,o % cold gas efficiency for pilot-scale investigations

ηC % carbon utilization

ρb
kg
m3 bulk density



List of Acronyms 101

List of Acronyms
AC activated carbon

BA bark

BECCS bioenergy carbon caputre and storage

BET Brunnauer-Emmett-Teller

BtG Biomass-to-Gas

CAD computer aided design

CDF cumulative discount factor

CEPCI chemical engineering plant cost index

CO2e CO2 equivalent

CR combustion reactor

DFB dual fluidized bed

FT Fischer-Tropsch

GCMS gas chromatography/mass spectroscopy

GR gasification reactor

HHV higher heating value

HTG hydrothermal gasification

ICFB internally circulating fluidized bed

IPCC Intergovernmental Panel on Climate Change

KPI key performance indicator

L limestone

LCOP levelized costs of products

LHV lower heating value

LI lignin

MEA monoethanolamine

MPC model predictive controller

NPV net present value

O olivine
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ÖVGW Österreichische Vereinigung für das Gas- und Wasserfach

P&I piping and instrumentation

PDU process development unit

PFD process flow diagram

PtG Power-to-Gas

raw-SNG raw synthetic natural gas

RES renewable energy source

RME rapeseed methyl ester

RSC rapeseed cake

SER sorption enhanced reforming

SNG synthetic natural gas

SS sewage sludge

SW softwood

TEA techno-economic analysis

TPO temperature-programmed oxidation

TRL technology readiness level

TSA temperature swing adsorption

WGS water-gas shift
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Appendix A

Simulation Parameters
In Table A.1 and Table A.2, the additional simulation parameters for the concepts introduced in
section 6.2 are summarized. All other parameters are identical to the assumptions in section 6.1
(also see supplementary material of Paper V [125])

Tab. A.1: Relevant simulation parameters for the evaluation of alternative concepts in section 6.2

parameter unit value reference
fluidized bed methanation reactor
reaction temperature °C 340 [38, 124]
reaction pressure bara 1.05
WHSV NL/(gcat h) 1.5 [38, 124]
steam content inleta vol.-% 15
catalyst - Ni/Al2O3
polishing reactor
reaction temperature at exit °C 360
reaction pressure bara 10
GHSV 1/h 4000
catalyst - Ni/Al2O3

a only in case of DFB-Std variants

Tab. A.2: Additional simulation parameters for the SER concept in section 6.2.3, data taken from [121]

parameter unit stoichiometric number SN
1.31 1.18 1.09 1.04 1.00 0.97 0.93 0.87 0.81 0.72

PGYa Nm3
db/

kgfuel,daf

0.930 0.955 0.972 0.983 0.994 1.000 1.006 1.020 1.050 1.080

temp. °C 685.0 690.0 695.0 697.5 700.0 701.0 702.5 705.0 710.0 715.0
H2 vol.-%db 70.96 69.93 69.11 68.61 68.09 67.84 67.23 66.32 65.28 63.58
CO vol.-%db 6.19 7.09 7.69 8.04 8.45 8.57 8.79 9.15 9.89 10.63
CO2 vol.-%db 7.75 8.49 9.22 9.59 9.94 10.26 10.68 11.44 12.17 13.58
CH4 vol.-%db 12.58 12.24 11.98 11.86 11.73 11.62 11.62 11.50 11.28 11.02
C2H4 vol.-%db 1.51 1.35 1.20 1.15 1.09 1.06 1.04 0.99 0.89 0.79
C2H6 vol.-%db 0.50 0.45 0.40 0.37 0.35 0.33 0.32 0.30 0.25 0.20
C3H8 vol.-%db 0.50 0.45 0.40 0.37 0.35 0.33 0.32 0.30 0.25 0.20

a product gas yield
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Reactor Drawings
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Abstract
Natural gas is an important commodity in the European energy market. The gasification of biogenic residues and the further
reaction to a methane-rich gas represent a promising concept for the production of synthetic natural gas on a fossil-free basis. This
paper investigates the thermodynamics of methanation in a fluidized bed reactor for different product gas compositions of the
dual fluidized bed gasification technology. The investigated product gases range from conventional steam gasification, over CO2

gasification, to product gases from the sorption enhanced reforming process. All investigated product gases from conventional
steam gasification show an understoichiometric composition and therefore require a proper handling of carbon depositions and a
CO2 separation unit downstream of the methanation reactor. The product gas from CO2 gasification is considered disadvanta-
geous for the investigated process, because it only exhibits a carbon utilization efficiency of 23%.Due to the high flexibility of the
sorption enhanced reforming process, a nearly complete methanation of the carbonaceous species is possible without the need for
a CO2 separation step or the addition of steam upstream of the methanation reactor. Furthermore, the carbon utilization efficiency
is found to be between 36 and 38%, similar to the results for conventional steam gasification. Temperature and pressure variations
allow a thermodynamically optimized operation, which can increase the performance of the methanation and lower the extent of
gas upgrading for grid feed-in. Additionally, if a higher hydrogen content in the natural gas grid would be allowed, the overall
process chain could be further optimized and simplified.

Keywords Thermodynamics . Fluidized bed methanation . Synthetic natural gas . Dual fluidized bed gasification . Biogenic
residues

1 Introduction

Increasing greenhouse gas emissions and the limited availabil-
ity of primary energy carriers directed the energy policy of the
European Union towards sustainable and innovative energy
technologies [1]. Natural gas is one of the most important
primary energy carriers in Europe, but its availability is heavi-
ly dependent on the non-European market. The production of
synthetic natural gas (SNG) from biogenic residues offers a
promising alternative to the utilization of fossil fuels and

represents a novel concept to support the current energy strat-
egy of the European Union [1, 2].

One possible process route is the dual fluidized bed (DFB)
gasification, which allows the utilization of locally available
residual biogenic or waste resources and offers possibilities
for the production of highly valuable secondary energy car-
riers on a fossil-free basis. Wilk [3] and Benedikt et al. [4], for
example, increased the fuel flexibility of the DFB process
towards residues and waste for two generations of a
100 kWth DFB gasifier at TU Wien, while Schweitzer [5]
and Schmid et al. [6, 7] further extended the feedstock towards
sewage sludge and manure. In addition, the combination of
the DFB technology with sorption enhanced reforming (SER)
enables the production of a nitrogen-free product gas with
adjustable hydrogen to carbon monoxide or hydrogen to car-
bon dioxide contents [8]. Before the product gas from the
DFB gasification process can be fed to the methanation unit,
rigorous gas cleaning is required in order to protect the
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downstream equipment and the methanation catalyst. Dust,
tar, as well as sulfur and nitrogen containing compounds need
to be removed. Gas cleaning is not further elaborated here, but
in [9] a comprehensive overview over different gas cleaning
strategies is provided. The exothermic methanation itself has
been carried out in adiabatic or cooled fixed bed reactors, fluid-
ized bed reactors, three-phase reactors, and structured reactors.
The only commercially available reactor types thereof are adia-
batic fixed bed reactors [10]. For this reactor type, many similar
process concepts were developed mainly between the 1960s and
the 1980s. All concepts consist of 2–7 adiabatic reactors with or
without intermediate gas cooling and/or gas recycling. Two
prominent representatives thereof are the TREMP and HICOM
processes. Both utilize three adiabatic reactors with intermediate
cooling and gas recycling. They are applied in various coal-to-
SNG projects in China, whereas an adapted TREMP process is
also installed in the biomass-to-SNG project GoBiGas in
Sweden [11]. In general, this reactor type shows disadvantages
in terms of heat management and resistance against carbon de-
positions on the catalyst. Especially, the heat evolution and
therefore the temperature peaks in the adiabatic reactors neces-
sitate a reactor cascade and increase the complexity of the pro-
cess setup [11, 12]. Simultaneously to fixed beds, research ac-
tivities concerning the development of fluidized beds as metha-
nation reactors started [13]. One of the most prominent fluidized
bed concepts is the COMFLUX process, which successfully
demonstrated the production of 20 MWSNG from coal. The
1 MWSNG fluidized bed methanation unit connected to the
DFB gasifier in Güssing on the other hand was developed by
the Paul Scherrer Institut (PSI) andwas the first demonstration of
a biomass-to-SNG process on a large scale [10]. Fluidized beds
can overcome the limitations imposed to fixed beds by their
inherently good heat and mass transfer. This results in nearly
isothermal operation conditions and an intrinsic catalyst regen-
eration [14]. However, high particle forces and therefore high
attrition rates have prevented the commercialization of fluidized
beds in catalytic methanation processes so far. Continued re-
search work is thus put into the development of appropriate
catalysts as reported in [15–17]. Other research groups focus
on the development of structured reactors. The catalyst is dis-
persed on thermally highly conducting structures, thus reducing
temperature hotspots. This concept, for example, was applied by
the Engler-Bunte-Institut for the load-flexible methanation of
gasifier product gas with additional hydrogen from electrolysis
[12] or by Biegger et al. [18] for a power-to-gas (PtG) concept
with a honeycomb methanation catalyst. The variety of reactor
types also explains the wide range of operation conditions in the
methanation reactor. Temperatures from 250 to 700 °C and
pressures from 1 to 87 bara have been applied. From a thermo-
dynamic point of view, the methanation is favored at low tem-
peratures and high pressures. A more comprehensive compari-
son of different reactor concepts can be found in literature
[10–13].

Depending on the composition of the raw-SNG after
methanation, different gas upgrading steps might be necessary
before the gas can be fed to the gas grid. In the case of DFB
gasification and the consecutive catalytic methanation, the
upgrading steps can include drying, CO2 separation, and H2

separation. Various kinds of CO2 separation technologies
have been proposed for this task. Heyne and Harvey [19]
compared membranes, pressure swing adsorption (PSA),
and chemical absorption with monoethanolamine and con-
cluded that chemical absorption results in the highest cold
gas efficiencies. Physical absorption is another method for
the removal of CO2. However, high pressures are usually re-
quired for these processes and Gassner and Maréchal [20]
showed that it is the least favorable option for allothermal
gasification processes compared with PSA and membrane
technologies. For the separation of H2, mainly membrane
technologies are proposed [19–21]. However, to the best of
our knowledge, no comparative study on H2 separation tech-
nologies for the investigated process has been carried out so
far.

In order to feed the generated gas into the Austrian gas grid,
the feed-in regulations must be satisfied. In Austria, the limits
for the most important accompanying substances are defined
at 4 vol.-% for H2 and 2 vol.-% for CO2. Limitations for other
trace substances and calorific properties are defined as well
but are not relevant to this investigation. The values are stan-
dardized in [22, 23]. Interestingly, there is no specification
mentioned for CO. This is due to the fact that the guidelines
were developed for natural gas and later extended to biogas
from biological methanation. Both sources do not contain CO
and therefore this issue has not arisen. However, for the SNG
production via the thermochemical pathway, a limit for the
CO content would be necessary to ensure a high quality gas.
This is an issue not only in Austria but also all around Europe,
since no threshold levels are defined as summarized in [24].
Currently, the discussion focuses on an increased H2 content
in the natural gas grids all around Europe [25]. Studies have
shown that up to 10 vol.-% of H2 in the natural gas grid has no
adverse effects on the grid and most applications [26, 27].
However, as long as this is not transferred to national or
European law, the strict limits—as defined before—must be
fulfilled. Therefore, an alternative is the generation of a CH4/
H2mixture, also referred to as hythane, which can be used as a
substitute for natural gas directly in industrial applications
without the need to feed it into the gas grid first [28].

In Güssing (Austria) and Gothenburg (Sweden), two plants
for the conversion of woody biomass to SNG were operated
on a large scale. Both concepts utilized a DFB gasification
process but applied different gas cleaning and synthesis steps.
In Gothenburg, an adapted four-step adiabatic fixed bed
methanation process with intermediate cooling was used
(TREMP process). Additionally, a water-gas shift reactor, a
pre-methanation reactor, and an amine-based CO2 separation
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unit were installed upstream of the methanation reactors. The
gasifier system was operated with a thermal fuel power of
32 MWth and therefore was the largest DFB gasifier built so
far. The DFB section was operated in total for 12,000 h with
wood pellets and later with wood chips and forest residues as
feedstock. During the operation, they identified some issues
regarding the fuel feeding, the tar formation, and the product
gas cooling [29]. Because of these problems, the SNG pro-
duction periods were quite limited but nevertheless about
67 GWh of SNG was produced in total. From December
2017 to February 2018, they achieved the design goal and
the installed capacity of 20 MWSNG was reached. Chemical
efficiencies for the production of SNG from 50 to 63% with
wood pellets were reported. The carbon utilization efficiency
was about 30%, which means that 30% of the carbon in the
biomass is transferred to the SNG while the rest is exhausted
mainly as CO2 [30].

In contrast to this concept, the Güssing plant utilized a
single fluidized bed methanation reactor and the amine-
based CO2 separation was performed downstream of the
methanation reactor. Unlike the GoBiGas plant, a membrane
for the separation of excess H2 was required as the final gas-
upgrading step. The 1MWSNGmethanation section was main-
ly operated in 2009 and was the first plant to produce SNG
from woody biomass on a demonstration scale. The gas was
not injected into the gas grid but was stored in a compressed
natural gas (CNG) tank. Nevertheless, the Austrian gas grid
specifications were reached and SNG with about 95 vol.-%
CH4 and 3.8 vol.-% of N2 in minor amounts of H2, CO2, CO,
and C2H6was produced. Additionally, a cold gas efficiency of
62% is reported for this process [31]. Because of the applica-
tion of a fluidized bed methanation reactor the Güssing con-
cept allowed a simpler process setup compared to GoBiGas.
However, the Güssing setup was the first of its kind and was
not optimized technically. The methanation section applied in
Gothenburg on the other hand is commercially available and
technically optimized to the specific requirements of the plant
[10, 12].

Several other concepts follow the same goal to convert
biogenic feedstock to SNG. Anaerobic digestion allows bac-
teria to convert non-woody biomass to biogas with approxi-
mately 60 vol.-% CH4 and 40 vol.-% CO2. This biogas can
then be upgraded to SNG quality by removing the CO2 and
other minor impurities [32]. The same concept is applied to
biogas from landfills or wastewater treatment plants where the
biogas is produced naturally without the additional supply of
feedstock [33].

Besides biological approaches, a significant amount of re-
search is put into PtG concepts. The hydrogen produced via
electrolysis can be utilized to methanate various kinds of car-
bon resources as the comprehensive review by Götz et al. [34]

shows. One of these sources is the separated CO2 from biogas
plants, which can be upgraded to CH4 by catalytic methana-
tion instead of the simple exhaustion. One of the most prom-
inent representatives of this technology is the Audi e-gas plant
in Germany, which uses a molten salt cooled tube bundle
reactor [10]. Besides the classical PtG concepts, also hybrid
processes have been developed. For example, Witte et al. [35]
directly upgraded the biogas to biomethane on a smaller scale
in Switzerland by feeding it together with hydrogen to a bub-
bling fluidized bed reactor. Instead of the downstream catalyt-
ic methanation, Bensmann et al. [36] on the other hand pro-
posed a direct introduction of the hydrogen into the biogas
reactor which induced a biological methanation process.
Other hybrid concepts add hydrogen to the product gas of a
biomass gasification process in order to increase the hydrogen
to carbon ratio and therefore increase the overall carbon utili-
zation efficiency of the biomass-to-SNG process. Here, the
DemoSNG project is mentioned, where this combination
was experimentally tested with a honeycomb-type methana-
tion reactor. It was shown that despite the fluctuating avail-
ability of the hydrogen, a continuous production of SNG was
possible [37].

From a thermodynamic point of view, the main chemical
species which are involved in the methanation reaction system
are CH4, H2, CO, CO2, and H2O. The corresponding reaction
equations are the CO methanation (Eq. 1),

COþ 3H2⇌CH4 þ H2O ΔH300
R ¼ −216

kJ

mol
ð1Þ

the reverse water-gas shift reaction (Eq. 2), and

CO2 þ H2⇌COþ H2O ΔH300
R ¼ 39

kJ

mol
ð2Þ

the CO2 methanation (Eq. 3) which is a combination of Eq. 1
and Eq. 2.

CO2 þ 4H2⇌CH4 þ 2H2O ΔH300
R ¼ −177

kJ

mol
ð3Þ

Additionally, the reaction enthalpies at 300 °C (ΔH300
R )

are given. Besides these species, the product gas of the DFB
gasifier also contains hydrocarbons. As one of the main com-
ponents, ethylene (C2H4) is identified and is thus included
here [38]. The hydrogenation to methane is given in Eq. 4.

C2H4 þ 2H2→2CH4 ΔH300
R ¼ −209

kJ

mol
ð4Þ

A deactivation mechanism of the catalyst, which cannot be
prevented by gas cleaning steps, is the formation of solid
carbon on the catalyst. While adsorbed carbon on the catalyst
surface is a necessary reaction intermediate during
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methanation, the formation of stable deposits leads to catalyst
fouling [39]. Thermodynamically, this deposition can be
accounted for by the Boudouard reaction in Eq. 5.

2CO⇌CO2 þ C sð Þ ΔH300
R ¼ −174

kJ

mol
ð5Þ

The deposited surface carbon can also be hydrogenated to
methane according to Eq. 6,

C sð Þ þ 2H2⇌CH4 ΔH300
R ¼ −82:1

kJ

mol
ð6Þ

or undergo gasification with steam as shown in Eq. 7 [40].

C sð Þ þ H2O⇌COþ H2 ΔH300
R ¼ 134

kJ

mol
ð7Þ

These reactions show that increased amounts of H2, H2O,
or CO2 in the gasifier product gas might prevent the carbon
deposition.

A different form of deposition occurs through the adsorp-
tion of hydrocarbons like C2H4 on the catalyst surface.
Between 500 and 800 °C, the adsorption can lead to coke
deposits [40]. In general, there is a large number of different
forms and structural types of carbon or coke deposits which
can occur at different temperature intervals in methanation
processes [41].

If kinetic models are considered, all of the abovementioned
reaction pathways have to be taken into consideration. The
catalytic methanation of syngas is, however, mostly limited
by heat transfer and not by kinetics under typical operating
conditions. This limitation mostly applies for fixed bed reac-
tors and thus multiple reactors with intermediate cooling are
necessary in order to manage the heat released by the exother-
mic reactions [10]. Fluidized beds were shown to overcome
this limitation and allow a low-temperature methanation in a
single reactor step. The process was mainly found to be lim-
ited by the mass transfer between the bubble and the dense
phase of the fluidized bed. Nevertheless, the gas composition
is close to the thermodynamic equilibrium for temperatures
down to 320 °C and kinetic limitations apply for lower tem-
peratures as some studies confirm [17, 42, 43]. Additionally,
the adjustment of the H2/CO ratio of the feed gas to the re-
quired level of three can be directly carried out in the fluidized
bed methanation reactor. Fixed bed applications usually re-
quire a separate water-gas shift reactor upstream of the metha-
nation for this task [44, 45]. A thermodynamic calculation
including the water-gas shift reaction thus provides a good
estimation of the expected gas composition. Because of the
broad variety of possible carbon species, deviations from the
thermodynamic equilibrium for carbon depositions have to be
expected [10]. Nevertheless, graphitic carbon has previously
been used to elucidate this issue since kinetic models are often
only valid for specific reaction conditions and catalysts [46].

Extensive studies have been performed on the thermody-
namics ofmethanation. Bia et al. [39] used ternary diagrams to
visualize the calculated boundaries of carbon formation under
methanation conditions. Frick et al. [46] applied the same
method but extended the investigation to different feed gas
mixtures. They concluded that ternary diagrams are an appro-
priate tool for the design of methanation processes. Gao et al.
[47] performed a systematic thermodynamic investigation on
the methanation of CO and CO2 under varying parameters like
pressure, temperature, or the H2/CO ratio. As a result, they
give general indications on the effects of the parameter varia-
tions. Other research groups extended the modelling to a larg-
er part of the process setup and used different modelling ap-
proaches. For example, Witte et al. [48] used rate-based
modelling and investigated different combinations of metha-
nation reactors and hydrogen membranes to upgrade biogas
from biological digestion to biomethane. In order to upgrade
the biogas, they proposed a PtG concept with renewable hy-
drogen via electrolysis. They concluded that, in order to reach
the gas grid requirements, a combination of a bubbling fluid-
ized bed reactor with a second-stage fixed bed methanation
unit or a gas separation membrane are the technically and
economically favorable options [49]. Neubert [50] proposed
a similar two-stage methanation setup within the PtG concept.
The first stage consists of a structured methanation reactor
followed by an intermediate water condensation and a
second-stage fixed bed reactor. Within his work, he elaborate-
ly used thermodynamic models and ternary diagrams to define
the optimal CO2 removal as well as steam and hydrogen ad-
dition in general. For the production of SNG from coal, Liu
et al. [51] used thermodynamic calculations in Aspen Plus to
find the most suitable process setup. They concluded that a
circulating fluidized bed followed by a second-stage fixed bed
methanation reactor poses the most promising concept. For
small-scale air blown biomass gasifiers Vakalis et al. [52]
thermodynamically modelled the methanation with additional
hydrogen. They reached CH4 concentrations of only
40 mol.-% because of the high N2 concentrations inherent to
the product gas of air-blown gasifiers. The modelling of a
combination of the SER process with a TREMP methanation
process was carried out in [53]. They reached cold gas effi-
ciencies of 62% with this setup and about 60% when addi-
tional hydrogen from an electrolyzer was added. In [54], three
different gasifier types were compared for the production of
SNG with the conclusion that allothermal gasification sys-
tems, like the DFB system, result in the highest overall effi-
ciencies. Rönsch et al. [11] give a comprehensive overview
over many different modelling approaches for methanation
reactors and SNG production plants. Depending on the scope
of the study, the investigations range from detailed one-, two-,
or three-dimensional methanation reactor models to flow sheet
simulations of entire SNG process chains with zero-
dimensional equilibrium models. However, no evaluation of

98 Biomass Conv. Bioref. (2021) 11:95–110



the results from the latest DFB gasifier design in terms of SNG
production has been carried out. Furthermore, no detailed
thermodynamic analysis of the SNG production from biogen-
ic residues exists and no evaluation of the process in terms of
the carbon utilization efficiency is reported.

In this paper, a thermodynamic model of a fluidized bed
methanation reactor is developed and applied to specific feed
gas mixtures, which have been obtained by experimental gas-
ification test runs of different biogenic residues with a new
generation of a 100 kWth DFB gasifier at TU Wien. The cho-
sen feed gas compositions for the methanation aim at covering
the broad range of product gas compositions which can be
produced by the DFB gasifier. The results show a detailed
thermodynamic analysis of the raw-SNG gas compositions
and key values for different feed gas mixtures and varying
operation conditions like temperature and pressure. These re-
sults are discussed and evaluated in terms of their suitability
for a feed-in into the natural gas grid. Because of the different
process setups regarding the CO2 separation unit in Güssing
and Gothenburg, the placement of the CO2 separation unit
upstream or downstream of the methanation reactor is
discussed as well.

2 Concept and methodology

In order to calculate the thermodynamic equilibrium, only
four of the seven reaction equations (Eq. 1 to Eq. 7) need to
be considered. Otherwise, the system would be overdeter-
mined, because only four equations are linearly independent
of each other. For example, the CO2 methanation reaction can
be seen as the reversed water-gas shift reaction followed by
the CO methanation.

Thermodynamic calculations were performed with HSC
Chemistry 6 andMATLAB. HSC Chemistry is a commercial-
ly available software tool for thermodynamic calculations and
contains a database with thermodynamic property data. It cal-
culates the thermodynamic equilibrium concentrations with
the Gibbs free energy minimization method. For the purpose
of this work, a MATLAB-based program for the thermody-
namic equilibrium calculations was developed. This program
calculates the thermodynamic equilibrium based on the tem-
perature dependent thermodynamic property data from HSC
Chemistry. The solution was obtained by numerically solving
the equilibrium constant expressions for each reaction equa-
tion. The equilibrium concentrations were then automatically
plotted over temperature and pressure. The model was vali-
dated by comparing the calculated results on a random basis to
results obtained with HSC Chemistry. This comparison
showed that the model is highly accurate.

Figure 1 visualizes the modelling approach with a basic
flowsheet. In the DFB gasification process, the feedstock is

converted to the gasifier product gas. The validated results for
a multitude of experimental test runs in a 100 kWth DFB
gasifier at TU Wien have already been published elsewhere
(see Sect. 3) and are used as a basis for the modelling of the
methanation in this study. In the gas cleaning section, impu-
rities like dust, tar, as well as sulfur and nitrogen containing
contaminants are removed. The gas cleaning is not included in
the model because it does not influence the thermodynamic
calculations of the methanation. Therefore, the gas cleaning is
treated as a black box which removes all impurities except
ethylene. Ethylene was found to be the main hydrocarbon in
the gasifier product gas besides CH4 which is not removed by
conventional gas cleaning steps like scrubbers or activated
carbon filters. Besides ethylene, also hydrocarbons like ben-
zene, toluene, xylene, or naphthalene are often not completely
removed [55–57]. In this investigation, they are neglected
because the concentrations are comparably low. After the
gas cleaning, the gasifier product gas is fed to the methanation
unit. Here, the thermodynamic model is applied and the con-
version of the feed gas to raw-SNG is calculated. Since the
raw-SNG does not fulfill the requirements of the gas grid, the
necessary gas upgrading steps are also discussed but not
modelled. Optionally, the CO2 separation can be carried out
as shown in Fig. 1 or as part of the raw-SNG upgrading after
the methanation reactor. The standard setup in this investiga-
tion is the downstream CO2 separation as part of the raw-SNG
upgrading. However, also the upstream CO2 separation as
indicated in Fig. 1 is discussed.

The main focus of this investigation is a low-temperature
methanation (300 °C) at ambient pressure. These parameter
settings result from the current efforts on the scientific inves-
tigation of a novel bench-scale fluidized bed methanation set-
up for the given parameters. As the DFB gasification process
also operates at ambient pressure an additional energy input
for compression is avoided. This bench-scale methanation set-
up has been designed and built at TUWien and is currently in
the commissioning phase. Nevertheless, also a temperature
variation from 200 to 500 °C and a pressure range from 1 to
10 bara are investigated. While thermodynamic calculations
are in general independent of the reactor design, the validity of
the underlying assumptions is nevertheless defined by the
process-related circumstances. In this study, this translates to
the following assumptions: (i) the water-gas shift reaction
takes place simultaneously to the methanation reactions in
one reactor without a need for a prior adjustment of the H2/
CO ratio, (ii) C2H4 is hydrogenated to methane, and (iii) de-
spite the high exothermicity of the reactions, a low-
temperature methanation (e.g. 300 °C) is possible in one re-
actor. These assumptions are only valid for fluidized bed
methanation but would not be valid for fixed bed methanation
as reported in literature [10, 44, 45, 58]. Graphite is chosen as
the prevailing carbon species, since Frick et al. [46] found that
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the Gibbs free energy is lower than for amorphous carbon and
is thus preferentially formed.

In order to classify the feed gas composition, the stoichio-
metric number (SN) is defined in Eq. 8.

SN ¼ yH2

3 yCO þ 4 yCO2
þ 2 yC2H4

ð8Þ

SN gives the ratio between the molar fraction of H2 (yH2
) to

the molar fractions of the carbonaceous species in the feed gas
which react to CH4. If SN is equal to 1, there is a stoichiomet-
ric amount of H2 available according to Eqs. 1, 3, and 4.
Because the regarded pressures in this study are relatively
low, an ideal gas behavior is assumed and molar fractions
are thus equal to volume fractions. The definition of SN is
not unambiguous, because the chemical equilibrium is influ-
enced by all available species and therefore also by CH4 and
H2O. Nevertheless, it allows an approximate classification of
the feed gas mixture. Typical product gases from the DFB
gasification of biogenic feedstock show similar CH4 concen-
trations; moreover H2O concentrations in the feed gases are
assumed 0. The latter is attributed to the required gas cleaning
which is conventionally carried out at low temperatures [59].
If similar CH4 concentrations and a water-free feed gas are
assumed, the implementation of SN is justified.

Additionally, the CH4 yield (YCH4 ) is defined in Eq. 9. It
describes how much of the carbon in the feed gas is converted
to CH4.

YCH4 ¼
ṅCH4;eq

∑iN i ṅi;feed
� 100 ð9Þ

The carbon yield (YC) in Eq. 10 is a measure for carbon
deposition.

YC ¼ ṅC;eq

∑iN i ṅi;feed
� 100 ð10Þ

Index i refers to the carbonaceous species in the feed (i =
CH4, CO, CO2, C2H4), and Ni is the number of carbon atoms
in species i.

The CO conversion (XCO) in Eq. 11 gives the amount of
CO which is converted during the reaction.

X CO ¼ ṅCO;feed−ṅCO;eq

ṅCO;feed

� 100 ð11Þ

Analogously to Eq. 11, the CO2 conversion (X CO2 ) is
defined in Eq. 12.

X CO2 ¼
ṅCO2;feed−ṅCO2;eq

ṅCO2;feed

� 100 ð12Þ

In order to assess the performance of the overall process,
the carbon utilization efficiency (ηC) is introduced (Eq. 13). It
sets the amount of carbon in the methane of the raw-SNG

(ṅCH4;eq ) in relation to the amount of carbon which is intro-

duced to the process via the feedstock (ṅC;feedstock ). If CO2 is
used as gasification agent, the amount of carbon in the gasifi-

cation agent must be considered as well (ṅC;gasif ). The carbon
utilization efficiency illustrates how much of the carbon is
valorized as CH4 in the SNG and how much is “lost” mainly
as CO2.

ηC ¼ ṅCH4;eq

ṅC;feedstock þ ṅC;gasif

¼ ηC;DFB � YCH4 ð13Þ

An analogous way to calculate the carbon utilization effi-
ciency is by the multiplication of the carbon utilization effi-
ciency over the DFB gasifier (ηC,DFB) and the methane yield in
the methanation section (YCH4). In this paper, ηC,DFB is calcu-
lated from the validated results of test runs with the 100 kWth

DFB gasifier at TU Wien. This value is therefore only valid
for this gasifier. An extrapolation of ηC,DFB to large-scale gas-
ifiers is not recommended since the internal energy and mass
balances might differ. In this small-scale gasifier, the high heat
losses are balanced by the addition of heating oil in the com-
bustion section of the DFB process which is not the case for
large-scale plants. Large-scale gasifiers exhibit much lower
heat losses, but, depending on the feedstock, a partial
recycling of product gas to the combustion section might still

DFB 
gasification

Gas 
cleaning

CO2
separation Methanation

Product 
gas Feed gas Raw-SNGFeedstock

Modelling

Impurities

Upgrading
SNG

Fig. 1 SNG production flowsheet via the DFB gasification route; the highlighted area defines the modelled part of the process in this study
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be necessary. The recycled amount of product gas is not avail-
able for methanation. This factor cannot be considered in the
calculation, and the shown results therefore need to be seen as
a maximum.

Additionally, the minimum amount of steam (H2Ofeed),
which needs to be added upstream of the methanation reactor
to prevent carbon formation, is introduced. In order to calcu-
late H2Ofeed, every investigated reaction condition with each
feed gas is checked for the possibility of carbon formation. If
carbon formation is possible, the water content in the feed gas
is incrementally increased until the thermodynamic possibility
for carbon formation yields 0. At this point, H2Ofeed can be
obtained. Furthermore, gas cleaning is not within the scope of
this study and the feed gas mixtures for the methanation are
assumed free of impurities and other minor components.
Besides, kinetics or heat and mass transfer phenomena are
not considered.

3 Results and discussion

Table 1 shows the investigated feed gas compositions for the
methanation derived from DFB gasification. In the upper part
of the table, the operational parameters of the DFB gasifica-
tion process are shown. All displayed feed gas compositions
are obtained with a new generation 100 kWth DFB gasifier at
TUWien. The DFB process is not elaborated in this study and
further information can be found in literature [4, 7, 8, 56, 60,
61]. The lower part of Table 1 depicts the gas compositions
which are derived from the DFB gasification process and are
in further consequence used as the feed gas compositions for the
methanation process. All feed gases are assumed to be free of

H2O. Feed gas no. 1 shows a typical SER product gas with a
high hydrogen content. Limestone (L) is used as bed material,
and bark (BA) is chosen as feedstock. Feed gas no. 2–no. 4
present product gases from conventional gasification. With feed
gas no. 2, the same fuel and bedmaterial as with feed gas no. 1 is
used but the gasification temperature is higher which results in
lower H2 and higher CO and CO2 contents. For feed gas no. 3,
lignin (LI) is used as fuel and olivine (O) as bed material.
Sewage sludge (SS) and an olivine/limestone mixture (O/L)
are the basis for feed gas no. 4, which results in low H2 and high
CO2 contents. For feed gas no. 5, a CO2/H2Omixture is used as
gasification agent and rapeseed cake (RSC) and O as fuel and
bed material, respectively. This results in even lower H2 and
high CO and CO2 concentrations. Feed gas no. 6 shows a tem-
perature variation for SER gasification. This is included to dem-
onstrate the adaptability of the DFB gasification process to the
requirements of the methanation process (cf. Fig. 6). Data for
this variation is only available for softwood (SW) as feedstock.

In Fig. 2, the results of the chemical equilibrium calcula-
tions at 300 °C and 1 bara are shown for feed gas nos. 1–5. The
volume fractions of the dry gas components after the metha-
nation (referred to as raw-SNG) and the water content of the
raw-SNG (H2Oraw-SNG) as well as the minimum required wa-
ter content in the feed gas in order to prevent carbon deposi-
tion (H2Ofeed) are depicted.

Additionally, Table 2 lists some key figures as defined in
Eqs. 8–12 complementary to the results in Fig. 2. In Fig. 2a
and the left part of Table 2 (without H2Ofeed), the results for a
water-free feed gas are displayed. Figure 2b and the right part
of Table 2 (with H2Ofeed) display the results with steam addi-
tion to the feed gases in order to prevent carbon formation.
C2H4 is not depicted in any of the figures, because it is

Table 1 Investigated feed gases
DFB parameters Unit Feed gas number

1 2 3 4 5 6

Source – [8] [4] [56] [7] [60] [61]

Gasification agent – H2O H2O H2O H2O CO2/H2O
a H2O

Feedstock – BA BA LI SS RSC SW

Bed material – L L O O/Lb O L

Gasification temperature °C 625 761 789 800 840 582–797

Combustion temperature °C 820 998 945 945 938 830–1041

Feed gas composition to methanation (water-free feed)

H2 vol.-% 68.3 51.1 42.6 35.6 25.8 71.1–47.6

CO vol.-% 6.5 17.9 21.2 13.7 32.1 7.3–21.6

CO2 vol.-% 8.9 22.4 21.8 36.5 33.7 4.1–23

CH4 vol.-% 14.5 8.0 12.0 11.7 7.3 17.4–8.8

C2H4 vol.-% 1.9 0.6 2.4 2.5 1.1 1.9–0.5

aCO2/H2O= 68/32 vol.-%
bO/L = 80/20 wt.-%
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completely converted under all investigated conditions. CO is
also not shown in Fig. 2 because it is almost entirely converted
(see Table 2) and only trace amounts remain in the raw-SNG.
The feed gases are displayed in descending order for SN in Fig.
2 as well as in Table 2. This results in a decreasing trend for
CH4 and H2 and an increasing trend for CO2 in the raw-SNG.
Analogously, the methane yield and the CO2 conversion drop
significantly with understoichiometric feed gases.

A closer look at the results for the water-free feed gases
reveal that the SER feed gas (feed gas no. 1) allows an almost
complete conversion of CO and CO2 to CH4. Thus, no CO2

separation is necessary. In addition, no carbon formation is
thermodynamically expected. However, 22 vol.-%db of H2 is
still in the raw-SNG and needs to be separated below 4 vol.-%

before grid feed-in according to the Austrian regulations [22,
23]. Feed gas nos. 2–5 result in a lower CH4 content and a
higher CO2 content. The CO conversion is almost complete
even though SN is well below one for feed gas nos. 2–5. This
is possible because thermodynamically the feed-CO is rather
converted to solid carbon than left unreacted in the raw-SNG.
This results in severe carbon depositions with a carbon yield
as high as 54.5%. More than half of the carbon in the feed
would be deposited on the catalyst. This deposition would
result in a high loss of carbon and deactivate the catalyst.
Therefore, feed gas nos. 2–5 should not be introduced into
the methanation reactor without a previous steam addition.
Thus, in Fig. 2b and the right part of Table 2, the results with
the addition of steam to the feed gas are depicted. The amount
of steam added corresponds to the minimum amount needed
to prevent carbon formation. For feed gas no. 1, no steam
addition is necessary and therefore the results are the same
as in Fig. 2a. All other feed gases require steam addition in a
range of 37 to 52 vol.-%. The raw-SNG for these feed gases
therefore shows a different composition compared with the
water-free feed gases. For feed gas nos. 2 and 3, about half
the raw-SNG consists of CH4, the rest is CO2 and H2. For feed
gas nos. 4 and 5, CO2 constitutes the main component in the
raw-SNG with a CH4 yield of approximately 40% and 30%,
respectively. All four gas compositions require the separation
of both CO2 and H2 before grid feed-in, even if the less strin-
gent limitation of 10 vol.-% H2 is applied. Compared with the
results of the dry feed gases, the CH4 yield is slightly in-
creased but the CO2 conversion is significantly lowered. All
four gases show a negative CO2 conversion, which implies
that more moles of CO2 are produced than consumed during
the reaction. The influence of the steam addition on the reac-
tions can be pictured as follows: The water-gas shift reaction
(Eq. 2) proceeds towards CO2 and H2. This way, more H2 is
available for the methanation of CO and less CO needs to be
methanated because it is shifted towards CO2. The additional
H2 is used to hydrogenate the solid carbon. From this point of
view, it also becomes apparent that the CO2 conversion is less
compared with the results of the water-free feed or even neg-
ative. There are of course many ways to illustrate this effect.
The reaction pathway is only important for the consideration
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Fig. 2 Raw-SNG gas composition for feed gas nos. 1–5 at 1 bara and
300 °C. aWater-free feed gas. b Feed gas with steam addition to prevent
carbon deposition

Table 2 Key figure results of the equilibrium calculations

Parameter Unit Feed gas number (without H2Ofeed) Feed gas number (with H2Ofeed)

1 2 3 4 5 1 2 3 4 5

SN - 1.16 0.35 0.27 0.19 0.11 1.16 0.35 0.27 0.19 0.11

YCH4 % 99.9 28.2 24.6 14.4 5.2 99.9 50.8 49.2 39.8 29.6

YC % 0 47.2 54.5 52.8 50.9 0 0 0 0 0

XCO % 100 99.9 99.9 99.8 99.9 100 99.8 99.8 99.6 99.8

X CO2 % 99.7 45.6 42.7 39.9 2.2 99.7 − 8.5 − 34.9 − 10.3 − 57.1

102 Biomass Conv. Bioref. (2021) 11:95–110



of kinetic effects and does not influence the thermodynamic
equilibrium. Table 2 shows that the CO conversion remains
almost complete for all feed gases. Nevertheless, the CO2

methanation is found to be kinetically inhibited even for very
lowCO concentrations [62]. For feed gas no. 1, only 7 ppmv,db

of CO remain in the raw-SNG in the thermodynamic equilib-
rium. At least 600–700 ppm

v,db
need to be expected for feed

gas nos. 2–5. As long as there are no regulations on the
allowed CO content, no statement about the grid feed-in can
be made. The authors recommend a threshold value for CO if
the production of SNG via the thermochemical pathway is
further pursued at industrial scale.

3.1 Investigation of the sewage sludge product gas

In the following section, a more in-depth discussion of the
feed gas derived from SS gasification follows (feed gas no.
4). Because of the expected carbon deposition for this feed gas
composition, H2O should be added if a long catalyst lifetime
and a high conversion efficiency are aimed at. This was al-
ready discussed in the previous section. Hence, Fig. 3 depicts
the raw-SNG gas composition after the addition of steam for a
temperature variation from 200 to 500 °C and pressures of 1,
5, and 10 bara (Fig. 3b). The amount of steam added corre-
sponds to the minimum amount needed to prevent carbon

deposition. This minimum volume fraction of H2O in the feed
gas (H2Ofeed) as well as YCH4 is also displayed (Fig. 3a). With
increasing temperature, less CH4 and CO2 and more CO and
H2 are present. Accordingly, the CH4 yield decreases from 41
to 26% with increasing temperature at 1 bara. H2Ofeed de-
creases from 55 to 40 vol.-% within the displayed temperature
range. Nevertheless, the methanation is preferred at low tem-
peratures from a thermodynamic point of view if the addition-
ally required steam is not seen as the decisive factor.
Especially, the low methane yield and the strongly rising CO
content at higher temperatures make low-temperature metha-
nation attractive. Pressure only has a significant influence on
the gas composition at higher temperatures. At 500 °C, YCH4

can be substantially elevated and the H2 content significantly
lowered if the pressure is increased to 5 bara. A further pres-
surization only allows a minor improvement of YCH4 but still
reduces the H2 content by 5 percentage points. At 200 °C,
YCH4 is almost constant for all pressures. For H2Ofeed, hardly
any influence of pressure can be observed.

In general, this feed gas shows a rather unfavorable com-
position for methanation. The stoichiometric number is far
below 1, and the CO2 content in the feed gas is even higher
than the H2 content. For grid feed-in, the CO2 needs to be
separated from the raw-SNG. A maximum of only 2 vol.-%
is allowed. A H2 content below the allowed threshold level of
4 vol.-% after CO2 separation and without an additional H2

separation unit could be achieved by increasing the pressure at
260 °C to 5 bara or at 280 °C to 10 bara. If the stringent feed-in
specification of the natural gas grid is loosened and 10 vol.-%
H2 is allowed in the future, the methanation can be performed
at 350 °C at 10 bara, 320 °C at 5 bara, or 270 °C at 1 bara.
Even though there is only a slight influence of pressure on the
gas composition at these temperatures, a small increase can
nevertheless enable the grid feed-in without an H2 separation
unit. This is especially interesting if 10 vol.-% of H2 would be
allow in the gas grid because the reaction temperature would
be in a range where catalysts were found to be kinetically
active. If the desired commodity is hythane, only CO2 sepa-
ration is necessary and the discussion concerning the H2 con-
tent and the pressurization can be neglected.

3.2 Investigation of the feed gases with upstream CO2

separation

Firstly, the upstream CO2 separation is discussed with the
sewage sludge product gas (feed gas no. 4) in detail before
the discussion is extended to all other investigated feed gas
compositions. In Fig. 4, the equilibrium calculations for feed
gas no. 4 in a temperature range from 200 to 500 °C and
pressures of 1, 5, and 10 bara are shown. In contrast to Fig.
3, the CO2 separation is done upstream of the methanation
reactor as demonstrated in the GoBiGas project in

Fig. 3 Temperature and pressure variation for feed gas no. 4 in the
thermodynamic equilibrium: 1 bara (full line), 5 bara (dashed line), and
10 bara (dash-dotted line). a CH4 yield and feed water content. b Raw-
SNG gas composition
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Gothenburg. The feed gas to the methanation is therefore free
of CO2. In order to enable a fair comparison to Fig. 3, the
calculation of the methane yield includes the CO2 separation
step in this case. A comparison between Figs. 3 and 4 reveals
that YCH4 is slightly increased, whereas the required amount of
steam in the feed is substantially lowered. The lower amount
of steam in the feed could lead to a more energy-efficient
process because less steam needs to be provided to the metha-
nation reactor. Interestingly, at higher temperatures, H2Ofeed

increases again and the pressure sensitivity is much more pro-
nounced in comparison. The H2 content is a little higher and
the CO content slightly lower (e.g., 250 ppmv,db compared
with 667 ppmv,db at 300 °C and 1 bara) comparing CO2 sep-
aration upstream and downstream of the methanation reactor.
The CO2 content is in a range of 9 to 15 vol.-%db, which
implies that CO2 is formed during the reaction. The CO2 con-
tent as well as the higher H2 and lower CO content in the raw-
SNG can be explained by the water-gas shift reaction (Eq. 2)
which is shifted towards CO2 and H2 due to the missing CO2

and the understoichiometric H2/CO ratio in the feed. In this
case, the CO2 needs to be separated again, which requires a
second CO2 separation unit. The same applies for feed gas
nos. 2, 3, and 5. These feed gases also have a H2/CO ratio

below 3, and therefore CO2 is formed during the reaction in an
order that it exceeds the limit of 2 vol.-% for all investigated
operation conditions. Hence, a simple process setup with a
single CO2 separation step upstream of the methanation reac-
tor does not suffice for a single stage methanation when
understoichiometric feed gases, like feed gas nos. 2–5, are
introduced to the methanation reactor. Two possible arrange-
ment results are as follows: (i) The CO2 separation unit is
placed downstream of the methanation reactor. The resulting
disadvantage is the slightly lower methane yield, as shown
above, and a higher gas volume flow through the methanation
reactor because of the surplus CO2. The latter increases the
capital expenditures (CAPEX) of the methanation reactor. On
the other hand, the strong volume contraction during metha-
nation reduces the gas flow through the CO2 separation unit
which in turn reduces the CAPEX. (ii) A CO2 separation unit
is placed upstream and downstream of the methanation reac-
tor. The methane yield is slightly higher and the gas flow
through the methanation is lower. The disadvantages in this
case are the increased CAPEX for the second CO2 separation
step and the increased heat flux in the methanation reactor due
to the missing ballast gas. Hence, the second option does not
seem to be favorable because of the additionally required pro-
cess unit in the case of a single stage fluidized bed methana-
tionwith the investigated understoichiometric feed gases (feed
gas nos. 2–5). For the SER feed gases (feed gas no. 1 and no.
6), the CO2 separation can be neglected completely if the right
operating conditions are chosen as is explained below. For a
multistage process, like GoBiGas, the upstream CO2 removal
is nevertheless justified. The water-gas shift reaction is carried
out in a separate reactor followed by the CO2 separation unit,
both upstream of the methanation reactors. This way, the pro-
duction of CO2 and surplus H2 in the methanation section can
be suppressed and no further gas upgrading besides drying is
necessary.

3.3 Investigation of the SER product gas

Feed gas no. 1 is a typical SER product gas with a high H2

content. The SN is greater than 1, which allows a practically
complete methanation of the carbonaceous species (CO +
CO2 + C2H4) at temperatures up to 300 °C with a CH4 yield
of nearly 100% (Fig. 5).

Pressure only has a significant influence on the gas com-
position at higher temperatures. With pressurization, the de-
creasing trend of CH4 and the increasing trends of H2, CO,
and CO2 at higher temperatures can be counteracted. In addi-
tion, above 440 °C at 1 bara carbon formation is thermody-
namically possible. As is shown in Fig. 5a, H2O needs to be
added in this small operating window. At higher pressures, the
steam addition can be prevented. Below 300 °C, there is prac-
tically no influence of pressure or temperature on the gas
composition. In this case, methanation around 300 °C and

Fig. 4 Temperature and pressure variation for feed gas no. 4 in the
thermodynamic equilibrium with CO2 separation upstream of the
methanation: 1 bara (full line), 5 bara (dashed line), and 10 bara (dash-
dotted line). a CH4 yield and feed water content. b Raw-SNG gas
composition
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1 bara shows a favorable raw-SNG composition without the
need of compression. Lower temperatures would not improve
the gas composition but increase the challenge of employing
an active catalyst. For grid feed-in, only H2 would need to be
separated from the raw-SNG. For the application as hythane
on the other hand, no further upgrading step is necessary ex-
cept water condensation.

3.4 Investigation of variable product gas
compositions of the SER process

Fuchs et al. [61] already described the adaptability of the SER
process with regard to the product gas composition. In Fig. 6,
the evolution of the product gas components over the gasifi-
cation temperature of the 100 kWth DFB gasifier at TU Wien
is depicted. The product gas can be adjusted to the required
feed gas for methanation by varying the gasification tempera-
ture. However, this also adds an additional parameter to the
modelling of the methanation reactions. The range for the gas
components, the temperatures, the used bed material, and the
fuel is already listed in Table 1 (feed gas no. 6).

Figure 7 displays the composition of the raw-SNG in the
thermodynamic equilibrium for all data points of Fig. 6 over
SN. Temperature and pressure are again set to 300 °C and
1 bara respectively, for the methanation process. In order to
assess the carbon formation, YC is given. There is a decreasing

trend for CO2, H2O, and the amount of carbon formed for an
increasing SN. CH4 has a maximum at a SN slightly above 1.
At the same point, carbon formation declines to 0 and the
small incline in H2 turns into a sharp increase for higher SN.
CO is only present in trace amounts (0.14–614 ppmv,db) and is
not displayed here. From a thermodynamic point of view, the
feed gas with a SN of 1.09 results in a raw-SNG with the most
favorable composition for the methanation at 300 °C and
1 bara. A SN of 1.09 corresponds to a gasification temperature
of about 680 °C. The associated compositions for the feed gas
and the raw-SNG as well as the key figures are depicted in
Table 3. Both CO and CO2 are almost completely converted
and therefore no CO2 separation step is necessary. Compared
with feed gas no. 1 the H2 content is lower but for grid feed-in
the H2 still needs to be separated. A pressure increase to 4 bara
lowers the H2 content below 10 vol.-%, and the raw-SNG
could be directly utilized as SNG without further purification
if the loosened H2 restriction in the gas grid is assumed. This
would be an economic improvement because noH2 separation
step is necessary. Additionally, the CH4 yield and the CO2

conversion increase and the CO content decreases. The ac-
cording raw-SNG composition and the key figures at 4 bara
and 300 °C are also displayed in Table 3. Different operation
conditions of the methanation might favor other feed gas com-
positions from Fig. 6 and vice versa. In order to find the most
suitable feed gas composition for deviating methanation con-
ditions, reiterations of the thermodynamic equilibrium calcu-
lations would have to be carried out.

Fig. 5 Temperature and pressure variation for feed gas no. 1 in the
thermodynamic equilibrium: 1 bara (full line), 5 bara (dashed line), and
10 bara (dash-dotted line). a CH4 yield and feed water content. b Raw-
SNG gas composition

Fig. 6 Product gas composition over gasification temperature for the
100 kWth DFB gasifier at TU Wien for softwood and olivine as fuel
and bed material, respectively (from [61])
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3.5 Comparison of all investigated feed gases with the
carbon utilization efficiency

Table 4 compares the investigated feed gases (feed gas nos. 1–
6) by means of the carbon utilization efficiencies (ηC, ηC,DFB)
as well as the H2 and CO2 contents in the raw-SNG at 300 °C
and 1 bara. ηC is the highest for the product gas from the
gasification of LI (feed gas no. 3) and the lowest for the prod-
uct gas from the CO2 gasification of RSC (feed gas no. 5). All
other values for ηC are in a similar range between 34.6 and
37.9%. The comparison of ηC and ηC,DFB reveals that the
carbon utilization for the SER product gases (feed gas no. 1
and 6) is governed by the carbon utilization in the DFB sys-
tem. The excess carbon (in the form of CO2), which is still in
the raw-SNG in case of conventional gasification (like feed
gas nos. 2–4), is already removed within the SER process by
the increased transport of carbon from the fuel to the flue gas.
This results in a low ηC,DFB but a similar value for ηC com-
pared with feed gas nos. 2 and 4 because nearly a complete
carbon utilization is achieved in the methanation section.
Additionally, no CO2 separation step is required as the

possibility to adjust the stoichiometric number SN is inherent
to the process. Further savings result from the fact that no
steam addition to the feed gas is necessary and the fact that
the composition of the feed gas can be adjusted (cf. Fig. 6).
Despite the high flexibility, a H2 separation is nevertheless
required under current regulations. If 10 vol.-% of H2 would
be allowed, the SER process seems economically advanta-
geous because neither a CO2 nor a H2 separation unit or a
steam addition to the feed gas is required under the right pro-
cess conditions (e.g. feed gas no. 6 at 300 °C and 4 bara). The
CO2 separation alone was estimated to account for 13–22% of
the total fixed capital investment costs of a biomass-to-SNG
plant [19].

The highest ηC is reached with feed gas no. 3, which orig-
inates from the gasification of lignin with olivine as bed ma-
terial. The high ηC results from the high value for ηC,DFB.
Almost 93% of the carbon in the fuel is relocated to the gas-
ifier product gas. The lowest ηC results from feed gas no. 5,
which originates from the gasification of rapeseed cake with
olivine as bed material and a CO2/H2Omixture as gasification
agent. The gasification with a CO2 admixture to the

Table 3 Feed gas and raw-SNG composition and key figures for the feed gas with a SN of 1.09 at 300 °C and 1 bara as well as 300 °C and 4 bara in the
thermodynamic equilibrium

Parameter Unit Feed gas Raw-SNG at 1 bara Raw-SNG at 4 bara

CH4 vol.-%db 13.3 86.1 90.0

H2 vol.-%db 67.8 12.8 9.8

CO vol.-%db 7.3 0.005 0.0008

CO2 vol.-%db 9.8 1.1 0.2

C2H4 vol.-%db 1.7 0 0

H2O vol.-% 0 40.2 41.6

YCH4 % - 98.8 99.7

YC % - 0 0

XCO % - 100 100

X CO2 % - 95.8 99.1

Fig. 7 Raw-SNG gas
composition and YC over SN at
300 °C and 1 bara for the feed gas
compositions according to Fig. 6
in the thermodynamic
equilibrium
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gasification agent therefore cannot be used advantageously for
the production of SNG if no external hydrogen is provided.
For feed gas nos. 2–5, a CO2 separation and a H2 separation is
required. If the 10 vol.-% H2 threshold is applied, the H2

separation can be avoided (e.g. feed gas no. 4 at 320 °C and
5 bara). Even the 4 vol.-% H2 threshold can be met if the
operation conditions are adapted (e.g. feed gas no. 4 at
280 °C and 10 bara), but kinetic effects at these low tempera-
tures most likely need to be considered. For these feed gases
(feed gas nos. 2–5), the carbon utilization efficiency can be
increased by the addition of H2 from external sources (e.g.
electrolysis) which allows the methanation of the leftover
CO2. From a technical and ecological point of view, the addi-
tion is advantageous since ηC can be maximized. The avail-
ability and the expenditures for the additional hydrogen on the
other hand need to be eyed critically. In this paper, this con-
cept is not discussed any further but some relevant studies
were already referred above [50, 52].

In general, the calculated results are in good agreement
with literature values. The GoBiGas plant reached a ηC of
about 30%, which is slightly lower as most of the calculated
values. The slightly lower values seem justified, since this
study is based on thermodynamic calculations and therefore
the results need to be seen as maximum values. The gasifica-
tion section of the GoBiGas plant reached a ηC,DFB of about
70% as can be calculated from the results in [63]. This value is
similar to feed gas no. 2 but lower compared with all other
feed gases. The discrepancy possibly arises from the small
scale and good performance of the pilot plant as well as the
difficult scalability of the carbon utilization efficiency as ex-
plained in the methodology section. Taking the results from
the modelling study of Heyne and Harvey [19], a ηC of 35%
can be calculated, which is very close to the calculated values
in this paper.Also, the raw-SNGcompositionwith 45 vol.-%db

of CH
4
, 47 vol.-%db of CO2, and 4 vol.-%db of H2 is close to

the calculated values. Similar values were also reported by
Gassner et al. [64] who calculated a raw-SNG composition
with 45 vol.-%db CH4, 45 vol.-%db CO2, and 6 vol.-%db H2.
Both studies assumed similar operating conditions at approx-
imately 300 °C and 1 bara. Experimentally, Seemann et al.

[58] confirmed a similar raw-SNG composition. They recon-
structed the feed gas composition of the Güssing gasifier and
reached slightly lower CH4 concentrations at approximately
40 vol.-%db CH4, 47 vol.-%db CO2, and 4 vol.-%db H2. The
1 MWSNG methanation plant in Güssing, however, could not
meet the 4 vol.-% threshold, and a two-stage membrane sep-
aration process was necessary, whereas in Gothenburg, no H2

separation unit was required [10, 31].

4 Conclusion and outlook

In this work, the suitability of various product gases from the
100 kWth DFB gasifier for methanation in a fluidized bed
reactor was evaluated from a thermodynamic point of view.
It was shown that a complete methanation of CO and CO2 is
only possible for SER product gases. For all other presented
product gases, only the methanation of CO is possible, where-
as CO2 might even constitute the main raw-SNG component.
Additionally, gases from conventional steam gasification or
gasification with CO2 admixture to the gasification agent
(H2O + CO2) are subject to carbon depositions in the metha-
nation reactor. Therefore, up to 55 vol.-% of H2O needs to be
added to the feed gas for a stable operation. Furthermore, the
influence of different operation conditions of the methanation
on the raw-SNG composition was visualized. By the careful
choice of operation conditions, energy savings and/or less
effort for further gas upgrading can be accomplished. A com-
parison between upstream and downstream CO2 separation
revealed that only a downstream CO2 separation results in
the required SNG quality if a single fluidized bed methanation
reactor with understoichiometric feed gases is utilized. A fur-
ther investigation of the SER product gases revealed that it is
also possible to adapt the gasification process to suit certain
methanation conditions. A SER product gas with a stoichio-
metric number of 1.09, which corresponds to a gasification
temperature of 680 °C, was shown to be the most suitable feed
gas for methanation. No CO2 separation step and no H2O
addition to the feed gas was necessary, which clearly indicated
an economic advantage. However, under current regulations,
a H2 separation unit could not be avoided for the raw-SNG
from the SER product gas. An increase of the allowed H2

content in the natural gas grid to 10 vol.-% would therefore
increase the degrees of freedom of the whole system. In turn,
this would result in improved operating points, which would
simplify the overall process and reduce costs. This would
apply for all investigated feed gases, but especially the SER
process would benefit from these loosened restrictions. For
example, the SER product gas (feed gas no. 6) could be
methanated at 300 °C and 4 bara to gas grid quality without
a CO2 or H2 separation step nor a H2O addition to the feed gas.

A comparison of the carbon utilization efficiencies re-
vealed that the gasification of lignin resulted in the highest

Table 4 Comparison of the carbon utilization efficiencies and the H2

and CO2 contents in the raw-SNG for feed gas nos. 1–6 at 300 °C and
1 bara

Parameter Unit Feed gas number

1 2 3 4 5 6

ηC, DFB % 36.5 72.8 92.6 86.9 78.0 38.4

ηC % 36.5 37.0 47.0 34.6 23.1 37.9

H2 content vol.-%db 22.0 7.3 7.3 6.5 5.5 12.8

CO2 content vol.-%db 0.1 45.5 45.6 56.2 66.4 1.1
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overall value of 47%. Apart from one exception, all other
values including the SER product gases range between 34.6
and 37.9%. Only if CO2 is added to the gasification agent, the
carbon utilization factor drops to 23%. The addition of H2

from an external source would allow a much more efficient
conversion of the carbon, but the availability and the econom-
ic implications would need to be considered.

It should be noted that all investigations in this paper are
based on thermodynamic equilibrium calculations. Catalyst
poisoning due to insufficient gas cleaning, kinetic limitations
concerning carbon deposition, methanation of CO2, the high
feed water content, or low temperatures as well as possible
heat or mass transfer limitations necessitate experimental in-
vestigations. These issues are subject of further investigations
with the bench-scale fluidized bed methanation setup at TU
Wien.
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Abstract 

In this work, an internally circulating fluidized bed reactor 
was proposed and designed for the catalytic methanation of 
syngas from the 100 kWth dual fluidized bed gasification 
reactor at TU Wien. Additionally, first fluid dynamic 
investigations were carried out in order to determine 
characteristic pressures and the gas slip in the internally 
circulating fluidized bed. The results from the design of the 
reactor showed that a volume contraction in the reactor 
between 30-50% and a heat generation between 0.16 to 
0.25 kW per kW of exit gas need to be considered in the 
thermodynamic equilibrium for a low temperature 
methanation process at 300 °C and 1 bara. Further technical 
and economic considerations resulted in the design of a 
fluidized bed with an outer diameter of 164 mm, which 
corresponds to a maximum feed gas volume flow of 6 m3stp/h 
and a maximum chemical energy of 15 kW in the exit gas for 
the chosen catalyst properties. The fluid dynamic 
investigations with an inert bed material showed that there is 
a clear correlation between the pressure difference between 
the draft tube and the annular region and the fluidization 
ratio. Additionally, the gas slip was shown to increase with a 
higher fluidization ratio as well as higher absolute fluidization 
velocities. Furthermore, the gas slip from the annular region 
to the draft tube was shown to be by an order of magnitude 
higher than the gas slip from the draft tube to the annular 
region.  
 
Introduction 

The global energy system clearly shows a transition from 
solid energy carriers via liquids to gaseous energy carriers. 
This trend can be observed throughout historical data and is 
also predicted for centuries to come [1]. Besides the mere 
transition from solids to gases, there is also a transition from 
fossil fuels towards renewable energy resources taking 
place today. Synthetic natural gas (SNG) is one possible 
energy carrier which combines both trends and therefore 
shows a relevant potential for the implementation in future 
energy systems [2].  

The Biomass-to-Gas (BtG) route is a viable concept for the 
production of valuable secondary energy carriers, like SNG, 
on a fossil-free basis. A possible process route within the 
BtG concepts is the dual fluidized bed (DFB) gasification and 
the consecutive upgrading to SNG. The upgrading steps 
consist of a gas cleaning section, the catalytic methanation 
process itself and the purification of the methane-rich gas 
(raw-SNG) in order to fulfill the feed-in requirements of the 
natural gas grid. Within this process chain, there are still 
some technical and economical challenges which must be 
addressed in order to make this process competitive [3]–[5]. 
Some recent investigations already focus on the 
implementation of the process chain in different industrial 
settings to extend the fields of application and improve the 
economic performance. In [6], for example, the process is 
utilized in an integrated hot metal production plant to replace 
the natural gas demand which is currently covered with fossil 
natural gas. Another study investigated the production of  

 
SNG from sewage sludge as feedstock. The results showed 
that the process can be economically competitive due to the 
negative purchase price of sewage sludge [7]. 

In this work, the focus lies on the design of the 
methanation reactor where the highly exothermic 
methanation reactions take place. The most important 
equations describing the ongoing processes are the CO-
methanation reaction, 
 𝐶𝑂 + 3𝐻ଶ ⇌ 𝐶𝐻ସ + 𝐻ଶ𝑂             Δ𝐻ோଷ଴଴ = −216 ௞௃௠௢௟     (1) 

 
the reverse water gas shift reaction, and 
 𝐶𝑂ଶ + 𝐻ଶ ⇌ 𝐶𝑂 + 𝐻ଶO                Δ𝐻ோଷ଴଴ = 39 ௞௃௠௢௟        (2) 

the CO2-methanation reaction, which is implicitly defined by 
the linear combination of Eq.(1) and (2) [8].  
 𝐶𝑂ଶ + 4𝐻ଶ ⇌ 𝐶𝐻ସ + 2𝐻ଶ𝑂         Δ𝐻ோଷ଴଴ = −177 ௞௃௠௢௟    (3) 

Besides these species, the product gas of the DFB gasifier 
also contains higher hydrocarbons like ethylene (C2H4). The 
hydrogenation of C2H4 to methane can be written as: 
 𝐶ଶ𝐻ସ + 2𝐻ଶ → 2𝐶𝐻ସ               Δ𝐻ோଷ଴଴ = −209 ௞௃௠௢௟       (4) 

There are more reaction equations which can be considered 
in a methanation process, but are irrelevant for the purpose 
of this paper. A more detailed thermodynamic analysis for 
this process route can be found in [9].  

Commercially, only adiabatic fixed bed reactors are 
available today. This type of reactor is chosen because of 
the low construction effort for a single reactor and the low 
mechanical stress on the catalyst. However, there are some 
major drawbacks as well. Because of the highly exothermic 
methanation reactions, a reactor cascade with intermediate 
gas cooling and most of the time also product gas recycle is 
necessary. This in term increases the complexity of the 
overall process setup. In addition, the risk for catalyst 
deactivation by carbon depositions and/or coke formation is 
high. For these reasons, alternative reactor concepts have 
been investigated. Cooled fixed bed reactors, fluidized bed 
reactors, three-phase reactors and structured reactors have 
been proposed for this purpose. This variety of reactor 
concepts also lead to a wide range of reaction conditions. 
250 °C to 700 °C and 1 bara to 87 bara have been applied. 
Every reactor concept benefits from certain advantages but 
also shows disadvantages compared to adiabatic fixed 
beds. Fluidized bed reactors, for example, distinguish 
themselves by the improved heat and mass transfer. 
Therefore, nearly isothermal operation conditions and a high 
conversion close to the thermodynamic equilibrium even at 
lower temperatures are possible. Also, the risk for catalyst 
deactivation by coke formation is reduced and no separate 
water gas shift reactor prior to the methanation is necessary. 
All of the above points allow a shorter gas cleaning section 
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and reduce the number of required methanation reactors to 
a minimum. However, a drawback of the fluidized bed 
methanation reactor is the high mechanical stress on the 
catalyst. More information on the different reactor types can 
be found in [8], [10]–[12].  

There are two large-scale projects for the conversion of 
woody biomass to SNG based on the DFB gasification 
technology. The GoBiGas project (Gothenburg, Sweden) 
produced 20 MWSNG from the product gas of a DFB gasifier 
and utilized the commercially available TREMP process 
from Haldor Topsøe with 4 adiabatic methanation reactors 
with intermediate cooling and product gas recycling at a 
pressure of 16 bara. Together with the gas cleaning, the gas 
pretreatment and the gas upgrading, 16 main process steps 
are implemented in this plant. The second large-scale 
project was the 1 MWSNG plant in Güssing, Austria. This 
plant utilized a single fluidized bed methanation reactor and 
10 main process steps were necessary for the production of 
SNG from the product gas of the DFB gasifier. The operating 
conditions in the reactor were about 380 °C and 1 bara [8], 
[13].  

Some investigations have already been performed on 
fluidized bed methanation in small lab-scale test rigs. These 
investigations mainly focus on the assessment of the 
catalyst performance in fluidized beds with only a few 
millimeters in diameter [14], [15]. Other investigations in 
somewhat larger bubbling fluidized bed reactors, with a 
diameter of about 50 mm, were conducted by the Paul 
Scherrer Institute (PSI). Extensive studies on kinetics, 
carbon depositions and mass transfer phenomena were 
carried out. All investigations utilized a bubbling fluidized bed 
but hardly any considerations to the reactor design are 
mentioned [16]–[18]. Other studies propose advanced two-
stage methanation processes with a fluidized bed 
methanation reactor as the first stage and a fixed bed reactor 
as the second stage. However, these process setups were 
only theoretically proposed but have not been 
experimentally investigated so far [19], [20]. Neubert on the 
other hand already carried out experiments in a two-stage 
methanation process with intermediate water condensation 
including a structured reactor as the first stage and a fixed 
bed reactor as the second stage and reached to required 
gas quality for grid feed-in in Germany [21]. 

In this paper an internally circulating fluidized bed (ICFB) 
methanation reactor for improved heat and mass transfer is 
proposed and designed. Additionally, first results of fluid 
dynamic investigations of the ICFB are presented. The 
reactor concept is developed for the purpose of investigating 
the methanation process with bottled gases on the one hand 
and with ‘live gas’ from the 100 kWth DFB gasifier at TU Wien 
on the other hand.  
 
Concept and methodology 

Design 

ICFB’s have been studied and applied to various processes 
in the past and today. Because of the possibility to split the 
reactor in different reaction zones, it is used in coal and 
biomass gasification processes, for example. The 
development of the DFB technology at TU Wien is also 
based on an ICFB and has been optimized over the last 
three decades [22], [23].  

The ICFB reactor usually consists of one reactor with two 
separated fluidized beds and/or reaction zones, which are 
connected by the circulation of the solid material between 
the two zones. One possibility to separate the fluidized beds 
is by the insertion of a draft tube, which divides the reactor 
into an inner cylindrical fluidized bed and an outer annular 
fluidized bed. A schematic diagram of such an ICFB is 
shown in Fig. 1. By the independently controllable gas 

supply to each fluidized bed, it is possible to create a 
circulation between the two zones. For example, if there is a 
higher fluidization velocity inside the draft tube than in the 
annular region, the solids will rise in the draft tube and 
traverse downwards in the outer fluidized bed (green arrows 
in Fig. 1). ICFB’s with draft tube mainly distinguish 
themselves by the fluid velocity in the draft tube. If the 
velocity is low, such that the particles are not carried out of 
the fluidized bed, the result are two interconnected bubbling 
fluidized beds and the solid circulation works on the principle 
of an airlift pump. If the fluid velocity in the draft tube is well 
above the point of entrainment (𝑢௦௘, se=significant 
entrainment), the particles are carried out of the draft tube 
and flow back into the outer zone by the widening of the 
reactor above the draft tube. This type is called fast internally 
circulating fluidized bed (FICFB). Besides this definition, 
ICFB’s can be distinguished by the type of the gas distributor 
or by the type of connection between the two reactor zones 
[24]–[27].  

The proposed reactor concept is designed according to 
the following design parameters. The minimum fluidization 
velocity (𝑢௠௙) (Eq. 5) and 𝑢௦௘ (Eq. 6) are calculated 
according to Grace [28] and Bi and Grace [29], respectively.  
 𝑢௠௙ = ఓఘ೒ ௗೄೇ ൫√27.2ଶ + 0.0408 𝐴𝑟 − 27.2൯          (5) 

 𝑢௦௘ = ఓఘ೒ ௗೄೇ  1.53 𝐴𝑟଴.ହ             (6) 

 
Where 𝐴𝑟 is the Archimedes number. 
 𝐴𝑟 = ௗೄೇయ  ఘ೒ ൫ఘ೛ିఘ೒൯ ௚ఓమ                  (7) 
 
In order to calculate these parameters, gas properties like 
the dynamic viscosity 𝜇 and the density 𝜌௚ must be known 
under the prevailing reaction conditions. For this reason, a 
model in the process simulation software IPSEpro was 
implemented. In this software, the property data for all 
required substances are implemented. These substances 
are H2, CO, CO2, CH4, H2O, N2 and C2H4. Besides the 
property data of the gases, also the property data of the solid 
bed material must be defined. The defined bed material has 
a Sauter diameter of 𝑑ௌ௏ = 165 𝜇𝑚 and a particle density of 𝜌௣ = 2000 𝑘𝑔 𝑚ଷ⁄ . These values resemble the Ni/Al2O3-
catalyst, which was synthesized especially for the utilization 
in a fluidized bed. Another useful definition for the 
characterization of the two fluidized beds is the superficial 
velocity in relationship to 𝑢௠௙. This relationship can be 
defined for both the inner (𝑢ௗ/𝑢௠௙, i.e. draft tube) and the 
outer (𝑢௔/𝑢௠௙, i.e. annular region) fluidized bed. Division of 
these two values leads to the fluidization ratio, 
 𝑓𝑙𝑢𝑖𝑑𝑖𝑧𝑎𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑖𝑜 = ௨೏ ௨೘೑ൗ௨ೌ ௨೘೑ൗ = ௨೏௨ೌ           (8) 

 
which characterizes the circulation between the fluidized 
beds. Furthermore, the reaction conditions in the design 
case are set to 300 °C and 1 bara. The low temperature is 
possible because of the superiority of the fluidized bed in 
terms of heat management. It allows a high conversion and 
thus a methane-rich gas in a single reactor unit. Atmospheric 
pressure is chosen because the DFB gasification process 
works under ambient pressure and the energy, which is 
required for the pressurization of the feed gas, is omitted. 
Additionally, thermodynamic calculations reveal that there is 
only a mild influence of pressure on the gas composition 
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especially at low temperatures [9]. The temperature of the 
feed gas at the inlet to the reactor is set to 250 °C.  

For the design of the fluidized bed, it is important to 
consider the chemical reactions taking place in the reactor. 
Not only the gas composition changes during the 
methanation process, but also the volume contracts (see 
Eq. 1,3 and 4). In the case of methanation it has been 
reported that the reaction kinetics are fast and the 
thermodynamic equilibrium can be approached within the 
first few millimeters of the reactor height [30]. Both 
statements justify the use of the exit gas 
composition/properties and volume flow in the 
thermodynamic equilibrium for the fluid dynamic calculations 
of the fluidized bed. Four typical feed gas compositions were 
used for the design of the reactor.  
 

 a stoichiometric mixture of H2 and CO2 
(H2:CO2 = 4:1). 

 a stoichiometric mixture of H2 and CO 
(H2:CO = 3:1). 

 a typical product gas composition from the DFB 
steam gasification with wood as fuel and olivine as 
bed material (typ. product gas) [23]. 

 a typical product gas composition from the sorption 
enhanced reforming process (SER) [31]. 

 
Fluid dynamic investigations 
 
In order to characterize the fluid dynamic behavior of the 
ICFB cold flow experiments are carried out. The 
investigations focus on the determination of the pressure 
difference between the draft tube and the annular region of 
the ICFB as well as the gas slip between the two regions. As 
bed material quartz sand with similar properties as the 
catalyst is used. It characterizes as a Geldart group B 
material with a Sauter diameter of 𝑑ௌ௏ = 143 𝜇𝑚 and a 
particle density of 𝜌௣ = 2600 𝑘𝑔 𝑚ଷ⁄ . Fig. 1 shows the 
location of the pressure measurements. In order to obtain 
the pressure difference in the upper gap the pressure in the 
annular region (pa) is subtracted from the pressure in the 
draft tube (pd). This difference is an indication for the 
circulation of the bed material between the two regions as 
stated in [24]. The measurements are carried out with 
Kalinsky DS2 pressure transmitters. The gas slip on the 
other hand has an influence on the superficial velocity in the 
fluidized beds as well as on the gas compositions. The latter 
is important if two different feed gas streams are introduced 
to the two fluidized bed regions. This would be the case if, 
for example, an advanced two-stage methanation process in 
one reactor is investigated. In this case, the feed gas could 
be introduced to the draft tube and the exit gas of the draft 
tube then could be recycled to the annular region with a 
partial water condensation in between. The gas slip can be 
determined by introducing a tracer gas to one of the fluidized 
beds and measuring the concentration of the tracer gas after 
the draft tube (yd), the annular region (ya) and in the inlet 
stream (yi). In our case, the tracer gas was CO2 and its 
concentration was measured with an Emerson NGA 2000 
gas analyzer module. A CO2 mass balance then leads to 
Eq. 9 and Eq. 10 for the gas slip from the draft tube to the 
annular region (Sa) and vice versa (Sd). 
 𝑆ௗ = 𝑄̇ௗ ௬೔ି௬೏௬೏                  (9) 
 𝑆௔ = 𝑄̇ௗ𝑦௔ ௬೏ି௬೔௬೏(௬೏ି௬ೌ) + 𝑄̇௔𝑦௔ ଵ௬೏ି௬ೌ         (10) 
 

𝑄̇ௗ and 𝑄̇௔ denote the set volume flows to the draft tube and 
the annular region, respectively. All variables are also 
graphically represented in Fig. 1 and additionally also the 
direction of the gas slip is denoted with red arrows. The 
assumption that the gas slip to the draft tube (Sd) mainly 
takes place in the lower gap was experimentally confirmed 
in preliminary tests, while the assumption that the gas slip to 
the annular region (Sa) mainly takes place in the upper gap 
was shown to be a valid approximation in [24]. 
 
Results 

Design 

In Fig. 2a and Fig. 2b the feed gas composition and the 
equilibrium exit gas composition, respectively, are displayed 
for the four reference cases. The H2:CO2 feed gas mixture 
leads to an exit gas which consists mostly of CH4 and H2O. 
The latter can be easily condensed after the reactor but 
needs to be considered for the fluid dynamic design. The 
high water content can be explained by Eq. 3. It shows that 
two moles of H2O are formed per mole of CO2. The H2:CO 
feed gas mixture shows a similar result, but with a higher 
CH4 and a lower water content. For the typical product gas, 
the high CO2 content is - besides CH4 and H2O - a relevant 
component for the fluid dynamic calculation. This is due to 
the understoichiometric hydrogen to carbon ratio of this feed 
gas. The SER product gas on the other hand produces an 
exit gas with a similar composition as the H2:CO feed gas 
mixture. The CO in the feed gas is almost completely 
converted for all feed gases. In Fig. 2c the corresponding 
excess heat released by the exothermic reactions and the 
volume contraction for each feed gas mixture is depicted. 
The volume contraction is given in percent of the feed gas 
volume. The highest contraction takes place with the H2:CO 
feed gas. The volume of the exit gas reduces to almost 50% 

Figure 1: Schematic diagram of the ICFB reactor with bed 
material circulation (green arrows) and the direction of the gas 

slip (red arrows) 



16th Minisymposium Verfahrenstechnik & 7th Partikelforum, TU Wien, Sept. 21/22, 2020 

MoV2-(04) page 4/9 

of the volume of the feed gas. The excess heat on the left 
axis indicates how much heat is released by the exothermic 
reactions and therefore needs to be removed by the reactor 
cooling to ensure an isothermal operation. It is given in kW 
per kW of chemical energy of the exit gas. The H2:CO 
mixture leads to the highest amount of produced heat with 
about 0.25 kW/kW.  

With this knowledge, it is possible to calculate the fluid 
dynamic parameters and in further consequence determine 
the plant size and the plant design. The calculation is done 
by varying the size parameters of the fluidized beds and 
checking the required volume flows and the fluidization ratio. 
Based on this iteration a decision for a plant size is made. 
Consequently, the results for these size parameters are 
shown. The diameter of the inner fluidized bed is 80 mm and 
the diameter of the annular fluidized bed is 164 mm. The 
decision for this size is based on the following limitations: i) 
the amount of gas in the feed must be covered by gas 
cylinders and is therefore limited because of economic 
considerations, ii) the excessive heat must be manageable 
in the reactor, iii) the amount of product gas from the 
100 kWth pilot plant must be sufficient (typically 20-30 Nm3/h 
on a dry basis), iv) the size of the fluidized beds should not 
be below a certain scale limit in order to have a 
representative size for further upscaling considerations. 
Table 1 shows the results of this calculation. 𝑢௠௙ and 𝑢௦௘ as  

 
Table 1: U୫୤ and Uୱୣ as well as calculation results for the four 

investigated feed gas compositions and three different fluidization 
ratios 

Parameter Unit Gas compositions 

  H2:CO2 
= 4:1 

H2:CO 
= 3:1 SER Typ. prod. 

gas 𝑈௠௙ cm/s 2.0 2.03 1.98 1.68 𝑈௦௘ cm/s 464 468 454 358 𝑼𝒅 𝑼𝒂⁄ = 𝟓/𝟐 
Volume flow 
feed Nm3/h 2.76 3.36 2.59 2.08 

Excess heat kW 1.1 2.14 1.1 0.96 
Chem. Energy 
exit gas kW 5.54 8.41 8.64 6.02 𝑼𝒅 𝑼𝒂⁄ = 𝟏𝟎/𝟑 
Volume flow 
feed Nm3/h 4.82 5.88 4.53 3.66 

Excess heat kW 1.92 3.74 1.91 1.68 
Chem. Energy 
exit gas kW 9.68 14.7 15.1 10.53 𝑼𝒅 = 𝑼𝒔𝒆, 𝑼𝒂 = 𝟎 
Volume flow 
feed Nm3/h 63.6 77.1 59.1 44.3 

Excess heat kW 25.35 49 25 20.3 
Chem. Energy 
exit gas kW 127.8 193 197 127.4 

 
well as the chosen fluidization ratios, the required volume 
flows of the feed gas, the excess heat, which is produced by 
the exothermic reactions, and the chemical energy of the exit 
gas (i.e. the raw-SNG) are listed for the four previously 
defined feed gas compositions. The fluidization ratio of 5/2 
represents the standard design case and the fluidization 
ratio of 10/3 the maximum design case. The resulting 
maximum values are displayed in bold numbers. The 
maximum volume flow of 5.88 Nm3/h of feed gas for the 

H2:CO mixture can be covered from gas cylinders. This list 
also shows that the reactor cooling must dissipate a 
maximum of 3.74 kW. In the last section of the table, values 

 

 

Figure 3: 3D-CAD drawing of the ICFB reactor: isometric view 
of the whole reactor (left), sectional view of the lower reactor 

part (right) 

Figure 2: Gas compositions used for the design of the fluidized 
bed reactor: a) feed gas composition, b) exit gas composition 

according to the thermodynamic equlibrium at 300 °C and 1 bara, 
c) heat dissipation and volume contraction during the conversion 

of the feed gas to the exit gas 
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for the design of a FICFB are given. In this case, the velocity 
in the draft tube is equal to 𝑢௦௘. The resulting volume flows 
and the excess heat are by an order of magnitude higher 
than in the previous cases. This volume flow can neither be 
covered by gas cylinders nor by the DFB pilot plant. Vice 
versa, if the volume flows are reduced to a manageable 
level, the reactor diameter is considered too small for a 
representative operation. Therefore, the design and 
construction of a FICFB is not expedient in this case. 

Based on these calculations a 3D-CAD drawing of the 
ICFB reactor is created. The left picture in Fig. 3 shows the 
complete reactor from the outside. The lowest part of the 
drawing shows the two windboxes, which allow an individual 
gas flow to the two fluidized beds. The flange above the 
windbox incorporates the gas distributor, which is in this 
case made of 22 pneumatic silencers. This flange connects 
to the actual reactor zone where the reaction takes place. 
Above the reaction zone are two conical freeboards – one 
for the annular fluidized bed and one for the draft tube. The 
gas streams then leave the reactor by two separate pipes. 

The various small pipes coming off of the reactor are used 
for the installation of temperature sensors as well as 
connection points for pressure or gas measurements. 

In the right part of Fig. 3, a section view of the lower 
reactor part is shown. The bed material is fluidized and the 
reaction takes place in the depicted area above the gas 
distributor. In order to manage the heat released by the 
exothermic reactions, the draft tube is cooled by an air 
perfused coil. Below and above the draft tube the gap for the 
bed material circulation can be seen (upper gap and lower 
gap). A cooling jacket on the outside of the reactor 
additionally cools the annular part of the ICFB with air. The 
air crisscrosses several times in the cooling jacket before it 
is exhausted. The exiting raw-SNG can be separately 
withdrawn from the reactor through the inner pipe and the 
outer conical annular region. 

Subsequently a P&I diagram of the whole process setup 
is drafted based on the results from the calculations and the 
3D-CAD drawing (Fig. 4). All temperature, pressure, gas 
volume flow and gas measurement points are displayed in 
the flowchart. The plant is equipped with a maximum of 10 
pressure and 29 temperature measurement points. Also, 5 
gas measurement points for the measurement of the gas 

Figure 4: P&I flowchart of the process setup  
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composition with online measuring devices are included 
(denoted by ‘Analysis’ in the flowchart). All pressure 
measurement points are flushed with a small amount of 
nitrogen to protect the pressure transmitters and to clear the 
pipes from reacting gases and bed material. In the bottom 
left corner of the flowchart, the gas cylinders are depicted. 
The volume flows of the single gas components are 
controlled by variable area flow meters (also called 
rotameters) with an integrated needle valve. The mixed gas 
is then split up into two streams in order to supply the gas 
flow to the draft tube and the annular fluidized bed. Again, 
rotameters are used to set the split ratio between the two 
regions. The composition of the mixed feed gas can be 
verified at the point marked with ‘Analysis’. Afterwards the 
feed gas streams are preheated to 250 °C (design case) by 
electrical heating cartridges. Additionally, heating tapes are 
used to equalize the heat losses in the pipes from the 
heating cartridges to the reactor. In the reactor itself, 
temperature, pressure and gas measurement points are 
installed over the height of the annular fluidized bed in order 
to obtain axial profiles. In the draft tube the measurement is 
carried out by vertically moveable pipes which also yield 
axial profiles. At the two exits of the reactor, the composition 
of the two gas streams from the draft tube and the annular 
zone can be measured separately. These two gas streams 
are then mixed and the gas composition can be measured 
again. Afterwards, the gas flows through a filter stuffed with 
glass wool. The plant parts after the reactor are also 
equipped with heating tapes in order to prevent water 
condensation. A bypass allows changing the filter material 
during operation, if any problems should arise. The exit gas 
is then directed to a natural gas operated torch where the 
raw-SNG is burnt. Eventually, the flue gases are ventilated 
through a chimney. At the bottom center of the flowchart the 
pressurized air supply for the reactor cooling is depicted. 
Again, rotameters with a needle valve control the volume 
flow of the cooling air. For the plant start-up phase, the air 
can be preheated the same way the feed gas is preheated. 
The cooling air leaving the reactor is also ventilated through 
the chimney. In order to enable the water-gas shift reaction, 
water vapor can be dosed individually to the two fluidized 
beds. Additionally, the installation of two safety valves 
ensure a safe operation of the plant.  

The shown configuration in Fig. 4 is designed and 
constructed for the operation with gas cylinders and ‘live-
gas’ from the DFB pilot plant at TU Wien. The latter case is 
not shown in the flowchart. Regarding the construction of the 
plant, there is, however, no change necessary. The 
flowchart also shows that the separate exit gases from the 
draft tube and the annular zone are merged together after 
the reactor. This can be easily adapted for the investigation 
of a two-stage methanation process. The exit gas from the 
annular zone can be recirculated to the draft tube by the 
installation of a recirculation pipe as well as a blower. 
Additionally, a partial water condensation in the recirculation 
pathway can be installed. Both measures possibly allow an 
enhanced conversion of the feed gas to methane.  

In Fig. 5, a picture of the bench-scale ICFB methanation 
setup at TU Wien is shown. The picture shows the plant 
without insulation and without heating tapes. On the right, 
the connection points to the gas cylinders and the 
pressurized air are located. Here, also the rotameters for the 
feed gas splitting and the cooling air are shown. On the left 
middle the actual ICFB reactor is placed. The exhaust gas 
pathway follows to the left of the reactor. The pressure 
transmitters and the electrical installations are located on the 
back of the plant in the control cabinet. Each of the 4 heating 
cartridges has an installed electrical power of 1.2 kW. 
Together with the heating tapes and the water evaporators, 

the plant has a maximum installed electrical power of about 
11.5 kW.  
 
Fluid dynamic investigations 

In Fig. 6 the pressure difference in the upper gap between 
the draft tube and the annular region is shown over the 
fluidization ratio ud/ua. In the P&I flowchart, the 
corresponding pressure measurement points are PIR44 and 
PIR40. The graph shows that the pressure difference 
increases with an increasing fluidization ratio. With a high 
accuracy, this relationship is shown to be of a quadratic 
nature and can be seen as an indication for the bed material 
circulation rate. Additionally, also the absolute fluidization 
velocities influence the pressure difference. I.e. a higher ua 
and therefore also a higher ud lead to a higher pressure 
difference at a constant fluidization ratio. These results are 
in accordance with [24], who also found that the pressure 
difference gives an indication for the bed material circulation 
rate.  

Fig. 7 shows the gas slip from the draft tube to the annular 
region (Sa) in Nm3/h over the fluidization ratio ud/ua for 
different fluidization velocities (ua=1.5-3.9umf) and two 
different sand filling levels. In Fig. 7a, the sand completely 

Figure 6: Pressure difference in the upper gap over the fluidization 
ratio 

Figure 5: Picture of the bench-scale methanation setup at TU 
Wien 
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covers the upper gap even when the reactor is not fluidized, 
while in Fig. 7b the upper gap is not completely covered with 
sand as long as the reactor is not fluidized.  

The results for the fully covered gap in Fig. 7a show a 
steep incline of the gas slip with a rising ud/ua. The rising gas 
slip is in accordance with the increasing pressure difference 
in the upper gap (cf. Fig. 6). This increased pressure leads 
to a higher bed material circulation rate and simultaneously 
also pushes the gas from the draft tube to the annular region. 
Besides the influence of the fluidization ratio, also the 
absolute fluidization velocities determine the gas slip to a 
large extent. Like the pressure difference, higher fluidization 
velocities lead to a higher gas slip. Between 5*10-3 and 0.15 
Nm3/h, which is equal to a relative gas slip between 0.4 to 
5 % of 𝑄̇ௗ, slip to the annular region. In Fig. 7b on the 
contrary, the only partially covered upper gap leads to a 
much higher gas slip compared to the fully covered gap, 
because the gas is able to flow from the draft tube to the 
annular region without resistance from the bed material. 
With an increasing fluidization ratio (for ua=1.5umf and 
ua=2.4umf), the gas slip decreases because the bed material 
expands further and therefore also the gap closes gradually. 
At a certain fluidization ratio, the gap is fully closed and the 
gas slip increases again with higher fluidization ratios. If the 
absolute fluidization velocities are high enough in order to 
cover the gap even at low fluidization ratios (e.g. ua=3.9umf), 
the course of the curve is similar to the curves in Fig. 7a.  

The gas slip from the annular region to the draft tube Sd 
does not show such a clear correlation with the fluidization 
ratio as Sa. Nevertheless, it could be shown that Sd ranges 
between 0.1 and 0.76 Nm3/h, which is equal to a relative gas 
slip between 4 to 43% of 𝑄̇௔. Hence, Sd is almost an order of 
magnitude higher than Sa and thus has a significant impact 

on the fluidization velocity and the gas composition in the 
draft tube. These results are again in accordance with 
Hofbauer [24] who also found that Sd is much higher than Sa. 
 
Conclusion and Outlook 

In this work, an ICFB has been proposed and designed for 
the optimized catalytic methanation of syngas from the DFB 
gasification process. Additionally, first results from fluid 
dynamic investigations in the ICFB have been presented. 
The application of a fluidized bed shows advantages in 
terms of heat management, conversion efficiencies and the 
prevention of catalyst fouling by coke depositions. 
Additionally, the whole process setup of the BtG process 
route is simplified. This work has shown, that the design of 
an ICFB for catalytic methanation requires careful 
thermodynamic modelling (Fig. 1). Besides the different gas 
compositions and properties, also the volume contraction of 
the gas during methanation must be considered. 
Additionally, the heat evolution by the exothermic reactions 
must be modelled in order to design a suitable cooling 
system to ensure an isothermal operation of the fluidized 
bed. The consideration of different operating conditions has 
been used to determine the plant size and point out the limits 
of a technical and economical operation (Table 1). These 
considerations have resulted in a novel reactor design for 
the production of maximum 15 kW of raw-SNG from about 
6 𝑁𝑚ଷ/ℎ of syngas. Additionally, fluid dynamic 
investigations have shown that the pressure difference in the 
upper gap between the draft tube and the annular region is 
proportionate to the fluidization ratio and most likely also to 
the bed material circulation rate. The determination of the 
gas slip between the two fluidized beds has also shown a 
clear correlation with the fluidization ratio. A completely 
covered upper gap has been shown to be essential for a 
minimal gas slip. Simultaneously, the gas slip from the 
annular region to the draft tube has been found to be by an 
order of magnitude higher than the gas slip from the draft 
tube to the annular region. Further investigations concerning 
the fluid dynamics should focus on the determination of the 
gas slip from the annular region to the draft tube and on the 
quantification of the bed material circulation rate. With 
respect to the actual methanation, the designed ICFB 
reactor will be used to investigate the methanation reactions 
with syngas from gas cylinders. Additionally, the plant will be 
integrated into the whole BtG process chain, where it is 
connected to the 100 kWth DFB pilot plant and a gas 
cleaning section in order to demonstrate ‘live-gas’ 
methanation.  
 
Acronyms 

BtG biomass-to-gas 

CAD computer aided design 

DFB dual fluidized bed 

FICFB fast internally circulating fluidized bed 

ICFB internally circulating fluidized bed 

SER sorption enhanced reforming 

SNG synthetic natural gas 

 
Symbols 𝐴𝑟 Archimedes number 𝑑ௌ௏ Sauter diameter in 𝜇𝑚 

Figure 7: Gas slip to the annular region (Sa) over the fluidization 
ratio for different ua: a) sand covers the upper gap completely, b) 

sand covers the upper gap only partially 
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𝑢௔ superficial velocity in the annular 
fluidized bed in cm/s 𝑢ௗ superficial velocity in the draft tube in 
cm/s 𝑢௠௙ minimum fluidization velocity in cm/s 𝑢௦௘ velocity where significant entrainment 
occurs (= fast fluidized bed) in cm/s 𝜇 dynamic viscosity in Pas 𝜌௚ density of the gas in kg/m3 𝜌௣ particle density in kg/m3 𝑆௔ gas slip from the draft tube to the 
annular region in Nm3/h 𝑆ௗ Gas slip from the annular region to the 
draft tube in Nm3/h 𝑄̇௔ volume flow to annular region in Nm3/h 𝑄̇ௗ volume flow to annular region in Nm3/h 𝑦௔ volume fraction of CO2 above the 
annular fluidized bed 𝑦ௗ volume fraction of CO2 above the draft 
tube 𝑦௜ volume fraction of CO2 in the feed gas 

 
Acknowledgement 

This work is part of the research project ReGas4Industry 
(871732) and receives financial support from the research 
program “Energieforschung” funded by the Austrian Climate 
and Energy Fund.  

 
References 
 
[1] S. Dunn, “Hydrogen futures: Toward a sustainable 
energy system,” Int. J. Hydrogen Energy, vol. 27, no. 3, pp. 
235–264, 2002. 
[2] European Commission, “Directive (EU) 2018/2001 of 
the European Parliament and of the Council of 11 December 
2018 on the promotion of the use of energy from renewable 
sources,” Off. J. Eur. Union, vol. L 328/82, no. December, p. 
128, 2018. 
[3] D. Hornbachner, G. Hutter, and D. Moor, “Biogas-
Netzeinspeisung - Rechtliche, wirtschaftliche und 
technische Voraussetzungen in Österreich,” 2005. 
[4] A. Larsson, I. Gunnarsson, and F. Tengberg, “The 
GoBiGas Project - Demonstration of the Production of 
Biomethane from Biomass via Gasification”, Technical 
Report, 2018. 
[5] J. Karstensson, A. Eliasson, and A. Kronander, 
“Feasibility study for gasification of biomass for synthetic 
natural gas (SNG) production,” 2015. doi: 
10.13140/RG.2.1.4321.6245 
[6] S. Müller, L. Theiss, B. Fleiß, M. Hammerschmid, J. 
Fuchs, S. Penthor, D.C. Rosenfeld, M. Lehner and H. 
Hofbauer, “Dual Fluidized Bed Based Technologies for 
Carbon Dioxide Reduction – Example Hot Metal 
Production”, accepted for publication in Biomass Conv. 
Bioref., 2020 
[7] M. Veress, A. Bartik, F. Benedikt, M. Hammerschmid, 
J. Fuchs, S. Müller and H. Hofbauer, “Development and 
techno.economic evaluation of an optimized concept for 
industrial bio-SNG production from sewage sludge”, 
Proceedings of the 28th European Biomass Conference, 
2020 

[8] T. J. Schildhauer and S. M. A. Biollaz, Synthetic 
Natural Gas from Coal, Dry Biomass, and Power-to-Gas 
Applications. Hoboken: John Wiley & Sons, 2016. 
[9] A. Bartik, F. Benedikt, A. Lunzer, C. Walcher, S. 
Müller, and H. Hofbauer, “Thermodynamic Investigation of 
SNG Production Based on Dual Fluidized Bed Gasification 
of Biogenic Residues”, Biomass Conv. Bioref., 2020. doi: 
10.1007/s13399-020-00910-y 
[10] J. Kopyscinski, T. J. Schildhauer, and S. M. A. Biollaz, 
“Production of synthetic natural gas (SNG) from coal and dry 
biomass - A technology review from 1950 to 2009,” Fuel, vol. 
89, no. 8, pp. 1763–1783, 2010. doi: 
10.1016/j.fuel.2010.01.027 
[11] T. J. Schildhauer and S. M. A. Biollaz, “Reactors for 
catalytic methanation in the conversion of biomass to 
synthetic natural gas (SNG),” Chimia, vol. 69, no. 10, pp. 
603–607, 2015. doi: 10.2533/chimia.2015.603  
[12] S. Rönsch et al., “Review on methanation – From 
fundamentals to current projects,” Fuel, vol. 166, pp. 276–
296, 2016. doi: 10.1016/j.fuel.2015.10.111 
[13] B. Rehling, “Development of the 1MW Bio-SNG plant , 
evaluation on technological and economical aspects and 
upscaling considerations,” Dissertation, 2012.  
[14] J. Li et al., “Enhanced fluidized bed methanation over 
a Ni/Al2O3 catalyst for production of synthetic natural gas,” 
Chem. Eng. J., vol. 219, pp. 183–189, 2013. doi: 
10.1016/j.cej.2013.01.005 
[15] B. Liu and S. Ji, “Comparative study of fluidized-bed 
and fixed-bed reactor for syngas methanation over Ni-
W/TiO2-SiO2 catalyst,” J. Energy Chem., vol. 22, no. 5, pp. 
740–746, 2013. doi: 10.1016/S2095-4956(13)60098-4 
[16] J. Kopyscinski, T. J. Schildhauer, and S. M. A. Biollaz, 
“Fluidized-bed methanation: Interaction between kinetics 
and mass transfer,” Ind. Eng. Chem. Res., vol. 50, no. 5, pp. 
2781–2790, 2011. doi: 10.1021/ie100629k  
[17] M. C. Seemann, T. J. Schildhauer, S. M. A. Biollaz, S. 
Stucki, and A. Wokaun, “The regenerative effect of catalyst 
fluidization under methanation conditions,” Appl. Catal. A 
Gen., vol. 313, no. 1–2, pp. 14–21, 2006. doi: 
10.1016/j.apcata.2006.06.048 
[18] M. C. Seemann, T. J. Schildhauer, and S. M. A. 
Biollaz, “Erratum: Fluidized bed methanation of wood-
derived producer gas for the production of synthetic natural 
gas”, Ind. Eng. Chem. Res., vol. 49, no. 15, p. 7034-7038, 
2010. doi: 10.1021/ie100510m  
[19] J. Liu, D. Cui, C. Yao, J. Yu, F. Su, and G. Xu, “Syngas 
methanation in fluidized bed for an advanced two-stage 
process of SNG production,” Fuel Process. Technol., vol. 
141, pp. 130–137, 2016. doi: 10.1016/j.fuproc.2015.03.016 
[20] J. Witte, J. Settino, S. M. A. Biollaz, and T. J. 
Schildhauer, “Direct catalytic methanation of biogas – Part I: 
New insights into biomethane production using rate-based 
modelling and detailed process analysis,” Energy Convers. 
Manag., vol. 171, no. December 2017, pp. 750–768, 2018. 
doi: 10.1016/j.enconman.2018.05.056  
[21] M. Neubert, “Catalytic methanation for small- and mid-
scale SNG production,” Friedrich-Alexander Universität 
Erlangen-Nürnberg, Dissertation, 2019. 
[22] H. Hofbauer, “Energy from Biomass via Gasification in 
Güssing,” in Biomass Power for the World: Transformations 
to Effective Use, W. van Swaaij, S. Kersten, and W. Palz, 
Eds. Pan Stanford, 2015. 
[23] J. C. Schmid, F. Benedikt, J. Fuchs, A. M. Mauerhofer, 
S. Müller, and H. Hofbauer, “Syngas for biorefineries from 
thermochemical gasification of lignocellulosic fuels and 
residues - 5 years’ experience with an advanced dual 
fluidized bed gasifier design,” Biomass Conv. Bioref., 2019. 
doi: 10.1007/s13399-019-00486-2 



16th Minisymposium Verfahrenstechnik & 7th Partikelforum, TU Wien, Sept. 21/22, 2020 

MoV2-(04) page 9/9 

[24] H. Hofbauer, “Experimentelle Untersuchungen an 
einer zirkulierenden Wirbelschicht mit Zentralrohr,” TU Wien, 
Dissertation, 1982. 
[25] B. J. Milne, F. Berruti, L. A. Behie, and T. J. W. De 
Bruijn, “The internally circulating fluidized bed (ICFB): A 
novel solution to gas bypassing in spouted beds,” Can. J. 
Chem. Eng., vol. 70, no. 5, pp. 910–915, 1992. doi: 
10.1002/cjce.5450700512  
[26] J. M. Lee, Y. J. Kim, and S. D. Kim, “Catalytic coal 
gasification in an internally circulating fluidized bed reactor 
with draft tube,” Appl. Therm. Eng., vol. 18, no. 11, pp. 1013–
1024, 1998. doi: 10.1016/S1359-4311(98)00039-8 
[27] Y. J. Kim, J. M. Lee, and S. D. Kim, “Bed With Draught 
Tube,” vol. 76, no. 11, pp. 1067–1073, 1997. doi: 
10.1016/S0016-2361(97)00112-9  
[28] J. R. Grace, Handbook of Multiphase Systems. 
Washington, D.C.: Hemisphere, 1982. 
[29] H. T. Bi and J. R. Grace, “Effect of measurement 
method on the velocities used to demarcate the onset of 
turbulent fluidization,” Chem. Eng. J. Biochem. Eng. J., vol. 
57, no. 3, pp. 261–271, 1995. doi: 10.1016/0923-
0467(94)02875-B  
[30] J. Kopyscinski, T. J. Schildhauer, and S. M. A. Biollaz, 
“Methanation in a fluidized bed reactor with high initial CO 
partial pressure : Part I — Experimental investigation of 
hydrodynamics , mass transfer effects , and carbon 
deposition,” Chem. Eng. Sci., vol. 66, no. 5, pp. 924–934, 
2011. doi: 10.1016/j.ces.2010.11.042 
[31] J. Fuchs, J. C. Schmid, S. Müller, and H. Hofbauer, 
“Dual fluidized bed gasification of biomass with selective 
carbon dioxide removal and limestone as bed material: A 
review,” Renew. Sustain. Energy Rev., vol. 107, no. 
November 2018, pp. 212–231, 2019. doi: 
10.1016/j.rser.2019.03.013  
 





C.3 Paper III 143

C.3 Paper III

Experimental investigation on the methanation of hydrogen-rich syngas in a
bubbling fluidized bed reactor utilizing an optimized catalyst

Bartik, A., Fuchs, J., Pacholik, G., Föttinger, K., Hofbauer, H., Müller, S., Benedikt, F.,
Fuel Processing Technology, 2022, Vol. 237, 107402,

https://doi.org/10.1016/j.fuproc.2022.107402.

https://doi.org/10.1016/j.fuproc.2022.107402




Fuel Processing Technology 237 (2022) 107402

Available online 12 August 2022
0378-3820/© 2022 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).

Experimental investigation on the methanation of hydrogen-rich syngas in 
a bubbling fluidized bed reactor utilizing an optimized catalyst 
Alexander Bartik a,*, Josef Fuchs a, Gernot Pacholik b, Karin Föttinger b, Hermann Hofbauer a, 
Stefan Müller a, Florian Benedikt a 

a Institute of Chemical, Environmental and Bioscience Engineering, TU Wien, Getreidemarkt 9/166, 1060 Vienna, Austria 
b Institute of Materials Chemistry, TU Wien, Getreidemarkt 9, 1060 Vienna, Austria   

A R T I C L E  I N F O   

Keywords: 
Catalytic fluidized bed methanation 
Catalyst preparation 
Sustainable and renewable synthetic natural 
gas 
Dual fluidized bed steam gasification 
Sorption enhanced reforming 

A B S T R A C T   

Catalytic methanation processes allow the production of natural gas substitutes on a sustainable and renewable 
basis. This study investigates the catalytic methanation of syngas from dual fluidized bed steam gasification of 
biomass in an innovative bubbling fluidized bed methanation reactor with an optimized catalyst. Syngas from 
conventional gasification and a novel combination with syngas from sorption enhanced reforming were inves
tigated. The applied fluidized bed reactor allowed an almost isothermal operation with optimal reaction tem
peratures between 320 ◦C–360 ◦C. Simultaneously, no chemical deactivation or mechanical attrition during 200 
h of operation indicates a high long-term stability of the catalyst. The methane concentration downstream the 
methanation reactor increased from 43 to 74 vol.-%db through the methanation of a hydrogen-rich syngas 
produced via sorption enhanced reforming. Simultaneously, the methane yield is doubled to 95% and the 
hydrogen, carbon monoxide and carbon dioxide conversions are improved. Furthermore, it could be shown that a 
CO2 content below 1 vol.-%db is feasible in the (raw) synthetic natural gas, allowing grid injection without CO2 
separation. The results indicate that sorption enhanced reforming in combination with an optimized fluidized 
bed methanation can lead to technical and economic improvements in sustainable synthetic natural gas 
production.   

1. Introduction 

Many industrial high-temperature processes and domestic residences 
rely on the supply of natural gas as an energy carrier [1,2]. However, the 
targets formulated by the European Commission will require a sub
stantial reduction in the use of fossil fuels in the future [3]. The con
version of biogenic feedstock to renewable synthetic natural gas (SNG) 
offers the possibility of producing a chemically and physically almost 
identical gas that can be transported in the already existing gas distri
bution infrastructure and utilized with already established end-use 
technologies [4]. 

Catalytic methanation processes have been studied and developed 
for more than 100 years since Sabatier and Senders first discovered that 
noble metals catalyze methanation reactions. In the 1970s and 1980s, 
the primary focus lay on the conversion of coal to SNG. Due to the rising 
awareness of climate change and the urgent need to reduce GHG emis
sions, renewable alternatives for SNG production have been developed. 
Biomass-to-Gas (BtG) as well as Power-to-Gas (PtG) routes gained 

importance [4,5]. Besides catalytic methanation concepts, biological 
methanation approaches attract more and more attention [6,7]. Today, 
various process concepts exist that aim at an optimized production of 
SNG. One possible production route is the dual fluidized bed (DFB) 
gasification of woody biomass or waste materials and consecutive flu
idized bed methanation. A primary advantage of the DFB process is that 
it produces a nitrogen-free syngas that is well suited for downstream 
synthesis processes. At TU Wien, a 100 kWth advanced DFB pilot plant 
has been developed and extensively investigated [8]. The investigations 
show that the new design allows the utilization of various waste re
sources and significantly impacts the quality of the syngas, which in turn 
affects the downstream synthesis processes [9,10]. However, due to the 
typical composition of woody biomass, the production of a stoichio
metric syngas for methanation with a H2/CO ratio of three is impracti
cable and thus further measures must be taken. Sorption enhanced 
reforming (SER) is an alternative operation mode of the advanced DFB 
process, where the stoichiometric ratio of H2 to CO and CO2 is influenced 
and can be adapted to the needs of the downstream synthesis process. 
Fuchs et al. showed that both the gasification temperature [11] and the 
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bed material circulation rate [12] have a major impact on the gas 
composition. By utilizing this syngas in the methanation reactor, it is 
theoretically possible to produce grid feedable SNG without the need for 
a CO2 separation unit [13]. So far, the investigations on the suitability of 
these syngases (advanced DFB and SER) for methanation have only been 
of theoretical nature [13–15]. In a modelling approach, both Bartik et al. 
[13] and Brellochs [14] state optimal gasification temperatures in the 
range of 680 ◦C–700 ◦C for the production of SNG via SER. Since these 
studies are of theoretical nature, an objective of this work is the 
experimental investigation and evaluation of syngas from the advanced 
DFB pilot plant in a fluidized bed methanation unit. The fluidized bed 
methanation unit is designed to allow an isothermal operation of the 
methanation process through internal particle circulation while not 
disturbing the bubble formation and the gas/solid contact. A more 
detailed description of the reactor is shown in Section 2.1. Since the DFB 
and the SER processes are not part of the experimental investigations in 
this study, literature is referred to [8,9,16–21]. 

During catalytic methanation, H2 and CO react to CH4 and H2O ac
cording to Eq. 1. The water-gas shift reaction (Eq. 2) leads to the for
mation of CO2 and H2 if the syngas shows a low H2/CO ratio. Vice versa, 
if the syngas shows an overstoichiometric composition, CO2 and H2 react 
via the reversed water-gas shift reaction and form CH4 and H2O in 
combination with Eq. 1. 

CO + 3H2⇌CH4 + H2O ΔH0
R = −206 kJ

mol
(1)  

CO + H2O⇌CO2 + H2 ΔH0
R = −41 kJ

mol
(2) 

Especially for syngas with a low H2/CO ratio, the Boudouard reac
tion (Eq. 3) plays an important role. Carbon may form on the catalyst 
surface and block or infiltrate active reaction sites [22]. 

2CO⇌CO2 + C(s) ΔH0
R = −172 kJ

mol
(3) 

Other species often found in the syngas of the DFB or SER process are 
hydrocarbons like ethylene (C2H4). Ethylene can be hydrogenated to 
ethane (C2H6) (Eq. 4) and further to methane (Eq. 5) but can also lead to 
coke deposits on the catalyst [23]. The behavior of ethylene very much 
depends on the applied conditions and the type of reactor [24]. 

C2H4 + H2→C2H6 ΔH0
R = −137 kJ

mol
(4)  

C2H4 + 2H2→2CH4 ΔH0
R = −202 kJ

mol
(5) 

All these reaction equations are highly exothermic, and large quan
tities of heat need to be removed. For this purpose, reactor concepts have 
been developed to cope with this issue [25]. Fluidized beds are known 
for their high heat and mass transfer capabilities due to the movement of 
the particles [26]. Hence, fluidized beds have been under investigation 
for catalytic methanation processes since 1950, as a review by Kopy
scinski describes in detail [4]. The Paul Scherrer Institute recently 
picked up on the developments and investigated the fluidized metha
nation process more closely. They applied spatially resolved concen
tration and temperature measurements along the height of the catalytic 
bed. The results show that the particle movement leads to an in-situ 
regeneration of the catalyst particles and therefore reduces the risk for 
carbon depositions even in the presence of ethylene [24,27]. Further
more, they concluded that the mass transfer between the bubble phase 
and the dense phase is a limiting factor in the upper part of the bed [28]. 
Seemann et al. [29] utilized a 10 kW fluidized bed reactor and 
demonstrated the conversion of syngas from the 8 MW DFB plant in 
Güssing. They reached around 40 vol.-% CH4 for a period of 200 h until a 
sulfur breakthrough was detected. Witte et al. [30] applied the same 
reactor setup to convert biogas from a digester with hydrogen to SNG 
and showed a stable long-term operation for >1000 h. On a larger scale, 
Hervy et al. [31] demonstrated CO2 methanation in a 400 kW fluidized 
bed methanation reactor. They proved that a high conversion efficiency 
could be maintained despite temperature and load variations. 

Despite these advantages, fluidized beds impose mechanical stress on 
catalyst particles. Thus, the development of an attrition-resistant cata
lyst with a proper fluidization behavior is necessary, which has not been 
considered or documented in the investigations mentioned above. In 
general, a significant amount of research has been put into the devel
opment of methanation catalysts, as some reviews show [32,33]. How
ever, only a few investigations focus on the application in fluidized beds 
or the use of α-Al2O3 as catalyst support. Typically, γ-Al2O3 is used 
because of its high surface area and the highly dispersed metal particles, 
while α-Al2O3 is often disregarded because of its low surface area and 
weak metal-support interaction [33]. For fluidized bed applications, Cui 
et al. [34] added different binders to improve the attrition resistance of 
the produced catalyst and found that acidic silica sol showed the highest 
resistance. Other investigations proved the superiority of fluidized beds 
over fixed beds in terms of conversion rates and coking resistance in 
small lab-scale test rigs [35,36]. However, a holistic approach, consid
ering the catalytic activity in combination with an optimal fluidization 
behavior in a representative fluidized bed reactor scale, seems to be 
missing. 

This work investigates the catalytic methanation process in a 10 kW 
bubbling fluidized bed methanation reactor utilizing an optimized 

Nomenclature 

BtG Biomass-to-Gas 
BET model Brunauer-Emmett-Teller model 
DFB Dual fluidized bed 
GHG Greenhouse gas 
KPI Key performance indicators 
P&I diagram piping and instrumentation diagram 
PtG Power-to-Gas 
raw-SNG raw synthetic natural gas after methanation/before 

upgrading 
SER sorption enhanced reforming 
SN stoichiometric number of the feed gas 
SNG synthetic natural gas 
TPO temperature-programmed oxidation 
TPR temperature-programmed reduction 
WHSV weight hourly space velocity in Nl/g h 

db dry basis 
dSV mean Sauter diameter in μm 
feed in the feed gas to the methanation reactor 
ΔHR0 reaction enthalpy at standard conditions in kJ/mol 
ṅi molar flow of species i in mol/s 
Ni number of carbon atoms in species i 
out in the outlet of the methanation reactor 
SCO2 selectivity of CO towards CO2 in % 
SC2H4 selectivity of C2H6 towards C2H4 in % 
umf minimum fluidization velocity 
XCO carbon monoxide conversion in % 
XCO2 carbon dioxide conversion in % 
XH2 hydrogen conversion in % 
YCH4 methane yield in % 
yi molar fraction of species i 
ρb bulk density in kg/m3  
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catalyst for fluidized bed applications. In contrast to the commonly used 
γ-Al2O3, an attrition-resistant α-Al2O3 with a high specific surface area 
and improved fluidization properties is utilized. Besides the determi
nation of the reactor and catalyst performance, the proposed concept is 
applied to systematically investigate the methanation of premixed gases 
imitating syngas from the advanced DFB pilot plant. The goal is to 
demonstrate that (raw) SNG production via SER and fluidized bed 
methanation with a tailored catalyst can lead to an optimized process 
chain with technical and economic advantages. 

2. Materials and methods 

2.1. Fluidized bed methanation reactor setup 

Fig. 1 shows a 3D-CAD drawing of the fluidized bed reactor setup 
designed for the catalytic methanation of syngas. The reactor consists of 
two separate reaction zones operated in the bubbling fluidization 
regime. Both zones can be fluidized individually via two separate wind 
boxes. The gas distributor consists of nozzles, which provide the 
necessary pressure drop for uniform gas distribution. Both reaction 
zones are cooled individually to manage the heat released by the 
exothermic reaction. An air perfused coil cools the inner reaction zone, 
while a cooling jacket is used to cool the annular reaction zone. Thus, an 
isothermal operation of the methanation reactor is ensured. At the same 
time, the fluidization in the two reaction zones is not disturbed by in
ternals. The catalyst, however, can move freely between the zones 
through the ‘upper gap’ and the ‘lower gap’ as denoted in Fig. 1. More 
information on the reactor setup is documented in [37]. 

Fig. 2 shows a simplified piping and instrumentation (P&I) diagram 
of the reactor setup. In the lower-left part of the diagram, the gases (N2/ 
H2/CO/CO2/CH4/C2H4) are withdrawn from gas cylinders and pre
mixed according to the volume flow set by valves and rotameters. After 
splitting and preheating, the gas stream enters the wind boxes. Here, 
water vapor can be added if the syngas composition requires so. The 
reaction zones are equipped with thermocouples type K to measure the 
axial temperature distribution along the reactor height. The gas outlet is 
equipped with a particle filter and downstream the raw-SNG is burnt in a 
flare. The gas compositions of the syngas input and the raw-SNG output 
are analyzed online, as described in section 2.3. 

2.2. Catalyst preparation 

The catalyst contained 20 wt.-% NiO and 2 wt.-% MgO and was 
produced in 6 batches, following the preparation method of Hu et al. 
[38]. The reagents used for this are listed in the supplementary material 
(chapter A). Nickel nitrate hexahydrate and magnesium nitrate hexa
hydrate were dissolved (approx. 300 ml) in water and afterward the 
support was added. The solution was heated and stirred until the excess 
water was evaporated. The powder was dried overnight at 120 ◦C and 
calcined for 4 h at 500 ◦C with a heating ramp of 5 ◦C/min. The used 
support was a Puralox SCCa-150/200 α-Al2O3 from SASOL, which is in 
particular designed for fluidized bed applications and thus exhibits a 
high level of attrition resistance. Despite the high calcination tempera
tures typical for α-Al2O3, the material is reported to have a high surface 
area [39]. 

2.3. Catalyst characterization & measurement system 

A MicrotracBEL Catalyst Analyzer Belcat-II was used for the 
temperature-programmed reduction (TPR) and the pulse chemisorption 
measurements of CO and H2 on the catalyst sample. N2 physisorption 
was performed in a Micromeritics ASAP 2020 Serial # 1455 for the 
measurement of the surface area using the BET model. To determine 
possible carbon depositions on the catalyst, temperature-programmed 
oxidation (TPO) experiments were carried out. More information on 
the experimental measurement procedure can be found in the supple
mentary material (chapter B). 

The particle size distribution and the Sauter diameter (dSV) of the 
catalyst are determined with a Malvern Instruments Mastersizer 2000 
laser diffraction particle size analyzer. A Rosemount NGA 2000 gas 
analyzer is used to measure H2, CO, CO2 and CH4 concentrations in the 
feed gas and the raw-SNG. Another NGA 2000 module with a low 
measurement range (< 5000 ppmv) is used for the reliable detection of 
low CO concentrations in the raw-SNG. Additionally, a Perkin Elmer 
ARNEL – Clarus 500 gas chromatograph (GC) detects ethane (C2H6), 
ethylene (C2H4), acetylene (C2H2), propane (C3H8), and nitrogen (N2) 
quantitatively. Higher hydrocarbons (C3+) are qualitatively detected. 
Furthermore, the GC redundantly measures the CO, CO2, and CH4 con
centrations, which are included in the data evaluation. 

Fig. 1. 3D-CAD drawing (left) and picture (right) of the fluidized bed reactor.  
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2.4. Experimental conditions 

For the fluidized bed methanation experiments, 1.6 kg of the pre
pared Ni/α-Al2O3 catalyst and 1.5 kg of the unimpregnated α-Al2O3 
support were used in the reactor. This amounts to an unfluidized bed 
height of about 20 cm. The catalyst was heated up at a rate of approx
imately 3 ◦C/min and reduced at 500 ◦C for 6 h in a 9:1 volume-based 
hydrogen to nitrogen atmosphere. 

For the purpose of this investigation, the gas velocity and the mean 
temperature in the inner and the annular reaction zone were kept equal to 
each other for all experiments. Furthermore, the gas preheating tem
perature was set to 250 ◦C, and the pressure was equal to ambient con
ditions for all experiments. All temperatures given in section 3 are mean 
values computed from two measurements in the inner reaction zone and 
three measurements in the annular reaction zone, as indicated in Fig. 2. 

The following syngas compositions are tested:  

• Stoichiometric H2/CO syngas for the determination of the catalyst 
and reactor performance (H2/CO).  

• Typical DFB syngas composition from the 100 kWth advanced DFB 
pilot plant (DFB).  

• The flexible SER syngas composition from the 100 kWth advanced 
DFB pilot plant (SER). 

Table 1 lists the gas compositions for these cases. The exact com
positions of the SER syngases are given in the supplementary material 
(chapter C), following the work of Fuchs et al. [11]. Additionally, the 
parameter variations carried out for each gas composition are depicted. 
A variation of the C2H4 content was investigated because the syngas of 
the advanced DFB gasifier exhibits varying concentrations depending on 
factors such as temperature, bed material, and type of biomass [40]. 
Because of the different gas compositions and reaction conditions, the 
fluidization number varies between 1.8 and 7.8 umf. Especially the 
variation of the weight hourly space velocity (WHSV) results in the most 
pronounced influence on the fluidization number. 

2.5. Process simulation & key performance indicators 

All gas analysis measurements are validated by the calculation of 

Fig. 2. Simplified P&I diagram of the fluidized bed reactor setup.  
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mass and energy balances around the reactor. For this purpose, a 
mathematical model of the reactor is created in the process simulation 
tool IPSEpro. In addition to the mass and energy balances, the model 
also calculates the fluid dynamic properties of the fluidized bed as well 
as the key performance indicators (KPI’s) defined in Eqs. 6–12. All 
presented results in this paper reflect the balanced solution obtained 
from IPSEpro and not the direct measurement values. 

The methane yield (YCH4) is calculated according to Eq. 6, where ṅ is 
the molar flow of species i and N is the number of carbon atoms in the 
respective gas component in the feed gas (feed) and the raw-SNG (out). 
Eqs. 7, 8, and 9 define the CO conversion (XCO), the CO2 conversion 
(XCO2) and the H2 conversion (XH2), respectively. 

YCH4 =
ṅCH4 ,out∑

i
Ni ṅi,feed

*100 (6)  

XCO = ṅCO,feed − ṅCO,out

ṅCO,feed
*100 (7)  

XCO2 =
ṅCO2 ,feed − ṅCO2 ,out

ṅCO2 ,feed
*100 (8)  

XH2 =
ṅH2 ,feed − ṅH2 ,out

ṅH2 ,feed
*100 (9) 

Eqs. 10 and 11 show the calculation of the CO2 selectivity (SCO2) and 
the C2H6 selectivity (SC2H6), respectively. Eq. 10 is based on the 
assumption that CO2 is only formed from CO via the water-gas shift 
reaction (Eq. 2). The C2H6 selectivity only considers the formation of 
C2H6 via the hydrogenation of C2H4 (Eq. 4). However, the catalyst also 
shows a slight selectivity of CO towards C2H6 under certain reaction 
conditions. Therefore, the C2H6 selectivity is only depicted if the for
mation via CO does not occur. 

SCO2 =
ṅCO2 ,out − ṅCO2 ,feed

ṅCO,feed − ṅCO,out
*100 (10)  

SC2H6 =
ṅC2H6 ,out

ṅC2H4 ,feed − ṅC2H4 ,out
*100 (11) 

The stoichiometric number (SN) is calculated according to Eq. 12. It 
assesses the stoichiometry of the feed gas for methanation according to 
the reaction equations Eqs. 1, 2 and 5. 

SN = yH2

3 yCO + 4 yCO2 + 2 yC2H4

(12)  

3. Results and discussion 

3.1. Catalyst and reactor performance 

3.1.1. Catalyst properties 
Table 2 gives an overview of the properties of the α-Al2O3 support 

and the prepared NiO/α-Al2O3 catalyst. From a fluid dynamic point of 
view, both can be classified as group B particles close to the transition 
area to group A, according to Geldart [41]. The Sauter diameter (dSV) 
and the bulk density (ρb) increase through the impregnation of the 
support with NiO. Nevertheless, the uniform and narrow particle size 
distribution of the support is maintained. 99% of the particles are sized 
between 80 and 280 μm (cf. Fig. 4). Since the particles are also 
approximately spherical, they are deemed well suited for an optimal 
fluidization behavior [26]. Additionally, a very high BET surface area 
was measured for the support, despite literature reports, which attribute 
Al2O3 in the alpha configuration a rather low surface area due to the 
high calcination temperature. Liu et al. [42] for example, achieved a 
surface area of 44 m2/g, while other supports exhibit values around 
10 m2/g [43,44]. By impregnating the support with nickel, the surface 
area is reduced by about 22%, most likely through the blockage of pores 
with NiO particles [43]. Nevertheless, the resulting catalyst shows a very 
high surface area at around 140 m2/g, which is even in the range of 
commonly used γ-Al2O3-based catalysts [28,38]. The average Ni particle 
size at 37 nm is in the upper part of the spectrum but within the expected 
range. The somewhat larger Ni particles may result from a weaker 
catalyst/support interaction and the preparation conditions [43]. 

Fig. 3 illustrates the H2 consumption during the TPR of the catalyst. 
Two main reduction temperatures at 595 ◦C and 766 ◦C were identified. 
The hydrogen uptake was 1.5 mmol/g and 0.34 mmol/g for the first and 
the second peak, respectively. The lower temperature can be assigned to 
a less strongly bounded NiO on Al2O3 and the NiO that is reduced at 
766 ◦C to Ni-aluminate spinels. MgO is known to be responsible for a 
higher amount of NiO being present in the form that is easier to reduce. 
MgO was not likely to be reduced under these conditions [45]. Addi
tionally, the Al2O3 in the alpha configuration leads to less strongly 
bound NiO, which lowers the reduction temperature [43]. The H2 con
sumption per Ni atom was approximately 0.7, indicating a core-shell 
structure of Ni, where the core was still oxidized and only the shell 
atoms were in metallic form after reduction. 

In order to further evaluate the performance of the catalyst, the 
mechanical and chemical stability was evaluated. Fig. 4 (left) depicts the 
particle size distribution and the mean Sauter diameter (dSV) of the fresh 
and the used catalyst. No significant attrition of the catalyst was 
detected during approximately 200 h of operation under fluidized bed 
conditions. The narrow and uniform particle size distribution of the 
fresh catalyst could be maintained. Only a slightly smaller Sauter 
diameter was measured for the used catalyst. The deviation is, however, 
too small to state significant attrition of the catalyst. On the one hand the 
measurement accuracy is lower than the deviation and on the other 
hand the reduction of the catalyst is not accounted for since the fresh 
catalyst was in the original, oxidized state when the measurement was 
performed. The measurement accuracy is deemed suitable for the 
statement of no significant attrition, especially considering the relatively 
high number of operating hours. For a finite statement, even longer-term 

Table 1 
Syngas compositions and parameter variations tested in the fluidized bed 
methanation reactor.  

Syngas composition  
H2/CO DFB [8,9] SER [11,21] 

H2 [vol.-%db] 75 42.3 54.6–70.8 
CO [vol.-%db] 25 23.1 7.4–14.8 
CO2 [vol.-%db] – 21.9 4.6–17.2 
CH4 [vol.-%db] – 10.4 11.4–17.1 
C2H4 [vol.-%db] – 2.4 1.2–2  

Parameter variation in the methanation reactor 
Temperature [◦C] 280–420 280–400 360 
WHSV [Nl/g h] 0.8–1.5 1–1.5 1.5 
H2O [vol.-%] – 0–40 – 
C2H4 [vol.-%db] – 1.1–3.2 –  

Table 2 
Measured properties of the Al2O3 support and the prepared NiO/α-Al2O3 
catalyst.  

Parameter α-Al2O3 NiO/α-Al2O3 

Geldart group B B 
dSV [μm] 140 150 
ρb [kg/m3] 787 902 
BET surface area [m2/g] 183 142 
Ni surface area [m2/g] – 2.8 
Ni mean particle size [nm] – 37  
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experiments could show if relevant attrition occurs. Furthermore, no 
chemical deactivation of the catalyst occurred during the methanation 
experiments over a period of approximately 100 h. The chemical sta
bility was determined by repeatedly carrying out methanation experi
ments under the same process conditions and comparing the raw-SNG 
gas composition (see supplementary material chapter B). Nevertheless, 
some carbon deposition was found on the catalyst by performing TPO 
analysis of the used catalyst (Fig. 4 right). The TPO curve suggests that 
only very little amounts of carbon were deposited on the catalyst. 
Furthermore, the CO2 peak at around 350 ◦C suggests amorphous car
bon, which is rather weakly bound [46]. In general, literature reports 
under fixed bed conditions indicate that larger Ni particles on α-Al2O3 
are more stable and active over time than smaller particles on low- 
temperature calcined supports [43]. 

3.1.2. Temperature and space velocity variation for CO-methanation at 
stoichiometric conditions 

In this section, the performance of the catalyst and the reactor is 
investigated by carrying out stoichiometric H2/CO methanation exper
iments. Fig. 5 shows the raw-SNG composition for varying temperatures 
and WHSV’s in comparison to the maximum thermodynamic values 
(dotted lines). There is a clear influence of both parameters visible. At 
high temperatures, the experimental values approach the 

thermodynamic equilibrium independent of the applied WHSV. How
ever, a small deviation remains, which is attributed to the back-mixing 
behavior of fluidized beds. Additionally, the results also confirm the 
findings of Kopyscinski et al. [28], who describe that the mass transfer 
between the bubble phase and the dense emulsion phase is a limiting 
factor. Above the surface of the fluidized bed, less reacted gas of the 
bubble phase mixes with gas from the dense emulsion phase, which 
overall results in a below-maximum conversion. At lower temperatures, 
kinetic limitations take over and lead to a pronounced deviation from 
the thermodynamic equilibrium. Thus, also the WHSV has a greater 
influence on the gas composition. The maximum CH4 content of 
76.5 vol.-%db is reached at a temperature of 320 ◦C and a WHSV of 
0.8 Nl/g h. At the same time, the H2 and CO contents are minimal at 
18.9 vol.-%db and 400 ppmdb, respectively. Accordingly, the maxima 
and minima shift towards higher temperatures for higher WHSV, 
following the kinetic limitation. CO2 is produced via the water-gas shift 
reaction (Eq. 2), yielding around 5 to 8 vol.-%db. Additionally, the 
amount of CO2 is higher and the CO2 selectivity increases from around 
6 to 8% with a higher WHSV. Both assertions indicate that the catalyst is 
very active towards the water-gas shift reaction (Eq. 2). Furthermore, 
the catalyst shows a slight selectivity of CO towards ethane below 
330 ◦C. Up to 0.6 vol.-%db ethane were detected. 

During the experiments, the temperature distribution along the 
height of the catalytic bed is monitored to determine the isothermal 
operation capabilities of the reactor. Since the stoichiometric H2/CO 
methanation yields the highest specific heat amount compared to the 
other investigated gas compositions, the maximum temperature gradi
ents also occur in this case. A maximum gradient of 10 ◦C was measured 
at 280 ◦C and 1 Nl/g h. In general, the gradient is much lower. Especially 
at temperatures above 320 ◦C a deviation of only around 2 ◦C was 
measured. Thus, an isothermal operation with the applied reactor and 
catalyst combination was shown to be feasible and the thermal stress on 
the catalyst is kept at a minimum. An additional particle mixing by 
induced solid circulation due to different fluidization velocities in the 
inner and annular reaction zones was not needed. 

3.2. Methanation of hydrogen-rich syngas 

In this section, typical DFB and SER syngas compositions from the 
advanced 100 kWth DFB pilot plant at TU Wien are investigated in the 
fluidized bed methanation reactor. The utilized syngas compositions are 
defined in Table 1 and the figure headings. The exact syngas composi
tions for the SER methanation experiments are listed in the supple
mentary material (chapter C). 

Fig. 3. TPR of Ni/α-Al2O3 with the quantification of the hydrogen consumption 
per species and the molar amount of NiO and MgO per gram of the catalyst. 

Fig. 4. Comparison of the particle size distribution of the fresh and the used catalyst (left) and TPO of the used catalyst (right).  
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3.2.1. DFB syngas methanation 
Fig. 6 shows the raw-SNG composition for varying temperatures and 

WHSV’s in comparison to the maximum thermodynamic values (dotted 
lines). Because of the understoichiometric composition of the DFB syn
gas (SN = 0.26), 20 vol.-% water vapor was added to the syngas. Both 
the added water vapor and the water produced through the methanation 
reaction (Eq. 1) lead to a shift of the gas (Eq. 2) and the production of 
CO2. Together with the CO2 already present in the syngas, it is the 
component with the highest concentration in the raw-SNG. A maximum 
CH4 concentration of 43.4 vol.-%db and a minimum H2 and CO con
centration of 8.8 vol.-%db and 0.32 vol.-%db, respectively, was measured 
at a temperature of 320 ◦C and a WHSV of 1 Nl/g h. Similar to Fig. 5, 
there is an influence of temperature and WHSV visible on the gas 
composition. At higher temperatures and lower WHSV’s, the thermo
dynamic equilibrium is approached. However, the influence of both 
parameters is less pronounced compared to the stoichiometric CO 
methanation experiments. Between 300 and 400 ◦C, the CH4 concen
tration only varies by 2.7 vol.-%db at 1.5 Nl/g h. Interestingly, the CO2 
and CO concentrations at high temperatures are closer to the thermo
dynamic equilibrium than the CH4 and H2 concentrations. Again, this 

could indicate that the water-gas shift reaction is favored over the 
methanation reaction, as Kopyscinski et al. already discussed in [24,28] 
for a different nickel catalyst. However, at low temperatures, Kopy
scinski et al. [47] state that the water-gas shift reaction is negligible. 
This does not seem to be the case for the investigated catalyst since the 
CO2 concentrations are especially high at low temperatures. Ethylene 
was also added to the feed gas and is fully converted to ethane and other 
components like methane. The concentration of ethane strongly depends 
on the temperature and, to a lesser extent, on the WHSV. 

Fig. 7 visualizes the C2H6 selectivity (SC2H6) and the CO2 selectivity 
(SCO2). At temperatures around 400 ◦C, almost no ethane is formed, 
whereas at a temperature of 280 ◦C the C2H6 selectivity is as high as 
65%. Additionally, a lower WHSV leads to a lower selectivity. This 
shows that the reaction of ethane to methane is kinetically inhibited at 
lower temperatures, whereas the conversion of ethylene is complete for 
all applied conditions. On the other hand, the concentration of ethylene 
in the syngas does not seem to have any influence on the C2H6 selec
tivity. At 360 ◦C, the same selectivities were achieved for all investigated 
concentrations. The course of the C2H6 selectivity over temperature 
agrees very well with the results published by Kopyscinski et al. [24], 

Fig. 5. Experimentally determined raw-SNG composition for stoichiometric 
H2/CO methanation (75/25 vol.-%) as a function of reaction temperature and 
WHSV and raw-SNG composition in the thermodynamic equilibrium (dotted 
lines), a) CH4, H2 and CO2 concentrations, b) CO and C2H6 concentrations. 

Fig. 6. Experimentally determined raw-SNG composition for a typical DFB 
syngas as a function of reaction temperature and WHSV and raw-SNG compo
sition in the thermodynamic equilibrium (dotted lines), a) CH4, H2 and CO2 
concentrations, b) CO and C2H6 concentrations; feed gas composition: H2 =
42.3%, CO = 23.1%, CO2 = 21.9%, CH4 = 10.4%, C2H4 = 2.4%. 
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who found similar C2H6 selectivities even though they used a catalyst 
with 50 wt.-% NiO and a syngas composition with higher CO and C2H4 
contents. However, above 350 ◦C, their C2H6 selectivity approaches 
zero, whereas Fig. 7 still shows some selectivity. 

Furthermore, the measurement data shows that no other hydrocar
bons are formed under the applied reaction conditions. Reference ex
periments without ethylene in the syngas also show that CO is not 
selective towards C2H6 over the whole temperature range for a typical 
DFB syngas (see supplementary material chapter D). This is in contrast 
to the stoichiometric H2/CO methanation experiments in Fig. 5 where 
CO shows some selectivity towards C2H6. Both the added steam and the 
understoichiometric composition of the syngas can be responsible for 
the suppression of ethane formation from CO. In general, the formation 
of ethane to a certain amount is desirable because of the higher energy 
density and increased heating value of the resulting SNG. This, in turn, 
increases the leeway for fulfilling the specifications of the gas grid, since 
the minimum required heating value can be reached more easily. 
However, ethane and other hydrocarbons usually present in the DFB 
syngas can lead to coke formation. Even though this issue is less pro
nounced in fluidized beds, it can still lead to a coverage of the catalyst 
surface with carbon species and deactivation of the catalyst [48,49]. 
Carbon deposition is, however, strongly influenced by the reaction 
temperature and low temperatures (<380 ◦C) were found to suppress 
carbon formation to a large extent [24]. Within this work, carbon 
deposition was detected after an operation period of 100 h under 
different operating conditions. However, the deposited carbon did not 
lead to a deactivation of the catalyst (also see section 3.1.1). A more 
detailed investigation under specified conditions would be required to 
allow a final statement concerning this topic. 

A look at the CO2 selectivity shows that it is relatively constant over 
the investigated temperature range, which is again in agreement with 
[24]. For higher temperatures only a minor increase can be observed. A 
lower WHSV decreases the CO2 selectivity as is the case for the stoi
chiometric H2/CO methanation in section 3.1.2. This is explained by the 
fact that the methanation reactions gain importance at lower WHSV and 
lead to an increased CO conversion to CH4. The higher CO2 concentra
tions for lower WHSV in Fig. 6 are therefore attributed to dilution 
effects. 

The feed water content was set to 20 vol.-% to prevent carbon de
positions and was chosen according to thermodynamic consideration as 
well as literature values. However, the amount of water also shows an 
influence on the raw-SNG composition since it is a reaction product of 
the methanation reactions but an educt of the water-gas shift reaction. 
Accordingly, the CH4 and CO concentrations decrease with increasing 
water content, while the H2 concentration and the CO2 selectivity in
crease as experiments (see supplementary material chapter D) and 
Kopyscinski et al. [24] confirm. Additionally, higher water concentra
tions can lead to a hydrothermal deactivation of the catalyst, which 
involves grain growth of the catalytic phase, especially at higher tem
peratures [22]. Therefore, an optimization of the feed water content 
depends on the reaction conditions, the syngas composition, and the 
catalyst and is a tradeoff between the raw-SNG composition and catalyst 
deactivation. In this work, no further investigations on the hydrothermal 
deactivation were carried out. 

3.2.2. SER syngas methanation 
Syngas from the SER process is very flexible in its composition, 

which can be taken advantage of in methanation processes. Fig. 8 de
picts the raw-SNG composition over the stoichiometric number SN (Eq. 
12) of the syngas at a methanation temperature of 360 ◦C and a WHSV of 
1.5 Nl/g h. Additionally, the thermodynamic values are given (dotted 
lines). The syngas compositions range from widely understoichiometric 
to overstoichiometric compositions (SN = 0.4–1.6). Accordingly, also 
the raw-SNG composition changes with SN. In general, the experimen
tally determined values follow the course of the thermodynamic pre
diction well. For a high SN, the distance to the thermodynamic 
equilibrium decreases further, due to the diminishing amounts of CO 
and CO2, which need to be methanated, despite the constant WHSV. 
Furthermore, the CO2 concentration is very close to the thermodynamic 
equilibrium, which again indicates a preference of the catalyst towards 
the water-gas shift reaction. The highest methane concentrations are 
found for an almost stoichiometric composition containing 71 vol.-%db 
CH4. A lower SN leads to an excess of CO2 and higher CO concentrations 
but to a lower H2 content. In this case, not enough H2 is available to 
convert the CO2 in the syngas. On the other hand, a higher SN and 
therefore a higher H2 partial pressure in the syngas allows an almost 
complete conversion of CO2 and CO. No CO2 separation unit for the 
upgrading of the raw-SNG is necessary in this case. This is true for a 
SN ≥ 1.2 under the considered reaction conditions. However, excessive 
amounts of hydrogen are left in the raw-SNG, which need to be sepa
rated or recirculated before grid feeding. Hydrogen separation is 
necessary for all investigated compositions, since the limit of 
10 vol.-%db according to the regulations [50] was not reached. Ethylene 
is again fully converted, but a certain amount remains as ethane in the 
raw-SNG. 

Fig. 9 depicts the key figures YCH4, XCO, XCO2, XH2, and SC2H6 over SN 
for the methanation of the SER syngas. YCH4, XCO, and XCO2 increase with 
a higher SN and reach almost 100%. The H2 conversion, on the other 
hand, decreases from left to right. Especially when looking at the CO2 
conversion, the effect of the different syngas compositions becomes 
evident. While the CO2 conversion is almost zero on the left side of the 
diagram, it is nearly complete for the highest depicted SN. Overall, the 
performance improvement is most pronounced on the left side of the 
diagram, i.e., when increasing SN from 0.4 to 1. Higher SN lead to a 
lower increase of the key figures at the expense of a more pronounced 
decline in H2 conversion. In other words, the driving force for the re
action decreases. Interestingly, the ethane selectivity is relatively con
stant over the whole SN range even though the syngas composition 
varies considerably. Only a slight decrease is observed towards higher 
SN. 

3.3. Comparison of DFB and SER syngas methanation 

This chapter compares the raw-SNG composition (Fig. 10 left) and 

Fig. 7. Ethane selectivity (SC2H6) as a function of reaction temperature, WHSV, 
and syngas ethylene concentration as well as carbon dioxide selectivity (SCO2) as 
a function of reaction temperature and WHSV for a typical DFB syngas. 
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the key figures (Fig. 10 right) of the DFB and SER syngas methanation 
experiments. The two displayed datasets were recorded under the same 
reaction conditions at 360 ◦C and a WHSV of 1 Nl/g h with a SN of 1.05 
for the SER syngas. The CH4 content increases by more than 30 per
centage points by utilizing the SER syngas, while the CO and CO2 con
centrations decrease to low levels. However, the residual H2 content 
more than doubles. This is not because of a lower H2 conversion but due 
to the dilution of the DFB raw-SNG with CO2. After CO2 separation, the 
residual H2 concentrations are in a similar range. Nevertheless, both 
raw-SNG gases require an H2 and CO2 separation unit before grid 
feeding under the considered reaction conditions. On the contrary, the 
residual CO concentration of the SER raw-SNG is within the limit of 
0.1 mol.-% according to the regulations [50], whereas a further reduc
tion for the DFB raw-SNG is required. In general, the SER raw-SNG is 
much closer to the specifications of the gas grid and an injection to the 
gas grid is possible without CO or CO2 separation, as Fig. 8 shows. 

Thermodynamic investigations predict that grid feeding even 
without H2, CO and CO2 separation is theoretically possible under the 

right process conditions. This includes a further reduction of reaction 
temperature and a pressurized application. For the depicted, slightly 
overstoichiometric composition, this could be thermodynamically ach
ieved at around 300 ◦C and 4 bara [13]. Alternatively, a two-stage 
methanation process could be applied, as some theoretical consider
ations show [51]. 

Fig. 10 (right) displays the key figures defined in Eqs. 6–9 and 11. 
The SER syngas methanation allows a doubling of the CH4 yield and a 
substantial amount of CO2 conversion. Simultaneously, the H2 and CO 
conversions are slightly increased as well. The DFB syngas, on the other 
hand, leads to the production of additional CO2 through the shift of the 
gas via the water-gas shift reaction. However, the ethane selectivity is 
lower in the case of the SER syngas. This is attributed to the high H2 
partial pressure of the SER syngas, which influences the selectivity to 
some extent (cf. Fig. 9). 

Overall, it is necessary to look at the performance of the whole 
process chain and not only at the methanation itself. The methanation 
KPI’s are much more favorable for the SER syngas. However, this should 
not create the illusion that the performance of the whole process from 
biomass to SNG is more favorable as well. The high methane yield for the 
SER syngas methanation is only possible because of the different process 
characteristics of the SER and the DFB operation modes of the gasifier. 
Therefore, a comparison of the whole process chain is necessary. 

3.4. Summary 

This study shows experimental results of syngas methanation in a 
fluidized bed methanation reactor. The main focus points are the 
development and testing of a stable catalyst for fluidized beds, the 
methanation reactor design and the detailed investigation of the fluid
ized bed methanation process characteristics through parameter varia
tions. Furthermore, optimized process concepts are investigated through 
the methanation of flexible syngas compositions from the advanced dual 
fluidized bed technology. 

The following results can be summarized:  

(i) The synthesized catalyst performs well in terms of avoidance of 
mechanical attrition and chemical deactivation and, therefore, 
maintaining a proper fluidization behavior. No significant me
chanical attrition and chemical deactivation of the catalyst was 
detected during 200 h under fluidized bed conditions and 100 h 

Fig. 8. Experimentally determined raw-SNG composition and raw-SNG 
composition in the thermodynamic equilibrium (dotted lines) for different 
SER syngas compositions as a function of the stoichiometric number SN at 360 
◦C and a WHSV of 1.5 Nl/g h, a) CH4, H2 and CO2 concentrations, b) CO and 
C2H6 concentrations; feed gas composition: H2 = 54.6–70.8%, CO = 7.4–14.8%, 
CO 2 = 4.6–17.2%, CH4 = 11.4–17.1%, C2H4 = 1.2–2%. 

Fig. 9. CH4 yield, H2 conversion, CO conversion, CO2 conversion and C2H6 
selectivity as a function of the stoichiometric number at 360 ◦C and a WHSV of 
1.5 Nl/g h. 
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under methanation conditions. Simultaneously, the catalyst 
showed a sufficient catalytic activity and selectivity towards the 
methanation reactions. The results were achieved by utilizing a 
highly porous and inert α-Al2O3 as support.  

(ii) The reactor design, in combination with the dilution of the 
catalyst with support material, allowed an isothermal operation 
of the process with temperature gradients as low as 2 ◦C. Between 
280 ◦C and 420 ◦C, a clear transition between thermodynamic 
and kinetic limitations could be observed. The optimal tradeoff 
between these limitations was found to be in a temperature range 
between 320 and 360 ◦C.  

(iii) A maximum of 43 vol.-%db CH4 was reached through the 
methanation of a typical syngas composition from the advanced 
100 kW DFB gasification pilot plant. Because of the under
stoichiometric composition of the syngas from the DFB process, 
CO2 was produced through the water-gas shift reaction and 
constituted the main component in the raw-SNG.  

(iv) Under all conditions, a full conversion of ethylene to ethane and 
other components was shown. At low temperatures, kinetic lim
itations favored the production of ethane while higher tempera
tures allowed a complete conversion to other components. 
Neither the ethylene concentration in the syngas nor the syngas 
composition (DFB or SER) showed a significant influence on the 
selectivity of ethylene towards ethane.  

(v) The SER syngas methanation was shown to yield a much more 
favorable composition for grid feeding and higher methane 
yields, while simultaneously improving the H2, CO and CO2 
conversions, compared to DFB syngas methanation. A maximum 
CH4 content of 73 vol.-%db could be reached, which represents an 
increase of 30 vol.-%db compared to DFB syngas methanation.  

(vi) An almost complete conversion of CO and CO2 was achieved 
through the methanation of an overstoichiometric SER syngas 
(SN ≥ 1.2), allowing grid feeding without the need for an 
expensive CO2 separation unit. Hydrogen separation and recir
culation is, however, necessary under the investigated reaction 
conditions. 

4. Conclusion and outlook 

In this work, the catalytic methanation of syngas from the advanced 
DFB technology was experimentally investigated, combining a bubbling 
fluidized bed methanation reactor with an optimized methanation 
catalyst for fluidized bed applications. Fluidized bed reactors can be 
advantageously applied to SNG production because of the high heat and 
mass transfer capabilities. This leads to several advantages compared to 

the commercially utilized fixed bed methanation reactors, provided that 
the catalyst shows a proper fluidization behavior. 

To this end, the following conclusions and recommendations can be 
drawn from the conducted experiments: 

(i) α-Al2O3 was shown to be a viable catalyst support for methana
tion reactions. Especially in fluidized bed applications, it could be 
advantageously used as an alternative to the commonly utilized 
γ-Al2O3 because of the high mechanical and chemical stability 
and a proper fluidization behavior of the prepared catalyst.  

(ii) The stress on the catalyst was minimized due to nearly isothermal 
operating conditions. This is a result of the special reactor design 
and the dilution of the catalyst with inert support material. 

Additionally, the fluidized bed methanation reactor and the syn
thesized catalyst were applied to the methanation of syngas from 
advanced DFB gasification and the SER process. The SER process allows 
the production of syngas with a suitable stoichiometric ratio of H2 to CO 
and CO2, yielding the following conclusions for fluidized bed 
methanation:  

(iii) The SER process in combination with fluidized bed methanation 
could lead to an improved and more cost-effective route for SNG 
production. No separation of excessive CO2 or CO from the raw- 
SNG is required for grid-feeding when selecting a suitable syngas 
composition. Compared to conventional DFB steam gasification, 
the methane yield is doubled (up to 95%) and the H2, CO and CO2 
conversions are improved. Especially if no external hydrogen is 
available, the direct methanation of SER syngas could lead to a 
simpler and more efficient process route for SNG production. 

For a full comparison of the DFB and SER syngas methanation, 
further investigations on the optimal process conditions and the per
formance of the whole process chain are necessary. Additionally, the 
long-term mechanical and chemical stability of the catalyst should be 
examined. 
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Abstract
A sustainable and secure energy supply requires alternative concepts for energy generation. Utilizing biomass to produce 
synthetic natural gas (SNG) allows the synthesis of a currently widely used energy carrier on a renewable basis. The 
additional integration of hydrogen increases the carbon utilization of the biomass. This study experimentally investigates 
and compares the production of raw-SNG in three novel process chain configurations combining the advanced dual fluidized 
bed (DFB) gasification technology, gas cleaning units, and a fluidized bed methanation reactor. The three process chains 
comprise the direct methanation of DFB product gas, a hybrid route with hydrogen addition to the DFB product gas, and the 
methanation of a hydrogen-enriched product gas generated through DFB gasification with in situ CO2 removal (SER process). 
The direct methanation of the DFB product gas yielded a raw-SNG CH4 content of 40 vol.-%db at 360 °C and atmospheric 
pressure conditions. Through the integration of external hydrogen in a hybrid process, the carbon utilization of the biomass 
could be increased from 37% to around 70% at an unchanged cold gas efficiency of 58–59%. Via the SER process, a high 
raw-SNG CH4 content of 70 vol.-%db was achieved at an increased cold gas efficiency of 66% without the need for external 
hydrogen. Finally, a comparison points out the main advantages of the process configurations and provides a decision basis 
for novel SNG production pathways.

Keywords  Sustainable and renewable synthetic natural gas · Advanced dual fluidized bed steam gasification · Sorption 
enhanced reforming · Fluidized bed methanation · Hydrogen integration · Experimental investigation in pilot scale

Nomenclature
CR	� Combustion reactor
DFB	� Dual fluidized bed
FICFB	� Fast internally circulating fluidized bed
GCMS	� Gas chromatography linked with a mass 

spectrometer
GR	� Gasification reactor
feed	� In the feed gas to the methanation reactor
KPI	� Key performance indicator
out	� In the outlet of the methanation reactor
raw-SNG	� Raw synthetic natural gas after methana-

tion/before upgrading
RME	� Rapeseed methyl ester

SNG	� Synthetic natural gas
SER	� Sorption enhanced reforming
WHSV	� Weight hourly space velocity in Nl/(gcat h)
ṅi 	� Molar flow of species i in mol/s
N i 	� Number of carbon atoms in species i
ṁC,CH4,RawSNG 	� Amount of carbon in CH4 in the raw-SNG 

in kg/h
ṁC,GR,fuel 	� Amount of carbon in the fuel to the GR in 

kg/h
ṁGR,fuel,daf  	� Amount of dry and ash-free fuel to the 

GR in kg/h
ṁH2O,GR,fuel 	� Amount of water to the GR through the 

fuel in kg/h
ṁsteam,GR 	� Amount of steam to the GR through the 

gasification agent in kg/h
PCR,fuel 	� Chemical energy of the fuel to the CR in 

kW
PGR,fuel 	� Chemical energy of the fuel to the GR in 

kW
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PH2
 	� Chemical energy of the external hydrogen 

in kW
PPG 	� Chemical energy of the product gas in kW
PRawSNG 	� Chemical energy of the raw-SNG in kW
Q̇loss,DFB 	� Heat losses of the DFB system in kW
SN 	� Stoichiometric number of the feed gas
U	� Superficial gas velocity
Umf	� Minimum fluidization velocity
XCO 	� Carbon monoxide conversion in %
XCO2

 	� Carbon dioxide conversion in %
XH2

 	� Hydrogen conversion in %
YCH4

 	� Methane yield in %
yi 	� Molar fraction of species i
�SF 	� Steam-to-fuel ratio
�CG,o,DFB 	� Overall cold gas efficiency of the DFB 

system in %
�CG,o 	� Overall cold gas efficiency of the full 

process chain in %
�C 	� Carbon utilization efficiency in % 

1  Introduction

The replacement of fossil fuels by renewable energy car-
riers and the respective production pathways are crucial in 
mitigating climate change and securing the independence 

of energy imports within the European Union. Synthetic 
natural gas (SNG) from renewable resources, as well as 
biogas from fermentation, has the potential to contribute to 
these goals, especially considering the limited time frame to 
accomplish the transformation [1].

Over the last two decades, biological and catalytic SNG 
production technologies from renewable resources have 
been developed. The two main strategies for the catalytic 
production of SNG are as follows: (i) the utilization of bio-
genic feedstock via a thermochemical pathway and (ii) the 
utilization of renewable electricity via an electrochemical 
pathway together with biogenic carbon dioxide [2, 3]. Both 
routes have been demonstrated on a large scale, e.g., the 32 
MWth GoBiGas SNG plant in Gothenburg, Sweden [4] or 
the 6 MWel Power-to-Gas plant in Werlte, Germany [5]. The 
latter produces SNG through the hydrogenation of biogenic 
carbon dioxide in a molten salt-cooled tube bundle reactor. 
An alkaline electrolysis provides the necessary hydrogen, 
and the carbon dioxide is separated through amine scrub-
bing from a nearby biogas plant. The GoBiGas plant, on 
the other hand, produces SNG through dual fluidized bed 
(DFB) gasification of woody biomass and consecutive gas 
cleaning and catalytic conversion to methane in a fixed bed 
reactor cascade. A generic flow sheet of such a process chain 
is depicted in Fig. 1a. In the DFB gasification system, the 
biogenic feedstock is converted to a product gas, typically 

Fig. 1   Basic process layouts of two SNG production processes based on DFB gasification: a DFB gasification with optional hydrogen addition to 
the syngas, b DFB gasification with in-situ CO2 removal (SER process)
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utilizing steam as a gasification agent. Depending on the 
type and quality of the feedstock, a certain amount of impu-
rities must be removed from the product gas to protect the 
methanation catalyst from poisoning and deactivation and 
achieve the necessary gas quality for the respective applica-
tion. The cleaned product gas or syngas is then catalytically 
converted to raw-SNG in the methanation section. Depend-
ing on the applied concept, an upgrading of the raw-SNG 
is necessary to fulfill the national feed-in regulations of the 
natural gas grid. The upgrading might comprise gas drying, 
carbon dioxide, and hydrogen separation [6].

The necessity for carbon dioxide, or carbon separation in 
general, arises from the typical composition of woody bio-
mass. On average, the elemental composition can be written 
as CH1.44O0.66 [7]. For the hydrogenation of the main carbon-
containing species in the syngas, namely carbon monoxide 
and carbon dioxide, a molar ratio of three and four, respec-
tively, is required. Due to this discrepancy, only limited utili-
zation of biogenic carbon can be achieved. For example, the 
GoBiGas plant reports a carbon utilization factor of around 
30% [8]. An interesting way to increase carbon utilization is 
the combination of the thermochemical conversion technol-
ogy with power-to-gas by adding hydrogen before the metha-
nation reactor (optional hydrogen), as indicated in Fig. 1a. 
This hybrid approach improves the production of SNG from 
a technical and ecological point of view. However, the inte-
gration of hydrogen production is generally a cost driver that 
influences the process’ competitiveness [9, 10]. Moreover, 
hydrogen must not originate from fossil resources for an 
ecologically viable concept. Therefore, various renewable 
hydrogen production methods are currently under investi-
gation. The most widely discussed and matured technology 
is water electrolysis [11]. However, there is a multitude of 
other technologies utilizing thermal, electrical, photonic, or 
biochemical energy to convert water or biomass to hydro-
gen [12]. Some examples are electrical or thermochemical 
water splitting [13, 14], biomass gasification [15], and dark 
or photo-fermentation of biogenic materials [16].

To avoid any additional hydrogen production, a modi-
fied DFB gasification process can be applied: The so-called 
sorption enhanced reforming (SER) process [17] allows 
for the in situ adaptation of the product gas composition 
towards high hydrogen contents via in situ CO2 removal in 
the DFB gasification system (Fig. 1b). This way, the product 
gas composition can be matched to the requirements of the 
methanation section. Bartik et al. [18] and Brellochs [19] 
showed on a theoretical basis that potentially no CO2 sepa-
ration would be required for upgrading the raw-SNG to the 
gas grid requirements. Experimentally, the methanation of 
typical SER product gases was shown by Bartik et al. [20] 
in a fluidized bed reactor and by Gómez et al. [21] in two-
fixed bed methanation reactors utilizing synthetically pre-
mixed gases. However, there seems to be no experimental 

investigation of the whole process chain, including gasifica-
tion, gas cleaning, and methanation.

The hybrid route with optional hydrogen addition 
(Fig. 1a) was already proposed on a theoretical basis by 
Gassner and Maréchal [9] in 2008. Alamia et al. [22] simu-
lated the integration of hydrogen to an optimized GoBiGas 
plant and calculated cold gas efficiencies between 70 and 
73% for SNG production. Some experimental investigations 
were carried out by Salbrechter and Schubert [23]. They 
performed methanation experiments in fixed-bed reactors 
with varying hydrogen contents in the premixed syngas. 
They argue that a substoichiometric hydrogen addition leads 
to a good trade-off between electrolysis capacity and the 
overall efficiency, which they calculated at 60% for a large-
scale plant. However, around 17 vol.-% of CO2 is still in the 
raw-SNG and needs to be separated before grid injection. 
Multiple alternative concepts for the integration of hydro-
gen in the SNG production process have been proposed. 
For example, Menin et al. [24] modeled a combination of 
biomass steam gasification, alkaline water electrolysis, and 
biological methanation in a trickle-bed reactor and calcu-
lated a cold gas efficiency of 50.6%. Giglio et al. [25] con-
ceptualized a catalytic methanation process in isothermal 
reactors in combination with solid oxide electrolysis and 
oxygen/steam-blown gasification and calculated cold gas 
efficiencies as high as 71.7%. From an experimental point 
of view, Leimert et al. [26] combined the heatpipe reformer 
gasification technology with a polytropic fixed bed methana-
tion reactor and demonstrated the production of raw-SNG 
with additional hydrogen. However, due to limitations in the 
methanation reactor, the residual H2 and CO2 concentrations 
in the raw-SNG were quite high. Another demonstration of 
a hybrid process concept was shown by Witte et al. [27]. 
They directly upgraded biogas in a fluidized bed methana-
tion reactor with external hydrogen over more than 1000 h 
with an average methane yield of 96%. Other researchers 
have modeled the hydrogen addition to syngas to produce 
other fuels and chemicals like dimethyl ether [28] and meth-
anol [29]. Industrial process gases are also an interesting 
carbon source for a further hydrogenation to methane. For 
example, off-gases from steelworks can be utilized for meth-
ane synthesis with additional hydrogen [30]. In the case of 
direct iron ore reduction with hydrogen, the off-gas already 
consists of a considerable amount of hydrogen, which can be 
utilized as the reducing agent for a consecutive methanation 
reaction [31]. However, for the hybrid route investigated in 
this study, no experimental investigations connecting DFB 
gasification with fluidized bed methanation and hydrogen 
addition seem to be available.

In this study, we investigate several novel process chains 
for the production of raw-SNG from woody biomass on a 
pilot scale. At TU Wien, a 100 kWth advanced DFB pilot 
plant converting woody biomass to product gas is coupled 
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with gas cleaning units and a 10 kWth fluidized bed methana-
tion reactor to produce raw-SNG. Figure 2 (left) depicts the 
basic principle of the DFB gasification process. In the gasi-
fication reactor (GR), the biogenic feedstock is converted 
to a product gas containing mainly H2, CO, CO2, and CH4 
with steam as a gasification agent. Due to the allothermal 
operation of the GR, a nearly nitrogen-free product gas is 
obtained. However, impurities, like tars and nitrogen- and 
sulfur-containing species, might need to be removed in the 
gas cleaning section, depending on the quality of the feed-
stock. The GR is coupled with a combustion reactor (CR) 
through a solid circulation loop. In the CR, ungasified char 
is combusted with air to heat up the bed material. Since the 
CR is operated as a fast fluidized bed, the hot bed material is 
transported back to the GR, where it sustains the endother-
mic gasification process. Via the usage of limestone as bed 
material and suitable temperature levels in the reactors, the 
in situ removal of CO2 from the gasification reactor can be 
facilitated (Fig. 2 (right)). At comparably low temperatures 
of 600 to 700 °C in the GR, CaCO3 is formed out of CaO 
and gaseous CO2. The removal of gaseous CO2 from the 
product gas stimulates the water–gas-shift reaction and leads 
to an increased hydrogen content (up to 70 vol.-%db). The 
captured CO2 is transported to the CR as CaCO3 together 
with the bed material and char. At elevated temperatures 
in the CR, the CaCO3 is calcined. Thus, gaseous CO2 is 
released again in the CR, and CaO is formed out of CaCO3. 
Two main parameters which allow the targeted adjustment of 
the product gas composition are the gasification temperature 
and the bed material cycle rate [17]. More information on 
the DFB process and the overall process chain can be found 
in Sect. 2 and is also reported in literature [32–34].

The aim of this work is the demonstration of raw-SNG 
production through advanced DFB gasification, gas clean-
ing, and fluidized bed methanation. The novelty lies in the 
investigation of multiple novel process configurations on a 

pilot scale regarding gas compositions, conversions, yields, 
and efficiencies. Furthermore, extensive analytical meas-
urements show the whereabouts and quantities of impuri-
ties over the entire SNG process chains. The investigations 
include three configurations, namely

(a)	 DFB gasification and direct methanation of the DFB 
product gas (DFB-Std)

(b)	 DFB gasification with external hydrogen addition to the 
product gas and methanation of the hydrogen-enriched 
product gas (DFB + H2)

(c)	 DFB gasification with in-situ CO2 removal (SER pro-
cess) and direct methanation of the hydrogen-enriched 
product gas without external hydrogen addition (SER)

Finally, a comparison of the three configurations shows 
the advantages and disadvantages of the respective process 
chains and therefore helps determine a suitable process 
depending on the defined goals.

2 � Materials and methods

2.1 � Complete process chain

Figure 3 shows a basic flowsheet of the process chain for 
raw-SNG production at TU Wien. The main units are

•	 A 100 kWth advanced DFB gasification reactor
•	 A biodiesel (rapeseed methyl ester (RME)) scrubber
•	 Activated carbon and zinc oxide (ZnO) adsorber beds
•	 And a 10 kWth fluidized bed methanation reactor

The left part of the diagram depicts the fuel-feeding 
system. Three fuel hoppers are available to feed the feed-
stock via screws into the lower GR. The generated product 

Fig. 2   Basic principle of DFB gasification (left) and DFB gasification with in situ CO2 removal (SER process) (right)
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gas further reacts in the upper GR and leaves the DFB 
system after particle separation in a gravity separator and a 
cyclone. After passing through a radiation cooler, a partial 
flow of the product gas is directed toward the SNG process 
chain. The unutilized part of the product gas is burnt in a 
post-combustion chamber together with the flue gas from 
the CR. Before the off-gas is vented to the atmosphere, 
the gas is cooled in a boiler, and dust is separated in a 
baghouse filter.

The partial product gas flow directed to the SNG process 
chain is cleaned in a filter stuffed with glass wool and enters 
the RME scrubber. The following membrane compressor 
is used as a blower to set the required volume flow for the 
methanation reactor. Since the process chain is operated at 
almost atmospheric pressure, no significant pressure increase 
is desired. To further remove impurities from the product gas 
stream, the gas passes through two activated carbon beds 
and a ZnO bed at elevated temperatures. The preheated gas 
then enters the fluidized bed methanation reactor, where the 
syngas is converted to raw-SNG. A glass wool filter holds 
back potentially carried-out catalyst particles and a natural 
gas–operated flare is used to burn the raw-SNG downstream 
of the gas analysis measurements. Auxiliary systems, like 
process media supply, measurement technology, a process 
control system, and safety measures, accompany the main 
process chain. In Sects. 2.2–2.4, a more detailed description 
of the single process units follows.

2.2 � 100 kWth advanced dual fluidized bed pilot 
plant

The advanced DFB pilot plant at TU Wien is a further devel-
opment of industrially realized DFB gasification plants. Fig-
ure 4 shows pictures of the pilot plant (left) and a schematic 
drawing of the reactor concept (right) [33]. Here, a more 
detailed drawing of the constructional design of the reac-
tor is depicted, compared to the basic principle of the DFB 
system in Figs. 2 and 3. The same reactor is used for DFB 
gasification and the SER process. Feedstock enters the lower 
GR through a fuel-feeding screw above the top of the bed 
(on-bed feeding). In the lower GR, the pyrolytic decomposi-
tion and gasification of the solid feedstock take place. The 
CR is designed as a fast fluidized bed, where parts of the 
unconverted feedstock combust together with additional fuel 
(fuel to CR). Both reactors are connected via loop seals, ena-
bling bed material circulation between the reactors. The nov-
elty of the advanced concept mainly lies in the implementa-
tion of an upper gasification reactor and gravity separators. 
The upper GR is designed as a counter-current column with 
local constrictions, which increases the gas–solid contact 
time and the turbulence between the bed material and the 
upward-flowing product gas. Gravity separators ensure a 
gentle gas–solid separation and allow the utilization of soft 
bed materials like limestone. An internal loop seal allows 
the recirculation of particles within the upper and lower 

Fig. 4   Photos of the 100 kWth 
advanced DFB pilot plant at 
TU Wien (left) and schematic 
drawing of the reactor design 
(right) [33]
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GR. To reach a suitable temperature spread between CR 
and GR for the SER process, a loop seal cooling is installed 
additionally. Furthermore, the bed material cycle rate can 
be influenced by staged air nozzles in the CR. By leaving 
the total amount of air introduced into the CR constant, but 
shifting the partial amounts at a specific height, an efficient 
control of the bed material cycle rate is possible (primary 
air, secondary air, tertiary air). A detailed description of the 
design is documented by Schmid [33]. A detailed analysis 
of DFB gasification and SER is not within the scope of this 
paper since the mechanisms of these gasification processes 
are well documented in the literature [17, 32, 34].

Olivine is commonly used as bed material for DFB gasi-
fication. It is a magnesium-iron-silicate-based mineral that 
forms a calcium-rich layer on the surface of the particles 
through the interaction with the fuel ash and thus promotes 
its catalytic activity [35]. Therefore, limestone has been 
extensively investigated as an alternative, catalytically highly 
active bed material [36]. In this investigation, a 80/20 wt.-% 
olivine/limestone mixture is used as bed material for the 
DFB gasification and pure limestone for the SER process to 
enable the in-situ CO2 removal. Softwood pellets with qual-
ity class A1 according to ISO 17225–2 are used as feedstock 
for the test runs. Table 1 shows the results of the ultimate 
and proximate analysis of the softwood pellets. The pellets 
show low water and ash contents as well as low amounts 
of sulfur and chlorine and high ash melting temperatures. 
These high-quality pellets were used in all test runs as a 
reference fuel for a fair comparison of the different process 
configurations. The compositions of the bed materials are 
listed in the supplementary material.

2.3 � Gas cleaning

Ni catalysts are prone to deactivation through impurities 
in the product gas. Thus, it is crucial to implement a suf-
ficient gas-cleaning strategy to protect the catalyst from 
poisoning and coke formation. To this end, a particle 
filter, an RME scrubber, activated carbon beds, and a 
ZnO guard bed are installed (Fig. 5). The particle filter 
is a simple glass wool stuffed cylinder that holds back 
dust particles resulting from bed material attrition, fuel 
ash, and unconverted biomass char. The RME scrubber is 
designed as a randomly packed column with a diameter 
of 0.1 m, a demister, and a connected phase separator. 
In the counter-current column, tar components are con-
densed and dissolved in the RME. Furthermore, steam 
condenses and water-soluble substances like NH3 and 
HCl dissolve in the water phase. In the phase separator, 
a division occurs into a water phase, an emulsion phase, 
and an RME phase. The RME phase is recirculated to 
the scrubber, while the water and emulsion phases are 
withdrawn periodically. The scrubber is designed for an 
operating temperature between 10 and 50 °C. A cryostat 
provides the necessary cooling power. Fixed-bed adsorp-
tion in two activated carbon beds is performed to reduce 
tar components that have not been separated in the scrub-
ber and to adsorb sulfur compounds. A Desorex K 43 and 
an Oxorbon K40 J from Donau Carbon are used for this 
purpose. A ZnO guard bed serves as protection against a 
breakthrough of sulfur compounds (especially H2S) and 
is operated at temperatures between 300 and 350 °C.

Table 1   Ultimate and proximate analyses of softwood pellets

a Calculated by difference to 100 wt.-%daf

Parameter Softwood pellets

Water content (wt.-%) 7.2
Ash content (wt.-%db) 0.2
Carbon (wt.-%daf) 50.8
Hydrogen (wt.-%daf) 5.9
Nitrogen (wt.-%daf) 0.2
Sulfur (wt.-%daf) 0.005
Chlorine (wt.-%daf) 0.005
Oxygena (wt.-%daf) 43.1
Volatile matter (wt.-%daf) 85.6
LHV (MJ/kgdb) 18.9
Ash deformation temp. (°C) 1330
Ash flow temp. (°C) 1440

Fig. 5   Photo of the RME scrubber (left) and the activated carbon 
beds (right)
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2.4 � Fluidized bed methanation setup

Figure 6 depicts a 3D-CAD drawing of the reactor (left) 
and a picture of the fluidized bed methanation setup 
(right) at TU Wien. The reactor is designed for an SNG 
output of 10 kWth and utilizes 1.5 kg of a self-prepared 
20 wt.-% NiO/Al2O3 catalyst with a mean particle size 
of 150 µm and 1.6 kg of unimpregnated Al2O3. Because 
of the catalyst dilution, the full capacity of the reactor is 
not used, and the SNG output is reduced to about 5 kW 
for the presented experiments. The reactor is separated 
into two individually fluidized reaction zones operated in 
the bubbling fluidized bed regime. The heat released by 
the exothermic methanation reactions is handled with an 
air-cooled coil and a jacket. Water vapor can be added to 
the preheated syngas streams to avoid carbon depositions 
on the catalyst. Alternatively, hydrogen from gas cylin-
ders can be added to the syngas prior to the methana-
tion reactor. The gas composition can be analyzed either 
downstream of the hydrogen addition or in the raw-SNG 
downstream of the methanation reactor. A programmable 
logic controller records all measured temperatures, pres-
sures, and gas analysis measurements and controls the 
heating tapes and cartridges. Further information on the 
reactor concept and the catalyst is documented in [20].

2.5 � Measurement equipment

The overall process chain is equipped with more than 130 
temperature and 80 pressure measurement points. Addition-
ally, 27 gas analysis channels allow the simultaneous log-
ging of the product gas, flue gas, and raw-SNG compositions 
with Rosemount NGA-2000 modules. In the product gas 
and the raw-SNG, the H2, CO, CO2, CH4, and O2 concentra-
tions are measured. A PerkinElmer ARNEL – Clarus 500 
gas chromatograph additionally measures ethylene, ethane, 

propane, and nitrogen concentrations every 12 min. Addi-
tionally, CO2, CO, and CH4 concentrations are redundantly 
measured as well. Tar sampling is performed with adapted 
standardized equipment, following the tar protocol (DIN 
CEN/TS 15,439). Single tar components are measured 
by gas chromatography linked with a mass spectrometer 
(GCMS). NH3 is detected through wet chemical analysis 
with similar sampling equipment and sulfuric acid as a sol-
vent. A more detailed description of the tar and NH3 meas-
urement procedure at the 100 kWth pilot plant is documented 
in [37]. Sample bags are used for the offline measurement of 
H2S with a second PerkinElmer ARNEL – Clarus 500 gas 
chromatograph.

2.6 � Process simulation and key performance 
indicators

The process simulation tool IPSEpro is used to validate the 
measurement values by calculation of mass and energy bal-
ances and key performance indicators (KPIs). To this end, 
the whole process chain is modeled and set up in IPSEpro. 
The measured temperatures, pressures, and gas compositions 
in the single process units are the basis for the simulation. 
Furthermore, measured mass flows of the biomass input, the 
gasification and fluidization agent, the combustion air, the 
product gas and flue gas amounts, and the syngas amount in 
the SNG chain are used. Due to this over-specified equation 
system, the results in this paper represent the balanced solu-
tion from process simulation and not the raw measurement 
values (except where explicitly stated). Therefore, single test 
runs are evaluated, and no repetitions are carried out.

An important operating parameter of the DFB gasification 
plant is the steam-to-fuel ratio ( �SF ) (Eq. 1). It is defined as 
the amount of steam and the amount of fuel water in relation 
to the amount of dry and ash-free fuel introduced to the GR.

Fig. 6   3D-CAD drawing of the 
fluidized bed methanation reac-
tor (left) and photo of the setup 
at TU Wien (right)
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Equation 2 shows the definition of the overall cold gas 
efficiency for the DFB system ( �CG,o,DFB ). It relates the 
chemical energy of the product gas based on the lower 
heating value with the chemical energy of the fuel intro-
duced to the GR as well as the additional fuel introduced 
to the CR. The relatively high heat losses of the pilot plant 
compared to industrial-sized gasification plants are sub-
tracted in this equation.

Important KPIs concerning the methanation section are 
displayed in Eqs. 3–7. The methane yield ( YCH4

 ) is calculated 
according to Eq. 3, where ṅ is the molar flow, and N is the 
number of carbon atoms in the respective gas component in 
the feed gas ( feed ) and the raw-SNG ( out ). Equations 4, 5, 
and 6 define the CO conversion ( XCO ), the CO2 conversion 
( XCO2

 ), and the H2 conversion ( XH2
 ), respectively.

The stoichiometric number ( SN  ) (Eq. 7) evaluates the 
product gas in terms of its stoichiometry for methanation. 
It relates the hydrogen content to the content of carbo-
naceous species to be methanated according to the cor-
responding reaction equations.

The overall process chain is evaluated through the over-
all cold gas efficiency ( �CG,o ) according to Eq. 8. It relates 
the chemical energy of the raw-SNG to the chemical 
energy of the fuel input to the GR and the CR minus heat 
losses (equal to Eq. 2) plus the chemical energy introduced 
through the external hydrogen addition.

(1)𝜑SF =
ṁsteam,GR + ṁH2O,GR,fuel

ṁGR,fuel,daf

(2)𝜂CG,o,DFB =
PPG

PGR,fuel + PCR,fuel − Q̇loss,DFB

∗ 100

(3)YCH4
=

ṅCH4,out
∑

i Niṅi,feed

∗ 100

(4)XCO =
ṅCO,feed − ṅCO,out

ṅCO,feed

∗ 100

(5)XCO2
=

ṅCO2,feed − ṅCO2,out

ṅCO2,feed

∗ 100

(6)XH2
=

ṅH2,feed − ṅH2,out

ṅH2,feed

∗ 100

(7)SN =
yH2

3yCO + 4yCO2
+ 2yC2H4

Equation 9 shows the carbon utilization efficiency ( �C) , 
which assesses the amount of carbon in the CH4 of the 
raw-SNG compared to the amount of carbon introduced 
via the fuel in the GR.

3 � Results and discussion

3.1 � Operating parameters of the different process 
configurations

Table 2 summarizes the main operating conditions for the 
DFB gasification and SER process chains. Since the hydro-
gen addition (DFB + H2) was carried out during the same 
steady-state gasification operating point as the direct meth-
anation of the DFB product gas (DFB-Std), the operating 
conditions of the DFB gasification and gas cleaning parts are 
valid for both configurations (Sects. 3.2 and 3.3).

In general, all units are operated around atmospheric 
pressure. The mean temperature in the lower GR is a mean 
value of 7 thermocouples placed along the height of the 
bubbling fluidized bed. The temperature in the upper GR 
is the temperature where hot bed material from the CR re-
enters the gasification reactor from the upper loop seal. 
In the CR, the given temperature is a mean value of the 
temperature where oil is introduced (cf. Figure 4, fuel to 
CR) and the temperature at the exit of the CR. Both the 
GR and the CR temperatures are lower in the case of the 
SER process to enable in situ CO2 removal. The high addi-
tional fuel input power to the CR for DFB gasification results 
from the relatively high gasification temperatures and the 
high heat losses of the 100 kWth DFB pilot plant. A much 
lower amount for the SER process is sufficient because of 
the lower operating temperatures. A steam-to-fuel ratio of 
0.8–0.95 is typical for this pilot plant [32]. It is based on 
the amount of steam required to drive the gasification reac-
tions and the amount of steam required to fluidize the bed 
material. The RME scrubber was operated at a temperature 
of 18 °C and 36 °C with a relatively high solvent-to-gas 
ratio in both cases, typical for laboratory-sized columns [38]. 
The higher scrubber temperature for the SER process results 
from the higher steam content in the product gas and there-
fore increased water condensation enthalpy in the scrubber. 
The activated carbon adsorbers are operated at a slightly 

(8)𝜂CG,o =
PRawSNG

PGR,fuel + PCR,fuel − Q̇loss,DFB + PH2

∗ 100

(9)𝜂C =
ṁC,CH4,RawSNG

ṁC,GR,fuel

∗ 100
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elevated temperature at about 50 °C and the ZnO guard bed 
at about 325–350 °C to enable sufficient kinetic activity. In 
the fluidized bed methanation reactor, the mean temperature 
is set to the temperature where the CH4 content is maxi-
mized. The mean value is computed from 5 thermocouples 
which are laterally and radially distributed in the catalytic 
bed (see [20]). For the methanation of the DFB product gas, 
the optimal temperature is around 360 °C, and for the SER 
process around 340 °C. In order to prevent carbon deposi-
tions on the catalyst, water vapor is added to the feed gas 
of the methanation reactor for the direct methanation of the 
DFB product gas. The amount is a trade-off between ther-
modynamic considerations and the resulting gas composi-
tion. Water is a reaction product of the Sabatier reaction 
and therefore influences the raw-SNG gas composition. A 
lower feed water content would increase the methane content 
in the raw-SNG and vice versa, as was shown in [20] and 
[39]. However, a lower feed water content might increase the 
carbon depositions and reduce the lifetime of the catalyst. 
Consequently, determining an optimal water content is a 
multi-objective optimization problem and thus not trivial to 
answer. In the case of the SER process, no additional water 
vapor was added to the feed gas of the methanation reac-
tor since the hydrogen contents are considerably higher and 
the risk for carbon deposition is lower. Another parameter 
for the fluidized bed methanation reactor is the fluidization 

number. The reactor is operated in the bubbling fluidized 
bed regime with a fluidization number between 3.7 and 6 
U/Umf, where U is the superficial gas velocity and Umf is the 
minimum fluidization velocity.

3.2 � Direct methanation of the DFB product gas 
(DFB-Std)

This section shows the results of the full process chain for 
the direct methanation of the DFB product gas without 
external hydrogen addition. Figure 7 depicts the raw gas 
analysis values for the main components of the product gas 
of the DFB gasifier (top) and the raw-SNG (bottom) on a 
dry and nitrogen-free basis over time. Nitrogen is excluded 
because it results from flushing the fuel hoppers and the 
pressure measurement points, while hardly any nitrogen 
is expected from the fuel in the case of softwood pellets. 
Investigations not depicted in the current study showed 
that CO2 can be used as a flushing agent, which reduces 
the nitrogen content in the product gas close to zero. Both 
the product gas and the raw-SNG compositions show a 
stable trend over the displayed 8.5 h. The excluded parts 
of the diagram are mainly caused by the maintenance of 
the gas measurement equipment, while the process itself 
remains in a steady state (see temperature trends in the 
supplementary material). Other excluded parts in the 

Table 2   Operating parameters 
of the DFB gasification and 
SER process configurations

Parameter DFB gasification SER process

DFB gasifier
  Bed material mixture (wt.-%) 80/20 olivine/limestone 

mixture
100 limestone

  Feedstock Softwood pellets Softwood pellets
  Mean temperature lower GR (°C) 836 681
  Temperature upper GR (°C) 962 778
  Mean temperature CR (°C) 1015 880
  Fuel input GR (kW) 91 96
  Fuel input CR (kW) 52 13
  �

SF
 (kgH2O/kgfuel,daf) 0.80 0.95

Gas cleaning
  Particle filter temperature (°C) 258 252
  Scrubber gas exit temperature (°C) 18 36
  Scrubber solvent to gas ratio (kgRME/kgPG) 127 152
  Activated carbon bed 1 temperature (°C) 51 50
  Activated carbon bed 2 temperature (°C) 51 50
  ZnO guard bed temperature (°C) 351 325

Methanation
  WHSV (Nl/gcat h) 1.3 1
  Mean reaction temperature (°C) 361 342
  H2O input concentration (vol.-%) 25 5.7
  Raw-SNG output (kW) 4.1 5.6
  Fluidization number (U/Umf) 5.9 3.7
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raw-SNG measurement were caused by parameter varia-
tions, measuring the input gas to the methanation reactor, 
and tar measurements after the activated carbon filters. 
The latter causes a reduction in volume flow to the metha-
nation reactor. The only interruption of the process was 
caused by refilling the fuel hoppers. The product gas has 
a comparably high hydrogen content, which is attributed 
to the limestone in the bed material and the relatively high 
gasification temperatures. Similar values were reported by 
Schmid et al. [32] for the 100 kWth DFB pilot plant. In the 
raw-SNG, CO2 constitutes the main component, followed 
by CH4. Residual H2 also remains in the raw-SNG, while 
CO is almost completely converted. For process simula-
tion and the mean values of the parameters in Table 2, the 
time frame between 16:30 and 22:30 is evaluated. Prior to 
that, the process is not fully in a steady state, as the CO 
concentration in the product gas and the temperatures in 
the GR show.

Figure 8a depicts the evolution of temperature and pres-
sure (top) and gas compositions (bottom) at different posi-
tions along the process chain (stream numbers 1–12) for the 
validated steady-state operation between 16:30 and 22:30. 
Each displayed stream number can be allocated to a certain 
point in the process chain according to the process flow dia-
gram in Fig. 8b). The illustration of the gas composition is 
divided into two sections: from stream 1–8, the evolution 
of impurities such as BTEX, GCMS tar, NH3, and H2S are 

depicted, while for stream 9–12, the evolution of the main 
gas components (H2, CO2, CO, CH4) and the water content is 
displayed. The illustration of impurities and main gas com-
ponents for the other stream numbers is omitted because 
the gas composition does not change there. Furthermore, 
the impurity concentrations are displayed on a logarithmic 
scale, where the minimum value on the axis indicates that 
the lower detection limit is reached (bdl = below detection 
limit, see supplementary material for quantification of lim-
its). Actual measurement values are indicated by marks and 
the corresponding measured value.

The product gas leaves the DFB system (no. 1) at 838 °C 
and is cooled in the radiation cooler. At this point (no. 2), 
gas measurements are taken. H2S concentrations are quite 
low because of the high quality of the fuel and agree well 
with reported values [32]. GCMS tar concentrations are 
also low because of the high gasification temperatures and 
the limestone share in the bed material. The components 
and concentrations of the GCMS tar are listed in the sup-
plementary material. BTEX amounts to the highest share 
of impurities in the product gas at roughly 4000 ppmv,db. 
For all BTEX measurements, the sum is only comprised of 
benzene and toluene since ethylbenzene and xylene were 
below the detection limits. The main gas composition is also 
measured at this point. Since the dry main gas composition 
does not change, the values at stream no. 10 can be taken, 
where the main gas composition is redundantly measured. 

Fig. 7   Raw measurement values of the DFB product gas composition (top) and the raw-SNG composition (bottom) on a dry and nitrogen-free 
basis over time
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In the particle filter, dust and char particles are removed 
at around 260 °C before the gas enters the RME scrubber 
at a slightly lower temperature due to heat losses (no. 4). 
Entering the scrubber at this temperature level ensures that 
no tar components condensate in the particle filter or the 
piping. The gas leaves the scrubber at 18 °C with a reduced 
amount of impurities (no. 5). Especially GCMS tar concen-
trations are reduced by a large margin through condensation 
and dissolution in the RME (98.5% separation efficiency). 
Naphthalene, which makes up two-thirds of the GCMS tar 
concentration, is removed below the detection limit. NH3 is a 
water-soluble molecule and is also efficiently removed (95% 
separation efficiency) in the scrubber through dissolution in 
the condensed water vapor. Assuming water saturation at the 
exit of the scrubber leads to a calculated water content of 1.9 
vol.-% (see stream no. 9). BTEX components are reduced 
by 83%. Because benzene has a lower boiling point than 
toluene, the remaining BTEX sum mainly consists of ben-
zene, while toluene is almost completely removed. The high 
separation efficiencies in the scrubber are attributed to the 
relatively low operating temperatures (18 °C) and the high 
solvent-to-gas ratio. Literature reports a substantial varia-
tion of separation efficiencies in the RME scrubber based on 
the applied operating conditions. Laboratory-sized columns 

operated at a high solvent-to-gas ratio and at temperatures 
below 10 °C report almost complete NH3 [40] and tar [38] 
separation efficiencies. At an industrial scale, operating 
temperatures are usually higher due to technical limitations 
and economic considerations, which considerably limit the 
separation efficiencies [37, 38]. Furthermore, the H2S con-
centration is reduced in the scrubber as well.

The membrane compressor is used to set the required 
volume flow and to overcome pressure losses throughout 
the process chain—no pressurized operation is intended. 
Since the DFB system is operated at a slight overpressure of 
around 50 mbar, the membrane compressor only increases 
the pressure marginally (no. 6). The activated carbon beds 
further reduce the concentrations of the impurities and are 
operated at around 50 °C. GCMS tar and H2S concentrations 
are reduced below the detection limit in the first bed (no. 7). 
However, 30 ppmv,db of toluene is still measured after the first 
bed and removed below the detection limit in the second bed 
(no. 8). NH3 has not been measured after the activated car-
bon beds and is assumed to pass through unaffected. Since 
no H2S breakthrough was detected, the ZnO guard bed only 
acts as an additional security layer. A temperature reduction 
after the ZnO guard bed (no. 10) and a consecutive preheating 
(no. 11) is required because of the volume flow measurement 

Fig. 8   Process conditions over the whole process chain during the direct methanation of the DFB product gas: a evolution of temperature, pressure (top), and 
concentration of impurities and main gas components (bottom), b process flow diagram with stream numbers, see supplementary material for detection limits
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with a gas meter in this particular case. In an industrial plant, 
the sensible heat after the ZnO guard bed could be directly 
utilized as preheating for the methanation reactor. After the 
preheater, steam is added to the syngas at 250 °C (no. 11) to 
shift the gas in the methanation reactor towards H2. In the 
methanation reactor, syngas is converted to raw-SNG (no. 12). 
A methane content of about 40 vol.-%db is achieved. The high 
CO2 content is a result of the water–gas shift reaction and the 
substoichiometric product gas composition (concerning SN), 
which leads to the production of CO2 in the methanation reac-
tor. For the same reason, and because of thermodynamic and 
kinetic limitations, residual H2 remains in the raw-SNG, while 
CO is almost completely converted.

Seemann et al. [41] achieved similar results applying flu-
idized bed methanation of a partial product gas flow from 
the DFB gasifier in Güssing, Austria. They operated the flu-
idized bed reactor at 385 °C and 3 bara at 4.5 Nl/gcat h with 
a commercial 50 wt.-% Ni/γ-Al2O3 catalyst. However, the 
product gas composition from the DFB gasifier in Güssing 
differs from the advanced DFB pilot plant. The DFB Güss-
ing product gas shows a lower H2 and CO2 content and a 
higher CO content, which leads to an overall lower stoichio-
metric number. Because of the deviating product gas com-
position and different operating conditions, their raw-SNG 
shows a slightly higher CH4 content and an increased CO2 
content, while the H2 content is lower. Especially a pressur-
ized operation, which could be performed in this case, in 
combination with the lower stoichiometric number, allows 
a suppression of the H2 content in the raw-SNG. On the 
other hand, a pressurized application requires compression 
energy and pressure vessels according to the pressurized 
equipment directive.

3.3 � Methanation of the DFB product gas 
with external hydrogen addition (DFB + H2)

This section shows the results of the product gas metha-
nation with external hydrogen addition. Hydrogen addition 
was performed during the same steady-state gasification 
experiment already presented in Sect. 3.1. Therefore, only 
the results of the methanation part are discussed. Table 3 

lists the main operating parameters for two different oper-
ating points. The operating points differ in terms of the 
amount of hydrogen added to the product gas before metha-
nation, which is represented by the stoichiometric number 
(SN = 0.91 and SN = 1.04). Through the additional hydrogen 
amount, the WHSV and the fluidization number in the meth-
anation reactor increase compared to the direct methanation 
of the product gas and the raw-SNG output approximately 
doubles. The reaction temperature and pressure are kept 
constant at approximately 360 °C and 1 bara, respectively. 
Because of the high hydrogen content and the roughly stoi-
chiometric composition, no additional steam is added to the 
feed gas of the methanation reactor.

Figure 9 depicts the evolution of the gas composition 
over stream nos. 9–12 for the two different operating points. 
Figure 9a shows the operating point with less hydrogen 
(SN = 0.91). Between stream nos. 9 and 10, hydrogen is 
added to the product gas, which increases the hydrogen con-
tent to 72 vol.-%db and dilutes the other gas components. 
The raw-SNG after the methanation reactor (stream no. 12) 
consists mainly of methane as well as a significant amount 

Table 3   Operating parameters of the methanation reactor

a In vol.-% of the amount of syngas upstream H2 addition

Parameter SN = 0.91 SN = 1.04

WHSV (Nl/gcat h) 1.8 2.0
Mean reaction temperature (°C) 358 364
Raw-SNG output (kW) 7.6 8.4
Fluidization number (U/Umf) 6.2 6.9
H2 addition (vol.-%)a 91 111
Water addition (vol.-%) 0 0

Fig. 9   Evolution of main gas components over the methanation reac-
tor (stream nos. 9–12) for DFB + H2: a SN = 0.91, b SN = 1.04
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of residual hydrogen and carbon dioxide. Coincidentally, 
the volume percentage of CO2 remains the same before and 
after methanation because of the volume contraction during 
the reaction. A CO2 conversion nevertheless takes place, as 
Fig. 10 elucidates. Carbon monoxide, on the other hand, is 
converted to a large extent.

Figure 9b shows the operating point with a higher amount 
of hydrogen added (SN = 1.04). In comparison, this leads to 
lower methane and higher residual hydrogen contents com-
pared to SN = 0.91. Carbon dioxide is further reduced, while 
the residual CO content remains almost unaffected.

3.4 � Direct methanation of the SER product gas

The SER process allows an adaption of the product gas 
composition towards higher hydrogen contents via in situ 
CO2 removal, as explained in Fig. 2 (right). No additional 
hydrogen was added to the product gas. Figure 10 depicts 
the raw gas analysis values for the main components of the 
SER product gas (top) and the raw-SNG (bottom) on a dry 
and nitrogen-free basis. The gas compositions show constant 
mean values over the displayed 105 min but increased insta-
bilities on a lower time scale compared to DFB gasification. 
An H2 content of about 60 vol.-%db could be reached in the 
product gas, whereas the CO and CO2 concentrations are 
lowered to around 11 vol.-%db compared to DFB-Std. CH4 
is somewhat increased to around 13 vol.-%db because of the 

reduced product gas volume flow due to the CO2 removal. 
Hence, the product gas composition is much closer to the 
requirements of the methanation reactions without the need 
for additional hydrogen compared to the product gas of DFB 
gasification. Therefore, also the CH4 content in the raw-SNG 
is elevated to around 70 vol.-%db, the rest being residual 
contents of H2 and CO2. Only trace amounts of CO remain 
in the raw-SNG.

To track the temperatures, pressures, gas compositions, 
and impurity concentrations, Fig. 11 depicts the via mass 
and energy balancing validated data at different positions 
along the SER process chain in analogy to Fig. 8. Because 
of the SER operation mode of the gasifier, the temperatures 
at the exit of the gasifier, and therefore after the radiation 
cooler, are lower (stream nos. 1 and 2). GCMS tar and 
BTEX concentrations differ from the DFB gasification pro-
cess chain because of the catalytically active bed material on 
the one hand and the lower gasification temperatures on the 
other hand. The GCMS tar components and concentrations 
are again listed in the supplementary material. Despite using 
the same softwood pellets in the DFB gasification and the 
SER process chains, the NH3 concentration is higher for the 
latter. This is because of the lower gasification temperatures 
plus the in situ CO2 removal and thus a lower volume flow 
of dry product gas from the gasifier in the case of the SER 
process. In the filter and entry to the RME scrubber, tem-
peratures are similar to the DFB gasification. However, the 

Fig. 10   Raw measurement values of the SER product gas composition (top) and the raw-SNG composition (bottom) on a dry and nitrogen-free 
basis over time



Biomass Conversion and Biorefinery	

1 3

exit temperature of the RME scrubber (no. 5) is elevated to 
36 °C due to the increased steam content in the product gas 
for the SER process and thus a higher condensation enthalpy. 
At a constant cooling power of the scrubber, this leads to an 
elevated exit temperature and thus a higher residual water 
content in the scrubbed product gas. GCMS tars, BTEX 
and NH3 are again reduced in the scrubber. However, the 
increased operating temperature of the scrubber leads to a 
reduced separation efficiency of BTEX and NH3 at 32% and 
87%, respectively. The separation efficiency of GCMS tar 
is unaffected by the increased operating temperature. In the 
activated carbon adsorbers, residual GCMS tar components 
are removed and BTEX concentrations are further reduced. 
However, no full removal of BTEX was possible in this case. 
Toluene was detected after the first and the second activated 
carbon bed (nos. 7 and 8). The DFB gasification process 
chain already showed a breakthrough of toluene through the 
first activated carbon bed. For the SER process chain, the 
increased water vapor content in the scrubbed product gas 
might have further lowered the adsorption capacities of the 
activated carbon. The increase of the toluene concentration 
from the first to the second bed might even indicate the des-
orption of toluene. In the methanation reactor, the syngas 
(no. 10) is converted to raw-SNG (no. 12) after preheating 

(no. 11). A high methane content of 70 vol.-%db is reached 
while the H2 concentration drops to 16 vol.-%db and only 
0.17 vol.-%db of CO remains. Part of the CO2 is also con-
verted, but the concentration actually increases because of 
the volume reduction of the methanation reactions.

3.5 � Comparison of the process chains

For a comparison of the different process chain configura-
tions, the raw-SNG gas composition (Fig. 12a)) and the KPIs 
of the methanation reactor (Fig. 12b)) are displayed. A sub-
stantial increase in methane content and a decrease in carbon 
dioxide content result from the externally added hydrogen 
(DFB + H2) and the methanation of the SER product gas 
(SER). Concurrently, the methane yield and the CO2 conver-
sion increase. While the highest methane content is reached 
for the substoichiometric SER product gas (SN = 0.71), 
the methane yield is higher for DFB + H2 because of the 
higher SN. The lower methane content for SN = 0.91 and 
SN = 1.04 results from the dilution with a higher amount of 
residual hydrogen. In the case of the DFB-Std process chain 
(SN = 0.30), CO2 is produced from CO and H2O through the 
water–gas shift reaction in the methanation reactor. With 
hydrogen addition and the SER product gas, CO2 is actually 

Fig. 11   Process conditions over the whole process chain during the direct methanation of the SER product gas: a evolution of temperature, pressure (top), and 
concentration of impurities and main gas components (bottom), b process flow diagram with stream numbers, see supplementary material for detection limits
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converted. The higher the amount of hydrogen at the inlet 
of the methanation reactor, the higher the CO2 conversion. 
Residual hydrogen contents in the raw-SNG increase with 
an increasing amount of hydrogen in the syngas. Hydrogen 
conversion is, however, higher for the SER configuration, 
followed by SN = 0.91 and SN = 1.04. DFB-Std operation 
yields the lowest hydrogen conversion because the added 
steam to the product gas shifts the raw-SNG towards H2 and 
CO2 according to the water–gas shift reaction. CO is almost 
completely converted for all operating points. Nevertheless, 
the DFB + H2 and SER process chains allow a further reduc-
tion of the CO content and a slight increase in CO conver-
sion. Some ethane is detected in the raw-SNG, which results 
from the conversion of ethylene to ethane and possibly the 
ethane in the product gas itself. The ethane content in the 
raw-SNG is similar for all three DFB gasification operating 
points but higher for the SER configuration because of the 
higher ethylene content in the SER product gas.

Figure 12a additionally depicts the theoretical compo-
sition of the raw-SNG in the thermodynamic equilibrium, 

denoted by horizontal bars. In the case of DFB-Std and SER 
product gas methanation, the measured composition is close 
to the thermodynamic limit. For the two DFB + H2 operat-
ing points, a larger deviation from the maximum values can 
be seen. Especially methane and hydrogen contents deviate 
from thermodynamic predictions, and a further conversion 
would have been theoretically possible. In this case, the 
higher WHSV and, therefore, a lower residence time result-
ing from hydrogen addition most likely lead to a kinetic 
limitation of the reaction. In general, the results agree very 
well with investigations carried out with synthetically pre-
mixed syngases in the same methanation reactor [20]. In 
general, the raw-SNG compositions of the DFB + H2 and 
SER process configurations are much closer to the require-
ments of the natural gas grid. However, a further conversion 
of H2, CO2, and CO would still be necessary. This could 
be achieved at lower reaction temperatures or a pressurized 
operation. Theoretical calculations show that adapted operat-
ing conditions can lead to a grid-feedable SNG for the SER 
[18, 19] and the DFB + H2 [22] configurations. Excessive 
separated hydrogen, e.g., via membrane separation, could be 
recirculated to the inlet of the methanation reactor. Alterna-
tively, a second-stage methanation reactor with intermediate 
water condensation could also enhance conversion rates to 
reach grid specifications. This possibility was already shown 
for biogas upgrading to SNG with additional hydrogen [42].

For the performance of the methanation reactor alone, it is 
unimportant how the adjustment of the syngas towards high 
H2 contents is achieved. The main influencing parameter is 
the SN at the inlet of the methanation reactor and, to some 
extent, the changing WHSV due to H2 addition. However, 
the performance of the whole process chain depends very 
much on the origin of the syngas. Therefore, to compare the 
KPIs of the whole process chain, Fig. 13 depicts the overall 
cold gas efficiency ( �CG,o ) and the carbon utilization effi-
ciency ( �C ). Interestingly, �CG,o is very similar for the DFB-
Std and the DFB + H2 operating points at 58 to 59%. Large-
scale industrial plants, like GoBiGas and Güssing, report 
similar values at a maximum of 62–63% [8, 43]. However, a 
fair comparison is hardly possible. On the one hand, large-
scale gasifiers perform at a higher cold gas efficiency than 
the pilot-scale plant at TU Wien. On the other hand, upgrad-
ing the raw-SNG to grid-feedable SNG is experimentally 
not investigated in this paper. This would reduce the cold 
gas efficiency, even if the excessive hydrogen is recirculated 
to the feed of the methanation reactor. For the SER process 
configuration, on the other hand, a higher cold gas efficiency 
results from this setup. Compared to DFB gasification, the 
gasification and combustion temperatures for SER are lower, 
and more char is available for combustion. Therefore, the 
amount of additional fuel needed in the combustion reactor 
is much lower, increasing the overall cold gas efficiency. 
Brellochs [19] calculates an overall cold gas efficiency of 

Fig. 12   Comparison of the three operating points: a raw-SNG com-
position, b KPIs of the methanation reactor
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67.5% for a 10 MWth SNG plant based on a process simu-
lation of the SER process, which is close to the calculated 
66.7% in this study. For the DFB + H2 process, simulations 
carried out by Gassner and Maréchal [9] and Alamia et al. 
[22] result in values between 67 and 73%. These values are 
considerably higher than in this study, which is a result of 
the limited conversion in the methanation reactor. Further-
more, the same limited comparability between small and 
large-scale installations remains, as discussed above.

The carbon utilization efficiency at 37% for the DFB-Std 
product gas methanation is within the expected range follow-
ing theoretical considerations [18]. Larsson et al. [8] state a 
somewhat lower �C at around 30% for the large-scale GoBiGas 
plant. This can be explained by the product gas recirculation 
to the combustion reactor to compensate for the heat demand 
in the gasifier in large-scale plants, which is not carried out at 
pilot scale. The SER process configuration shows a similar, 
slightly lower �C . Most of the carbon is lost through char com-
bustion and the calcination of CaCO3 in the CR of the DFB 
system. The carbon in the CaCO3 needs to be sacrificed to 
achieve a H2-enriched product gas through the CO2 removal in 
the GR. Some carbon is also lost through the remaining CO2 
in the raw-SNG and the separated tar in the scrubber.

Through the addition of hydrogen, a significant increase 
of �C to roughly 70% is possible. More hydrogen addition 
(SN = 1.04) leads to a higher carbon utilization than less 
hydrogen addition (SN = 0.91), which was already indicated 
by the methane yield in Fig. 12. The remaining carbon is 
again lost through char combustion in the CR and to some 
extent through the remaining CO2 in the raw-SNG and the 
separated tar in the scrubber.

In this study, the investigations were carried out with soft-
wood pellets as a comparable reference fuel for all process 
configurations. However, the type and quality of biomass 
can have a major impact on the product gas quality and thus 
on the required gas cleaning and the raw-SNG composition. 
For example, Schmid et al. [32] and Schweitzer et al. [44] 
show that different fuels like bark, hazelnut shells, sugar 
cane bagasse, or sewage sludge have an impact on the prod-
uct gas composition and on the concentration of impurities 
in particular. Residual materials typically exhibit higher 
concentrations of nitrogen and sulfur-containing compounds 
which necessitates a more rigorous gas cleaning section. The 
impact of different fuels on the raw-SNG composition is, for 
example, discussed by Bartik et al. [18]. Besides the feed-
stock, water is another important resource for the process. 
Steam is required as a gasification and fluidization agent in 
the GR and for the production of H2 through electrolysis. 
Nevertheless, the overall water consumption of the process 
can be kept to a minimum through process integration. For 
large-scale applications, the separated water phase from the 
RME scrubber can be reused as a gasification agent. Simi-
larly, the water fraction resulting from condensation and 
gas drying during the upgrading of raw-SNG can be reused 
within the process. However, a more detailed insight into 
different feedstocks and the water balance would go beyond 
the scope of this paper.

Overall, the comparison reveals the strengths and weak-
nesses of the different process configurations. As a decision 
basis, Table 4 lists a summary of the main advantages and 
disadvantages of the three process configurations.

4 � Conclusions

In this work, advanced process chains for raw-SNG pro-
duction were experimentally investigated and compared on 
a pilot scale and measured analytical values were validated 
with the aid of process simulation. A 100 kWth advanced 
DFB gasification reactor was coupled with gas cleaning 
units and a 10 kWth fluidized bed methanation reactor. 
External hydrogen addition allowed the investigation of 
hybrid SNG production process chains with increased car-
bon utilization. DFB gasification with in situ CO2 removal 
(SER process) in combination with methanation was inves-
tigated as another novel process configuration. It allowed 
an adaption of the product gas composition to the needs 
of the methanation process without the use of external 
hydrogen. Additionally, extensive analytical measurements 
allowed the tracking and quantification of impurities over 
the whole process chain.

The following conclusions can be drawn:

Fig. 13   Comparison of the KPIs of the overall process chain for the 
three operating points
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(i)	 A stable steady-state operation of the advanced DFB 
gasifier in combination with the SNG process chain was 
demonstrated (DFB-Std). A product gas with 46 vol.-% 
H2 is converted to a raw-SNG with around 40 vol.-% 
CH4 with an overall cold gas efficiency of 59% without 
external hydrogen addition.

(ii)	 The incorporation of external hydrogen (DFB + H2) 
allowed a more efficient utilization of the biomass 
carbon. With a carbon utilization efficiency of about 
70%, almost twice the amount of carbon is utilized for 
methane production compared to the DFB-Std process 
chain, while the cold gas efficiency remains practically 
the same. Simultaneously, the H2, CO, and CO2 conver-
sions are improved despite the higher WHSV compared 
to the DFB-Std process chain.

(iii)	 The SER process can be applied advantageously to cata-
lytic methanation as an alternative to hydrogen addition 
or the DFB-Std process chain. It allows the adjustment 
of the product gas composition towards high hydrogen 
contents suitable for methanation without the techni-
cal limits and additional expenses of external hydrogen 
addition. Additionally, SNG production is feasible at 
a higher overall cold gas efficiency, while the carbon 
utilization is similar to the DFB-Std process chain.

(iv)	 Low concentrations of impurities in the product gas 
through the advanced gasification system and the 
high quality of the fuel were achieved. Impurity trac-
ing through the process chain showed that the RME 
scrubber serves as an efficient impurity removal unit. 
High tar, NH3, and BTEX separation efficiencies were 
achieved, but there is a dependency on the scrubber 
operating temperature.

(v)	 For grid injection, upgrading steps are necessary inde-
pendent of the applied process configuration. However, 
the type of upgrading steps and the optimal process 
conditions in the methanation reactor might differ. For 
the DFB + H2 and the SER process configuration, less 
upgrading effort might be possible given the right pro-
cess conditions.

Depending on the given circumstances and the defined 
goals, the most suitable process configuration might differ, 
as Table 4 shows. DFB + H2 might be favored if renewable 
hydrogen is readily available from a technical and economic 
perspective, and the goal is the maximization of biomass 
utilization. If no hydrogen is available, the SER process 
configuration is an interesting alternative to the DFB-Std 
process configuration.

Optimized process concepts, including upgrading steps 
and economic and ecologic comparisons of the different 
routes, should be investigated to provide a more precise 
basis for decision-making. Furthermore, SNG production 
from biogenic residual material would be an ecologically 
and economically interesting alternative.
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Acknowledgements  This study is part of the research project 
ReGas4Industry (871732) and receives financial support from the 
research program “Energieforschung” funded by the Austrian Climate 
and Energy Fund. Furthermore, this study was carried out within the 
doctoral college CO2Refinery at TU Wien. The authors acknowledge 
TU Wien Bibliothek for financial support through its Open Access 
Funding Programme. Furthermore, the authors would like to thank the 
Test Laboratory for Combustion Systems at TU Wien for the analytical 

Table 4   Advantages and disadvantages of the investigated process configurations

Process configuration Advantages Disadvantages

DFB-Std - Stable steady-state operation
- Similar large-scale operation demonstrated [43]

- High CO2 contents in raw-SNG (upgrading effort)
- Unsuitable product gas composition for methanation
- Risk of catalyst aging through carbon deposition
- Steam addition to inlet of methanation reactor

DFB + H2 - Flexible adjustment of syngas composition through H2 addition
- Doubling of carbon utilization and thus doubling of SNG 

amount
- Less risk of catalyst aging through carbon deposition due to SN 

adjustment
- No steam addition at inlet of methanation reactor necessary
- Possibly less effort for gas upgrading required

- Costs for hydrogen production
- Increase in overall system complexity due to addi-

tional process units
- Renewable electricity required for ecological viable 

concept
- Potentially fluctuating H2 supply increases require-

ments on dynamic process behavior
SER - In situ adjustment of product gas composition through SER 

process without the need for external hydrogen addition
- Higher overall cold gas efficiency for this setup
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Abstract: The production of sustainable, biomass-based synthetic natural gas (SNG) and Fischer–
Tropsch (FT) diesel can contribute significantly to climate neutrality. This work aims to determine
the commercial-scale production costs and CO2 footprint of biomass-based SNG and FT diesel to
find suitable integration scenarios for both products in the Austrian energy system. Based on the
simulation results, either 65 MW SNG and 14.2 MW district heat, or 36.6 MW FT diesel, 17.6 MW FT
naphtha, and 22.8 MW district heat can be produced from 100 MW biomass. The production costs
with taxes for wood-based SNG are 70–91 EUR /MWh and for FT diesel they are 1.31–1.89 EUR /L,
depending on whether pre-crisis or crisis times are considered, which are in the range of fossil market
prices. The CO2 footprint of both products is 90% lower than that of their fossil counterparts. Finally,
suitable integration scenarios for SNG and FT diesel in the Austrian energy system were determined.
For SNG, use within the energy sector for covering electricity peak loads or use in the industry sector
for providing high-temperature heat were identified as the most promising scenarios. In the case of
FT diesel, its use in the heavy-duty traffic sector seems most suitable.

Keywords: gasification; methanation; Fischer–Tropsch; simulation; techno-economic assessment;
CO2 footprint

1. Introduction

The increasingly visible climate change around the world requires sustainable solu-
tions. The European Green Deal [1] aims to set the path to Europe’s climate neutrality
by 2050. Currently, only approximately 20% of Europe’s gross final energy consumption
is covered by renewable energy sources (RES). In Austria, even more ambitious targets
are being set for climate neutrality by 2040. Considering the RES share of 36.5% based on
Austria’s gross final energy consumption, sustainable solutions in the whole energy system
must be found quickly. The most considerable proportion of greenhouse gas emissions are
caused by generating electricity, heat, cold, and fuels using fossil feedstocks like natural
gas, coal, and mineral oil [2].

In addition to already proven renewable technologies, such as solar PV, wind power,
hydropower, and heat pumps using environmental heat, bioenergy can contribute signif-
icantly to achieving climate neutrality. The most significant advantage of bioenergy is
that there is great potential, especially in Austria, to produce the required energy sources,
such as electricity, heat, and fuels, with domestic raw materials. The use of lignocellulosic
biomass in the heat and power sector has already been proven for decades. Furthermore, oil
crops have been used to produce biodiesel for many years. Sugar and starch crops are used
within fermentation plants to produce bioethanol. Additionally, sugar and starch crops can
be fed together with biodegradable municipal solid waste to anaerobic digestion plants
to generate heat, power, and biomethane. Gasification technologies play a crucial role in
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expanding the range of bioenergy products [3]. At TU Wien, dual fluidized bed (DFB)
gasification technology has been investigated for decades. It has been proven that this
technology is suitable for use with a wide range of raw materials. Almost all lignocellulosic
biomass and significant parts of biogenic residues can be converted to high-quality prod-
uct gas, mainly consisting of hydrogen, carbon monoxide, carbon dioxide, and methane.
After purification of the produced gas, it can be converted into high-value products such
as hydrogen, synthetic fuels, synthetic natural gas, or platform chemicals in addition to
electricity and heat production in a gas engine or gas turbine [4].

In 2002, the first demo plant based on DFB gasification technology for the production
of heat and power based on woody biomass went into operation in Güssing (AT), with a
thermal fuel power of 8 MWth. In the following 15 years, more than 100,000 h of operation
were achieved. This successful demonstration resulted in the construction of further
commercial plants on a scale of 3.8 to 15.5 MWth in Oberwart (AT), Villach (AT), Senden
(DE), Nongbua (TH), and Wajima (JP) in the last two decades. Many plants have been
forced to shut down recently due to high production costs for heat and electricity using
high-quality wood chips. As a result, research work in recent years has been focusing on
using lower-grade feedstocks [5] and producing higher-grade synthesis products such as
synthetic natural gas (SNG) [6] or Fischer–Tropsch (FT) diesel. In 2009, the world’s first
fluidized bed methanation pilot plant, with a SNG power of 1 MWSNG, was integrated
into the existing DFB plant in Güssing. The largest DFB plant to date, with a scale of
33 MWth, was commissioned in Gothenburg (SE) in the frame of the GoBiGas project
in 2013 [7]. In the GoBiGas project, the product gas was used to produce 20 MW SNG
in a fixed-bed methanation synthesis process. In 2022, a DFB plant using lower-grade
feedstocks with a scale of 1 MWth was commissioned in Vienna (AT) at a waste processing
location. Additionally, the product gas in Vienna can be converted in a FT slurry reactor
to FT products [8–10]. Due to the large number of DFB facilities, nearly 200,000 industrial
operating hours could be collected, demonstrating the DFB gasification process. Therefore,
the DFB gasification process itself has already reached the commercial scale. The DFB
demo plant in Vienna helps to test and investigate the use of lower-grade feedstocks in an
industrial operational environment, thereby increasing the technological readiness level.
From a scientific and technical point of view, fixed-bed methanation has been successfully
demonstrated in Gothenburg. However, the Gothenburg plant was forced to shut down
for economic reasons. Alternatively, fluidized bed methanation can be used for SNG
production with the advantage that, instead of a multi-stage fixed bed methanation, only a
single-stage fluidized bed methanation unit is required for the production of the desired
raw-SNG. To commercialize fluidized bed SNG and FT diesel production based on product
gas from DFB gasification, a further demo plant in an operational environment, covering
the process from biomass supply until product use, is required to check the findings of the
pilot plants in long-term test runs [11].

Based on a study from TU Wien [11], the Austrian Government decided to fund the
establishment of a 5 MWth demonstration plant for the biomass-based production of SNG
and FT diesel. With the help of this demo plant, the remaining knowledge gaps in terms
of long-term behavior should be closed. The findings should be used to promote the
commercialization of DFB technology in connection with SNG and FT diesel production in
Austria. Numerous researchers have investigated the technical feasibility of the primary
process units of the assessed process routes. The technical feasibility of the DFB gasification
process with different feedstocks, bed materials, and gasification temperatures has been
investigated intensively at the pilot scale [4,5,12]. Additionally, it was demonstrated at
the pilot scale that DFB gasification, coupled with oxyfuel combustion, can capture an
almost pure CO2 stream in the flue gas in addition to a high-quality product gas [13–15].
Furthermore, intensive development work has already been carried out concerning the
layout and design of DFB plants [16]. Moreover, the large-scale demonstration of DFB
plants [7] and studies on their implementation in existing industries [17] have been executed.
Furthermore, the necessary gas cleaning steps following the gasification process have been
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successfully demonstrated [18,19]. The experimental validation and demonstration of the
methanation unit [6,20–22] and FT synthesis [23–27] have also been conducted.

Summing up, the technical feasibility of the production of biomass-based SNG and
FT diesel has been proven. After the first operation phase with the 5 MWth demo plant,
the remaining knowledge gaps can be clarified, and commercialization can start. As-
sessments for similar process routes regarding the production costs [28,29] and the CO2
footprint [29,30] have been conducted and presented in the literature. However, neither a
techno-economic nor an environmental analysis have been performed yet based on, from
the current view, optimized commercial-scale concepts with the goal of reaching the status
of drop-in fuels according to the Austrian gas grid feed-in guidelines [31] and synthetic
fuel standards [32]. This analysis is urgently needed to determine a suitable integration
strategy for the two products in the Austrian energy system. Furthermore, the investigation
of energy system integration scenarios allows us to study socio-economic impacts such as
sectoral competitiveness.

For this reason, this paper investigates commercial-scale concepts for producing wood-
based SNG and FT diesel at a thermal fuel power of 100 MW for integration in the Austrian
energy system. In detail, the paper discusses the following sections:

• Potential analysis of biogenic feedstock suitable for DFB gasification in Austria;
• Modelling of commercial scale concepts for the production of biomass-based SNG and

FT diesel;
• Techno-economic and ecological assessment of both routes;
• Development of integration scenarios for biomass-based SNG and FT diesel in the

Austrian energy system.

Based on the developed commercial scale concepts, the mass and energy balances of
both process routes are calculated. The simulation results are the basis for determining the
production costs and CO2 footprints. To consider the economic impact of the crises arising
from the Ukrainian war and COVID-19 on the Austrian energy market, the techno-economic
analyses are based on the reference years 2019 (pre-crisis level) and 2022 (crisis level). With
the help of the production costs, the CO2 footprint, and the Austrian biomass potential, the
substitution possibilities, the influence on the sectoral greenhouse gas emissions, and the
sectoral gross value added can be calculated. Finally, suitable integration scenarios can
be proposed for using biomass-based SNG and FT diesel in the Austrian energy system.
Concluding, based on existing literature, the paper provides a novel comprehensive techno-
economic and ecological assessment of the commercial-scale production of biomass-based
SNG and FT diesel with the aim of reaching the status of drop-in fuels according to
the Austrian gas grid feed-in guidelines and synthetic fuel standards. Thus, the techno-
economic and ecological impact on various Austrian energy sectors can be calculated by
substituting fossil natural gas and diesel with biomass-based SNG and FT diesel.

2. Materials and Methods

In the following section, all applied methods are discussed. The biomass poten-
tial analysis builds the basis for defossilization capacities in the Austrian energy system.
Furthermore, commercial scale concepts are presented to provide information approxi-
mately assumptions within the process simulation. Additionally, the methodologies for the
techno-economic and ecological assessment are explained. Finally, scenarios for integrating
biomass-based SNG and FT diesel into the Austrian energy system are discussed.

2.1. Potential Analysis of Biogenic Feedstock

For the discussion of the integration possibilities of DFB plants into the Austrian
energy system, it is necessary to determine the biomass potential for such plants in Austria.
The evaluation of the biomass potential until 2050 is based on studies from the Austrian
biomass association [33], the feasibility study “Reallabor” [11], and studies from Dißauer
et al. [34] and Hammerschmid et al. [35]. A fluidized bed gasifier is able to process various
raw and residual materials since fluidized beds have proven to be robust and fuel-flexible
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for the thermo-chemical conversion of various feedstocks [4,5,11]. The following defined
biomass potentials refer to the year 2050 and can be understood as reduced technical
potentials [35,36]. The reduced technical potential in 2050 can be seen as the additional
amount of biomass made available by political and social changes and efforts without
endangering sustainable agriculture and forestry. Table 1 lists the technical biomass po-
tential from different literature studies. The value for woody biomass ranges between
50–126 PJ/a, including forest biomass, bark, and sawmill by-products. Thus, a reduced
technical potential of 75 PJ/a is assumed in this study. A range of 100–200 PJ/a can be
determined for the technical biomass potential of agricultural raw materials and residues,
which comprise short-rotation wood, straw, beet leaves, corncobs, grapevine pruning, and
miscanthus within this study. The available values of the mentioned studies are partly
based on very ambitious expansion targets for short-rotation wood and miscanthus. Fur-
thermore, ambitious targets for the energetic utilization of straw were adopted. To ensure
sustainable agriculture, a lower reduced technical potential of 80 PJ/a is assumed for the
present study. Furthermore, the technical biomass potential of other biogenic residues
and waste are investigated, including waste wood, sewage sludge, manure, and biogenic
rejects from several industries. The mentioned studies list an additional technical biomass
potential of 10–67 PJ/a, which corresponds to a reduced technical biomass potential of
30 PJ/a.

Table 1. Analysis of reduced technical biomass potential in 2050.

Property Classes
and Components

Additional Technical
Biomass Potential 2050

(Study Dißauer
et al. [34])

Additional Technical
Biomass Potential 2050

(Study Biomass
Association [33])

Additional Technical
Biomass Potential 2050
Scenario “High” and

“Biomasse Max”
(Study Kranzl et al. [37])

Additional Reduced
Technical Biomass

Potential 2050
(Present Study)

Woody biomass 126 PJ/a 50 PJ/a 110 PJ/a 75 PJ/a

Agricultural raw
materials and

residues
126 PJ/a 200 PJ/a 100 PJ/a 80 PJ/a

Other biogenic
residues and waste 67 PJ/a 50 PJ/a 10 PJ/a 30 PJ/a

In total, an additional reduced technical biomass potential of 185 PJ/a is defined within
this potential analysis based on literature values. Additionally, the potential analysis in [11]
showed that a plant size of 100 MWth builds up a good compromise between low specific
investment costs due to economy of scale and sustainable biomass procurement. At this
point, it must be mentioned again that, in any case, attention must be paid to sustainable
agricultural and forestry management.

2.2. Commercial Scale SNG and FT Production Concepts

The underlying commercial-scale process concepts of the FT diesel and SNG routes
are presented as a basis for the techno-economic and ecological assessment and scenarios
for technology roll-out. The conceptual design of the biomass-based FT diesel and SNG
route described in this chapter is based on experience through the operation of laboratory,
pilot, and demonstration plants. Furthermore, commercial DFB plants were scientifically
monitored. The scalability of all the investigated individual process units has already been
demonstrated in other applications, at least on a demonstration scale.

Figure 1 depicts the proposed process routes for producing SNG and FT products
from woody biomass on a 100 MWth scale. The process flowsheet is divided into four
main sections: resource supply, gasification, gas cooling, cleaning, and synthesis, and
gas upgrading. Both process routes only differ in the synthesis and gas upgrading steps,
depending on the desired product. Otherwise, the same process layout can be utilized,
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which reduces the engineering efforts for both routes. Note that the process routes are
meant as standalone SNG or FT production routes and are only displayed together to save
space and showcase their similarity. Furthermore, only the main process units are shown in
the simplified process flow diagram (PFD). Heat displacement and regeneration steps are
omitted for better legibility. Process simulation of this flow sheet was performed with the
process simulation software IPSEpro 8.0. The process simulation is based on wood chips as
the fuel. The assumed biomass composition can be found in the Supplementary Materials.
Furthermore, no variations were considered with regard to fuel. However, experiments
have shown that the main components of the resulting product gas hardly change, but the
impurities vary strongly due to the fuel variation [5]. Consequently, more impurities in
the product gas would require a more extensive product gas cleaning section. Moreover,
research is still needed for the large-scale use of low-grade fuels such as sewage sludge in
DFB gasification. Therefore, the developed plant concept only applies to woody biomass.
A detailed list of the assumptions and process parameters used for the simulation is shown
in the Supplementary Materials.
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Figure 1. Simplified process flow diagram of the 100 MWth FT and SNG routes (note: FT and SNG
production are standalone routes but are displayed together in this picture).

The resource supply section consists of the on-site fuel handling and storage, as well
as a dryer to reduce the moisture content of the fuel to an optimal and constant level
for gasification, which is approximately 20%. In this study, the considered fuel is woody
biomass (cf. Section 2.1).

The heat required for drying is supplied internally through heat displacement. The
gasification section at approximately 820 ◦C is based on the advanced DFB steam gasifica-
tion technology, utilizing a mixture of olivine and limestone as a bed material (80/20 wt.%)
in contrast to the classical, industrially proven DFB steam gasification. The product gas,
which mainly consists of H2, CO, CO2, CH4, and H2O, leaves the gasification reactor and is
cooled to 180 ◦C in heat exchangers (PG cooler). In the coarse gas cleaning section, dust
is removed in a baghouse filter (PG filter) and tars are separated in a biodiesel scrubber
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at 40 ◦C based on the solvent rapeseed methyl ester (RME). Additionally, water vapor
condenses in the biodiesel scrubber and enables the separation of water-soluble substances
from the product gas, like ammonia (NH3). The tar-rich RME and the condensed water are
directed into a phase separator (solvent regen). Here, the liquid separates into a clear RME
phase, an emulsion phase, and a water phase. The clear RME phase is recirculated to the
scrubber, while the water phase is evaporated, superheated, and reused as a gasification
agent in the gasification reactor. In this way, the freshwater consumption of the DFB system
is reduced. The emulsion phase consists of a mixture of RME, absorbed tars, and water,
and is utilized as additional fuel in the combustion reactor. Downstream of the biodiesel
scrubber, part of the product gas is recirculated to the combustion reactor to provide the
necessary heat for gasification. This way, there is no need for an external fuel supply to
the combustion reactor during the process. In the fine gas cleaning section, all remaining
impurities that harm the catalysts during the synthesis processes and are unwanted in
the final product are removed. Activated carbon filters (AC filters) remove light aromatic
compounds such as benzene, toluene, or naphthalene, as well as sulfur compounds such
as hydrogen sulfide (H2S). The activated carbon filters are operated through temperature
swing adsorption (TSA), and the regeneration is carried out with steam at 250 ◦C [38]. The
contaminated steam is disposed of in the post-combustion chamber. At this point, the
requirements of the FT and SNG processes, and, therefore, the process chains, start to differ.

For the SNG route, the product gas is compressed to 10 bar in a two-stage inter-
cooled compressor and preheated to 250 ◦C. ZnO acts as a protection layer against sulfur
breakthrough. The conversion of syngas to raw-SNG takes place in a cooled fluidized
bed methanation reactor at 320 ◦C in the presence of a nickel catalyst. A thermodynamic
equilibrium model is used for this stage. After heat recovery, a condenser separates water
from the raw SNG, and the gas enters an amine scrubber for CO2 removal. The condensed
water is fully reused within the process, e.g., for steam regeneration of the activated carbon
or for steam addition upstream of the methanation reactor. In the last step, the gas is dried
in a glycol scrubber and transferred to the natural gas grid following the specifications of
the Austrian gas grid (ÖVGW G B210 [31]).

The product gas is compressed in three stages to 21 bar for the FT route. After the
second compression step, CO2 is removed in an amine scrubber at 10 bar, and recycled tail
gas from the steam reformer is added to the product gas stream. Similar to the SNG route,
the syngas is preheated, passes a ZnO guard bed and enters a FT slurry reactor at 230 ◦C.
For the simulation of the FT reactor, the extended Anderson–Schulz–Flory distribution
from Förtsch et al. [39], with modeling parameters according to Pratschner et al. [40], and a
single-pass CO conversion of 50% are assumed. Liquid FT products are withdrawn from the
slurry reactor and pumped into a hydrocracker. The hydrocracker converts long-chain FT
products with hydrogen on a platinum catalyst to shorter molecules and thus increases the
output of the desired diesel fraction. A consecutive distillation separates the product from
the hydrocracker into different molecular weight fractions. Gaseous molecules (C1–C3)
are directed to the steam reformer, and C4–C9 molecules are sold as a naphtha fraction
to a refinery. Long-chain waxes (C20+) are recycled to the hydrocracker and converted to
low-boiling hydrocarbons (C1–C19). The properties of the desired diesel fraction (C10–C19)
are further adjusted in a hydrotreater, allowing the production of drop-in diesel fuel with
similar properties to its fossil counterpart, according to DIN EN 15940 [32]. The gaseous
phase leaving the FT slurry reactor consists of molecules with different chain-lengths and
unconverted syngas. Thus, a quench column condenses C10+ hydrocarbons pumped to the
fractional distillation. A further condensation step separates a naphtha fraction from the
remaining gas. C1–C3 molecules and unconverted syngas are brought to a steam reformer
to reclaim CO and H2. The necessary heat for the steam reformer is provided through
the combustion of a partial flow (15%) of the gas itself. The reformed tail gas is then
reintroduced to the process upstream of the FT slurry reactor for further conversion.

Furthermore, CO2 and district heat are generated as side products from these processes.
Additionally, for the FT route, a naphtha fraction can be sold to the refinery. CO2 is a main
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component in the product gas and is separated in amine scrubbers with an assumed purity
of 95%. After upgrading, the CO2 is sold and creates additional revenues. District heat is a
result of the thermal nature of the involved processes. Heat sources and sinks are matched
in this study so that no external heat supply is required. Nevertheless, heat at temperature
levels above 100 ◦C remains, which can be utilized as district heat and create additional
revenues. The processes also generate water at various steps along the process chains
(e.g., RME scrubber, condensation steps, etc.), which is assumed to be internally reused for
steam production (e.g., gasification agent, regeneration of activated carbon, etc.). Because
of the water and hydrogen content of the biomass, typically more water is produced than
consumed. Therefore, wastewater disposal costs are included for the effluent streams.
However, a potentially necessary water upgrading for the internally recycled water is
neglected. For the DFB gasification process itself, the internal use of steam as a gasification
agent from the condensed water phase from the RME scrubber, with pre-evaporation to
remove unwanted impurities via the post-combustion chamber, is industrially proven.

2.3. Techno-Economic and Ecological Assessment

The techno-economic and ecological assessment is performed based on the process
simulation of the biomass-based SNG and FT diesel route. The techno-economic inves-
tigation follows the net present value method, which analyzes a pending investment by
discounting future payments and revenues to the present. The levelized costs of products
(LCOP) in terms of synthetic natural gas and FT diesel are calculated according to Equation
(1). Thus, the LCOP are influenced by the total capital investment costs of the plant (I0),
the annual expenditures (E), the annual revenues of secondary products (Rsec. prod.), and
the annual quantity of the produced main product (Mt,main prod.). The discounting of the
revenues, expenditures, and the annual quantity of the produced main product is con-
sidered using the cumulative discount factor (CDF) according to Equation (2), which is a
function of the interest rate (i) and the plant lifetime (n) [41–44]. The total capital invest-
ment costs of the biomass-based SNG and FT diesel route with a 100 MWth thermal fuel
power scale are based on the visualized methodology in Figure 2. For the techno-economic
assessment, the process route is divided into two sections. The first plant section, from
the biomass feeding system until the primary product gas cleaning, has been built already
several times worldwide at a commercial scale with a plant size from 8–32 MWth [11].
According to the order of magnitude method [11,45], the inflation-adjusted total capital
investment costs of the plants in Güssing, Oberwart, and Senden are used to determine
the total capital investment costs of an average DFB plant with a thermal fuel power of
15 MWth. The final total capital investment costs for a 100 MWth scale for the first plant
section are calculated using the cost-scaling method [11] according to Equation (3). The
total capital investment costs of the second plant section are calculated via the cost-scaling
of inflation-adjusted literature values according to Equation (3). The purchased equipment
costs are multiplied by a Lang factor of 4.87 for solid-fluid-processing plants, according to
Peters et al. [46], to consider all additional costs like instrumentation and control, piping,
or electrical equipment. The expenditures and revenues are calculated based on simulation
results and cost rates for all operating utilities. Two base years for calculating the LCOP for
SNG and synthetic FT diesel are selected, namely 2019 and 2022. The year 2019 provides an
investigation concerning the pre-crisis level. The increased energy prices after COVID-19
and the Ukraine war are reflected by the base year 2022. For the SNG process route, the
expenditures are compensated by the revenues from the sale of district heat and captured
CO2. In the FT process route, naphtha is produced as a by-product in addition to CO2
and district heat. Additionally, the resulting LCOP values are based on a plant lifetime of
20 years. Further details on calculating the total capital investment costs and the considered
cost rates and assumptions for the techno-economic assessment are summarized in the
Supplementary Materials.
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The resulting LCOPs for both routes are compared with the market prices of their
fossil equivalents and LCOPs of alternative renewable routes. Finally, a sensitivity analysis
is conducted to analyze the influences of assumed cost rates on the resulting LCOP values.
For further details on the determination of the LCOP, a reference is made to [46]
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Additionally, an ecological assessment of both process routes is conducted to analyze
the CO2 footprint of the produced synthetic products. The process balance boundaries are
defined by a Well-to-Tank approach [47,48]. The calculation of greenhouse gas emissions
is based on the unit CO2 equivalents (CO2e) in order to achieve a standardization of the
climate impact of different greenhouse gases. Therefore, the CO2 footprint of both process
routes is determined by calculating the direct and indirect greenhouse gas emissions of
the main utilities, including the built-in steel and concrete, via ecological factors. The
ecological factors are mainly based on databases from the Federal Environmental Agency
of Austria [49], Germany [50], and the database of the software tool GEMIS 5.0 [51]. For the
ecological factor of the consumed electricity, it is assumed that green electricity is used [49].
In accordance with the IEA [49], the energy allocation method was applied to allocate the
resulting absolute CO2e emissions to the primary and secondary products. The functional
unit for the techno-economic and ecological assessment is MWhSNG for the SNG route
and lDiesel for the FT route. At this point, it must be mentioned that for a holistic life
cycle assessment of the two biomass-based products, many other ecological factors such as
acidification potential, eutrophication, and land use have to be considered in addition to
the CO2 footprint. Further details on calculating the ecological footprint are summarized
in the Supplementary Materials.
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2.4. Scenarios for Integrating Biomass-Based SNG and FT Diesel in the Austrian Energy System

The techno-economic and ecological assessment of the 100 MW biomass-based SNG
and FT route form the basis for discussing the scenarios for integrating biomass-based SNG
and FT diesel into the Austrian energy system. The techno-economic assessment explained
in Section 2.3 is based on woody biomass. Other feedstocks like energy crops, straw, or
sewage sludge are mostly cheaper than woody biomass. However, the more complex gas
cleaning process in the case of non-woody biomass also induces higher investment and
operating costs. Furthermore, the ecological assessment is also based on woody biomass.
The use of different feedstocks influences the resulting CO2 footprint. Nevertheless, for the
following scenarios, the whole biomass potential from the potential analysis is considered,
assuming that the production costs and CO2 footprint of SNG and FT diesel remain constant
independent of the feedstock. In total, six scenarios for integrating drop-in FT diesel or SNG
into the Austrian energy system are discussed. The underlying demand for natural gas and
diesel is based on 2021 [2,52]. Below, the scenarios considered are explained, showing the
broad integration possibilities of the two products.

(a) SNG use in the energy sector

The first scenario is based on the use of SNG in the energy sector for defossilization of
existing heat, combined heat and power, and power plants. Due to the increasing share of
fluctuating renewable energy sources in the Austrian power grid, further flexibility options
have to be installed to ensure the security of supply. On the one hand, this can be achieved
through the increased interconnection to the European power grid with corresponding
national grid reinforcement and grid expansion projects, as well as the installation of
additional storage facilities [53]. On the other hand, existing gas-fired power plants could
be retained for peak load coverage and still be defossilized with SNG. Additionally, gas-
fired heat plants based on biomass-based SNG can decrease the CO2 footprint of existing
district heating systems directly. Within this scenario, the natural gas consumption from the
energy sector is completely substituted with biomass-based SNG based on industry prices.
The defossilization potential assumes that the natural gas consumption in the energy sector
remains constant until 2050.

(b) SNG use in the private and public sector (without mobility)

In the second scenario, the use of SNG in the private and public sector is considered,
which means that existing gas boilers in private households, public and private services, and
aggregates in the agriculture and forestry sector are retained and driven by biomass-based
SNG. Of course, renewable heat supply in the private sector can also be achieved via other
technologies, such as heat pumps or solar thermal, but the necessary high inlet temperatures
in old apartments, as they are found in Vienna, can only be achieved satisfactorily by district
heat or wood-fired boilers [54]. Therefore, the defossilization of existing gas infrastructure in
the public and private sector using biomass-based SNG can also contribute to a sustainable
energy system. The following techno-economic assessment in this scenario is based on
household prices. The defossilization potential assumes that the natural gas consumption
in this sector remains constant until 2050.

(c) SNG use in the industry

The third scenario for integrating biomass-based SNG in the Austrian energy system is
integration in the manufacturing sector. Natural gas in burners is used in different sectors
like the chemical, pulp and paper, cement, or steel industries to provide high-temperature
heat for several production processes. Integrating biomass-based SNG in the industry
would be an easy way to provide the necessary high-temperature heat without any changes
in the current utilized process chains [55]. Furthermore, the material use of natural gas
in the industry sector could be easily substituted with biomass-based SNG. The techno-
economic assessment in this scenario is based on industry prices. The defossilization
potential assumes that the natural gas consumption in the industry sector remains constant
until 2050.
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(d) FT diesel in private and public transport

Therein, the use of biomass-based FT diesel as drop-in fuel in conventional diesel
cars and buses is considered. For evaluating the defossilization potential, it is assumed,
according to [35], that the number of diesel cars and the associated diesel demand will be
reduced by half until 2050. The number of diesel buses will remain constant until 2050. The
techno-economic assessment in this scenario is based on petrol station market prices for
private consumers.

(e) FT diesel in heavy-duty traffic

The fifth scenario is based on integrating biomass-based FT diesel in the heavy-duty
traffic sector. In this sector, freight transport with light and heavy commercial vehicles (LCV
and HCV) and the diesel demand in agriculture and forestry is considered. Furthermore,
the diesel demand for inland navigation and railway is discussed. For calculating the
defossilization potential in this scenario, it is assumed that the number of LCVs will be
reduced, simultaneously with the number of cars, by half until 2050 [35]. The number of
diesel-driven HCVs, tractors, ships, and trains will remain constant until 2050 [35]. For the
techno-economic assessment, the mean value of the petrol station market price for private
consumers and the stock market diesel price is considered.

(f) FT diesel in heat and power

Finally, the sixth scenario includes the integration of FT diesel in the heat and power
sector. Therein, the diesel demand in the manufacturing and the public and private sectors
is considered. Similar to the use of SNG in industry, FT diesel can provide high-temperature
heat. The diesel demand in the public and private service sectors can be mainly attributed
to, e.g., emergency diesel aggregates in hospitals and other critical infrastructure. The diesel
demand in the manufacturing sector is assumed to remain constant until 2050, whereas a
reduction by half is assumed for the public and private sector due to a substitution with
other renewable technologies [35]. The techno-economic assessment is based on the stock
market diesel price.

These six scenarios are further investigated and compared to discuss the techno-
economic and ecological impact of each integration possibility. Therefore, the natural gas
and diesel demand in 2050 is estimated in all sectors and compared with the SNG and
FT diesel potential. Furthermore, the CO2 reduction potential (CO2ered,sector i) through the
substitution of natural gas with SNG or fossil diesel with FT diesel is investigated in each
scenario (see Equation (4)). For this, the annual amount of sectoral used gas or diesel
(Egas/diesel,sector i) is multiplied by the difference in CO2 footprints between the renewable
biomass-based product and its fossil counterpart (FP) and divided by the absolute an-
nual CO2 emissions in the respective sector (CO2etot,sector i). Finally, the techno-economic
comparison between the SNG and FT diesel production costs with the market prices (MP)
of the fossil counterpart shows the economic competitiveness (EC) of both products (see
Equation (5)). The comparison of the total additional costs or savings per year with the
gross value added (GVA) shows the economic impact in the respective sector. The GVA
is calculated from the gross production values achieved, reduced by all advance outlays.
Simplified, GVA could be described as a company’s revenue minus expenses for all kinds
of utilities. The resulting GVA is ultimately shared among all the stakeholders involved,
namely the employees, the company owners, and the state. Consequently, the EC deter-
mines the percentage by which the sectoral GVA or, in approximation, the profit changes as
a result of switching to biomass-based SNG or FT diesel.

CO2ered,sector i =
Egas/diesel,sectori ∗

�
FP f os.gas/diesel − FPSNG/FTdiesel

�
CO2etot,sectori

(4)

ECsector i =
Egas/diesel,sectori ∗

�
MP f os.gas/diesel − LCOPSNG/FTdiesel

�
GVAtotal,sector i

(5)
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Finally, alternative options for using SNG and FT diesel are discussed, which can
contribute to a sustainable energy system in the individual sectors. Consequently, in
addition to a quantitative comparison of the individual scenarios based on techno-economic
and ecological footprints, a qualitative comparison of possible alternatives can be used to
find the most suitable application for SNG and FT diesel.

3. Results and Discussion

In this chapter, all results are visualized and discussed. First of all, the input and
output streams of both commercial scale routes for producing wood-based SNG and FT
diesel with a thermal fuel power input of 100 MWth are determined. Then, the techno-
economic and ecological competitiveness of each route, regarding levelized production
costs and CO2 footprints, is assessed. Finally, the integration of biomass-based SNG and FT
diesel in several sectors of the Austrian energy system is discussed.

3.1. Input- and Output Streams of Commercial SNG and FT Production Plants

In Section 2.2, the commercial scale concepts for both investigated routes were pre-
sented. Based on these concepts, the process simulation results in terms of input and
output streams for both routes are presented in this chapter. In Table 2, the input and
output streams for the production of wood-based SNG based on 100 MWth scale are sum-
marized. Thus, it can be concluded that approximately 65 MW of SNG can be generated
from 100 MWth woody biomass. In addition, approximately 14.2 MW of district heat and
6150 Nm3/h of CO2 for storage or utilization can be recovered.

Table 2. Input and output streams for producing wood-based SNG related to a thermal fuel power of
100 MW.

Plant Input Plant Output
Input Stream Unit Value Output Stream Unit Value

Biomass (wood)
kg/h 33,250 Synthetic natural gas Nm3/h 6840

kWbefore drying 94,360 kW 64,960
kWafter drying 100,000 District heat kW 14,170

Fresh bed material (80% olivine and
20% limestone) kg/h 150 Captured CO2 for

storage or utilization Nm3/h 6150

Fresh scrubber solvent (rapeseed
methyl ester) kg/h 110 Ash and dust kg/h 350

Fresh amine (monoethanolamine) kg/h 18.4 Waste water kg/h 320
Fresh glycol kg/h 0.1
Electricity kW 4340

Table 3 shows the input and output streams for the production of wood-based FT
diesel based on a 100 MWth scale. Therein, it can be seen that through the gasification of
woody biomass with subsequent gas cleaning, FT synthesis, and FT upgrading, approxi-
mately 36.6 MW of drop-in FT diesel can be produced. Additionally, 22.8 MW district heat,
17.6 MW FT naphtha, and 3790 Nm3/h of CO2 can be recovered.

In comparison, the SNG process yields a higher energetic efficiency than the FT process.
About 79% of the chemical energy from the woody biomass can be transferred to SNG and
district heat, whereas 77% is found in FT diesel, naphtha, and district heat. Furthermore,
more CO2 needs to be captured in the SNG process due to a higher CO2 capture rate and
less carbon in the product per molecule of CH4 compared to FT products. Thus, more
amine is also needed for the scrubber. In the FT process route, more electricity is required
to reach higher synthesis pressure levels. Additionally, hydrogen is needed to upgrade FT
products in the hydrocracker and hydrotreater. The presented simulation results are the
basis for the calculation of the techno-economic and ecological results.
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Table 3. Input and output streams for producing wood-based FT diesel related to thermal fuel power
of 100 MW.

Plant Input Plant Output
Input Stream Unit Value Output Stream Unit Value

Biomass (wood)
kg/h 33,250

FT diesel
L/h 3850

kWbefore drying 94,360 kW 36,563
kWafter drying 100,000 FT naphtha L/h 2000

Fresh bed material (80% olivine and
20% limestone) kg/h 150 kW 17,561

Fresh scrubber solvent (rapeseed methyl ester) kg/h 110 District heat kW 22,823

Fresh amine (monoethanolamine) kg/h 11.5
Captured CO2
for storage or
utilization

Nm3/h 3790

Hydrogen (for hydrocracking and hydrotreating) kg/h 26.3 Ash and dust kg/h 350
Electricity kW 6120 Waste water kg/h 2635

3.2. Techno-Economic Results of Commercial SNG and FT Production Plants

Based on the simulation results, a techno-economic assessment determines the lev-
elized production costs for both commercial-scale routes. The underlying methodology
for determining the production costs for wood-based SNG and FT diesel is explained
in Section 2.3.

Figure 3 visualizes the production costs of wood-based SNG for the 100 MWth scale.
They are compared with the household and industry market prices of fossil natural gas
based on the pre-crisis year 2019 and crisis year 2022. The production costs for SNG
consist of approximately one-third each, namely, of fuel, operation and maintenance, and
investment costs. For the base year 2019, the production costs of SNG, including taxes,
are around 70 EUR /MWh. For 2022, the production costs rose to approximately 91 EUR
/MWh. The increase in production costs is attributable to all three previously mentioned
cost drivers. While the investment costs increased by 37% and the fuel costs by 27%, the
most significant price increase, with 57%, was seen for operation and maintenance (O&M)
costs. This is due to the doubling of the industrial electricity price from 2019 to 2022.
However, the price increases were partially compensated by the rising purchase prices
for district heat and CO2. Meanwhile, market prices for fossil natural gas doubled in the
household sector and tripled in the industrial sector during the period under consideration.
Consequently, production costs of wood-based SNG are at household market price levels
in 2019 and at industrial market price levels in 2022 compared to fossil natural gas.

In Figure 4 (left), the determined production costs excluding taxes for wood-based
SNG for 2019 are compared with those for alternatives based on renewable energy sources
(RES), according to Terlouw et al. [56] and Götz et al. [57]. These alternatives comprise
e-fuels based on renewable electricity and CO2 from biogenic sources and biomethane
based on manure and corn silage. The comparison shows that the production costs for
biomethane are 20–55% higher than the SNG production costs based on woody biomass in
the 100 MW scale. The e-fuels’ production costs are 175%higher than the production costs
for wood-based SNG. In this comparison, the plant scale for biomethane is considerably
lower, which is unfavorable regarding the economy of scale, and biomethane plants are not
being built much larger. In the case of e-fuels, the high production costs can be attributed
primarily to the high dependency on the underlying electricity price, which is the main
price driver.

In Figure 4 (right), the sensitivity analysis of the SNG production costs based on the
year 2022 is visualized. The most significant influence on SNG production costs is caused
by the annual operating hours, the plant lifetime, the fuel costs, and the investment costs.
Consequently, high plant availability and lifetime, and minimization of investment and fuel
costs must be realized to keep production costs low. Furthermore, a moderate influence on
SNG production costs is induced by interest rate, electricity price, maintenance, insurance
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and administration costs, and earnings through captured CO2 and district heat. Other
operating utility costs have little to no impact on SNG production costs.Energies 2023, 16, x FOR PEER REVIEW 13 of 29 
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In Figure 5, the FT diesel production costs are compared to the stock market and
petrol station prices for fossil diesel based on the pre-crisis year 2019 and the crisis year
2022. The FT diesel production costs are in the range of the petrol station prices but above
stock market prices for fossil diesel in both reference years. Furthermore, the FT diesel
production costs comprise 20–23% fuel costs, 36–39% operation and maintenance costs, and
40–41% investment costs, dependent on the base year. The FT diesel production costs with
taxes are approximately 1.31 EUR /L for 2019 and 1.89 EUR /L for 2022. The production
costs increase from 2019 compared to 2022 is in the same range as mentioned for the SNG
process route.
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Additionally, the yearly operation and maintenance costs of the FT diesel route are
67–74% higher compared to the SNG route. This is because of the higher consumption of
catalysts and electricity and higher maintenance needs. The investment costs of the FT
diesel production route are approximately 70% higher than the investment costs of the
SNG process route, while the fuel costs remain constant.

In Figure 6 (left), the FT diesel production costs excluding taxes, based on 2019,
are compared with renewable alternative routes published by Maniatis et al. [58] and
Pratschner et al. [59]. The biodiesel production routes fatty acid methyl ester (FAME) and
hydroprocessed ester and fatty acid (HEFA) based on used cooking oil show production
costs of 0.86–0.87 EUR /L and are approximately 26% cheaper than the wood-based FT
diesel at 100 MW scale. The jatropha oil-based biodiesel from the HEFA route is more
expensive than the FT diesel due to the higher fuel costs. E-fuels based on RES electricity
and industrial CO2 are approximately two to three times more expensive than wood-based
FT diesel due to the high dependency on the electricity price.

The sensitivity analysis regarding the wood-based FT diesel production costs for 2022
is visualized in Figure 6 (right). Similar to the SNG route, the main influences are the annual
operating hours, the plant lifetime, and the investment costs. However, the sensitivity to
varying fuel costs is lower in comparison to the SNG route due to their lower share within
the overall production costs.

If the techno-economics of the biomass-based SNG and FT diesel routes are com-
pared in an energy-related manner, it is noticeable that the production costs of SNG at
70–91 EUR /MWh are much lower than FT diesel with 137–198 EUR /MWh. This results
from the much higher investment costs for the production of FT diesel due to the signifi-
cantly more complex product upgrading steps. Furthermore, the O&M are higher because
more electricity is required for compression to a higher pressure level in synthesis and
hydrogen is needed in upgrading.

3.3. Ecological Results of Commercial SNG and FT Production Plants

In analogy to the techno-economic, the egologic assessment expressed by the CO2
footprint of both process routes is conducted. The underlying methodology for determining
the CO2 footprint for wood-based SNG and FT diesel is explained in Section 2.3.

Figure 7 (left) shows a breakdown of the CO2 footprint of the wood-based SNG
production route. The CO2 footprint per produced unit of SNG is 0.027 kgCO2e/kWhSNG.
The direct and indirect emissions of wood are responsible for approximately 77% of the
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total CO2 footprint. About 10% are related to using rapeseed methyl ester as a scrubber
solvent. All the other utilities, like steel, concrete, bed material, activated carbon, zinc
oxide, nickel catalyst, amine, glycol, and green electricity, cause the remaining 13% of the
overall CO2 footprint. Regarding the CO2 footprint for electricity, it must be mentioned
that the calculation is based on the utilization of green electricity. If the CO2 footprint of the
Austrian electricity mix were chosen, the total CO2 footprint of the produced SNG would
increase by 37% to 0.037 kgCO2e/kWhSNG.
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Figure 7. Breakdown of the CO2 footprint of wood-based SNG (left) and comparison with fossil and
RES alternatives (right) [30,49,60].

In Figure 7 (right), a comparison of the CO2 footprint from wood-based SNG with that
from fossil natural gas, according to Federal Environmental Agency Austria [49], and from
RES alternatives, according to a study from Jungmeier et al. [30,60], is shown. Therein, it
can be seen that using wood-based SNG at 100 MW scale instead of fossil natural gas can
save 90% of CO2 emissions. Furthermore, the CO2 footprint of wood-based SNG is also
lower compared to the renewable alternatives biomethane and e-fuel. The CO2 footprint
per kWh of biomethane, based on the average substrate mix within the European Union,
is more than double as high as the value of synthetic natural gas, mostly caused by the
emissions due to the use of corn silage or energy plants. The CO2 footprint of e-fuels using
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renewable electricity and biogenic CO2 is also in the range of wood-based SNG and quite
low. However, the CO2 footprint of e-fuels using fossil electricity is much higher than that
of fossil natural gas. Finally, it has to be mentioned that for the CO2 footprint of the biomass-
based SNG, the 6150 Nm3/h of captured CO2 during gas upgrading are not considered. If
this is considered a CO2 sink, a negative CO2 footprint of 0.127 kgCO2e/kWhSNG could be
achieved, and thereby, a below zero emission technology is possible.

In Figure 8 (left), the breakdown of the CO2 footprint for the wood-based FT diesel
is shown. The CO2 footprint of the wood-based FT diesel is 0.269 kgCO2e/lFT diesel. The
distribution of CO2 emissions is very similar to the SNG process route. Due to the larger
consumption of different catalysts in the synthesis and upgrading step, the category “other
utilities” has a slightly larger impact on the CO2 footprint compared to the SNG route.
The electricity consumption is also slightly higher due to the higher pressure level in
the synthesis step. Additionally, hydrogen is required in the upgrading steps of the FT
diesel, which also accounts for a small share of the CO2 footprint. The CO2 footprint of the
electricity is based on green electricity. If the CO2 footprint of the Austrian electricity mix
were chosen for calculating the CO2 footprint of electricity and hydrogen, the total CO2
footprint of the produced FT diesel would increase by 64% to 0.440 kgCO2e/lFT diesel.

Figure 8. Breakdown of the CO2 footprint of wood-based FT diesel (left) and comparison with fossil
and RES alternatives (right) [49,61,62].

In Figure 8 (right), the CO2 footprint of the wood-based FT diesel is compared with
that of fossil diesel, according to Federal Environmental Agency Austria [49], and of RES
alternatives, according to studies from Aichmayer et al. [61] and Pratschner et al. [62]. The
CO2 footprints of the wood-based FT diesel and the e-fuels, both based on green electricity,
are the lowest and more than 90% lower compared to the CO2 footprint of fossil diesel.
If using fossil-based electricity as an energy source for e-fuels, the CO2 footprint is much
higher than the CO2 footprint of fossil diesel. The CO2 footprint of the FAME and HEFA
process routes based on an Austrian fuel mix is 65–70% lower compared to the fossil diesel.
If cooking oil is used as a feedstock for the FAME and HEFA processes, CO2 footprints in
the same range as those of e-fuels and wood-based FT diesel can be achieved. Similar to
the SNG process route, the capturing of CO2 is not considered. By taking the capture of
approximately 3790 Nm3/h of CO2 in the upgrading step into account as a CO2 sink, a
footprint of 0.657 kgCO2e/lFT diesel could be achieved.

If the CO2 footprints of the two biomass-based products are compared, hardly any differ-
ence can be detected. The energy-related CO2 footprint of FT diesel is 0.028 kgCO2e/kWhFT diesel,
nearly the same as the SNG footprint of 0.027 kgCO2e/kWhSNG. The reason is that the
same amount of biomass is used for the production of an energy-related product unit, with
approximately the same energetic process efficiencies. In contrast to the techno-economy,
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the higher electricity demand and the use of hydrogen have not as strong of a impact, since
green electricity with a very low CO2 footprint was assumed.

3.4. Integration of Biomass-Based SNG and FT Diesel in the Austrian Energy System

The biomass potential analysis (from Section 2.1) and the techno-economic (from Section 3.2)
and ecological (from Section 3.3) results form the basis for discussing integration possi-
bilities of biomass-based SNG and FT diesel in the Austrian energy system. Based on the
biomass potential analysis, an additional biomass potential of 185 PJ/a can be determined
in Austria in the year 2050. It should be mentioned that this potential does not consider
competitive use by other biomass-based technologies. Considering the energetic efficiencies
for the SNG and FT diesel process route, 120 PJ/a of SNG or 67.5 PJ/a of FT diesel can be
produced out of the raised biomass potential. Additionally, the by-products of FT diesel,
naphtha, district heat, and captured CO2, are produced. In Figure 9, the annual Austrian
energy demand for fossil natural gas and fossil diesel, distributed to six sectors related
to the scenarios explained in Section 2.4, is compared to the biomass-based SNG and FT
diesel potential in 2050. It can be seen that there is enough potential to substitute the
whole natural gas demand in the energy sector or private and public sector, or nearly the
whole industry sector. Instead of producing SNG, biomass-based FT diesel can substitute
approximately half of the fossil diesel demand in private and public transport sectors or
the heavy-duty traffic sector, or the whole demand in the heat and power sector.

Figure 9. Annual Austrian energy demand for natural gas (left) and diesel (right) in 2021 compared
to the SNG and FT diesel potential in 2050.

In Table 4, the six scenarios for the use of SNG and FT diesel as drop-in fuels in several
sectors are summarized and compared. Therein, the substituted fossil natural gas and fossil
diesel demands are compared with the change in the sectoral gross value added (GVA) for
the pre-crisis year 2019 and crisis year 2022 and the CO2 reduction potential of the sector.

It can be seen that the highest sectoral CO2 reduction, 89%, can be reached in the
energy sector through a nearly complete defossilization of the electricity and district heat
mix with SNG. Regarding the economic impact, it can be seen in Figure 3 that the SNG
production costs in the pre-crisis year 2019 were more than double and in the crisis year
2022, nearly on the same level compared to the related industrial natural gas market prices.
This comparison shows that by integrating SNG into the energy sector, the electricity
and heat price can be decoupled from the natural gas price. However, because cheaper
alternative electricity and heat production technologies like wind power or solar PV exist,
the SNG use in the energy sector should be focused on gas-fired power plants for the
coverage of peak-loads.
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SNG use in the private and public sector also helps to reduce the sectoral CO2 footprint
by more than 70%, while raising the sectoral GVA. This would mean that using SNG in
private households in times of crisis would help relieve household budgets. In comparison
with alternative decentralized heat production technologies, it has to be mentioned that
heat pumps and district heat should be used preferentially, because biomass-based SNG is
not infinitely available. However, using SNG in private households, where no district heat
or other renewable options are available, could be favorable.

Furthermore, the industry can use SNG to defossilize the gas demand for burners and
direct material use without major changes in the process chains. In this way, nearly a third
of the industrial CO2 emissions can be reduced. The economic impact in this scenario is
limited, with a sectoral GVA change of up to 2%. Consequently, the use of SNG could be a
viable option in the defossilization process of the industry where the use of heat-pumps or
waste heat cannot be realized.

In addition to the three integration scenarios for biomass-based SNG, three scenarios
for integrating FT diesel in the Austrian energy system are discussed. According to the
biomass potential, approximately half of the private and public transport diesel demand
can be substituted with FT diesel. Consequently, according to future vehicle fleet predic-
tions [35], it was assumed that only half of the diesel demand for cars could be replaced
by synthetic fuels, thus leading to a sectoral CO2 reduction of approximately 40%, while
the sectoral GVA remains nearly constant. However, besides FT diesel, there are several
alternative options for the public and private transport sector, first and foremost e-mobility.

The use of FT diesel in the heavy-duty traffic sector would be another option for using
biomass-based products in the Austrian energy system. If the entire biomass potential is
used to produce FT diesel for the heavy-duty traffic sector, the sectoral CO2 footprint can be
reduced by over 58%, while the sectoral GVA would be reduced by up to 2%. Furthermore,
alternative options in this sector are, to date, limited; thus, the integration of FT diesel into
the heavy-duty traffic sector is a promising solution. Moreover, it must be mentioned that
the use of FT diesel in mobility can only take place if this fuel is approved for use in the
most common diesel engines, regardless of the standard to be met.

The last scenario is based on the use of FT diesel in the heat and power sector, which
comprises public and private heat production and the diesel demand in the manufacturing
sector. The substitution of the diesel demand in this sector can only lead to a sectoral CO2
reduction of 2–3%, much less than in the other scenarios. Consequently, it can be concluded
that using high-quality FT diesel in the heat and power sector is not a viable option.

The scenarios examined aim to ensure that the released biomass can be used in either
one sector or another. This means that several scenarios can only be implemented if the
total amount of biomass used does not exceed the calculated biomass potential of 185 PJ/a.

4. Conclusions and Outlook

Based on a study from TU Wien [11], the Austrian Government could be convinced to
fund the establishment of a 5 MW demonstration plant for the biomass-based production
of SNG and FT diesel. The remaining knowledge gaps regarding the long-term behavior
of different process units and utilities can be clarified within this demonstration phase.
This includes exemplifying the technical investigation of the influence of fluctuating fuel
qualities on product quality, the lifetime of catalysts and other utilities, and the required
maintenance intervals with regard to plant availability. Furthermore, non-technical aspects,
such as the examination of the all-season regional provision of biomass and the creation
of social acceptance of the novel technology, should be investigated. In addition to the
knowledge gaps described above, the competitive use of biomass must also be mentioned
here as a possible limitation for the roll-out process.

After this demonstration phase, the lessons learned should be used to roll out the inves-
tigated technology commercially in Austria. This publication investigated the commercial
scale concepts for producing wood-based SNG and FT diesel based on a 100 MWth scale.
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The simulation of both process routes showed that the energetic efficiency of the SNG
process route is 79%, slightly higher compared to the 77% of the FT diesel process route.
At the same time, it must be mentioned that within the SNG process, 65% of the chemical
energy of the biomass can be converted to the main product, SNG. In comparison, within
the FT process, only 36.6% of the biomass input is converted to the main product, FT diesel.

The techno-economic assessment showed that biomass-based SNG and FT diesel
production costs can compete with the market prices of their fossil counterparts. The
production costs of wood-based SNG related to the pre-crisis year 2019 are approximately
70 EUR /MWh. The market price range for fossil natural gas in the same year was
30–70 EUR /MWh, depending on the quantity purchased in industrial and household
sectors. Based on the crisis year 2022, the SNG production costs were 91 EUR /MWh,
slightly higher due to inflation. However, the market price for fossil natural gas increased
to 89–150 EUR /MWh. Thus, it can be seen that the SNG production costs based on
2019 are in the range of the household prices, and when based on 2022, in the range of
industrial market prices. Consequently, wood-based SNG production can help to decouple
the domestic natural gas price level from the global market price level. The production
costs for wood-based FT diesel are 1.31–1.89 EUR /L in the reference years 2019 and 2022.
In comparison, the petrol station price level for fossil diesel was between 1.24–1.94 EUR /L.
This comparison shows that the FT diesel production costs approximately match the
petrol station price level, independent of the reference year. The economical comparison
also showed that biomass-based SNG and FT diesel can compete with other renewable
alternatives. The energy-related comparison of production costs for both biomass-based
products shows that FT diesel, with 137–198 EUR /MWh, costs approximately twice as
much as SNG, with 70–91 EUR /MWh. The reason for this is the much higher investment
costs for the FT diesel route due to the more complex product upgrading and the additional
costs for the higher electricity and hydrogen demand.

Furthermore, the CO2 footprints of the wood-based SNG and FT diesel were de-
termined. The CO2 footprint for wood-based SNG is 0.027 kgCO2e/kWhSNG, and it is
0.269 kgCO2e/lFT diesel for wood-based FT diesel, which are more than 90% lower than
their fossil counterparts. Compared to renewable alternatives, wood-based SNG and FT
diesel are among the products with the lowest CO2 footprint. The energy-related compar-
ison of the two biomass-based products shows hardly any differences, since the higher
consumption of electricity and hydrogen due to the use of green electricity is not significant.
Moreover, it has to be mentioned that if the additional CO2 capturing in both process
routes were considered, the production of wood-based SNG and FT diesel would create
a CO2 sink.

Moreover, six integration scenarios for producing biomass-based SNG and FT diesel
were investigated to find possible applications in the Austrian energy system. The biomass
potential analysis, based on several literature studies, showed that, in 2050, an additional
biomass potential of 185 PJ/a would be available. Hence, a potential for biomass-based
SNG of 120 PJ/a or biomass-based FT diesel of 67.5 PJ/a can be assumed. The scenar-
ios demonstrated the various application possibilities for biomass-based SNG and FT
diesel. Therein, the sectoral change of gross value added and the CO2 reduction potential
were calculated to investigate the economic and ecological impacts. The most promising
applications for biomass-based FT diesel and SNG are summarized below:

• SNG use for covering electricity peak loads in the energy sector ➔ helps to prevent
blackouts and to decouple the domestic electricity market from the gas market;

• SNG use in the industry sector for the provision of high-temperature heat ➔ economi-
cally feasible and a good option, when no waste heat or heat pumps can be used;

• FT diesel in heavy-duty traffic ➔ economically feasible and an excellent option to
facilitate the defossilization of inland navigation, railway, freight transport, agriculture,
and forestry.

Further, the use of biomass-based FT diesel in private and public transport, as well
as the use of biomass-based SNG in the private and public heat provision sector, could



Energies 2023, 16, 6097 22 of 29

be an additional economically favorable option to accelerate the transition phase towards
defossilization of these sectors. However, the sectoral view neglects the fact that individual
enterprises and households certainly experience different economic and ecological impacts
from transitioning to sustainable FT diesel and SNG, since the used energy sources and
energy quantities can vary significantly.

To accelerate the rollout of the two biomass-based technologies, regulatory measures
must be applied. The associated EU directive on the expansion of renewable energy sources
in the EU (RED II) [63] already set mandatory quotas for the share of advanced biofuels,
such as FT diesel, until 2030. Furthermore, the Austrian Renewable Energy Expansion
Act [64] specifies that a fixed annual amount of biomethane, such as SNG, must be fed into
the grid by 2030. A further increase in quotas with associated financial support measures
would help to accelerate the roll-out process.

Besides determining the energetic efficiency, production costs, and CO2 footprint,
further sustainability indicators like the acidification potential, ground air quality, eu-
trophication, land use, payback time, or changes in gross domestic products should be
investigated. Future research should focus on validating the calculated sustainability in-
dicators after the scale-up to the demonstration plant. The process simulation focused
mostly on each unit’s mass and energy balances to define the main streams of the whole
process unit. More detailed simulation models based on experimental test rigs can help to
refine the whole process chain. In addition, future research should focus on biomass price
changes caused by greater demand. The biomass price depends very much on the market
situation and is dominated by supply and demand. Therefore, an increase in biomass use
must be expected to lead to an increase in biomass price, unless regulatory measures follow.
The continuous improvement of the sustainability criteria for the use of biomass must
contribute to sustainable agriculture and forestry in Austria.

Summing up, the extensive investigation of biomass-based SNG and FT diesel produc-
tion showed significant potential and enables the implementation of different defossiliza-
tion strategies in the Austrian energy system. Nevertheless, the technical feasibility must
first be tested within the framework of long-term trials in the planned demonstration plant.
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Abbreviations

AC activated carbon
AT Austria
C1–C3 gaseous short-chain hydrocarbons recycled in Fischer–Tropsch tailgas
C4–C9 naphtha fraction (raw product for producing gasoline)
C10–C19 middle distillate fraction (after upgrading equivalent to diesel)
C10+ middle distillate fraction and long-chain waxes
C20+ long-chain waxes
CH4 methane
CO carbon monoxide
CO2 carbon dioxide
CO2e carbon dioxide equivalent
DE Germany
DFB dual fluidized bed
EC economic competitiveness
FAME fatty acid methyl ester
FT Fischer–Tropsch
GEMIS software tool with database for life cycle analysis
GVA gross value added
H2 hydrogen
H2O water
H2S hydrogen sulfide
HCV heavy commercial vehicles
HEFA hydroprocessed ester and fatty acid
IEA International Energy Agency
IPSEpro 8.0 software tool for process simulation from company SimTech GmbH
JP Japan
LCOP levelized costs of products
LCV light commercial vehicles
MP market prices
NH3 ammonia
O&M operation and maintenance
PFD process flow diagram
PG product gas
PV photovoltaic
raw-SNG synthetic natural gas after methanation unit and before upgrading
RES renewable energy sources
RME rapeseed methyl ester
SE Sweden
SNG synthetic natural gas
TH Thailand
TSA temperature swing adsorption
ZnO zinc oxide
Symbols:
% percent
CDF cumulative discount factor
CEPCI 2019

2022
Chemical Engineering Plant Cost Index based on 2019 or 2022

CEPCIbase year Chemical Engineering Plant Cost Index based on base year of literature
Ceq,base equipment costs based on base year and base scale of literature
Ceq,design overall costs for installed equipment based on 2019 or 2022
CO2ered,sector i carbon dioxide reduction potential in sector i
CO2etot,sector i total carbon dioxide equivalent in sector i
E annual expenditures
ECsector i economic competitiveness in sector i based on 2019 or 2022
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Egas/diesel,sector i substituted annual fossil gas or diesel demand in sector i
FP f os.gas/diesel carbon dioxide equivalent footprint of fossil natural gas or diesel
FPSNG/FTdiesel carbon dioxide equivalent footprint of biomass-based SNG or FT diesel
GVAtotal,sector i total gross value added in sector i based on 2019 or 2022
i interest rate
I0 total capital investment costs of plant
l liter
LCOP levelized costs of products
LCOPSNG/FTdiesel levelized costs of products for SNG or FT diesel based on 2019 or 2022
lDiesel liters of diesel
MP f os.gas/diesel market prices of fossil natural gas or diesel in 2019 or 2022
Mt,main prod. annual quantity of the produced main product
MW megawatt
MWh megawatt hours
MWhth megawatt hours of thermal fuel power
MWhSNG megawatt hours of synthetic natural gas
n plant lifetime
PJ/a petajoule per year
r scaling factor
Rsec.prod. annual revenues of secondary products
Sbase base scale
Sdesign desired scale
Z overall installation factor
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Assumptions and references for process simulation to calculate mass and energy balances for biomass-
based SNG and FT route 

Table S1. Assumptions for the units of the gasification, gas cooling & cleaning section 

Parameter Unit Value/Assumption Reference 
Biomass dryer [65, 66] 
Water content incoming biomass wt.-% 40  
Water content exiting biomass wt.-% 20  
Temperature drying air inlet °C 90  
Relative humidity drying air inlet % 80  
Relative humidity drying air outlet % 80  
DFB gasification reactor [66-68] 
Operating temperature °C 820  
Steam to fuel ratio kgH2O/kgfuel,daf 0.6  
Heat loss (related to thermal fuel power) % 1  
Temperature steam °C 400  
DFB combustion reactor [66-68] 
Lambda  kg/kg 1.25  
CO slip mol CO/mol CO2 0.05  
Heat loss (related to thermal fuel power) % 1  
PG filter [69] 
Separation efficiency dust % 99.9  
Separation efficiency char % 99.9  
Separation efficiency tar % 30  
RME scrubber [19, 70, 71] 
Circulating solvent to gas ratio kgRME/kggas 20  
Tar concentration outlet g/Nm3 1.5  
Temperature exiting gas °C 40  
Temperature incoming RME °C 37  
Separation efficiency ammonia 
(inclusive downstream units) % 99.9  

Massflow fresh RME make-up kg/h 110 [19] 
AC adsorber    [38, 45] 
Separation efficiency tar % 100  
Separation efficiency sulfur % 100  
Adsorption capacity AC wt.-% 20  
Steam regeneration temperature °C 250 [38] 
Steam amount for regeneration kg/kgBTX 9.2 [38] 

 

 
1 Corresponding author. Tel.: +43 1 58801 166856; E-mail address: martin.hammerschmid@tuwien.ac.at 



Auxiliary and pressure drop    
Steam pre-evaporation (related to amount 
of water phase from RME scrubber) 

wt.-% 5 assumed 

Total pressure drop product gas route mbar 345 assumed 
Total pressure drop flue gas route mbar 345 assumed 
Blowers   [66, 72] 
Efficiency of drive system (all units) % 95  
Mechanical efficiency of blowers  
(all units) 

% 98  

Isentropic efficiencies    
     Drying air blower % 80  
     PG blower % 50  
     PG recycle blower % 50  
     FG blower % 75  
     FG recycle blower % 75  
     Combustion air blower 1 % 65  
     Combustion air blower 2 % 45  

 

Table S2. Assumptions for the units of the SNG synthesis and upgrading section 

Parameter Unit Value/Assumption Reference 
Compressor [73] 
Efficiency of drive system  % 95  
Mechanical efficiency of compressor % 98  
Isentropic efficiency % 85  
Guard reactor (ZnO)    
GHSV h-1 3800 [74] 
Fluidized bed methanation reactor    
Reaction temperature °C 320 [75] 
Reaction pressure bar 10 assumed 
WHSV Nm3/kgcat h 1.5 [75] 
Steam content inlet vol.-% 15 assumed 
Pressure drop mbar 150 assumed 
Catalyst type - Ni/Al2O3 [75] 
CO2 scrubber 
Gas inlet temperature °C 40 [76] 
Gas outlet temperature °C 60 assumed 
Separation efficiency CO2 % 97.5 assumed 
Reboiler duty MJ/kgCO2 0.8 [38] 
Absorption capacity kg CO2/kg amine 0.36 [77] 
Amine make-up stream kg/tCO2 1.5 [76] 
Glycol dryer    
Gas inlet temperature °C 30 [78] 
Gas outlet temperature °C 31 [78] 
Glycol regeneration temperature °C 190 [78] 
Glycol make-up stream kg/h 0.1 [79] 

 

  



Table S3. Assumptions for the units of the FT synthesis and upgrading section 

Parameter Unit Value/Assumption Reference 
Compressor [73] 
Efficiency of drive system  % 95  
Mechanical efficiency of compressor % 98  
Isentropic efficiency % 85  
CO2 scrubber 
Gas inlet temperature °C 40 [76] 
Gas outlet temperature °C 60 assumed 
Separation efficiency CO2 % 80 assumed2 
Reboiler duty MJ/kgCO2 0.8 [38] 
Absorption capacity kg CO2/kg amine 0.36 [77] 
Amine make-up stream kg/tCO2 1.5 [76] 
Guard reactor (ZnO)    
GHSV h-1 3800 [74] 
FT slurry reactor    
Reaction temperature °C 230 [40] 
Reaction pressure bar 21 [40] 
CO-Conversion mol.-% 50 [40] 
CO2-Conversion (WGS activity) mol.-% 0 [40] 
α1 (eASF distribution parameter) - 0.78 [40] 
α2 (eASF distribution parameter) - 0.9 [40] 
β (eASF distribution parameter) - 0.75 [40] 
γ (eASF distribution parameter) - 0.48 [40] 
μ (eASF distribution parameter) - 0.95 [40] 
Naphtha compounds in liquid phase mass.-% 0 assumed3 
Middle distillate compounds in liquid phase mass.-% 0.05 assumed3 
Naphtha compounds in liquid phase mass.-% 0.75 assumed3 
Recirculation ratio tailgas vol.-% 85 assumed4 
WHSV Nm3/kgcat h 2.0 [80] 
Pressure drop mbar 300 assumed 
Catalyst type - Co/Al2O3 [81] 
Quench column    
Temperature (top) °C 70 [81] 
Steam Reformer    
Reaction temperature °C 850 [82] 
Reaction pressure bar 10 [82] 
CH4-Conversion vol.-% 90 [82] 
C2H4-Conversion vol.-% 90 [82] 
C2H6-Conversion vol.-% 95 [82] 
C3H8-Conversion vol.-% 99 [82] 
Steam/Carbon ratio - 2.5 [83] 
WHSV Nm3/kgcat h 2.5 assumed 
Pressure drop mbar 300 assumed 
Catalyst type - NiO/CaAl12O19 [84] 

  

 
2 Separation efficiency was set to adjust balance in Steam Reformer in favor of H2/CO ratio of tailgas 
3 Liquid and gas phase distribution of FT products assumed according to phase equilibrium at process conditions 
4 Recirculation ratio assumed according to heat demand of steam reformer (15% of tailgas combusted = purge gas) 



Hydrocracker    

Reaction temperature °C 360 [81, 85, 
86] 

Reaction pressure bar 40 [81, 85, 
86] 

Wax conversion % 70 [86, 87] 

Outlet concentration C1-C3 
wt.-%  

(without wax) 5 [81] 

Outlet concentration C4-C9 
wt.-%  

(without wax) 20 [81] 

Outlet concentration C10-C20 wt.-%  
(without wax) 75 [81] 

LHSV Nm3
wax/Nm3

cat h 1 [81, 85, 
86] 

Hydrogen make-up stream wt.-%H2 /wt.-%wax 1 [81] 
Catalyst type - Pt/SiO2-Al2O3 [87, 88] 
Hydrotreater    
Reaction temperature °C 350 [86, 89] 
Reaction pressure bar 40 [86, 89] 
LHSV Nm3

MD/Nm3
cat h 2 [86, 89] 

Hydrogen make-up stream wt.-%H2 /wt.-%MD 0.3 [86] 
Catalyst type - Ni-MoS2/Al2O3 [85 ,90] 

 

Table S4. Assumptions as well as results for biomass and gas compositions 

Parameter Unit Value/Assumption Reference 
Biomass composition   [5] 
Water content wt.-% 40  
Ash content wt.-%db 1  
Carbon wt.-%db 50.7  
Hydrogen wt.-%db 5.9  
Nitrogen wt.-%db 0.21  
Sulfur wt.-%db 0.01  
Product gas composition [91] 
Hydrogen vol.-%db 45  
Carbon dioxide vol.-%db 21.15  
Carbon monoxide vol.-%db 23  
Methane vol.-%db 9.7  
Ethylene vol.-%db 1  
Ethane vol.-%db 0.1  
Water content vol.-% 30  
Ammonia ppmv,db 950  
Nitrogen ppmv,db 350  
Dust g/Nm3 10  
Char g/Nm3 10  
Tar g/Nm3 5  
SNG composition   result 
Methane vol.-% 94.62  
Hydrogen vol.-% 2.82  
Carbon dioxide vol.-% 2.34  
Nitrogen vol.-% 0.12  
Carbon monoxide vol.-% 0.093  



Relative density - 0.564  
Wobbe index MJ/Nm3 50.55  
Higher heating value MJ/Nm3 37.95  
FT product composition (excluding C1-C3)   result 
FT naphtha (C4-C9) wt.-%db 23.67  
FT middle distillate (C10-C19) wt.-%db 37.25  
FT wax (C20+) wt.-%db 39.08  

 

Assumptions and references for techno-economic assessment to calculate production costs for biomass-
based SNG and FT route 

Table S5. Assumptions for cost rates 

Parameter Unit Value/Assumption Reference 
General plant parameters   [11, 92] 
Plant lifetime a 20  
Number of employees - 7  
Personnel costs per employee 2022 €/a 65000  
Personnel costs per employee 2019 €/a 62500  
Operating hours plant h/a 7500  
Operating hours district heat h/a 5800  
Maintenance costs %CAPEX/a 2.0  
Insurance, administration and other costs %CAPEX/a 1.5  
Interest rate % 6  
Consumption-related parameters  
Natural gas household price 2022 €/MWh 150 [93, 94] 
Natural gas household price 2019 €/MWh 69.7 [93] 
Natural gas industry price 2022 €/MWh 88.9 [93] 
Natural gas industry price 2019 €/MWh 29.9 [93] 

Fossil diesel price petrol station 2022 €/l 1.939 
(incl. taxes) [95] 

Fossil diesel price petrol station 2019 €/l 1.236 
(incl. taxes) [95] 

Fossil diesel price stock market 2022 €/l 1.595 
(incl. taxes) [96] 

Fossil diesel price stock market 2019 €/l 0.934 
(incl. taxes) [96] 

Wood chips price 2022 €/tatro 95 [11] 
Wood chips price 2019 €/tatro 75 [11] 
Fresh scrubber solvent (RME)5 €/kg2013 0.96 [66] 
Fresh amine (MEA)5 €/kg2013 1.40 [98] 
Fresh glycol (TEG)5 €/kg2016 2.0 [99] 
Activated carbon5 (lifetime 1 year) €/kg2019 2.21 [11] 
Zinc oxide5 (lifetime 3 years) €/kg2013 20 [100] 
Olivine5 €/t2013 190 [66] 
Limestone5 €/t2013 35 [92] 
Nickel catalyst5 (lifetime 3 years) €/kg2011 50 [29] 
Cobalt catalyst5 (lifetime 5 years) €/kg2013 24 [29] 
Platin catalyst5 (lifetime 3 years) €/kg2014 1504 [29] 
Disposal costs ash5 €/t2013 90 [66] 
Disposal costs waste water5 €/m3

2019 2.5 [11] 
 

5 Cost rates from literature inflation-adjusted with EPI [97] from literature base to reference years 2019 and 2022 



CO2 emission allowances 2022 €/tCO2 69.6 [101] 
CO2 emission allowances 2019 €/tCO2 24.9 [101] 
Electricity costs (industry) 2022 €/kWhel 0.21 [102] 
Electricity costs (industry) 2019 €/kWhel 0.095 [102] 
Hydrogen costs 2022 €/kg 4.5 [103] 
Hydrogen costs 2019 €/kg 4.0 [103] 
Revenues FT naphtha5 €/l2017 0.78 [104] 
Revenues district heat5 €/MWhth,2016 30.0 [92] 
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Table S7. A
ssum

ptions for determ
ination of total capital investm

ent costs for the biom
ass-based FT route 

Equipm
ent 

Base  
scale 

Base  
cost 

Scale 
factor 

Desired  
scale 

Equipm
ent 

costs  
2022

7 

Equipm
ent 

costs 
2019

7 
Ref. 

Resource supply + Gasification + Raw
 gas cleaning + Flue gas cleaning 

 
 

114 431 228 € 
83 522 433 € 

 
(biom

ass dryer, gasification reactor, com
bustion reactor, PG cyclone, PG cooler, PG filter, RM

E scrubber incl regeneration, PG blow
er,  

steam
 generation, pre-evaporator, FG cyclone, post com

bustion cham
ber, steam

 superheater, FG cooler, FG filter, FG blow
er, stack) 

DFB gasification system
 +  

gas cooling and cleaning 
(total capital investm

ent costs) 
15 M

W
th  

21 697 500 €
2020  

0.7 
100 M

W
th  

114 431 228 € 
83 522 433 € 

[11] 

Fine gas cleaning + Syngas com
pression and cooling 

 
 

14 213 796 € 
10 331 845 € 

 
Activated carbon adsorber (TSA) 

32 M
W

th  
945 180 €

2018  
0.7 

100 M
W

th  
3 043 368 € 

2 221 330 € 
[28] 

Product gas com
pressor 1 

224 kW
el  

120 498 €
1994  

0.84 
1303 kW

el  
1 256 400 € 

917 036 € 
[105] 

Product gas com
pressor 2 

224 kW
el  

120 498 €
1994  

0.84 
1450 kW

el  
1 374 800 € 

1 003 455 € 
[105] 

CO
2  scrubber (M

EA) incl. regeneration 
54 000 Nm

3/h 
6 700 000 €

2012  
0.6 

23 171 Nm
3/h 

6 029 535 € 
4 400 909 € 

[109] 
CO

2  recycle blow
er 

16 992 Nm
3/h 

60 702 €
1994  

0.6 
3 890 Nm

3/h 
56 716 € 

41 397 € 
[105] 

CO
2  recycle m

otor 
7.5 kW

el  
11 144 €

1994  
0.56 

5 kW
el  

21 100 € 
15 401 € 

[105] 
Product gas com

pressor 3 
224 kW

el  
120 498 €

1994  
0.84 

1926 kW
el  

1 744 670 € 
1 273 421 € 

[105] 
Syngas preheater 

93 m
2 

19 660 €
1994  

0.59 
177 m

2 
64 991 € 

47 436 € 
[105] 

ZnO guard reactor 
24 925 Nm

3/h 
361 778 €

2022  
0.7 

50 442 Nm
3/h 

622 216 € 
411 460 € 

SNG 
route 

Fischer-Tropsch synthesis + Tailgas recycling 
 

 
 

 
14 296 262 € 

10 434 726 € 
 

Fischer-Tropsch slurry reactor 
2 420 000 kW

 
223 156 860 €

2011  
0.75 

54 124 kW
 

4 664 232 € 
3 404 386 € 

[110] 
Q

uench colum
n incl. separation 

12.1 t/h 
497 000 €

2011  
0.7 

29.1 t/h 
1 369 811 € 

999 814 € 
[29] 

Tail gas heater 
93 m

2 
19 660 €

1994  
0.59 

1011 m
2 

181 781 € 
132 680 € 

[105] 
Steam

 reform
er 

1 390 km
ol/h 

9 400 000 €
2007  

0.65 
1 617 km

ol/h 
4 182 820 € 

3 053 007 € 
[29] 

Com
bustion cham

ber 
Calculation tool (Reform

er furnace) 
14 815 kW

 
2 848 772 € 

2 079 296 € 
[46] 

Steam
 generator (reform

er) 
36 000 kg/h 

1 317 000 €
2011  

0.6 
6 080 kg/h 

644 012 € 
470 059 € 

[29] 
Tail gas cooler 

93 m
2 

19 660 €
1994  

0.59 
1175 m

2 
198 652 € 

144 994 € 
[105] 

Tail gas condenser 
448 M

W
th  

4 258 200 €
2007  

0.7 
2.86 M

W
th  

206 182 € 
150 490 € 

[106] 
Table S7. A

ssum
ptions for determ

ination of total capital investm
ent costs for the biom

ass-based FT route (continuous) 

 
7 Calculated according to equation 3 from

 m
ain text in chapter 2.3 
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Assumptions and references for ecological assessment to calculate CO2 footprint for biomass-based SNG 
and FT route 

Table S8. Assumptions for CO2e emission factors 

Parameter Unit Value Reference 
Consumption-related emission factors    
Biomass (wood chips) kgCO2e/kgwood chips 0.049 [49] 
Bed material (olivine / limestone) kgCO2e/kgquartz sand 0.024 [111] 
Bed material transport kgCO2e/km/tsand 0.057 [112] 
RME scrubber solvent (rapeseed methyl ester) kgCO2e/kgRME 1.912 [49, 113] 
Activated carbon (AC) kgCO2e/kgAC 14.133 [114] 
Zinc oxide (only raw material) kgCO2e/kgZinc 3.260 [115] 
Nickel catalyst (only raw materials) 
(20% Ni and 80% Al2O3)  
 for methanation and hydrotreater assumed 

kgCO2e/kgcatalyst 1.902 [116, 117] 

Nickel catalyst (only raw materials) 
(14% Ni and 86% Al2O3)  
 for steam reformer assumed 

kgCO2e/kgcatalyst 1.679 [116, 117] 

Cobalt catalyst (only raw materials) 
(20% Co and 80% Al2O3)  
 for FT slurry reactor assumed 

kgCO2e/kgcatalyst 2.472 [117, 118] 

Platin catalyst (only raw materials) 
(1% Pt and 99% SiO2) 
 for hydrocracker assumed 

kgCO2e/kgcatalyst 266 [119, 120] 

Amine (monoethanolamine) kgCO2e/kgAmine 2.361 [121] 
Glycol (Polyethylene glycol assumed) kgCO2e/kgPEG 2.240 [122] 
Electricity (green electricity) kgCO2e/kWhel 0.014 [49] 
Hydrogen (calculated via electricity consumption) kWhel/kgH2 48 [123] 
Construction-related emission factors  
Steel for construction and equipment kgCO2e/tsteel 1446 [124, 125] 
Concrete for brickwork and fundament kgCO2e/tconcrete 107 [126] 
Emission factors of fossil counterparts    
Fossil natural gas kgCO2e/kWhNG 0.268 [49] 
Fossil diesel kgCO2e/lDiesel 3.134 [49] 

 

  



Assumptions and references for the investigation of the sectoral integration of biomass-based SNG and 
FT diesel in the Austrian energy system 

Table S9. Assumptions for sectoral integration of DFB products 

Parameter Unit Value Reference 
Sectoral integration of biomass-based SNG    
Gross value added for energy sector 2019 M€/a 9 840 [127] 
Gross value added for energy sector 2022 M€/a 14 520 [127] 
CO2 footprint for energy sector MtCO2e/a 8 269 [2] 
Gross value added for public and private sector 2019  
(only households with gas heaters - 25% [75]) M€/a 16 825 [129] 

Gross value added for public and private sector 2022  
(only households with gas heaters - 25% [75]) M€/a 16 135 [129] 

CO2 footprint for public and private sector MtCO2e/a 8 046 [2] 
Gross value added for industry sector 2019 M€/a 66 790 [127] 
Gross value added for industry sector 2022 M€/a 71 290 [127] 
CO2 footprint for industry sector MtCO2e/a 26 540 [2] 
Sectoral integration of biomass-based FT diesel    
Gross value added for public and private transport sector 
2019 (only diesel vehicles – 73.6% of inland transport [75]) M€/a 49 533 [129] 

Gross value added for public and private transport sector 
2022 (only diesel vehicles – 73.8% of inland transport [75]) M€/a 47 822 [129] 

CO2 footprint for public and private transport sector MtCO2e/a 12 246 [2] 
Gross value added for heavy-duty traffic sector 2019 M€/a 22 847 [130} 
Gross value added for heavy-duty traffic sector 2022 M€/a 26 769 [130] 
CO2 footprint for heavy-duty traffic sector MtCO2e/a 9 243 [2] 
Gross value added for heat and power sector 2019 M€/a 66 790 [127] 
Gross value added for heat and power sector 2022 M€/a 71 290 [127] 
CO2 footprint for heat and power sector MtCO2e/a 26 540 [2] 
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