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ARTICLE INFO ABSTRACT

Keywords: Thermochemical conversion of CO2 with biomass to CO in fluidized bed gasifiers is promising for a sustainable
CO> Conversion o carbon economy. Knowledge about this process is expanded by investigating experimental parameters influ-
Carbon CGapture and Utilization encing CO; conversion in such a system and combining them to demonstrate effective conversion. Wood char and
CCL,I . CO, are fed to a lab-scale gasifier in 53 semi-continuous experiments. Six experimental parameters are varied:
Gasification . s C . L

Fluidized Bed temperature, bed material type, initial bed-to-fuel ratio, initial fuel loading in the reactor, feed CO; flow rate, and
Biomass fuel particle size. The results are compiled in a semi-empirical model based on reaction kinetics. High temper-

atures and high fuel-gas contact times are favorable for increasing CO, conversion, with the latter achieved
through high initial fuel loadings in the reactor and low feed gas flow rates. Choosing olivine instead of silica
sand as a bed material also results in higher CO2 conversions. The highest CO conversion demonstrated in this
paper is 86.1%. This experiment produces a gas with 82.75% CO, 10.01% H; and 5.90% CO; (nitrogen-free and
dry).

methanol production was derived from natural gas or coal [2,3]. The
production and use of methanol accounts for about 0.3 Gt CO5 emissions
per year, about 10% of the total chemical sector emissions [3]. There-
fore, defossilizing the production of CO holds vast potential for reducing
global greenhouse gas emissions from the chemical industry sector,
especially when combined with low-emission hydrogen. This study
experimentally investigates how biomass gasification with COy as a
gasification agent can be used as carbon capture and utilization (CCU)
technology for producing a CO-rich gas from renewable resources.
While gasification in a CO, atmosphere has been investigated
extensively [4], many studies on CO, gasification have neglected the
efficient utilization of CO; as a feedstock and only considered the con-
version of solid materials as a design goal, e.g., [5] or [6]. This work
aims to increase the material efficiency of this process by optimizing the

1. Introduction
1.1. Carbon capture and utilization by biomass CO3 gasification

The chemical industry accounts for 6.3% of global direct and indirect
greenhouse gas emissions (2019) [1]. Two of the most effective strate-
gies to decrease the industry’s net emissions by 2030 are defossilizing
feedstocks and increasing energy and material efficiency [1]. A limited
number of molecules serve as synthesis starting points in this sector. One
of these molecules is carbon monoxide, which is used as feedstock for
producing various bulk chemicals, e.g., methanol, aldehydes, and alco-
hols [2]. In 2021, less than 1% of global methanol production was
bio-methanol or e-methanol, meaning that most carbon monoxide for
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Nomenclature me Minimum fluidization flow rate, m®/s.
vol%g  Volume percentage, dry-based, m®/m>.
%xcoz  Percentage points CO; conversion, mol/mol. vol%gp n2free  VoOlume percentage, dry-based, Nitrogen is excluded
A Cross-section of the reactor, m?. and other gases are scaled to 100%, m>/m?>.
Ar Archimedes number, - Wn Mass fraction of total sample mass retained on the n'" sieve
B Initial bed-to-fuel ratio, m*/m>. after sieving analysis, kg/kg.
ca Dry-based volumetric concentration of the species A, m3/ Xcoz2 CO, conversion, mol/mol.
m®. Ap Pressure drop in the reactor, mbar.
dp Particle size (weighted average by sieving), m. a Fitting parameter for B, -
dp naverage Average of mesh sizes on the n™ and (n-1)™ sieve, m. p Fitting parameter for G, -
dsy Sauter diameter, m. y Fitting parameter for F, -
E, Activation energy, J/mol. e Assumed bed void fraction of bubbling bed mixture
F Initial fuel loading, m. (0.5 m*/m®), m®/m°.
Jums Factor from Vyy to G, - U Dynamic viscosity (fluid), N*s/m?.
g Gravity of Earth (9.81 m/s), m/s>. PF Density (fluid), kg/m?>.
G Feed gas flow rate, Nm®/s. pp Density (particle), kg/m?>,
k Reaction rate constant, 1/s. (2] Particle sphericity, -
ko Preexponential factor, m'~!/s (final model... 1/s). T Hydrodynamic residence time, s.
M Fitting parameter for bed material type, - TrGe Fuel-gas contact time, s.
mo Total mass of sample in the sieving analysis, kg. o
my Mass retained on the n' sieve after sieving analysis, kg. Abbrevtatwn', Term .
S Fitting parameter for fuel size, - BECCS Bioenergy with Carbon Capture, and Storage.
¢ Reaction time, s. BET Brunauer-Emmett-Teller (absorption).
T Temperature, K. CCU Cgrbon (.Iapture and Utilization.
To Standard temperature (273.15 K), K. DAC Direct _Alr Capture.
Upnf Minimum fluidization velocity, m/s. NDIR Non-D 1Sperse InfraRed.
v Reactive volume, m°. PSR Perfectly Stirred Reactor.
v Volume flow rate, m%/s. RMSE Root Mean Square Error.
utilization of CO, as a carbon source. Efficient conversion of CO,
directly lowers carbon dioxide emissions from the process and can save
Table 1

energy by reducing the need for recirculation loops or gas upgrading
steps to meet feedstock specifications of downstream units. COs is pro-
posed to come from renewable carbon sources like bioenergy carbon
capture and storage (BECCS) or direct air capture (DAC). As the current
availability of CO5 from BECCS is limited, and the cost of CO, from DAC
is reported at 300-600 $/ton [3], more efficiently using CO; can bring
economic benefits. Furthermore, sustainable biomass price and avail-
ability are common limitations when scaling up biomass processes to an
industrial level [7]. Higher utilization of CO; as a carbon source allows
more CO to be produced from the same biomass resources, increasing
how much conventional fossil production can be replaced.

Among various design options, fluidized bed reactors show key ad-
vantages in uniformity of temperature distribution, fuel flexibility, mass
and energy transfer rates, and scalability [8]. The design of gasifiers is
highly empiric, with a distinct lack of fundamental data on selecting the
best process parameters, leading to less than optimal energy and mate-
rial efficiencies [8]. The current study aims to solve these issues by
systematically investigating design parameters and their importance in
fluidized bed gasifiers to convert CO2 to CO. These design parameters
are then combined experimentally and in a semi-empirical model to
describe and demonstrate the effective utilization of CO; as a feedstock.

1.2. State of the art on CO2 conversion efficiency in gasification

This chapter is used to list how efficiently previous works by other
authors have converted CO5 in allothermal fluidized bed reactors.
Experimental parameters are identified from the literature that can help
utilize CO, as a feedstock more efficiently.

Gasification processes are chemically complex and have the solid

Basic heterogenous and homogenous reactions in CO, gasification; adjusted
from [15].

Reaction AH’ (25°C) inkJ/ Reaction name

mol

Basic gas-solid (heterogeneous) reactions

C + COy = 2CO +173 Boudouard o
C + H,O = CO + Hy +131 Steam-carbon 2

(also water-gas) (
C + 2H, = CH4 -75 Methanation )
C +(1/2)0, =CO -111 Partial oxidation of

char “®

Basic gas-gas (homogeneous) reactions

CO + Hz0 = CO3 + Hy -41 Water-gas shift )
CO2 + Hy = CO + H20 +41 Reverse water-gas
. (6)
shift
CO + (1/2)02 = COy -283 Oxidation of CO P
Hz + (1/2)02 = H20 -242 Oxidation of Hy ©
Decomposition reactions of organic components
CiHy + xCOz = 2xCO + Endothermic Dry reforming
(C)]
(v/2)Hz
CyHy + xH20 = xCO + Endothermic Steam reforming 10)
(y/2 + x)Hz
CiHy + (2x —y/2)Hy = Exothermic Hydrocracking
an
xCHy
CiHy + COz = Cx-1Hy-—2 + Endothermic Dry dealkylation 19
2CO + Hy a2
CiHy + H,O =C1Hy 3 + Endothermic Steam dealkylation |
CO + 2H, a3
CyHy + Hy = C,1Hy_» + Exothermic Hydrodealkylation
CH, 14
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carbonaceous feedstock undergoing multiple conversion steps. Many
publications provide an overview of gasification in general and COy
gasification more precisely [8-10]. The most important reactions for
CO gasification are given below in Table 1. The reactions directly
converting CO5 are the Boudouard (Eq. 1), reverse water-gas shift (Eq.
6), dry reforming (Eq. 9), and dry dealkylation (Eq. 12) reactions. Many
publications identify the Boudouard reaction as the dominant reaction
in the presence of CO- as gasification agent, e.g., [11-14].

The CO; conversion X2 states how much CO; fed to the reactor is
converted to other carbonaceous molecules. This value is inconsistently
described in the literature, usually due to one of two reasons. First, many
studies focus on the conversion of solid feedstock in a CO, atmosphere
and do not describe the conversion of CO5 in detail [16-19]. Second,
inconsistent assumptions and calculation methods are used to evaluate
the CO, conversion Xz, negatively impacting comparability. One
example of these differences is the consideration of CO; released from
biomass during gasification. Some authors consider CO, released from
biomass pyrolysis in comparable experiments under an Ny atmosphere
to be a separate CO, stream entering the reactor [20]. Others only
compare ingoing and outgoing CO- streams without this pyrolysis credit
[21]. This difference in calculation can lead to vastly different results
when assessing the same data. Another example of varying calculation
methods producing different results is given by [22], which investigates
the CO; conversion for the same experiment using two methods. In this
case, the difference is not if credit for CO, from biomass is given, but
which: The CO; conversion is estimated at 26% using pyrolysis data or
45% using steam gasification data as a reference for the CO, produced
from biomass.

Both identified problems of a) lacking investigation of the CO,
conversion X¢o2 and b) inconsistent calculation in the literature are
solved by reproducing X¢o2 from literature instead of directly giving the
described values. This reproduction is done by applying a standardized
calculation method to available data in the literature. The calculation is
based only on the measured product gas composition and does not give
credit for COy from pyrolysis. It is described in more detail in the
methodology Section 2.3 and used for assessing experiments conducted
as part of this paper. Therefore, the CO, conversions presented in the
results section of this paper can also be directly compared to previous
results from other authors given in Table 2. To further ensure compa-
rability, the summary of literature results lists only experimental
research on allothermal CO; gasification in a fluidized bed. The table
lists important parameters describing the process and identifies which
correlations with X¢o2 were found. The experiment with the highest
Xcoz is shown if multiple experiments are described.

The literature given in Table 2 identifies two parameters as poten-
tially increasing CO5 conversion during gasification in a fluidized bed
reactor without co-feeding H,O. Increasing temperature is commonly
associated with higher conversions of biomass and CO; in such a system
[12,22,25]. Decreasing the ratio of CO5 to solid carbonaceous material is
reported to be another option to increase the relative amount of

Table 2
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converted COy [24]. This ratio can be lowered either by lowering the
amount of CO; fed to the reactor or by increasing the amount of fuel in
the reactor. The highest value for X¢oz in allothermal fluidized bed re-
actors given in Table 2 is 35%. To the authors’ best knowledge, no
higher CO, conversions have been demonstrated in allothermal fluid-
ized bed reactors.

A comprehensive overview of parameters generally influencing CO,
gasification processes is available in review papers [9,10]. Although
these reviews lack CO5 conversion data availability and comparability,
two more aspects are selected for experimental consideration in this
current work. First, the type of bed material is an essential factor in such
a system because it can act as a catalyst to promote several reactions.
Practical experience shows that for a given bed material, adjusting the
ratio of fuel to bed material is also necessary for maintaining stable
operation. Second, the size of fuel particles was also varied based on
reported significance for mass and heat transfer limitations [10].

Based on the presented previous works, six parameters are selected
for experimental investigation on increasing the CO, conversion in an
allothermal fluidized bed reactor. The six chosen parameters are

o Temperature T,

e initial fuel loading of the reactor F,

o fuel particle size S,

e feed CO, gas flow rate G,

e bed material type M, and

e initial bed-to-fuel volumetric ratio B.

2. Materials and methods
2.1. Materials

Air (dry, compressed), CO2 (99.995%), and Ny (99.999%) are sup-
plied to the feeding line with rotameters. Wood char derived from
Eucalyptus globulus and prepared by pyrolysis at 700 °C for 20 minutes
is used as fuel. The char particles range in size between 0 — 15 mm. Three
classes of particles were extracted from this mixture by sieving for ex-
periments investigating the influence of fuel particle size. The range
given for the size of the particles refers to the mesh size of sieves used in
the separation process. The three classes of fuel size are large fuel (5 -
8 mm), medium fuel (2.5 - 5 mm), and small fuel (0.8 — 2.5 mm). Fuel is
fed to the reactor using a screw feeder. In the case of experiments with
defined particle size, the screw feeder is bypassed to avoid changing the
particle size by abrasion. Proximate analysis is done following these
standards: DIN 51718:2002-06 Method A for water content, EN ISO
18122:2015-11 for ash content, and EN ISO 18123:2015-11 for volatile
content. Ultimate analysis of this wood char is performed using an
Elementar Analyzer EA 1108 CHNS-O by Carlo Erba. An Axios advanced
XRF device by Panalytical Analysis gives information on the ash content.
Morphological information on the char was gathered by BET (Brunauer-
Emmett-Teller) adsorption measurements with Ny and CO2 using a

Comparison of CO, gasification in allothermal fluidized bed reactors in the literature. CO, conversion Xco2 is reproduced (rep.) from literature data on product gas

composition using Eq. 15 (described in methodology). Atm...Atmospheric pressure.

Fuel Gasification agent Bed material Temperature Pressure Xcoz rep. Xcoz increased by Source
vol% CO; | Balance=N, °C bara %
Wood sawdust 100 SiC 850 1.5 21 No trend observed [23]
Rep. Fig.6
Wood sawdust 9 Silica sand 934 atm. 17 tTemperature [12]
(700-934) Rep. Fig.7
Spent coffee grounds 15 Not given 900 atm. 13 1CO4:C [24]
(15-30) H,0:CO,, synergy Rep. Fig.8
Lignite 100 Silica sand 850 atm. 35 tTemperature [25]
(850—-950) Rep. Fig.4
Softwood 100 Olivine 837 atm. 24 tTemperature [22]
(740—840) Rep. Fig.8
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Table 3
Analysis of Eucalyptus globulus derived wood char used as fuel.

Eucalyptus globulus char

Proximate and ultimate analysis

On dry basis As received
Water content wt% - 6.33
Ash content wt% 6.28 5.88
Carbon content wt% 85.42 80.01
Hydrogen content wt% 1.98 1.86
Nitrogen content wt% 0.24 0.23
Sulfur content wt% <0.02 <0.02
Chlorine content wt% 0.03 0.03
Oxygen content (by balance) wt% 6.03 5.64
Volatile matter content wt% 15.06 14.11
Gross calorific value kJ/kg 30956 28996
Net calorific value kJ/kg 30521 28433
Morphological analysis by adsorption of
CO, N,
Specific surface area (BET) mz/g 593 676
Total pore volume em®/g 0.24 0.34
Average pore diameter nm 1.6 2.0
Ash melting analysis
Deformation temperature °C 1340
Hemisphere temperature °C >1500
Flow temperature °C >1500
Ash composition
CaO wit% 53.0
K0 wit% 14.0
SiO, wt% 7.8
MgO wt% 7.1
Fe,03 wt% 3.8
P,0s wt% 3.7
Al,03 wt% 2.8
NaO wt% 2.5
MnO wit% 1.7
SO3 wt% 1.6
Rest wt% 2.0

BELSORP-max II by Microtrac. This information is given in (Table 3).
Limestone, silica sand, and olivine are investigated in this paper as
bed materials to act as fluidization matrices and potential catalysts.
Limestone is expected to undergo thermal composition to quicklime
before experiments are started based on the reactor’s temperature be-
tween experiments (900 °C+) and atmosphere (air and N3) [26]. These
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bed materials are compared in sixteen experiments. Olivine, with a
chemical composition of 48-50 wt% MgO, 39-42 wt% SiOz and
8.0-10.5 wt% Fey0s, is further used in the remaining 37 experiments
investigating other parameters. Due to the small particle size, these bed
materials are fluidized at lower gas flow rates. For this reason, they form
the bubbling bed fluidization matrix in the reactor, where the fuel is
suspended. More detailed explanations and calculations on the fluid-
ization of used materials and the selection of feed gas flow rates are
available in Appendix A. The materials used in this investigation are
presented in Fig. 1.

2.2. Experimental setup

An electrically heated fluidized bed reactor with a nominal fuel input
power of 2 kWy, is used in semi-continuous operation. Its general layout
is presented in Fig. 2.

The reactor is made from stainless steel (X15CrNiSi25-21), has an
inner diameter of 53.1 mm, and has two main zones connected by a
flange. The supplied gas is nearly pure COy with a small stream of Ny
(<1%), which is necessary for purging the pressure measurement. CO5
enters the reactor’s lowest point and flows towards the off-gas line. The
first zone the gas enters is the preheating zone, which is heated by two
half-shell heating shells. These half-shells are rated at a nominal power
of 0.75 kW, and are 250 mm high. They are made from ceramic fiber
and can heat up to 900 °C. The preheated gas then flows towards a sieve
tray, where the flow is distributed. The reaction zone is also heated by
two identical half-shell heating shells, which can heat up to 1000 °C.
These temperature limitations refer to the highest possible set points for
the heating shells on the reactor’s outside. The temperatures observed
inside the reactor are lower due to static heat losses. The off-gas stream
from the reactor is a mixture of product gas, entrained particles, and
minor impurities such as tar. This mixture is conditioned for measure-
ment by a two-step particle separation and drying in Impinger bottles at
—-2°C.

The dry gas stream is fed to an Emerson Rosemount NGA 2000
continuous gas measuring device. This device can measure CO2, CO, Hj,
and CHy4 between 0% and 100% and O3 up to 25%. CO5, CO, Ha, and CH4
are measured by non-disperse infrared (NDIR), while O, is measured
paramagnetically. The accuracy is +1% of the calibrated maxima,

Bed materials

Characteristic

Silica sand

Limestone Olivine

Sauter-diameter dsy
inmm

Particle density pp
in kg/m?3

Characteristic

Particle size dp

Inmm C

Particle density pp
in kg/m?3

Scanning electron
microscopy of
fuel

' Mixed Large

Fig. 1. Materials used in described experiments.
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Feed lines ‘ Reactor Offgas treatment and measurement
JIQ =S
o [}...©
1 - i
o 10-100 ) 50g/2h50 ! 3
. v
Aok D :
@ H E ( Tar
84 H scrubber
o 0.46-70 (:)
N NL/min 1 ~ $53.1mm
A kD D§ p to 1000 °C
o)
o 3.2-23 0-100 % CO,
CcO, NL/min 0-100 % CO
?53.1 mm 0-100 % H,
Up to 900 °C 0-100 % CH,4
| 0-25 %0,
6.2-53 —®
NL/min L
Up to 400 °C

Fig. 2. Electrically heated fluidized bed reactor.

which are given in Appendix B. These accuracies were used to obtain the
error ranges in Section 3.1. Further measurements include temperature
measurements by thermocouples type K and a pressure measurement
below the sieve tray. The temperature measurement used as the refer-
ence for this paper’s investigations is centered in the reaction zone.

Semi-continuous experiments, as defined by Missen et al. [27], with
a batch of initially inserted wood char and continuous feeding of CO2
and removal of product gas are used to determine the CO5 conversion
within this paper. This type of experiment is favored over experiments
using continuous fuel feed to increase the speed of the investigation and
overcome reactor limitations from insufficient heating power. CO5
conversion is assessed close to the experiment’s start when biomass
conversion is still low, and wood char is available in excess (differential
reactor). A more detailed explanation of the experimental procedure is
given in Appendix B.

In total, 53 experiments are performed in this reactor (Fig. 2) to
assess the influence of six parameters on CO; conversion. Parameters are
varied in isolation and combined to determine their impact on X¢p2. A
summary of investigated settings is given in Table 4. A complete list of
experiments can be found in Appendix C.

Table 4
Experimental parameters investigated within this work.
Abbreviation  Investigated factor =~ Operational parameters Variations
(target values)
T Temperature 800 - 1000 °C 5
F Initial fuel loading 5-15cm 4
(height)
S Fuel size 0.8 - 8 mm 4
G Feed gas flow rate 0.30 — 0.43 Nm®/h 2
M Bed material type Silica sand|limestone| 3
olivine
B Initial bed-to-fuel 0.66 — 4 m*/m* 6

ratio

2.3. Calculation of CO2 conversion

The CO; conversion is evaluated in this work by applying a calcu-
lation method using the dry-based volumetric concentrations of the
product gas components CO, CO,, and Hy, which are expressed as ca,
where A is the molecule species. Using this method, X¢o2 can be
calculated continuously with a matching resolution of one second as the
gas measurement. The equation for this method is given by [28] and
considers the Boudouard (Eq. 1) and steam-carbon (Eq. 2) reactions. It
assesses how much educt CO5 is converted to product CO by the Bou-
douard reaction. This calculation is corrected for any CO instead pro-
duced by the steam-carbon reaction, which also produces H,.

Cco — CH2
cco =y +2:ccor

XC()Z = (15)
Eq. 15 describes the CO5 conversion X¢pz, which aims to describe the
change in mass of CO, before and after the reactor. This equation is used
to evaluate all experiments conducted in the scope of this paper.
Reference [28] does not provide context for the applicability of this
equation. The following assumptions are considered to apply:

e No CO or Hj is present in the feed gas. This assumption is most valid
for feedstocks like char and coal, which have relatively limited vol-
atile content and do not contribute significantly to the gas compo-
sition via devolatilization. With increasing volatile content, the
uncertainty of the calculation can increase.

e Solid carbon is only converted to gas via reactions in Eq. 1 to Eq. 3.
This assumption also faces increasing uncertainty from increasing
volatile content in biomass.

The fuel used in this study has low volatile and oxygen contents.
Furthermore, fuel is fed into the hot reactor under a nitrogen atmo-
sphere shortly before the gasification starts. Data show some gaseous
pyrolysis products are released when fuel is fed into the hot nitrogen
atmosphere, but minimal devolatilization products are measured at the
gasification start (Appendix B). For these reasons, the assumptions
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described above are considered to apply, which lowers the uncertainty
in calculating X¢ogz.

The X2 data presented in the results section are the average value
of a 10-14 second period near the start of gasification (Appendix B).
This methodology is chosen because this period represents the
maximum observed CO, conversion before the conversion drops due to
temperature and fuel decreases. An average value over this short period
is used instead of only the data point with maximum conversion to
reduce noise from relying on a single data point. The error ranges of
figures in Section 3.1 result from the uncertainty in gas concentration
measurement.

2.4. Semi-empirical CO, conversion model development

Correlations between the six investigated parameters and the CO5
conversion are reported in the experimental Section 3.1. These empirical
results are combined and conceptualized in the modeling part of this
paper in a semi-empirical model based on simplified reaction kinetics.
The proposed model replicates the CO, conversion in the investigated
bubbling bed reactor based only on the described parameters and ex-
cludes or generalizes phenomena for which data are unavailable, e.g.,
bed expansion and bubble formation. After simplification, this model
can approximate the CO; conversion in this allothermal fluidized bed
reactor based on a small set of process characteristics.

The thermodynamic equilibrium of this chemical system in the
investigated temperature range is calculated using FactSage. This
calculation suggests high CO, conversions of 78.7% at 800 °C to 98.3%
at 1000°C in equilibrium. The observed experimental CO5 conversions
are generally significantly lower and suggest a rate-controlled system
behavior, indicating Xco2 should be described as a function of the re-
action time t. Fluidized bed reactors’ essential advantage is their heat
and material distribution uniformity. For this reason, the model is pro-
posed using the hydrodynamic residence time distribution of a perfectly
stirred reactor (PSR). For a first-order reaction in a PSR, the literature
suggests Eq. 16 to describe the CO, conversion [29].

k-t
1+k7

Xcon :/ [1—exp( —k~t)]-1~exp<—£)dt = (16)
0 T T

The simplified form of this equation eliminates the reaction time ¢t
and describes the conversion of CO2 using the reaction rate constant k
and the hydrodynamic residence time 7. The hydrodynamic residence
time 7 describes the average time of CO; in the reactor as the ratio of
reactive volume V and volume flow rate V (Eq. 17). Since this investi-
gation is heavily focused on solid-gas reactions, the reactive volume is
assumed as the volume taken by the fuel-bed material mixture. For this
reason, the feed gas flow rate (G), given at the standard temperature Ty,
is corrected to reactor temperature T and combined with the cross-
section of the reactor (A), initial fuel loading (F), initial bed material-
to-fuel ratio (B), and bed void fraction of mixed bed (¢) to calculate z.
The bed void fraction and height during gasification are not available
from this experimental setup. Bed void fractions between 0.4 and 0.6 are
reported for binary bed material and biomass mixtures in bubbling
fluidized beds, e.g., in [30-32]. In this work, an estimation of 0.5 for the
mixed bed void fraction ¢ is used for all experiments. The height of the
bed material-fuel mixture is described in two terms to assess two aspects
individually: initial fuel loading (F) in an otherwise empty reactor and
added bed material (1+B).

1% A-F-(1+B)e
T= v - 7= GT/T, a7)

The reaction rate constant k describes the rate and direction of the
reaction. k can be explained by the Arrhenius expression, which repre-
sents the temperature and activation energy E, dependency of k (Eq. 18).
The preexponential factor kg summarizes various effects, e.g., the like-
lihood of reaction species collision, and is used as a fitting parameter.
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The exponential term represents the fraction of collisions with enough
energy to overcome the activation energy barrier. Initial fuel loading (F)
and fuel size (S) in the reactor are proposed to be correlated with
available reaction sites and, therefore, the preexponential factor. The
potential catalytic activity of bed material is associated with changes in
activation energy, which the variable M expresses.

—E,
k = ko-exp (ﬁ) -

—E,M
k= kU-S~F-eXp< RT )

Initial bed-to-fuel ratio (B), feed gas flow rate (G), temperature (1),
and initial fuel loading (F) are available as quantified values for each
experiment and are plugged into the model in SI units. Exponential
scaling factors a, # and y are used to scale these values to investigate
their relative influence while achieving the best fit. M and S are not
available as representative quantified values and are therefore left as
dimensionless variables to solve. Bed material influence is considered
using the dimensionless variable M, which describes the scaling of
activation energy as a function of bed material type. M has one value for
all experiments with silica sand and another value for all experiments
with olivine as a bed material. Limestone is not included in this model
since its reactions with CO5 go beyond catalytic activity, so the calcu-
lated CO; conversion is not comparable within the same model. Fuel size
is a complex parameter with a multifactorial influence. Morphological
particle characteristics like specific surface area and pore size directly
influence heat and mass transport. Particle size also affects X¢p2 indi-
rectly by stabilizing the bubbling bed fluidization regime at smaller
particle sizes, leading to a more homogenous heat and material distri-
bution. These varying correlations make values like the mean particle
size an unsuitable scaling factor. A dimensionless variable S with four
discrete values for the four size classes analogous to the procedure for
bed material types is used as a way around this issue. The combined
modeling expression is given by Eq. 19.

—E, M\ AF'-(14B%)-¢
ko-5-exp (F) Gy

1+ ko-S-exp (E§M> AP (1B

(G-1/Tp)

18)

19)

XC()Z =

3. Results

Experimental data are presented in this chapter to describe the in-
fluence of individual parameters on CO, conversion. The data presented
here aim to explain the trends in CO» conversion due to parameter
variation. At the end of this chapter in Section 3.2, a semi-empirical
model combining the individual investigations is proposed. This
model describes which parameters can be selected to reach this fluidized
bed reactor’s highest CO, conversion.

3.1. Influence of experimental parameters on the CO2 conversion

3.1.1. Temperature

To assess the influence of temperature on the CO, conversion, the
reactor’s electrical heating was operated at set points between 800 and
1000 °C. The measured temperature in the reaction zone during the
evaluation period is used for all evaluations. The materials used for these
experiments are 5 cm of wood char (16.9 g) and 10 cm of olivine. CO4
feed gas flow rate is 0.43 Nm®/h, around ten times the minimum
fluidization velocity uys at 1200 K. Fig. 3a shows the evolution of X¢o2
over the gasification duration, while Fig. 3b compares X¢oz at the time
of evaluation.

Increasing the temperature strongly enhances the CO, conversion in
the investigated interval. X2 increases from 11.9% at 803.0 °C to
48.7% at 981.5 °C. Equilibrium conditions for this system were
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Fig. 3. a) Xco2 over the time of gasification (temperature given is the set point temperature; measured values differ). b) Influence of temperature on Xco, at various
temperatures (temperature measured). Thermodynamic equilibrium is calculated using FactSage.

calculated using FactSage and are dominated by the Boudouard reaction
(Eq. 1). Thermodynamic equilibrium suggests a much smaller relative
increase from about 80% Xcoz to 98% in the same temperature range.
Therefore, the experimentally observed X¢o2 is significantly closer to
equilibrium at higher temperatures. These data align with literature
finding CO5 char gasification to be the rate-limiting step of the global
pyro-gasification reaction with a duration near 95% of the entire
biomass conversion time [6]. Different rate-controlled regimes and
increased reaction speeds at higher temperatures are reported [18]. In
summary, this experimental data and FactSage calculation support that
increasing the temperature is crucial for increasing CO production in
thermodynamic equilibrium and lowering the reaction time necessary to
reach equilibrium.

3.1.2. Fuel loading in the reactor

Fig. 4 compares X¢oz for a range of initial fuel loadings in the reactor,
given as the initial height at the experiment start. Experiments are
performed at 1000 °C and 900 °C set point temperature with 10 cm of
olivine as bed material in the reactor. The CO, feed gas flow rate is set to
0.30 or 0.43 Nm®/h, which equals seven or ten times the minimum gas
flow rate for fluidization of the bed material particles.

The reactor’s initial fuel amount significantly correlates with the CO,
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Fig. 4. Influence of initial fuel loading (given as initial height in the reactor at
experiment start in cm) and feed gas flow rate (CO, superficial flow rate) on
CO;, conversion Xcoz. Thermodynamic equilibrium is calculated using FactSage.

conversion in these experiments. An increase from 67.8% to 83.9% for
Xcoz is achieved by increasing initial fuel loading in the reactor from
5cm (16.9 g) to 10 cm (33.9 g) at 1000 °C (set point). At the time of
these evaluations, shortly after the experiments started, solid material
was available in excess during all experiments, and only a negligible
amount of fuel had been converted. Therefore, this increased CO5 con-
version is a result of increasing the contact time of CO2 with the fluidized
bed. The contact time of feed CO, flowing with 0.3 Nm®/h in the mixture
of olivine and wood char is increased from 0.42 s at 5 cm initial fuel
loading to 0.56 s at 10 cm initial fuel loading for an assumed bed void
fraction ¢ of 0.5 at 1000 °C. Calculating the gas-fuel contact time by
disregarding the bed material and only considering the wood char in the
reactor would result in a linear correlation between the contact time and
the initial fuel loading in the reactor. For this assumption, doubling the
fuel loading from 5 cm to 10 cm also doubles the gas-solid contact time
from 0.14 s to 0.28 s.

The positive correlation between more fuel in the reactor and higher
Xcoz values is also underpinned by the decline of X2 observed after the
evaluated period. Fig. 3a shows a significant reduction of X¢o2 over half
an hour of gasification. Temperature set points, CO, feed gas flow rates,
and bed material are constant, but the initially batch-fed fuel is used up
and not replaced. While the sharp decline in X¢o, at the beginning is
most likely due to endothermic reactions lowering the temperature in
the reactive zone, Xz trends towards zero when the fuel amount in the
reactor decreases. The CO, conversion approaches zero once the fuel is
converted, which happens faster at higher temperatures with higher CO4
conversion and, therefore, fuel conversion via the Boudouard reaction.
This trend supports the finding that X¢oy is higher with higher amounts
of fuel in the reactor and higher fuel-gas contact time.

3.1.3. Fuel particle size

Three classes of wood char size were extracted from the mixed-size
fuel by sieving. The three classes of fuel size are large fuel (5 - 8 mm),
medium fuel (2.5 - 5 mm), and small fuel (0.8 — 2.5 mm). Fig. 5 shows
CO4, conversions as measured for these three classes of particles and the
mixed-size fuel at various initial fuel loading values. The set point
temperature for all depicted experiments is 1000 °C. The feed gas flow
rate is 0.30 Nm®/h, equivalent to seven times the minimum number
necessary for fluidizing the bed material at 1200 K. Olivine is placed
10 cm high in the reactor as bed material for all experiments.

The COy conversion efficiency increase observed with increasing
initial fuel loading holds for all investigated fuel particle classes. At
5-10 cm fuel heights, there is little difference in performance between
small, medium, and mixed-size wood char particles used as fuel. Large
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Fig. 5. Influence of fuel particle size at various initial fuel loadings (given as
initial height in the reactor at experiment start in cm) on CO» conversion Xcos.

fuel particles (5-8 mm) show lower CO5 conversions at 5 cm (59.4% vs.
average 66.1%) and 10 cm initial fuel loading (76.5% vs. average
83.0%). A possible explanation is given by higher specific surface area
and better heat and mass transfer in smaller particles [33,34]. In addi-
tion, an inhibition effect resulting from increased CO concentration in
the particles’ pores is reported to be more significant for larger particles
[35]. These data suggest that this system might have a threshold fuel
particle size, which sees larger fuel particles showing lower X¢og2.

Several authors report an increase in mixing quality when smaller
biomass [36,37] or coal [38,39] particles are fluidized in smaller bed
material particles. Fluidization calculations in Appendix A indicate that
the lower X¢oz value observed for large fuel particles might be con-
nected with the fluidization of fuel particles. The calculation shows that
the applied feed gas flow rate leads to a superficial gas velocity that
exceeds the minimum fluidization velocity s of small wood char par-
ticles and is close to uyy for medium-sized wood char. In contrast, the
calculated minimal fluidization velocity for large wood char particles is
not reached. Appendix D also shows differences observed for gasifica-
tion experiments with small and medium fuel particles at high fuel
loadings extended after the evaluation period.

3.1.4. Feed gas flow rate

The CO5 conversion as a function of the gas flow rate of CO- fed to
the reactor is compared in Fig. 4 for various initial fuel loadings and
temperatures.

Increased feed gas flow rates are correlated with lower X¢oz at all
temperatures and initial fuel loadings. Decreasing the CO; superficial
flow rate from 0.43 Nm>/h to 0.30 Nm?>/h increases the fuel-gas contact
time by 41.1%. On average, X¢oz is increased by 26.1% due to this, again
suggesting a strong correlation between fuel-CO, contact time and X¢oy.
This observation is consistent with all investigated parameter combi-
nations. It can be concluded that decreasing the feed gas flow rate in-
creases X¢o2 by increasing the fuel-gas contact time. At a flowrate of zero
and infinite gas-solid contact time, the thermodynamic equilibrium
limits this increase. For fluidized bed reactors, another practical limit is
given by the minimal flow rate necessary for fluidization (Appendix A).

3.1.5. Bed material type

Fig. 6 compares three bed materials described in Fig. 1 under iden-
tical conditions. The reactor’s electrical heating is operated at set points
between 800 and 1000 °C. The materials used for these experiments are
5 cm of wood char (16.9 g) and 10 cm of each bed material. CO; feed gas
flow rate is 0.43 Nm>/h.

Comparing silica sand and olivine as bed material reveals a clear
improvement in CO5 conversion for using olivine over silica sand. At the
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Fig. 6. Influence of bed material type on Xcoz at various temperatures (tem-
perature is measured). Thermodynamic equilibrium is calculated using FactS-
age. Data marked with X are an artifact resulting from quicklime binding CO,.

highest investigated set point temperature of 1000 °C, a reactor con-
taining silica sand converts CO, at 34.5%, while olivine exhibits a CO,
conversion of 48.7%.

Limestone is showing significantly higher CO5 conversions at tem-
peratures below 950 °C. Carbon balancing around the reactor and
comparing temperature changes at the beginning of gasification reveals
this to be an artifact resulting from quicklime capturing CO,. Before
every experiment, the reactor is conditioned by burning leftover fuel
with air at 1000 °C and adjusting the set point temperature under a
nitrogen atmosphere. These conditions favor the production of quick-
lime, which is the expected compound at the experiment start [26]. Up
to 900 °C, the exothermic carbonation reaction of quicklime binding
CO2 and forming limestone is expected. The overestimated CO2 con-
versions under these conditions result from removing unconverted CO»
from the produced gas. This effect removes the comparability of the
generated data from using limestone with other bed materials in this
study, as indicated in Fig. 6. At higher temperatures, these data suggest
conversion efficiency similar to olivine, but the trendline increases less
steeply. Due to the carbonation reaction phasing out over increased
temperature, these data are too inconclusive and restricted to estimate
the effect of limestone as a bed material on CO5 conversion with suffi-
cient confidence.

3.1.6. Bed-to-fuel ratio

Variations of the initial volumetric bed-to-fuel ratio are compared by
keeping the same amount of wood char in the reactor and varying only
the amount of olivine used as bed material. This variation is performed
to see if the longer gas-solid contact time with the olivine-wood char
mixture resulting from increased bed height would increase the CO2
conversion. If olivine catalyzes the conversion of CO,, e.g., via the
Boudouard reaction, another effect of increasing this ratio could be a
more pronounced catalytic effect. Fig. 7 shows the results of this
investigation, which was performed using 5 cm of wood char loaded into
the reactor. Set point temperatures are varied between 900 and 1000 °C.
The feed gas flow rate is 0.30 Nm>/h, equivalent to seven times the
minimum number necessary for fluidizing the bed material at 1200 K.

Increasing the initial bed-to-fuel ratio B by 50% by adding more
olivine increases X¢oz2 by only 0.8% on average. Doubling B lowers the
observed X¢oz2 by 6.1% on average. The experimental error ranges ob-
tained for these experiments are 3.6-5.4% in COy conversion This
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Fig. 7. Influence of initial volumetric bed-to-fuel ratio on Xco2 at various pa-
rameters (temperature is set point) for olivine as bed material. Thermodynamic
equilibrium is calculated using FactSage.

inconclusive trend, minor overall changes, and error ranges suggest the
influence of B on CO; conversion efficiency to be negligible.

The stability of the bubbling fluidized bed in continuous operation is
an effect not consistently represented by the calculation method for CO,
conversions in this paper. Appendix D describes how differences in
fluidization could explain lower X¢oz values during prolonged investi-
gation, using Figure D-1 as an example.

3.2. CO, conversion model

The 53 experimental results presented in Section 3.1 are plugged into
the theoretical CO5 conversion model (Eq. 19). First, X¢o2 is calculated
for each experiment using a placeholder value of 1 for a, g, v, M, S, ko,
and E,. The root square error between the modeled and observed X¢q; is
calculated for each experiment. The sum of errors is divided by 53 to
calculate the root mean square error (RMSE), which describes the
model’s accuracy in estimating the measured CO5 conversions. Second,
the variables a, 8, y, M, S, ko, and E, are solved by Excel Solver, mini-
mizing the root mean square error (RMSE). M for olivine and S for
mixed-size fuel are kept at the initial value of 1 for comparability. Third,
one by one, the scaling factors are excluded from the model to check if
their exclusion significantly increases RMSE, lowering model quality.
Excluding parameters from the model lowers its flexibility and increases
RMSE to increase model simplicity and focus on the most important
identified parameters. A parameter is deemed significant here if its
exclusion from the model increases RMSE by more than 1%gxco2. The
remaining parameters and solved variables are proposed as a semi-
empirical model able to predict CO, conversion in this gasification
system (Table 5).

The proposed model simplifies the hydrodynamic residence time
term 7 (Eq. 17) to a new time descriptor termed fuel-gas contact time
tpge. This simplification results from the modeling suggesting no cor-
relation between the amount of bed material and the conversion of CO5
in the reactor. The new term 7y describes a hypothetical reactor with
the same initial fuel loading F and bed void fraction ¢ as the real fluid-
ized bed reactor but without any bed material (Eq. 20).

A-F-e

G-T/T, (20)

TrGc =

Nearly no increase in RMSE is observed after eliminating the initial
bed-to-fuel ratio B from the model by setting a to 0 and only considering
the gas flow rate G as a linear factor in calculating 7rg¢c by changing f to
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the value 1. Eliminating the fuel size S as a parameter increases RMSE by
around 0.19%gxco2. Further simplification of the model increases RMSE
by 0.63%jxco2 when the initial fuel loading F is also only considered as a
linear factor in the calculation of 7rgc by changing y to the value 1.
Eliminating the bed material parameter M increases RMSE by more than
1%gxco2 and is therefore not done. The simplified model uses only T, M,
and 7pgc (formed using F and G) as parameters and approximates the
experimental data at an RMSE value of 4.06%xcoz2. This value lies within
the error ranges obtained from experimental data due to the uncertainty
in gas concentration data. The experimental data shows error ranges
between 1.3% and 7.1%xcoo.

The temperature in the reactor has a strong influence on X¢oz in the
final model. Higher temperatures decrease the time to approach equi-
librium by increasing the reaction rate constant k according to the
Arrhenius equation (Eq. 18). Higher temperatures also favor CO pro-
duction via the Boudouard reaction (Eq. 1) in equilibrium. For a fuel-gas
contact time of 0.25 seconds and olivine as bed material, the model
predicts the CO, conversion to increase from 26% at 800 °C to 80% at
1000 °C.

The initial fuel loading in the reactor and the feed gas flow rate are
combined to form the fuel-gas contact time (Eq. 20), significantly
influencing the CO, conversion in the final model. A correlation between
time and conversion is expected for all chemical systems which are not
in thermodynamic equilibrium. This aspect of the model solution is
confirmed by comparing the observed CO5 conversions versus the higher
conversions suggested by the thermodynamic equilibrium calculation
using FactSage. For a temperature of 1000 °C and olivine as bed mate-
rial, the model predicts the CO2 conversion to increase from 67% at
0.125 seconds to 80% at 0.25 seconds of fuel-gas contact time.

The activation energy E, decreases by around 6% if the bed material
is switched from silica sand to olivine. This decrease in activation energy
increases Xcp2 at all investigated temperatures, thus making olivine a
better choice of bed material in CO; gasification. Without a baseline for
the investigated system given by experiments that use neither silica sand
nor olivine, this study does not answer if either bed material catalyzes
the conversion of COz. The relative difference could be explained by
olivine acting as a catalyst or silica sand as an inhibitor in this model. An
alkali index reported in the literature, which evaluates the catalytic
activity of ash in coal or char, supports both explanations [40]. Silicon,
the main component in silica sand, is suggested to act as an inhibitor if it
is part of the ash [40]. Magnesium and iron comprise around 60 wt% of
olivine and are reported elsewhere to show moderate catalytic in the
fuel matrix [10] or if mixed with the fuel as a powder. The low corre-
lation between the bed-to-fuel ratio and X¢p2 given by the model sug-
gests that olivine might not be catalytically active.

The activation energy identified in this model is around 139 kJ/mol
for olivine as a bed material. This value agrees with the literature, which
identifies four reaction domains in CO2 gasification. For thermogravi-
metric analyzers, free-fall fixed-bed reactors, and drop-tube reactors,
activation energies of 125-147 kJ/mol are reported in the temperature
range of 900-1000 °C, and the system is characterized as particle or bed
diffusion-controlled [18]. The same authors identify no diffusion limi-
tation for a fluidized bed reactor but report a sharp decrease of activa-
tion energy at 1250 K from chemical-controlled 232 kJ/mol to a
system-specific external mass transfer limitation. Other sources do not
investigate different limitation regimes but agree with the broad range
of activation energy (141-160 kJ/mol given by [41]) or find higher
activation energies around ~250 kJ/mol, which is likely due to lower
temperatures resulting in a chemically controlled system [18,42]. In
summary, the activation energy found in this work generally agrees well
with the literature data, giving credibility to the underlying model
(Table 5).

The simplified model is depicted in Fig. 8, which uses olivine and
silica sand as bed materials in two viewpoints each. The tips of the ar-
rows represent experimentally found X¢oz. The colored lattice is the
model approximation of these values, and the transparent lattice is the
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Table 5

Modeling parameters for designing a semi-empirical CO, conversion model in
the described fluidized bed gasifier; 1*...Set as 1 for comparability.

Parameter Full model Simplified model
Model equation —Eq-M
Eq. 19 ko-exp< )*TFGC
R-T
Xcop =————F =9~
1+ k0~exp<7 ﬂ.M) “TFGC
R-T
a 0.036 -
B 1.115 1
7 1.377 1
Quartz 1.06 1.07
Olivine 1* 1=
Fuel mixed 1* -
Small fuel 1.008 -
Medium fuel 1.121 -
Large fuel 0.878 -
koinm’ /s 4.67E+06 7.95E+06
E, in J/mol 138800 138800
RMSE in %xcoz 3.24 4.06

thermodynamic equilibrium for this system, as given by FactSage.

The gap between the thermodynamic equilibrium and the experi-
mental CO5 conversion decreases with higher temperatures and fuel-gas
contact times. The system is closer to equilibrium for using olivine (left)
instead of silica sand (right) as a bed material due to the lower observed
activation energy using olivine. This model approximation matches the
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highest experimentally observed X¢oz. Table 6 and Figure B-1 give in-
formation about the experiment using the highest investigated set point
temperature and initial fuel loading, the lowest feed gas flow rate, and
olivine as a bed material. With these settings, the described experiment
operates close to the reactor’s geometrical and durability limits to
convert 86.1% of CO, compared to a model approximation of 83.4%.
This conversion vastly exceeds the highest COy conversion previously
observed in a similar reactor, reproduced by the same calculation
method at 35% (Table 2) [25]. The resulting gas is rich in CO and has an
H,-to-CO ratio of around 1:8. This ratio is too low for direct conversion
of the gas to methanol or in Fischer-Tropsch-synthesis, which need an
Ha-to-CO ratio of around 2:1 [3,43]. For this reason, the gas needs to be
enriched in Hy to be used as a synthesis gas, e.g., by adding hydrogen
from water electrolysis.

4. Conclusion

The influence of experimental parameters on CO5 conversion in an
allothermal fluidized bed reactor is described in this paper. Positive
correlations are identified and combined to increase the conversion of
CO,. The investigated parameters are process characteristics, and the
results can be used for highly efficient reactor design. The 53 semi-
continuous experiments described in this work are performed in a flu-
idized bed reactor with a nominal power of 2 kWy,. A parameter vari-
ation including the six parameters temperature (T), bed material type

a) Simplified CO2 conversion model for olivine as bed material
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Table 6

Journal of CO2 Utilization 81 (2024) 102706

Comparison of model approximation and experimental data on the experiment with the highest CO, conversion Xco» in this paper.

Experiment #53

Operational parameters

Temperature (set point) Temperature (measured) Initial fuel loading Feed gas flow rate Bed material Initial bed-to-fuel-ratio Fuel size

°C °C cm Nm®/h - m®/m* mm

1000 970 15 0.30 Olivine 0.67 0.8-2.5
Average data during evaluation period

Cco CO, CHy4 H, Rest Xco2 experimental Xco2 model

vO1%db,N2-free VO1%adb,N2-free vOl%db,N2-free vOl%db,N2-free vOl%qb,N2-free % %

82.75 5.90 0.05 10.01 1.30 86.1 83.4

(M), initial bed-to-fuel ratio (B), initial fuel loading in the reactor (F),
feed gas flow rate (G), and particle size (S) is conducted. (Table 4) The
main results of this study are:

e CO; gasification in a fluidized bed is demonstrated to convert CO5 to

CO at very high rates. The highest conversion observed within this

publication is 86.1%, producing gas with 82.75% CO, 10.01% Hy,

and only 5.90% COs. (Table 6)

This system’s experimentally observed CO; conversion can be

replicated in a semi-empirical model based on reaction kinetics with

a root mean square error of 4.06%jxco2. The calculated activation

energy of 139 kJ/mol matches well with the literature. (Table 5)

The CO5 conversion in the investigated system can be effectively

increased by using higher temperatures, higher initial fuel loading in

the reactor, lower feed gas flow rates, and olivine instead of silica
sand as a bed material. The fuel loading and feed gas flow rate can be

combined as the newly defined fuel-gas contact time zpgc (Eq. 20).

No clear correlation was observed between X¢o2 and a change in bed-

to-fuel ratio or fuel particle size. (Fig. 8)

e Although fuel size and bed-to-fuel ratio are not observed to strongly
influence X¢p2 in the system, they are to be considered for the sta-
bility of the bubbling bed fluidization regime. Unstable fluidization
from too low a bed-to-fuel ratio might also decrease X¢o2. This effect
can be countered by lowering fuel particle size to promote their
direct fluidization. (Figure D-1)

In summary, this work highlights the importance of multiple pa-
rameters for efficiently converting the greenhouse gas CO, with biomass
to product gas with very high CO content. While increasing temperature
is the dominant parameter, this also likely comes with energy penalties
in practical applications. Increasing fuel-gas contact time by optimizing
reactor design promises a significant increase in X¢oz without increasing
the ongoing cost of operation. Larger commercial reactors operated
under similar conditions would allow for higher gas-solid contact times,
further increasing CO5 conversion compared to the findings in this
study.

Hydrodynamic aspects like bed expansion or bubble formation were
not investigated in this work. Experiments were performed with a highly
carbonaceous biomass with low volatile content. When using biomass
with higher volatile content, the resulting gas could be mixed with
devolatilization products and potentially lowered in CO content.

This thermochemical carbon conversion pathway could provide CO-
rich gas for multiple green production chains in the chemical industry.
Additional hydrogen is necessary for chemical synthesis to meet the
hydrogen-to-carbon monoxide ratio demands of common processes,
such as methanol production or Fischer-Tropsch synthesis. This
hydrogen should be produced by low-emission technologies, e.g., water
electrolysis with renewable electricity, to achieve overall emission
savings. For industrial applications, it has to be considered that utilizing
CO via the Boudouard reaction is highly energy-intensive due to its
endothermic nature. Compared to other biomass gasification processes,
the high conversion of CO2 to CO demonstrated in this work means that
less carbon monoxide needs to be produced from biomass. Furthermore,
a lowered CO; content in the produced gas can bring energy savings
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from reduced gas separation and recirculation demand. This process can
substitute CO from coal or natural gas in synthesizing bulk chemicals
like methanol, aldehydes, and alcohols. Therefore, biomass CO, gasifi-
cation as a carbon capture and utilization technology could lower the
life cycle emissions from the chemical industry significantly, supposed
CO and biomass are sustainably sourced and renewable.

The chemical interactions between fuel and bed materials should be
investigated in future studies to improve the understanding of catalytic
effects. A numeric simulation study looking into hydrodynamic aspects
could provide further insights into the specifics of mass transfer and gas-
fuel contact times. Using a water-CO5 mixture as the gasification agent
or using different fuels should be investigated for their potential to in-
crease the hydrogen-to-carbon monoxide ratio in the produced gas. The
model proposed within this work should be compared to results ob-
tained from continuous operation at a larger scale and with other fuel
types. Special attention needs to be given to energy demands and losses,
which are beyond the scope of this study. The technical results should be
contextualized in future investigations with life cycle and techno-
economic assessments in various production chains.
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Appendix A. Fluidization calculations

The fluidization state of particles is a function of particle and gas characteristics and operating conditions. The following section explains the
calculations behind selecting gas flow rates for the bubbling fluidized bed used in this work.

Particle size is determined by sieving analysis. Bed materials were analyzed by a cascade of sieves with mesh sizes from 1 mm to 63 pm. The sieving
analysis results and particle size dp values are given in Table A-1.

Table A-1
Sieving analysis of bed materials. The data reflect the average result for each bed material. Three samples were analyzed per bed material. N.d...Not detected

Bed material my Sieve number n Mesh size dp,n,average m, Wn d, + standard deviation
g pm pm g 8/ pm
Silica sand 448.097 1 1000 366+2.1
2 400 700 169.883 0.379
3 280 340 177.983 0.397
4 224 252 61.237 0.137
5 180 202 28.653 0.064
6 140 160 7.950 0.018
7 100 120 2.033 0.005
8 63 81.5 0.320 0.001
9 0 31.5 0.037 0.000
Limestone 176.917 1 1000 385+3.5
2 400 700 122.307 0.691
3 280 340 46.953 0.265
4 224 252 3.717 0.021
5 180 202 1.170 0.007
6 140 160 0.310 0.002
7 100 120 0.323 0.002
8 63 81.5 0.483 0.003
9 0 315 1.653 0.009
Olivine 112.497 1 1000 337+0.1
2 400 700 0.193 0.002
3 280 340 109.563 0.974
4 224 252 2.603 0.023
5 180 202 0.110 0.001
6 140 160 0.027 0.000
7 100 120 N.d. N.d.
8 63 81.5 N.d. N.d.
9 0 31.5 N.d. N.d.

The values are the average data from three analyses, and the standard deviations observed in these analyses for the particle size dp are noted. Eq A-
1 was used to determine the particle size dp from dp n gverage; the average of mesh sizes on the n™ and (n-l)th sieve, and the corresponding weight
fraction wy,, which relates the mass retained on the n™ sieve mj, to the total sample mass my.

1/Zm0 /ZdPna\eragr (A-l)

For the experiments comparing the effect of fuel particle size (see Section 3.1.3), four sieves were used to separate the fuel mixture into three
classes of particles. Sieves with 8 mm and 0.8 mm mesh sizes were used as upper and lower limits, with larger and smaller particles being discarded.
The remaining fuel particles were split into three classes: 0.8 — 2.5 mm (small char), 2.5 — 5.0 mm (medium char), and 5.0 —8.0 mm (large char) based
on the mesh size of sieves used for separation. The resulting bed material and fuel particle sizes are given as dp in Table A-2 and Table A-3. The particle
sphericity @ is used to relate this particle size dp to the Sauter-diameter dgy, which is needed for fluidization calculations, see Eq A-2. The sphericity is 1
for ideal spheres. It has a lower limit of O for increasingly non-spherical particles. This value is not measured in this work but is taken from literature
suggesting a sphericity of 0.76 for average sand particles, which is used for all bed materials [44]. Particle sphericity of wood char from wood chips is
also taken from the literature [45]. No particle size change is suggested for calcinating limestone particles of this size at 900 °C [46]. Therefore, the
density change from limestone to quicklime closely follows stochiometric considerations based on the calcination reaction of CaCO3. The resulting
density of all bed materials, including uncalcined and calcined lime, is taken from an earlier study at TU Wien, which used the same materials [47].

dy, = ®-dp (A-2)

dP n.average

The minimum fluidization velocity uyyis the superficial gas velocity at which the drag force of the fluidizing gas becomes equal to the gravitational
force of the particles. This velocity allows the particles to transition from a fixed bed to a fluidized bed regime. The minimum gas velocity necessary for
fluidizing the bed particles is calculated using Eq A-3, as given in the literature [48,49]. Eq A-4 provides the Archimedes number Ar, which introduces
the solid density. The ideal gas law is used to calculate gas densities at different temperatures.

Upf = L(\/ 33.72 + 0.0408-Ar — 33.7) (A-3)
T ppdsy

de (pp —Pr)g

Ar = 2

(A-4)
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The results of these calculations are summarized for all bed materials and distinct fuel size classes in Table A-2. Feed gas flow rates are selected as
0.30 and 0.43 Nm®/h to achieve five to ten times unyof the investigated bed material as superficial gas velocity, expressed as fyns. These values result in
a bubbling bed fluidization regime for all three bed materials. Quicklime exceeds this window due to its lower density, but the calculated fyy is still
suitable to form a bubbling fluidized bed.

Table A-2
Fluidization properties of all used bed materials at 1200 K and atmospheric pressure.
Variable Unit Silica sand Limestone Quicklime Olivine
dp m 3.66E-04 3.85E-04 3.85E-04 3.37E-04
(] - 7.60E-01 [44] 7.60E-01 [44] 7.60E-01 [44] 7.60E-01 [44]
dsy m 2.79E-04 2.93E-04 2.93E-04 2.56E-04
pr (1200 K) kg/m3 4.34E-01 4.34E-01 4.34E-01 4.34E-01
pp kg/m> 2.65E+03 [47] 2.65E+03 [47] 1.50E+4-03 [47] 2.85E+03 [47]
u (1200 K) N*s/m? 4.68E-05 [50] 4.68E-05 [50] 4.68E-05 [50] 4.68E-05 [50]
g m/s? 9.81E+00 9.81E+00 9.81E+00 9.81E+00
Ar - 1.11E+02 1.29E+02 7.33E+01 9.32E+01
Unf m/s 2.61E-02 2.88E-02 1.63E-02 2.37E-02
A m? 2.21E-03 2.21E-03 2.21E-03 2.21E-03
me Nm®/h 4.73E-02 5.23E-02 2.96E-02 4.31E-02
fumg (0.30 Nm®/h) - 6.3 5.7 10.1 7.0
fumg (0.43 Nm®/h) - 9.1 8.2 14.5 10.0

The selected flow rates of 0.30 — 0.43 Nm>/h can also be used to calculate fums for the fuel particles (Table A-3). The particle density of wood char
was determined by water displacement measurement. These calculations result in fy,s above 1 for small fuel particles, around 1 for medium-sized
particles and below 1 for large particles. The effect of these differences is described and discussed in the main body of this work (see Section 3.1.3).

Table A-3

Fluidization properties of char used as fuel at 1200 K and atmospheric pressure.
Variable Unit Small char Medium char Large char
dp m 1.65E-03 3.75E-03 6.50E-03
@ - 6.60E-01 [45] 6.60E-01 [45] 6.60E-01 [45]
dsy m 1.09E-03 2.48E-03 4.29E-03
pr (1200 kg/m* 4.34E-01 4.34E-01 4.34E-01
pp kg/m? 3.30E+02 3.30E+02 3.30E+02
u (1200 K) N*s/m? 4.68E-05 [50] 4.68E-05 [50] 4.68E-05 [50]
g m/s? 9.81E+400 9.81E+00 9.81E+400
Ar - 8.28E+02 9.72E+03 5.06E+04
Unf m/s 4.93E-02 2.37E-01 5.75E-01
A m? 2.21E-03 2.21E-03 2.21E-03
me Nm®/h 8.94E-02 4.30E-01 1.04E+00
fumg (0.30 Nm®/h) - 3.4 0.7 0.3
fumg (0.43 Nm*/h) - 4.8 1.0 0.4

Appendix B. Detailed description of the experimental procedure

Semi-continuous experiments with continuously fed CO5 and initially inserted wood char are used to determine the CO» conversion within this
paper. This type of experiment has trade-offs with continuous experiments.

Three advantages can be identified compared to evaluating stationary points in continuous experiments: A first reason, which is essential when
assessing so many operational parameters, is the speed of investigation. Semi-continuous experiments are quicker to perform than investigating stable
continuous operation points because there is no need to wait for the system to reach its steady state. For this reason, more parameters can be studied in
the same amount of time. This advantage is present in many batch or semi-batch experiments.

The other reasons are system-specific and hail from reactor and measurement limitations with the used setup. Second, the conditions at the time of
investigation are close to the initial conditions and can thus be relatively accurately known. The fuel amount and size of particles in the reactor change
during the gasification process and are not measured in this system. Evaluating only close to the experimental start reduces unknown modifications to
the selected parameters. Third, endothermic reactions (see Table 1) cool the reactor significantly and lower its temperature. Since this system’s
primary reaction converting CO; is the endothermic Boudouard reaction, the cooling effect intensifies with increasing X¢o2. This effect reduces the
maximum achievable temperature in the reactor. During comparable continuous experiments, the highest temperatures achieved in this reactor were
around 100 °C lower. As a result, semi-continuous experiments can be used to correlate reactor temperature to CO, conversion in fluidized bed re-
actors over a broader range.

Compared to continuous experiments, some disadvantages of this type of experiment are less accurately representing industrial production and
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lacking the ability to conduct an energy balance properly. Mid- and long-term effects like catalyst deactivation or the risk of reactor blockage could be
assessed better in continuous experiments. Additionally, ongoing fuel feeding would lead to overlapping fuel devolatilization and gasification re-
actions, which might produce different gas compositions than semi-continuous experiments. While these aspects are not the primary focus of this
study, future follow-up works performed with continuous feeding are expected to expand the knowledge compared to the data presented in this paper.

During the experiments conducted in this work, gasification is preceded in the reactor by a short pyrolysis phase, as shown in Figure B-1. During
pyrolysis (white background), the reactor is heated and flushed under a nitrogen atmosphere. Fuel is added under the N5 atmosphere at experimental
temperature, leading to small amounts of devolatilization. This phase of devolatilization reduces the influence of the pyrolysis gases on the measured
gas composition during gasification, increasing the accuracy of the CO; conversion calculation.

In the gasification phase (green), CO; replaces Ny as a fluidization agent. The physical distance between the reaction zone and NDIR measurement
induces a delay of 30-60 seconds, which depends on the amounts of gases produced, temperature, and feed gas flow rate. Evaluating close to the
starting conditions reduces the uncertainty of fuel loading and fuel size, and also ensures that wood char is available in excess and does not limit the
conversion of CO3 stoichiometrically. To comparably start the evaluation period for all experiments at small fuel conversions, a standardized method
to eliminate this delay is applied. The evaluation begins once the sum of carbonaceous components (CO, CO3, CHy) in the produced gas exceeds 10 vol
%4dp- This cutoff number is selected because it coincides well with the first observed CO5 conversion plateau before the conversion starts dropping due
to the temperature and fuel decrease. The CO, conversion is averaged over 10 s for the higher and 14 s for the lower investigated feed gas flow rate to
assess equal amounts of CO;, fed to the reactor. Concentrations are measured every 1 s, and Eq. 15 is applied each second. Averaging over this short
evaluation period means that changes to reactor conditions remain minor, while potential errors in assessing Xo_ resulting from measurement noise
are reduced (see Figure B-1). Some nitrogen is in the measured gas throughout the gasification experiment because N3 is used as an inert gas to flush
the fuel hopper and is added to the product gas after the reactor but before measurement.
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Figure B-1. Experimental procedure in two phases: 1. Fuel is fed at the experimental temperature under N, atmosphere (white background). 2. CO, replaces N3 to
start gasification (green background). Magnified: Evaluated period for the CO;5 conversion Xcog2. More information on experimental parameters for this experiment is
given in Table 6.

Temperatures used in the evaluations are taken at the beginning of gasification since thermocouples do not suffer from the same 30 — 60 seconds
delay in measurement. The measured temperatures in the reactor are lower than the heating shells’ outside temperature set point due to static heat
losses and rapidly cool with increasing CO5 conversion due to the endothermic reactions. Evaluating the CO, conversion as described close to the
experimental start minimizes the changes to the reactor temperature resulting from this cooling effect. CO5 is replaced by air after 30 minutes of
gasification to combust residual unconverted coke in the reactor, preparing it for the next experiment. During the combustion phase, the temperature
is between 900 — 1000 °C, which is also expected to facilitate a complete decomposition of limestone to quick lime and CO». However, with this setup,
solid samples are not available during operation; therefore, experimental proof of this decomposition cannot be given.

The equipment used in this study has the following error tolerances:

e Dry gas composition measurement: 1 vol% of calibrated maximum. The calibrated maxima were
0 47.1 vol% CO,
0 25.0 vol% CO
0 10.1 vol% CHy4
0 20.9 vol% O,
0 7.7 vol% Hy
e Temperature measurement by thermocouple type K: 4%o0 of measured temperature

Appendix C. List of experiments

Table C-1
Full list of experiments.

Exp. Nr Fuel Bed material Target temperature CO;, feed Number of new experiments

height height Volume flow.

(continued on next page)
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Table C-1 (continued)

Exp. Nr Fuel Bed material Target temperature CO;, feed Number of new experiments
height height Volume flow
cm cm °C NL/min
cm cm °C NL/min
1-5 Wood char 5 Silica sand 10 800 | 850 7.2 5
sand 900 | 950
1000
6 Wood char 5 Silica sand 10 1000 5.1 1
sand
7-11 Wood char 5 Limestone 10 800 | 850 7.2 5
900 | 950
1000
12-16 Wood char 5 Olivine 10 800 | 850 7.2 5
900 | 950
1000
17-22 Wood char 5 Olivine 15 900 | 950 7.2 6
20 1000
23-31 Wood char 5 Olivine 10 900 | 950 5.1 9
15 1000
20
32-35 Wood char 7.5 Olivine 10 900 | 1000 7.2 4
10
36-39 Wood char 7.5 Olivine 10 900 | 1000 5.1 4
10
40-43 Large wood char 5 Olivine 10 1000 5.1 4
5-8 mm 10 7.2
44-48 Medium wood char 5 Olivine 10 1000 5.1 5
2.5-5mm 10 7.2
15
49-53 Small wood char 5 Olivine 10 1000 5.1 5
0.8-2.5 mm 10 7.2
15
Total variations 4 3 3 3 5 2 53

Appendix D. Comparison of fluidization and its effect when using high loadings of small- and medium-sized fuel

This section details experimental differences observed when investigating fuel particles with different sizes for a longer duration than the short
evaluation period, which is used to calculate and compare X¢o; in this work (Appendix B). For more information about the effect of this parameter on
CO4, conversion observed during the evaluation period, see Section 3.1.3.

Data for experiments with an initial fuel loading of 15 c¢m are given for medium and small fuel. Figure D-1 compares two experiments conducted at
1000 °C set point temperature and a CO-, feed gas flow rate of 0.30 Nm®/h. Both investigations use 10 cm olivine as bed material and 15 cm initial fuel
loading. The experiments differ in initial parameters only by choice of fuel particle size (medium and small). The data shown in Figure D-1 was
recorded several minutes after the evaluated period for comparing X¢og.
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Figure D-1. Comparison of fluidization stability (fluctuations in pressure drop) for medium (2.5 — 5 mm) and small (0.8 — 2.5 mm) fuel particle sizes at 15 cm initial
fuel loading: Effect on reaction zone temperature and CO; conversion.

Pressure drop measurements across the reactor are shown in Figure D-1 to fluctuate significantly more for medium-sized than for small-sized fuel.
This type of fluctuation is uncharacteristic for bubbling fluid bed regimes. Appendix A shows that the superficial gas velocity in these experiments with
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0.30 Nm3/h CO,, feed flow rate is around 3.4 times Uy for small wood char and 0.7 times uy, for medium wood char. Therefore, one explanation could
be that the bed for the experiment with medium-sized fuel deviates from bubbling bed behavior due to the fuel particles’ uyy value below 1. The
temperature spikes shortly after the average pressure drop decreases. This temperature spike can be explained by insufficient mixing when considering
the heat source is on the reactor walls while the temperature measurement is in the reactor’s core. When mixing is insufficient for efficiently
transporting heat from the hot walls to the reactor’s core, this lowers the CO, conversion. As a result of the decreased heat transport, less energy is
available for the endothermic gasification reactions in the reactor. The CO, conversion drops at a delay of around 60 seconds, which is explained by
the time the gas needs to flow through the measurement line. These data indicate that smaller fuel might facilitate higher CO5 conversion during
continuous operation at high fuel loadings by improving fluidization.
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