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Abstract 

Keywords: CO2 conversion, CCU, Biomass Gasification, Fluidized bed, Ironmaking 

Biomass CO2 gasification offers a promising thermochemical route to convert biomass and CO2 into a 

CO-rich product gas, providing renewable carbon and energy. However, key challenges must be 

addressed for this process to be considered a robust CO2 utilization strategy: process optimization, 

validating CO2 conversion, and industrial integration. This thesis tackles these three central questions 

through targeted experiments, novel measurement methods, and process simulations: 

First, the thesis explores how CO2 conversion can be increased in fluidized bed biomass gasifiers. High-

temperature operation (≥850 °C) is identified as a key driver, enhancing both the CO concentration in 

equilibrium and the kinetics of the Boudouard reaction (C + CO2 ⇌ 2CO). Experiments reveal that CO2 

conversion can also be limited by solid carbon availability and gas-solid contact time. A CO2 conversion 

of 93 % is achieved when gasifying wood char under optimized conditions in a lab-scale fluidized bed 

gasifier. 

Second, this thesis validates the conversion of feedstock CO2 by introducing a novel assessment strategy 

based on carbon isotope analysis. Previous investigations used estimation methods for CO2 conversion 

that could not differentiate carbonaceous product gas components by the origin of their carbon: biomass 

or CO2. This method allows for accurate calculation of how much externally supplied CO2 is converted 

during the process by leveraging the distinct δ13C signatures of biomass and external CO2 sources. These 

findings validate CO2 gasification as a technology for CO2 conversion and help process understanding.  

Third, the thesis evaluates the integration of biomass CO2 gasification into an ironmaking process by 

process simulations. A plant design is proposed where the gasifier supplies reducing gas for ironmaking 

while utilizing process-emitted CO2, forming a compact CCU-loop. Techno-economic and life cycle 

assessments show this approach to be both cost-effective and environmentally superior to natural gas-

based alternatives, achieving net-negative emissions of −83 kgCO2e/tCDRI at a levelized cost of 

350 €/tCDRI – compared to 892 kgCO2e/tCDRI and 416 €/tCDRI for a conventional MIDREX process. 

Two supporting research avenues further advance the biomass gasification field. First, a two-step 

process of biomass pretreatment by torrefaction followed by biomass CO2 gasification is used to produce 

biochar with up to 800 m²/g surface area at similar temperatures as those for high CO2 conversion. 

Second, a spectroscopy-based method using a 2.3 THz quantum cascade laser is introduced for online 

H2O quantification in the hot, tar-laden product gas, addressing key measurement challenges.  

In summary, this thesis enhances the scientific and technical foundations of CO2-assisted biomass 

gasification. It provides new tools for measurement, strategies for performance improvement, and 

evidence of real-world viability, positioning the technology as a credible pathway for renewable carbon 

production and industrial carbon utilization.  



Kurzfassung 
Schlüsselwörter: CO2-Umwandlung, CCU, Biomassevergasung, Wirbelschicht, Eisenherstellung 

Biomassevergasung mit CO2 bietet einen vielversprechenden Pfad, um aus Biomasse und CO2 ein CO-

reiches Produktgas mit erneuerbarem Kohlenstoff und Energie bereitzustellen. Damit dies als tragfähige 

CO2-Nutzungsstrategie gelten kann, müssen zentrale Herausforderungen bewältigt werden: 

Prozessoptimierung, Validierung der CO2-Umwandlung und industrielle Integration. Diese Arbeit 

adressiert diese drei Fragen durch gezielte Experimente, neue Messmethoden und Prozesssimulationen. 

Erstens untersucht die Arbeit, wie die CO2-Umwandlung in Wirbelschicht-Biomassevergasern erhöht 

werden kann. Hohe Betriebstemperatur (≥850 °C) wird als entscheidender Faktor identifiziert, da 

sowohl die Gleichgewichtskonzentration von CO als auch die Kinetik der Boudouard-Reaktion 

(C + CO2 ⇌ 2CO) begünstigt werden. Für hohe CO2-Umwandlung müssen ausreichende Verfügbarkeit 

von Festkohlenstoff und Gas-Feststoff-Kontaktzeiten sichergestellt werden. Unter optimierten 

Bedingungen wird eine CO2-Umwandlung von 93 % bei der Vergasung von Holzkohle erreicht. 

Zweitens validiert die Arbeit die Umwandlung von zugeführtem CO2 im Reaktor durch eine neue 

Messmethode auf Basis von Kohlenstoffisotopen. Vorhergehende Untersuchungen schätzten die CO2 

Umwandlung ohne zwischen Kohlenstoff aus Biomasse und CO2 zu differenzieren. Die neue Methode 

ermöglicht es durch Analyse der unterschiedlichen δ13C-Signaturen von Biomasse und zugeführtem CO2 

nachzuverfolgen, welcher Anteil des zugeführten CO2 im Prozess umgesetzt wird. Dies validiert 

Biomassevergasung mit CO2 als CO2-Nutzungsstrategie und fördert Prozessverständnis.  

Drittens bewertet die Arbeit durch Prozesssimulation die Integration der CO2-Biomassevergasung in 

einen Eisenherstellungsprozess. Der Vergaser stellt Reduktionsgas für die Eisenherstellung bereit und 

recyclet dabei prozessbedingt emittiertes CO2 – ein kompaktes CCU-System. Techno-ökonomische und 

Lebenszyklusbewertungen zeigen hierbei Vorteile gegenüber erdgasbasierten Verfahren: Netto-negative 

Emission von −83 kgCO2e/tCDRI bei levelisierten Kosten von 350 €/tCDRI stehen Emissionen von 

892 kgCO2e/tCDRI und Kosten von 416 €/tCDRI im konventionellen MIDREX-Prozess gegenüber. 

Zwei ergänzende Themen erweitern das Forschungsfeld. Erstens wird ein zweistufiger Prozess aus 

Torrefizierung und CO2-Vergasung zur Herstellung hochporöser Biokohle mit spezifischer Oberfläche 

bis zu 800 m²/g untersucht. Zweitens wird ein 2.3 THz Quantenkaskadenlaser zur spektroskopischen 

Quantifizierung von H2O in heißem, teerhaltigen Produktgas vorgestellt, was zur Überwindung 

bestehender Messtechnikhürden beiträgt.  

Zusammenfassend stärkt diese Arbeit die wissenschaftlich-technische Basis der CO2-

Biomassevergasung. Sie liefert neue Messwerkzeuge, Strategien zur Leistungssteigerung und Belege 

für die industrielle Anwendbarkeit. Dies positioniert die Technologie als glaubwürdigen Pfad zur 

Bereitstellung erneuerbaren Kohlenstoffs und zur industriellen CO2-Nutzung.  
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1. Introduction 
The introductory chapter starts by explaining the motivation to work on biomass CO2 gasification before 

presenting the aim and outline of this thesis. 

1.1. Motivation 

1.1.1. The urgency of climate change mitigation 
The Intergovernmental Panel on Climate Change (IPCC) states the scientific consensus on climate 

change research every few years in their assessment reports, which are the most comprehensive and 

scientifically sound source of information on global warming. The latest sixth reporting cycle was 

concluded in 2023 by the Climate Change 2023 Synthesis Report [1], which united the results by 

thousands of scientists and dozens of editors involved in working group I on the physical science base 

of climate change [2], working group II on the impacts, adaptation and vulnerability [3], and working 

group III on the mitigation of climate change [4]. This quote from the synthesis report’s foreword 

summarizes the urgency of climate change mitigation:  

[This report] confirms that unsustainable and unequal energy and land use as well as more than a 

century of burning fossil fuels have unequivocally caused global warming, with global surface 

temperature reaching 1.1°C above 1850–1900 in 2011–2020. This has led to widespread adverse 

impacts and related losses and damages to nature and people. The nationally determined 

contributions (NDCs) committed by 2030 show the temperature will increase by 1.5°C in the first half 

of the 2030s, and will make it very difficult to control temperature increase by 2.0°C towards the end 

of 21st century. Every increment of global warming will intensify multiple and concurrent hazards in 

all regions of the world. 

The report points out that limiting human-caused global warming requires net zero CO2 emissions. 

Deep, rapid, and sustained mitigation and accelerated implementation of adaptation actions in this 

decade would reduce projected losses and damages for humans and ecosystems and deliver many co-

benefits, especially for air quality and health. Delayed mitigation and adaptation action would lock-in 

high-emissions infrastructure, raise risks of stranded assets and cost-escalation, reduce feasibility, and 

increase losses and damages. Near-term actions involve high up-front investments and potentially 

disruptive changes that can be lessened by a range of enabling policies. 

IPCC, 2023 [1] 

Just one year after this report was published, 2024 was already the first year with more than 1.5 °C 

global warming over the pre-industrial level [5]. 2024 also included the day with the highest global 
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average temperature ever measured [5]. This drastic speed of global warming emphasizes the need to 

reach net-zero CO2 emissions as quickly as possible.  

1.1.2. The potential of carbon capture and utilization processes for 

emission reductions 
Reaching net-zero CO2 emissions requires radical change to abolish emissions from fossil feedstock in 

many fields. Fossil feedstocks are widely used for energy and as chemical ingredients, e.g., for 

producing transport fuels, plastics, or steel [4]. However, many of these products shape our daily lives, 

and some will never be entirely replaced by carbon-free alternatives, as carbon is an integral part of their 

characteristics [6]. Uniting the goal of net-zero CO2 emissions with continued use of limited-lifetime 

carbonaceous goods demands alternative carbon life cycles that do not pump carbon from the geosphere 

into the atmosphere [7]. Instead, this circular carbon economy needs to ensure that the same amount of 

CO2 is removed from the atmosphere as it is emitted.  

Figure 1 shows two ways to close carbon life cycles and achieve net-neutral CO2 emissions: If carbon 

originates from the geosphere, it must be transferred back to the geosphere by carbon capture and storage 

(CCS). However, if carbon originates from CO2 in the atmosphere and is then processed into 

carbonaceous products by carbon capture and utilization (CCU), it can also be emitted as CO2 to the 

atmosphere while retaining net-zero CO2 emissions [8]. Both ways of closing the carbon loops are 

theoretically acceptable; however, CCU is critical for use cases like aviation, where carbon capture is 

impractical [9] and it avoids the risk of emissions from carbon leakages during transport or storage [10], 

[11]. 

  
Figure 1: Closing carbon life cycles by carbon capture and utilization (CCU) and carbon capture and storage (CCS). The 
figure was adapted from [12]. 

The IPCC quote stated that much damage from global warming could be avoided by achieving net-

neutrality. The German Environment Agency recently calculated the climate damage costs at 

300 €2024/tCO2e when placing a higher weight on the welfare of current generations over future 
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generations and an astonishing 880 €2024/tCO2e when no such premium for current generations is 

considered [13]. The main drivers for these costs are damages in the agricultural sector (59 %) and 

increased mortality (32 %) [13]. If these costs were appropriately internalized into the unmitigated use 

of fossil carbon, most CCU technologies would already be economically favorable, as many studies 

already report renewable carbon technologies as competitive at much lower carbon prices [14], [15], 

[16], [17]. In reality, increasing carbon emission prices will likely internalize some of these costs, but 

technological advancements to reduce capital costs and increase efficiency for CCU technologies are 

also needed to achieve cost parity and incentivize industrialization [14], [18]. 

Once adequately developed and rolled out, CCU technologies using renewable CO2 would offer an 

advantage over fossil carbon use combined with CCS technologies, which is especially relevant for 

Europe: Increased security of supply in times of geopolitical turbulence. The distribution of fossil 

resources is much more uneven globally than that of renewable energy sources and CO2 [19], [20]. 

Europe is notably poor in fossil resources compared to its economic significance and relies on extensive 

imports of fossil feedstocks. The International Energy Agency (IEA) reports that Europe imported 

46.1% of used coal [21], 60.6 % of natural gas [22], and 76.6 % of crude oil [23] in 2022. This reliance 

on imports brings economic and security risks as supply can be impacted by external circumstances or, 

on purpose, diminished to apply pressure. The price shocks and supply scares of the 2022 gas crisis in 

Europe resemble the turmoil caused by the oil embargo and price shocks of the 1970s [24], [25]. Relying 

on domestically available energy and carbon resources such as biomass and CO2 can help to lower these 

risks and enable more countries to become independent of imports [20]. 

Von der Assen et al. [8] identified pitfalls to avoid when assessing the climate impact of CCU processes. 

One clear pitfall is the misclassification of CCU processes as “negative emission technologies” 

regardless of CO2 source, even though producing limited-lifetime products by CCU can only delay 

instead of avoid emissions from fossil CO2 sources (Figure 1). Unfortunately, this pitfall is not widely 

avoided, as CCU is often seen as an “end-of-pipe CO2 waste management”-technology, e.g., [26]. It is 

important to avoid this pitfall and further carbon lock-in effects that could lead to overshooting climate 

targets [4] by recognizing that renewable CO2 sources are necessary for a net-zero emissions future 

relying on CCU. However, there are challenges with the availability and cost of renewable CO2 for CCU 

until direct air capture matures as a technology [27] (Figure 2). Consequently, CO2 needs to be utilized 

efficiently, which demands technical development and motivates this thesis.  
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Figure 2: Estimated renewable CO2 capture cost vs. global capacity and demand by the middle of the 21st century. Figure was 
produced using data from [12], [28] for capture cost and capacity and [27] for sectoral demand. 

1.1.3. The initial case for CO2 utilization by biomass CO2 

gasification 
CO is an important platform chemical with a variety of uses. It is industrially highly relevant as a carbon 

source to produce chemicals [29] and as a reduction agent in metallurgical applications [30]. For 

example, CO is used in carbonylation reactions to produce various aldehydes, carboxylic acids, and 

esters [31]. CO can also be used to produce energy carriers such as methanol or methane by 

hydrogenation [32], and various products by Fischer-Tropsch synthesis [33], [34]. The water-gas shift 

reaction is often used to produce hydrogen by converting CO to CO2, which is critical in today’s 

ammonia production via the Haber-Bosch process and refineries for hydrocracking [35]. In metallurgy, 

CO is used as a reduction agent and takes up oxygen from ore to produce elemental metals, e.g., iron 

[36] or platinum [37].  

Carbon monoxide is usually produced and consumed in integrated processes, as CO’s toxicity brings 

challenges to transport and storage [31]. Industrially, CO is often produced as part of synthesis gas 

(syngas), which also contains hydrogen (H2) [38]. Syngas can be produced by reforming natural gas [38] 

or other hydrocarbons, among which coal and biomass are the most significant [39]. Another route for 

producing CO that has attracted research attention in recent years is CO2 capture and utilization (CCU), 

which describes a large group of technologies aiming to upcycle CO2 into value-added carbon products 

[40]. These technologies include various electrochemical [41], [42], solar-driven [43], non-thermal 

plasma [44], catalytic [45], and thermochemical [46] processes.  
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Biomass CO2 gasification is a thermochemical process that generates a product gas from biomass [47]. 

This product gas is rich in CO and contains H2, CO2, H2O, and various hydrocarbons [46], [48]. The 

thermochemical conversion process includes the energy-demanding Boudouard reaction, during which 

the feedstock CO2 reacts with the solid carbon from biomass [46]. This reaction is the main pathway 

that allows biomass CO2 gasification to function as a thermochemical CCU process, converting CO2 to 

CO [47]. In general, biomass CO2 gasification has strong potential for defossilization as it offers several 

key strengths as a CCU technology: 

• Utilizing CO2 and biomass in the same process allows for more renewable carbon products than 

utilizing either resource alone. This additional renewable carbon source is especially relevant if 

renewable CO2 availability at competitive prices is limited. 

• CO2 conversion to CO demands much energy, as CO2 is a thermodynamically stable molecule 

[48], [49]. Biomass CO2 gasification inherently covers some of that energy from biomass and 

does not need as much additional clean energy input as many other CCU processes. 

• Gasification processes are fuel-flexible and can convert various biomass types, residues, and 

waste [50]. This flexibility creates opportunities for dual-purpose applications uniting waste 

management and industrial production.  

• Biomass CO2 gasification is flexible when it comes to CO2 quality. While many other CCU 

processes have high demands for CO2 purity or pressure [51], biomass CO2 gasification works 

at atmospheric conditions [46], [48] and when CO2 is mixed with other gases [52], [53].  

o Mixing CO2 with H2O is no problem and can lead to synergistic effects [53], [54], [55], 

[56], [57]. This finding is relevant for industrial applications, where CO2 is often wet 

from carbon capture, e.g., after chemical absorption [58] or oxy-fuel combustion [59]. 

Avoiding a drying step can make processes more efficient.  

o Biomass CO2 gasification is a thermochemical conversion process that can work 

without a catalyst with various fuel types. This characteristic avoids challenges from 

catalyst poisoning that trouble other CCU processes [60], [61], [62]. 

• Many downstream syntheses using CO or CO2 also demand H2, e.g., methanol [63] or synthetic 

natural gas [64] production. The syngas from biomass CO2 gasification is CO-rich but also 

contains H2 that can be used for further processing [47]. The ratio of CO to H2 in syngas can be 

adjusted by changing the ratio of H2O and CO2 used as a gasifying agent [65]. 

• Biomass gasification with steam as a gasifying agent has been demonstrated at up to 32 MWth 

biomass input power [66]. The biomass CO2 gasification process is similar enough to assume 

that it can also be scaled to higher technical readiness levels in a reasonable timeframe. This 

scalability is critical since time is of the essence in the fight to curb global warming. 
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1.2. Aim of this thesis 
The motivation chapters explained how biomass CO2 gasification as a technology for CO2 utilization 

fits into the fight against global warming. This thesis aims to strengthen biomass CO2 gasification as a 

technology for CO2 conversion by answering the following three core questions. 

1. How can CO2 conversion be increased in a fluidized bed biomass gasifier? 

Various authors have reported on the conversion of CO2 during biomass CO2 gasification in 

general, but the number of publications that also consider the operational aspects of 

fluidized bed gasifiers is small (Section 2.3). Additionally, the differences in CO2 

conversion reporting make it hard to compare the relative influence of identified factors 

across publications. For this reason, a comprehensive investigation of CO2 conversion in a 

fluidized bed gasifier under various operating conditions is needed to help gasification 

processes achieve high CO2 utilization. 

2. How can CO2 conversion be validated in a biomass gasifier? 

The literature has varying definitions and estimation strategies for CO2 conversion, while 

no direct measurement has been reported (Section 2.3). It is difficult to differentiate between 

carbon from biomass or CO2, which is troublesome for data comparison and questions to 

what degree biomass CO2 gasification can be used for CO2 utilization. Improving 

measurement procedures to track the conversion of CO2 is necessary for deepening process 

understanding and validating biomass CO2 gasification as a CCU process. 

3. How does implementing biomass CO2 gasification for CO2 recycling affect the economic 

viability and CO2 emissions of direct reduction ironmaking? 

Direct reduction ironmaking seems like a good fit for implementing biomass CO2 

gasification for multiple reasons, as explained in Section 3.3.2. However, the question 

remains whether biomass CO2 gasification could bring tangible benefits over an established 

ironmaking technology like MIDREX, which uses natural gas reforming to produce the 

needed reducing gas. Furthermore, whether a correlation exists between overall plant 

performance, such as economic or ecological indicators, and CO2 utilization in the gasifier 

remains to be clarified. 

These three core research questions are supported by two additional research questions, which closely 

relate to biomass CO2 gasification but do not directly investigate CO2 utilization. 

i. Is there a potential synergy between the operating conditions needed for CO2 utilization 

and producing high-surface-area biochar by CO2 gasification? 

Biochar is a valuable product and has many uses as a bioresource [67]. If the production 

conditions are similar, biochar could be extracted as a valuable side-product from a biomass 

CO2 gasification process aiming at high-quality product gas. 
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ii. How can water vapor concentration be measured in hot and raw product gas? 

Reliable data collection is essential for process operation, assessment, and design. H2O is 

one of the most important components in hot product gas. H2O is challenging to measure 

online in product gas due to condensation issues with tar, spectral band overlap with 

hydrocarbons, and other issues [68], [69]. Developing a robust online measurement for H2O 

quantification is helpful for biomass CO2 gasification and many other processes. 

1.3. Thesis outline 
The core topic of this thesis is strengthening biomass CO2 gasification as a carbon capture and utilization 

process. This thesis chases this goal by including experimental work, measurement innovation, and 

process simulations to increase, validate, and implement CO2 utilization by biomass gasification into an 

industrial application (Figure 3). 

The first research question concerns the enhancement of CO2 conversion during the biomass CO2 

gasification process. Journal article I (JA I) tackled this research question through experimental 

campaigns in a lab-scale biomass CO2 gasifier. These experiments were conducted with biochar as fuel. 

Batch-feeding of fuel was used to be more flexible with operating conditions and increase the number 

of experiments per time. The results were used to identify the operating conditions conducive to a high 

conversion of feedstock CO2. A semi-empirical model based on reaction kinetics was proposed for CO2 

conversion in this setup. JA II followed these findings by switching to continuous fuel feeding in the 

same reactor and investigated additional operational changes, e.g., softwood instead of char as fuel.  

The second research question concerns the validation of CO2 conversion. The importance of this 

question became apparent during the work on JA I, which used an estimation method to describe CO2 

conversion. JA II tackled the research question by introducing stable carbon isotope measurements. The 
13C natural abundance differences between bottled CO2 and biomass were investigated for both carbon 

sources. These isotopic fingerprints were used to trace carbon streams and measure the conversion of 

feedstock CO2. This method was successfully demonstrated for continuously-fed biomass CO2 

gasification, confirmed some observations from JA I, and validated biomass CO2 gasification as a 

technology for CO2 utilization.  

The third research question concerns the implementation of the CO-rich product gas from biomass CO2 

gasification into an industrial process. JA IV investigated the direct reduction of iron ore as an important 

large-scale application where the low H2:CO ratios from biomass CO2 gasification are not an issue and 

higher CO content offers some benefits. Process simulations were conducted, which described how the 

product gas could be used to reduce iron ore and how part of the CO2 produced during ironmaking could 

be recycled into the gasifier as new feedstock. JA IV included detailed mass and energy balancing for 

new biomass CO2 gasification-direct reduction ironmaking process concepts, which were the basis for 

techno-economic and CO2 emissions assessments. Experimental data for these simulations were derived 
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from the literature and JA II. These concepts were compared to a reference case process, which used 

natural gas reforming to produce the reducing gas for iron reduction. 

Two additional research articles in this thesis concern biomass gasification in general but are not directly 

related to CO2 utilization. Conference article I (CA I) shifted the focus from the gaseous to the solid by-

products of biomass CO2 gasification. This work investigated the surface development of biomass 

pellets during CO2 gasification. Experiments were performed in a lab-scale gasifier under fixed and 

fluidized bed conditions. High-surface area biochar could be a valuable by-product of biomass CO2 

gasification if extracted before complete conversion. 

JA III described the development of a novel spectroscopic setup for H2O measurement in product gas. 

A quantum cascade laser was used to measure the water vapor content in hot and raw product gas from 

steam gasification of waste wood in a dual fluidized bed pilot plant. Finding a reliable H2O measurement 

in the presence of uncondensed tar in the product gas had been an unresolved issue at TU Wien. While 

this new method was demonstrated during steam gasification, it is also suitable and important for 

biomass CO2 gasification.  

 
Figure 3: Thesis outline – core and related research on biomass CO2 gasification grouped by scope and method 
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2. State of the art on biomass CO2 gasification 
This chapter aims to provide an introduction to the topic of biomass CO2 gasification based on available 

literature by other authors. Sections 2.1 and 2.2 introduce the topic of biomass gasification technology 

by discussing the fundamentals of thermochemical biomass conversion and reactor design. Section 2.3 

sharpens the technology profile of biomass CO2 gasification by comparing it to biomass steam 

gasification to identify strengths and weaknesses for industrial application. Section 2.4 discusses the 

state of the art on CO2 utilization during biomass CO2 gasification and contextualizes the knowledge 

gaps that research questions 1 and 2 address.  

2.1. Fundamentals of biomass gasification 
The term gasification describes the thermochemical conversion of carbonaceous feedstocks to a so-

called producer or product gas, which can be used as fuel gas or to produce chemicals [70]. Suitable 

feedstocks include fossil coal and a wide range of more sustainable feedstocks, e.g., agricultural residues 

and waste [50], [70]. The gasification process is conducted in an oxidizing atmosphere, which is needed 

to maximize chemical energy transfer from the solid into the gaseous phase [71]. This oxidizing 

atmosphere is created by introducing a so-called gasification agent or moderator gas that can transfer 

oxygen to the solid carbon in the feedstock, forming CO [71]. The most common gasification agents are 

air, O2, H2O, and CO2 [70], [71]. Biomass CO2 gasification refers to those gasification processes that 

use biomass as carbonaceous feedstock and CO2 as the gasification agent.  

The overall thermochemical conversion of feedstocks can be divided into several sub-processes. Fuel 

particles entering the process are subjected to these phases depending on the temperature and oxygen 

availability (expressed as equivalence ratio λ). In a reactor with continuous biomass feeding, these 

phases overlap as discrete biomass particles can be at different conversion stages. Gasification processes 

demand λ between 0 and 1, with ideal λ typically between 0.2 and 0.45 for maximizing product gas 

output [72]. The overall gasification process is endothermic at low λ values, and additional energy is 

needed for operation. The following sub-processes are typically distinguished (Figure 4) [70], [71], 

[73]: 

• Heating and drying: Biomass particles enter the reactor at storage temperature. H2O leaves the 

particles as they are heated to process temperature. This phase is globally endotherm. 

• Pyrolytic decomposition: The fuel’s large organic molecules start breaking into smaller, 

gaseous molecule fragments. The gaseous products (volatiles) are released, and a carbon-rich 

solid fraction (char or coke) remains. The volatiles contain a range of permanent (e.g., H2, CO, 

CH4, CO2, …) and condensable gases (H2O, high-molecular-weight hydrocarbons often 

referred to as tar). Fuel composition, decomposition temperature, and heating rates strongly 

influence the composition of this pyrolysis gas. This phase is globally endotherm. 
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• Gasification: Char remaining after pyrolytic decomposition reacts with gaseous O2, oxygen in 

the fuel itself, H2O, or CO2 to form CO or CO2 as gaseous products. Char can also be converted 

by reaction with hydrogen to CH4. Heterogeneous (gas-gas) reactions take place, further 

decreasing the molecule size of volatiles and shifting the gas composition. This phase includes 

endotherm and exotherm reactions. 

• Oxidation: Carbonaceous and hydrogenous molecules are further oxidized to CO2 and H2O. 

Gasification processes aiming to provide a gaseous product are operated with a low enough 

amount of oxygen to avoid complete oxidation. This phase is globally exotherm. 

 
Figure 4: Phases of thermochemical fuel conversion organized by temperature and equivalence ratio λ. Redrawn following 
[71] with additional information from [47], [48], [70], [73], [74] 

The pyrolysis phase can be further differentiated by the degree and conditions of decomposition. A 

standard classification distinguishes torrefaction, slow pyrolysis, and fast pyrolysis [71]. Torrefaction 

and slow pyrolysis can be used to prepare advanced solid feedstocks that can be beneficial for 

gasification [54], [75]. In contrast, fast pyrolysis is usually applied to maximize the liquid products in 

the form of bio-crude oil [71]. Kaltschmitt [71] states the typical technical parameters of these three sub-

processes of pyrolysis: 

• Torrefaction: Equivalence ratio λ is 0, operating temperature is 200 – 320 °C, heating gradients 

are below 1 K/s, and solids residence times are 30 – 90 min. These conditions lead to only 

partial destruction of the organic macromolecules. 

• Slow pyrolysis: Equivalence ratio λ is 0, the operating temperature can reach around 600 °C, 

heating gradients are between 0.01 – 2 K/s, solids residence times are long enough to reach 

(near) complete decomposition of macromolecules and yield only carbon as a solid product. 
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• Fast pyrolysis: Equivalence ratio λ is 0, the operating temperature can be about 400 – 500 °C, 

heating gradients are much higher and might reach up to 1,000 – 10,000 K/s, solids residence 

times are only 1 – 2 s. The phase of pyrolytic decomposition is nearly fully realized, but the 

short residence times prevent the breakdown of large into small molecules. 

Gas-gas reactions further influence the overall composition of the product gas from thermochemical 

conversion, which can also contain unconverted gasification agents. A summary of reactions in biomass 

gasification is given in Table 1. For biomass CO2 gasification, one of the most important reactions is the 

endothermic Boudouard reaction, as it is the primary reaction for CO2 conversion [46].  

Table 1: Thermochemical biomass conversion reactions [47], [48], [71], [74]. The reaction enthalpies at 850 °C were 
calculated using HSC Chemistry 6. 

Reaction ΔHr (850 °C) 
in kJ/mol Reaction name  

Pyrolytic decomposition of large organic molecules ChHiOj → Tar + Gas(CO, HS, CYHZ, COS)+ Char(C) Endothermic Pyrolysis (biomass) Eq. 1 ChHi ↔ y4 CHU + (x − y4)C Endothermic Pyrolysis (low O-content 
feedstocks) Eq. 2 ChHi ↔ ChVYHiVj + CYHZ + z − b2 HS Endothermic Pyrolysis (low O-content 
feedstocks) Eq. 3 

Carbon gasification reactions C + COS ↔ 2CO +169 Boudouard Eq. 4 C + HSO ↔ CO + HS +136 Steam-carbon 
(also water-gas) Eq. 5 C + 2HS ↔ CHU -90 Methanation Eq. 6 C + 12 OS → CO -225 Partial carbon oxidation Eq. 7 C + OS → COS -395 Complete carbon oxidation Eq. 8 

Other important gasification reactions CO + HSO ↔ COS + HS -34 Water-gas shift Eq. 9 COS + HS ↔ CO + HSO +34 Reverse water-gas shift Eq. 10 ChHiOj + ¡x + y4 − z2¢ OS → nCOS + 𝑚2 𝐻S𝑂 Exothermic General oxidation Eq. 11 ChHi + xCOS → 2xCO + y2 HS Endothermic Dry reforming Eq. 12 ChHi + xHSO → xCO + (y2 + x)HS Endothermic Steam reforming Eq. 13 ChHi + (2x − y2)HS → xCHU Exothermic Hydrocracking Eq. 14 ChHi + COS → ChVRHiVS + 2CO + HS Endothermic Dry dealkylation Eq. 15 ChHi + HSO → ChVRHiVS + CO + 2HS Endothermic Steam dealkylation Eq. 16 ChHi + HS → ChVRHiVS + CHU Exothermic Hydrodealkylation Eq. 17 

2.2. Reactor types used for biomass gasification 
Many reactor concepts have been developed and used for biomass gasification. Typically, the design of 

a gasifier is selected based on the target scale, downstream process requirements, and fuel type [70]. 

Gasifier design differences can be grouped by various characteristics, among which the most common 

distinctions concern the choice of gasification agent, heat supply, and gas-solid contact mechanism 
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(Figure 5) [47], [73]. Furthermore, operating conditions like pressure, temperature, equivalence ratio, 

residence time, and material properties can vary significantly [57]. Operating conditions can also lead 

to significant design differences, e.g., when ash is removed as a dry solid or melts and is removed as 

slag [73]. This thesis contains research in allothermal, fluidized bed reactors with CO2 as a gasification 

agent. This section contextualizes these characteristics by discussing them among competing reactor 

design choices. Section 2.3 gives more insights into the differences between CO2 and steam gasification 

for biomass conversion.  

 
Figure 5: Areas of significant design differences between biomass gasifiers [47], [73] 

The choice of gasification agent impacts the process’ heat demand and is, therefore, connected to the 

choice of heat supply. Table 1 shows that thermochemical biomass conversion is a mix of both 

exothermic and endothermic reactions. The carbon gasification reactions split into exothermic (Eq. 7-

Eq. 8) reactions for air- and O2-blown gasification and endothermic reactions when the char is gasified 

with H2O and CO2 (Eq. 4-Eq. 5). This leads to two fundamentally different approaches of heat supply.  

• Autothermal or direct heating gasifiers provide the heat for endothermic sub-processes by 

utilizing the exothermic carbon oxidation reactions with oxygen. Air or O2 is fed pure [76], [77] 

or mixed with steam or CO2 [78], [79], [80] into the reactor, where part of the carbon is burned. 

The advantages of autothermal gasifiers are the simple and mature designs and low operational 

costs of using air [57]. These advantages also make autothermal gasifiers suitable for large-scale 

and continuous operation [81]. Downsides of autothermal gasifiers include the demand to 

produce pure oxygen and the dilution of syngas with N2 if air is used instead [57]. Since part of 

the syngas is also combusted, the energetic content of the syngas and the gasifiers’ efficiency 

are lower than for allothermal gasifiers [57], [82].  

• Allothermal or indirect gasifiers supply the heat for gasification from external sources. The 

energy for process heating can be provided by electricity [83], combustion outside the main 

reactor [84], or solar collectors [85]. One reactor design that supplies heat by combustion in a 

second reactor is the dual fluidized bed (DFB) concept, which was used for biomass CO2 
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gasification at TU Wien before this thesis by Mauerhofer [47]. The two reactors used in the DFB 

concept (gasifier and combustor) are connected by loop seals, allowing for solid exchange 

without mixing the gaseous atmospheres. Olivine, limestone, or other solid materials are 

circulated between both reactors and transport the heat generated in the combustor to the gasifier 

[86]. Advantages of allothermal gasification include higher product gas quality and better 

control over reaction conditions [82], [87]. Disadvantages are the more complex design needed 

for heat transfer [87] and, depending on the efficiency and costs of external heat supply, 

potentially lower process efficiencies or high costs [70]. 

The main categories for gas-solid contact mechanisms in gasifiers are fixed bed, fluidized bed, and 

entrained flow [70], [73]. Less widespread types, like plasma gasifiers and rotary kiln gasifiers [70], 

[88], are not explicitly discussed here.  

• The feedstock stays in place in fixed bed gasifiers while the gasification agent passes through 

or along the bed [70], [73]. The most common configurations supply the gasification agent at 

the reactor’s bottom (updraft) or top (downdraft). Advantages include the simple design, low 

pressure drop, and low dust content in syngas [88], [89]. Downsides include poor mixing and 

heat transfer [73], which limits fixed bed gasifiers to autothermal operation [47], reduces 

scalability [70], and increases tar content in the syngas for updraft gasifiers [89]. The heat 

transfer challenges can also lead to agglomeration for certain feedstocks, which is why fixed 

bed gasifiers can be problematic for biomass conversion [73].  

• Fluidized bed reactors suspend the biomass feedstock in a bed of granular solids that is fluidized 

by the drag force of an upward-flowing gasification agent [70], [71], [73]. These gasifiers can 

be grouped into two sub-groups based on the fluidization conditions: Bubbling bed gasifiers, 

where the solids largely stay in place while the gasification agent rises through them in bubbles, 

and circulating fluidized bed, where the drag force is enough to entrain the solids before they 

are recirculated. The main strengths of these gasifiers are good mixing and heat transfer, which 

lead to a nearly uniform heat distribution [70]. This excellent heat distribution reduces the risk 

of fuel agglomeration, which is particularly advantageous for biomass gasification [73]. 

Reaction rates are faster than in fixed bed gasifiers due to the intensified gas-solid contact from 

turbulent flow [70]. Scale-up for fluidized bed biomass gasifiers has been demonstrated up to 

140 MWth thermal input for autothermal [81] and 32 MWth for allothermal designs [66]. 

Disadvantages of fluidized bed gasifiers are the more complex design compared to fixed bed 

gasifiers and the limitation of using operating temperatures below the fuel’s ash melting point 

to avoid agglomeration [70].  

• Entrained flow reactors feed fine fuel particles in co-current flow with the gasification agent 

into a reactor with a hot gas atmosphere generally exceeding 1000 °C [73], [90], [91]. The high 

temperatures allow for a very high conversion of solid carbon to gas and effective reforming of 
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tar and hydrocarbons [73]. Entrained flow reactors are generally built autothermally, and high 

temperatures are achieved by co-feeding oxygen [90], [91]. Ash is removed as slag since the 

operating temperatures usually exceed the ash melting temperatures [73]. Entrained flow 

gasifiers have been successfully commercialized at a large scale for converting fossil feedstocks 

like coal and petroleum coke [70], [73], but their application for biomass conversion also has 

some issues. The short residence time in the gasifier requires fine particles for complete 

conversion, which increases fuel preparation complexity and expenses for heterogeneous 

biomass feedstocks, especially if they are fibrous and hard to grind [70], [73]. Additional 

problems arise with ash melting. The ash melting point of biomass can vary greatly, which needs 

to be accounted for when designing this type of gasifier [73], [92]. Also, some biomass fuels 

produce highly corrosive slag, which reduces the lifetime of the refractory linings [70], [73], 

[92].  

In summary, allothermal fluidized bed reactors offer several characteristics that position them well as 

reactor design choices for biomass conversion. These advantages include high-quality product gas, 

mixing, and heat transfer.  

2.3. Characteristics of CO2 gasification by comparison to 

steam gasification 
While gasification topics have attracted significant research interest in recent years, the more specific 

sub-topic of biomass CO2 gasification remains a niche within the gasification community. Less than 5 % 

of original research articles on gasification consider both the topics of “biomass” and include “CO2” in 

the title (Figure 6). This underrepresentation is reflected in most biomass gasification textbooks, which 

consider air, oxygen, and steam as the primary choices of gasification agents [70], [73], [93]. Like CO2 

gasification, steam generally leads to endothermic reactions, and external heat input is necessary. For 

this reason, this section compares the unique characteristics of biomass CO2 gasification to biomass H2O 

gasification. The comparison is centered on application-centric aspects; the interested reader is referred 

to relevant review papers [26], [46], [48], [94], [95] for more mechanisms-focused descriptions of 

kinetic models or catalytic effects in CO2 gasification.  
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Figure 6: Original research articles on biomass CO2 gasification. The Web of Science Topic function searches title, abstract, 
keyword plus, and author keywords. Certain data included herein are derived from Clarivate™ (Web of Science™) [96]. © 
Clarivate 2025. All rights reserved.  

Both biomass gasification processes have unique strengths that should be considered when choosing a 

process design for biomass conversion. The following aspects are generally reported in favor of biomass 

CO2 gasification:  

• Higher output of renewable carbon products: Utilizing CO2 and biomass in the same process 

allows for more renewable carbon products than utilizing either resource alone. 

• Higher carbon efficiency: The carbon efficiency (how much feedstock carbon is converted to 

products) of allothermal biomass steam gasification systems can be markedly improved if CO2 

can be recycled [52], [97]. Doing so typically requires external H2 input for the production of 

chemicals. 

• Lower energy demand for preheating the gasification agent: CO2 gasification needs less energy 

than steam gasification to heat the gasification agent. Water has a large heat of vaporization 

(40.7 kJ/mol), which needs to be overcome to generate steam [98]. As a result, the energy 

needed to heat 1 mol of CO2 from 25 °C to a typical gasification temperature of 850 °C is nearly 

50 % lower than for 1 mol of H2O (40.2 kJ/mol vs 75.2 kJ/mol at 1 bar). 

• Higher exergetic efficiency: Shahbeig et al. [57] reviewed all major gasification agent choices 

and reported on their mean exergetic efficiencies. They reported that the average exergetic 

efficiency for biomass CO2 gasification was markedly higher than for steam gasification 

(76.9 % vs 53.7 %). Shahbeig et al. attributed these findings to H2O and CO2 promoting different 

reactions, with the Boudouard and reforming reactions enhancing the exergy efficiency of 

gasification in the presence of CO2. Another explanation for the higher average exergy 

efficiency of CO2 gasification, which was not listed by Shahbeig et al., could be the lower heat 

demand for preheating CO2 as the gasification agent. The higher heat demand of 

preheating/vaporizing H2O could increase losses if gasification agents are removed from the 
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system without complete conversion. In Shahbeigs et al.’s study, pure CO2 gasification was only 

surpassed in mean exergetic efficiency by mixtures of CO2 and H2O (82.2 %), suggesting a 

synergistic effect. 

• Inert gas synergy: Since CO2 is a permanent gas, it can be used as an inert gas for fuel-feeding 

systems and measurement instruments [47], [99]. Doing so can avoid product gas dilution with 

nitrogen, which would otherwise often be used as an inert gas. 

• Lower corrosiveness: CO2 is conducive to a less corrosive gasification environment than H2O, 

potentially reducing reactor maintenance [98]. 

• Smaller pores: CO2 gasification creates micro- and macropores in char, while H2O gasification 

mainly creates macropores [98], [100]. This difference can be of interest if the char is extracted 

from the process and designated for further use, e.g., for increasing the material strength after 

reaction for metallurgical applications [101].  

In contrast, the following parameters are generally disadvantageous for CO2 gasification compared to 

steam gasification for biomass conversion: 

• Lower H2:CO ratio: Steam gasification yields a product gas with higher hydrogen content and 

H2:CO ratios [52]. Many common downstream processes need H2:CO ratios of 2 or above [97], 

e.g., methanol [102], Fischer-Tropsch [33], or synthetic natural gas [64] processes. Steam 

gasification can achieve and exceed these ratios, especially if CO2 is selectively removed by an 

active bed material like limestone [103]. In comparison, the CO-rich product gas from CO2 

gasification requires either additional hydrogen input or a composition shift by the water-gas 

shift reaction and further carbon capture to reach ideal compositions for downstream chemical 

synthesis [48]. 

• Higher energy demand for sourcing the gasification agent: Sourcing water as feedstock for 

steam gasification is possible without excessive energy input in many world regions. CO2 is 

available everywhere but typically needs to be captured in energy-intensive processes to be a 

suitable feed medium for gasification [48], [104]. 

• Lower technological readiness level: The steam biomass gasification process has been 

successfully upscaled to 32 MWth of thermal input power and demonstrated in the now-

decommissioned GoBiGas plant in Gothenburg, Sweden [66], [97], [105]. Biomass CO2 

gasification is usually operated at a laboratory scale, with only a few pilot-scale demonstrations, 

e.g., [47], [106]. 

• Lower reactivity: At typical gasification temperatures of 1,073 – 1,273 K, the rate constant of 

biochar gasification is 3 – 10 times higher with H2O than with CO2 [107]. This fact can introduce 

challenges for reaching high conversion of CO2 and biochar if residence times are limited. 

Steam and CO2 can also be mixed as gasification agents, for which several authors have reported 

synergistic advantages. Compared to using pure H2O or pure CO2 as a gasification agent, mixed 
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atmospheres allow higher exergetic efficiencies [57] and char reactivity [108]. In other aspects, 

gasification with CO2/H2O mixtures results fall between pure steam gasification and pure CO2 

gasification. For example, varying the mixing ratio of CO2/H2O as the gasification agent allows for 

adjusting the product gas composition towards H2-rich or CO-rich gas [47]. However, the H2:CO ratios 

stay between the pure H2O and CO2 gasification ratios.  

The most significant argument for steam gasification is that H2:CO ratios are more suitable for most 

downstream synthesis processes, since CO2 gasification cannot overcome this inherent chemical 

difference through technological advancements. CO2 gasification offers various advantages for 

processes where lower H2:CO ratios suffice, e.g., acetic acid and oxo-synthesis, which only require an 

H2:CO ratio of 1:1 [109]. However, as Thunmann et al. discussed in their “lessons-learned-from-

GoBiGas”-publication, the value of renewable carbon is rising, and additional green hydrogen can be 

added by electrolysis [97]. With the increasing availability and economic competitiveness of green 

hydrogen [110], [111], this trend might make biomass CO2 gasification promising for various 

applications, as it offers direct advantages for inserting more renewable carbon and, consequently, 

achieving deeper defossilization in various industries. An application where the CO-rich product gas 

from biomass CO2 gasification could be applied independent of hydrogen rollout is the ironmaking 

sector, where both H2 and CO provide reduction equivalents [112]. In this sector, high H2 content can 

challenge heat distribution through endothermic reactions, and a carbonaceous reducing agent enables 

carburization, which can bring various advantages, such as protecting the product against re-oxidation 

[17], [113]. 

2.4. CO2 utilization in fluidized bed biomass gasifiers 
This thesis uses the terms CO2 conversion or CO2 utilization to describe the percentage of externally fed 

CO2 converted to other carbonaceous gas molecules during gasification. The literature on CO2 

gasification is clear that one of the key advantages of this technology is the possibility of converting 

CO2 into valuable products. Furthermore, unconverted CO2 in the product gas lowers the heating value 

and can induce significant energy penalties for additional carbon capture processes. Nevertheless, none 

of the review papers on biomass CO2 gasification [26], [46], [48], [94], [95] reported CO2 conversions 

in fluidized bed gasifiers. These missing descriptions are likely caused by two problems with the 

literature on CO2 conversion in fluidized bed biomass gasifiers: 

The first issue is data availability. A bibliographical screening in the Web of ScienceTM by ClarivateTM 

[96] was conducted to clarify how many studies reported CO2 conversion in fluidized bed gasifers. This 

search combined the topics “gasification” & “biomass” with either “CO2 conver…” or “CO2 utili…” 

and aimed to strike a balance between finding false positives and including all relevant work (Figure 

7). This search in March 2025 yielded 159 original research articles outside this thesis, with the first 

publication appearing in 2010. A closer examination of these studies revealed that only 75 described the 
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CO2-assisted conversion of solid feedstocks, while the rest described adjacent topics like methanation 

or water-gas shift reactors. Of these 75 studies, 54 contained experimental research, and only 36 

quantified experimental CO2 conversion. Based on the aforementioned screening criteria, the sample 

contained only seven works that quantified CO2 conversion in biomass gasification experiments in 

fluidized bed gasifiers [65], [106], [114], [115], [116], [117], [118]. This low count of articles suggests 

that additional research on CO2 conversion in fluidized bed reactors is still needed. 

The most recent review paper on CO2 gasification that mentioned fluidized bed gasifiers was authored 

by Chan et al. in 2021 [48] and reported a similar lack of data. It states: “As most of the current 

commercial gasifiers are designed to be operated in steam, air and/or O2, the influence of the gasifiers’ 

configuration (fluidized bed, fixed bed, entrained flow and bed materials) on the performance and 

efficiency of gasification […] is still unknown. Most of the CO2 gasification studies reported in the 

literature are using lab-scale or TGA [(thermogravimetric analysis)], hence the optimized 

results/parameters of a commercial gasifier using CO2 as the feed gas have yet to be established.” 

The second issue with reporting is that articles that consider and discuss CO2 conversion have not agreed 

on a unified way to determine this value. The simultaneous conversion of feedstock CO2 and the 

formation of new CO2 from biomass devolatilization make it challenging to pin down the conversion of 

feedstock CO2. Authors have dealt with this issue using different assumptions or simplifications, which 

makes the reported CO2 conversion results inconsistent. For example, Mauerhofer et al. have proposed 

comparisons with steam gasification and pyrolysis data to ascertain the amount of CO2 produced from 

biomass [52]. Both assumptions seem plausible. However, they disagreed significantly: The difference 

in the assumed comparison process resulted in CO2 conversion estimations of 26 % or 45 % for the same 

experiment [52]. Applying the mass balance method, which compares the net change of CO2 in the feed 

to the drain stream and is the most common estimation method for CO2 conversion (see Section 3.4.1), 

to Mauerhofer’s data yields only 15 % conversion. These discrepancies from varying estimation 

methods are a serious problem with reporting. Establishing a direct measurement of CO2 conversion 

would clarify the standing of biomass CO2 gasification as a CCU process and potentially help technical 

development.  
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Figure 7: CO2 utilization reporting in literature as of March 2025: Original research articles outside this thesis sampled by 
searching for the topics of “biomass” & “gasification” & (”CO2 conver…” OR “CO2 utili…). Certain data included herein 
are derived from Clarivate™ (Web of Science™) [96]. © Clarivate 2025. All rights reserved. 

These limits of available literature are why the following list refrains from reporting absolute numbers 

and why the results of various authors are not directly compared. Still, these factors can be identified to 

increase CO2 conversion in fluidized bed biomass gasifiers based on the authors reporting or further 

analysis of their results:  

• High temperatures are consistently reported as a critical factor for CO2 conversion because the 

entropic term that lowers the free energy for the Boudouard reaction becomes dominant at 

higher temperatures, leading to high CO production at temperatures above ~800 °C [52], [106], 

[116], [119], [120] (see Figure 8). 

• Zhang et al. reported CO2 conversion in autothermal circulating fluidized bed reactors [117], 

[118]. Their study found that the highest CO2 conversion was reached using CO2/O2 feed 

mixtures with around 30 vol.-% O2, which balanced high CO2 availability and temperatures 

[117]. 

• Mauerhofer et al. reported that high carbon content in the feedstock leads to enhanced CO 

formation, likely by increasing CO2 utilization through the Boudouard reaction [65]. 

• Couto et al. reported higher CO2 conversion in their pilot scale plant fed with air-CO2 mixtures 

and municipal solid waste for low equivalence ratios and high CO2-to-MSW (municipal solid 

waste) ratios [106]. 

• Chai et al. did not perform experiments themselves [115], but provided thermodynamic analysis 

based on the experimental data reported by Arregi et al. [121]. Based on their analysis, Chai et 

al. suggested reaching high CO2 conversion by a) adding solid carbon (e.g., biochar) to the 

reactor and b) using low steam-to-feed ratios if CO2 is mixed with H2O as a gasification agent. 

• He et al. reported that char reactivity and CO2 conversion are closely related to char properties, 

such as the alkali metal content [116]. This finding is consistent with other reports emphasizing 

the effect of catalysts or impregnation on char reactivity. E.g., Medvedev et al. published 
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multiple papers on this topic and described the catalytic effects of various nickel, iron, and 

potassium compounds [122], [123], [124], [125]. 

• Kibret et al. did not report on CO2 conversion. However, their experimental data from 

gasification in a fluidized bed reactor suggested higher CO2 conversion at lower CO2:fuel ratios 

since CO2 concentration in the product gas increased at higher CO2:fuel ratios [126]. 

Authors who have reported on non-fluidized bed reactors have found high CO2 conversion numbers 

when using novel allothermal heat sources like a plasmatron [114] or microwave radiation [49], [127], 

[128], [129]. Hunt et al. found that this could be explained by a sharp decrease in apparent activation 

energy for the Boudouard reaction under microwave radiation [120]. They hypothesized that this 

decrease arises from the interaction of CO2 with the electron-hole pairs at the carbon surface from the 

space-charge mechanism that heats carbon by microwaves.  

 
Figure 8: Mol CO (black line) formed from C (green line) and CO2 (blue line) by the Boudouard reaction as a function of 
temperature. The gas composition was calculated by Gibbs energy minimization in HSC Chemistry 6 at 1 bara. 

Zhang et al. reported that feed gas flow rates should not be too high in their fixed-bed reactor, and CO2 

conversion increased at longer experimental durations [130]. The thermodynamic analysis by 

Renganathan et al. suggested that maximum CO2 conversion can be achieved at the carbon boundary 

point, which is the point with the highest solid carbon feed that can still be gasified at given operating 

conditions [131]. The reason for this global maximum is that if more CO2 is fed, then the 

understoichiometric availability of solid carbon is limiting CO2 conversion. If, however, less CO2 is fed 

and the solid carbon feed is available in excess, then the oxygen in the biomass has a higher relative 

contribution to solid carbon conversion. The result is a lower net CO2 conversion if the mass balance 

estimation (explained in Section 3.4.1) is used to calculate CO2 conversion. 
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3. Methodology 
This chapter summarizes the methods used to derive the findings of this thesis. Section 3.1 provides an 

overview of used reactors. Section 3.2 explains how two novel measurements complement the 

established biomass and gasification analysis suite. Section 3.3 describes the applied simulations and 

modeling principles for analyzing thermodynamic and process characteristics. Section 3.4 concludes the 

methodology chapter by introducing formulae and calculations used for performance assessment.  

3.1. Reactors 
The description of experimental setups includes a short description of the used reactors and established 

measurements. More detailed information, including analysis of the used materials, is available in the 

research articles. The gasification experiments reported in this work were conducted in three different 

plants. The main characteristics of these plants are summarized below.  

3.1.1. Single-bed fluidized bed gasifier #1 (NERO) 
Most of this thesis' experimental work on CO2 biomass gasification was conducted in a single-bed 

bubbling fluidized bed gasifier called NERO (Table 2, Figure 9). NERO was used to conduct 

experiments for JA I-II, and some of the experimental results included in JA II are the basis of process 

simulations in JA IV.  

Table 2: Key information about the single-bed fluidized bed gasifier #1 (Nero). 

The biomass CO2 gasification experiments in JA I-II used continuous gas feeding. However, biomass 

feeding differed as it was fed in batches for JA I and continuously by a screw feeder JA II. The reactor 

was also used for fuel pre-processing by torrefaction in CA I. JA I-II used wood char derived from 

Eucalyptus globulus as biomass feedstock. JA II also used commercial softwood pellets. CA I used 

Pinus sylvestris pellets produced from a mixture of needles and branches. NERO was operated with 

olivine or limestone as bed material in fluidized bed mode for JA I-II and fixed bed mode without bed 

material for torrefaction in CA I. 

Parameter Reactor information 
Thermal fuel power to gasifier 2-3 kWth 
Heat supply design Electrical heating shells 
Typical fuel-gas contact mode Bubbling fluidized bed or fixed bed 
Maximum operating temperature 1000 °C 
Design pressure Atmospheric 
Available feed gases CO2, Air, N2, H2O 
Apparatus was used for JA I-II and CA I. Data was re-used in JA IV 
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Temperatures were measured by thermocouples (mostly type K) in all reactors. The pressure sensors in 

NERO and the advanced DFB pilot plant were used for process control but were not central for data 

analysis. The dry product gas components CO2, CO, H2, CH4, and O2 from NERO and the DFB gasifier 

were analyzed using Emerson Rosemount NGA 2000 continuous gas analyzers. An EL3020 gas analyzer 

by ABB was used to screen O2, CO, SO2, CO2, and NO from FRU.  

 
 

Figure 9: a) Schematic and b) photograph of the gasifier unit “Nero”. a) is reprinted from [JA II]. 

3.1.2. Single-bed fluidized bed gasifier #2 (FRU) 
Experimental work for CA I was conducted in a smaller reactor called FRU, which is short for Formation 

Rate Unit (Table 3, Figure 10). Most of the experimental investigations were conducted by Camila 

Rodríguez-M., whose closely supervised master thesis [132] provided data for CA I. 

Table 3: Key information about the single-bed fluidized bed gasifier #2 (FRU). 

Compared to NERO, FRU was smaller and did not offer continuous fuel or H2O feeding capabilities. 

The advantage of this unit was the option to quickly batch-feed and extract solid fuel in a sampling cage 

through an airlock. This option was used for CA I to adjust the biochar surface and extract the produced 

biochar. The CO2 gasification experiments in this unit were performed in fixed bed mode and fluidized 

bed mode with silica sand and partially converted the previously torrefied Pinus sylvestris pellets. 

Parameter Reactor information 
Thermal fuel power to gasifier ~1-100 g batch feed 
Heat supply design Electrical heating shells 
Typical fuel-gas contact mode Bubbling fluidized bed or fixed bed 
Maximum operating temperature 1000 °C 
Design pressure Atmospheric 
Available feed gases CO2, Air, N2 
Apparatus was used for CA I 

a b 
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Figure 10: Schematic and photograph of the gasifier “FRU” with sample extraction cage. The figure is reprinted from [CA I]. 

3.1.3. Advanced 100 kWth dual fluidized bed pilot plant 
The product gas for JA III was produced by steam gasification in a dual fluidized bed (DFB) pilot plant 

(Table 4, Figure 11). The DFB gasifier was not operated with CO2 as the gasification agent within this 

thesis but has been used for biomass CO2 gasification by Mauerhofer et al. [47], [52], [65].  

Table 4: Key information about the advanced 100 kWth dual fluidized bed pilot plant. 

The gasification experiments in this apparatus with steam as the gasification agent and waste wood as 

feedstock in JA III were only relevant for this thesis to generate a realistic product gas to test the novel 

H2O measurement. Experiments were conducted in this pilot plant to achieve similar measurement 

conditions as in larger-scale applications, as the DFB concept has been scaled to larger sizes and the 

apparatus contained some product gas conditioning steps. Data obtained by Mauerhofer et al. [52] in 

this plant have been used for the process simulation studies in JA IV. 

Parameter Reactor information 
Thermal fuel power to gasifier 100 kWth 
Heat supply design Dual fluidized bed with gasification and combustion columns 
Typical fuel-gas contact mode Bubbling fluidized bed in lower part of the gasification column 
Maximum operating temperature ~850 °C in bubbling bed, ~950 °C above bubbling bed 
Design pressure Atmospheric 
Available feed gases CO2, H2O for gasification column 
Apparatus was used for JA III. Data from Mauerhofer et al. [52] obtained in this 

apparatus were used in JA IV. 
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Figure 11: Schematic and photographs of the dual fluidized bed gasifier. a) Product gas pathway (reprinted from [JA III]), b) 
upper reactor part, c) lower reactor part. 

3.2. Measurements 
This section explains how conventional biomass and gasification analyses were complemented by novel 

measurements to determine the CO2 conversion and H2O content in product gas.  

3.2.1. Conventional biomass and gasification analysis 
Temperatures were measured by thermocouples (mostly type K) in all reactors. The pressure sensors in 

NERO and the advanced DFB pilot plant were used for process control but were not central for data 

analysis in this thesis. The dry product gas components CO2, CO, H2, CH4, and O2 from NERO and the 

DFB gasifier were analyzed using Emerson Rosemount NGA 2000 continuous gas analyzers. An 

EL3020 gas analyzer by ABB was used to screen O2, CO, SO2, CO2, and NO from FRU.  

The Testing Laboratory for Combustion Systems at Technische Universität Wien supported the reported 

experiment in the DFB gasifier and provided standardized fuel analysis. The additional measurements 

for the DFB gasifier included discontinuous water vapor measurements by condensation, discontinuous 

a 

b c 
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tar analysis by gravimetry and gas chromatography-mass spectrometry (GC-MS), discontinuous NH3 

analysis by ion chromatography, and discontinuous H2S analysis by titration. The ultimate analysis of 

biomass fuels was conducted in an Elementar Analyzer EA 1108 CHNS-O by Carlo Erba. Fuel moisture 

content was measured following DIN 51718:2002-06 Method A, and volatile content following EN ISO 

18123:2015-11. The ash content was analyzed using an Axios advanced XRF device by Panalytical 

Analysis according to EN ISO 18122:2015-11. 

Biomass surface analysis for CA I was conducted using nitrogen adsorption in a Belsorp Max G by 

Microtrac Retsch. After degassing in a Belprep Vac degassing station, the isotherm data were used to 

calculate the Brunauer-Emmett-Teller (BET) surface area [133] following DIN ISO 9277:2014-01 and 

the guidelines proposed by Rouquerol et al. [134] for microporous materials. 

3.2.2. CO2 conversion by carbon isotope analysis 
JA II introduced a novel method of measuring the CO2 conversion XCO2. This method was developed to 

fill the identified knowledge gap around the inconsistent determination of CO2 conversion and serves as 

a tool for validating biomass CO2 gasification as a CCU process. The method determines the share of 

CO and CO2 in the product gas that contains carbon from feedstock CO2 (YCO from CO2, YCO2 from CO2) by 

analyzing the abundance of stable carbon isotopes 13C in feed streams and products. 

Product gas samples were collected with Tedlar bags during stationary gasifier operation in the “NERO” 

gasifier. The Tedlar bags were filled with gas, which took 1 − 3 min. The gas was transferred with gas-

tight syringes into gas chromatography vials. The filled syringes were left in the Tedlar bag for 2 min to 

allow gas homogenization between the bag and the syringe. The process was repeated three times for 

each sample. These gas samples were sent with a sample of the bottled CO2 feed gas and the used 

biomass feedstocks to Imprint Analytics GmbH, where the samples were analyzed for the abundance of 

the stable carbon isotope 13C, expressed as δ13C. δ13C expressed the samples’ relative deviation in ‰ 

from the Vienna Peedee Belemnite (VPDB) standard that has a 13C abundance of 0.011180 [135], [136]. 

At Imprint Analytics GmbH, the samples were separated by gas chromatography, combusted, and sent 

for isotope analysis to a NU Horizon 1 isotope-ratio mass spectrometer with a measurement precision 

of ±0.5 ‰ for gas samples and ±0.3 ‰ for solid samples. If a hypothetical sampling error were included, 

the accredited measurement precision would drop to ±1.1 ‰ and ±0.63 ‰; however, this sampling error 

was deemed unlikely due to good agreement of the triplicate analysis for all samples.  

The resulting δ13C values for each sample were then combined with mass flow data from the plant to 

calculate CO2 conversion. The central calculations needed to assign CO2 and CO in product gas to the 

parental carbon materials biomass and CO2 are given in Eq. 18-Eq. 21. The isotopic enrichment factors 

(εCO2 and εCO) are needed to consider the differences in reaction characteristics between isotopes 

resulting from different bond strengths [137]. Literature values for the isotopic enrichment in this 
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process were still rare; therefore, assumptions were needed to calculate εCO2 and εCO. JA II proposed the 

following two assumptions to determine εCO2 and εCO before calculating XCO2: 

• εCO2 is zero: This simplification is based on the data by Flude et al. [137], who reasoned that 

concurrent isotopic fractionation effects for CO2 are likely to average out.  

• εCO can be determined from carbon balances by assuming all carbon from feedstock CO2 leaves 

the reactor as CO or CO2. This assumption seems reasonable based on the important gasification 

reactions summarized in Table 1. 

YWX ^dca WX� = (δRTCWX,cfe + εWX) − δRTC^f]`δRTCWXS,_b − δRTC^f]`  Eq. 18 

YWX� ^dca WX� = (δRTCWX�,cfe + εWX�) − δRTC^f]`δRTCWXS,_b − δRTC^f]`  Eq. 19 

XWXS fb[cbg]de]\ = ṁWXS,cfeṁWXS,_b ⋅ YWXS ^dca WXS Eq. 20 XWXS = 1 − XWXS fb[cbg]de]\ Eq. 21 

The feed CO2 mass flow (𝑚̇mwS,��) was controlled, and the drain CO2 mass flow (𝑚̇mwS,���) calculated 

from measurements of the dry product gas composition and mass balances. The resulting XCO2 value 

expresses the conversion of feedstock CO2, differentiating it from previous estimation methods that can 

only provide net-conversion values that include biomass devolatilization effects (see Section 3.4.1). 

3.2.3. Online water vapor quantification by THz quantum cascade 

laser 
Accurate online quantification of raw product gas components is essential for controlling and optimizing 

thermochemical biomass conversion. Water vapor is usually among the most prominent species in raw 

product gas [52], [138]. However, existing methods for water vapor quantification often struggle with 

the harsh conditions of hot, uncleaned gas streams containing tar, particulates, and a variable gas matrix 

[139], [140]. Common issues for online methods include fouling, signal interference, and limited 

sensitivity [68], [69], [141]. Offline methods lack real-time capability, while soft sensors require 

extensive calibration and prior data [142]. This lack of a robust, standardized solution for continuous 

water vapor measurement in raw product gas necessitated the development of a new method, presented 

in JA III. 

A measurement setup consisting of a heated gas cell, a quantum cascade laser (QCL), and a pyroelectric 

detector was created and tested in cooperation with the Photonics Institute and the Institute of Solid 

State Electronics at TU Wien (Figure 12). 
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Figure 12: Schematic and photograph of the developed laser setup for quantifying H2O in hot and raw product gas. Both sub-
figures are reprinted from [JA III].  

A suitable laser frequency was selected using the Spectral Calculator [143], which uses HITRAN2020 

[144] as a line list to calculate the Voigt profile. A primary design target was to avoid significant band 

overlap with common product gas species from biomass steam gasification [138] and biomass CO2 

gasification [52]. The QCL used a material combination of GaAs/AlGaAs for its active region and a 1st-

order distributed feedback grating to ensure single-mode operation at the desired H2O absorption line 

(2.294 THz = 130.69 µm = 76.52 cm-1). The aluminum-made gas cell had an optical path length (d) 

through the product gas of 8.6 cm and was heated up to around 260 °C by a heating coil. H2O 

concentration data (cLaser) was calculated based on the direct absorption principle, with Beer-Lambert’s 

law correlating the measured signal intensity (I) to the signal intensity measured in an inert gas (I0). 

Further values used in the calculation were the pressure (p), temperature (T), ideal gas constant (R), and 

molar extinction coefficient of water vapor (εH2O). A numerical solver was developed to account for the 

H2O concentration dependence of εH2O and the influence of cross-absorption by CO. The rearranged 

form of Lambert-Beer’s law as it was applied is given in Eq. 22. 

𝑐t|��� = 𝑅 ⋅ 𝑇 ⋅ 𝑙𝑜𝑔RQ ¡𝐼Q𝐼 ¢𝜀rSw ⋅ 𝑑 ⋅ 𝑝  Eq. 22 

3.3. Simulations and modeling 
This chapter describes the applied simulation tools and the primary considerations leading to the 

proposed process design for direct reduction ironmaking. 

3.3.1. Simulation tools 
Various process data were analyzed in Microsoft Excel and MATLAB. In addition, two dedicated 

simulation tools were used for thermodynamic equilibrium and process flowsheet modeling. 
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3.3.1.1. FactSage 
The experimental investigations in JA I-II were supported by thermodynamic equilibrium modeling. 

The equilibrium module integrated in FactSage [145] was used to calculate equilibrium compositions 

by minimizing the free Gibbs energy. Thermodynamic equilibrium modeling was used for: 

• Experimental design by investigating the influence of temperature and feed ratios on the 

expected product gas composition, 

• comparison with the experimental results to uncover kinetic limitations if the product gas 

composition was significantly different from the equilibrium composition, 

• verification of the experimental findings. 

The complex chemical composition of biomass feedstocks made it necessary to use simplifications. 

Biomass was simulated in FactSage as a mixture of liquid H2O (measured by proximate analysis) and 

elemental C, H2, and O2 (measured by ultimate analysis).  

3.3.1.2. IPSEpro 
Mass and energy balancing by process modeling in IPSEpro [146], [147], [148] was one of the main 

methods used in this thesis. IPSEpro is an equation-based flowsheet simulation environment that 

simultaneously solves stationary mass- and energy balances [146]. JA IV used extensive process 

flowsheet modeling for the process concept study that described how biomass CO2 gasification could 

be industrially used for direct reduction ironmaking. JA II used mass balances in a flowsheet model to 

calculate the product gas mass flows, which were not directly available as measurements. JA II-III also 

used IPSEpro to estimate the water vapor concentration in the product gas.  

The software package IPSEpro consists of multiple program modules [147]. The Model Development 

Kit allows the user to design and mathematically describe models. Three types of models are 

differentiated: connection, global, and unit. Units represent equipment or unit operations, e.g., a heat 

exchanger or pump. Connections do as their name implies: They connect different units and transfer 

information from one to another, e.g., the mass flow or temperature of a gas stream. Globals can be used 

to describe streams by separate, reusable functions. These globals are used in biomass gasification 

simulations for composition data, e.g., to retain the same chemical gas composition for a gas stream 

from feed to the drain side of a heat exchanger. Models can also call on external property libraries to 

derive material parameters such as the heat of formation. The model compiler can compile a collection 

of individual models into model libraries.  

Extensive model libraries suited for gasification modeling have been created in IPSEpro at TU Wien 

over the last decades, e.g., [148], [149]. These libraries have been extended by creating several new 

models for JA IV. The most significant new units were:  
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• An iron reduction unit was added that considers the thermodynamic stability of iron phases in 

gas mixture atmospheres where iron reduction happens with CO and/or H2. 

• Separate scrubber and stripper units for CO2 capture in aqueous amines, e.g., monoethanolamine 

(MEA), were added. The new units include options for heat integration. They can calculate the 

specific energy demand for carbon capture based on a mix of operating conditions and material 

data like the heat of absorption.  

The extended model libraries were used to draft flowsheet models in the Process Simulation 

Environment. The Process Simulation Environment offers a graphical interface to arrange models from 

the selected model library. Variables established within the Model Development Kit can be defined by 

entering process data into the flowsheet. The model can be solved once the number of independent 

process data points entered equals the number of independent variables. The solver first checks in the 

analysis phase if the flowsheet model is correctly specified and determines the optimum solution 

method. Second, the solver applies numerical methods defined during the analysis phase to solve the 

flowsheet model and calculate all dependent variables. The results are presented directly in the flowsheet 

model and can, for example, be exported to Microsoft Excel using the PSXLink extension module. 

3.3.2. Modeling the direct reduction ironmaking process 
JA IV aimed to contextualize the experimental results by a concept study to describe how biomass CO2 

gasification can be applied as a CCU process at an industrial scale. The direct reduction ironmaking 

(DRI) process was selected as it has some characteristics that make it particularly suited for combining 

biomass CO2 gasification. 

• Importance of the steelmaking sector: The average carbon intensity of steelmaking was 

2.3 tCO2/tsteel [4] in 2020, and steel demand reached around 1.81 Gt in 2023 [150]. At a total of 

4.1 GtCO2-eq. in 2020, the steelmaking sector was responsible for around 6.9 % of all global 

emissions contributing to global warming [4]. Developing low-emission technologies for direct 

reduction ironmaking is a promising approach for decarbonization in this sector. The DRI 

product can be used as feedstock for electric arc furnaces (EAF) [151]. Various DRI-EAF 

process configurations have been proposed to achieve significant emission reductions compared 

to steelmaking via the blast furnace-basic oxygen furnace route [17], [152], [153], [154], [155]. 

• H2:CO ratio: The DRI process does not need a specific H2:CO ratio as both CO and H2 can 

independently take up oxygen and act as reducing agents [112]. A high CO content, as observed 

in the product gas from CO2 gasification, can even be beneficial for ironmaking. Iron ore 

reduction with H2 is endothermic, which can bring heat distribution challenges in the reactor 

[113], [156]. Iron reduction with CO is exothermic [156], which potentially helps with heat 

distribution. Furthermore, the formation of Fe3C is a desired side effect in the DRI process [17], 

and is increased at H2:CO ratios of 1 or lower [157].  
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• Carbon recycling potential: Since the gas is used as a reducing agent in DRI, the CO is converted 

back to CO2, which is available at the site and can be recirculated back to the CO2 gasifier with 

minimal delay. Furthermore, if the only external carbon source is biomass, this CO2 is 

renewable, and excess CO2 can be carbon-neutrally emitted or stored to reach net-negative CO2 

emissions. This small integration loop is advantageous, as it gives economic control over a 

significant feedstock, enables heat integration for carbon capture, saves on transport costs, 

provides renewable carbon from a point source, and allows for adjusting the capture conditions 

to the process needs. 

• Impurity tolerance: Bürgler and Di Donato reported on biomass gasification for DRI production 

within the Ultra Low Carbon Dioxide Steelmaking (ULCOS) program [158]. One aspect that 

they described was product gas purification for DRI. They concluded that typical product gas 

impurities like dust, tar, and sulfur were either unproblematic for the DRI process or easy to 

remove with established gas cleaning steps.  

After selecting ironmaking as the target application, further process development aimed to project own 

experimental results into a high-efficiency process design that included thorough mass and energy 

balances for the primary unit operations. It was decided to measure the quality of the developed design 

regarding emission intensity and production costs by comparison with a simplified MIDREX process, 

which uses natural gas to produce reducing gas for DRI [159]. Economic and ecological calculations 

are described in Section 3.4. These primary units of the selected design are briefly characterized here; 

the interested reader is referred to JA IV for in-depth information on process design and data. An 

overview of the simulated process routes is given in Figure 13. 
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Figure 13: Overview of simulated process routes in JA IV. References for gasification datasets are as follows: “Mauerhofer, 
2021”=[52], “Müller, 2024”=[JA II]. The figure is adjusted from [JA IV].  

A dual fluidized bed reactor design was assumed for biomass CO2 gasification (BCG). Mauerhofer et 

al. have demonstrated BCG in such a gasifier and provided various data that were also used in this study, 

e.g., for simulation of the combustion reactor and the abundance of tar, dust, and fly char in the product 

gas [47], [52], [160]. Data from experiment #5 by Mauerhofer et al. [52] were also used as one of three 

datasets for the product gas composition to prove the feasibility of a dual fluidized bed reactor in this 

process. Two other datasets were taken from the work in JA II. Experiments #4 and #7 were selected 

because they used different biomass feedstocks (#4: softwood, #7: wood char), had relatively high CO2 

conversion and some moisture in the feed gas. These three datasets were ranked by their CO2 conversion 

as low conversion (“LC”, #5 in [52]), medium conversion (“MC”, #4 in JA II), and high conversion 

(“HC”, #7 in JA II). Each dataset was simulated once with air (“AIR”) and once with oxygen-enriched 

flue gas (“OXY) for combustion. 

Following published plant data by Shams and Moazeni [161] and Parisi and Laborde [162], a shaft 

furnace was assumed for iron reduction and carburization. The reducing gas’ (=gas fed to shaft furnace) 

and top gas’ (=gas drained from shaft furnace) compositions were characterized by the reduction 

potential (RP). Iron reduction was assumed to occur by reactions with both H2 and CO. Carburization 

was assumed to occur only by reactions with CO. 

𝑅𝑃 = 𝑛r� + 𝑛mw𝑛r�w + 𝑛mw� Eq. 23 
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A carbon capture unit using aqueous monoethanolamine as a solvent in two columns, one for absorbing 

and one for stripping, was assumed to capture CO2 from top gas based on a book by Madeddu et al. [58]. 

Part of the captured CO2 was fed to the gasifier as the gasification agent. Any excess CO2 underwent 

compression and purification, and left the flowsheet at 100 bar with designation for transport and 

geological storage. The “OXY”-simulations merged the excess CO2 with flue gas from oxy-fuel 

combustion before purification and transport. 

Cryogenic air separation and CO2 purification units were not simulated in detail, but electrical energy 

demand and gas purities were assumed following Habib et al. [59] and Xu et al. [163]. A biomass dryer 

was included in all simulations [164]. A screw pyrolyzer was included in “HC”-simulations for wood 

char production based on data by Solar et al. [165]. The gaseous pyrolysis products were assumed to 

merge with the product gas from gasification. Cyclones and a tar scrubber using rapeseed methyl ester 

as solvent were assumed for cleaning the (merged) product gas [16]. Counter-current heat exchangers 

were assumed for heat integration. The natural gas reformer data for the comparison process were mainly 

derived from Shams and Moazeni [161] and Farhadi et al. [166]. 

3.4. Calculation of key parameters 

3.4.1. CO2 conversion estimations 
CO2 conversion (XCO2) in this thesis is defined as the percentage of feedstock CO2 converted to other 

carbonaceous products during biomass CO2 gasification. Section 2.4 explained that reporting in the 

literature is limited to estimation methods and can significantly vary based on selected estimation 

methods and assumptions. Two of the most common estimation methods were applied to work in this 

thesis and are explained below. JA I used XCO2,stoichiometric for CO2 conversion assessment under various 

operating conditions, and JA II compared XCO2,balance and XCO2,stoichiometric to the novel measurement based 

on stable carbon isotope analysis that was introduced in Section 3.2.2. Results from the isotopic 

measurement method are referred to simply as XCO2. 

One method for CO2 conversion calculation is to determine XCO2,balance by relating the difference between 

ingoing (𝑚̇mwS,��) and outgoing (𝑚̇mwS,���) CO2 stream to the ingoing CO2 stream (Eq. 24) [167]. This 

method needs gas flow rate and CO2 composition data for the reactor’s inlet and outlet. If CO2 is formed 

in the reactor, e.g., by devolatilization, the term 𝑚̇mwS,��� contains new CO2 in addition to the 

unconverted feedstock CO2. Consequently, XCO2,balance tends to underestimate the conversion of feedstock 

CO2. Some authors have tried to account for this effect by estimating how much CO2 is newly produced 

in the reactor and subtracting this amount of CO2 from the outlet side, e.g., Mauerhofer et al. compared 

CO2 streams with data from pyrolysis and steam gasification [52]. However, they found significant 

divergence in the results based on these different assumptions, as comparison with pyrolysis and steam 

gasification yielded either 26 % or 45 % of CO2 conversion. 
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𝑋mwS,}|�|�~� = 𝑚̇mwS,�� − 𝑚̇mwS,���𝑚̇mwS,��  Eq. 24 

Some authors used a different method, which calculates the CO2 conversion XCO2,stoichiometric based on 

stoichiometric considerations and the product gas composition [119]. This method assumes that CO and 

H2 in the product gas are formed from the Boudouard (Eq. 4) and steam-carbon (Eq. 5) reactions. 

XCO2,stoichiometric also assumes that any CO2 in the product gas is leftover unconverted feed CO2. Although 

it seems possible to apply similar estimation strategies as Mauerhofer et al. showed for XCO2,balance to 

account for other reactions in XCO2,stoichiometric, no one has yet done so to the author’s best knowledge. The 

advantage of this method is that it only needs dry product gas composition data, which is typically 

measured and reported. This relatively low hurdle of application also allows for calculating 

XCO2,stoichiometric from literature sources, which did not explicitly report on CO2 conversion but provided 

product gas compositions. Another advantage is that the concentrations can be used as relative numbers, 

allowing for quick evaluation of semi-batch experiments before gas composition is stabilized. One 

disadvantage of this method is that it does not accurately reflect all reactions in a gasifier. Similar to 

XCO2,balance, this can introduce a significant error if biomass devolatilization contributes much to the 

product gas. The derivation of XCO2,stoichiometric is provided in Eq. 25-Eq. 30. The amount of each substance 

A is expressed as nA and its molar concentration as cA. The indices in and out refer to the reactor’s inlet 

and outlet. 

 ∆𝑛k = 𝑛k,�� − 𝑛k,��� Eq. 25 𝑛mw,�� = 0 → ∆𝑛mw = −𝑛mw,��� Eq. 26 𝑛rS,�� = 0 → ∆𝑛rS = −𝑛rS,��� Eq. 27 (𝐶 + 𝐶𝑂S → 2𝐶𝑂) & (𝐶 + 𝐻S𝑂 → 𝐶𝑂 + 𝐻S)  → 
− 12 (∆𝑛mw − ∆𝑛rS) = ∆𝑛mwS Eq. 28 

 𝑛k = 𝑛 ⋅ 𝑐k Eq. 29 𝑋mwS,����~��������~ = ∆𝑛mwS𝑛mwS,�� = 𝑐mw,��� − 𝑐rS,���𝑐mw,��� − 𝑐rS,��� + 2 ⋅ 𝑐mwS,��� Eq. 30 

Both XCO2,balance and XCO2,stoichiometric suffer from inaccuracies if the activity of reactions other than the 

Boudouard and steam-carbon reactions increases. The simplification that all product gas is a product of 

these reactions is likely more accurate if the fixed carbon content of the biomass feedstock is higher, as 

the error induced by devolatilization is lower in this case. For this reason, both methods are most 

applicable to CO2 gasification processes that use char or coal with high fixed carbon content as fuel. 

3.4.2. Energy efficiency 
Energy efficiency was calculated in JA IV for the designed ironmaking process routes. All chemical 

energy in used materials plus heat and electricity demands are considered energy expenses. This 
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evaluation's electrical and chemical input power includes the demands of various sub-tasks like 

gasification, carbon capture, and air separation. Chemical energy in feedstock and raw product gas is 

considered by the lower heating value (LHV) and mass flow (𝑚̇). The chemical energy stored in cold 

direct reduced iron (CDRI) is classified as the desired energy output. The energy contained in the CDRI 

can be calculated as the difference in enthalpy (ΔH) between the iron ore and CDRI. As an additional 

representation of energy efficiency, the total energy expenses were referred to the mass flow of CDRI 

to calculate the specific energy demand per unit of CDRI (eIRON: Eq. 32) 

3.4.3. Carbon footprint calculation 
The process simulations in JA IV included three carbon footprint (CF) calculations: two for economic 

evaluations and one for ecological assessment. 

The first calculation (CFEU-ETS: Eq. 33) follows the European Union Emission Trading Scheme (EU-

ETS) rules and was used to calculate the necessary CO2 allowances for techno-economic calculations. 

The calculation followed the mass balance methodology described in the amended Commission 

Implementing Regulation 2018/2066 [168] and considers the sustainability and greenhouse gas emission 

saving criteria given in Directive (EU) 2018/2001 [169]. Relevant ingoing carbon streams (𝑚̇m) for this 

method include the carbon in natural gas (NG), triethylene glycol (TEG), monoethanolamine (MEA), 

and rapeseed methyl ester (RME). Within the framework of the current EU-ETS rules given in 

Regulation 2018/2066 [168], it is currently not possible to generate CO2 allowances through net-

negative emissions resulting from bioenergy with carbon capture and storage (BCCS) [170], [171], 

[172]. Therefore, outgoing carbon streams into cold direct reduced iron (CDRI) and geological storage 

are only assumed to reduce CFEU-ETS for the fossil comparison process with natural gas. 

The second calculation (CFEU-ETS,BCCS: Eq. 34) includes a hypothetical change to the EU-ETS framework 

that would allow for generating CO2 removal credits from BCCS activities. In this hypothetical case, 

the outgoing carbon streams into CDRI and geological storage are subtracted for all cases. 

The third calculation (CFLCA: Eq. 35) uses a cradle-to-gate system boundary to account for the indirect 

emissions of material and energy streams entering the proposed process. This method uses mass balance 

data and CO2-equivalent (CO2e) emission factors (fCO2e), e.g., as described by the Federal Environmental 

Agency of Austria (Umweltbundesamt) [173], [174]. It represents a simplified life cycle assessment 

with the global warming potential over 100 years as a sole impact category. 

𝜂sxwv = ∆𝐻̇sxwv𝑃ot + ∑ 𝐿𝐻𝑉 ⋅ 𝑚̇ Eq. 31 

𝑒sxwv = 𝑃ot + ∑ 𝐿𝐻𝑉 ⋅ 𝑚̇𝑚̇mnxs  Eq. 32 
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The applied fCO2e values (Table 5) combine mass balance data for direct emissions and indirect emission 

data from the ecoinvent database (version 3.10.1) [175]. 

Table 5: CO2e emission factors used for CFLCA carbon footprint calculation. 

Stream Unit fCO2e Direct CO2 
emissions by 
mass balance 

Indirect CO2e 
emissions 
(upstream) 

Source 

Iron ore pellets kgCO2e/kgiron ore 0.103  0.1033 [176] 
Triethylene glycol kgCO2e/kgTEG 3.968 1.758 2.21 [177] 
Monoethanolamine kgCO2e/kgMEA 5.827 1.847 3.98 [178] 
Rapeseed methyl ester kgCO2e/kgRME 5.340 2.840 2.5* [179] 
Olivine kgCO2e/kgolivine 0.043  0.0432** [180] 
Biomass (LC/MC)-
simulations 

kgCO2e/kgdry wood 

(LC/MC) 
1.906 1.861 0.045 [181] 

Biomass (HC)-
simulations 

kgCO2e/kgdry wood 

(HC) 
1.793 1.748 0.045 [181] 

Electricity kgCO2e/kWhgrid elect. 0.260  0.26 [182] 
Natural gas kgCO2e/m³natural gas 2.646 2.046 0.6 [183] 
CO2 to storage kgCO2e/kgCO2 to CCS -1.000 -1.000   
Carburization kgCO2e/kgCDRI -0.073 -0.073   
Plant growth 
(LC/MC)-simulations 

kgCO2e/kgdry wood 

(LC/MC) 
-1.861  -1.861 Mass 

balance 
Plant growth (HC)-
simulations 

kgCO2e/kgdry wood 

(HC) 
-1.748  -1.748 Mass 

balance 
*Data for fatty acid methyl ester.  
**Data for silica sand. 

3.4.4. Techno-economic assessment 
The techno-economic assessment in JA IV applied the net present value method to determine the 

levelized cost of CDRI production (LCOP, Eq. 36), representing the cost per unit in a new plant [184], 

[185], [186]. This approach has been widely used for biomass-fed gasifier systems [16], [155], [187]. 

The LCOP method incorporates a cumulative discount factor (CDF, Eq. 37) to discount future cash 

flows. 

A production scale of 1 MtCDRI/a was assumed to align with a similar work by Pissot et al. [17]. LCOP 

accounts for investment costs (I0), expenses (E), and revenues from secondary products (R). An estimate 

for the investment costs (I0: Eq. 38), or capital expenditure (CAPEX) was derived as the sum of 

subsystem equipment cost estimates. Subsystem equipment costs at design capacity (Ceq,design: Eq. 39) 

were estimated from literature values [105], [163], [164], [188], [189], [190], [191], [192], [193], [194], 

[195], [196], [197], [198] using the capacity method, which typically has an accuracy of -30 % to +50 % 

𝐶𝐹o{Vozy = ∑ (𝑚̇m ⋅ 3.664vq,zoq,uok,xuo ) − 𝑚̇m �� mnxs,������ ⋅ 3.664 − 𝑚̇mwS,mmy,������𝑚̇mnxs  Eq. 33 

𝐶𝐹o{Vozy,lmmy = ∑ (𝑚̇m ⋅ 3.664vq,zoq,uok,xuo ) − 𝑚̇m �� mnxs ⋅ 3.664 − 𝑚̇mwS,mmy𝑚̇mnxs  Eq. 34 

𝐶𝐹tmk = ∑ (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑢𝑛𝑖𝑡 𝑓𝑙𝑜𝑤 ⋅ 𝑓mwS�)|�� ����|�� 𝑚̇mnxs  Eq. 35 
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at this stage [185]. The variables S, r, and Z express the equipment size, scale, and overall installation 

factors. The chemical engineering plant cost index (CEPCI) is used to account for price development 

over time. 

Expenses (E), or operational expenditures (OPEX), are categorized into fixed and variable costs. Fixed 

OPEX depend on equipment size, while variable OPEX arise from input and output streams per CDRI 

unit. Energy prices were based on Austria and Germany (Nov 2023 – Oct 2024) [199], [200], [201]. 

Other cost factors [155], [164], [202], [203], [204], [205], [206], [207], [208] were preferably taken 

from previous techno-economic biomass gasification investigations in these regions and adjusted for 

Austrian inflation via the consumer price index [209].  

Additionally, the emission allowance break-even price (EABEP: Eq. 40) served as a comparative 

economic indicator, representing the emission allowance price required for cost parity with a natural 

gas-based comparison process without carbon capture and storage (NG-DRI). If a nonzero emission 

allowance price (pEA,0) is assumed in LCOP, it must be included in the EABEP calculation.  

Both LCOPBCCS and EABEPBCCS are calculation variants that replace CFEU-ETS with CFEU-ETS,BCCS for 

calculating emission costs to account for potential CO2 removal credit revenues within the EU-ETS in 

the hypothetical policy-change scenario. 

The assumed economic parameters are summarized in Table 6. 

𝐿𝐶𝑂𝑃 = 𝐼Q + (𝐸 − 𝑅) ⋅ 𝐶𝐷𝐹𝑚mnxs ⋅ 𝐶𝐷𝐹  Eq. 36 

𝐶𝐷𝐹 = (1 + 𝑖)� − 1𝑖 ⋅ (1 + 𝑖)�  Eq. 37 

𝐼Q = � 𝐶��,������,��  Eq. 38 

𝐶��,������ = 𝐶��,}|�� ⋅ �𝑆������𝑆}|�� �� ⋅ 𝑍 ⋅ 𝐶𝐸𝑃𝐶𝐼SQSU𝐶𝐸𝑃𝐶𝐼}|�� ��|� Eq. 39 

𝐸𝐴𝐵𝐸𝑃 = 𝐿𝐶𝑂𝑃���~��� − 𝐿𝐶𝑂𝑃vqVnxs𝐶𝐹o{Vozy,vqVnxs − 𝐶𝐹o{Vozy,���~��� + 𝑝ok,Q Eq. 40 
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Table 6: Economic parameters assumed for techno-economic calculations 

Net present value calculation Unit Value Source 
Nameplate capacity MtCDRI/a 1000 Assumption based on [17] 
Plant lifetime a 20 [204] 
Interest rate % 6 [205] 
Fixed OPEX calculation Unit Value Source 
Maintenance cost per year % of 

CAPEX/a 
2.00  [206] 

Insurance, administration, and tax per 
year 

% of 
CAPEX/a 

1.50 [155] 

Cost of one employee per year €/a 88000 [155] i.a.* 
Operating hours h/a 8000 [155] 
Number of employees - 25 Assumption based on [155], 

[204]  
Variable OPEX calculation: 
expenses 

Unit Cost in 
€/unit 

Source 

Wood (35 wt.-% H2O) MWhLHV 28.8** [199] 1 year average 
Natural gas MWhLHV 56.5 [200] 1 year average 
Electricity MWh 74.8 [201] 1 year average 
Iron ore pellets t 104 [207] 1 year average 
Rapeseed Methyl Ester t 1300 [204] i.a.* 
Process water t 2.4 [206] i.a.* 
Olivine t 260 [164] i.a.* 
Triethylene glycol t 1000 Online markets 
Monoethanolamine t 850 Online markets 
Cooling water t 0.06 [208] 1 year average 
Ash/olivine landfilling t 125 [164] i.a.* 
Wastewater disposal t 4 [204] i.a.* 
CO2 transport and storage t 60 [202] 
CO2 emission price (fossil) t 146 [203] 2030 forecast 
Side revenues Unit Cost in 

€/unit 
Source 

CO2 removal credit t 146 [203] 2030 forecast 
District heating MWh 15 [204] i.a.* 

*i.a.=inflation-adjusted (and rounded) from year of cost data to October 2024 based on Austria's consumer price index 
**Recalculated from a net price of 89.6 €/t using a calculated lower heating value (LHV) of 3.17 MWh/t 
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4. Results and discussion 
This section summarizes and discusses the most important findings from JA I-IV and CA I. The first 

three subsections each address one of the three core research questions, while the fourth section 

summarizes the findings for the additional related research questions: 

• Section 4.1: How can CO2 conversion be increased in a fluidized bed biomass gasifier? 

• Section 4.2: How can CO2 conversion be validated in a biomass gasifier?  

• Section 4.3: How does implementing biomass CO2 gasification for CO2 recycling affect the 

economic viability and CO2 emissions of direct reduction ironmaking? 

• Section 4.4: What additional results relevant to biomass CO2 gasification were found regarding 

surface adjustment of biochar and H2O quantification in hot gas? 

Each of these chapters includes a discussion section and a key findings box. The discussion sections 

synthesize the results from different articles (if applicable) and contextualize them. The key findings 

boxes provide the basis for answering the research questions in the thesis conclusions.  

4.1. Increasing CO2 conversion by varying operating 

conditions 
The focus of this chapter is to describe how CO2 conversion can be increased in biomass CO2 

gasification. All investigations described in this chapter have been experimentally conducted in the 

single-bed fluidized bed gasifier #1 “NERO” (see Section 3.1.1). 

4.1.1. Results: Increasing CO2 conversion 

Different strategies were used in JA I and JA II to address the research question of how to increase CO2 

conversion. JA I used semi-continuous experiments to screen a wide range of operating conditions. JA 

II aimed to validate and demonstrate the process with continuous feeding experiments, which take more 

time but are practically more relevant. 

4.1.1.1. Semi-continuous investigation of operating conditions 
CO2 conversion was investigated in JA I in a fluidized bed gasifier under semi-continuous feeding 

conditions. Eucalyptus globulus wood char was used as fuel, which had high fixed carbon content. This 

fuel was batch-fed to the reactor under nitrogen flow. CO2 replaced nitrogen as the gas feed to start the 

experiments. The CO2 conversion was estimated using Eq. 30 (XCO2,stoichiometric) because these 

experiments happened before the new isotopic CO2 conversion measurement was developed, and mass 

flow rates from the reactor were unavailable. Two of the investigated parameters, temperature and fuel 

height in the reactor, decreased after the experimental start because of endothermic gasification 
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reactions. CO2 conversion was evaluated close to the experimental start to avoid a significant deviation 

of these parameters from the initially controlled conditions. Table 7 lists the investigated operational 

parameters in JA I. 

Table 7: Experimental parameters investigated in 53 experiments in JA I. 
Variable Investigated factor Analyzed parameters (target values) Variations 
T Temperature 800 – 1000 °C 5 
F Initial fuel loading (height) 5 – 15 cm 4 
S Fuel size 0.8 – 8 mm 4 
G Feed gas flow rate 0.30 – 0.43 Nm³/h 2 
M Bed material type Silica sand|limestone|olivine 3 
B Initial bed-to-fuel ratio 0.66 – 4 m³/m³ 6 

The article tried to overcome the limitations of unclear comparability between experiments by proposing 

a semi-empirical CO2 conversion model that could replicate CO2 conversion in the reactor based on all 

six investigated factors. Comparisons of the experimental results with thermodynamic equilibrium 

calculations in FactSage suggested that the system behavior was controlled by reaction rate. First-order 

reaction kinetic considerations in a perfectly stirred reactor [210] were used as a simplified modeling 

basis based on the typically good mixing in fluidized bed reactors. Various considerations regarding the 

influence of the investigated parameters on the hydrodynamic residence time, pre-exponential factor, 

and activation energy led to the unified CO2 conversion model. Before simplification (Eq. 41), this 

model contained defined variables for each operational parameter (T, F, S, G, M, B), exponential fitting 

parameters (α, β, γ), and variables for the pre-exponential factor (k0), standard temperature (T0), 

activation energy (Ea), and bed void fraction (ε).  

𝑋mwS,����~��������~ = 𝑘Q ⋅ 𝑆 ⋅ exp ¡−𝐸| ⋅ 𝑀𝑅 ⋅ 𝑇 ¢ ⋅ 𝐴 ⋅ 𝐹� ⋅ (1 + 𝐵�) ⋅ 𝜀(𝐺 ⋅ 𝑇/𝑇Q)�1 + 𝑘Q ⋅ 𝑆 ⋅ exp ¡−𝐸| ⋅ 𝑀𝑅 ⋅ 𝑇 ¢ ⋅ 𝐴 ⋅ 𝐹� ⋅ (1 + 𝐵�) ⋅ 𝜀(𝐺 ⋅ 𝑇/𝑇Q)�  Eq. 41 

The model was then numerically fit to the experimental data by varying the fitting parameters and 

activation energy. Operational parameters with limited influence on the model fit were eliminated. A 

new parameter termed fuel-gas contact time (τFGC) was defined that resembled the hydrodynamic 

residence time but only considered the time that CO2 is in contact with the biomass feedstock. The 

simplified version of the CO2 conversion model (Eq. 42) used only τFGC, T, and M as variables. 

Increasing the temperature and fuel-gas contact time were the governing factors leading to increased 

CO2 conversion. The fuel-gas contact time was experimentally increased at higher fuel loading in the 

reactor and lower CO2 feed gas flow rates. It was also found that using olivine as a bed material likely 

led to higher CO2 conversion than silica sand because it reduced the activation energy. 

𝑋mwS,����~��������~ = 𝑘Q ⋅ exp ¡−𝐸| ⋅ 𝑀𝑅 ⋅ 𝑇 ¢ ⋅ 𝜏pqm1 + 𝑘Q ⋅ exp ¡−𝐸| ⋅ 𝑀𝑅 ⋅ 𝑇 ¢ ⋅ 𝜏pqm Eq. 42 
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The simplified model replicated CO2 conversion for all experiments with a root mean square error of 4 

percentage points. Figure 14 shows how the semi-empirical model prediction compared to experimental 

and thermodynamic equilibrium data. 

 
Figure 14: Simplified semi-empirical CO2 conversion model (filled lattice), thermodynamic equilibrium (empty lattice), and 
experimentally observed values (arrow tips) for CO2 conversion. The figure is reprinted from [JA I]. 

4.1.1.2. Demonstration in continuously fed gasifier  
JA II used the new isotopic measurement (Section 4.2) to investigate CO2 conversion in seven 

experiments with continuous biomass fuel and CO2 feed. The experimental data from these 

investigations are summarized in Table 8. All presented results are average values over one hour of 

gasification after reaching stable gas compositions. Experiments with CO2-steam mixtures as the 

gasifying agent were included to a) investigate the influence of co-feeding H2O and b) generate data that 

could represent using a moist CO2 stream from capture in a MEA absorber for gasification. The wood 

char used in this investigation was the same type as in JA I, and standard commercial softwood pellets 

were added to see if the type of biomass influenced the CO2 conversion under comparable conditions. 

The highest possible heating temperature in the gasifier, olivine as bed material, and a low CO2 feed rate 

were adopted to achieve high CO2 conversion based on the findings from JA I. The fuel height in the 

reactor could not be measured and controlled for these continuous-feed experiments; therefore, different 

fuel feeding rates were used to see if these had a similar effect. Molar biomass-to-CO2 carbon feed ratios 

of at least 1:1 were used to avoid stoichiometric limitations for the Boudouard reaction.  
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Table 8: Summary of experimental data in JA II. 

Parameter Unit Data source Exp 
#1 

Exp 
#2 

Exp 
#3 

Exp 
#4 

Exp 
#5 

Exp 
#6 

Exp 
#7 

Selected parameters 
Bed material - Setting Olivine 
CO2 feed NL/min Setting 2.8 
Temperature °C Setting 1000 
Fuel type - Setting SW SW SW SW Char Char Char 
Carbon feed 
ratio Cfuel:CCO2 

- Setting 1.35 1.35 2 2 1 2 2 

Fuel feed g/min Setting 4.2 4.2 6.4 6.4 1.9 3.7 3.7 
H2O feed NL/min Setting 0 0.23 0 0.23 0 0 0.36 
Measured and calculated results 
Temperature °C Measurement 903 856 821 825 877 864 856 
Unconverted 
fuel carbon 

% Mass balance 2 12 13 14 23 46 42 

XCO2 % Measurement 48 49 56 55 71 91 93 𝑉̇���|�,��� NL/min Mass balance 8.6 8.5 10.6 10.7 5.4 6.3 7.0 𝑉̇mw,��� NL/min Mass balance 4.2 3.9 5.0 5.0 3.9 5.3 5.6 𝑉̇mwS,��� NL/min Mass balance 1.8 1.8 1.9 1.8 1.0 0.4 0.3 𝑉̇rS,��� NL/min Mass balance 1.7 1.5 2.2 2.1 0.4 0.6 0.7 𝑉̇mrU,��� NL/min Mass balance 0.4 0.3 0.6 0.6 0.0 0.1 0.1 𝑉̇rSw,��� NL/min Mass balance 0.5 1.1 0.9 1.2 0.1 0.0 0.3 
H2/CO ratio - Measurement 0.4 0.4 0.4 0.4 0.1 0.1 0.1 
RP* - Mass balance 2.5 1.8 2.7 2.3 3.9 14.1 10.2 
RP* 
equilibrium 

- Gibbs energy 
minimization 

4.4 7.1 8.8 7.5 11.6 23.2 21.3 

LHV MJ/Nm³ Mass balance 9.8 8.8 10.3 10.0 10.0 11.8 11.5 
*RP stands for “Reduction Potential” and is calculated as the ratio of (H2+CO)/(H2O+CO2) in the product gas. This value is 
commonly used in ironmaking applications to characterize the gas’ ability to reduce iron ore (thermodynamic equilibrium).  

The product gas composition was also compared to the predictions for thermodynamical equilibrium 

given by FactSage, see Figure 15. 

 
Figure 15: Product gas composition: Measured concentrations (full bars) vs. thermodynamic equilibrium concentrations 
calculated in FactSage (checkered bars). H2O concentrations result from mass balancing. The figure is adjusted from [JA II]. 
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4.1.2. Discussion: Increasing CO2 conversion 
The 53 experiments described in JA I were conducted in four experimental campaigns. This step-by-

step approach allowed for incorporating the learnings of previous experiments into the next one and 

increase XCO2,stoichiometric from 6 % in the first campaign up to 86 % in the last campaign. The semi-

empirical CO2 conversion model was created after conducting all experiments to provide general 

directions for how operating conditions should be selected in fluidized bed biomass CO2 gasification for 

maximum CO2 conversion. Its most important findings for increasing CO2 conversion are: 

• Higher operating temperatures of 850 °C and above favor CO2 conversion.  

• Longer contact times between CO2 and solid biomass feedstock lead to higher CO2 conversion.  

• Olivine is favorable as a bed material compared to silica sand, as it lowers the activation energy. 

Olivine is a well-known bed material in biomass gasification that various authors have used and 

favorably described [86], [139], [211], [212]. The finding about higher temperatures is consistent with 

the general literature on CO2 gasification, which suggests that higher temperatures lead to more CO2 

conversion by the Boudouard reaction [46], [52], [106], [116], [119]. The difficulty of practically 

achieving higher temperatures in the reactor depends on the reactor type. For example, the electric 

heating powering the NERO gasifier had trouble reaching the desired temperatures in the reactor core 

for experiments with high fuel feed rates, as shown in JA II. In such a case, it might be necessary to 

balance high biomass feed rates and high temperatures in line with reactor characteristics. 

The correlation between longer fuel-gas contact times and CO2 conversion results from not reaching 

equilibrium due to reaction kinetic limitations. Figure 15 shows that the product gas composition had 

significantly higher CO2 content for Exp.#1-5 compared to equilibrium. Fluidized bed gasifiers are 

somewhat constrained regarding the increase of fuel-gas contact time by lowering the feed gas flow rate 

because the minimal gas flow rate for fluidization needs to be surpassed. The other option for increasing 

the fuel-gas contact time is to increase solid carbon availability along the reactor's gas path. JA II 

demonstrated that the CO2 conversion could be increased by increasing the ratio of biomass to CO2 feed 

rate. The practical challenges of increasing this ratio again depend on the type of gasifier. If increasing 

the heat input from an allothermal heating system is unproblematic, then higher biomass input seems 

like a good option. For biomass feedstocks with low oxygen content, doing so would also decrease λ 

and increase the heating value of the produced gas if the biomass is gasified to the same degree. For 

more complex reactor types, such as a dual fluidized bed gasifier, that needs carefully balanced operation 

for transferring the desired energy from the combustor to the gasifier, further investigations are 

necessary to determine if higher biomass to CO2 feed ratios are feasible. For example, a challenge could 

be that increased heat demand in the gasifier would need increased combustion temperatures that could 

surpass material ratings.  
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The influence of molar carbon feeding ratios can also be discussed by comparison with the data from 

other authors. JA IV used data from JA II and Mauerhofer et al., who investigated biomass CO2 

gasification in a dual fluidized bed gasifier [52]. The used datasets (Mauerhofer vs. JA II) had the same 

softwood feedstock, similar temperatures in the bubbling bed (837 °C vs. 825 °C), and olivine as bed 

material. However, the molar carbon feeding ratio Cfuel:CCO2 was very different (0.8 vs. 2.0). Using the 

mass balance estimation as a comparison, which can be easily calculated for both datasets, Mauerhofer 

reached much lower values for XCO2,balance (15% vs. 34%). Even before considering devolatilization, the 

feeding ratio Cfuel:CCO2 of 0.8 in Mauerhofer’s work means that too little biomass carbon was available 

for CO2 conversion through the Bouardourd reaction. Since the temperature in Mauerhofer’s work was 

slightly higher, this is a strong indicator that carbon feeding ratios are highly relevant for CO2 

conversion. Higher Cfuel:CCO2 ratios leading to higher CO2 conversion is also consistent with the 

thermodynamic investigations by Chai et al. [115] and the experimental data by Kibret et al. [126], even 

though Kibret et al. did not report on the CO2 conversion themselves. 

In general, the option to increase contact times by having more fuel in the reactor was also suggested by 

Chai et al. [115], who proposed adding additional solid carbon as biochar. Biochar addition seems like 

a smart solution, as the CO2 conversion with wood char as feedstock was significantly higher than with 

softwood. It was reasoned in JA II that this could be a consequence of the lower fixed carbon content 

in softwood. Too little solid carbon was likely available for very high CO2 conversion in the experiments 

with softwood since it was converted to gas by decomposition reactions. The ~50 %:50 % split between 

carbon from biomass and carbon from CO2 found in CO formed during the gasification of wood char 

(Exp. #5-7 in Figure 17) is a strong indicator that the Boudouard reaction stoichiometrically converted 

CO2. This finding suggests that solid carbon should be stoichiometrically available in the reactor after 

devolatilization to convert CO2. Consequently, the semi-empirical CO2 conversion model could be 

extended by a parameter considering fuel carbon content and/or fixed carbon content. This adjustment 

would also agree with Mauerhofer et al., who reported that CO formation increased for fuels with higher 

carbon content [65]. 

The introduction (Section 2.4) described that data on CO2 conversion in fluidized bed biomass gasifiers 

is relatively sparse. To the author’s best knowledge, no other authors have reported more than 50 % of 

CO2 conversion in a fluidized bed biomass gasifier, with most reports significantly undercutting this 

value [52], [65], [106], [114], [115], [116]. Section 4.2 shows that insufficiencies in the established 

estimation methods might have led to other authors underestimating their actual CO2 conversion results. 

Additionally, the literature search criteria might have excluded some relevant literature. Nevertheless, 

the up to 93 % CO2 conversion demonstrated in continuous-feed experiments in JA II is a significant 

step forward for biomass CO2 gasification in fluidized bed reactors as a CCU process. The CO 

concentration of 80 vol.-% and more in the product gas confirms that this technology needs to be 
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supported by additional hydrogen input or applied to a downstream process that can work with very low 

H2:CO ratios. 

4.1.3. Key findings: Increasing CO2 conversion 
Journal articles I-II described and demonstrated under which operating conditions a high CO2 

conversion can be achieved in a fluidized bed biomass gasifier. Key findings 1 summarizes the most 

important results. 

Key findings 1: Chapter “Increasing CO2 conversion by varying operating conditions”. 

• High (850 °C+) temperatures and longer contact times between CO2 and solid carbon 

increase CO2 conversion. 

• The carbon monoxide from CO2 gasification of wood char contained a ~50 %:50 % 

split of carbon from biomass and carbon from CO2. This split suggests that the 

Boudouard reaction is critical for CO2 conversion.  

• Higher CO2 conversion was observed in experiments with wood char compared to 

softwood, likely due to insufficient fixed carbon in softwood for CO2 conversion via 

the Boudouard reaction. 

• Up to 93 % of CO2 conversion was demonstrated in continuous-feed experiments. 

4.2. Validating CO2 conversion by stable carbon isotope 

analysis 
This chapter describes the development of a new measurement for determining the conversion of 

feedstock CO2 during biomass gasification. Measurement data are presented to support arguments, but 

this chapter focuses on establishing the new technique and not discussing the gasification results. Further 

discussion on the value of CO2 conversion under varying operating conditions can be found in Section 

4.1.  

4.2.1. Results: Validating CO2 conversion 
JA II introduced a novel way of measuring CO2 conversion in biomass CO2 gasification. This new 

method aimed to establish a way to differentiate unconverted feedstock CO2 and CO2 that is formed 

anew in the reactor. This goal was achieved by measuring the stable carbon isotope ratios in the two 

parental carbon sources, CO2 and biomass. These carbon isotope ratio fingerprints of CO2 and biomass 

were then used to assign shares of CO2 and CO in the product gas to both parental carbon sources. 

Figure 16 depicts the main carbon flows in this biomass CO2 gasification process and illustrates how 

the isotopic fingerprints (colors) of carbon in CO2 and biomass carry over to the product gas. A detailed 

explanation of this method to determine XCO2 is available in Section 3.2.2. 
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Figure 16: Graphical abstract showing how carbon enters the reactor via CO2 and biomass, where various thermochemical 
conversion processes convert it to product gas. The figure is reprinted from [JA II]. 

This novel method was applied for biomass CO2 gasification experiments with softwood (Exp. #1-4) 

and wood char (Exp. #5-7) as biomass feedstock. CO2 and CO in the product gas could be attributed to 

their parental carbon sources (Figure 17). 

 
Figure 17: Parental carbon sources of CO and CO2 in the product gas. The figure is reprinted from [JA II]. 

The attribution of CO2 in product gas to biomass or CO2 as carbon feedstock allowed for calculating 

feedstock CO2 conversion irrespective of new-formed CO2 from biomass. The results of this novel 

measurement method were compared to the two established CO2 conversion estimation schemes that 

were introduced in Section 3.4.1 (Figure 18).  
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Figure 18: Comparison of new CO2 conversion measurement with previous estimation methods. The figure is reprinted from 
[JA II]. 

4.2.2. Discussion: Validating CO2 conversion 
The comparison of CO2 conversion data from the new measurement method versus previous estimation 

methods in Figure 18 shows apparent differences. Measurement uncertainties were below ±5 pp 

(percentage points) despite relatively small differences in the natural abundance of parental carbon 

sources. In contrast, the established estimation methods yielded results that differed by 10 pp from each 

other and up to 23 pp from the new measurement. The deviation from the new measurement was higher 

for experiments with softwood as feedstock (Exp.#1-4), as this fuel has a higher volatile content. For 

experiments with wood char, the deviation also seemed to decrease when the CO2 conversion 

approached 100 %, as all methods would correctly show 100 % conversion if no CO2 were present in 

the product gas. The isotopic measurement accuracy could be further improved by doping one of the 

carbon streams with an increase of 13C or 12C. However, these isotopically pure compounds are 

expensive, and it is a significant advantage that the new method could provide these results without any 

doping. 

One of the main shortcomings shared between both presented estimation methods is their inability to 

differentiate unconverted CO2 and CO2 from biomass (see Section 3.4.1). The new measurement could 

distinguish between those two carbon sources using natural stable carbon isotope abundance differences 

as a label. Understanding carbon flows in the reactor in more detail can help with process design and 

optimization. The meaning of this ability to distinguish is best explained using an example: 
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Exp.-#1-4 shown in Figure 17 and Figure 18 used identical CO2 feed flow rates and softwood as 

biomass feedstock. The softwood feed rate was around 50 % higher for Exp.-#3-4 than Exp.-#1-2. This 

increased biomass feed increased total product gas volume flow because more gas was formed from 

biomass decomposition reactions. Curiously, the flow rate of CO2 in product gas remained nearly 

constant even though the total flow rate increased. Consequently, the mass balance estimation, which is 

the most common method in the literature, showed more or less the same CO2 conversion for all Exp.-

#1-4, because it only considers the absolute CO2 feed and drain streams. However, the new measurement 

detected that a larger share of the CO2 in product gas was produced from the increased softwood feed 

(Exp. #3-4 in Figure 17). Therefore, the new measurement recognized that more feedstock CO2 was 

converted, and the product gas now contained more CO2 formed from biomass decomposition. This 

additional knowledge can be used for more targeted process design. For example, the point of CO2 

release in the reactor could be adjusted to increase the conversion of CO2 released from biomass, e.g., 

by switching from on-bed feeding to in-bed feeding. Another option would be to use a second reactor to 

further reduce the CO2 content of product gas by reactions with a different biomass feedstock with lower 

volatile content.  

4.2.3. Key findings: Validating CO2 conversion 
The isotopic measurement of CO2 conversion is key for firmly establishing biomass CO2 gasification as 

a process for CO2 utilization. The uncertainties in previous measurements have led to doubts about the 

conversion of external CO2 during the process. A reviewer for JA I, which came before the new 

measurement was demonstrated, stated: “[…] the authors emphasize the conversion of CO2 to CO and 

pretend that this is related to CO2 utilization.” JA II proved that this is – indeed – related to CO2 

utilization as the technology can convert most of the externally fed CO2. The central results of this 

chapter are summarized in Key findings 2.  
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Key findings 2: Chapter “Validating CO2 conversion by stable carbon isotope analysis”. 

• Stable carbon isotope abundance differences in biomass and CO2 can be used to 

attribute carbonaceous product gas components to their parental carbon sources. This 

attribution allows for a CO2 conversion assessment limited to feedstock CO2.  

• If there are natural differences in isotopic abundance between both carbon sources, this 

analysis is possible without adding an isotopic tracer. 

• Both CO and CO2 in product gas contain carbon from biomass and CO2. 

• Further product gas optimization strategies that aim to decrease CO2 content in the 

product gas can use this new measurement to identify where CO2 originates to apply 

targeted solutions. 

4.3. Implementing CO2 conversion for ironmaking 
Section 3.3.2 reasoned why the direct reduction ironmaking process was chosen as the application in JA 

IV. That section also explained the main design choices and investigated process routes. The main 

findings on how CO2 conversion by biomass CO2 gasification can be industrially applied for ironmaking 

are given in the following section.  

4.3.1. Results: Implementing CO2 conversion  
Three different gasification datasets, two from JA II and one by Mauerhofer et al. [52], were used to 

investigate the influence of CO2 conversion in the gasifier on overall process performance. They were 

labeled by their reported CO2 conversion as low-conversion (LC), medium-conversion (MC), and high-

conversion (HC). The (HC) dataset used wood char as gasification fuel, which demanded the inclusion 

of a pyrolyzer, while process configuration was the same for (LC) and (MC), which used softwood. 

Each gasification dataset was used for two simulations: air as a combustion agent and oxy-fuel 

combustion. The six process configurations resulting from biomass CO2 gasification (BCG) were 

compared to two simulations describing a standard process where natural gas reforming (NGR) was 

used to produce reducing gas.  

In JA IV, the mass and energy balancing results for all routes formed the basis of carbon footprint and 

techno-economic calculations. Sankey diagrams depicting the main mass and energy flows were chosen 

to visualize the results for all six BCG-DRI routes. The main mass and energy stream results for two 

process routes, BCG-DRI(AIR,LC) and BCG-DRI(AIR,MC), are given in Figure 19 and Figure 20. 

These two routes were selected for presentation to facilitate the discussion on the influence of CO2 

conversion for this application since they used the same process configuration. All differences result 

from the difference in gasification data, which influences the mass and energy balances of the whole 

process. 
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Figure 19: Main mass and energy flows for one investigated Biomass CO2 Gasification-Direct Reduction Ironmaking (BCG-
DRI) route. The process uses air (AIR) for combustion. (LC) stands for Low Conversion of CO2 during gasification. 
SH=Sensible Heat, LHV=Lower Heating Value, ISBL/OSBL=Inside/Outside Battery Limit. The figure is reprinted from [JA 
IV].  
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Figure 20: Main mass and energy flows for one investigated Biomass CO2 Gasification-Direct Reduction Ironmaking (BCG-
DRI) route. The process uses air (AIR) for combustion. (MC) stands for Medium Conversion of CO2 during gasification. 
SH=Sensible Heat, LHV=Lower Heating Value, ISBL/OSBL=Inside/Outside Battery Limit. The figure is reprinted from [JA 
IV].  

Key results from mass and energy balancing, carbon footprint calculations, and techno-economic 

assessments are summarized in Table 9 for all simulated process routes. (H2:CO)RG and RPRG 

characterize the reducing gas composition and are relevant for ironmaking. ηIRON and eIRON describe 

process energy efficiency. CFLCA and LCOP are the cradle-to-gate carbon footprint and levelized cost of 
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producing cold direct reduced iron (CDRI). The LCOP values presented in Table 9 used an EU-ETS 

CO2 emission allowance price of 146 €/tCO2, which is the value predicted for 2030 based on a forecast 

by BloombergNEF analysts published in 2024 [203]. The emission allowance break-even price (EABEP) 

was included in the techno-economic assessment to clarify which emission allowance prices would be 

necessary to achieve cost parity with the fossil NGR-DRI process without carbon capture and storage. 

LCOPBCCS and EABEPBCCS use a hypothetical policy change scenario where it is possible to generate 

and sell carbon removal credits from net-negative emission processes. 

Table 9: Key performance indicators for each simulated process route in JA IV. 

The main techno-economic and emission-intensity key performance indicators were analyzed for trends 

observed depending on the CO2 conversion in the process (Figure 21). The mass balance estimation 

method for calculating CO2 conversion (Eq. 24) was applied to all three gasification datasets to establish 

comparability because CO2 conversion was calculated differently by Mauerhofer et al. [52] and in JA 

II.  

Key performance 
indicators for each 
simulated process route 

NGR- 
DRI 
(no 
CCS) 

NGR- 
DRI 
(CCS) 

BCG- 
DRI 
(AIR, 
LC) 

BCG- 
DRI 
(OXY, 
LC) 

BCG- 
DRI 
(AIR, 
MC) 

BCG- 
DRI 
(OXY, 
MC) 

BCG- 
DRI 
(AIR, 
HC) 

BCG- 
DRI 
(OXY, 
HC) 

(H2:CO)RG mol/mol 1.75 1.75 0.46 0.46 0.55 0.56 0.67 0.68 
RPRG mol/mol 8.74 8.74 13.47 13.47 25.76 25.49 28.80 28.53 
ηIRON % 63.5 62.6 42.3 38.7 55.2 50.9 56.3 52.1 
eIRON MJ/kgCDRI 11.0 11.1 16.5 18.0 12.6 13.7 12.4 13.4 
CFLCA kgCO2e/tCDRI 892 441 166 -1,227 124 -935 -83 -910 
LCOP €/tCDRI 416 403 396 554 354 478 350 457 
LCOPBCCS €/tCDRI 416 403 386 320 341 297 305 279 
EABEP €/tCO2 - 118 105 424 21 271 14 227 
EABEPBCCS €/tCO2 - 118 92 100 18 77 9 66 
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Figure 21: Levelized cost and cradle-to-gate CO2-equivalent emissions of producing cold direct reducing iron. The figure is 
reprinted from [JA IV]. 

4.3.2. Discussion: Implementing CO2 conversion 
The reducing gas’ reduction potential RPRG for all BCG-DRI routes is well above the value of around 9, 

which can be calculated from plant data reported on the Gilmore and Siderca NGR-DRI MIDREX 

installations [213]. The H2:CO ratios around 0.5 fall into the range reported as ideal for carburization 

[157]. Those H2:CO ratios are lower than the values found for the NGR-DRI process and reported by 

other authors investigating steam gasification [17], [154]. These findings suggest that biomass CO2 

gasification is technically well-positioned to produce reducing gas for the DRI process, which might 

also bring unique advantages to carburization and heat management in the shaft furnace due to the 

exothermic reactions with CO. 

Five out of six key performance indicators plotted in Figure 21 showed clear improvement at higher 

CO2 conversion. While the process configuration for the (HC) simulations is slightly different, these 

improvements can be explained straightforwardly for the (LC) and (MC) simulations that use the same 

gasification feedstock and process configuration. Figure 19 and Figure 20 compared the mass and 

energy flows for (LC) and (MC) with air as a combustion agent. The higher rate of unconverted CO2 

combined with the increased CO2 feed per biomass used by Mauerhofer et al. meant that CO2 

concentration in the (LC) product gas was much higher than in the (MC) product gas (41 vol.-% [52] 

vs. 19 vol.-% [JA II]). The increased CO2 concentration induced a higher load on the carbon capture 

system in the simulations (1,382 kgCO2/tCDRI vs. 676 kgCO2/tCDRI). In this process design, the increased 

sensible heat demand for solvent regeneration (6,886 MJ/tCDRI vs. 3,603 MJ/tCDRI) was ultimately 
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covered by additional biomass input in the (LC) simulation. This additional biomass input induces 

additional costs and lowers the energy efficiency of the (LC) process. Another consequence is that no 

excess CO2 is available in the (AIR,LC) simulation case, as all captured CO2 is recycled to the gasifier. 

The additional biomass input for the (LC) simulations also explains the inverse trend of CFLCA for (OXY) 

simulations because the additional renewable CO2 created by additional biomass combustion is sent to 

sequestration. This analysis shows that looking at only the gasifier to understand the significance of 

increasing CO2 conversion is insufficient, as significant benefits can be achieved in downstream 

processes. 

Including a pyrolyzer for wood char production to further increase CO2 conversion in the (HC) 

simulations brings several drawbacks. First, including additional unit operations induced additional 

points of energy loss. Second, the share of unconverted carbon in the gasifier was much higher in 

experiments with wood char as gasification feedstock in JA II, which meant that the DFB combustor in 

JA IV had to burn a sizeable amount of high-quality feedstock. Third, the char combustion in the DFB 

system meant that the best option for dealing with CO2 in pyrolysis and top gas mostly still was carbon 

capture. If more fixed carbon were gasified or extracted from the gasifier, the need for carbon capture 

could likely be further lowered by burning more top gas or pyrolysis gas instead of residual fixed carbon. 

Another option could be to recycle the unconverted carbon and reduce the feeding rate, but this would 

need engineering work and testing if the char would still be reactive under these conditions. Despite 

these drawbacks, the overall techno-economic and emission indicators show that the higher CO2 

conversion still outweighs the drawbacks, making including a pyrolyzer a worthy trade-off. This finding 

further strengthens the suggestion by Chai et al. [115], who proposed adding additional solid carbon in 

the form of biochar to the gasifier to increase CO2 conversion. 

The results show that the developed BCG-DRI processes can produce CDRI at lower unit costs than the 

natural gas reforming process, even assuming no carbon removal credits. The two main advantages of 

BCG-DRI are avoiding high CO2 emission allowance and natural gas costs. The 146 €/tCO2 [203] 

assumed in JA IV are much higher than the current cost of emission allowances in the EU-ETS, which 

was only around 67 €/tCO2 on average between 11/2023 and 10/2024 [214]. Forecasts on this price for 

2030 vary: For example, analysts by Enerdata predicted a much slower increase to around 70 − 75 €/tCO2 

[215], while a study by Zeyen et al. also suggested around 140 €/tCO2 while noting that this should 

increase to 290 €/tCO2 to achieve decarbonization targets [216]. However, this uncertainty is less 

important to the economic comparison than the natural gas/biomass price. EABEP calculations showed 

that the BCG-DRI process is already favorable at emission allowance costs of 10 − 20 €/tCO2 if other 

cost factors stayed the same. Energy price forecasts are uncertain, as prices can be very volatile because 

of geopolitical turmoil, such as Russia’s 2022 invasion of Ukraine or the oil price shocks of the 1970s 

[24], [25]. There is no guarantee that biomass will continue to be cheaper per energy unit compared to 
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natural gas; however, the decentralization of energy supply offered by domestic biomass helps to lower 

the risk of price increases and enables more countries to become independent of imports [20]. 

Using biomass, which has low indirect emissions [167] and offsets its direct emissions by carbon capture 

during the growth phase, leads to much lower emissions for all BCG-DRI processes than the natural gas 

process. Several process configurations result in net-negative emissions, particularly those with oxy-

fuel combustion and the (HC) simulation with air combustion. These findings agree with other authors, 

who reported that steam gasification of biomass can lead to net-negative emissions for iron- and 

steelmaking [17], [154], [155]. However, emphasizing large-scale net-negative emissions by oxy-fuel 

combustion would need to be economically incentivized, e.g., by carbon removal credits [170], [171]. 

If net-negative emissions are not rewarded, further options to profit from the captured biogenic CO2 

should be investigated. Depending on market conditions, directly selling biogenic CO2 to the chemical 

sector could become an option. Another option would be to aim for converting all CO2 in the process 

and use the excess CO-rich product gas for other applications. 

4.3.3. Key findings: Implementing CO2 conversion 
JA IV investigated if and how biomass CO2 gasification could produce the reducing gas for direct 

reduction ironmaking. The process simulations included three gasification datasets to investigate the 

consequences of increasing CO2 conversion in the gasifier on the overall process. The investigations 

included techno-economic and emission evaluations and were compared to a reference case using 

natural gas reforming. The most important results are given in Key findings 3. 

Key findings 3: Chapter “Implementing CO2 conversion for ironmaking”. 

• Biomass CO2 gasification can produce reducing gas with high reduction potential and 

low H2:CO ratio for direct reduction ironmaking. 

• Higher CO2 conversion in the gasifier leads to advantages for the overall process 

regarding techno-economics and CO2-equivalent emissions. 

• The developed biomass CO2 gasification process showed lower production costs and 

lower emissions per unit of cold direct reduced iron than a reference process using 

natural gas reforming. 

• Net-negative cradle-to-gate emissions are possible with the biomass CO2 gasification-

direct reduction ironmaking process. 

• Additional incentives are necessary to make the process routes with the most 

significant net-negative emissions the most economical options. 

4.4. Additional research on biomass CO2 gasification 
The findings in this chapter branch out from the main topic of CO2 conversion to investigate two other 

important topics in and around biomass CO2 gasification. 
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4.4.1. Results: Surface adjustment of biochar 
CA I changed the focus from the gaseous products of biomass CO2 gasification to the solid products by 

investigating the surface adjustment of biochar. This work described a two-step torrefaction and biomass 

CO2 gasification process to create biochar with a high surface area from wood pellets (Figure 22).  

 
Figure 22: Summary of two-step surface adjustment procedure including torrefaction and CO2 gasification of Pinus sylvestris 
wood pellets. The figure was adjusted from [CA I]. 

The pellets were torrefied under an N2 atmosphere and fixed bed conditions at 300 °C for 45 minutes in 

a single batch. The resulting pellets had lost some mass but still had a surface area below 1 m²/g. The 

torrefied pellets were then subjected to CO2 gasification in an 80/20 vol.-% mixture of N2 and CO2 under 

various conditions (Table 10). Torrefied pellets were inserted into the reactor in a sample extraction cage 

(see Figure 10 and Figure 22). Half of the experiments were performed under fluidized bed conditions, 

which meant that the samples were submerged in silica sand, which formed a bubbling fluidized bed.  

Table 10: Investigated CO2 gasification conditions 

The biochar samples were analyzed for their weight loss and BET surface area. The surface yield y was 

defined as an efficiency indicator that relates the BET surface area (aBET) in the final product to the mass 

of raw biomass feedstock by considering the burn-off (b) during each conversion step (Eq. 43). While 

Name Fluidization Temperature Activation time 
 Fluidized bed Fixed bed 800°C 850°C 900°C 15 min 25 min 
E1  X X   X  
E2  X  X  X  
E3  X   X X  
E4  X X    X 
E5  X  X   X 
E6  X   X  X 
E7 X  X   X  
E8 X   X  X  
E9 X    X X  
E10 X  X    X 
E11 X   X   X 
E12 X    X  X 
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aBET is an indicator that describes the final product quality, y instead is an efficiency indicator for the 

whole process. 𝑦 = 𝑎loz ⋅ �1 − 𝑏������|~����� ⋅ (1 − 𝑏�|����~|����) Eq. 43 

The results obtained from these experiments are summarized in Figure 23. 

  
Figure 23: a) BET surface area of biochar, b) Surface yield from raw biomass to biochar. The figure is reprinted from [CA I]. 

4.4.2. Discussion: Surface adjustment of wood char 
CA I showed that CO2 gasification could produce high-surface-area biochar. The optimal conditions 

leading to high surface areas were higher temperatures, longer residence time, and, at higher 

temperatures, fixed bed conditions. Surface yield analysis found that 850 – 900 °C, longer residence 

times, and fluidized bed conditions tended to yield the most surface area per mass of original feedstock. 

In summary, there are trade-offs for fixed and fluidized bed conditions. However, the temperature and 

residence time findings agree that around 850 – 900 °C and 25 minutes of solids residence time are 

suitable for producing high-surface area biochar. 

The findings on temperature and residence time are consistent with the literature. Ngernyen also found 

that burn-off and BET surface area increased with increasing activation time [217]. Various authors, e.g., 

Chang et al. [218] and Pallarés et al. [219], reported that the surface area found in biochar produced by 

CO2 gasification after a given residence time increases in total surface area at higher temperatures due 

to the increase in Boudouard reaction rate. The literature also matches the order of magnitude for the 

BET surface area values. Premchand et al. reviewed biochar production under CO2 atmosphere up to 

700 °C [95]. The highest surface area in their table 2 was around 560 m²/g after 240 minutes of residence 

time at 700 °C [220]. Surface areas up to 789 m²/g were reported at 800 °C by Pallarés et al. [219]. 

However, some authors have also reported much more, e.g., Chang et al. reported 1705 m²/g at 900 °C 

[218]. 

There are challenges and chances for combining these results on high-surface-area biochar production 

with a biomass CO2 gasification process that aims at high CO2 conversion and good product gas 

compositions. One challenge is that data on the gaseous products and the CO2 conversion during these 
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experiments is unavailable. Also, these experiments used mixtures of CO2 and N2, which would not be 

done in experiments aiming to form high-quality gas products. The torrefaction step was included in CA 

I for reasons beyond this thesis. It was not investigated whether the BET surface area of the produced 

biochars would be as high without this pretreatment step. On the positive side, temperatures in this 

investigation were similar to those measured in the gasifier during JA II, where up to 93 % of CO2 

conversion was measured in experiments with biochar. Additionally, JA II found that up to 46 % of 

carbon remained unconverted in the high biochar feeding rate experiments. The discussion in Section 

4.3.2 on JA IV identified this high rate of unconverted carbon as an opportunity for improvement, which 

could be taken by extracting the biochar instead of burning it. Consequently, it should be tested if it is 

possible to create a high CO2 conversion process with biochar as feedstock, where excess char is 

extracted. This extracted char, if it had a high-surface area such as found in CA I, could be used for more 

valuable applications than as combustion fuel, e.g., for soil carbon sequestration [95], as soil amendment 

[221] or to restore degraded sites [222]. Extracting high-surface-area biochar could open an additional 

revenue stream for the industrial application of biomass CO2 gasification. 

4.4.3. Results: H2O in raw product gas by quantum cascade laser 
A novel measurement for quantifying water vapor in hot and raw product gas was presented in JA III. 

The setup is described in Section 3.2.3. It was successfully used to quantify H2O content in raw product 

gas from steam gasification of waste wood in the 100 kWth gasifier. Hot and tar-laden product gas was 

sampled at around 230 °C following the hot gas filter and kept hot and uncondensed until the 

measurement by a heating coil (Figure 24). 
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Figure 24: a) gas sampling point and b) sampling line used to test the novel THz quantum cascade laser during experiments 
with the advanced 100 kWth dual fluidized bed pilot gasifier. Both sub-figures are reprinted from [JA III].  

The novel QCL-based measurement was validated by comparison with H2O condensation 

measurements. A prototype agreed with the condensation measurements for several stationary gas 

mixtures prepared in a gas mixing setup (Figure 25a). An advanced setup was tested for online 

measurement of product gas, which contained various dry product gas species and tar compounds in 

addition to H2O (Figure 25b). The measurements in this second campaign agreed very well with a 

condensation measurement and an estimation by mass balancing over the compared duration: 

• New QCL-measurement: 45.1 – 46.9 vol.-%; data were available online with a resolution of less 

than 5 seconds 

• Condensation measurement: 46.7 vol.-%; 1 data point was available hours to days later, 

representing an average value over the investigated duration 

• Mass balance estimation: 44.6 – 45.3 vol.-%; data were available online for this plant with a 

resolution of 1 minute, but model convergence sometimes failed 

a 

b 
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Figure 25: a) First tests of the novel QCL setup in synthetic gas mixtures prepared in gas mixing setup, and b) Measurement 
in raw product gas with significant tar loading from waste wood gasification. Both sub-figures are reprinted from [JA III]. 

4.4.4. Discussion: H2O in raw product gas by quantum cascade laser 
The new H2O measurement in raw product gas introduced in JA III is a significant step forward in 

gasification data collection. H2O can constitute 50 vol.-% or more of the raw product gas from steam 

biomass gasification [164], [223], [224]. Mauerhofer et al. also found that the water content in product 

gas was around 8 – 30 vol.-% for biomass gasification with CO2 or mixtures of CO2 and H2O as 

gasification agents [52]. Mass balances in JA II also suggested up to 8 vol.-% H2O in the product gas 

from gasification with only CO2 as the gasification agent. Since H2O is such a big part of product gas, 

it is critical to have a good measurement for this value. The measurements by Mauerhofer et al. (and in 

other gasification work by TU Wien) were conducted as offline analysis, which has significant 

drawbacks like delays, low resolution, and the need for manual procedures. To the author’s best 

knowledge, most - if not all - other methods that could be used for fast online H2O quantification in raw 

product gas have some shortcomings:  

• Analysis via chromatography faces co-absorption and maintenance challenges [68], [69]. 

• Hygrometers, acoustic measurements, and most spectroscopic measurements in the near- or 

mid-infrared region are affected by dust, tar deposits, and band overlapping [68], [69]. 

• High-quality Raman spectra are challenging to obtain due to the low density and cross-section 

of gases [225], and the H2O quantification by Raman spectroscopy can suffer under high gas 

flows or tar loading from biomass gasification [141] 

• Far-infrared spectroscopy without QCL light sources, as demonstrated by other authors, had to 

use gas cells with 1 m or more of optical path length, which lead to temperature control problems 

and is generally less practical [226], [227]. 

• Tuneable diode laser absorption spectroscopy emitting in the mid-infrared range has been 

demonstrated for this application. However, its uncertainty of ±10-15 % is higher than in our 

new setup [228], [229]. 

a b 
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This first demonstration of the new QCL setup in JA III seems to have overcome these issues as 

measurements agreed very well with comparison methods, even in the presence of around 30 g/Nm³ tar 

(measured by GC-MS). However, although successful, this work was only the first proof of principle, 

and this new measurement should receive significant further development.  

The setup needs to be tested more often and under varying conditions. For example, the experimental 

work in this article used a hot gas filter to remove most dust particles before entering the cell. Future 

works could also try measurement under dusty conditions, as an inherent advantage of far-infrared 

spectroscopy with longer wavelengths should be their increased resistance to Mie scattering [230], 

[231]. Measuring under dusty conditions with this new far-infrared setup will likely succeed because 

Sepman et al. already demonstrated measurement in reactor cores with their mid-infrared setup [229], 

[232], [233]. In addition to further testing, the setup should be further developed to improve usability, 

reduce noise, and potentially measure other gas components. 

4.4.5. Key findings: Additional research on biomass CO2 gasification 
The research in this chapter did not investigate CO2 conversion but instead described how better 

measurements and high-value side products could support biomass CO2 gasification. The QCL-based 

H2O quantification method is also broadly applicable to other types of thermochemical biomass 

conversion or other processes where quantifying water vapor is desired. The key findings of this chapter 

are summarized in Key findings 4. 

Key findings 4: Chapter “Additional research on biomass CO2 gasification”. 

• A two-step torrefaction and CO2 gasification process produced biochar with BET 

surface areas up to around 800 m²/g. 

• The temperatures used for high-surface-area biochar production resembled those used 

for high CO2 utilization. 

• Spectroscopy in the far-infrared domain with a quantum cascade laser as a light source 

can quantify H2O in raw product gas from biomass gasification accurately, swiftly, and 

online. 
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5. Summary and conclusions 
The research in this thesis contained experimental investigations of biomass CO2 gasification, the 

development of new measurements, and process simulations. First, this section addresses how the results 

in this thesis answer the given research questions. Second, it ties together the core findings to identify 

overall implications for the field of research. 

5.1. Findings on individual research questions 
The following answers to the stated research questions are given based on the results and scope of this 

thesis: 

1. How can CO2 conversion be increased in a fluidized bed biomass gasifier? 

The conversion of CO2 is enhanced at high temperatures. A temperature of 850 °C and higher led to the 

highest CO2 conversions in semi-batch and continuous-feeding experiments in this thesis. These high 

temperatures are necessary for CO2 conversion via the Boudouard reaction. High temperatures lead to a 

higher CO2 conversion under equilibrium conditions and increase the reaction rate. The importance of 

the Boudouard reaction, combined with its reaction stoichiometry, suggests that a molar ratio of at least 

1:1 between solid carbon from biomass and carbon from CO2 should be targeted for maximum CO2 

conversion. Furthermore, semi-batch experiments in a fluidized bed gasifier in this thesis found that the 

reaction rate can severely limit the conversion of CO2. Therefore, the increase in reaction rate at high 

temperatures is significant for fluidized bed gasifiers, where the residence time of CO2 in the gasifier is 

limited. Another finding of these investigations was that only the residence time in the reactor when CO2 

is in contact with solid carbon should be considered for CO2 conversion via the Boudouard reaction. 

The more fixed carbon is in the reactor, the longer the fuel-gas contact times and, therefore, the higher 

the CO2 conversion is. Another important factor to consider is that the availability of fixed carbon for 

the Boudouard reaction is reduced by biomass devolatilization, suggesting that biomass with low volatile 

content is better suited for CO2 conversion at similar molar carbon feeding ratios. The highest 

experimentally obtained CO2 conversion over one hour of continuous feeding to a lab-scale fluidized 

bed gasifier was 93 %. This experiment used wood char as biomass feedstock at a measured temperature 

of 856 °C, atmospheric pressure, a carbon feed ratio (Cfuel:CCO2) of 2, and a gasification agent mixture 

with a volumetric ratio of around 9:1 for CO2:H2O.  

2. How can CO2 conversion be validated in a biomass gasifier? 

The conversion of feedstock CO2 in biomass gasification is challenging to determine because new CO2 

is formed from biomass devolatilization in the reactor. Isotopic analysis of carbon streams can be used 

to isolate carbon streams and determine the conversion of feedstock CO2 under these conditions, 

validating the biomass CO2 gasification process for CO2 utilization. If there are natural abundance 
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differences in 13C between the CO2 and biomass feedstocks, this is possible without adding any tracer 

substance. The isotopic carbon fingerprints of the carbonaceous feedstocks, biomass and CO2, and the 

carbonaceous gasification products, e.g., CO2 and CO, can be analyzed in an isotope-ratio mass 

spectrometer. These measurements allow for the attribution of carbonaceous products to their parental 

carbon materials. The conversion of feedstock CO2 in the gasifier can be determined by comparing the 

initial feedstock CO2 to the remaining feedstock CO2 in the product gas. 

3. How does implementing biomass CO2 gasification for CO2 recycling affect the economic 

viability and CO2 emissions of direct reduction ironmaking? 

Economic and ecological comparisons favor the biomass CO2 gasification process against the 

established MIDREX plant concept using natural gas reforming. Calculations show that a carbon 

emission allowance price of around 10 -20 €/tCO2 could suffice for reaching lower costs of production at 

a much lower carbon footprint per unit of cold direct reduced iron for the new process. Including 

biogenic carbon capture and storage makes it possible to achieve net-negative cradle-to-gate emissions 

for ironmaking. The highest net-negative emissions could be achieved if oxy-fuel combustion were used 

as additional carbon capture technology; however, this would need some economic incentives in the 

form of carbon removal credits to be economically feasible. Without these credits, the lowest levelized 

costs of iron reduction via a biomass CO2 gasification process are 350 €/tCDRI. This configuration also 

shows net-negative CO2-equivalent emissions of -83 kgCO2e/tCDRI. The natural gas reforming comparison 

process costs 416 €/tCDRI and emits 892 kgCO2e/tCDRI, which could be lowered to 403 €/tCDRI and 

441 kgCO2e/tCDRI by including carbon capture and storage.  

i. Is there a potential synergy between the operating conditions needed for CO2 utilization and 

producing high-surface-area biochar by CO2 gasification? 

A two-step process of wood pellet torrefaction and CO2 gasification can obtain biochar with specific 

surface areas of up to 800 m²/gbiochar. The surface area of biochar was increased at higher temperatures 

(up to 900 °C tested), longer solids residence time in the reactor (up to 25 min tested), and under fixed 

bed conditions. The surface yield was also determined as a process efficiency indicator, which relates 

the total produced biochar surface area to the initial wood pellet feedstock mass prior to torrefaction. 

The surface yield was up to 100 m²/gfeedstock. This value was also maximized at the same temperatures 

and residence times but was higher when the biomass was submerged in a fluidized bed with silica sand 

as bed material. The CO2 gasification temperatures leading to the highest BET surface areas in biochar 

agree with those used for reaching more than 90 % CO2 conversion in this thesis. The long residence 

times of biochar in the reactor (25 minutes) would need a reactor concept where biochar is not quickly 

fully converted. Further development is necessary to clarify if the goals of high CO2 conversion to 

produce high-quality product gas and high-surface-area biochar production are compatible.  

ii. How can water vapor concentration be measured in hot and raw product gas? 
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Water vapor can be quantified in hot and raw product gas by spectroscopy in the far-infrared domain. A 

quantum cascade laser combining GaAs/AlGaAs as materials can produce light at around 2.3 THz. This 

light is selectively absorbed by water vapor, which enables quantification. Condensation of water and 

tars can be prevented, and measurement is achieved by directing a gas flow through a heated gas cell 

with an optical path length of 8.6 cm. A pyroelectric detector can be used for signal recording. Based on 

molar absorption coefficients, a numerical solver can correlate the signal to water content. These molar 

absorption coefficients can be calculated from the Voigt line shapes obtained from the line list in the 

HITRAN2020 database. 

5.2. Synthesis and implications of core results 
This thesis aims to underpin biomass CO2 gasification as a technology for CO2 utilization. The literature 

reviewed in Section 2 suggests that some key challenges for recognizing CO2-assisted biomass 

gasification as a promising technology for CO2 conversion are the uncertainty of CO2 conversion and a 

lack of available data for plants that exceed TGA or lab-scale [48], [52]. Additionally, the H2:CO ratio 

in the gas produced by CO2-assisted gasification is too low for many applications, which is an important 

reason why steam gasification is often the preferred gasification technology [97]. This thesis addressed 

these challenges with its three core research questions, which inform the following integrative synthesis. 

The experiments presented in this work showed that an allothermally heated bubbling fluidized bed 

gasifiers can convert more than 90 % of feedstock CO2 in a single pass-through, which brought CO2 

concentrations in the product gas below 10 vol.-% [JA II]. This high conversion should suffice for most 

applications, as the remaining CO2 could remain in the gas for some applications like ironmaking [JA 

IV] and methanol production [234] or be separated at a comparatively low energy cost. Introducing the 

novel carbon isotope method to measure CO2 conversion while demonstrating high CO2 conversion in 

continuous bench scale experiments further validated carbon conversion technology [JA II]. While these 

experiments proved the process’ viability beyond batch-fed TGA experiments, there are also challenges 

for scaling up the single-bed reactor concept with electrical heating shells used in JA I and JA II. First, 

heat input was already constrained at this reactor size, as evidenced by the significant difference between 

heating shell temperature (1000 °C) and reactor core temperature (approximately 820 - 900 °C) in 

continuous feeding mode [JA II]. Second, the price difference between electricity and biomass per unit 

of energy is currently vastly in favor of biomass, at least in the year 2024 in Austria [199], [201]. For 

these reasons, the results from this thesis imply that an allothermal reactor concept using biomass or a 

partial recycling stream for combustion could balance CO2 conversion, scalability, and economical 

operation. 

In principle, such a biomass CO2 gasification process was already demonstrated by Mauerhofer in a dual 

fluidized bed (DFB) system, although with much lower CO2 conversion [47]. Mauerhofer applied CO2-

assisted gasification in the advanced 100 kWth advanced dual fluidized bed pilot plant at TU Wien. DFB 
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gasifiers based on TU Wien designs were also successfully operated at MWth scale for steam gasification 

[235]. Observed temperatures in the bubbling bed of Mauerhofer’s experiments [52] resembled the 

investigations in this thesis [JA II], and the tested bed material (olivine) and biomass feedstock 

(softwood) had the same composition. Additionally, both the electrically heated and DFB gasification 

reactors supply the energy needed for the endothermic gasification reactions allothermally. These 

agreements suggest that achieving higher CO2 conversion in a DFB gasifier could also be possible, 

making efficient CO2 utilization an option in a more easily scalable reactor concept. Based on the 

observations in this thesis, one key area to investigate in the DFB gasifier would be to increase the 

availability of solid carbon in the gasifier and its contact time with CO2. 

JA IV used the agreements listed above to hypothesize that the experiments from JA II would be 

transferable to a direct reduction ironmaking plant, where a dual fluidized bed gasifier is used for CO2 

conversion. The ironmaking sector’s high CO2 emissions make it an impactful selection for 

defossilization efforts [4]. Direct reduction ironmaking has several characteristics that make it well-

suited for implementing biomass CO2 gasification, e.g., its tolerance to low H2:CO ratios and gas 

impurities [112], [158]. The on-site conversion of CO to CO2 in the use phase offers an interesting option 

for on-site carbon recycling [JA IV]. The CO-rich product gas from biomass CO2 gasification can be 

integrated into the direct reduction ironmaking process. CO and H2 can act as reducing agents that take 

oxygen from the iron ore to produce elemental iron that can be further processed to steel via the electric 

arc furnace route. JA IV showed economic and ecological advantages for this process compared to 

current ironmaking with natural gas as feedstock. While the base scenario calculations in JA IV used a 

prediction of 146 €/tCO2 for the EU-ETS CO2 allowance price in 2030 [203], calculations showed that 

biomass CO2 gasification already has cheaper costs of production at 67 €/tCO2, which was the average 

between 11/2023 and 10/2024 [214]. This finding implies that technology development should aim to 

validate further and scale up the process, as the economic process can already be made and speed is 

essential in the fight to curb global warming. 

Direct reduction ironmaking by hydrogen is currently at the forefront of strategic discussions about 

reducing CO2 emissions from ironmaking [151], [236], [237]. Although JA IV did not explicitly 

compare biomass CO2 gasification to this process, it is possible to make an economic comparison by 

comparing both to the natural gas reforming process. While JA IV found the gasification process lower 

than natural gas reforming in levelized production costs, the literature reports that ironmaking by 

reduction with hydrogen is economically disadvantaged against ironmaking using natural gas reforming 

[113], [238]. While blue hydrogen was reported at “only” 18 % higher costs, Benavides et al. estimated 

the costs of an ironmaking process using green hydrogen at a 79 % cost increase compared to natural 

gas reforming [238]. Furthermore, JA IV found that several process configurations with biomass CO2 

gasification offer the chance to achieve net-negative CO2 emissions. In contrast, ironmaking by 

hydrogen usage provides no option to generate such net-negative emissions since it generally does not 
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include carbon capture from the atmosphere. Additional technical considerations, such as the easier heat 

distribution in the shaft reactor and the option for carburization with CO in the reducing gas, could be 

key strengths of a biomass CO2 gasification implementation in ironmaking [113] [JA IV]. These points 

imply that biomass gasification’s appeal for ironmaking goes beyond the option to reduce emissions 

from current fossil technology, as it is also a potentially attractive option compared to other low-emission 

technologies. 

This thesis ties together the findings on gasifier optimization with the process design for ironmaking by 

finding that increasing the CO2 conversion in the gasifier directly increases the efficiency and economic 

performance of the overall ironmaking process [JA IV]. Three gasification datasets with varying CO2 

conversions in the gasifier were used in JA IV to investigate the effect of CO2 conversion on the overall 

plant performance of the proposed ironmaking process. The dataset with the lowest CO2 conversion was 

from prior work by Mauerhofer et al. [52], while the other datasets were taken from JA II and used 

optimized process parameters. The gasification dataset with the highest conversion used wood char as 

gasification feedstock, while the others used softwood. The results show that plant efficiency increases 

and levelized costs for producing cold direct reduced iron decrease at higher CO2 conversions. These 

trends remain even if it is necessary to integrate a pyrolyzer into the plant concept to produce wood char 

as gasification feedstock. Increasing the CO2 conversion in the gasifier also decreases the CO2 footprint 

per unit of cold direct reduced iron if air is used as a combustion agent. The carbon footprint with oxy-

fuel combustion increased, but this comes directly from increased biomass demand, and even the oxy-

fuel scenario with the highest emissions still has significant net-negative emissions. Going forward, the 

identified correlation between CO2 conversion in the gasifier and overall plant performance indicators 

should be considered in plant concepts. Recurring reasons for optimizing the CO2 conversion might be 

the reduced need for downstream carbon capture and a decrease in demand for externally sourced 

renewable CO2, which is likely limited and expensive until direct air capture matures as a technology 

[27]. 

In summary, the findings of this thesis are strongly relevant to the development of biomass CO2 

gasification as a technology for CO2 utilization and the ironmaking sector. Biomass CO2 gasification 

offers a credible pathway for reducing global emissions in a strategically relevant and economically 

competitive environment such as ironmaking. These results should help to raise awareness of biomass 

CO2 gasification’s potential for CO2 utilization and inspire further development to see this process 

brought to the industrial scale. 
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6. Outlook 
This thesis tried to strengthen biomass CO2 gasification as a carbon capture and utilization process by 

a) increasing, b) validating, and c) implementing CO2 utilization to a relevant industrial process. One 

route for continued development should be applying the developed measurement to additional 

experiments and gasification conditions to gain further insights. There are many options for such 

investigations, for example: 

• Future experimental investigations should focus on a more diverse range of feedstocks. 

Feedstock availability, sustainability, and cost of biomass should guide the selection of tested 

materials. The influence of feedstock pretreatment could be investigated, e.g., pyrolysis, 

hydrothermal carbonization, or impregnation with catalytically active substances. 

• Similarly, further attention should be given to screening for a bed material with heightened 

catalytic behavior to support CO2 conversion and tar destruction.  

• The developed semi-empirical CO2 conversion model should be transferred to continuous 

operation. An effort should be made to make it applicable to various fuel types, e.g., by 

considering their volatile content and catalytic ash components. 

• The findings about CO2 conversion for feedstock CO2 should also be applied to improve the 

conversion of CO2 formed by devolatilization in the reactor. For example, this could be done by 

adjusting the point of biomass feeding to in-bed instead of on-bed, adding additional solid 

carbon to the reactor, or feeding the product gas to a secondary reactor with solid carbon. 

• Investigations should be extended to experiments in larger-scale reactors with reactor concepts 

that could be feasible for industrialization, such as dual fluidized or autothermal circulating bed 

reactors.  

• Similar considerations regarding rate-controlled behavior and stoichiometric feeding ratios 

should be applied for efficient steam conversion in co-gasification with CO2. 

The continued development of the proposed biomass CO2 gasification for ironmaking demands 

experimental testing of the iron reduction process with the calculated reducing gas compositions. 

Suppose this is successful; as many combined unit operations as possible should be tested to ensure no 

practical problems arise from the proposed process configuration. The following considerations are 

important for the industrialization of this or any other process that uses biomass CO2 gasification for 

CO2 utilization. 

• It is important to prioritize renewable CO2 sources to avoid carbon lock-in effects that could 

lead to overshooting climate targets or stranded assets. 

• The limits of biomass availability, sustainability, and competing demand from other 

applications must be investigated for each region and project.  
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• Political frameworks should be adjusted to attract desired behavior, e.g., by creating incentives 

for biogenic carbon capture and storage and raising carbon emission prices to such levels that 

the externalized costs of fossil emissions are appropriately internalized.  

• The roll-out of renewable electricity and green hydrogen production needs to have high priority, 

as additional hydrogen is needed for most carbon capture and utilization processes. 

• It is important to focus on processes where CO2 utilization is the most effective strategy for 

defossilization. Electrification and green hydrogen usage should be investigated and preferred 

if more effective over carbon capture and utilization for energy-centric applications. 
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Highlights 

• CO2 gasification is demonstrated to convert 86 % of CO2 in a fluidized bed reactor. 

• Temperature and contact time of CO2 and biomass strongly influence conversion. 

• This paper includes 53 experiments and a semi-empirical model for CO2 conversion. 

• CO2 conversion is investigated at low biomass conversions (differential reactor). 
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A B S T R A C T   

Thermochemical conversion of CO2 with biomass to CO in fluidized bed gasifiers is promising for a sustainable 
carbon economy. Knowledge about this process is expanded by investigating experimental parameters influ
encing CO2 conversion in such a system and combining them to demonstrate effective conversion. Wood char and 
CO2 are fed to a lab-scale gasifier in 53 semi-continuous experiments. Six experimental parameters are varied: 
temperature, bed material type, initial bed-to-fuel ratio, initial fuel loading in the reactor, feed CO2 flow rate, and 
fuel particle size. The results are compiled in a semi-empirical model based on reaction kinetics. High temper
atures and high fuel-gas contact times are favorable for increasing CO2 conversion, with the latter achieved 
through high initial fuel loadings in the reactor and low feed gas flow rates. Choosing olivine instead of silica 
sand as a bed material also results in higher CO2 conversions. The highest CO2 conversion demonstrated in this 
paper is 86.1%. This experiment produces a gas with 82.75% CO, 10.01% H2, and 5.90% CO2 (nitrogen-free and 
dry).   

1. Introduction 

1.1. Carbon capture and utilization by biomass CO2 gasification 

The chemical industry accounts for 6.3% of global direct and indirect 
greenhouse gas emissions (2019) [1]. Two of the most effective strate
gies to decrease the industry’s net emissions by 2030 are defossilizing 
feedstocks and increasing energy and material efficiency [1]. A limited 
number of molecules serve as synthesis starting points in this sector. One 
of these molecules is carbon monoxide, which is used as feedstock for 
producing various bulk chemicals, e.g., methanol, aldehydes, and alco
hols [2]. In 2021, less than 1% of global methanol production was 
bio-methanol or e-methanol, meaning that most carbon monoxide for 

methanol production was derived from natural gas or coal [2,3]. The 
production and use of methanol accounts for about 0.3 Gt CO2 emissions 
per year, about 10% of the total chemical sector emissions [3]. There
fore, defossilizing the production of CO holds vast potential for reducing 
global greenhouse gas emissions from the chemical industry sector, 
especially when combined with low-emission hydrogen. This study 
experimentally investigates how biomass gasification with CO2 as a 
gasification agent can be used as carbon capture and utilization (CCU) 
technology for producing a CO-rich gas from renewable resources. 

While gasification in a CO2 atmosphere has been investigated 
extensively [4], many studies on CO2 gasification have neglected the 
efficient utilization of CO2 as a feedstock and only considered the con
version of solid materials as a design goal, e.g., [5] or [6]. This work 
aims to increase the material efficiency of this process by optimizing the 
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utilization of CO2 as a carbon source. Efficient conversion of CO2 
directly lowers carbon dioxide emissions from the process and can save 
energy by reducing the need for recirculation loops or gas upgrading 
steps to meet feedstock specifications of downstream units. CO2 is pro
posed to come from renewable carbon sources like bioenergy carbon 
capture and storage (BECCS) or direct air capture (DAC). As the current 
availability of CO2 from BECCS is limited, and the cost of CO2 from DAC 
is reported at 300–600 $/ton [3], more efficiently using CO2 can bring 
economic benefits. Furthermore, sustainable biomass price and avail
ability are common limitations when scaling up biomass processes to an 
industrial level [7]. Higher utilization of CO2 as a carbon source allows 
more CO to be produced from the same biomass resources, increasing 
how much conventional fossil production can be replaced. 

Among various design options, fluidized bed reactors show key ad
vantages in uniformity of temperature distribution, fuel flexibility, mass 
and energy transfer rates, and scalability [8]. The design of gasifiers is 
highly empiric, with a distinct lack of fundamental data on selecting the 
best process parameters, leading to less than optimal energy and mate
rial efficiencies [8]. The current study aims to solve these issues by 
systematically investigating design parameters and their importance in 
fluidized bed gasifiers to convert CO2 to CO. These design parameters 
are then combined experimentally and in a semi-empirical model to 
describe and demonstrate the effective utilization of CO2 as a feedstock. 

1.2. State of the art on CO2 conversion efficiency in gasification 

This chapter is used to list how efficiently previous works by other 
authors have converted CO2 in allothermal fluidized bed reactors. 
Experimental parameters are identified from the literature that can help 
utilize CO2 as a feedstock more efficiently. 

Gasification processes are chemically complex and have the solid 

Nomenclature 

%XCO2 Percentage points CO2 conversion, mol/mol. 
A Cross-section of the reactor, m2. 
Ar Archimedes number, - 
B Initial bed-to-fuel ratio, m3/m3. 
cA Dry-based volumetric concentration of the species A, m3/ 

m3. 
dP Particle size (weighted average by sieving), m. 
dP,n,average Average of mesh sizes on the nth and (n-1)th sieve, m. 
dSV Sauter diameter, m. 
Ea Activation energy, J/mol. 
F Initial fuel loading, m. 
fumf Factor from V̇mf to G, - 
g Gravity of Earth (9.81 m/s2), m/s2. 
G Feed gas flow rate, Nm3/s. 
k Reaction rate constant, 1/s. 
k0 Preexponential factor, mγ−1/s (final model… 1/s). 
M Fitting parameter for bed material type, - 
m0 Total mass of sample in the sieving analysis, kg. 
mn Mass retained on the nth sieve after sieving analysis, kg. 
S Fitting parameter for fuel size, - 
t Reaction time, s. 
T Temperature, K. 
T0 Standard temperature (273.15 K), K. 
umf Minimum fluidization velocity, m/s. 
V Reactive volume, m3. 
V̇ Volume flow rate, m3/s. 

V̇mf Minimum fluidization flow rate, m3/s. 
vol%db Volume percentage, dry-based, m3/m3. 
vol%db,N2-free Volume percentage, dry-based, Nitrogen is excluded 

and other gases are scaled to 100%, m3/m3. 
wn Mass fraction of total sample mass retained on the nth sieve 

after sieving analysis, kg/kg. 
XCO2 CO2 conversion, mol/mol. 
Δp Pressure drop in the reactor, mbar. 
α Fitting parameter for B, - 
β Fitting parameter for G, - 
γ Fitting parameter for F, - 
ε Assumed bed void fraction of bubbling bed mixture 

(0.5 m3/m3), m3/m3. 
μ Dynamic viscosity (fluid), N*s/m2. 
ρF Density (fluid), kg/m3. 
ρP Density (particle), kg/m3. 
Ф Particle sphericity, - 
τ Hydrodynamic residence time, s. 
τFGC Fuel-gas contact time, s. 
Abbreviation, Term 
BECCS Bioenergy with Carbon Capture, and Storage. 
BET Brunauer-Emmett-Teller (absorption). 
CCU Carbon Capture and Utilization. 
DAC Direct Air Capture. 
NDIR Non-Disperse InfraRed. 
PSR Perfectly Stirred Reactor. 
RMSE Root Mean Square Error.  

Table 1 
Basic heterogenous and homogenous reactions in CO2 gasification; adjusted 
from [15].  

Reaction ΔH0
r (25 ◦C) in kJ/ 

mol 
Reaction name  

Basic gas-solid (heterogeneous) reactions 
C + CO2 = 2CO +173 Boudouard (1) 
C + H2O = CO + H2 +131 Steam-carbon 

(also water-gas) (2) 
C + 2H2 = CH4 -75 Methanation (3) 
C + (1/2)O2 = CO -111 Partial oxidation of 

char (4) 
Basic gas-gas (homogeneous) reactions 
CO + H2O = CO2 + H2 -41 Water-gas shift (5) 
CO2 + H2 = CO + H2O +41 Reverse water-gas 

shift (6) 
CO + (1/2)O2 = CO2 -283 Oxidation of CO (7) 
H2 + (1/2)O2 = H2O -242 Oxidation of H2 (8) 
Decomposition reactions of organic components 
CxHy + xCO2 = 2xCO +

(y/2)H2 
Endothermic Dry reforming (9) 

CxHy + xH2O = xCO +
(y/2 + x)H2 

Endothermic Steam reforming (10) 
CxHy + (2x − y/2)H2 =

xCH4 
Exothermic Hydrocracking (11) 

CxHy + CO2 = Cx−1Hy−2 +
2CO + H2 

Endothermic Dry dealkylation (12) 
CxHy + H2O = Cx−1Hy−2 +

CO + 2H2 
Endothermic Steam dealkylation (13) 

CxHy + H2 = Cx−1Hy−2 +
CH4 

Exothermic Hydrodealkylation (14)  
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carbonaceous feedstock undergoing multiple conversion steps. Many 
publications provide an overview of gasification in general and CO2 
gasification more precisely [8–10]. The most important reactions for 
CO2 gasification are given below in Table 1. The reactions directly 
converting CO2 are the Boudouard (Eq. 1), reverse water-gas shift (Eq. 
6), dry reforming (Eq. 9), and dry dealkylation (Eq. 12) reactions. Many 
publications identify the Boudouard reaction as the dominant reaction 
in the presence of CO2 as gasification agent, e.g., [11–14]. 

The CO2 conversion XCO2 states how much CO2 fed to the reactor is 
converted to other carbonaceous molecules. This value is inconsistently 
described in the literature, usually due to one of two reasons. First, many 
studies focus on the conversion of solid feedstock in a CO2 atmosphere 
and do not describe the conversion of CO2 in detail [16–19]. Second, 
inconsistent assumptions and calculation methods are used to evaluate 
the CO2 conversion XCO2, negatively impacting comparability. One 
example of these differences is the consideration of CO2 released from 
biomass during gasification. Some authors consider CO2 released from 
biomass pyrolysis in comparable experiments under an N2 atmosphere 
to be a separate CO2 stream entering the reactor [20]. Others only 
compare ingoing and outgoing CO2 streams without this pyrolysis credit 
[21]. This difference in calculation can lead to vastly different results 
when assessing the same data. Another example of varying calculation 
methods producing different results is given by [22], which investigates 
the CO2 conversion for the same experiment using two methods. In this 
case, the difference is not if credit for CO2 from biomass is given, but 
which: The CO2 conversion is estimated at 26% using pyrolysis data or 
45% using steam gasification data as a reference for the CO2 produced 
from biomass. 

Both identified problems of a) lacking investigation of the CO2 
conversion XCO2 and b) inconsistent calculation in the literature are 
solved by reproducing XCO2 from literature instead of directly giving the 
described values. This reproduction is done by applying a standardized 
calculation method to available data in the literature. The calculation is 
based only on the measured product gas composition and does not give 
credit for CO2 from pyrolysis. It is described in more detail in the 
methodology Section 2.3 and used for assessing experiments conducted 
as part of this paper. Therefore, the CO2 conversions presented in the 
results section of this paper can also be directly compared to previous 
results from other authors given in Table 2. To further ensure compa
rability, the summary of literature results lists only experimental 
research on allothermal CO2 gasification in a fluidized bed. The table 
lists important parameters describing the process and identifies which 
correlations with XCO2 were found. The experiment with the highest 
XCO2 is shown if multiple experiments are described. 

The literature given in Table 2 identifies two parameters as poten
tially increasing CO2 conversion during gasification in a fluidized bed 
reactor without co-feeding H2O. Increasing temperature is commonly 
associated with higher conversions of biomass and CO2 in such a system 
[12,22,25]. Decreasing the ratio of CO2 to solid carbonaceous material is 
reported to be another option to increase the relative amount of 

converted CO2 [24]. This ratio can be lowered either by lowering the 
amount of CO2 fed to the reactor or by increasing the amount of fuel in 
the reactor. The highest value for XCO2 in allothermal fluidized bed re
actors given in Table 2 is 35%. To the authors’ best knowledge, no 
higher CO2 conversions have been demonstrated in allothermal fluid
ized bed reactors. 

A comprehensive overview of parameters generally influencing CO2 
gasification processes is available in review papers [9,10]. Although 
these reviews lack CO2 conversion data availability and comparability, 
two more aspects are selected for experimental consideration in this 
current work. First, the type of bed material is an essential factor in such 
a system because it can act as a catalyst to promote several reactions. 
Practical experience shows that for a given bed material, adjusting the 
ratio of fuel to bed material is also necessary for maintaining stable 
operation. Second, the size of fuel particles was also varied based on 
reported significance for mass and heat transfer limitations [10]. 

Based on the presented previous works, six parameters are selected 
for experimental investigation on increasing the CO2 conversion in an 
allothermal fluidized bed reactor. The six chosen parameters are  

• Temperature T,  
• initial fuel loading of the reactor F,  
• fuel particle size S,  
• feed CO2 gas flow rate G,  
• bed material type M, and  
• initial bed-to-fuel volumetric ratio B. 

2. Materials and methods 

2.1. Materials 

Air (dry, compressed), CO2 (99.995%), and N2 (99.999%) are sup
plied to the feeding line with rotameters. Wood char derived from 
Eucalyptus globulus and prepared by pyrolysis at 700 ◦C for 20 minutes 
is used as fuel. The char particles range in size between 0 – 15 mm. Three 
classes of particles were extracted from this mixture by sieving for ex
periments investigating the influence of fuel particle size. The range 
given for the size of the particles refers to the mesh size of sieves used in 
the separation process. The three classes of fuel size are large fuel (5 – 
8 mm), medium fuel (2.5 – 5 mm), and small fuel (0.8 – 2.5 mm). Fuel is 
fed to the reactor using a screw feeder. In the case of experiments with 
defined particle size, the screw feeder is bypassed to avoid changing the 
particle size by abrasion. Proximate analysis is done following these 
standards: DIN 51718:2002–06 Method A for water content, EN ISO 
18122:2015–11 for ash content, and EN ISO 18123:2015–11 for volatile 
content. Ultimate analysis of this wood char is performed using an 
Elementar Analyzer EA 1108 CHNS-O by Carlo Erba. An Axios advanced 
XRF device by Panalytical Analysis gives information on the ash content. 
Morphological information on the char was gathered by BET (Brunauer- 
Emmett-Teller) adsorption measurements with N2 and CO2 using a 

Table 2 
Comparison of CO2 gasification in allothermal fluidized bed reactors in the literature. CO2 conversion XCO2 is reproduced (rep.) from literature data on product gas 
composition using Eq. 15 (described in methodology). Atm…Atmospheric pressure.  

Fuel Gasification agent Bed material Temperature Pressure XCO2 rep. XCO2 increased by Source 
vol% CO2 | Balance=N2 ◦C bara %     
Wood sawdust 100 SiC 850 1.5 21 No trend observed [23] 

Rep. Fig.6 
Wood sawdust 9 Silica sand 934 

(700−934) 
atm. 17 ↑Temperature [12] 

Rep. Fig.7 
Spent coffee grounds 15 

(15−30) 
Not given 900 atm. 13 ↓CO2:C 

H2O:CO2 synergy 
[24] 
Rep. Fig.8 

Lignite 100 Silica sand 850 
(850−950) 

atm. 35 ↑Temperature [25] 
Rep. Fig.4 

Softwood 100 Olivine 837 
(740−840) 

atm. 24 ↑Temperature [22] 
Rep. Fig.8  
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BELSORP-max II by Microtrac. This information is given in (Table 3). 
Limestone, silica sand, and olivine are investigated in this paper as 

bed materials to act as fluidization matrices and potential catalysts. 
Limestone is expected to undergo thermal composition to quicklime 
before experiments are started based on the reactor’s temperature be
tween experiments (900 ◦C+) and atmosphere (air and N2) [26]. These 

bed materials are compared in sixteen experiments. Olivine, with a 
chemical composition of 48–50 wt% MgO, 39–42 wt% SiO2, and 
8.0–10.5 wt% Fe2O3, is further used in the remaining 37 experiments 
investigating other parameters. Due to the small particle size, these bed 
materials are fluidized at lower gas flow rates. For this reason, they form 
the bubbling bed fluidization matrix in the reactor, where the fuel is 
suspended. More detailed explanations and calculations on the fluid
ization of used materials and the selection of feed gas flow rates are 
available in Appendix A. The materials used in this investigation are 
presented in Fig. 1. 

2.2. Experimental setup 

An electrically heated fluidized bed reactor with a nominal fuel input 
power of 2 kWth is used in semi-continuous operation. Its general layout 
is presented in Fig. 2. 

The reactor is made from stainless steel (X15CrNiSi25–21), has an 
inner diameter of 53.1 mm, and has two main zones connected by a 
flange. The supplied gas is nearly pure CO2 with a small stream of N2 
(<1%), which is necessary for purging the pressure measurement. CO2 
enters the reactor’s lowest point and flows towards the off-gas line. The 
first zone the gas enters is the preheating zone, which is heated by two 
half-shell heating shells. These half-shells are rated at a nominal power 
of 0.75 kWel and are 250 mm high. They are made from ceramic fiber 
and can heat up to 900 ◦C. The preheated gas then flows towards a sieve 
tray, where the flow is distributed. The reaction zone is also heated by 
two identical half-shell heating shells, which can heat up to 1000 ◦C. 
These temperature limitations refer to the highest possible set points for 
the heating shells on the reactor’s outside. The temperatures observed 
inside the reactor are lower due to static heat losses. The off-gas stream 
from the reactor is a mixture of product gas, entrained particles, and 
minor impurities such as tar. This mixture is conditioned for measure
ment by a two-step particle separation and drying in Impinger bottles at 
−2 ◦C. 

The dry gas stream is fed to an Emerson Rosemount NGA 2000 
continuous gas measuring device. This device can measure CO2, CO, H2, 
and CH4 between 0% and 100% and O2 up to 25%. CO2, CO, H2, and CH4 
are measured by non-disperse infrared (NDIR), while O2 is measured 
paramagnetically. The accuracy is ±1% of the calibrated maxima, 

Table 3 
Analysis of Eucalyptus globulus derived wood char used as fuel.  

Eucalyptus globulus char 
Proximate and ultimate analysis   

On dry basis As received 
Water content wt% - 6.33 
Ash content wt% 6.28 5.88 
Carbon content wt% 85.42 80.01 
Hydrogen content wt% 1.98 1.86 
Nitrogen content wt% 0.24 0.23 
Sulfur content wt% <0.02 <0.02 
Chlorine content wt% 0.03 0.03 
Oxygen content (by balance) wt% 6.03 5.64 
Volatile matter content wt% 15.06 14.11 
Gross calorific value kJ/kg 30956 28996 
Net calorific value kJ/kg 30521 28433 

Morphological analysis by adsorption of 
CO2 N2   
Specific surface area (BET) m2/g 593 676 
Total pore volume cm3/g 0.24 0.34 
Average pore diameter nm 1.6 2.0 

Ash melting analysis 
Deformation temperature ◦C 1340  
Hemisphere temperature ◦C >1500  
Flow temperature ◦C >1500  

Ash composition 
CaO wt% 53.0  
K2O wt% 14.0  
SiO2 wt% 7.8  
MgO wt% 7.1  
Fe2O3 wt% 3.8  
P2O5 wt% 3.7  
Al2O3 wt% 2.8  
Na2O wt% 2.5  
MnO wt% 1.7  
SO3 wt% 1.6  
Rest wt% 2.0   

Fig. 1. Materials used in described experiments.  
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which are given in Appendix B. These accuracies were used to obtain the 
error ranges in Section 3.1. Further measurements include temperature 
measurements by thermocouples type K and a pressure measurement 
below the sieve tray. The temperature measurement used as the refer
ence for this paper’s investigations is centered in the reaction zone. 

Semi-continuous experiments, as defined by Missen et al. [27], with 
a batch of initially inserted wood char and continuous feeding of CO2 
and removal of product gas are used to determine the CO2 conversion 
within this paper. This type of experiment is favored over experiments 
using continuous fuel feed to increase the speed of the investigation and 
overcome reactor limitations from insufficient heating power. CO2 
conversion is assessed close to the experiment’s start when biomass 
conversion is still low, and wood char is available in excess (differential 
reactor). A more detailed explanation of the experimental procedure is 
given in Appendix B. 

In total, 53 experiments are performed in this reactor (Fig. 2) to 
assess the influence of six parameters on CO2 conversion. Parameters are 
varied in isolation and combined to determine their impact on XCO2. A 
summary of investigated settings is given in Table 4. A complete list of 
experiments can be found in Appendix C. 

2.3. Calculation of CO2 conversion 

The CO2 conversion is evaluated in this work by applying a calcu
lation method using the dry-based volumetric concentrations of the 
product gas components CO, CO2, and H2, which are expressed as cA, 
where A is the molecule species. Using this method, XCO2 can be 
calculated continuously with a matching resolution of one second as the 
gas measurement. The equation for this method is given by [28] and 
considers the Boudouard (Eq. 1) and steam-carbon (Eq. 2) reactions. It 
assesses how much educt CO2 is converted to product CO by the Bou
douard reaction. This calculation is corrected for any CO instead pro
duced by the steam-carbon reaction, which also produces H2. 

XCO2 = cCO − cH2
cCO − cH2 + 2⋅cCO2

(15) 

Eq. 15 describes the CO2 conversion XCO2, which aims to describe the 
change in mass of CO2 before and after the reactor. This equation is used 
to evaluate all experiments conducted in the scope of this paper. 
Reference [28] does not provide context for the applicability of this 
equation. The following assumptions are considered to apply:  

• No CO or H2 is present in the feed gas. This assumption is most valid 
for feedstocks like char and coal, which have relatively limited vol
atile content and do not contribute significantly to the gas compo
sition via devolatilization. With increasing volatile content, the 
uncertainty of the calculation can increase.  

• Solid carbon is only converted to gas via reactions in Eq. 1 to Eq. 3. 
This assumption also faces increasing uncertainty from increasing 
volatile content in biomass. 

The fuel used in this study has low volatile and oxygen contents. 
Furthermore, fuel is fed into the hot reactor under a nitrogen atmo
sphere shortly before the gasification starts. Data show some gaseous 
pyrolysis products are released when fuel is fed into the hot nitrogen 
atmosphere, but minimal devolatilization products are measured at the 
gasification start (Appendix B). For these reasons, the assumptions 

Fig. 2. Electrically heated fluidized bed reactor.  

Table 4 
Experimental parameters investigated within this work.  

Abbreviation Investigated factor Operational parameters 
(target values) 

Variations 

T Temperature 800 – 1000 ◦C  5 
F Initial fuel loading 

(height) 
5 – 15 cm  4 

S Fuel size 0.8 – 8 mm  4 
G Feed gas flow rate 0.30 – 0.43 Nm3/h  2 
M Bed material type Silica sand|limestone| 

olivine  
3 

B Initial bed-to-fuel 
ratio 

0.66 – 4 m3/m3  6  
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described above are considered to apply, which lowers the uncertainty 
in calculating XCO2. 

The XCO2 data presented in the results section are the average value 
of a 10–14 second period near the start of gasification (Appendix B). 
This methodology is chosen because this period represents the 
maximum observed CO2 conversion before the conversion drops due to 
temperature and fuel decreases. An average value over this short period 
is used instead of only the data point with maximum conversion to 
reduce noise from relying on a single data point. The error ranges of 
figures in Section 3.1 result from the uncertainty in gas concentration 
measurement. 

2.4. Semi-empirical CO2 conversion model development 

Correlations between the six investigated parameters and the CO2 
conversion are reported in the experimental Section 3.1. These empirical 
results are combined and conceptualized in the modeling part of this 
paper in a semi-empirical model based on simplified reaction kinetics. 
The proposed model replicates the CO2 conversion in the investigated 
bubbling bed reactor based only on the described parameters and ex
cludes or generalizes phenomena for which data are unavailable, e.g., 
bed expansion and bubble formation. After simplification, this model 
can approximate the CO2 conversion in this allothermal fluidized bed 
reactor based on a small set of process characteristics. 

The thermodynamic equilibrium of this chemical system in the 
investigated temperature range is calculated using FactSage. This 
calculation suggests high CO2 conversions of 78.7% at 800 ◦C to 98.3% 
at 1000◦C in equilibrium. The observed experimental CO2 conversions 
are generally significantly lower and suggest a rate-controlled system 
behavior, indicating XCO2 should be described as a function of the re
action time t. Fluidized bed reactors’ essential advantage is their heat 
and material distribution uniformity. For this reason, the model is pro
posed using the hydrodynamic residence time distribution of a perfectly 
stirred reactor (PSR). For a first-order reaction in a PSR, the literature 
suggests Eq. 16 to describe the CO2 conversion [29]. 

XCO2 =
∫ ∞

0
[1− exp(− k⋅t) ]⋅1τ⋅exp

(
− t

τ

)
dt = k⋅τ

1 + k⋅τ (16) 

The simplified form of this equation eliminates the reaction time t 
and describes the conversion of CO2 using the reaction rate constant k 
and the hydrodynamic residence time τ. The hydrodynamic residence 
time τ describes the average time of CO2 in the reactor as the ratio of 
reactive volume V and volume flow rate V̇ (Eq. 17). Since this investi
gation is heavily focused on solid-gas reactions, the reactive volume is 
assumed as the volume taken by the fuel-bed material mixture. For this 
reason, the feed gas flow rate (G), given at the standard temperature T0, 
is corrected to reactor temperature T and combined with the cross- 
section of the reactor (A), initial fuel loading (F), initial bed material- 
to-fuel ratio (B), and bed void fraction of mixed bed (ε) to calculate τ. 
The bed void fraction and height during gasification are not available 
from this experimental setup. Bed void fractions between 0.4 and 0.6 are 
reported for binary bed material and biomass mixtures in bubbling 
fluidized beds, e.g., in [30–32]. In this work, an estimation of 0.5 for the 
mixed bed void fraction ε is used for all experiments. The height of the 
bed material-fuel mixture is described in two terms to assess two aspects 
individually: initial fuel loading (F) in an otherwise empty reactor and 
added bed material (1+B). 

τ = V
V̇

→ τ = A⋅F⋅(1 + B)⋅ε
G⋅T/T0

(17) 

The reaction rate constant k describes the rate and direction of the 
reaction. k can be explained by the Arrhenius expression, which repre
sents the temperature and activation energy Ea dependency of k (Eq. 18). 
The preexponential factor k0 summarizes various effects, e.g., the like
lihood of reaction species collision, and is used as a fitting parameter. 

The exponential term represents the fraction of collisions with enough 
energy to overcome the activation energy barrier. Initial fuel loading (F) 
and fuel size (S) in the reactor are proposed to be correlated with 
available reaction sites and, therefore, the preexponential factor. The 
potential catalytic activity of bed material is associated with changes in 
activation energy, which the variable M expresses. 

k = k0⋅exp
(−Ea

R⋅T

)
→

k = k0⋅S⋅F⋅exp
(−Ea⋅M

R⋅T

) (18) 

Initial bed-to-fuel ratio (B), feed gas flow rate (G), temperature (T), 
and initial fuel loading (F) are available as quantified values for each 
experiment and are plugged into the model in SI units. Exponential 
scaling factors α, β and γ are used to scale these values to investigate 
their relative influence while achieving the best fit. M and S are not 
available as representative quantified values and are therefore left as 
dimensionless variables to solve. Bed material influence is considered 
using the dimensionless variable M, which describes the scaling of 
activation energy as a function of bed material type. M has one value for 
all experiments with silica sand and another value for all experiments 
with olivine as a bed material. Limestone is not included in this model 
since its reactions with CO2 go beyond catalytic activity, so the calcu
lated CO2 conversion is not comparable within the same model. Fuel size 
is a complex parameter with a multifactorial influence. Morphological 
particle characteristics like specific surface area and pore size directly 
influence heat and mass transport. Particle size also affects XCO2 indi
rectly by stabilizing the bubbling bed fluidization regime at smaller 
particle sizes, leading to a more homogenous heat and material distri
bution. These varying correlations make values like the mean particle 
size an unsuitable scaling factor. A dimensionless variable S with four 
discrete values for the four size classes analogous to the procedure for 
bed material types is used as a way around this issue. The combined 
modeling expression is given by Eq. 19. 

XCO2 =
k0⋅S⋅exp

(
−Ea ⋅M
R⋅T

)
⋅A⋅Fγ ⋅(1+Bα)⋅ε

(G∗T/T0)β

1 + k0⋅S⋅exp
(

−Ea ⋅M
R⋅T

)
⋅A⋅Fγ ⋅(1+Bα)⋅ε

(G⋅T/T0)β

(19)  

3. Results 

Experimental data are presented in this chapter to describe the in
fluence of individual parameters on CO2 conversion. The data presented 
here aim to explain the trends in CO2 conversion due to parameter 
variation. At the end of this chapter in Section 3.2, a semi-empirical 
model combining the individual investigations is proposed. This 
model describes which parameters can be selected to reach this fluidized 
bed reactor’s highest CO2 conversion. 

3.1. Influence of experimental parameters on the CO2 conversion 

3.1.1. Temperature 
To assess the influence of temperature on the CO2 conversion, the 

reactor’s electrical heating was operated at set points between 800 and 
1000 ◦C. The measured temperature in the reaction zone during the 
evaluation period is used for all evaluations. The materials used for these 
experiments are 5 cm of wood char (16.9 g) and 10 cm of olivine. CO2 
feed gas flow rate is 0.43 Nm3/h, around ten times the minimum 
fluidization velocity umf at 1200 K. Fig. 3a shows the evolution of XCO2 
over the gasification duration, while Fig. 3b compares XCO2 at the time 
of evaluation. 

Increasing the temperature strongly enhances the CO2 conversion in 
the investigated interval. XCO2 increases from 11.9% at 803.0 ◦C to 
48.7% at 981.5 ◦C. Equilibrium conditions for this system were 
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calculated using FactSage and are dominated by the Boudouard reaction 
(Eq. 1). Thermodynamic equilibrium suggests a much smaller relative 
increase from about 80% XCO2 to 98% in the same temperature range. 
Therefore, the experimentally observed XCO2 is significantly closer to 
equilibrium at higher temperatures. These data align with literature 
finding CO2 char gasification to be the rate-limiting step of the global 
pyro-gasification reaction with a duration near 95% of the entire 
biomass conversion time [6]. Different rate-controlled regimes and 
increased reaction speeds at higher temperatures are reported [18]. In 
summary, this experimental data and FactSage calculation support that 
increasing the temperature is crucial for increasing CO production in 
thermodynamic equilibrium and lowering the reaction time necessary to 
reach equilibrium. 

3.1.2. Fuel loading in the reactor 
Fig. 4 compares XCO2 for a range of initial fuel loadings in the reactor, 

given as the initial height at the experiment start. Experiments are 
performed at 1000 ◦C and 900 ◦C set point temperature with 10 cm of 
olivine as bed material in the reactor. The CO2 feed gas flow rate is set to 
0.30 or 0.43 Nm3/h, which equals seven or ten times the minimum gas 
flow rate for fluidization of the bed material particles. 

The reactor’s initial fuel amount significantly correlates with the CO2 

conversion in these experiments. An increase from 67.8% to 83.9% for 
XCO2 is achieved by increasing initial fuel loading in the reactor from 
5 cm (16.9 g) to 10 cm (33.9 g) at 1000 ◦C (set point). At the time of 
these evaluations, shortly after the experiments started, solid material 
was available in excess during all experiments, and only a negligible 
amount of fuel had been converted. Therefore, this increased CO2 con
version is a result of increasing the contact time of CO2 with the fluidized 
bed. The contact time of feed CO2 flowing with 0.3 Nm3/h in the mixture 
of olivine and wood char is increased from 0.42 s at 5 cm initial fuel 
loading to 0.56 s at 10 cm initial fuel loading for an assumed bed void 
fraction ε of 0.5 at 1000 ◦C. Calculating the gas-fuel contact time by 
disregarding the bed material and only considering the wood char in the 
reactor would result in a linear correlation between the contact time and 
the initial fuel loading in the reactor. For this assumption, doubling the 
fuel loading from 5 cm to 10 cm also doubles the gas-solid contact time 
from 0.14 s to 0.28 s. 

The positive correlation between more fuel in the reactor and higher 
XCO2 values is also underpinned by the decline of XCO2 observed after the 
evaluated period. Fig. 3a shows a significant reduction of XCO2 over half 
an hour of gasification. Temperature set points, CO2 feed gas flow rates, 
and bed material are constant, but the initially batch-fed fuel is used up 
and not replaced. While the sharp decline in XCO2 at the beginning is 
most likely due to endothermic reactions lowering the temperature in 
the reactive zone, XCO2 trends towards zero when the fuel amount in the 
reactor decreases. The CO2 conversion approaches zero once the fuel is 
converted, which happens faster at higher temperatures with higher CO2 
conversion and, therefore, fuel conversion via the Boudouard reaction. 
This trend supports the finding that XCO2 is higher with higher amounts 
of fuel in the reactor and higher fuel-gas contact time. 

3.1.3. Fuel particle size 
Three classes of wood char size were extracted from the mixed-size 

fuel by sieving. The three classes of fuel size are large fuel (5 – 8 mm), 
medium fuel (2.5 – 5 mm), and small fuel (0.8 – 2.5 mm). Fig. 5 shows 
CO2 conversions as measured for these three classes of particles and the 
mixed-size fuel at various initial fuel loading values. The set point 
temperature for all depicted experiments is 1000 ◦C. The feed gas flow 
rate is 0.30 Nm3/h, equivalent to seven times the minimum number 
necessary for fluidizing the bed material at 1200 K. Olivine is placed 
10 cm high in the reactor as bed material for all experiments. 

The CO2 conversion efficiency increase observed with increasing 
initial fuel loading holds for all investigated fuel particle classes. At 
5–10 cm fuel heights, there is little difference in performance between 
small, medium, and mixed-size wood char particles used as fuel. Large 

Fig. 3. a) XCO2 over the time of gasification (temperature given is the set point temperature; measured values differ). b) Influence of temperature on XCO2 at various 
temperatures (temperature measured). Thermodynamic equilibrium is calculated using FactSage. 

Fig. 4. Influence of initial fuel loading (given as initial height in the reactor at 
experiment start in cm) and feed gas flow rate (CO2 superficial flow rate) on 
CO2 conversion XCO2. Thermodynamic equilibrium is calculated using FactSage. 
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fuel particles (5–8 mm) show lower CO2 conversions at 5 cm (59.4% vs. 
average 66.1%) and 10 cm initial fuel loading (76.5% vs. average 
83.0%). A possible explanation is given by higher specific surface area 
and better heat and mass transfer in smaller particles [33,34]. In addi
tion, an inhibition effect resulting from increased CO concentration in 
the particles’ pores is reported to be more significant for larger particles 
[35]. These data suggest that this system might have a threshold fuel 
particle size, which sees larger fuel particles showing lower XCO2. 

Several authors report an increase in mixing quality when smaller 
biomass [36,37] or coal [38,39] particles are fluidized in smaller bed 
material particles. Fluidization calculations in Appendix A indicate that 
the lower XCO2 value observed for large fuel particles might be con
nected with the fluidization of fuel particles. The calculation shows that 
the applied feed gas flow rate leads to a superficial gas velocity that 
exceeds the minimum fluidization velocity umf of small wood char par
ticles and is close to umf for medium-sized wood char. In contrast, the 
calculated minimal fluidization velocity for large wood char particles is 
not reached. Appendix D also shows differences observed for gasifica
tion experiments with small and medium fuel particles at high fuel 
loadings extended after the evaluation period. 

3.1.4. Feed gas flow rate 
The CO2 conversion as a function of the gas flow rate of CO2 fed to 

the reactor is compared in Fig. 4 for various initial fuel loadings and 
temperatures. 

Increased feed gas flow rates are correlated with lower XCO2 at all 
temperatures and initial fuel loadings. Decreasing the CO2 superficial 
flow rate from 0.43 Nm3/h to 0.30 Nm3/h increases the fuel-gas contact 
time by 41.1%. On average, XCO2 is increased by 26.1% due to this, again 
suggesting a strong correlation between fuel-CO2 contact time and XCO2. 
This observation is consistent with all investigated parameter combi
nations. It can be concluded that decreasing the feed gas flow rate in
creases XCO2 by increasing the fuel-gas contact time. At a flowrate of zero 
and infinite gas-solid contact time, the thermodynamic equilibrium 
limits this increase. For fluidized bed reactors, another practical limit is 
given by the minimal flow rate necessary for fluidization (Appendix A). 

3.1.5. Bed material type 
Fig. 6 compares three bed materials described in Fig. 1 under iden

tical conditions. The reactor’s electrical heating is operated at set points 
between 800 and 1000 ◦C. The materials used for these experiments are 
5 cm of wood char (16.9 g) and 10 cm of each bed material. CO2 feed gas 
flow rate is 0.43 Nm3/h. 

Comparing silica sand and olivine as bed material reveals a clear 
improvement in CO2 conversion for using olivine over silica sand. At the 

highest investigated set point temperature of 1000 ◦C, a reactor con
taining silica sand converts CO2 at 34.5%, while olivine exhibits a CO2 
conversion of 48.7%. 

Limestone is showing significantly higher CO2 conversions at tem
peratures below 950 ◦C. Carbon balancing around the reactor and 
comparing temperature changes at the beginning of gasification reveals 
this to be an artifact resulting from quicklime capturing CO2. Before 
every experiment, the reactor is conditioned by burning leftover fuel 
with air at 1000 ◦C and adjusting the set point temperature under a 
nitrogen atmosphere. These conditions favor the production of quick
lime, which is the expected compound at the experiment start [26]. Up 
to 900 ◦C, the exothermic carbonation reaction of quicklime binding 
CO2 and forming limestone is expected. The overestimated CO2 con
versions under these conditions result from removing unconverted CO2 
from the produced gas. This effect removes the comparability of the 
generated data from using limestone with other bed materials in this 
study, as indicated in Fig. 6. At higher temperatures, these data suggest 
conversion efficiency similar to olivine, but the trendline increases less 
steeply. Due to the carbonation reaction phasing out over increased 
temperature, these data are too inconclusive and restricted to estimate 
the effect of limestone as a bed material on CO2 conversion with suffi
cient confidence. 

3.1.6. Bed-to-fuel ratio 
Variations of the initial volumetric bed-to-fuel ratio are compared by 

keeping the same amount of wood char in the reactor and varying only 
the amount of olivine used as bed material. This variation is performed 
to see if the longer gas-solid contact time with the olivine-wood char 
mixture resulting from increased bed height would increase the CO2 
conversion. If olivine catalyzes the conversion of CO2, e.g., via the 
Boudouard reaction, another effect of increasing this ratio could be a 
more pronounced catalytic effect. Fig. 7 shows the results of this 
investigation, which was performed using 5 cm of wood char loaded into 
the reactor. Set point temperatures are varied between 900 and 1000 ◦C. 
The feed gas flow rate is 0.30 Nm3/h, equivalent to seven times the 
minimum number necessary for fluidizing the bed material at 1200 K. 

Increasing the initial bed-to-fuel ratio B by 50% by adding more 
olivine increases XCO2 by only 0.8% on average. Doubling B lowers the 
observed XCO2 by 6.1% on average. The experimental error ranges ob
tained for these experiments are 3.6–5.4% in CO2 conversion. This 

Fig. 5. Influence of fuel particle size at various initial fuel loadings (given as 
initial height in the reactor at experiment start in cm) on CO2 conversion XCO2. 

Fig. 6. Influence of bed material type on XCO2 at various temperatures (tem
perature is measured). Thermodynamic equilibrium is calculated using FactS
age. Data marked with X are an artifact resulting from quicklime binding CO2. 
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inconclusive trend, minor overall changes, and error ranges suggest the 
influence of B on CO2 conversion efficiency to be negligible. 

The stability of the bubbling fluidized bed in continuous operation is 
an effect not consistently represented by the calculation method for CO2 
conversions in this paper. Appendix D describes how differences in 
fluidization could explain lower XCO2 values during prolonged investi
gation, using Figure D-1 as an example. 

3.2. CO2 conversion model 

The 53 experimental results presented in Section 3.1 are plugged into 
the theoretical CO2 conversion model (Eq. 19). First, XCO2 is calculated 
for each experiment using a placeholder value of 1 for α, β, γ, M, S, k0, 
and Ea. The root square error between the modeled and observed XCO2 is 
calculated for each experiment. The sum of errors is divided by 53 to 
calculate the root mean square error (RMSE), which describes the 
model’s accuracy in estimating the measured CO2 conversions. Second, 
the variables α, β, γ, M, S, k0, and Ea are solved by Excel Solver, mini
mizing the root mean square error (RMSE). M for olivine and S for 
mixed-size fuel are kept at the initial value of 1 for comparability. Third, 
one by one, the scaling factors are excluded from the model to check if 
their exclusion significantly increases RMSE, lowering model quality. 
Excluding parameters from the model lowers its flexibility and increases 
RMSE to increase model simplicity and focus on the most important 
identified parameters. A parameter is deemed significant here if its 
exclusion from the model increases RMSE by more than 1%XCO2. The 
remaining parameters and solved variables are proposed as a semi- 
empirical model able to predict CO2 conversion in this gasification 
system (Table 5). 

The proposed model simplifies the hydrodynamic residence time 
term τ (Eq. 17) to a new time descriptor termed fuel-gas contact time 
τFGC. This simplification results from the modeling suggesting no cor
relation between the amount of bed material and the conversion of CO2 
in the reactor. The new term τFGC describes a hypothetical reactor with 
the same initial fuel loading F and bed void fraction ε as the real fluid
ized bed reactor but without any bed material (Eq. 20). 

τFGC = A⋅F⋅ε
G⋅T/T0

(20) 

Nearly no increase in RMSE is observed after eliminating the initial 
bed-to-fuel ratio B from the model by setting α to 0 and only considering 
the gas flow rate G as a linear factor in calculating τFGC by changing β to 

the value 1. Eliminating the fuel size S as a parameter increases RMSE by 
around 0.19%XCO2. Further simplification of the model increases RMSE 
by 0.63%XCO2 when the initial fuel loading F is also only considered as a 
linear factor in the calculation of τFGC by changing γ to the value 1. 
Eliminating the bed material parameter M increases RMSE by more than 
1%XCO2 and is therefore not done. The simplified model uses only T, M, 
and τFGC (formed using F and G) as parameters and approximates the 
experimental data at an RMSE value of 4.06%XCO2. This value lies within 
the error ranges obtained from experimental data due to the uncertainty 
in gas concentration data. The experimental data shows error ranges 
between 1.3% and 7.1%XCO2. 

The temperature in the reactor has a strong influence on XCO2 in the 
final model. Higher temperatures decrease the time to approach equi
librium by increasing the reaction rate constant k according to the 
Arrhenius equation (Eq. 18). Higher temperatures also favor CO pro
duction via the Boudouard reaction (Eq. 1) in equilibrium. For a fuel-gas 
contact time of 0.25 seconds and olivine as bed material, the model 
predicts the CO2 conversion to increase from 26% at 800 ◦C to 80% at 
1000 ◦C. 

The initial fuel loading in the reactor and the feed gas flow rate are 
combined to form the fuel-gas contact time (Eq. 20), significantly 
influencing the CO2 conversion in the final model. A correlation between 
time and conversion is expected for all chemical systems which are not 
in thermodynamic equilibrium. This aspect of the model solution is 
confirmed by comparing the observed CO2 conversions versus the higher 
conversions suggested by the thermodynamic equilibrium calculation 
using FactSage. For a temperature of 1000 ◦C and olivine as bed mate
rial, the model predicts the CO2 conversion to increase from 67% at 
0.125 seconds to 80% at 0.25 seconds of fuel-gas contact time. 

The activation energy Ea decreases by around 6% if the bed material 
is switched from silica sand to olivine. This decrease in activation energy 
increases XCO2 at all investigated temperatures, thus making olivine a 
better choice of bed material in CO2 gasification. Without a baseline for 
the investigated system given by experiments that use neither silica sand 
nor olivine, this study does not answer if either bed material catalyzes 
the conversion of CO2. The relative difference could be explained by 
olivine acting as a catalyst or silica sand as an inhibitor in this model. An 
alkali index reported in the literature, which evaluates the catalytic 
activity of ash in coal or char, supports both explanations [40]. Silicon, 
the main component in silica sand, is suggested to act as an inhibitor if it 
is part of the ash [40]. Magnesium and iron comprise around 60 wt% of 
olivine and are reported elsewhere to show moderate catalytic in the 
fuel matrix [10] or if mixed with the fuel as a powder. The low corre
lation between the bed-to-fuel ratio and XCO2 given by the model sug
gests that olivine might not be catalytically active. 

The activation energy identified in this model is around 139 kJ/mol 
for olivine as a bed material. This value agrees with the literature, which 
identifies four reaction domains in CO2 gasification. For thermogravi
metric analyzers, free-fall fixed-bed reactors, and drop-tube reactors, 
activation energies of 125–147 kJ/mol are reported in the temperature 
range of 900–1000 ◦C, and the system is characterized as particle or bed 
diffusion-controlled [18]. The same authors identify no diffusion limi
tation for a fluidized bed reactor but report a sharp decrease of activa
tion energy at 1250 K from chemical-controlled 232 kJ/mol to a 
system-specific external mass transfer limitation. Other sources do not 
investigate different limitation regimes but agree with the broad range 
of activation energy (141–160 kJ/mol given by [41]) or find higher 
activation energies around ~250 kJ/mol, which is likely due to lower 
temperatures resulting in a chemically controlled system [18,42]. In 
summary, the activation energy found in this work generally agrees well 
with the literature data, giving credibility to the underlying model 
(Table 5). 

The simplified model is depicted in Fig. 8, which uses olivine and 
silica sand as bed materials in two viewpoints each. The tips of the ar
rows represent experimentally found XCO2. The colored lattice is the 
model approximation of these values, and the transparent lattice is the 

Fig. 7. Influence of initial volumetric bed-to-fuel ratio on XCO2 at various pa
rameters (temperature is set point) for olivine as bed material. Thermodynamic 
equilibrium is calculated using FactSage. 
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thermodynamic equilibrium for this system, as given by FactSage. 
The gap between the thermodynamic equilibrium and the experi

mental CO2 conversion decreases with higher temperatures and fuel-gas 
contact times. The system is closer to equilibrium for using olivine (left) 
instead of silica sand (right) as a bed material due to the lower observed 
activation energy using olivine. This model approximation matches the 

highest experimentally observed XCO2. Table 6 and Figure B-1 give in
formation about the experiment using the highest investigated set point 
temperature and initial fuel loading, the lowest feed gas flow rate, and 
olivine as a bed material. With these settings, the described experiment 
operates close to the reactor’s geometrical and durability limits to 
convert 86.1% of CO2 compared to a model approximation of 83.4%. 
This conversion vastly exceeds the highest CO2 conversion previously 
observed in a similar reactor, reproduced by the same calculation 
method at 35% (Table 2) [25]. The resulting gas is rich in CO and has an 
H2-to-CO ratio of around 1:8. This ratio is too low for direct conversion 
of the gas to methanol or in Fischer-Tropsch-synthesis, which need an 
H2-to-CO ratio of around 2:1 [3,43]. For this reason, the gas needs to be 
enriched in H2 to be used as a synthesis gas, e.g., by adding hydrogen 
from water electrolysis. 

4. Conclusion 

The influence of experimental parameters on CO2 conversion in an 
allothermal fluidized bed reactor is described in this paper. Positive 
correlations are identified and combined to increase the conversion of 
CO2. The investigated parameters are process characteristics, and the 
results can be used for highly efficient reactor design. The 53 semi- 
continuous experiments described in this work are performed in a flu
idized bed reactor with a nominal power of 2 kWth. A parameter vari
ation including the six parameters temperature (T), bed material type 

Table 5 
Modeling parameters for designing a semi-empirical CO2 conversion model in 
the described fluidized bed gasifier; 1*…Set as 1 for comparability.  

Parameter Full model Simplified model 
Model equation Eq. 19 

XCO2 =
k0⋅exp

(−Ea⋅M
R⋅T

)
⋅τFGC

1 + k0⋅exp
(−Ea⋅M

R⋅T
)

⋅τFGC 
α 0.036 - 
β 1.115 1 
γ 1.377 1 
Quartz 1.06 1.07 
Olivine 1* 1* 
Fuel mixed 1* - 
Small fuel 1.008 - 
Medium fuel 1.121 - 
Large fuel 0.878 - 
k0 in mγ−1/s 4.67E+06 7.95E+06 
Ea in J/mol 138800 138800 
RMSE in %XCO2 3.24 4.06  

Fig. 8. Simplified semi-empirical CO2 conversion model (filled lattice), thermodynamic equilibrium (empty lattice), and experimentally observed values (arrow tips) 
for CO2 conversion. A) Olivine as bed material, and b) silica sand as bed material. 
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(M), initial bed-to-fuel ratio (B), initial fuel loading in the reactor (F), 
feed gas flow rate (G), and particle size (S) is conducted. (Table 4) The 
main results of this study are:  

• CO2 gasification in a fluidized bed is demonstrated to convert CO2 to 
CO at very high rates. The highest conversion observed within this 
publication is 86.1%, producing gas with 82.75% CO, 10.01% H2, 
and only 5.90% CO2. (Table 6)  

• This system’s experimentally observed CO2 conversion can be 
replicated in a semi-empirical model based on reaction kinetics with 
a root mean square error of 4.06%XCO2. The calculated activation 
energy of 139 kJ/mol matches well with the literature. (Table 5)  

• The CO2 conversion in the investigated system can be effectively 
increased by using higher temperatures, higher initial fuel loading in 
the reactor, lower feed gas flow rates, and olivine instead of silica 
sand as a bed material. The fuel loading and feed gas flow rate can be 
combined as the newly defined fuel-gas contact time τFGC (Eq. 20). 
No clear correlation was observed between XCO2 and a change in bed- 
to-fuel ratio or fuel particle size. (Fig. 8)  

• Although fuel size and bed-to-fuel ratio are not observed to strongly 
influence XCO2 in the system, they are to be considered for the sta
bility of the bubbling bed fluidization regime. Unstable fluidization 
from too low a bed-to-fuel ratio might also decrease XCO2. This effect 
can be countered by lowering fuel particle size to promote their 
direct fluidization. (Figure D-1) 

In summary, this work highlights the importance of multiple pa
rameters for efficiently converting the greenhouse gas CO2 with biomass 
to product gas with very high CO content. While increasing temperature 
is the dominant parameter, this also likely comes with energy penalties 
in practical applications. Increasing fuel-gas contact time by optimizing 
reactor design promises a significant increase in XCO2 without increasing 
the ongoing cost of operation. Larger commercial reactors operated 
under similar conditions would allow for higher gas-solid contact times, 
further increasing CO2 conversion compared to the findings in this 
study. 

Hydrodynamic aspects like bed expansion or bubble formation were 
not investigated in this work. Experiments were performed with a highly 
carbonaceous biomass with low volatile content. When using biomass 
with higher volatile content, the resulting gas could be mixed with 
devolatilization products and potentially lowered in CO content. 

This thermochemical carbon conversion pathway could provide CO- 
rich gas for multiple green production chains in the chemical industry. 
Additional hydrogen is necessary for chemical synthesis to meet the 
hydrogen-to-carbon monoxide ratio demands of common processes, 
such as methanol production or Fischer-Tropsch synthesis. This 
hydrogen should be produced by low-emission technologies, e.g., water 
electrolysis with renewable electricity, to achieve overall emission 
savings. For industrial applications, it has to be considered that utilizing 
CO2 via the Boudouard reaction is highly energy-intensive due to its 
endothermic nature. Compared to other biomass gasification processes, 
the high conversion of CO2 to CO demonstrated in this work means that 
less carbon monoxide needs to be produced from biomass. Furthermore, 
a lowered CO2 content in the produced gas can bring energy savings 

from reduced gas separation and recirculation demand. This process can 
substitute CO from coal or natural gas in synthesizing bulk chemicals 
like methanol, aldehydes, and alcohols. Therefore, biomass CO2 gasifi
cation as a carbon capture and utilization technology could lower the 
life cycle emissions from the chemical industry significantly, supposed 
CO2 and biomass are sustainably sourced and renewable. 

The chemical interactions between fuel and bed materials should be 
investigated in future studies to improve the understanding of catalytic 
effects. A numeric simulation study looking into hydrodynamic aspects 
could provide further insights into the specifics of mass transfer and gas- 
fuel contact times. Using a water-CO2 mixture as the gasification agent 
or using different fuels should be investigated for their potential to in
crease the hydrogen-to-carbon monoxide ratio in the produced gas. The 
model proposed within this work should be compared to results ob
tained from continuous operation at a larger scale and with other fuel 
types. Special attention needs to be given to energy demands and losses, 
which are beyond the scope of this study. The technical results should be 
contextualized in future investigations with life cycle and techno- 
economic assessments in various production chains. 
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Table 6 
Comparison of model approximation and experimental data on the experiment with the highest CO2 conversion XCO2 in this paper.  

Experiment #53 
Operational parameters 

Temperature (set point) Temperature (measured) Initial fuel loading Feed gas flow rate Bed material Initial bed-to-fuel-ratio Fuel size 
◦C ◦C cm Nm3/h - m3/m3 mm 
1000 970 15 0.30 Olivine 0.67 0.8–2.5 

Average data during evaluation period 
CO CO2 CH4 H2 Rest XCO2 experimental XCO2 model 
vol%db,N2-free vol%db,N2-free vol%db,N2-free vol%db,N2-free vol%db,N2-free % % 
82.75 5.90 0.05 10.01 1.30 86.1 83.4  
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Appendix A. Fluidization calculations 

The fluidization state of particles is a function of particle and gas characteristics and operating conditions. The following section explains the 
calculations behind selecting gas flow rates for the bubbling fluidized bed used in this work. 

Particle size is determined by sieving analysis. Bed materials were analyzed by a cascade of sieves with mesh sizes from 1 mm to 63 μm. The sieving 
analysis results and particle size dP values are given in Table A-1.  

Table A-1 
Sieving analysis of bed materials. The data reflect the average result for each bed material. Three samples were analyzed per bed material. N.d…Not detected  

Bed material m0 Sieve number n Mesh size dP,n,average mn wn dp ± standard deviation 
g µm µm g g/g µm   
Silica sand 448.097  1 1000    366±2.1 

2 400 700 169.883 0.379 
3 280 340 177.983 0.397 
4 224 252 61.237 0.137 
5 180 202 28.653 0.064 
6 140 160 7.950 0.018 
7 100 120 2.033 0.005 
8 63 81.5 0.320 0.001 
9 0 31.5 0.037 0.000 

Limestone 176.917  1 1000    385±3.5 
2 400 700 122.307 0.691 
3 280 340 46.953 0.265 
4 224 252 3.717 0.021 
5 180 202 1.170 0.007 
6 140 160 0.310 0.002 
7 100 120 0.323 0.002 
8 63 81.5 0.483 0.003 
9 0 31.5 1.653 0.009 

Olivine 112.497  1 1000    337±0.1 
2 400 700 0.193 0.002 
3 280 340 109.563 0.974 
4 224 252 2.603 0.023 
5 180 202 0.110 0.001 
6 140 160 0.027 0.000 
7 100 120 N.d. N.d. 
8 63 81.5 N.d. N.d. 
9 0 31.5 N.d. N.d.  

The values are the average data from three analyses, and the standard deviations observed in these analyses for the particle size dP are noted. Eq A- 
1 was used to determine the particle size dP from dP,n,average, the average of mesh sizes on the nth and (n-1)th sieve, and the corresponding weight 
fraction wn, which relates the mass retained on the nth sieve mn to the total sample mass m0. 

dp = 1/
∑9

n=2

mn

m0⋅dP,n,average
= 1/

∑9

n=2

wn

dP,n,average
(A-1) 

For the experiments comparing the effect of fuel particle size (see Section 3.1.3), four sieves were used to separate the fuel mixture into three 
classes of particles. Sieves with 8 mm and 0.8 mm mesh sizes were used as upper and lower limits, with larger and smaller particles being discarded. 
The remaining fuel particles were split into three classes: 0.8 – 2.5 mm (small char), 2.5 – 5.0 mm (medium char), and 5.0 −8.0 mm (large char) based 
on the mesh size of sieves used for separation. The resulting bed material and fuel particle sizes are given as dP in Table A-2 and Table A-3. The particle 
sphericity Ф is used to relate this particle size dP to the Sauter-diameter dSV, which is needed for fluidization calculations, see Eq A-2. The sphericity is 1 
for ideal spheres. It has a lower limit of 0 for increasingly non-spherical particles. This value is not measured in this work but is taken from literature 
suggesting a sphericity of 0.76 for average sand particles, which is used for all bed materials [44]. Particle sphericity of wood char from wood chips is 
also taken from the literature [45]. No particle size change is suggested for calcinating limestone particles of this size at 900 ◦C [46]. Therefore, the 
density change from limestone to quicklime closely follows stochiometric considerations based on the calcination reaction of CaCO3. The resulting 
density of all bed materials, including uncalcined and calcined lime, is taken from an earlier study at TU Wien, which used the same materials [47]. 
dsv = Ф⋅dP (A-2) 

The minimum fluidization velocity umf is the superficial gas velocity at which the drag force of the fluidizing gas becomes equal to the gravitational 
force of the particles. This velocity allows the particles to transition from a fixed bed to a fluidized bed regime. The minimum gas velocity necessary for 
fluidizing the bed particles is calculated using Eq A-3, as given in the literature [48,49]. Eq A-4 provides the Archimedes number Ar, which introduces 
the solid density. The ideal gas law is used to calculate gas densities at different temperatures. 
umf = μ

ρF ⋅dSV
⋅(

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
33.72 + 0.0408⋅Ar

√
− 33.7) (A-3)  

Ar = ρF ⋅d3
sv⋅(ρP − ρF)⋅g

μ2 (A-4) 
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The results of these calculations are summarized for all bed materials and distinct fuel size classes in Table A-2. Feed gas flow rates are selected as 
0.30 and 0.43 Nm3/h to achieve five to ten times umf of the investigated bed material as superficial gas velocity, expressed as fumf. These values result in 
a bubbling bed fluidization regime for all three bed materials. Quicklime exceeds this window due to its lower density, but the calculated fumf is still 
suitable to form a bubbling fluidized bed.  

Table A-2 
Fluidization properties of all used bed materials at 1200 K and atmospheric pressure.   

Variable Unit Silica sand  Limestone  Quicklime Olivine 

dP m 3.66E-04 3.85E-04 3.85E-04 3.37E-04 
Ф - 7.60E-01 [44]  7.60E-01 [44]  7.60E-01 [44]  7.60E-01 [44]  

dSV m 2.79E-04 2.93E-04 2.93E-04 2.56E-04 
ρF (1200 K)  kg/m3 4.34E-01 4.34E-01 4.34E-01 4.34E-01 

ρP kg/m3 2.65E+03 [47]  2.65E+03 [47]  1.50E+03 [47]  2.85E+03 [47]  

μ (1200 K)  N*s/m2 4.68E-05 [50]  4.68E-05 [50]  4.68E-05 [50]  4.68E-05 [50]  

g m/s2 9.81E+00 9.81E+00 9.81E+00 9.81E+00 
Ar - 1.11E+02 1.29E+02 7.33E+01 9.32E+01 
umf m/s 2.61E-02 2.88E-02 1.63E-02 2.37E-02 
A m2 2.21E-03 2.21E-03 2.21E-03 2.21E-03 
V̇mf Nm3/h 4.73E-02 5.23E-02 2.96E-02 4.31E-02 
fumf (0.30 Nm3/h) - 6.3 5.7 10.1 7.0 
fumf (0.43 Nm3/h) - 9.1 8.2 14.5 10.0  

The selected flow rates of 0.30 – 0.43 Nm3/h can also be used to calculate fumf for the fuel particles (Table A-3). The particle density of wood char 
was determined by water displacement measurement. These calculations result in fumf above 1 for small fuel particles, around 1 for medium-sized 
particles and below 1 for large particles. The effect of these differences is described and discussed in the main body of this work (see Section 3.1.3).  

Table A-3 
Fluidization properties of char used as fuel at 1200 K and atmospheric pressure.   

Variable Unit Small char Medium char Large char 
dP m 1.65E-03 3.75E-03 6.50E-03 
Ф - 6.60E-01 [45]  6.60E-01 [45]  6.60E-01 [45]  

dSV m 1.09E-03 2.48E-03 4.29E-03 
ρF (1200 K)  kg/m3 4.34E-01 4.34E-01 4.34E-01 

ρP kg/m3 3.30E+02 3.30E+02 3.30E+02 
μ (1200 K)  N*s/m2 4.68E-05 [50]  4.68E-05 [50]  4.68E-05 [50]  

g m/s2 9.81E+00 9.81E+00 9.81E+00 
Ar - 8.28E+02 9.72E+03 5.06E+04 
umf m/s 4.93E-02 2.37E-01 5.75E-01 
A m2 2.21E-03 2.21E-03 2.21E-03 
V̇mf Nm3/h 8.94E-02 4.30E-01 1.04E+00 
fumf (0.30 Nm3/h) - 3.4 0.7 0.3 
fumf (0.43 Nm3/h) - 4.8 1.0 0.4  

Appendix B. Detailed description of the experimental procedure 

Semi-continuous experiments with continuously fed CO2 and initially inserted wood char are used to determine the CO2 conversion within this 
paper. This type of experiment has trade-offs with continuous experiments. 

Three advantages can be identified compared to evaluating stationary points in continuous experiments: A first reason, which is essential when 
assessing so many operational parameters, is the speed of investigation. Semi-continuous experiments are quicker to perform than investigating stable 
continuous operation points because there is no need to wait for the system to reach its steady state. For this reason, more parameters can be studied in 
the same amount of time. This advantage is present in many batch or semi-batch experiments. 

The other reasons are system-specific and hail from reactor and measurement limitations with the used setup. Second, the conditions at the time of 
investigation are close to the initial conditions and can thus be relatively accurately known. The fuel amount and size of particles in the reactor change 
during the gasification process and are not measured in this system. Evaluating only close to the experimental start reduces unknown modifications to 
the selected parameters. Third, endothermic reactions (see Table 1) cool the reactor significantly and lower its temperature. Since this system’s 
primary reaction converting CO2 is the endothermic Boudouard reaction, the cooling effect intensifies with increasing XCO2. This effect reduces the 
maximum achievable temperature in the reactor. During comparable continuous experiments, the highest temperatures achieved in this reactor were 
around 100 ◦C lower. As a result, semi-continuous experiments can be used to correlate reactor temperature to CO2 conversion in fluidized bed re
actors over a broader range. 

Compared to continuous experiments, some disadvantages of this type of experiment are less accurately representing industrial production and 
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lacking the ability to conduct an energy balance properly. Mid- and long-term effects like catalyst deactivation or the risk of reactor blockage could be 
assessed better in continuous experiments. Additionally, ongoing fuel feeding would lead to overlapping fuel devolatilization and gasification re
actions, which might produce different gas compositions than semi-continuous experiments. While these aspects are not the primary focus of this 
study, future follow-up works performed with continuous feeding are expected to expand the knowledge compared to the data presented in this paper. 

During the experiments conducted in this work, gasification is preceded in the reactor by a short pyrolysis phase, as shown in Figure B-1. During 
pyrolysis (white background), the reactor is heated and flushed under a nitrogen atmosphere. Fuel is added under the N2 atmosphere at experimental 
temperature, leading to small amounts of devolatilization. This phase of devolatilization reduces the influence of the pyrolysis gases on the measured 
gas composition during gasification, increasing the accuracy of the CO2 conversion calculation. 

In the gasification phase (green), CO2 replaces N2 as a fluidization agent. The physical distance between the reaction zone and NDIR measurement 
induces a delay of 30–60 seconds, which depends on the amounts of gases produced, temperature, and feed gas flow rate. Evaluating close to the 
starting conditions reduces the uncertainty of fuel loading and fuel size, and also ensures that wood char is available in excess and does not limit the 
conversion of CO2 stoichiometrically. To comparably start the evaluation period for all experiments at small fuel conversions, a standardized method 
to eliminate this delay is applied. The evaluation begins once the sum of carbonaceous components (CO, CO2, CH4) in the produced gas exceeds 10 vol 
%db. This cutoff number is selected because it coincides well with the first observed CO2 conversion plateau before the conversion starts dropping due 
to the temperature and fuel decrease. The CO2 conversion is averaged over 10 s for the higher and 14 s for the lower investigated feed gas flow rate to 
assess equal amounts of CO2 fed to the reactor. Concentrations are measured every 1 s, and Eq. 15 is applied each second. Averaging over this short 
evaluation period means that changes to reactor conditions remain minor, while potential errors in assessing XCO2 resulting from measurement noise 
are reduced (see Figure B-1). Some nitrogen is in the measured gas throughout the gasification experiment because N2 is used as an inert gas to flush 
the fuel hopper and is added to the product gas after the reactor but before measurement.

Figure B-1. Experimental procedure in two phases: 1. Fuel is fed at the experimental temperature under N2 atmosphere (white background). 2. CO2 replaces N2 to 
start gasification (green background). Magnified: Evaluated period for the CO2 conversion XCO2. More information on experimental parameters for this experiment is 
given in Table 6. 

Temperatures used in the evaluations are taken at the beginning of gasification since thermocouples do not suffer from the same 30 – 60 seconds 
delay in measurement. The measured temperatures in the reactor are lower than the heating shells’ outside temperature set point due to static heat 
losses and rapidly cool with increasing CO2 conversion due to the endothermic reactions. Evaluating the CO2 conversion as described close to the 
experimental start minimizes the changes to the reactor temperature resulting from this cooling effect. CO2 is replaced by air after 30 minutes of 
gasification to combust residual unconverted coke in the reactor, preparing it for the next experiment. During the combustion phase, the temperature 
is between 900 – 1000 ◦C, which is also expected to facilitate a complete decomposition of limestone to quick lime and CO2. However, with this setup, 
solid samples are not available during operation; therefore, experimental proof of this decomposition cannot be given. 

The equipment used in this study has the following error tolerances:  

• Dry gas composition measurement: 1 vol% of calibrated maximum. The calibrated maxima were  
o 47.1 vol% CO2  
o 25.0 vol% CO  
o 10.1 vol% CH4  
o 20.9 vol% O2  
o 7.7 vol% H2  

• Temperature measurement by thermocouple type K: 4‰ of measured temperature 

Appendix C. List of experiments  
Table C-1 
Full list of experiments.   

Exp. Nr Fuel Bed material  Target temperature CO2 feed Number of new experiments  

height  height  Volume flow 
(continued on next page) 
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Table C-1 (continued ) 
Exp. Nr Fuel Bed material  Target temperature CO2 feed Number of new experiments  

height  height  Volume flow  
cm  cm ◦C NL/min  
cm  cm ◦C NL/min 

1–5 Wood char 5 Silica sand 
sand 

10 800 | 850 
900 | 950 
1000 

7.2  5 

6 Wood char 5 Silica sand 
sand 

10 1000 5.1  1 

7–11 Wood char 5 Limestone 10 800 | 850 
900 | 950 
1000 

7.2  5 

12–16 Wood char 5 Olivine 10 800 | 850 
900 | 950 
1000 

7.2  5 

17–22 Wood char 5 Olivine 15 
20 

900 | 950 
1000 

7.2  6 

23–31 Wood char 5 Olivine 10 
15 
20 

900 | 950 
1000 

5.1  9 

32–35 Wood char 7.5 
10 

Olivine 10 900 | 1000 7.2  4 

36–39 Wood char 7.5 
10 

Olivine 10 900 | 1000 5.1  4 

40–43 Large wood char 
5–8 mm 

5 
10 

Olivine 10 1000 5.1 
7.2  

4 

44–48 Medium wood char 
2.5–5 mm 

5 
10 
15 

Olivine 10 1000 5.1 
7.2  

5 

49–53 Small wood char 
0.8–2.5 mm 

5 
10 
15 

Olivine 10 1000 5.1 
7.2  

5 

Total variations 4 3 3 3 5 2  53  

Appendix D. Comparison of fluidization and its effect when using high loadings of small- and medium-sized fuel 

This section details experimental differences observed when investigating fuel particles with different sizes for a longer duration than the short 
evaluation period, which is used to calculate and compare XCO2 in this work (Appendix B). For more information about the effect of this parameter on 
CO2 conversion observed during the evaluation period, see Section 3.1.3. 

Data for experiments with an initial fuel loading of 15 cm are given for medium and small fuel. Figure D-1 compares two experiments conducted at 
1000 ◦C set point temperature and a CO2 feed gas flow rate of 0.30 Nm3/h. Both investigations use 10 cm olivine as bed material and 15 cm initial fuel 
loading. The experiments differ in initial parameters only by choice of fuel particle size (medium and small). The data shown in Figure D-1 was 
recorded several minutes after the evaluated period for comparing XCO2.

Figure D-1. Comparison of fluidization stability (fluctuations in pressure drop) for medium (2.5 – 5 mm) and small (0.8 – 2.5 mm) fuel particle sizes at 15 cm initial 
fuel loading: Effect on reaction zone temperature and CO2 conversion. 

Pressure drop measurements across the reactor are shown in Figure D-1 to fluctuate significantly more for medium-sized than for small-sized fuel. 
This type of fluctuation is uncharacteristic for bubbling fluid bed regimes. Appendix A shows that the superficial gas velocity in these experiments with 
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0.30 Nm3/h CO2 feed flow rate is around 3.4 times umf for small wood char and 0.7 times umf for medium wood char. Therefore, one explanation could 
be that the bed for the experiment with medium-sized fuel deviates from bubbling bed behavior due to the fuel particles’ umf value below 1. The 
temperature spikes shortly after the average pressure drop decreases. This temperature spike can be explained by insufficient mixing when considering 
the heat source is on the reactor walls while the temperature measurement is in the reactor’s core. When mixing is insufficient for efficiently 
transporting heat from the hot walls to the reactor’s core, this lowers the CO2 conversion. As a result of the decreased heat transport, less energy is 
available for the endothermic gasification reactions in the reactor. The CO2 conversion drops at a delay of around 60 seconds, which is explained by 
the time the gas needs to flow through the measurement line. These data indicate that smaller fuel might facilitate higher CO2 conversion during 
continuous operation at high fuel loadings by improving fluidization. 
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A B S T R A C T   

Thermochemical conversion of CO2 in biomass gasification is a promising technology for utilizing CO2 as a 
feedstock to produce a CO-rich gas. Simultaneous decomposition reactions of biomass and various gas-solid and 
gas-gas reactions form the product gas in this process. The overlap in sub-processes makes it challenging to assess 
the conversion of feedstock CO2 with common methods like mass balancing. This work introduces stable carbon 
isotope ratio analysis (δ13C) to identify the sourcing of carbonaceous product gas components and determine the 
conversion of CO2. This methodology is applied to evaluate experiments conducted for one hour of continuous 
operation in a lab-scale fluidized bed gasifier. Softwood pellets and wood char are used as fuel, with Olivine as a 
bed material, a target heating temperature of 1000 ◦C and atmospheric pressure. Product gas with more than 
80 vol% CO was generated when wood char was used as fuel. Stable carbon isotope measurements show that CO2 
is converted at 48–93% in this process, underpinning the position of biomass CO2 gasification as carbon capture 
and utilization technology. These results were up to 25% higher than suggested by mass balancing, with higher 
discrepancies at lower CO2 conversions when using softwood as fuel. Therefore, stable carbon isotope ratio 
measurement can be a valuable tool for improving the process understanding of biomass CO2 gasification. The 
results can be used for carbon accounting and the technical development of gasifiers with high CO2 utilization 
efficiency.   

Nomenclature  

Symbol Parameter description Unit 
A Cross-section of the reactor m2 

Ar Archimedes number - 
cA Volume concentration of species A in the product 

gas. The index db,N2-free describes that the volume 
concentration is expressed for dry-based gas(db) 
without nitrogen (N2-free) 

% 

dP Particle size (weighted average by sieving) m 
dSV Sauter diameter m 
fumf Factor from V̇mf to applied feed gas flow rate - 
g Gravity of Earth (9.81 m/s2) m/s2 

LHV Lower heating value J/Nm3 

(continued on next column)  

(continued ) 
Symbol Parameter description Unit 
ṁA Mass flow of species or sample A kg/s 
ṁC,A Mass flow of carbon in species or sample A kg/s 
13RA 13C/12C ratio in the species or sample A - 
RP Reduction potential - 
T Temperature ◦C 
umf Minimum fluidization velocity m/s 
V̇mf Minimum fluidization flow rate (normal conditions) Nm3/s 
V̇A Volume flow of species A (normal conditions) Nm3/s 
XCO2, 

stoichiometric 
Feedstock CO2 convertsion during gasification 
(calculated by product gas composition data) 

% 

XCO2,balance Feedstock CO2 conversion during gasification 
(calculated by mass balance) 

% 
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(continued ) 
Symbol Parameter description Unit 
XCO2 Feedstock CO2 conversion during gasification 

(calculated by stable carbon isotope analysis) 
% 

XCO2 unconverted Feedstock CO2 not converted during gasification 
(calculated by stable carbon isotope analysis) 

% 

YCO from CO2 Share of CO in product gas derived from feedstock 
CO2 (calculated by stable carbon isotope analysis) 

% 

YCO from fuel Share of CO in product gas derived from feedstock 
biomass (calculated by stable carbon isotope 
analysis) 

% 

YCO2 from CO2 Share of CO2 in product gas derived from feedstock 
CO2 (calculated by stable carbon isotope analysis) 

% 

YCO2 from fuel Share of CO2 in product gas derived from feedstock 
biomass (calculated by stable carbon isotope 
analysis) 

% 

δ13CA Carbon isotope abundance in the species A 
compared to the VPDB standard 

‰ 

εA Isotope enrichment factor for component A (VPDB 
standard) 

‰ 

μ Dynamic viscosity (fluid) N*s/m2 

ρF Density (fluid) kg/m3 

ρP Density (particle) kg/m3 

Ф Particle sphericity - 
Abbreviation Term  
CCU Carbon Capture and Utilization  
DRI Direct reduced ironmaking  
EA-IRMS Elemental Analyzer - Isotope-Ratio Mass 

Spectrometer  
GC-C-IRMS Gas Chromatography – Combustion - Isotope-Ratio 

Mass Spectrometer  
PG Product gas  
RED III “Renewable Energy Directive III”: Directive (EU) 

2023/2413 [29]  
SW Softwood pellets  
VPDB Vienna Peedee Belemnite   

1. Introduction 

1.1. Biomass CO2 gasification 

Humanity’s use of fossil feedstocks undoubtedly contributes signifi
cantly to global warming [1]. Carbon Capture and Utilization (CCU) 
technologies are promising for defossilization because CO2 emissions 
from using CCU-derived products can be offset by CO2 being captured 
earlier in the process, e.g., by direct air capture [2,3]. Biomass gasifi
cation with CO2 as an oxidizer is one such CCU process [4]. The product 
is a carbon monoxide-rich gas, which can be combined with 
low-emission hydrogen as feedstock to produce commodity chemicals 
like acrylic acid, formic acid, methanol, or dimethyl ether [5]. Alter
natively, the generated gas could be used as an energy carrier or a 
reducing agent in heavy industry, e.g., ironmaking via the direct 

reduced ironmaking (DRI) route [6]. 
In this work, softwood, wood char, and CO2 are denoted as parental 

carbon sources of carbonaceous product gas species [7]. In biomass CO2 
gasification, CO2 is reduced in endothermic reactions while biomass 
undergoes drying, devolatilization or pyrolysis, and gasification pro
cesses [8,9](Table 1). These overlapping sub-processes make it chal
lenging to differentiate between CO2 and CO formed from the parental 
carbon sources CO2 and biomass in multiple pathways (Fig. 1). This 
challenge results in a knowledge gap in determining how much CO2 is 
utilized as a resource in this process. A new method capable of differ
entiating between devolatilization and CO2 utilization is presented in 
this study. 

Gaining further insights into the carbon streams in biomass CO2 
gasification is relevant for developing optimized biomass CO2 gasifica
tion processes. CO2 is mainly converted via the Boudouard-reaction (Eq. 
1) [11–14], which produces CO as the primary product gas component. 
A high CO2 conversion increases CO yield per biomass by using CO2 as 
additional feedstock and can also improve product gas quality by 
lowering the CO2 concentration in the product gas [15]. Designing a 
process with high CO2 conversion based on literature is difficult because 
the reporting on CO2 conversion is underdeveloped. This study provides 
a new way of evaluating CO2 conversion, which should help stake
holders in this field overcome two issues with reporting in the current 
literature: 

First, a substantial amount of literature on the topic does not inves
tigate or discuss the role of CO2 as a feedstock. Instead, these studies 
usually focus on the overall product gas composition, conversion of solid 
feedstock, or kinetic mechanisms and do not report CO2 conversion re
sults, e.g., [11,16–24]. This practice obscures how much these processes 
can be seen as Carbon Capture and Utilization because it remains un
clear if and how much feedstock CO2 is converted. 

Table 1 
Important reactions in CO2 gasification [5,10].  

Reaction ΔH0
r (25 ◦C) in kJ/mol Reaction name  

Heterogenous and homogenous reactions 
C + CO2 ↔ 2CO +173 Boudouard Eq. 1 
C + H2O ↔ CO + H2 +131 Steam-carbon (also water-gas) Eq. 2 
C + 2H2 ↔ CH4 -75 Methanation Eq. 3 
CO + H2O ↔ CO2 + H2 -41 Water-gas shift Eq. 4 
Decomposition reactions of organic components 
CxHyOz→Tar + Gas(CO,H2,CaHb,CO2) + Char(C) Endothermic Pyrolysis (biomass) Eq. 5 
CxHy ↔ (y/4)CH4 + (x − y/4)C Endothermic Pyrolysis (low O-content feedstocks) Eq. 6 
CxHy ↔ Cx−aHy−z + CaHb + ((z − b)/2)H2 Endothermic Pyrolysis (low O-content feedstocks) Eq. 7 
CxHy + xCO2→2xCO + (y/2)H2 Endothermic Dry reforming Eq. 8 
CxHy + xH2O→xCO + (y/2 + x)H2 Endothermic Steam reforming Eq. 9 
CxHy + (2x − y/2)H2→xCH4 Exothermic Hydrocracking Eq. 10 
CxHy + CO2→Cx−1Hy−2 + 2CO + H2 Endothermic Dry dealkylation Eq. 11 
CxHy + H2O→Cx−1Hy−2 + CO + 2H2 Endothermic Steam dealkylation Eq. 12 
CxHy + H2→Cx−1Hy−2 + CH4 Exothermic Hydrodealkylation Eq. 13  

Fig. 1. Main carbon streams in biomass CO2 gasification.  
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Second, even for literature reporting on the conversion of CO2, the 
results are not measured but instead are based on different calculation 
schemes with varying assumptions, which lowers comparability. Most 
calculations are based on mass balancing the investigated reactor, e.g., 
[25,26], but other authors instead calculate CO2 conversion from 
product gas composition only [15,27]. Since rapid devolatilization 
processes overlap with chemical reactions (Table 1) during gasification, 
some assumptions must be made when assessing CO2 conversion via 
mass balancing. While some authors assume all CO2 leaving the reactor 
is leftover unconverted CO2 from the CO2 feedstock [28], other authors 
try to estimate the amount of CO2 produced from the solid feedstock and 
subtract this from the total CO2 in the product gas to calculate the un
converted CO2 [25,26]. These studies further differ in the comparison 
case they use for this estimation. While [25] uses data from pyrolysis of 
the solid feedstock in a nitrogen atmosphere, [26] also proposed CO2 
formed during steam gasification for estimating CO2 released from 
biomass during CO2 gasification. For these reasons, even review papers 
contain little to no information on the relative conversion of CO2 to CO 
in CO2 gasification [8]. 

Knowing the parental carbon materials of carbonaceous gasification 
products is also imperative for carbon accounting. Much discussion and 
development of new legislation is ongoing regarding the sourcing of CO2 
for CCU processes, e.g., in the recently updated Renewable Energy 
Directive III (RED III). For example, RED III states that “Emission savings 
from carbon capture and replacement […] shall be limited to emissions 
avoided through the capture of CO2 of which carbon originates from biomass 
[…]” [29]. Technically, CO2 gasification is a feedstock-flexible process 
not limited to sustainably sourced biomass but has historically been used 
to process fossil fuels, e.g., coal to synthetic Diesel [30]. CO2 as an educt 
could practically also come from sources of varying sustainability: While 
direct air capture or biomass-based processes like bioenergy carbon 
capture and storage would provide CO2 sourced from the atmosphere, 
other sources of CO2 could be fossil-sourced industrial off-gases from 
processes like blast furnaces or coal-fired power plants. A credible 
measurement of carbon sources per product that does not need the 
addition of expensive tracer materials could be helpful for carbon ac
counting schemes to differentiate between carbon sources of varying 

sustainability. 
This new study introduces stable carbon isotope analysis to attribute 

product gas components to their parental carbon sources by measure
ment. This method is proposed to enable carbon accounting and further 
technical improvements in CO2 utilization for biomass CO2 gasification 
or similar processes. 

1.2. Stable carbon isotope analysis 

Stable carbon isotope analysis has been used for decades in various 
scientific fields like medicine [31], biology [32], and chemistry [33]. 
Studies with closer relation to biomass CO2 gasification are, e.g., kinetic 
studies on the CO2-carbon reaction [34,35] or the proposal to use the 
differences in isotopic fingerprints of CO2 designated for storage as 
markers to identify the origin of CO2 [36]. In 2014, one study by Bha
gavatula et al. used stable carbon isotope analysis to attribute product 
gas components to the feedstock components of biomass-coal blends in 
steam gasification [7]. To the authors’ knowledge, no study has been 
published yet attributing carbonaceous product gases to CO2 and solid 
feedstocks. 

The stable carbon isotope 13C occurs naturally with relatively small 
deviations, so isotope chemists usually present its concentration as a 
relative value compared against a standard rather than an absolute value 
[37]. The most widespread standard is the Vienna Peedee Belemnite 
(VPDB) standard [38]. It is a virtual standard replicating and replacing 
the previously used physical standard Peedee Belemnite based on a 
calcium carbonate fossil from the Peedee formation in South Carolina 
[38]. A value of 0.011180 or 0.0111802±0.000028 based on measure
ments by Chang and Li is commonly used as a 13C/12C ratio in VPDB 
[39]. New measurements and data are most often reported relative to 
this VPDB standard as isotopic abundance value δ13CVPDB (Eq. 14). 

δ13CVPDB =
13Rsample
13RVPDB

− 1 (14) 

The δ13CVPDB measurements have natural abundance differences 
between different carbon sources. These natural abundance values of 
various resources are compared to values obtained in this work as part of 

Table 2 
Properties of fuels used in this work.   

Eucalyptus globulus 
Pyrolyzed wood chips [15] 

Softwood 
Pelletized [40] 

Proximate and ultimate analysis 
Water content wt% 7.1 7.2 
Ash content wt%db 6.28 0.2 
Carbon content wt%db 85.42 50.7 
Hydrogen content wt%db 1.98 5.9 
Nitrogen content wt%db 0.24 0.2 
Sulfur content wt%db <0.02 0.005 
Chlorine content wt%db 0.03 0.005 
Volatile matter content wt%db 15.06 85.4 
Gross calorific value kJ/kg 30,956 18,900 
Net calorific value kJ/kg 30,521 17,400 
Analysis of ash melting behavior 
Deformation temperature ◦C 1340 1335 
Hemisphere temperature ◦C >1500 N.o. 
Flow temperature ◦C >1500 1438 
Ash composition 
CaO wt% 53.0 55.2 
K2O wt% 14.0 13.4 
SiO2 wt% 7.8 6.6 
MgO wt% 7.1 8.4 
Fe2O3 wt% 3.8 0.9 
P2O5 wt% 3.7 3.1 
Al2O3 wt% 2.8 1.6 
Na2O wt% 2.5 1.1 
MnO wt% 1.7 5.4 
SO3 wt% 1.6 2.3 
Rest wt% 2.0 1.3 

*N.o… not occurred 
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the results (Fig. 4). CO and CO2 in the product gas contain a mixture of 
carbon that entered the gasification reactor either as CO2 or fuel 
(parental materials). The premise of this paper is that the different δ13C 
values of CO2 and biomass can be used for fingerprinting to calculate the 
carbon sources of CO and CO2 by some mixing equations [7]. The mixing 
equations used in this work are given and discussed in Section 2.3. 

2. Materials and methods 

2.1. Materials 

The gases air (dry, compressed), CO2 (99.995%), and N2 (99.999%) 
were supplied to the feeding line with rotameters. Water was fed by a 
diaphragm pump and vaporized in the hot (300 ◦C) feed line before 
entering the reactor. Two types of solid fuel were used. The first fuel was 
wood char chips derived from Eucalyptus globulus and prepared by 
pyrolysis at 700 ◦C for 20 minutes. These char particles’ length was 
between 0 and approximately 15 mm. The second fuel was softwood 
pellets produced based on the Austrian standard ÖNORM M 7135 with a 
diameter of 6 mm and a mean length of about 10 mm. Ultimate analysis 
of both fuels was performed using an Elementar Analyzer EA 1108 
CHNS-O by Carlo Erba. An Axios advanced XRF device by Panalytical 
Analysis gave information on the ash content based on EN ISO 
18122:2015–11. Water content was determined following DIN 
51718:2002–06 Method A, and volatile content following EN ISO 
18123:2015–11. This information is summarized in Table 2. Wood char 

and softwood were selected as feedstocks because of their difference in 
fixed carbon and volatile content. While softwood is assumed to undergo 
significant devolatilization during gasification, the wood char is ex
pected to be mainly converted by gas-solid reactions. 

The fluidized bed is formed by Olivine particles, which were 
observed to possibly catalyze the gasification process in a previous work 
[15]. The Olivine used in this study contains 48–50 wt% MgO, 39–42 wt 
% SiO2, and 8.0–10.5 wt% Fe2O3. This bed material is fluidized at lower 
gas flow rates than the fuel because of its smaller particle size. Feed gas 
velocities are selected based on fluidization calculations with the goal of 
fluidized Olivine particles as a bubbling bed. Appendix A and a previous 
work give more information on the fluidization states for the used ma
terials and the flow rate selection [15]. 

2.2. Experimental setup 

In continuous feeding operation, an electrically heated fluidized bed 
reactor with a maximum fuel input power of around 2 kWth using bio
char and around 3 kWth using softwood pellets was used. Its schematic 
layout is presented in Fig. 2. This reactor is described in detail in a 
previous work [15]. Compared to that work, adaptations include adding 
a water feeding line and a sampling point for measuring stable carbon 
isotope ratios. Water was introduced into the gas feed line by a pump 
before preheating, evaporating, and heating it up to 400 ◦C. 

The procedure described hereafter was followed to determine the 
δ13CVPDB values of feedstock and product gas samples. Gas samples were 

Fig. 2. Electrically heated fluidized bed reactor. Adjusted from [15].  

F.J. Müller et al.                                                                                                                                                                                                                                



Journal of CO2 Utilization 83 (2024) 102792

5

collected in Tedlar bags during stable operation. Filling a Tedlar bag 
took 1–3 minutes. Therefore, the sampled gas represents an average 
value from such duration. A gas-tight syringe was used to prepare the 
gas for transport by extracting around 10 mL per sample into gas 
chromatography vials. For each gas sample, three vials were used to 
compare the results against the accepted standard deviations and 
average the results. These vials were sent with solid samples of softwood 
and char to an external laboratory to measure the relative concentration 
of the isotope 13C in carbon monoxide and carbon dioxide. The gas 
samples were separated by gas chromatography, combusted, and 
analyzed for isotope ratio using an isotope-ratio mass spectrometer (GC- 
C-IRMS). The solid samples were also combusted in an elemental 
analyzer before entering the isotope-ratio mass spectrometer (EA- 
IRMS). The EA-IRMS measurement was done with a Eurovector 
elemental analyzer (Pavia, Italy) and a NU Horizon 1 isotope ratio mass 
spectrometer (Wrexham, Great Britain). The equipment used for GC-C- 
IRMS was: Shimadzu AOC-5000 Autosampler – Shimadzu GC2010/ 
Shimadzu QP-2010 (Kyoto, Japan) coupled over a Hekatech combustion 
oven (Weinsberg, Germany) to the same NU Horizon 1 isotope ratio 
mass spectrometer. The measurement precision according to accredita
tion is ±0.63‰ for EA-IRMS and ±1.10‰ for GC-C-IRMS, given on the 
VPDB scale. These values include a hypothetical sampling error, which 
is unlikely to have happened in this work because the individual results 
from the triple analysis showed significantly lower standard deviations. 
An error estimate without this hypothetical sampling error is ±0.3‰ for 
EA-IRMS and ±0.5‰ for GC-C-IRMS. 

2.3. Calculation 

2.3.1. CO2 conversion by stable carbon isotope analysis 
This chapter describes how the CO2 conversion XCO2 is calculated 

from stable carbon isotope ratio data (δ13C) and mass balancing. 
Balancing is performed using the process simulation software IPSEpro 
8.0. IPSEpro is a steady-state, equation-oriented flowsheet simulation 
program. More information on the program and its use in gasification 
modeling is available in the literature, e.g., [41] and other publications 
by TUW. Appendix B has additional information on the modeling in this 
work. 

Stable carbon isotope ratio data for the feedstocks CO2, softwood, 
and wood char can be combined with the data for CO and CO2 in product 
gas to calculate how much carbon of a feedstock is in which product (Eq. 
15 - Eq. 18). YA from B is introduced as a set of variables that describe 
parental carbon sourcing, or how much carbon in a product A is derived 
from a feedstock B. The basis of this calculation is a mixing equation, as 
proposed by [7]. Additionally, isotope enrichment factors εA are intro
duced in Eq. 15, Eq. 17, and Eq. 22 to account for isotopic fractionation 
effects. Isotopic fractionation is the change in the products’ isotopic 
abundance that results from differences in reaction characteristics be
tween isotopes. Differences in bond strength of 12C and 13C isotopes can 
lead to different reaction rates (kinetic isotope effect) and, therefore, to 
isotopic fractionation [36]. Introducing an isotope enrichment factor εA 
allows the mixing equations to account for the kinetic isotope effect and 
calculate the parental carbon materials’ contributions to the product by 
removing this bias for isotopically lighter or heavier feedstocks. The sum 
of εA and the measured value δ13CA,out for sample A can be interpreted as 
the isotope ratio the experiments would theoretically have yielded for 
product A if no such bias existed. To the authors’ knowledge, no data on 
isotopic enrichment factors of different product gas components in CO2 
biomass gasification are available from the literature. For this reason, 
two assumptions are needed to determine the isotopic fractionation 
factors εCO and εCO2 before closing isotopic balances and calculating YA 
from B values from measurement data. 

YCO from CO2 =
(δ13CCO,out + εCO) − δ13Cfuel

δ13CCO2 ,in − δ13Cfuel
(15)  

YCO from fuel = 1 − YCO from CO2 (16)  

YCO2 from CO2 =
(δ13CCO2 ,out + εCO2 ) − δ13Cfuel

δ13CCO2 ,in − δ13Cfuel
(17)  

YCO2 from fuel = 1 − YCO from CO2 (18) 
One study tried to assess 13C as a marker for CO2 from carbon capture 

and storage applications [36]. It concluded that isotopic fractionation of 
CO2 is likely averaging out in steam biomass gasification based on the 
following reason: The increased bond strength of the 12C–13C bond 
compared to 12C–12C suggests a 13C depletion in low molecular weight 
gases and an enrichment in heavy components such as tar [42]. The 
opposite result is achieved by the water-gas shift reaction (Eq. 4), which 
preferably produces 12CO2, leading to a depletion of 13CO2 [36]. In 
summary, it was assumed that those effects roughly cancel each other 
out [36]. For this reason, the first assumption used in this work is that 
εCO2 is negligible and can be considered zero. 

A second assumption is needed to close the isotope balances and 
calculate εCO, because the isotope ratio in products other than CO and 
CO2 was not measured in this study. This study assumes that carbon 
from CO2 leaves the reactor as CO or CO2 but not as any other carbo
naceous compound, such as tar or CH4 (Eq. 20). This assumption is based 
on the primary reactions in CO2 biomass gasification, which are given in 
Table 1. A result of this assumption is that all carbon in species other 
than CO and CO2 is derived from fuel, which means that Yrest from fuel in 
Eq. 22 has a value of 1. The subscript “rest” used for multiple variables 
refers to the sum of all gasification products other than CO and CO2. The 
isotopic enrichment factors εCO and εrest are calculated in this study 
based on mass and isotope balances. Eq. 19 describes the carbon isotope 
balance expressed in the VPDB scale. In this balance ṁC,i,in describes the 
carbon streams entering the reactor in the parental carbon materials i 
with the 13C abundance δ13Ci,in. These input streams are balanced by the 
outgoing carbon streams ṁC,j,out with the isotopic abundance δ13Cj,out, 
which describe all carbonaceous species leaving the reactor. The 
modeling of these outgoing streams also includes a stream of uncon
verted char, which likely was partially accumulated in the reactor dur
ing the experiments. This way of modeling ungasified char as an output 
stream is chosen because ungasified char is essential for closing bal
ances, but the IPSEpro simulation is inherently steady state and does not 
include the option to model char accumulation dynamically. The mean 
isotope ratio of all carbonaceous gasification products other than CO and 
CO2 (δ13Crest,out) is calculated by Eq. 21. The variable εrest can be calcu
lated from Eq. 22 and is briefly discussed as a plausibility check in 
Section 3.2.1. 

A carbon exchange between CO and CO2 during or after the gasifi
cation process could result in the products’ isotopic abundance devi
ating from the mixture of parental carbon materials according to Eq. 15 - 
Eq. 19. Such an isotope equilibrium as proposed by [43], shifting isotope 
ratios between CO and CO2, was investigated and ruled out in steam 
gasification experiments at temperatures similar to or even slightly 
higher than in this work [7]. The short residence time of the gas in the 
hot reactor also supports that such an equilibrium exchange did not 
significantly influence the stable carbon isotope ratio. Therefore, such 
an exchange is not considered in this study. ∑

ṁC,i,in⋅δ13Ci,in =
∑

ṁC,j,out⋅δ13Cj,out (19)  

ṁC,rest,out = ṁC,fuel,in − ṁC,CO,out⋅YCO from fuel − ṁC,CO2 ,out⋅YCO2 from fuel (20)  

δ13Crest,out =
∑(ṁC,i,in⋅δ13Ci,in) − ṁC,CO2 ,out⋅δ13CCO2 ,out − ṁC,CO,out⋅δ13CCO,out

ṁC,rest,out

(21)  
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Yrest from fuel = 1 = (δ13Crest,out + εrest) − δ13CCO2 ,in

δ13Cfuel − δ13CCO2 ,in
(22) 

Mass flow data are necessary to relate the relative parameter YCO2 
from CO2 to the flow of CO2 going into the reactor (ṁCO2,in) and determine 
XCO2, the conversion of CO2 (Eq. 23 - Eq. 24). The outgoing mass flow of 
CO2 (ṁCO2,out) is derived from mass balancing in IPSEpro. 

XCO2 unconverted = ṁCO2,out
ṁCO2,in

⋅YCO2 from CO2 (23)  

XCO2 = 1 − XCO2 unconverted (24)  

2.3.2. CO2 conversion by other methods 
Two calculation methods used in previous works are applied for 

comparison to demonstrate the variance in reported CO2 conversion 
caused by different calculation methods (Eq. 25 - Eq. 26). The first 
calculation was proposed by [44] and uses the dry-based volumetric 
product gas concentrations of CO, CO2 and H2 (cA). This calculation 
assumes all CO and H2 in the product gas are produced by the Bou
douard reaction (Eq. 1) or steam-carbon reaction (Eq. 2). It is denomi
nated with the term stoichiometric in this work to differentiate between 
this calculation and the calculation by stable carbon isotope analysis. 

XCO2,stoichiometric = cCO − cH2
cCO − cH2 + 2⋅cCO2

(25) 

This equation allows the calculation of XCO2,stoichiometric with the same 
time interval as available product gas composition data. The quick and 
continuous availability of data without mass balancing is a clear 
advantage of this method. However, this calculation also has some 
limitations [15]. An essential assumption this equation makes is the 
following:  

• CO or H2 are products of the Boudouard and steam carbon reactions. 
This assumption is most valid for feedstocks like char and coal, which 
have relatively limited volatile content and do not contribute 
significantly to the gas composition via devolatilization. With 
increasing volatile content, the uncertainty of the calculation can 
increase. 

The volatile content of around 85 wt% for softwood challenges the 
applicability of this equation. For this reason, more significant differ
ences between this simplified calculation and the calculation by isotopic 
tracing are expected when softwood as fuel is compared to wood char. 

The second calculation performed for comparison is based on a mass 
balance of input and output streams in IPSEpro (Eq. 26). Following the 
calculation by [28], all CO2 in the product gas is assumed as leftover 
feedstock CO2. 

XCO2,balance = ṁCO2,in − ṁCO2,out
ṁCO2,in

(26)  

2.3.3. Reduction potential 
The reduction potential RP is introduced as a measure of product gas 

quality. This parameter describes the ratio of the reduced gases CO and 

H2 to the fully oxidized compounds CO2 and H2O. This parameter is used 
in direct reduced ironmaking as a descriptor of the gases’ ability to 
reduce iron ore [6]. RP is calculated by Eq. 27, using cA, which is the 
volume concentration of species A in the product gas. 

RP = cCO + cH2
cCO2 + cH2O

(27)  

2.4. Conducted experiments 

Previous works suggest high temperature, high gas-fuel contact 
times, and Olivine as bed material to achieve high CO2 conversion [15]. 
Accordingly, the reactor’s heating was set to the maximum temperature 
of 1000 ◦C, a filling of 10 cm Olivine in the reactor was used as bed 
material, and a low CO2 flow rate was adopted while still forming a 
bubbling fluidized bed. The fuel height in the reactor is not available as a 
measurement from this experimental setup in continuous operation. 
Instead, different ratios of carbon fed in fuel and CO2 were used with the 
expectation that proportionally higher fuel feeding would also lead to a 
larger fuel reservoir in the reactor, thus increasing fuel-gas contact time. 
The Boudouard reaction demands a carbon ratio of 1 between solid 
carbon in fuel and CO2. The applied carbon ratios reach or exceed this 
stoichiometric ratio. Experiments were conducted with softwood pellets 
and biochar to investigate the influence of volatile content. Higher 
volatile content at similar total carbon ratios could lower the CO2 con
version because less fixed carbon is available for the Boudouard reaction 
after pyrolytic decomposition reactions. Some experiments were con
ducted with moisture in CO2 to compare a dry CO2 stream to a typical 
moist stream from a capture unit like an amine scrubber. The parameters 
chosen for the experiments are summarized in Table 3. 

3. Results and discussion 

3.1. Product gas 

3.1.1. Experimental data 
Experiments were continued with continuous feeding for at least one 

hour. All values in Section 3.1 are averaged data from one hour of 
operation during which the measured product gas concentration 
remained largely stable. Supporting information on the experimental 
data and their interpretation is given in Appendix C. Dry-based product 
gas concentrations were combined with the water content data esti
mated by mass balancing to calculate the product gas composition for all 
conducted experiments, which is shown in Fig. 3. Fig. 3 also has data on 
the equilibrium product gas composition at the measured reaction zone 
temperature calculated by the minimization of free Gibbs energy in 
FactSage’s equilibrium module. For most experiments, the experimental 
data show more CO2, H2O and CH4, and less CO and H2 than the equi
librium composition. The differences between thermodynamic equilib
rium and observed concentrations are more significant for softwood 
experiments and experiment #5 with a lower char feeding rate than #6 
and #7. Experimentally determined gas compositions for experiments 
#6 and #7 have high CO and low CO2 content and are very similar to the 
calculated equilibrium gas composition, which suggests a high 

Table 3 
Experimental parameters investigated within this work. SW=softwood pellets. Char=pyrolyzed wood chips derived from Eucalyptus globulus.  

Exp. Heating temp. Olivine height CO2 flow rate Steam flow rate Fuel type Fuel feed Carbon ratio Cfuel:CCO2  
◦C cm NL/min NL/min  g/min mol/mol 

#1  1000  10  2.8  0 SW  4.2  1.35 
#2  0.23 SW  4.2  1.35 
#3  0 SW  6.4  2 
#4  0.23 SW  6.4  2 
#5  0 Char  1.9  1 
#6  0 Char  3.7  2 
#7  0.36 Char  3.7  2  
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conversion of the feedstock CO2. 
Table 4 summarizes additional data measured or calculated by mass 

and energy balancing in IPSEpro for all experiments. Temperatures in 
Table 4 are taken from temperature measurement T2 (see Fig. 2), which 
is positioned in the reaction zone’s center. 

3.1.2. Influence of fuel type 
The product gas derived from the experiments with char is very rich 

in carbon monoxide, dry, and comparatively lean in hydrogen. These 
results fit well with the data from earlier works in semi-continuous 
operation, which had up to 83% CO content in the produced gas when 
high amounts of wood char were in this reactor [15]. In experiments 
with softwood as fuel, the main gas component, carbon monoxide, is 
produced at a similar rate, but water, hydrogen, and carbon dioxide 
have all increased. Softwood experiments also yield some methane in 
the resulting product gas, which is almost absent in the experiments with 
char. 

The larger share of H2, H2O, and CH4 for experiments with softwood 
as fuel is caused by a higher hydrogen-to-carbon ratio in the fuel 
composition (Table 2). As a result, the H2-to-CO ratio is also higher in 
product gas from softwood experiments. For all experiments, the H2-to- 

CO ratio is too low for direct conversion of the gas to methanol or in 
Fischer-Tropsch-synthesis, which need an H2-to-CO ratio of around 2:1 
[3,45]. For such applications, the gas would need H2 enrichment, e.g., 
by adding hydrogen from water electrolysis. In existing DRI plants, the 
reduction potential RP for the reducing gas usually has a value of around 
9 or higher [6]. The gas produced in experiments #6 and #7 with char as 
fuel has sufficient reduction potential to fulfill this requirement without 
adjusting the gas composition by carbon capture or water condensation. 
Reduction potentials are lower when less char is fed (#5) and for all 
experiments conducted with softwood. The highest reduction potentials 
calculated for equilibrium gas compositions are achieved for experi
ments with high fuel feeding rate and dry CO2 feed. For softwood 
experiment #3 this maximum is 8.8; for wood char experiment #6 it is 
23.2. 

The changes in gas composition are minor when comparing experi
ments with dry and wet CO2 feed. A consistent trend is that steam flow 
rates in product gas increase when an H2O/CO2 mixture is adopted as 
feedstock. This increase has a detrimental effect on the reduction power 
and lower heating value. 

Since the methanation reaction (Eq. 3) proceeds at a very slow rate at 
these temperatures except at high pressures [7], the observed methane 

Fig. 3. Product gas composition: Measured concentrations (full bars) vs. thermodynamic equilibrium concentrations calculated in FactSage (checkered bars). H2O 
concentration was not measured but is a result of mass balancing. 

Table 4 
Key differences in operational parameters and performance indicators for all experiments. SW=softwood pellets. Char=pyrolyzed wood chips derived from Eucalyptus 
globulus.  

Parameter Unit Data source Exp. #1 Exp. #2 Exp. #3 Exp. #4 Exp. #5 Exp. #6 Exp. #7 
Fuel type - Setting SW SW SW SW Char Char Char 
Carbon ratio Cfuel:CCO2 - Setting 1.35 1.35 2 2 1 2 2 
H2O added - Setting No Yes No Yes No No Yes 
Temperature ◦C Measurement 903 856 821 825 877 864 856 
Unconverted fuel carbon % Mass balance 2 12 13 14 23 46 42 
V̇total,out NL/min Mass balance 8.6 8.5 10.6 10.7 5.4 6.3 7.0 
V̇CO,out NL/min Mass balance 4.2 3.9 5.0 5.0 3.9 5.3 5.6 
V̇CO2,out NL/min Mass balance 1.8 1.8 1.9 1.8 1.0 0.4 0.3 
V̇H2,out NL/min Mass balance 1.7 1.5 2.2 2.1 0.4 0.6 0.7 
V̇CH4,out NL/min Mass balance 0.4 0.3 0.6 0.6 0.0 0.1 0.1 
V̇H2O,out NL/min Mass balance 0.5 1.1 0.9 1.2 0.1 0.0 0.3 
H2/CO ratio - Measurement 0.4 0.4 0.4 0.4 0.1 0.1 0.1 
RP - Mass balance 2.5 1.8 2.7 2.3 3.9 14.1 10.2 
RPequilibrium - Gibbs energy minimization 4.4 7.1 8.8 7.5 11.6 23.2 21.3 
LHV MJ/Nm3 Mass balance 9.8 8.8 10.3 10.0 10.0 11.8 11.5  
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for experiments with softwood is likely released by rapid pyrolysis, 
which proceeds the gasification of char in gasification [8,9]. The 
absence of CH4 in the calculated thermodynamic equilibrium composi
tions further confirms that it is a decomposition product rather than a 
product formed via the methanation reaction. H2, CO, and CO2 are other 
typical pyrolysis products from woody biomass, typically released dur
ing gasification at equal or higher amounts than methane [46]. The 
increased production of devolatilization products from softwood is 
apparent from proximate analysis and evident when comparing the total 
product gas flow rates and unconverted fuel carbon values. The Bou
douard reaction demands a stoichiometric parental ratio of 1:1 (Eq. 1). 
In experiments #6 and #7, feeding wood char with low volatile content 
at a carbon ratio of 2:1, the mass balance suggests that nearly half of the 
fuel carbon was not converted in the process. On the contrary, the un
converted solid carbon was much lower in experiments #3 and #4, 
which supplied the same 2:1 parental carbon ratio via softwood. This 
difference is explained by considering that a sizeable amount of carbon 
from softwood was converted to gas by decomposition reactions. The 
increase in devolatilization in softwood experiments results in higher 
total syngas flow rates. At the same time, these overlapping processes 
make it harder to identify the CO2 conversion by other methods than the 
proposed stable carbon isotope measurement scheme. 

3.1.3. Influence of fuel feeding rate 
Increased fuel feeding was selected to achieve a larger fuel bed and 

increase the fuel-gas contact time, which was expected to increase CO2 
conversion based on previous findings [15]. For softwood experiments, 
the changes in gas composition between experiments #1 and #2 with 
less fuel versus #3 and #4 with more fuel are relatively small. In these 
experiments, the volume flows per component increase for all product 
gas components other than CO2, which remains stable. This trend is 
similar in wood char experiments, where the outgoing CO2 volume flow 
decreases at a higher fuel feeding rate. These changes in gas composition 
have little effect on the H2-to-CO ratio. The reduction potential is 
slightly increased for softwood experiments at higher fuel feeding rates. 
For wood char experiments, where the volume flow rate of CO2 in 
product gas decreases with higher fuel feeding rate, the reduction po
tential more than doubles when increasing the parental carbon ratio 
from 1:1–2:1. A drawback of this increase is calculated in the form of 
increased amounts of excess solid carbon. 

Feeding softwood at a carbon ratio above 2 could increase the gases’ 
reduction potential because too little fixed carbon might be available for the 
Boudouard reaction after devolatilization. However, this option is not feasible 
with the reactor used in this work because of limited heating capabilities. 
Temperatures on the reactor’s outside wall are limited to 1000 ◦C for safety 
reasons. As a result, temperatures in the reaction zone are a complex result of 
heat transfer effects and energy demands of chemical reactions. The temper
ature differences for softwood experiments at carbon ratios of 1:1 versus ex
periments with a ratio of 2:1 in this work are likely a reason of increased energy 
demand for chemical reaction when a ratio of 2:1 was used. Increasing the 
carbon ratio even higher increases the energy demand from chemical re
actions, possibly further lowering the temperature in the reaction zone. Since 
higher temperatures are beneficial for CO2 conversion [15], this change might 

be detrimental to the reduction potential of the product gas. A dedicated 
experimental campaign using various gas and solid feed rates could clarify the 
optimum feed ratio for product gases with high reduction potential. 

3.2. Carbon stream analysis 

The isotope ratios measured for carbonaceous feedstocks and prod
uct gas components are given in Table 5. Some of these data are depicted 
in Fig. 4 and compared to natural abundance values of various carbon 
sources. The label “Plants C3”, showing δ13C values between −23 and 
−34‰ [36,47], describes almost 95% of plants on earth fixing carbon 
dioxide by the Calvin cycle [7]. Both biomass-derived feedstocks are in 
this stable isotope ratio range. The differences in stable carbon isotope 
ratio between softwood and char compared to the feedstock CO2 are 
21.8 and 26.4‰. These differences are multiple times the accredited 
standard deviation of ≤0.63‰ for bulk and ≤1.10‰ for gas measure
ments. Therefore, the differences in the natural abundance of 13C in 
feedstock CO2 and fuel are significant enough to differentiate between 
parental carbon sources. The same is true for δ13C values for CO and CO2 
in the product gas, which are between the values measured for the 
parental carbon sources but still differ significantly from them. 

3.2.1. Isotopic fractionation 
The δ13C data from measurements are expanded in Table 5 by in

formation on the calculated isotope enrichment factors for carbon 
monoxide (εCO) and carbonaceous products other than CO or CO2 (εrest). 
Additionally, the average stable carbon isotope ratio in products other 
than CO or CO2 is calculated by isotope mass balances. More 

Table 5 
Stable carbon isotope ratios δ13C for carbonaceous feedstocks and products in this work. PG = product gas.   

CO2 feed Bulk feed CO2 in PG CO in PG Enrichment factor (CO) Other products Enrichment factor (rest)  
δ13CCO2,in δ13Cfuel δ13CCO2,out δ13CCO,out εCO δ13Crest,out εrest  
‰ ‰ ‰ ‰ ‰ ‰ ‰  
Measured Measured Measured Measured Calculated Calculated Calculated 

Exp. #1  -3.4  -25.2  -8.0  -18.7  0.5  -21.6  -3.6 
Exp. #2  -3.4  -25.2  -8.4  -19.3  1.9  -16.8  -8.4 
Exp. #3  -3.4  -25.2  -11.0  -20.2  1.8  -19.0  -6.2 
Exp. #4  -3.4  -25.2  -10.3  -19.7  1.2  -21.4  -3.8 
Exp. #5  -3.4  -30.0  -7.8  -17.8  1.3  -23.0  -7.0 
Exp. #6  -3.4  -30.0  -13.1  -18.6  1.5  -27.2  -2.8 
Exp. #7  -3.4  -30.0  -11.4  -19.2  1.5  -26.6  -3.4  

Fig. 4. Abundance of 13C given as δ13CVPDB for various natural sources 
following [47] and all feeds and products in this work. 
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information on mass balancing is available in Appendix B. 
The δ13Crest,out data summarize the average 13C abundance in any 

carbonaceous product species other than CO and CO2. This summary 
includes CH4, higher hydrocarbons, tar, and ungasified char, of which 
the latter either leaves the reactor as fly char or is accumulated in the 
reactor during operation. The calculated values are closer to the isotope 
ratio of the solid parental carbon materials softwood and wood char than 
CO2. The value’s proximity to the fuel value is explained by ungasified 
char being calculated as the prevalent compound in this mix. 

The resulting εrest values show some 13C enrichment for this group of 
compounds. Since various carbon side streams are summarized in the variables 
δ13Crest,out and εrest, the exact reason for this enrichment is challenging to pin 
down. The literature suggests that carbon from CO2 could be substituted into 
the surface of ungasified char [34], potentially enriching it in 13C because the 
feedstock CO2 is isotopically heavier than the used biomass. However, because 
of the continuous nature of the experiment in this work, such an effect seems 
unlikely because the fuel is continuously replaced. Another explanation can be 
found in the increased bond strength of the 12C–13C bond compared to 
12C–12C. This bond strength difference suggests a 13C depletion in low mo
lecular weight gases and an enrichment in heavy components such as tar [42]. 
This explanation would also explain the positive values for the isotopic 
enrichment factor for CO (εCO), calculated at 0.5–1.9‰. These values mean CO 
was produced with a slight preference for 12C during gasification. Therefore, 
the measured δ13CCO,out values are lower than they would be if no isotopic 
fractionation happened. The literature reports 13CO enrichment after the 
water-gas shift reaction (Eq. 4) [36]. However, the experiments in this work 
were performed above 800 ◦C, where the reverse water-gas shift reaction 
becomes increasingly dominant over the water-gas shift reaction [26]. For this 
reason, the 13CO depletion could be explained by the reverse water-gas shift 
reaction, introducing the reverse trend to the trend reported in the literature for 
the water-gas shift reaction. 

The trends calculated for isotopic fractionation can be reasonably 
explained based on the available literature. For this reason, the two main 
assumptions chosen for closing the balances and described in Section 2.3 
are deemed acceptable:  

• feedstock CO2 is only converted to CO in this process, and  
• negligible isotopic fractionation for CO2 occurred. 

3.2.2. Parental carbon sources of CO in product gas 
The stable carbon isotope ratio data given in Table 5 are used to 

calculate how much carbon from the parental carbon sources CO2, 
softwood, and wood char is in the product gas components CO and CO2 
(Eq 15 - Eq 18). These relative contributions are combined with the 
volume flow data for CO and CO2 (Table 4) to calculate CO and CO2 
volume flows in product gas per parental carbon source. Both relative 
and absolute data are depicted in Fig. 5. Error ranges are calculated 
based on the precision of EA-IRMS and GC-C-IRMS measurements 
without the hypothetical sampling error. 

The volume flow of CO in product gas is increased when more fuel is 
fed (exp. #3, #4, #6, and #7). CO with carbon from CO2 and from fuel is 
increased in these experiments (blue bars in Fig. 5). When more fuel is 
fed, CO with carbon from fuel is increased because more CO is released 
from pyrolysis. The increase of CO with carbon from CO2 at higher fuel 
feeding rates means that more CO2 was converted in these experiments 
(see Section 3.2.4). Previous works showed that an increase in fuel-gas 
contact time leads to higher CO2 conversion [15]. The most important 
reaction for converting CO2 in this system is the Boudouard reaction, 
which uses carbon from both parental sources to produce CO with an 
even split between both carbon sources. 

The CO production from pyrolysis is more pronounced for softwood 
as fuel because the volatile content in wood char is low. YCO from CO2 is 
around a third when softwood is used as fuel. This number is signifi
cantly higher at around 50% when using char. While the data show that 
feeding more fuel allows for the conversion of more CO2 for both soft
wood and wood char as fuel, YCO from CO2 slightly declines at higher fuel 
feeding rates. The reason for this is likely that increasing the fuel feeding 
rate increases the production of CO via pyrolysis of fuel faster than via 
the Boudouard reaction from CO2. These differences observed for the 
experiment pairings #1|3, #2|4, and #5|6 in this study are minor at 
1–5% and more experiments are necessary to confirm that the relative 

Fig. 5. Parental carbon sources of carbonaceous product gas components CO and CO2. Percentage values refer to the relative contribution of carbon sources, 
expressed as YCO from CO2, YCO from fuel, YCO2 from CO2, and YCO2 from fuel. 
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carbon contribution of CO2 to CO declining at higher fuel feeding rates is 
a significant effect. 

3.2.3. Parental carbon sources of CO2 in product gas 
The total volume flow of CO2 in product gas is similar for all softwood 

experiments (red bars in Fig. 5). Attributing carbon dioxide in the product gas 
to its parental carbon sources, fuel and CO2, shows that higher fuel:CO2 ratios 
decrease YCO2 from CO2 by lowering the amount of CO2 with carbon from CO2 
and increasing the amount of CO2 with carbon from fuel. The decrease in CO2 
with carbon from CO2 is explained by the increased conversion of CO2 at 
higher fuel-gas contact times [15]. This effect is much more pronounced in 
experiments with wood char than softwood. This difference could be caused by 
the high levels of unconverted char that were calculated (Table 4) for exper
iments #6 and #7, which likely resulted in a significant increase in fuel-gas 
contact time compared to experiment #5. Similarly, in all softwood experi
ments the values of unconverted fuel carbon were lower and CO2 with carbon 
from CO2 was higher than in experiment #5. One conclusion from these data 
could be that for ideal CO2 conversion, an excess of char should be kept in the 
gasification reactor to reach higher fuel-gas contact times. 

For softwood as fuel, increased CO2 with carbon from fuel can be explained 
by increased pyrolysis activity when more fuel is present. For experiments with 
wood char as a fuel, CO2 with carbon from fuel is not increased at higher fuel 
feeding rates. Instead, slightly less CO2 with carbon from fuel is observed in 
experiment #6 compared to #5. One explanation could be, that the CO2 
released from pyrolysis reacts with fuel to CO, same as for CO2 fed as fuel. The 
increased fuel-gas contact time in experiments with higher wood char feeding 
rates might have increased the conversion more than the addition of pyrolytic 
CO2, because of wood char’s low volatile content. For high conversion of py
rolytic CO2, one option for process improvement could be the adoption of in- 
bed feeding. Since in-bed feeding would move the point of CO2 release away 
from the gas drain and towards the CO2 inlet, thereby increasing fuel-gas 
contact time, the pyrolytic CO2 might be converted to CO more efficiently. 

3.2.4. Conversion of feedstock CO2 
While differences in CO2 conversion were already indirectly used to 

explain observed carbon conversion trends in Sections 3.2.2 and 3.2.3, 
this chapter explicitly calculates XCO2 according to Eq. 24. It compares 
the results in Fig. 6 to the calculation by other methods described in 
Section 2.3.2. Error ranges are calculated based on the precision of EA- 
IRMS and GC-C-IRMS measurements without the hypothetical sampling 
error. 

XCO2 is significantly higher when using char as feedstock than when 
using softwood. Temperature differences are ruled out as an explanation 
because the highest (903 ◦C) and lowest (821 ◦C) average temperatures 
in the reaction zone are measured during experiments with softwood as 
fuel (Table 3). One reason might be found in softwood’s lower fixed 
carbon content and calculated unconverted char, suggesting that the bed 
height during these experiments might also have been lower, decreasing 
the fuel-gas contact time and lowering CO2 conversion. This hypothesis 
is also supported by higher observed CO2 conversions when more fuel is 
fed. This effect is especially pronounced for char as fuel, where more 
than 90% of feedstock CO2 is converted. Another reason might be the 
difference in fuel characteristics. Surface area and porosity, active sites, 
mineral content, and particle size are suggested by comprehensive 
literature to affect char reactivity [5,8]. Char morphology is determined 
by reactive atmosphere, residence time, and temperature [8,48]. Higher 
pyrolysis temperatures are reported to reduce char reactivity [49]. This 
suggests that the higher temperatures for in-situ pyrolysis of softwood 
could lead to lower reactivity of the remaining char compared to the 
wood char previously prepared at 700 ◦C. Another reason might be the 
difference in mineral content between both fuels, which is regularly 
reported to catalyze gasification [5,8]. Related to their fixed carbon 
content, the softwood fuel has 1.37 wt%, while the wood char derived 
from Eucalyptus has 7.39% ash content. The higher amount of catalyt
ically active ash elements in wood char, like Fe2O3, CaO, MgO, Na2O, 

Fig. 6. Comparison of CO2 conversion calculated by different methods.  
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and K2O could have contributed to the observed increase in XCO2 upon 
using wood char as fuel. 

Both simplified calculation results, XCO2,stoichiometric and XCO2,balance are lower 
than the XCO2 values, which are calculated based on stable carbon isotope 
analysis. The average gaps for XCO2,stoichiometric are 10% for using softwood as a 
fuel (Exp #1 - #4) compared to 5% for char (Exp #5 - #7). For XCO2,balance, 
these numbers are 18% and 5% of average difference. This difference can be 
explained by the simplified calculation methods’ inability to identify CO2 
produced from fuel; therefore, they underestimate how much feed CO2 has 
been converted. Because of its higher volatile content, more CO2 is produced 
from rapid devolatilization when using softwood, which leads to a sizeable 
error in determining the CO2 conversion by mass balancing (XCO2,balance). The 
differences in calculation results decrease when XCO2 approaches 100%, as all 
methods calculate the conversion as 100% if no CO2 is present in the product 
gas. Therefore, a conclusion could also be that stable carbon isotope analysis 
significantly improves process understanding when CO2 conversion is incom
plete. These results prove why a reliable measurement method for these data is 
paramount. 

4. Conclusion 

The central part of this work is the application of stable carbon 
isotope analysis to measure the conversion of CO2 in this system. A 
comparison with common calculation methods revealed that the new 
method yields CO2 conversion results up to 23% points higher than 
calculated by mass balance. Other methods had considerable trouble 
identifying the CO2 conversion when additional CO2 was formed from 
the biomass by pyrolytic decomposition. The new method uses stable 
carbon isotope ratio analysis to differentiate between CO2 formed from 
fuel and unconverted CO2 fed as feedstock. This ability to differentiate 
can help to improve process understanding, facilitate technical devel
opment, and underpin biomass CO2 gasification’s position as carbon 
capture and utilization technology. The presented analysis did not use a 
dedicated tracing substance, which could potentially incur significant 
costs. When char was used as fuel, around 50% of carbon monoxide was 
produced from CO2, proving that biomass CO2 gasification can utilize 
CO2 as a resource very effectively. The new method can also help to 
answer legislative questions around carbon accounting. 

This work contains experimental data from seven continuous feeding 
gasification experiments in a fluidized bed reactor. The product gas from these 
experiments had reduction potentials up to 14, significantly higher than typical 
values for reducing gas in existing direct reduction ironmaking plants, which 
are reported around 9. From a reduction potential standpoint, these gases 
could be directly used for direct reduction ironmaking without intermediate 
gas reforming or separation steps. Further investigation should be dedicated to 
clarifying if any and which technological steps are needed for direct connection 
of these processes, e.g., a tar separation step or removing other impurities. Still, 
CO2 biomass gasification should be considered for application in ironmaking. 
When hydrogen is added from an external source like water electrolysis to 
adjust the H2-to-CO ratio, the CO-rich product gas could also be used as a 
feedstock for chemical synthesis. 

A limitation of this study is that some assumptions were necessary for 
evaluation because of missing data, e.g., assuming the isotopic frac
tionation factor for CO2 in the product gas as 0 based on the literature. 
Measuring the stable carbon isotope ratio for products other than CO 
and CO2 would also allow the calculation of this factor and improve the 

results. If feedstocks with similar isotopic abundance are used, enriching 
or depleting feedstock CO2 by adding 13CO2 or 12CO2 might be necessary 
to reduce the uncertainty. Additionally, this work only contains a small 
number of experiments and is focused on establishing stable carbon 
isotope analysis as a tool for carbon stream analysis in CO2 biomass 
gasification. A more extensive experimental campaign using this new 
method to look more closely into the effects of water/CO2 mixtures as 
feed, temperature, bed material variations, and other factors could 
improve process understanding further. 

Nevertheless, these results provide critical insights into the CO2 
gasification process and can be used for further technical development. 
The sharp increase in CO2 conversion when feeding more char as fuel 
confirms the importance of gas-solid contact time identified in previous 
works [15]. Based on this observation, a process improvement could be 
to optimize the contact time by leaving excess solid carbon in the gasi
fication reactor, even if the system is operated as a circulating or 
bubbling fluidized bed. Another improvement could be to adjust the 
point of volatile release such that CO2 released by rapid devolatilization 
of fuels is also in prolonged contact with the fuel bed. This adjustment 
could reduce CO2 generated from biomass in product gas by increased 
conversion to CO. This effect could be achieved by in-bed feeding of fuel 
instead of on-bed feeding. Another possibility would be to have a 
dedicated pyrolysis step before gasification, which could also lower the 
CO2 content in produced gases based on the data in this work. 
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Appendix A. Fluidization calculations 

General information on the equations and assumptions for calculating the fluidization state of particles was described in previous work; see Müller 
et al. Appendix A, which contains data for Olivine and wood char [15]. 

The softwood pellets have a diameter of 6 mm, which is assumed as the particle size dp for softwood pellets. At an average length of 10 mm, the 
sphericity for softwood pellets is calculated as 0.85 using Eq A-1. 750 kg/m3 are used for the density of wood pellets. 
dsv = Ф*dP (A-1) 

F.J. Müller et al.                                                                                                                                                                                                                                



Journal of CO2 Utilization 83 (2024) 102792

12

The results of fluidization calculations summarized for Olivine, softwood pellets, and three size classes of wood char are given in Table A-1. Feed 
gas flow rates were selected at around 3 NL/min to form a bubbling fluidized bed from Olivine while keeping gas velocities low to increase fuel-gas 
contact time.  

Table A-1 
Fluidization properties of all used bed materials at 1200 K and atmospheric pressure [15].    

Olivine Softwood pellets Small char Medium char Large char 
dP m 3.37E-04 6.00E-03 1.65E-03 3.75E-03 6.50E-03 
Ф - 7.60E-01[50] 8.50E-01 6.60E-01[51] 6.60E-01[51] 6.60E-01[51] 
dSV m 2.56E-04 5.10E-03 1.09E-03 2.48E-03 4.29E-03 
ρF (1200 K kg/m3 4.34E-01 4.34E-01 4.34E-01 4.34E-01 4.34E-01 
ρP kg/m3 2.85E+03[52] 7.50E+02 1.70E+02[51] 1.70E+02[51] 1.70E+02[51] 
μ (1200 K N*s/m2 4.68E-05[53] 4.68E-05 4.68E-05[53] 4.68E-05[53] 4.68E-05[53] 
g m/s2 9.81E+00 1.08E+01 9.81E+00 9.81E+00 9.81E+00 
Ar - 9.32E+01 2.13E+05 4.26E+02 5.00E+03 2.60E+04 
umf m/s 2.37E-02 1.38E+00 2.54E-02 1.26E-01 3.31E-01 
A m2 2.21E-03 2.21E-03 2.21E-03 2.21E-03 2.21E-03 
V̇mf Nm3/h 4.31E-02 2.51E+00 4.62E-02 2.29E-01 6.02E-01 
fumf (2.8 NL/min) - 3.90 0.07 3.64 0.73 0.28 
fumf (3.0 NL/min) - 4.18 0.07 3.90 0.79 0.30 
fumf (3.2 NL/min) - 4.45 0.08 4.16 0.84 0.32  

Appendix B. Mass balancing in IPSEpro 8.0 in this work 

General information on IPSEpro 8.0 and its use in gasification modeling is available in the literature, e.g., [54] and other publications by TUW. This 
work used a gasifier model typically used to simulate the gasification reactor of a dual-fluidized bed gasifier (Figure B-1)

Figure B-1. Flowsheet model of gasifier used for mass balancing in IPSEpro 8.0.  

The model has three inlets (fully colored connectors) and two outlets (empty connectors). Since IPSEpro is an equation-oriented tool, the number of 
equations must equal the number of variables. The model presented in Figure B-1 has nearly 1600 variables. Most input relevant to mass balancing is 
given as composition data. The biomass composition is known from proximate and ultimate analysis (Table 2). The feed gas composition is pure CO2 or 
CO2 mixed with water, as given in the experimental matrix (Table 3). Dry-based composition data of CO, CO2, CH4, H2, and O2 is available from 
continuous analysis. The average data from one hour of stable operation are used for the product gas composition. Ash and bed material are simplified 
to singular substances with unchanging composition. The inlet and outlet in the solids cycle are necessary for model convergence. Nothing other than 
Olivine and ash is drained or added to the system in this cycle. The heating/solids cycle’s primary function in the model is to close the energy balance, 
which is not the focus of this paper. 

The only absolute values in the mass balance are for the flow rates of the feeding lines. The volume flow rate of CO2 fed to the reactor (V̇CO2,in), 
which was set using a rotameter and checked by a gas clock, is one of these two. The other absolute value is the biomass feed rate, set in the model 
relative to the gas inlet. The tar concentration in the product gas is assumed as 6.3 g/m3stp,db as given by literature for using CO2 to gasify softwood 
pellets in a fluidized bed with Olivine as bed material [55]. The elemental tar composition was assumed to match the tar composition measured by 
GC/MS in CO2 gasification experiments with softwood pellets as fuel, e.g., [56], and is 92.8 wt% carbon, 7.0 wt% hydrogen, and 0.1 wt% oxygen. The 
share of fuel remaining in the reactor or entrained as ungasified char is not experimentally determined but can be calculated from the model. 
Ungasified char is assumed to match the elemental composition of wood char, which is used as fuel in this work (Table 2). Ungasified char is treated as 
an outgoing stream to allow for a steady state calculation in this black box model. With these data, the outgoing volume flows of CO (V̇CO,out) and CO2 
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(V̇CO2,out), which are needed for Eq. 23 - Eq. 24, can be derived from mass balancing. The global hydrogen balance allows for calculating the product 
gas’s water content. 

Stable carbon isotope ratios are used to build a 12C balance as an additional equation (Eq. 19). This means that not only must the global mass 
balance for carbon yield the same input and output to the process, but more specifically, the exact requirement is asked of 12C. When the global carbon 
balance and 12C balance are fulfilled, so is the 13C balance. The isotopic enrichment factor εCO and the mean isotope ratio of all carbonaceous outputs 
other than CO and CO2 (δ13Crest,out) are calculated from these isotopic and global mass balances. Two more boundary conditions, which come from 
assumptions, are necessary for these calculations. The first assumption is that εCO2 is assumed zero, and the second is that CO2 is only converted to CO 
(see Section 2.3 for more information). The so-calculated δ13Crest,out value is sensitive to error since minimal absolute changes lead to a sizeable 
deviation from zero in the VPDB scale (see Eq. 14). For this reason, it can be compared to the isotope ratio measurement of used biomass and used as a 
plausibility check for the whole balance. 

Appendix C. Supporting information on experimental data 

Experimental data are plotted in Figure C-1 for one experiment with each fuel type. Experiment #6 was conducted with wood char as fuel, while 
softwood pellets were used in experiment #3. The CO2 conversion XCO2,stoichiometric is calculated using the simplified calculation as per Eq. 25. This 
equation estimates the CO2 conversion at the same time interval of product gas composition data, which is every 1 s. Temperature measurements are 
positioned as given in Fig. 2. Stream composition data is adjusted to remove N2, which was used for purging the pressure measurement and fuel tank. 
Without adjustment, this N2 is under 5 vol% of the total gas stream going to the measurement. Both experiments were conducted with dry CO2 feed, 
and the parental carbon ratio of fuel to feedstock CO2 in both experiments was two.    

Figure C-1. Comparison of experimental data using different fuel types: a) wood char (left, experiment number #6), b) softwood pellets (right, experiment number 
#3). XCO2,stoichiometric is calculated by the simplified method given in Eq. 25. 
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The temperature T0 Heating shell in this reactor is limited to 1000 ◦C, equal for both experiments. T2 Reaction is the measurement at the center of 
the fuel-filled zone. The temperature here is around 40 ◦C lower during experiment #3 using softwood compared to #6 using wood char. T3 Freeboard 
measures the temperature of the gas phase above the fluidized bed but inside the reactor. Contrary to T2 Reaction, T3 Freeboard averages around 
100–200 ◦C higher when softwood is used as fuel. These observations cannot be explained with certainty because of a lack of information on the power 
supplied by the heating shells, heat losses, and heat transmission phenomena in and around the reactor. Interpretations for both differences are 
suggested by the mass and energy balance conducted in IPSEpro. The difference in freeboard temperature could be due to a significant amount of fuel 
surplus not converted during experiment #6 with wood char. According to the mass balance, around 46% of carbon fed via wood char was not 
converted, significantly higher than the 12% calculated for experiment #3 feeding softwood. While some of this surplus was leaving the reactor as fly 
char, in experiment #6, this surplus likely slowly built up in the reactor towards the freeboard. Char accumulation at some point before or during the 
experiments was also noticeable from ongoing CO production after the main investigation period had ended and no new fuel was added. CO was still 
produced when only CO2 was fed after each experiment (except experiment #6). Due to uncertainties in volume flow after the investigated period, no 
values are estimated for the total char at the experiments’ end. An explanation for the declining freeboard temperature could be that the rising bed 
transmits more energy to ambient through the reactor walls because the reactor is not as well insulated above the heating shell. The difference in 
reaction zone temperature can be explained by an increased cooling effect from endothermic pyrolysis reactions. The fluctuations in product gas 
concentration are consistently higher for softwood pellets than for char. The reason for this is the instability induced by the somewhat discontinuous 
feeding of fuel particles by the screw feeder, which is delivering discrete fuel particles. The larger softwood particles lead to small spikes in gas 
measurement because of rapid devolatilization [8]. This effect is expected to be absent in larger plants with higher feeding rates. 

The equipment used in this study has the following error tolerances:  

• Dry gas composition measurement: 1 vol% of calibrated maximum. The calibrated maxima were  
o 100 vol% CO2  
o 100 vol% CO  
o 10.1 vol% CH4  
o 20.9 vol% O2  
o 100 vol% H2  

• Temperature measurement by thermocouple type K: 4‰ of measured temperature  
• EA-IRMS: ±0.63‰ with and ±0.3‰ without hypothetical sampling error  
• GC-C-IRMS: ±1.10‰ with and ±0.5‰ without hypothetical sampling error  
• The rotameter used for controlling the flow rate of CO2 fed to the reactor has been compared to a gas clock with a precision of ±3‰ before 

experiments. 
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A B S T R A C T

Online quantification of water vapor in hot and complex gases, like raw product gas from biomass gasification, is 
essential for process understanding and control. The complex nature of these gases presents many challenges, e. 
g., band overlap or dust and tar deposits on equipment. Offline measurement by condensing water is labor- 
intensive and does not provide continuous real-time data. This study introduces a spectroscopic setup consist
ing of a quantum cascade laser emitting in the far-infrared range, a gas cell heated to around 250 ◦C, and a 
pyroelectric detector to quantify water vapor content in real-time. A 1st-order distributed feedback grating en
sures single-mode operation of the laser at the desired water absorption line (2.294 THz). This setup was suc
cessfully tested for online analysis of raw product gas from steam gasification of waste wood. The average result 
from the new spectroscopic setup was 45.8 vol-% water vapor content, compared to the condensation mea
surement, which showed 46.7 vol-% water vapor content. Uncertainty was determined as −0.7 to +1.1 vol-% 
H2O. New data from the QCL-based measurement were available every 1 to 5 s, allowing for a better under
standing of the process while operating the gasifier. The permanent gas species detected in the raw gas included 
CO, H2, CO2, CH4, NH3, and H2S. Additionally, 4.16 g/Nm3dry of tar was detected gravimetrically and 31.21 g/ 
Nm3dry by gas chromatography-mass spectrometry. Measurement continued without issue in this raw, hot product 
gas from biomass steam gasification for two hours. This work showcases quantum cascade lasers’ strong potential 
for spectroscopy applications in hot and complex gases.

1. Introduction

1.1. Importance of water vapor quantification in hot gases

Climate change has led to greenhouse gas mitigation strategies 
aiming to limit the global average temperature increase and the 

resulting severe consequences for the environment and humanity. In 
2019, approximately 73 % of net global greenhouse gas emissions came 
from the sectors of energy (34 %), industry (22 %), and transport (15 %) 
[1]. Using biomass and waste as feedstock in thermochemical conver
sion processes, such as pyrolysis, gasification, and combustion, could 
occupy an essential role in the transition of the already mentioned 
sectors of energy, industry, and transport and is a critical enabling 
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technology for various defossilization and negative emission technolo
gies [2]. Switching the fuel from fossil to biomass and adapting the 
process by capturing CO2 in situ, e.g., with chemical looping or in the 
flue gas, can lead to a so-called net-negative emission process [3]. In 
several industrial processes, e.g., thermochemical fuel conversion, en
ergy generation, chemical production, and steel or concrete production, 
measuring the water vapor content in hot gases is crucial in process 
control. The variability of waste and biomass feedstocks, e.g., variations 
in moisture content resulting from changes in harvesting conditions [4], 
presents additional challenges for process control and optimization. The 
heterogeneity of these alternative feedstocks further increases the 
importance of accurate and real-time water vapor content measurement 
for assessing process efficiency, optimizing operational parameters, and 
ensuring safe operation.

1.2. Challenges for water vapor quantification on the application example 
of raw product gas

Biomass steam gasification is investigated in this new work as an 
exemplary technology, notorious for presenting many challenges to 
water vapor measurement in raw and hot gas. A successful demonstra
tion of water vapor quantification in this process would be promising for 
a future transfer of this technology into other industries, where gas 
compositions are often less challenging to measure. In gasification, the 
organic feedstock is not fully oxidized but converted with a gasifying 
agent such as steam, under-stoichiometric addition of air or oxygen, or 
CO2 into so-called raw product gas [5]. The main components of the raw 
product gas are hydrogen, carbon monoxide, carbon dioxide, methane, 
steam, and C2 and C3 permanent gases. Raw, in this context, refers to the 
gas before it is cleaned and still contains condensable species and 
possibly particles. The product gas can be further conditioned and pre
pared for the synthesis of various products; hence, the cleaned version is 
called synthesis gas or, in short, syngas. Syngas can be converted and 
refined to gaseous energy carriers, transportation fuels, and other 
chemical products such as Fischer-Tropsch products [6], synthetic nat
ural gas (SNG) [7], hydrogen [8] and many more [9]. Biomass gasifi
cation using a dual-fluidized bed (DFB) reactor design with around 
100 kWth biomass input has been a central research interest at TU Wien 
and is described in numerous publications, e.g., [7,8,10]. The DFB 
design consists of two interconnected reactors, where one generates the 

raw product gas in an endothermic process. At the same time, the other 
provides heat for the endothermic gasification by combustion of addi
tional feedstock. DFB reactors for biomass gasification are also relevant 
at larger scales, e.g., as shown by the GoBiGas plant that produced 
20 MW of SNG until decommissioning in 2018 [11]. A good solution for 
measuring water vapor in the raw product gas from these reactors is 
missing, which is explained by the wide range of compounds in the gas.

The composition of raw product gas, especially its water vapor 
content, is heavily influenced by the amount and type of gasifying agent, 
the fuel water content, and the operating temperature [12]. The product 
gas’s main gas composition, the so-called gas matrix, can vary signifi
cantly, complicating the analytics task. Common raw product gas im
purities include particulate matter like dust and char particles, heavy 
organic compounds, and other species such as NH3, H2S, and HCl, which 
depend on the fuel used [13]. The formation of tar in the raw product gas 
is one of the significant challenges in the thermochemical conversion of 
biomass and waste through gasification. Several definitions for the term 
“tar” exist. The definitions for tar used in this work follow the pre- 
standard CEN/TS 15439:2006, which defines tar as a “generic term 
for the totality of all organic compounds present in the product gas from 
gasification, with the exception of gaseous hydrocarbons (C1 to C6)” 
[14]. Tar can condense at temperatures around 200 ◦C and ambient 
pressure, which leads to significant issues regarding downstream 
equipment, e.g., particulate filters or heat exchangers [10]. For analytics 
in raw product gas, tar poses various problems for a wide range of gas 
analyzers, e.g., band overlap and fouling [15]. These other species 
complicate the water quantification task, and water vapor in raw 
product gas can also have detrimental effects on other analyses. Klein
happl [16] discussed these problems, which include the dilution of 
solvents, phase separation, slip of non-polar fractions during sampling, 
ice formation, baseline instabilities in gas chromatography-flame ioni
zation detectors (GC-FID), or discrimination during evaporation in GC 
injectors.

1.3. Established water vapor quantification technologies

Measuring the main product gas components in the cold and water- 
free state is sufficiently solved, e.g., after appropriate gas purification, 
combustion with subsequent cooling, or gas sampling equipped with 
condensation and filters. Measuring raw gas in the hot state is much 

Nomenclature

Parameter symbol Parameter description, unit
ACO Absorbance of CO, −
cBeer Concentration of H2O in the wet gas volume determined by 

spectroscopy, mol/m3

cCO Concentration of CO in the wet gas, mol/m3

cCondensation Concentration of H2O in the wet gas determined by 
condensation, mol/mol

cLaser Concentration of H2O in the wet gas determined by 
spectroscopy, mol/mol

d Optical path length through the measured medium, m
I Measured intensity of light at the lock-in amplifier during 

experiment, V
I0 Baseline intensity of light at the lock-in amplifier without 

H2O in cell, V
I0,N2 Baseline intensity of light at the lock-in amplifier with N2 

in cell, V
p Pressure, Pa
R Ideal gas constant (8.3144), J/mol/K
T Temperature, K
ε Molar extinction coefficient, m2/mol

Λ Period length, m
ν Wave number, 1/cm
σ Standard deviation of baseline signal, V
Abbreviation Term
DA Direct Absorption
DFB Dual Fluidized Bed
FTIR Fourier-Transform InfraRed
GATS GATS, Inc.: Small aerospace company
GC-FID Gas Chromatography − Flame Ionization Detector
GC–MS Gas Chromatography – Mass Spectometry
IR-LAS InfraRed Laser-Absorption Spectroscopy
NDIR Non-Dispersive InfraRed
OF-CEAS Optical Feedback Cavity-Enhanced Absorption 

Spectroscopy
QCL Quantum Cascade Laser
SEM Scanning Electron Microscopy
SNG Synthetic Natural Gas
TCD Thermal ConDuctivity
TDLAS Tunable Diode Laser Absorption Spectrometry
VMR Volume Mixing Ratio
WMS Wavelength Modulation Spectroscopy
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more complicated, and no method has established itself as a standard for 
online water vapor quantification in raw and hot gases with complex 
compositions. Aranda Almansa et al. [15] report the state-of-the-art 
measuring procedures for water quantification in raw product gas and 
their shortcomings: Offline sampling methods like gravimetric quanti
fication and solid phase adsorption are low-cost but suffer from manual 
procedure issues and often cannot accurately reflect dynamic system 
behavior. Online and semi-online sampling via chromatography face co- 
adsorption and maintenance challenges. Real-time methods, including 
hygrometers, acoustic measurement, and spectrometry, are costly and 
often affected by dust, tar deposits, and band overlapping. Further 
challenges include the strong light attenuation of product gas, high 
temperatures, the significant number of different compounds, and 
especially the negative effect of particulate matter in the gas, lowering 
the possible optical path length if visible or near-infrared wavelengths 
are used [17].

The most widespread spectroscopic devices for combustion and 
gasification gas analysis are infrared laser-absorption spectrometers (IR- 
LAS), as described in several reviews [18,19]. IR-LAS instruments use 
the absorption and emission effects when the spacing between two 
discrete rotational-vibrational states equals the photon energy [18]. The 
density or concentration of the analyzed species can be derived from the 
total absorbed or emitted radiation. Most devices use light sources in the 
near- or mid-infrared domain [18]. Tunable laser diodes are widespread 
light sources, and tunable diode laser absorption spectroscopy (TDLAS) 
has been used extensively for quantitative online and in situ real-time 
combustion and gasification diagnostics [18,19]. Multiple signal eval
uation strategies have been described and compared in the literature and 
can be summarized into two groups: direct absorption (DA) and wave
length modulation spectroscopy (WMS) [18–20]. DA systems are 
generally simpler to build and calibrate but less sensitive and resistant to 
noise [21]. Sepman et al. have demonstrated in several studies the use of 
TDLAS for in situ H2O measurement in the reactor core of a biomass 
gasifier [22–25]. These studies showed reliable performance even under 
high-temperature and high-soot conditions. A TDLAS sensor near 4350 
cm−1 was developed for in situ CO, H2O, and soot concentration mea
surements in a pilot-scale gasifier’s reactor core, achieving temperature- 
insensitive species quantification from 1000 K to 1900 K [22]. H2O 
quantification uncertainties were reported as better than 10 % 
compared to calculations [24] and 20 % compared to micro-gas chro
matograph data [22]. Sur et al. have shown that TDLAS can also be 
applied in pressurized gasifiers [26].[17,2717].

Other techniques for online or in situ determination of H2O content 
include Raman spectroscopy (RS) [28], acoustic measurements [29], 
humidity meters [30], soft sensors [31] and others, not all of which are 
explained in detail here. RS is highly flexible and can be used for various 
analysis tasks in the thermochemical processing of biomass, coal, and 
waste [28]. RS is based on inelastic scattering of light, where the fre
quency of photons is shifted due to interaction with molecular vibrations 
[32]. Raman spectroscopy has been demonstrated for H2O quantifica
tion in biogas [33] and biomass gasification [34] applications. However, 
Xu et al. [28] note in their review that Raman spectroscopy has rarely 
been used to analyze gas components. They suggest that this is caused by 
the low density and Raman cross-section of gases, making it challenging 
to obtain high-quality Raman spectra. Karellas and Karl also noted that 
high gas flows or tar contents lead to intense background signals, 
obscuring the Raman peaks of other gas compounds [34]. An online 
estimation method was recently proposed by TUW, consisting of a soft 
sensor that estimates raw product gas composition based on a Ham
merstein model and two extended Karman filters [31]. However, this 
method requires training on historical data for the specific plant and 
relies on other measurements, such as gas chromatography, which 
presents challenges for new or dynamic systems.

1.4. Water vapor measurement with a THz laser

The present work introduces a quantum cascade laser emitting light 
in the far-infrared domain at terahertz frequencies for continuous water 
vapor measurement in hot and raw product gas from gasification. As 
summarized in a recent review [35], lasers emitting in the THz spectral 
region (commonly defined as the frequency range 0.1 – 10 THz) have 
been tested for water detection in various applications [35]. Although 
the review describes a significant amount of research in this field, there 
is little information on high-temperature systems with complex gases 
from industrial applications. In general, water vapor has various ab
sorption lines at sufficiently high temperatures to avoid tar condensation 
[30], with some even stronger at high-temperature than at room tem
perature [36]. Additionally, compared to other lasers used for spec
troscopy in the visible, near- or mid-infrared spectral domains, THz 
lasers have longer wavelengths. These longer wavelengths make them 
more resistant to Mie scattering [37,38] from dust, which is typically 
present in off-gas flows from industrial applications [30,36]. Most 
organic compounds and inorganic ions absorb in the near- or mid- 
infrared region between 400 – 4000 cm−1, which is around 
12 – 120 THz [17]. For these reasons, a THz laser in the far-infrared 
region is expected to be more robust against band overlapping with 
the various organic compounds in gasification processes.

Song et al. investigated THz lasers for their ability to measure water 
vapor content in N2/H2O mixtures at 773 K. They found three absorp
tion peaks at 557 GHz, 658 GHz, and 752 GHz, where water vapor 
content could be quantified using a gas cell with a length of 1 m [36]. 
This work is promising; however, the tests were conducted in batches by 
feeding H2O with syringes into the cell, which otherwise only contained 
nitrogen from a gas bottle. Therefore, this test did not include the 
additional challenges posed by dust and various permanent and con
densable gases mixed with water vapor in the raw product gas.

Bidgoli et al. investigated a spectroscopic setup for measuring water 
vapor from gasification [30]. They did screenings and statistical analysis 
with lasers between 300 and 500 GHz and a gas cell with a length of 
1.6 m. They concluded that THz gas spectroscopy could efficiently 
provide real-time data on water vapor in complex gas mixtures con
taining dust particles and tar components. However, their publication 
had significant trouble correlating the measured signal to a volume 
mixing ratio (VMR) of water because of unclear temperatures in the gas 
cell. The extensive length of the cell worsened this problem.

This present work uses a similar spectroscopic setup as [30] with hot 
(~250 ◦C) gas flowing through the measurement cell to detect water 
vapor and measure its concentration by selective absorption of light 
emitted by a quantum cascade laser (QCL). A first experimental 
campaign was conducted with synthetically prepared gas mixtures. An 
advanced setup was used to measure raw product gas from biomass 
steam gasification. THz QCLs are electrically driven lasers with a 
semiconductor heterostructure [39]. Their advantages include a 
compact design, high output powers, and frequency tunability. The QCL 
in this new setup allows for a gas cell with a short beam path of only 
86 mm, drastically reducing the cell temperature variations that [30]
observed and making the setup more compact by reducing the gas cell 
length by over 90 %. This design is investigated in the present work for 
online analysis of water vapor. Raw and hot product gas from biomass 
steam gasification is measured and used as an example of a potential 
application scenario with significant challenges for online measurement.

2. Theory and calculation

2.1. Selection of laser frequency

Viveros Salazar et al. summarized the necessary steps and consid
erations to select a suitable laser frequency [20]. Computational pre
diction of absorption characteristics demands a line list including 
information such as wavelength, line strength, and collision-broadening 
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effects for each chemical species. In this work, the Spectral Calculator 
developed by GATS, Inc. was used to calculate absorption and trans
mittance at specific wave numbers, temperatures, gas cell lengths, and 
volumetric mixing ratios [40]. This calculator uses the HITRAN2020 
database [41] as a line list to perform line-by-line molecular absorption 
calculations based on the line-by-line model in the LinePakTM library 
[42]. The spectral calculator includes weighted air- and self-broadened 
halfwidths depending on pressure and temperature from the 
HITRAN2020 database to calculate the line shape. This method yields a 
combination of Doppler and Lorentz broadening, resulting in the more 
general Voigt profile.

The next step for laser frequency selection is estimating operating 
conditions [17,20]. Essential conditions to estimate include tempera
ture, pressure, and other chemical components surrounding the 
measured species, which might contribute to absorption. Atmospheric 
pressure was selected for measurement since TUW usually does not 
pressurize their gasifiers. A temperature range of 100 – 400 ◦C was 
considered appropriate to retain some flexibility in operation and avoid 
the condensation of water and tar in the cell. The concentration of 
gaseous main components and impurities in raw product gas heavily 
depends on fuel composition [43]. In addition, raw product gas can 
contain various tars, fly char, and dust, for which no information is 
available from the Spectral Calculator or in the HITRAN database. 
Bidgoli et al. [30] did not report a significant influence of these com
ponents in their work with laser frequencies between 300 and 500 GHz. 
A hot gas filter was used to reduce the particle density in the beam path 
in our work. Furthermore, the size of most particles after the gasification 
reactor’s filter system in the present work is well below the laser 
wavelength of 130.69 µm. Therefore, particles are not assumed to 
impede the transmission of laser light significantly [37,38]. This work 
uses the simplification that no interaction between the laser light and 
any solid particles or molecules other than H2O or CO occurs.

Once absorption theory and operating conditions are established, the 
selection of a laser frequency needs to achieve sufficient selectivity over 
other components and absorption signal strength for detection [17,20]. 
Viveros Salazar et al. suggest a 10 – 90 % laser transmission for sensitive 
measurements [20]. The laser transmission depends on the beam path 
length (see Section 2.2). Our work also aimed to select a laser frequency 
at which the beam path could be relatively short while achieving the 
10 – 90 % transmission criteria. A short beam path allows for a more 
compact setup, promising multiple benefits such as transportability and 
less temperature variation inside the measurement cell. Another 
important criterium for laser frequency selection is the availability of a 

suitable laser.
Data from the Spectral Calculator were used to identify 2.294 THz, 

respectively, a wave number of 76.52 cm−1, as a suitable water ab
sorption frequency line for analysis of raw product gas from biomass 
gasification among available THz QCLs with sufficient power output. 
Other main components in typical product gas show comparably weak 
absorption at this frequency. Absorption values of the predominant 
product gas species from gasification are listed in Table 1. These values 
are calculated at 250 ◦C and 1.013 bara for a cell with 86 mm optical 
path length, approximating the conditions used in this work. The ab
sorption of water vapor at the chosen wave number is much stronger 
than the absorption of the following closest species, carbon monoxide, at 
a similar concentration. Other species absorb this light even weaker by 
multiple orders of magnitude. Among impurities, NH3 and HCN are 
calculated to show the highest absorption at typical gas concentrations 
from biomass gasification in a DFB reactor [44]. Their absorption at the 
highest typical concentrations is similar to the absorption of pure CO.

The absorption of H2O at 2.294 THz is calculated between 0.2 – 96 
%, corresponding to 0.1 – 100 vol-% H2O in the gas cell. The laser 
transmission is between 10 – 90 % when the H2O concentration is 
approximately 5 – 80 vol-% in the gas cell, suggesting that sensitive 
measurement is possible over a wide range of H2O concentrations 
(Fig. 1b). In contrast, even at their highest considered VMR, no other gas 
component in typical raw product gas from DFB gasification is estimated 
at more than 4 % absorption, with average absorption being even lower 
by orders of magnitude. Furthermore, the absorption of CO can be 
dynamically excluded from the measurement using dry gas composition 
data from other measurements, e.g., non-dispersive infrared (NDIR) 
measurement. In summary, the frequency of 2.294 THz allows mea
surement with minimal cross-sensitivity for other gas components. This 
design allows the laser to quantify water vapor over a wide range of raw 
gas compositions.

Fig. 1a shows 16 Fourier-transform infrared spectrometer measure
ments, experimentally confirming that the laser emits light at the design 
frequency of 2.294 THz. The spectrometer’s resolution of ±0.08 cm−1 is 
defined by the path difference of the interferometer arms and leaves 
some margin of error, which is reflected in Fig. 1a. Spectra calculated for 
this laser frequency by the Spectral Calculator at various H2O concen
trations (Fig. 1b) and temperatures (Fig. 1c) are examples of feasible 
operating conditions. Fig. 1b shows that H2O concentrations can be well 
differentiated over a wide range of water vapor concentrations at 
250 ◦C. Fig. 1c demonstrates that H2O still absorbs at 400 ◦C, enabling 
the measurement in hot and raw gas to avoid extensive fouling from tar 

Table 1 
Absorption of the typical raw product gas components and impurities from biomass gasification [45–47] as calculated by the Spectral Calculator [40] at λ = 2.294 THz 
(ν ≈76.52 cm−1) for a gas cell with 8.6 cm length, 1013.25 mbar pressure, 523.15 K. The abbreviation “B.L.” means “below limit”, which was arbitrarily chosen at 1E- 
06.

Considered gas concentration Absorption at the lowest considered concentration Absorption at the highest considered concentration
Main component vol-% ¡ ¡
H2O 0.1 – 100 1.7E-03 9.6E-01
N2 0.1 – 100 B.L. B.L.
H2 0.1 – 100 B.L. B.L.
CH4 0.1 – 100 B.L. 3.9E-05
C2H4 0.1 – 100 B.L. B.L.
CO 0.1 – 100 3.5E-05 3.7E-02
CO2 0.1 – 100 B.L. B.L.
O2 0.1 – 100 B.L. 1.2E-06
Impurity ppm (vol.) ¡ ¡
NH3 1,000 – 100,000 1.3E-04 1.8E-02
HCN 10 – 1,000 3.3E-04 3.3E-02
H2S 10 – 1,000 2.5E-06 2.5E-04
COS 0.1 – 100 B.L. B.L.
HCl 0.1 – 100 B.L. 2.7E-06
NO 10 – 1,000 B.L. 5.6E-06
N2O 0.1 – 100 B.L. B.L.
NO2 0.01 – 1 B.L. B.L.
SO2 0.1 – 100 B.L. 5.1E-04
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condensation. Transmittance at the example water vapor concentration 
of 30 vol-% is similar from 250 – 400 ◦C, showing robustness against 
temperature deviations in the measured gas in this range.

2.2. Measurement of water vapor content

Fixed-wavelength direct absorption spectroscopy is used in this work 
to detect H2O. The H2O concentration cLaser is calculated from Beer- 
Lambert’s law (Eq. (1)), which describes the absorption as a function of 
line strength, line shape, gas pressure, the concentration of the gas in the 
light’s path, and the optical path length [17]. Molar extinction coeffi
cient data (ε), which summarize several of these dependencies, are 
discussed for H2O and CO in Section 2.3. The absorption is calculated 
from the detected laser intensity during an experiment (I) and a baseline 
intensity with no H2O in the cell (I0). Beer-Lambert’s law typically ex
presses the concentration in mol/m3 (here termed cBeer for differentia
tion). The ideal gas law accounts for the gas’ thermal expansion. The 
H2O concentration cLaser in mol/mol or m3/m3 is calculated by 
comparing cBeer to the total gas per volume at the temperature T and 
pressure p (Eq. (2)). The temperature over the integration path is 
assumed as constant. This assumption is justified by preheating the gas 
in the sampling line and gas cell with the same heating coil and keeping 
the optical path length short at only 8.6 cm. The baseline intensity in N2 
atmosphere (I0,N2) is determined shortly before experiments. The ab
sorption of gases other than N2, specifically CO, lowers the baseline 
intensity I0 during the experiment with gas mixtures compared to I0,N2. 
I0 is not available as measurement during the experiments and is instead 
calculated from I0,N2 (Eq. (3)). The CO absorbance (ACO) is also calcu
lated from Beer-Lambert’s law using the wet CO gas concentration (cCO) 
(Eq. (4)). Dry gas composition data from non-dispersive infrared (NDIR) 
measurement (Section 3.3.2) are implemented in the solving algorithm 

(Section 2.3, Appendix A) to derive cCO. The cell’s inner optical path 
length through the measured gas has the length d. 

cBeer =
log10

(
I0
I

)
εH2O⋅d (1) 

cLaser =
R⋅T⋅log10

(
I0
I

)
εH2O⋅d⋅p (2) 

I0 = I0,N2⋅10−ACO (3) 

ACO = cCO⋅εCO⋅d⋅p
R⋅T = log10

(I0,N2
I0

)
(4) 

2.3. Molar extinction coefficient ε and solving algorithm

The molar extinction coefficients of water vapor εH2O and CO εCO are 
determined from transmittance data given by the Spectral Calculator 
[48] for a cell with 86 mm optical path length at a pressure of 
1013.25 mbar. Three wave numbers were considered: the design laser 
wave number and its experimentally found upper and lower margins of 
error: 76.52±0.08 cm−1. These data include VMR for H2O and CO be
tween 0.1 – 100 vol-% and temperatures between 110 – 400 ◦C, repre
senting the target operating conditions. Eq. (2) was rearranged to solve 
for εH2O and εCO. While εCO was found to be 1–2 orders of magnitude 
below εH2O and relatively constant at a higher wave number, εH2O de
pends on the temperature, water concentration, and wave number 
(Fig. 2).

At high temperatures and low water concentrations, the differences 
in εH2O for the investigated laser frequencies are sizeable, which is 

Fig. 1. A) Experimentally found laser spectra with margins of error resulting from discretized measurements. b-) and c): transmittance calculated with data from the 
spectral calculator [40] for various volume mixing ratios of H2O at 250 ◦C (b), various temperatures at 30 vol-% H2O (c).
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reflected as uncertainty in the results of this work. The molar extinction 
coefficient’s dependence on the temperature can be accounted for using 
temperature data from the measurement inside the cell. The molar 
extinction coefficient’s dependence on the molar H2O concentration 
means that Eq. (2) needs to be solved iteratively. For this reason, a 
solving algorithm is adopted to determine cLaser (Appendix A). Data are 
typically measured and evaluated internally at an interval of 1 s. Moving 
average data with a window size of 60 s are given as output to reduce 
noise. The NDIR measurement can be connected to the QCL setup’s 
solving algorithm, adjusting the signal baseline for CO cross-absorption 
in real-time.

3. Material and methods

3.1. QCL-based H2O measurement

3.1.1. THz QCL characteristics
The active region of the used laser consists of a bound-to-continuum 

design in the GaAs/AlGaAs-material system [49]. A picture taken by 
scanning electron microscopy (SEM) is included in Appendix B.

The center frequency of the gain bandwidth is at 2.3 THz. The het
erostructure was processed into double-metal waveguides. A 1st-order 
distributed feedback grating [50] was employed on the 2.5 mm long 
ridge waveguide to ensure single-mode operation at the desired water 
absorption line (2.294 THz, 130.69 µm, 76.52 cm−1). The emission 
wavelength can be tuned slightly by changing the operation tempera
ture. Different gratings with varying periods were tested to determine 
the best fitting to the absorption line. In the first campaign, a laser with a 
period of Λ = 19.272 µm was used, where the entire width of the ridge is 
60 µm, and the setback is 10 µm. The second campaign used a device 
with an adjusted period of Λ = 19.22 µm. This adaptation was employed 
to reduce the required wavelength shift by temperature. This way, the 
operating temperature could be lowered, and the output power could be 
enhanced. A spectrometer with a resolution of ±0.08 cm−1 was used to 
check the wave number of the processed laser. The THz QCL is operated 
at a temperature of 90 K (resp. 70 K in the second campaign), enabled by 
a commercial Stirling cooler with a power of 70 W. A vacuum pump 
provides a pressure of 1.6•10-6 mbar within the laser housing. The 
operating temperature is monitored by a PT100 sensor and is stabilized 
by a high-performance resistor used as a heater. Both are attached to the 
cold finger of the cryostat. Electrical pulses drive the QCL with a repe
tition rate of 100 kHz and a pulse length of 7 resp. 9.5 µs (duty cycle: 70 
resp. 95 %, voltage pulse generator: Agilent 8114A), which are again 
modulated with a gating frequency of 13 Hz (frequency generator: 
Agilent 33220A). This gating frequency enables signal detection at the 
pyroelectric detector, which is comparatively slow (bandwidth ~ 100 
Hz).

3.1.2. Gas cell setup
The main components of the spectroscopy setup include the light 

source (THz QCL), the gas cell, the pyroelectric detector, and two 
parabolic mirrors. A sketch of these components’ arrangement and the 
light’s corresponding beam path is shown in Fig. 3a. The measurement 
cell is made from alumina (Fig. 3b). The cell is a hollow cylinder sepa
rated into three closed-off sections by quartz glass windows with a width 
of 1 mm each. The outer sections are flushed with nitrogen at 0.5 NL/ 
min to minimize the danger of the leakage of dangerous gas components 
like CO into the ambient. The flushing also lowers the outer quartz glass 
windows’ temperature, protecting the pyroelectric detector from over
load. A downside of this flushing is the increased risk of tar condensation 
in the central section caused by lower temperatures at the windows. The 
central section has an inner length of 86 mm and contains the measured 
gas sample. Trace heating was installed around the measurement cell to 
prevent condensation.

A prototype for the measurement cell without integrated tempera
ture measurement was used during the first campaign with synthetically 
prepared gas mixtures from bottled gas. The temperature in the cell 
during these tests was measured with an infrared sensor by Beha- 
Amprobe on the cell’s outside wall. An uncertainty of ±10 ◦C 
compared to the temperature in the cell was assumed for these tem
perature measurements with the following reasoning: First, no water 
condensation inside the cell was observed at 110 ◦C outside wall tem
perature, suggesting that the maximum negative deviation could have 
been −10 ◦C. Second, alumina’s high heat conductivity and the small 
gas cell size suggest a relatively good heat distribution where even local 
hotspots are unlikely to exceed +10 ◦C. An advanced cell design, 
including a thermocouple type K and improved heating and insulation 
around the cell, was used for the second campaign measuring hot and 
raw product gas from a gasifier. Pictures of the advanced setup are 
available in Appendix B.

In the setup, the first parabolic mirror collects the laser beam emitted 
from the device, converts it to a parallel beam, and guides it to the 
measurement cell. The second parabolic mirror focuses the THz light 
from the measurement cell onto the pyroelectric detector. The detector 
measures the laser beam’s intensity. To allow for the detection of the 
THz light by the pyroelectric detector and read out by a lock-in amplifier 
(Stanford Research SR830), the THz QCL is driven by a double- 
modulated voltage signal (see Section 3.1.1).

3.2. Gas production

This work describes two experimental campaigns. The setup proto
type was used to investigate synthetically prepared gas mixtures and 
validate the basic functionality. The advanced setup was tested in a 
second campaign with raw product gas produced via steam gasification 

Fig. 2. Molar extinction coefficients fit (surface) based on data from Spectral Calculator (data points). A) H2O, b) CO.

F.J. Müller et al.                                                                                                                                                                                                                                Energy Conversion and Management: X 26 (2025) 100906 

6 



of waste wood in a DFB gasifier. More detailed information on the gas 
sampling and measurements is given in Section 3.3.

3.2.1. First campaign: Synthetically prepared gas mixtures
A gas preparation unit consisting of bottled gases, mass flow con

trollers (MFC), an electrically heated water evaporator, and a water 
pump was used to prepare the synthetic gas mixtures for the first 
campaign. Fig. 4 shows a basic flowsheet of the setup, with only one gas 
sampling point alternating between the H2O condensation or the H2O 
laser and dry product gas measurements. The pipes downstream of the 
evaporator were electrically heated to approximately 200 ◦C to prevent 
condensation.

Table 2 lists the target values of the dry gas composition for the 
permanent gases and the varying H2O content. The carrier gas for 
MIX 1–3 is nitrogen, while the carrier gas for MIX 4–6 resembles a 
typical product gas from fixed-bed air gasification [51]. The target water 
vapor content ranges between 10 and 50 vol-%. The liquid water flow to 
the evaporator was only controlled by the pump, and so the actual 
values might have differed.

3.2.2. Second campaign: DFB gasification
A 100 kWth DFB gasification pilot plant at TU Wien was used to 

produce raw product gas. The DFB pilot plant and the SNG process chain 
have been described in various publications by TU Wien [7,44,46,52]. 
As the gasification process is not within the scope of this study, only a 
summary is given here.

A basic flowsheet of the setup is shown in Fig. 5, including the most 

relevant temperatures during the investigated gasification campaign’s 
stationary operation. DFB gasification is built on the principle of two 
interconnected fluidized beds. In the gasification reactor, biomass is 
gasified with steam or other gasification agents like CO2 at approxi
mately 800 ◦C, producing a raw product gas. Residual, ungasified char is 
transported to the combustion reactor with a circulating bed material. In 
the combustion reactor, char is combusted with air, and the hot bed 
material is transported back to the gasification reactor to drive the 
endothermic gasification reactions. The raw product gas leaves the 
gasifier via a cyclone and a radiation cooler where particles are reduced, 
and cooling occurs. A hot gas filter further reduces dust concentrations 
before the product gas is directed to a downstream synthetic natural gas 
process chain. For the investigated gasification campaign, 22.5 kg/h 
waste wood was gasified with steam at approximately 777 ◦C with an 
80/20 wt-% mixture of olivine/limestone as bed material.

Fig. 3. Gas measurement cell. a) Sketch of gas and light pathways (“DFB QCL”=distributed feedback quantum cascade laser) and b) 3D design drawing.

Fig. 4. Basic flowsheet of the gas preparation unit for synthetic mixtures.

Table 2 
Target gas compositions used for experiments with synthetically premixed gas.

Experiment N2 CO CO2 H2 CH4 H2O
 vol- 

%dry
vol- 
%dry

vol- 
%dry

vol- 
%dry

vol- 
%dry

vol-%

MIX 1 100 − − − − 25.0
MIX 2 100 − − − − 10.0
MIX 3 100 − − − − 50.0
MIX 4 45 20 13.3 19.25 2.45 42.5
MIX 5 45 20 13.3 19.25 2.45 50.0
MIX 6 45 20 13.3 19.25 2.45 35.0
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3.3. Gas sampling and conditioning

This chapter describes the differences in sampling procedures for the 
various measurements conducted in this work.

3.3.1. Condensation and dissolution measurements
Water vapor, tar, NH3, and H2S content can be measured discon

tinuously by condensing or dissolving them and relating the sampled 
amount to the dry carrier gas flow through the sampling line. This 
methodology is well established and is the current standard used during 
gasification experiments at TU Wien. Such results have been reported in 
various publications, e.g., [7,10], and are based on the procedure 
described in the tar guideline [14]. The resulting H2O data is termed 
cCondensation in this work.

Only one gas sampling point was available during the first campaign 
with synthetic gas mixtures, resulting in an alternating collection of 
water vapor quantification data by laser and condensation. On the 
contrary, individual sampling points for each H2O measurement and the 
dry product gas measurement were available during the second 
campaign. The second campaign also included tar measurements during 
the H2O condensation measurement. Furthermore, NH3 and H2S content 
in the raw product gas were quantified at the same sampling point with 
slightly adjusted methods.

The sampling setup for discontinuous tar and water vapor content 
measurement is depicted in Fig. 6. A heated cyclone and glass-wool 
stuffed filter cartridge removed particles that could otherwise distort 

the measurement. Condensate was collected in chilled Impinger bottles 
filled with toluene in a cryostat filled with glycol at −8 ◦C. A diaphragm 
pump drew a sample gas stream through the cooled toluene in the 
Impinger bottles and a bellows gas meter measured the dry gas volume. 
The standard volume of sampled dry gas was calculated from the bel
lows gas meter’s readout via the ideal gas law, using an integrated 
temperature measurement and ambient pressure data from a nearby 
weather station run by GeoSphere Austria [53]. The liquid mixture was 
transferred from the bottles into a separating funnel, where the denser 
water phase was collected at the bottom. This phase was separated into a 
measuring cylinder to determine the total volume of the liquid water 
collected. Depending on the estimated water content, sampling was 
done for 12 – 18 min.

Aqueous solvents replaced toluene to collect NH3 and H2S, for which 
the cryostat was tempered to +2 ◦C. NH3 was captured in a 0.05 
M H2SO4 and H2S in 35 wt-% KOH. H2S was determined by titration and 
NH3 by ion chromatography from these aqueous samples. The exact 
procedure is further detailed in [54].

Gravimetric tar content is determined from the mass of solid residues 
after solvent distillation and evaporation of a sub-sample [14]. Another 
sub-sample of the tar-toluene mixture was further analyzed by coupled 
gas chromatography-mass spectrometry (GC–MS) to determine the tar 
concentration and composition. These data were used to derive the tar 
dew point. The dew point for these mixtures can be estimated from 
vapor/liquid equilibrium calculations for single components [56], fol
lowed by the application of Raoult’s law [57].

Fig. 5. Basic flowsheet of the raw product gas preparation from a 100 kWth DFB gasifier.

Fig. 6. Discontinuous tar and H2O condensation measurement via condensation in toluene, adjusted from [55].
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3.3.2. Spectroscopic measurements
The new QCL-based H2O measurement and Emerson’s NGA2000 dry 

gas analyzer were used to collect data continuously. Gas was sampled 
from a single port, and both spectroscopic measurements were serialized 
during the first campaign (Fig. 7). The second campaign with raw 
product gas used two separate sampling lines: One without trace heating 
for the dry gas measurement and one without dry gas analyzer for the 
QCL-based H2O measurement. Fig. 7 shows the combined installation 
layout. The sampling point for the H2O laser measurement during the 
second campaign was placed after the inline hot gas filter to avoid high 
particle loads without installing another particle separation system.

The sampled gas was sucked through a section with trace heating, 
which covered the sampling line and the gas cell’s central section. A 
temperature measurement located on the sampling line’s outside wall 
was used for temperature control, which was set to 150 ◦C in the first 
campaign and 315 ◦C in the second campaign. Chilled impinger bottles 
filled with heating oil, followed by a glass-wool stuffed filter cartridge, 
were used to dry and clean the gas before the diaphragm pump. Finally, 
the gas stream was directed through the dry gas analyzer. This dry gas 
analyzer combines NDIR spectroscopy to measure CO, CO2, and CH4, 
paramagnetic O2 analysis, and a thermal conductivity (TCD) sensor to 
measure H2.

4. Results

4.1. First experimental campaign measuring synthetically prepared gas 
mixtures with setup prototype

Data for determining the water vapor content spectroscopically 
(cLaser) are given in Table 3. Each experiment’s baseline signal (I0,N2) is 
the average signal measured over a few minutes of flowing only nitrogen 
through the cell. This procedure was performed before each experiment 
MIX 1–3 and once before experiments MIX 4–6. The extinction coeffi
cient εH2O results from the iterative solving procedure described in 
Section 2.3. The uncertainties for εH2O and cLaser include the 
spectrometer-related uncertainties in wave number determination and 
temperature measurement. A pressure of 1.013 bar in the cell is assumed 
for this measurement. Data used for determining cCondensation are also 
presented in Table 3. There is no uncertainty provided for this mea
surement for two reasons: First, the uncertainties in this process are 
primarily related to manual labor steps and, therefore, are not easily 
standardized. The uncertainties stem from handling and separation 
procedures, e.g., incomplete transfer of liquids between various equip
ment. Second, since there is a lack of established water vapor measuring 
procedures in gasification, this method has not been checked and 

validated against other methods in any studies.
The results from the condensation and spectroscopic measurements 

are combined with dry gas data to calculate the full gas composition in 
Fig. 8. The rest of the gas mixtures was N2. The high uncertainties for 
cLaser are rooted in the estimated temperature uncertainty inside the gas 
cell and the laser’s wave number. These factors lead to uncertainty in 
calculating ε (Fig. 2) and, by extension, cLaser. The data of both types of 
water vapor measurement fit well, especially considering the unknown 
accuracy of the condensation measurement. The average results for cLaser 
are 4 – 18 % and for cCondensation 5 – 18 % below the target water vapor 
concentration. This negative deviation suggests that the pump likely 
delivered less than the target water flow rate. In conclusion, the spec
troscopic setup provides results that agree with an established mea
surement over a wide range of H2O concentrations and typical gas 
mixtures from gasification.

4.2. Second experimental campaign measuring raw and hot product gas 
from biomass steam gasification with advanced setup

The advanced spectroscopy setup was operated for around two hours 
during steam gasification of waste wood, and measurements were 
collected every 1 to 5 s. The baseline signal intensity in an N2 atmo
sphere (I0,N2) was measured as 5.71 mV at the lock-in amplifier before 
the experiment. The signal measured at the detector remained nearly 
constant during two hours of measuring hot and raw product gas from 
steady-state gasification. The average signal at the lock-in amplifier 
during the first hour of measurement was 2.03 mV, which is close to the 
average of 2.07 mV during the second hour. The baseline intensity I0,N2 
was used as a constant factor for calculating cLaser by Eq. (2) during the 
experiment in real-time. The results of these calculations are shown in 
Fig. 9.

Fig. 9a shows the measurement uncertainty resulting from the 
margin of error for experimentally determining the laser wave number. 
The average difference over the two hours of gasification between ν =
76.44 cm−1 and ν = 76.52 cm−1 is rather small at 0.4 vol-%, while the 
difference between ν = 76.52 cm−1 and ν = 76.60 cm−1 is twice that at 
0.8 vol-%. These results combine to a wavelength-uncertainty-related 
error of −0.4 to +0.8 vol-% H2O. In the second campaign, the temper
ature was measured inside the cell by a Thermocouple type K with an 
error of ±1.5 ◦C. This improvement drastically reduces the temperature- 
related uncertainty, which is further helped by the decreased tempera
ture sensitivity of this water vapor absorption line at temperatures be
tween 220 – 400 ◦C (Fig. 1b). The resulting temperature-uncertainty- 
related error is around ±0.3 vol-% H2O. The temperature and wave
length uncertainties combine to an estimated measuring error of 

Fig. 7. Setup for the novel spectroscopic H2O measurements, adjusted from [55]. Det. = Pyroelectric detector, QCL = THz quantum cascade laser.
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−0.7 to +1.1 vol-% H2O. This error margin substantially improved from 
the first campaign, which had higher uncertainties.

Fig. 9b shows the composition of the raw product gas over the 
experimental duration. The water vapor measurement results at the 
design wave number of ν = 76.52 cm−1 were combined with the dry gas 
composition to give this raw gas composition. The average H2O con
centration for the condensation measurement, conducted from 10:27 to 
10:39, was 46.7 vol-%. The spectroscopic measurement, on average, 
yielded 45.9 vol-%. Mass and energy balancing simultaneously 

calculated in the process simulation software IPSEpro suggested 
44.6 – 45.3 vol-%. Over two hours, the average cLaser result was 48.2 vol- 
%.

These measurements were performed in a raw product gas with H2, 
CO2, CO, CH4, and N2 as the main dry gas components. Of these com
ponents, only CO was suggested by the Spectral Calculator to influence 
the H2O quantification in this QCL setup noticeably. Including CO 
measurement data from NDIR in the solving algorithm allowed for 
dynamically accounting for CO absorption. 15378 ppm NH3 and 387  
ppm H2S were also found in the dry gas. While these species’ absorption 
was not dynamically considered, the spectral calculator estimates their 
influence was low. Absorption values of 2E-03 for NH3 and 9E-05 for 
H2S were calculated, corresponding to an H2O overestimation of 0.1 vol- 
%. This value can be used for calibration in post-processing, changing 
the spectroscopic measurement to 45.8 vol-% from 10:27 to 10:39 and 
48.1 vol-% over the experimental duration. The total tar content in the 
raw product gas was determined as 31.21 g/Nm3dry by GC–MS, of which 
most were benzene and only 11.75 g/Nm3dry were not benzene, toluene, 
ethylbenzene, or xylenes (Appendix C). Gravimetric tar was determined 
as 4.18 g/Nm3dry. The tar dew point was calculated at 192 ◦C, suggesting 
that the temperature in the cell was sufficient to avoid tar condensation. 
This finding, the measurement’s stability over two hours, and the 
comparison with the condensation measurement suggest that this novel 
device is well-equipped to handle tar-contaminated gases.

5. Discussion

This section discusses some possible errors that might have influ
enced the H2O concentration results and how those errors could be 
reduced in future works.

Systematic errors are consistent and repeatable and occur due to 
flaws in the measurement system. This work used the simplification that 
the measurement signal at the lock-in amplifier is reduced from the 

Table 3 
Results for experiments with synthetically prepared gas mixtures.

Wave 
number 
ν Temperature T

Average baseline 
signal 
I0,N2

Average experimental 
signal 
I

Extinction 
coefficient 
εH2O

H2O 
target H2O cLaser

H2O 
cCondens.

cm¡1 K mV mV m2/mol vol-% vol-% vol-%
MIX 1 76.52 ± 0.08 383 ± 10 9.57 4.66 0.485 – 0.555 25.0 21.6 ± 1.5 22.8
MIX 2 76.52 ± 0.08 383 ± 10 10.62 8.30 0.378 – 0.445 10.0 9.3 ± 0.8 8.2
MIX 3 76.52 ± 0.08 383 ± 10 9.66 1.61 0.647 – 0.723 50.0 40.9 ± 2.6 46.5
MIX 4 76.52 ± 0.08 390 ± 10 5.73 1.38 0.593 – 0.663 42.5 35.9 ± 2.1 37.5
MIX 5 76.52 ± 0.08 388 ± 10 5.73 0.82 0.662 – 0.736 50.0 43.9 ± 2.5 47.6
MIX 6 76.52 ± 0.08 390 ± 10 5.73 1.57 0.576 – 0.644 35.0 33.6 ± 2.0 32.1

Fig. 8. Comparison of H2O concentrations measured by condensation 
(H2OCondens.) and spectroscopy (H2OLaser) in various experiments with syn
thetically prepared gas mixtures.

Fig. 9. H2O measurement data for hot and raw product gas from biomass steam gasification. a) Uncertainty was introduced into water vapor measurement due to 
uncertainty in laser wave number, and b) Raw product gas composition data.
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baseline signal only by absorption from H2O and CO. Other effects that 
would reduce the baseline signal during measurement are neglected, 
which could lead to overestimating the H2O content in the gas. Mea
surement data in this work and HITRAN2020 data are available for NH3, 
H2S, H2, CO2, and CH4. H2, CO2, and CH4 do not absorb significantly at 
2.293 THz (see Section 2.1). Data on NH3 and H2S abundance were 
unavailable as online measurements, but post-processing revealed that 
these species led to overestimating the H2O concentration by 0.1 vol-%. 
If the setup was changed to allow for online measurement of NH3 and 
H2S, this error could be dynamically eliminated. The absorption from 
other components could not be considered since measurement or 
HITRAN2020 data were missing. An estimation for the maximum error 
during measurement can be given as the sum of errors induced by typical 
product gas impurities (see Table 1). If every impurity were present at its 
maximum considered concentration, this would result in a baseline 
decrease of around 5.1 %. At 250 ◦C, 1 atm, and εH2O of 0.5 m2/mol, this 
would correspond to a maximal H2O overestimation of 2.5 vol-%. This 
maximum error is primarily a result of absorption by 10 vol-% NH3 and 
0.1 vol-% HCN, which are very high numbers for biomass gasification. 
This estimation does not include the unknown absorption of any species 
for which data was unavailable in the HITRAN2020 database.

The baseline signal could also have been reduced through light 
scattering by particles or window fouling, possibly inducing another 
systematic error. The influence of these non-H2O-absorption-losses 
could be investigated in future work. This investigation could include 
dedicated experimental campaigns measuring the impact of various 
components. Alternatively, other measurement techniques could be 
adopted, such as normalized wavelength modulation spectroscopy, 
which has been reported to reduce these errors [18,20]. Another sys
tematic error results from using simulated lineshape profiles to calculate 
the molecular absorption coefficients. Voigt profiles typically show re
siduals within 2 % of measured lineshape around standard temperature 
and pressure but can be less accurate under certain circumstances [18].

Random errors arise from unpredictable fluctuations in the process. 
The conditions in the laboratory with the gasifier were not as controlled 
as in an optical laboratory and were representative field tests of a real
istic application environment. Various machines, heat sources, people, 
and dust were close to the gasifier and spectroscopic setup; furthermore, 
the windows were open, and the laboratory was not air-conditioned. 
Under these laboratory conditions and without encasing the setup, the 
baseline signal intensity in an N2 atmosphere (I0,N2) was measured as 
5.71 mV at the lock-in amplifier before the experiment. The signal-to- 
noise ratio was calculated as averaged signals versus the standard de
viation σ of the transmitted signal. At σ = 0.24 mV, the resulting signal- 
to-noise ratio was 23.8 for the baseline signal. The signal-to-noise ratio 
was much lower at around 8 during actual measurement using the same 
standard deviation. Consequently, this means that very high H2O con
tent and correspondingly low signals at the lock-in-amplifier would have 
very low signal-to-noise ratios, a drawback of the employed fixed- 
frequency approach. Encasing the setup could increase the signal-to- 
noise ratio since the baseline and signal-to-noise ratios were higher in 
the optical laboratory. Additionally, encasing the setup would be 
necessary for more extended tests to exclude any absorption from 
ambient moisture and ensure that ambient moisture variation between 
the time of baseline measurement and experiment does not alter the 
results. A laser with a higher power output could also increase signal-to- 
noise ratios.

Dynamic errors occur when the measurement system cannot respond 
quickly to the measured quantity. In the context of gasification analysis, 
the repetition rates of the used electronic equipment are fast enough to 
avoid such errors. The computation interval for new measurements was 
somewhat arbitrarily chosen as “every few seconds”, sufficient for 
observing the product gas from a pilot-scale gasifier. One potential dy
namic error occurs during temperature measurement in the cell by a 
thermocouple. The increase in cLaser data near the start of the gasification 
experiment is not explained by a trend in the raw voltage signal at the 

lock-in amplifier. Instead, this trend appears once the raw signal is 
combined with the gas cell temperature data. The temperature increase 
near the start is explained by a change in gas supply from nitrogen to hot 
and raw product gas less than three minutes before the condensation 
measurement. As a result, the gas temperature might have been 
underestimated before the setup’s temperature was stabilized. One so
lution for future experiments is to avoid switching between gas supplies 
at varying temperature levels this close to the measurement. Another 
solution could be to implement spectroscopy-based temperature mea
surement with a faster response time, e.g., as Sepman et al. showed [23].

Instrumental errors are inherent to the measuring instruments and 
can be reduced by regular maintenance and calibration. Temperature 
measurements are one of the two primary sources of uncertainty dis
cussed and presented in this work. Integrating the thermocouple directly 
into the cell helped to reduce this uncertainty considerably. The other 
prominently discussed uncertainty resulting from instrumental error is 
the laser frequency. The spectrometer’s resolution is defined by the path 
difference of the interferometer arms as ± 0.08 cm−1 and leaves some 
uncertainty when measuring the laser wavelength. This uncertainty is 
mainly due to the laser’s emitted frequency depending on the laser’s 
temperature. Consequently, refined measuring and stabilizing proced
ures for the laser’s temperature could reduce this uncertainty. These 
instrumental errors induced an error of −0.7 to +1.1 vol-% H2O in this 
work.

A total estimation of measurement error can be given as the sum of 
partial errors that could be quantified. These errors include mis
classifying absorption by other gases as absorption by H2O and tem
perature- and wavelength-uncertainty-related errors. If all impurities 
listed in Table 1 were assumed to be unknown, the error would be 
increased to −3.2 to +1.1 vol-% H2O. Consequently, careful consider
ation should be given to the NH3 and HCN content if nitrogen-rich 
feedstocks are combined with this measurement. The absorption by 
other components, including those not listed in the HITRAN2020 data
base, remains unknown. Future works should aim to investigate the 
baseline variability resulting from absorption and scattering.

The measured water vapor contents are plausible for biomass steam 
gasification [52], although higher than expected if the water–gas shift 
reaction were in equilibrium at these operating conditions. The high 
value is likely a result of TUW operating their DFB gasification process 
with excess steam to achieve the desired superficial gas velocity for 
fluidization. This measurement could be used to optimize the steam 
ratio in future campaigns. The results from the new laser measurements 
are within the uncertainty calculated for the new measurement in this 
section compared to the discontinuous concentration measurement and 
mass balance. The excellent agreement between these results highlights 
the potential of this technology as a reliable online measurement that 
can improve process understanding and control for processes with 
complex gas mixtures.

6. Conclusion and outlook

This study introduced a novel spectroscopic device, including a 
quantum cascade laser emitting at 2.294 THz, a hot gas cell, and a py
roelectric detector to quantitatively measure H2O in hot and raw prod
uct gas from biomass gasification. This design was chosen based on 
absorption data from the HITRAN2020 database calculated in the 
Spectral Calculator by GATS. Elevated temperatures of around 250 ◦C 
facilitated water vapor quantification without tar condensation 
impeding the measurement. The second campaign successfully adopted 
an advanced gas cell design at around 250 ◦C to avoid tar condensation 
and operate without interruption for two hours. The water vapor was 
embedded in a mixture that contained H2, CO2, CO, CH4, N2, NH3, H2S, 
and tar. Tar content in the raw product gas from steady-state gasification 
was determined as 31.21 g/Nm3dry by GC–MS and 4.18 g/Nm3dry gravi
metrically. The average signal at the lock-in amplifier during the first 
hour of measurement was 2.03 mV, which is close to the average of 
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2.07 mV during the second hour of steady-state gasification. These re
sults show that this technology can be used for hot and raw gases, 
including mixtures of permanent gases and uncondensed tar.

The measurements by QCL yielded results that were close to the 
results from offline analysis by condensation. When measuring raw 
product gas from biomass steam gasification, the condensation mea
surement showed 46.7 vol-%, while the spectroscopic measurement, on 
average, yielded 45.8 vol-%, and mass balancing suggested 44.6 – 45.3 
vol-%. Both the condensation and the mass balancing results are within 
the uncertainty calculated for the spectroscopic measurement, which 
was −0.7 to +1.1 vol-% H2O. The new laser method also provided 
preliminary results every 1 to 5 s in real-time, starkly contrasting the 
established condensation procedure, which produces average data for a 
given timespan and incurs a labor-related delay. Over two hours, the 
average cLaser result was 48.1 vol-%. These points underscore that fixed- 
wavelength direct absorption using a QCL emitting in the far-infrared 
range is a promising option for water vapor quantification in harsh 
environments.

Further temperature and gas composition screenings and validation 
campaigns could reinforce the findings of this study and help with po
tential applications outside of biomass gasification. A limitation of this 
work is the uncertainty in laser frequency, which was a primary source 
of water vapor content uncertainty in measurement and is increasingly 
problematic at low water vapor contents and high temperatures in the 
gas cell. This uncertainty is primarily due to the laser’s emitted fre
quency depending on the laser’s temperature. Consequently, refined 
measuring and stabilizing procedures for the laser’s temperature could 
reduce this uncertainty. Furthermore, the baseline variability in various 
gas mixtures should be investigated in future work. Signal-to-noise ra
tios could likely be increased by encasing the setup. Wavelength mod
ulation spectroscopy could be considered to improve sensitivity and 
resistance against noise. The heating and insulation setup could also be 
further improved to avoid a drop in cell temperature when switching 
from cold to hot gas feeds.
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Appendix A. – Iterative solving algorithm

The molar extinction coefficient’s dependence on the molar H2O concentration means that Eq. (2) needs to be solved iteratively. For this reason, a 
solving algorithm is adopted to determine cLaser by the following steps: 

1. Initialization 
a. Create parametrized, quadratic fits for εH2O and εCO that depend on the temperature and molar concentration and are based on data from the 

Spectral Calculator. (Fig. 2)
b. Use 10 vol-% as a first guess for cLaser and the dry gas measurement data from NDIR as a first guess for cCO.
c. Use the baseline intensity in nitrogen atmosphere as starting guess for I0.

2. Iteration loop 
a. Calculate new estimates for εH2O and εCO from the parametrized fits, using the measured gas temperature and the latest guess for cLaser and cCO as 

parameters.
b. Calculate a new cLaser from Eq. (2) using constant values for R (8.3144 J•mol−1•K−1), p (101325 Pa), d (0.086 m), the latest estimate for the 

baseline intensity I0, real-time measurement data for the temperature T and experimental intensity I, and the latest estimate for εH2O.
c. Calculate a new cCO from the new cLaser and dry gas composition data for CO from NDIR measurement.
d. Calculate a new estimate for the baseline intensity I0 from the latest cCO and I0,N2 data from Eq. (3) and Eq. (4), using the same constant values 

as in step 2b.
e. Compare the new calculation of cLaser from step 2b to the previous estimate of cLaser: If the difference between the two latest estimates for cLaser is 

smaller than 0.01 vol-%, then accept the latest cLaser as the measurement result. Otherwise, repeat the iteration loop.
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Appendix B. – Pictures of the setup

Information on the used equipment is also available in Section 3.1.

Fig. B1. Scanning electron microscope picture of ridge-type lasers with 1st-order distributed feedback grating for wavelength-selective single-mode emission

Fig. B2. Quantum cascade laser a) with cryogenic cooler, b) zoomed in

Fig. B3. Advanced gas cell setup: a) Without insulation, b) With insulation
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Fig. B4. Core gas cell setup including heated gas sampling line, quantum cascade laser, cryogenic cooler, parabolic mirror, gas drain line leading to Impinger bottles 
for condensation

Fig. B5. Full setup including everything from Figure B- 4 and on the right table from top to bottom: oscilloscope, frequency generator (Agilent 33220A), voltage 
pulse generator (Agilent 8114A), lock-in amplifier (Stanford Research SR830)

Appendix C. – Detailed tar analysis

This tar analysis was conducted by GC–MS in the Testing Laboratory for Combustion Systems at Technische Universität Wien. The tar dew point for 
this mixture was estimated as 192 ◦C from vapor/liquid equilibrium calculations for single components [56], followed by the application of Raoult’s 
law [57].

Table C1. Tar compound analysis via GC–MS. “n.m.”=not measured.

Compound Concentration Compound Concentration
 mg/Nm3dry  mg/Nm3dry
Benzene 19,459 Indole  
Toluene n.m. Biphenyl 197
2-Methylpyridine n.m. 1-Vinylnaphthalene n.m.

(continued on next page)
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(continued )
Compound Concentration Compound Concentration
Ethylbenzene n.m. 2-Vinylnaphthalene 61
m- and p-Xylene n.m. Isoeugenol n.m.
o-Xylene + Styrene 464 Acenaphthylene 1433
Phenylacetylene n.m. Acenaphthene 57
3- and 4-Methylpyridine n.m. Dibenzofuran n.m.
Mesitylene n.m. Fluorene 415
Phenol 42 Dibenzothiophene n.m.
Benzofuran n.m. Anthracene 389
1H-Indene 1053 Phenanthrene 1365
2-Methylphenol <19.93 Carbazole n.m.
3- and 4-Methylphenol <19.93 4,5-Methylenephenanthrene n.m.
2-Methylbenzofuran n.m. 9-Methylanthracene n.m.
2,6-Dimethylphenol n.m. Fluoranthene 585
2,5- and 2,4-Dimethylphenol n.m. Pyrene 375
3,5-Dimethylphenol n.m. Benzo[a]anthracene 120
2,3-Dimethylphenol n.m. Chrysene 120
3,4-Dimethylphenol n.m. Benzo[b]fluoranthene 95
2-Methoxy-4-Methylphenol n.m. Benzo[k]fluoranthene 37
Naphthalene 4552 Benzo[e]pyrene 85
1-Benzothiophene n.m. Benzo[a]pyrene n.m.
Quinoline n.m. Perylene <19.93
2-Methylnaphthalene 172 Dibenz[a,h]anthracene <19.93
Isoquinoline n.m. Benzo[g,h,i]perylene 23
1-Methylnaphthalene 75 Indeno[1,2,3-cd]pyrene 35
1-Indanone n.m. Anthanthrene n.m.
Eugenol n.m. Coronene <19.93

Data availability

Data will be made available on request.
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• Biomass CO2 gasification can supply reducing gas for direct reduction ironmaking. 

• Energy demand is 12.4-18.0 GJ/tCDRI at 39-56 % energy efficiency of ironmaking. 

• Net-negative CO2 emissions are possible using biogenic carbon capture and storage. 
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Abstract 
This concept study provides the first description of a process where the reducing gas for direct reduction 

ironmaking (DRI) is produced from renewable feedstocks by biomass gasification with CO2 as the 

gasifying agent. The combined process recycles CO2 from the DRI process as a reactant to the gasifier 

and converts it in reactions with biomass to CO. Using CO2 instead of steam as a gasification agent 

brings unique advantages to the DRI process, such as lower H2:CO ratios and higher reduction potential. 

This study includes process simulations of six novel biomass CO2 gasification-direct reduction 

ironmaking (BCG-DRI) routes and two simulations using established natural gas reforming technology 

(NGR-DRI). The BCG-DRI routes produce reducing gas with higher reduction potential (13 – 29) and 

lower H2:CO ratio (0.5 – 0.7) compared to NGR-DRI (9 and 1.8). Energy efficiency is higher for the 

NGR-DRI configurations (63 – 64 % versus 39 – 56 %). All BCG-DRI routes show significantly lower 
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CO2-equivalent emissions, reaching net-negative emissions up to −1,227 kgCO2e/tCDRI. At current wood 

and natural gas prices in Austria, BCG-DRI routes have levelized cost of production (LCOP) down to 

350 €/tCDRI. LCOP is calculated at 416 €/tCDRI for the NGR-DRI process. Based on this work’s results, a 

new plant should strive to reach a high conversion of CO2 in the gasifier, as this brings advantages in 

key areas like process efficiency and production costs. The combination of economic and ecological 

advantages identified for biomass CO2 gasification is crucial because it can help the industry to 

defossilize while remaining competitive. 

1. Introduction 

1.1. The importance of direct reduction ironmaking for 

decarbonization 
The Intergovernmental Panel on Climate Change (IPCC) details in its sixth assessment report that the 

average carbon intensity of steelmaking in 2020 was 2.3 tCO2/tSteel [1], while global steel demand was 

around 1.81 Gt in 2023 [2]. As a result, the steelmaking sector was responsible for 4.1 GtCO2-eq. or 6.9 % 

of all global emissions, making it imperative to adjust existing and develop new low-emission processes 

for iron- and steelmaking [1]. Around 70 % of global production is currently covered by the blast 

furnace-basic oxygen furnace (BF-BOF) process, with the rest mostly coming from electric arc furnaces 

(EAF) [3]. Global steel production capacity is estimated at 2.43 Gt, which exceeds the current demand 

by around 600 Mt/y [4]. Another 68 Mt/y of capacity additions are underway until 2026, and 89 Mt/y 

are in the planning phase [4]. Since the average lifetime of BOF is reported at 100 years and EAF at 67 

years [5], it is imperative to find options for deep decarbonization that can include existing facilities. 

Today's production via the EAF route is typically less emission-intensive and offers more 

straightforward options for further emission reduction. The EAF process can either produce secondary 

steel from up to 100 % recycled steel scrap [6], or be coupled with a direct reduction ironmaking (DRI) 

step, which reduces iron ore and prepares it for use in the EAF [4]. DRI processes reduce iron ore by 

reacting it with a reducing gas that contains hydrogen and carbon monoxide [7]. The market-leading 

DRI production technology is the MIDREX process, a shaft furnace process that uses natural gas (NG) 

as feedstock and produced 57.8 % of all DRI in 2022 [8]. In this process, natural gas is used as both 

energy and chemical feedstock to produce H2 and CO-rich reducing gas by natural gas reforming (NGR). 

While the NGR-DRI-EAF process' global warming potential is estimated to be around 40 % lower than 

the coal-driven BF-BOF process [9,10], this unabated use of fossil gas is still in conflict with net-zero 

emission strategies. Further reductions are possible when secondary steel is produced from scrap metal 

instead of iron ore in the EAF. This configuration is estimated at 37-71 % less emissions and 58-60% 

less energy per ton of steel compared to the BF-BOF route [11]. However, the limited availability of 
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scrap is and will continue to be a challenge for the widespread adoption of this technology. Forecasts by 

the World Steel Association project scrap availability at 600 Mt/y by 2030 and 900 Mt/y by 2050 [6], 

which is significantly lower than global steel demand. Consequently, developing net-zero and below-

zero emission processes for DRI production is vital for decreasing the iron- and steelmaking sector's 

emissions. 

1.2. Low-emission technologies for direct reduced iron 
The most common suggestions for lowering emissions in the DRI process are the inclusion of carbon 

capture and storage (CCS) into existing DRI processes and replacing natural gas as feedstock with 

hydrogen [12]. The integration of CCS into the NGR-DRI-EAF route has been described in scientific 

literature to decrease the global warming potential of crude steel production by 62 % [10] while 

increasing costs by only 7% [12]. However, just one such facility is currently operated commercially 

[13]. After eight years of operation, this facility captures only 45 % of the produced CO2 and uses it for 

enhanced oil recovery [14].  

Replacing the reducing gas formed from natural gas with hydrogen for direct reduction ironmaking (H2-

DRI) is discussed as a vital part of decreasing the steelmaking sector's emissions by various institutions, 

such as the International Energy Agency (IEA) [3,13] and the Organization for Economic Co-operation 

and Development (OECD) [4]. In Sweden, construction of the first two commercial H2-DRI projects is 

underway [13]. The reduction in global warming potential for H2-DRI-EAF compared to NGR-DRI-

EAF has been estimated at -64 % for using green H2 produced with Sweden's electricity mix [10]. 

However, these savings could be much lower in countries with significant electricity production from 

fossil feedstocks. For example, India produces over half its electricity from coal and another 30 % from 

oil [15]. India's emission intensity of steel production is higher than the global average, although EAF 

is overrepresented at 45 % of the country's production capacity [4]. Furthermore, economic operation 

remains challenging for H2-DRI [12,16]. Benavides et al. estimated the costs of H2-DRI-EAF to increase 

by 18 % for using blue hydrogen and 79 % for using green hydrogen when compared to the NGR-DRI-

EAF route [12]. Technical challenges for H2-DRI include heat distribution due to the endothermic 

reduction process and balancing the carbon content in the produced steel [16]. 

The production of reducing gas for DRI could also be achieved by biomass gasification. Some authors 

have suggested steam or steam/oxygen-blown biomass gasification as a low-emission alternative to 

produce a reducing gas that contains both CO and H2 [17–20], similar to the reducing gas produced from 

natural gas. Their economic performance was described as competitive with NGR-DRI, although this 

was partially based on favorable assumptions, such as the option to generate profit from biogenic carbon 

capture and storage (BCCS) [20] and oxygen available on site from existing installations [19]. It has 

been reported that if biomass is sustainably sourced and CCS is included in the process, these processes 

offer the possibility to achieve net-negative CO2 emissions [18–20]. The exothermic iron reduction 
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process with CO could help with the heat distribution challenges observed for the H2-DRI route. 

Furthermore, solid carbon can be introduced into the DRI product by various carburization reactions 

[20], decreasing the risk of iron re-oxidation by contact with air and helping the EAF process in multiple 

ways, e.g., by reducing energy demand [21].  

1.3. A novel concept - Biomass CO2 gasification for direct 

reduction ironmaking 
This study is the first investigation of biomass gasification with CO2 as a gasification agent for direct 

reduction ironmaking. While previous studies have investigated the more established biomass steam 

gasification processes, our new study proposes using CO2 as a gasification agent instead. CO2 is not 

sourced externally but is available by capture from the DRI process. CO2 can be recycled back to the 

gasifier as a reactant, where it is converted by reaction with biomass to CO [22–26]. The generated CO 

is reused in the DRI process, creating a compact carbon capture and utilization loop. Using CO2 as a 

gasification agent provides unique advantages over previously proposed biomass steam gasification 

processes and direct reduction with hydrogen.  

First, the experimentally found product gas from biomass CO2 gasification is sufficiently rich in CO and 

H2 to be directly suitable for DRI, while the product gas from steam gasification generally has too much 

H2O and CO2. The molar ratio of (H2+CO)/(H2O+CO2) is referred to as reduction potential (RP) in 

ironmaking [19,27]. RP of around 9 can be considered sufficient for DRI [27]. The gas produced by 

steam gasification processes considered by Zaini et al. [18] and Hammerschmid et al. [19] had RP below 

1 due to its high H2O content. In contrast, our earlier work experimentally demonstrated that it is possible 

in biomass CO2 gasification to produce a reducing gas with very low H2O and CO2 content [22], suitable 

for the DRI process at reduction potentials of up to 14. This difference could help process efficiency 

because it reduces the need for adjustments. 

Second, a potential appeal of such a gasifier could be found in lower H2:CO ratios in the reducing gas. 

Reducing gas mixtures with H2:CO ratios around 1:3 to 1:1 have been reported to bind the most carbon 

in the solid DRI product as Fe3C [28] and could be achieved by biomass CO2 gasification. These lower 

H2:CO ratios might be favorable for carburization [28] and heat management in the direct reduction 

reactor compared to gas from other gasification types. These advantages would be heightened when 

compared to pure H2 from H2-DRI. 

The present work aims to provide a holistic assessment of biomass CO2 gasification’s potential in 

ironmaking. The influence of gasification data on overall process performance is investigated by using 

three biomass CO2 gasification datasets. These three datasets span a wide range of CO2 conversion 

effectiveness in the gasifier, which allows for investigating if there are ecological and economic benefits 

from designing a process with high conversion of CO2 in the gasifier. Each dataset is investigated with 
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air and oxy-fuel combustion, leading to six process simulations that describe how biomass CO2 

gasification can be integrated into direct reduction ironmaking (BCG-DRI). The results are compared 

to conventional natural gas reforming technology (NGR-DRI), which is included in this work as a 

benchmark. The core questions answered in this study are: 

• How should a BCG-DRI process look like that captures CO2 from the DRI exhaust and recycles 

it to the gasifier for conversion? 

• How high is the energy efficiency of the new BCG-DRI processes compared to established 

natural gas reforming technology? 

• How high are the CO2 emissions of the new BCG-DRI processes compared to established 

natural gas reforming technology? 

• How high are the costs of producing DRI using the new BCG-DRI processes compared to 

established natural gas reforming technology? 

2. Methods 
The process simulations in this work are built on previously published experimental data on CO2 

gasification [22,29]. These data are combined with other literature sources to create multiple flowsheet 

models producing cold direct reduced iron (CDRI), the most common product from today’s MIDREX 

plants [30]. Similar simulations for the established NGR-DRI process are added to enable comparisons 

using the same methods and assumptions. The derived mass and energy balance data are the basis for 

the techno-economic and CO2 emission assessments.  

2.1.  Process modeling 

2.1.1. System overview 
Process modeling in this work was performed in IPSEpro 8.0. IPSEpro is a steady-state, equation-

oriented flowsheet simulation program for mass and energy balancing [31]. Model libraries for this 

program have been developed for gasification and are commonly used at TU Wien for mass and energy 

balancing, e.g., [32]. The program can use external libraries for the thermodynamic properties of species 

but, generally, does not assess or include kinetic or equilibrium behavior. Mass and energy data for 

individual simulation units are taken from experiments, literature, or other simulation tools. Sufficient 

data input allows the user to calculate missing values by closing mass and energy balances. The validity 

of the overall simulation is ensured by careful selection of input data, which are presented in Sections 

2.1.2-2.1.8. 

Figure 1 provides an overview of all simulated routes and their key differences, while more detailed 

settings for each part of the simulation are discussed the following sections. This work includes eight 
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simulated process routes producing cold direct reduced iron (CDRI) in a shaft furnace similar to the one 

used in the MIDREX process [8]. The two simulations using natural gas reforming for reducing gas 

production are referred to as NGR-DRI throughout this work. The other six simulations use biomass 

CO2 gasification and are collectively called BCG-DRI. Further differences are reflected in the 

simulation’s name in parentheses and concern: 

• the inclusion of carbon capture and storage  for the NGR-DRI simulations (no CCS or CCS), 

• type of combustion technology  for the BCG-DRI simulations (AIR or OXY) and,  

• and conversion of CO2 in the underlying gasification experiment for the BCG-DRI simulations 

(low (LC), medium (MC), high (HC) conversion). 

 
Figure 1: Overview of process routes simulated within this work. Gasification datasets are taken from these sources: 
"Mauerhofer, 2021"=[29], “Müller, 2024”=[22] 

This NGR-DRI process consists of a reformer, shaft furnace, and a heat recovery system and mostly 

follows data published on the Gilmore plant in Portland, Oregon [27]. Natural gas is mixed with dried 

process gas from the DRI shaft to form so-called feed gas, which is preheated and fed to a reformer. The 

reformer converts feed gas in an endothermic process to reducing gas with H2 and CO as the main 

components. The reducing gas and a gas stream called carburization gas enter the shaft furnace. In the 

NGR-DRI cases, the carburization gas is natural gas. Iron ore is reduced in the shaft furnace by 

transferring oxygen to the reducing gas, forming CO2 and H2O. The used reducing gas, the so-called top 

gas, still contains some H2 and CO and is dried before a part stream is used as combustion fuel in the 
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reformer to provide the energy needed to create reducing gas. The flue gas from top gas combustion in 

the reformer is used for heat exchange before being released to the ambient. The rest of the top gas is 

merged with additional natural gas to create new feed gas for the reformer. In addition to this base case, 

one simulation also considers including a mono-ethanolamine (MEA) based carbon capture system that 

captures CO2 from the reformer's flue gas and prepares it for transport and storage. This simulation is 

named NGR-DRI(CCS). 

 
Figure 2: Simplified overview of the Natural Gas-Direct Reduction Ironmaking (NGR-DRI) process route. Process units in red 
are only included in the adapted NGR-DRI(CCS) simulation, including Carbon Capture and Storage. 

The other six process configurations keep the DRI shaft but replace the natural gas reformer with 

biomass CO2 gasification in a dual fluidized bed (DFB) gasifier to create the reducing and carburizing 

gas (Figure 3). In the gasifier section of the DFB gasifier, biomass and CO2 endothermally react to form 

the product gas. This hot product gas is used for heat exchange, cleaned in a scrubber filled with rapeseed 

methyl-ester (RME), and mixed with top gas from the DRI shaft. The mixture is fed to the MEA scrubber 

for carbon capture. Part of the captured CO2 is fed back as a gasification agent to the gasifier, while the 

rest is prepared for transport and storage. The uncaptured gas that passes through the MEA scrubber 

constitutes the reducing and carburizing gas in this process. The reducing gas is preheated and fed to the 

shaft furnace, where iron ore is reduced. Part of the top gas is recycled into the MEA scrubber, and the 

rest is used as combustion fuel in the DFB gasifier, pyrolyzer, and secondary combustion chamber. The 

pyrolyzer is only included in the process for the (HC) configurations and provides wood char as 

gasification feedstock. The gaseous side-products from pyrolysis are termed pyrolysis gas and, in this 

simulation, merged with raw product gas before it undergoes gas conditioning. 

The three simulations with the added suffix (OXY) use an air separation unit (ASU), and a wet flue gas 

recycle loop for oxy-fuel combustion. These configurations were added because the MEA scrubber is 
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at a different position than for the NGR-DRI(CCS) simulation, and the scrubber does not capture CO2 

from combustion. Oxy-fuel combustion was selected to capture CO2 from combustion because it 

potentially incurs a lower energy penalty than post-combustion capture [33,34]. There could also be 

synergy effects with air separation units in existing iron- and steelmaking facilities, but this is not an 

assumption in this work. The oxy-fuel configurations allow for sending all produced CO2 to transport 

and storage.  

Three experimental gasification datasets with varying conversion of CO2 in the gasifier are used. CO2 

conversion was determined by differing methods in the underlying works [22,29]; therefore, a mass 

balance estimation of CO2 conversion (Eq. 1) is applied here ensure data consistency and enable a 

discussion on equal footing. CO2 conversion is determined for the three datasets as 15 % (low 

conversion, “LC”), 34 % (medium conversion, “MC”), and 89 % (high conversion, “HC”). 

𝑋DN<,VU]U_WY = 𝑚̇DN<,\_ − 𝑚̇DN<,`fe𝑚̇DN<,\_  Eq. 1 

Each dataset is used in two simulations: one with air combustion and one with oxy-fuel combustion. 

(LC) and (MC) used softwood pellets as gasification feedstock [22,29]. (HC) used Eucalyptus globulus-

derived char as gasification feedstock [22]. For the (HC) configurations, a pyrolyzer converts wood into 

char before gasification. The low-conversion data were taken from an experiment in the 100 kWth dual 

fluidized bed (DFB) gasifier at TU Wien, as reported by Mauerhofer et al. [29]. Medium- and high-

conversion data from the 100 kWth DFB gasifier were unavailable. They were instead taken from our 

earlier work [22] with an electrically heated, single fluidized bed gasifier with 3 kWth fuel power. All 

six BCG-DRI simulations use the DFB gasifier concept, which provides energy to the gasification 

reactor by external combustion in the combustion reactor. 
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Figure 3: Simplified overview of the Biomass CO2 Gasification-Direct Reduction Ironmaking (BCG-DRI) process routes. 
Process units in red are only included in the (OXY) and (HC) configurations, including oxy-fuel combustion or pyrolysis. 

2.1.2. Feedstocks 
All feed streams, other than water for district heating, are assumed to enter the process at ambient 

temperature and pressure.  Ambient air conditions are supposed to be 10 °C, 1 atm pressure, and 80 % 

relative humidity. CDRI is produced from DR-grade iron ore pellets. Iron ore pellet and gangue 

composition follow supplementary data from Nurdiawati et al. [35] without moisture. These authors 

noted that the composition with low SiO2 and high MgO is typical for pellets from the LKAB Swedish 

mining company. The natural gas composition follows the typical values provided by Enbridge Gas 

[36]. Dry softwood composition is assumed to be the same as for the underlying CO2 gasification 

experiments [22,29]. A moisture content of 35 wt.-% before drying is chosen for the softwood to fit 

available market data for the techno-economic analysis [37]. Make-up streams of triethylene glycol 

(TEG), monoethanolamine (MEA), and rapeseed methyl ester (RME) are assumed as pure species. 

Olivine is treated as pure and inert in the model. A representative olivine composition used in 

gasification experiments at TU Wien is 48 – 50 wt.-% MgO, 39 – 42 wt.-% SiO2, and 8.0 – 10.5 wt.-% 

Fe2O3 [23]. Additional information on feedstock compositions is given in Appendix A. 

Oxygen for oxy-fuel combustion is assumed to be produced by a cryogenic air separation unit (ASU). 

The ASU is not simulated in detail in this work but is included in the energy demand and techno-
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economy calculations. Following Habib et al., oxygen purity of 95 %, nitrogen as the rest, and an 

electrical demand of 0.24 kWh/kgO2 are assumed for oxygen production [33]. 

Excess heat is available from the flue gas in the NGR-DRI simulations. For these simulations, a district 

heating feed-in option is included as a low-temperature excess heat utilization option. District heating 

water is assumed to return to the facility at 60 °C and be fed to the district heating at 100 °C, resembling 

Vienna's primary district heating network [38,39]. A return pressure of 5 bara and a feed pressure of 

15 bara is assumed based on the technical specifications of the primary district heating network, which 

generally lists minimum and maximum difference pressures of 1 and 15 bara [39]. Demand for district 

heating is assumed to be 5800 h/a [40,41].  

2.1.3. Shaft furnace 
The shaft furnace simulation is based on the NGR-DRI data published on the Gilmore Steel Corporation 

reactor in Portland, U.S.A. [42,43]. The main assumptions used in the simulation are presented in Table 

1. The shaft furnace fulfills two main functions for CDRI production: Iron ore reduction to metallic iron 

and carburization of metallic iron to Fe3C. The simulation has been split into a reducing and a 

carburization/cooling section to better reflect the temperature levels in both sections, mirroring the 

modeling approach taken by [10,20,43], and others.  

Table 1: Key settings used in the simulation of the shaft furnace 
Parameter Unit Value Data source 
Reducing gas temperature °C 930 [43] 
Reducing gas pressure bara 2.4 [42,43] 
Carburizing gas pressure bara 2.5 Assumption 
Top gas pressure bara 1.53 [43] 
Top gas RP=molar ratio (H2+CO)/(H2O+CO2) - 1.6 [27] 
CDRI drain temperature °C 58 [43] 
Metallization degree (by weight, rest is FeO) Femet/Fetot 0.93 [42,43] 
Carburization wt.-% C 2 [43] 
Heat loss relative to energy for iron reduction % 2.5 [18,20] 

Iron ore and gases flow through the shaft in a counter-current configuration, with the iron ore being fed 

at the shaft's top and drained at its bottom. Iron ore first enters the reducing section, where it is contacted 

with a mixture of hot reducing gas and transition gas, which is the outlet gas of the carburization/cooling 

section. In this reducing section, iron ore is reduced to metallic iron by reactions with CO and H2. Non-

ferrous components in the iron ore, termed gangue, are treated as inert species in the shaft furnace. The 

thermodynamic stability of elemental iron is checked at the reducing gas temperature and composition 

by comparison with Baur-Glässner plots in mixed H2-H2O and CO-CO2 atmospheres [44]. Phase 

transition lines in mixed hydrous and carbonaceous atmospheres were derived from linear interpolation 

according to the molar composition of the top gas. This work uses the assumption that CDRI 

composition is the same for all process routes irrespective of reducing gas composition and follows 

[42,43] for metallization and carburization degrees. 
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In the carburization section, the hot and reduced iron ore is contacted by carburizing gas. The carburizing 

gas reacts with elemental iron to form Fe3C. Carburization is beneficial for ironmaking for several 

reasons: It stabilizes iron ore against re-oxidation and helps in the EAF process by reducing its energy 

consumption and supporting the foaming of the slag and removal of nitrogen [20]. Carburization is 

modeled to occur via Eq. 2 with methane (27 kJ/molFe) in the NGR-DRI case and via Eq. 3 with CO (-

56 kJ/molFe) in all biomass configurations [20]. The carburizing gas, which is not preheated, also cools 

the iron ore to the outlet temperature [43]. 

The reducing gas’ fitness for iron ore reduction in DRI is often described by the so-called reduction 

potential (RP) [19,27]. RP is the molar ratio of H2 and CO to H2O and CO2. It is formally introduced as 

a key performance indicator in Section 2.2.1 in Eq. 4. RP values of 8.7 – 11.5 for reducing gas and 

1.55 – 1.65 for top gas can be calculated from data reported on the Siderca and Gilmore NGR-DRI 

MIDREX plants [27]. As part of this simulation, RP in the top gas is defined as 1.6 for all cases, while 

RP for the reducing gas varies based on the process route. The reformer delivers hot reducing gas for 

the NGR-DRI case. Although some authors have described that adding oxygen to the reducing gas or 

shaft furnace can support heat distribution and reduce gas flow [45,46], no oxygen addition was 

considered in this work to match the data provided on the Gilmore plant [42,43]. For all BCG-DRI cases, 

the reducing gas from the MEA scrubber is compressed before a condenser removes water and increases 

RP. After the condenser, reducing gas is preheated by heat exchange with the off-gas from combustion 

in the DFB reactor. Iron reduction with CO is globally exothermic, while it is endothermic with H2 [47]. 

Carburizing gas is assumed to be compressed natural gas in the NGR-DRI case and additional reducing 

gas in the BCG-DRI cases. In both cases, carburizing gas is not preheated outside the shaft furnace and 

cools down the CDRI in the carburizing section.  

Complete conversion of all hydrocarbons larger than methane is assumed in the shaft reactor. Top gas 

composition for NGR-DRI results from mass and energy balances. Pissot et al. proposed to use the 

water-gas shift reaction’s quotient to predict the relative conversion of H2 and CO [20]. Experimental 

data from the Gilmore NGR-DRI plant [27] showed a molar ratio of around 1.3 for 

(CO2+H2)/(H2O+CO), which is also used to calculate this study’s top gas compositions in the biomass 

gasification simulations. 

2.1.4. Natural Gas Reformer 
In the MIDREX process, the top gas leaving the shaft furnace is cooled in a scrubber [8]. The remaining 

gas is called process gas and split into two parts: Around two-thirds of process gas is mixed with natural 

𝐹𝑒 + 13 𝐶𝐻g → 13 𝐹𝑒=𝐶 + 𝑦6 𝐻< Eq. 2 

𝐹𝑒 + 23 𝐶𝑂 → 13 𝐹𝑒=𝐶 + 13 𝐶𝑂< Eq. 3 
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gas and fed to the reformer as feed gas to produce fresh reducing gas [8,20]. The rest of the process gas 

is fed to the reformer and combusted with air to satisfy the energy demand of the endothermic reforming 

reactions [8,48]. The reformer in the MIDREX process is a furnace with up-fired boilers and vertical 

reactor tubes, typically operated at 2 – 3 bara [48]. The flue gas from combustion is used for heat 

exchange and preheats the combustion air and feed gas [8,48]. The reducing gas is produced at high 

temperatures, which is suitable for ironmaking. Key simulation settings derived from the literature are 

given in Table 2. 

Table 2: Key settings used in the simulation of the MIDREX reformer 
Parameter Unit Value Data source 
Feed gas temperature °C 400 [48] 
Feed gas pressure drop bara 0.34 Calculated from [48]  
Combustion air pressure bara 1.1 Assumption 
Oxygen ratio O2,fed/O2,stoich 1.18 Calculated from [48] 
Flue gas temperature °C 1120 [48] 
Reducing gas H2 vol.-% 52.58 [43] 
Reducing gas CO vol.-% 29.97 [43] 
Reducing gas H2O vol.-% 4.65 [43] 
Reducing gas CO2 vol.-% 4.80 [43] 
Reducing gas rest=(CH4+N2) vol.-% 8.1 [43] 
Reducing gas RP - 8.7 Calculated from [43] 
Heat loss relative to fuel power % 2.5 Assumption 

2.1.5. Carbon capture, drying, and compression 
Carbon capture is included in all simulated cases besides NGR-DRI(no CCS). MIDREX suggests 

including carbon capture by MEA scrubber either in the top gas line from the shaft furnace or the flue 

gas line from the reformer [49]. In this work, the MEA scrubber is included in the flue gas line since the 

CO2 emission savings potential is higher and estimated by MIDREX at ~0.5 tCO2/tDRI [49]. Product gas, 

pyrolysis gas and top gas are combined and fed to the MEA scrubber for all BCG-DRI cases. Including 

the MEA scrubber in this position increases the reduction potential for the recycled top gas by separating 

CO2. The disadvantage is that this configuration does not capture CO2 emissions from combustion in 

the flue gas. Pissot et al. [20] proposed a second amine scrubber to reduce these flue gas emissions. Our 

work does not include a second MEA scrubber; instead, it considers oxy-fuel combustion for its lower 

energy demand per captured CO2 [33,34] in the three simulations with the suffix (OXY) and no 

additional carbon capture in the three simulations with the suffix (AIR).  

The simulation for the MEA scrubber largely follows the design specifications described by Madeddu 

et al. [50]. CO2 is captured in this simulation by an aqueous MEA solution in an absorber, and the rich 

MEA is transferred via a counter-current heat exchanger to the stripper, where CO2 is removed. Heat is 

supplied to the stripper's reboiler by heat exchange with hot process streams. For the NGR-DRI(CCS) 

case, the flue gas stream is cooled in the stripper's reboiler before the flue gas enters the absorber. For 

the biomass gasification cases, an ambient air stream is preheated in a multi-component heat exchanger 

by contact with the hot top gas, flue gas, and product gas streams. This hot air stream is then partially 
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cooled in the MEA reboiler before being mixed with ambient air and used for drying biomass. Lean 

MEA is removed from the stripper and cooled by heat exchange with the rich MEA flowing from the 

absorber to the stripper. A small make-up stream of fresh MEA is constantly fed, and a similar stream 

of lean MEA is removed and sent to combustion to avoid solvent degradation and impurity accumulation 

over time. MEA loss by entrainment in outgoing gas is neglected in this work. 

The wet CO2 stream exiting the stripper is cooled and dried to a moisture content that fits the 

experimental gasification data. Part of this stream is used as a gasification agent for CO2 biomass 

gasification in the DFB gasifier. The rest of the CO2 stream is merged with flue gas for the simulation 

cases with oxy-fuel combustion. In all biomass gasification cases, this stream is then compressed to 

100 bara in six compressors with intermittent cooling in condensers and a TEG scrubber, as described 

by Bielka et al. [51]. The outlet pressure of 100 bara is suitable for ensuring CO2 is in a supercritical 

state for transport, which is more efficient [51]. Transport and storage of CO2 are only included in the 

techno-economic assessment and not in this simulation's mass and energy balances.  

For the simulations that include oxy-fuel combustion, a wet flue gas recycle stream is enriched with 

30 vol.-% O2 from an ASU and replaces the air for combustion in the DFB combustor, pyrolyzer, and 

secondary combustion chamber. The selection of oxygen enrichment results from balancing the 

continuity of adiabatic flame temperature and superficial gas velocity [52], and 30 vol.-% has been 

proposed for the combustion reactor of DFB gasifiers [53]. A further gas purification step is needed to 

remove oxygen and nitrogen impurities from the CO2 stream for the oxy-fuel cases. Several authors 

have suggested around 0.1 vol.-% O2 or even lower as a limit to avoid threatening the storage integrity 

by dissolving caprock [54,55], pipeline corrosion [56], overheating injections points from reaction with 

residual hydrocarbons [57] and other issues. Furthermore, an upper limit of 4 vol.-% for the sum of 

gases other than CO2 was proposed, mainly for economic reasons [51,58]. These limits can be achieved 

by cryogenic CO2 purification, which can provide more than 99.9 vol.-% pure CO2 [34]. This work does 

not include a detailed simulation of this process. Still, a simplified purification procedure is modeled 

after the TEG scrubber and before the final compressor, where the gas already has more than 30 bara 

and is dry. The simplified model only considers electrical energy demand for the separation and uses an 

energy penalty derived from Xu et al. [34] for a CO2 stream that starts at around 80 – 90 vol.-% purity 

and 15 bara. This unit is called the CO2 separation unit (CSU) in this work, keeping the name similar to 

an ASU. 
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Table 3: Key settings used in the simulation of the carbon capture, drying, and compression section 
Parameter Unit Value Data source 
MEA concentration in solution wt.-% 30 [50] 
Heat of absorption for ~30 wt.-% MEA solution at 
<0.4 molCO2/molMEA and 40 °C 

kJ/molCO2 -84.3 [59] 

MEA make-up stream kgMEA/tCO2,capt. 0.3 [60] 
Heat loss in each absorber and stripper (relative to 
sensible heat of gas stream) 

% 2.5 Assumption 

Temperature approach in lean/rich-MEA heat 
exchanger 

°C 10 [50] 

Absorber temperature °C 40 [50] 
Absorber pressure bara 1 [50] 
CO2 separation efficiency % 90 [50] 
Rich MEA loading kgCO2/kgMEA 0.37 [61] 
Lean MEA loading kgCO2/kgMEA 0.22 Calculated from 

[50] 
Reboiler temperature °C 120 [18] 
Stripper pressure bara 1.8 [50] 
H2O evaporated per CO2 in stripped gas mol/mol 1.02 Calculated from 

[50] p.82 
Maximum gas temperature after compressors 1-5 °C 95 [51] 
Temperature after condensers °C 15 Assumption 
TEG scrubber temperature °C 15 [51] 
Rich TEG water content wt.-% 18.6 Calculated from 

[51] 
Final pressure of CO2 for transport and storage bara 100 [51] 
Electrical energy demand for air separation unit MJ/kgCO2 0.864 [33] 
Oxygen enrichment of flue gas for oxy-fuel 
combustion 

vol.-% O2 30 [53] 

Electrical energy demand for CO2 purification in oxy-
fuel simulation routes 

MJ/kgCO2 0.3 [34] 

2.1.6. Biomass pretreatment 
All biomass gasification simulations assume that biomass is delivered with a high moisture content and 

dried in a continuously operated biomass dryer to the moisture content used in the gasification 

experiments [22,29]. Ambient air is mixed with hot air from the MEA reboiler and fed to the biomass 

dryer. Biomass is dried by direct contact with the hot air, which could, for example, be realized in a 

rotary drum dryer to achieve the desired moisture content [62]. The air is enriched with H2O from the 

biomass, cooled, and vented to the ambient air. The dried wood is transferred to the DFB gasifier for 

the low- and medium-conversion simulations and to the pyrolyzer for the high-conversion simulations.  

Hot wood char as feedstock for the gasifier is produced in the BCG-DRI(HC) simulations by a pyrolyzer 

with continuous feed, e.g., an auger screw reactor [63–65]. Biomass pyrolysis yields solid biochar and 

a mixture of permanent and condensable gases [65], called pyrolysis gas in this work. Data on the split 

of products are derived from experiment L8 reported by Solar et al. [65], who pyrolyzed Pinus pinaster 

in a laboratory-scale auger reactor similar to industrial plants. The dataset by Solar et al. includes various 

simulation data in one place, e.g., solid/liquid/gas product split or liquid analysis. For this reason, these 

data are chosen over general data on pyrolysis [66] or auger screw reactors [67]. Their feedstock 

composition was roughly similar to the Eucalyptus composition reported by Bagatini et al. [68], but had 
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a higher oxygen content. This difference is considered by fixing the ratio of product gas components 

instead of their concentration, allowing for more oxygen in the pyrolysis gas. Top gas combustion with 

air or oxygen-enriched flue gas provides heat to the pyrolyzer by external heating [67], similar to the 

natural gas reformer described in Section 2.1.4. The pyrolysis gas is merged with the product gas stream 

from gasification. Critical assumptions for simulating the biomass pretreatment are summarized in Table 

4. 

Table 4: Key settings used in the simulation of the biomass dryer and pyrolyzer 
Parameter Unit Value Data source 
Biomass moisture before dryer wt.-% 35 [37] 
Biomass moisture after dryer wt.-% 7.2 [22,29,62] 
Air feed temperature °C 80 [53] 
Air drain relative humidity % 80 [53] 
Heat loss in dryer (sensible heat) % 2.5 Assumption 
Pyrolysis solids yield wt.-% 30.8 [65] exp. L8 
Pyrolysis permanent gas yield wt.-% 47.1 [65] exp. L8 
Pyrolysis gas CO:H2 ratio mol/mol 0.64 [65] exp. L8 
Pyrolysis gas CO:CO2 ratio mol/mol 1.24 [65] exp. L8 
Oxygen ratio pyrolyzer combustion O2,fed/O2,stoich 1.18 Assumed to match the natural 

gas reformer 
Pyrolysis temperature °C 800 [65] exp. L8 
Heat loss in pyrolyzer relative to 
combustion fuel power 

% 2.5 Assumption 

2.1.7. Dual fluidized bed gasification 
Gasification is simulated in a DFB gasifier model, similar to the 100 kWth fuel power DFB gasifier 

studied for biomass CO2 gasification by Mauerhofer et al. at TU Wien [24]. The DFB system consists 

of a gasification and a combustion reactor interconnected by loop seals. Inorganic solids, called bed 

material, and unconverted char are cycled between the two reactors, while gases cannot pass from one 

reactor to another. Olivine was used as bed material in the underlying gasification experiments [22,29] 

because it is also used in industrial-sized biomass gasification [69,70] and shows catalytically active 

behavior [23,71,72]. The gasification reactor's upper part is operated as a counter-current column, while 

the lower part is a bubbling bed. In the bubbling bed, biomass fuel reacts with CO2 in globally 

endothermic reactions to form a product gas. The Boudouard reaction is the most essential reaction for 

converting CO2 in this process and significantly contributes to the formation of a CO-rich product gas 

[22,23,73–76].  

The separation of gasification and combustion into two reactors allows for the use of air in the 

combustion reactor without diluting the product gas with nitrogen [24]. Furthermore, recycling waste 

streams for combustion creates the opportunity for process integration. This work assumes that waste 

streams equal to their respective make-up streams of the used scrubbing agents MEA, TEG, and RME 

are co-fed as fuel to the DFB gasifier to avoid the accumulation of impurities. Most of the thermal power 

for combustion is provided by transferring unconverted char from the gasification reactor to the 

combustion reactor or by recirculating top gas back to the combustor. Recirculation of top gas, which 
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has higher CO2 content than the reducing gas, saves energy for carbon capture. For the BCG-DRI(LC) 

process, feeding additional dry biomass directly to the combustion reactor is more efficient, and less top 

gas is recirculated. The flue gas from the DFB combustor is mixed with flue gas from the pyrolyzer for 

the BCG-DRI(HC) simulations and further transported to a secondary combustion chamber, where 

sufficiently high air ratios ensure complete combustion. A top gas part stream is fed to the secondary 

combustion chamber to cover internal heat demands. After heat exchange and particle separation, the 

flue gas is exhausted to ambient for the non-oxy-fuel simulations or sent to CO2 compression and 

purification for the oxy-fuel simulations.  

Table 5: Key settings used in the simulation of the dual fluidized bed gasifier for all biomass gasification routes 
Parameter Unit Value Data source 
Tar in product gas g/Nm³ 6.2 [29] Exp.5 
Dust in product gas g/Nm³ 0.6 [29] Exp.5 
Fly char in product gas g/Nm³ 0.5 [29] Exp.5 
Bed material make-up kgbed/(h∙MWth,gasifier) 1.5 [77] 
Temperature difference bubbling bed/combustion flue 
gas 

°C 127 [29] Exp.5 

Air ratio in combustion reactor O2,fed/O2,stoich 1.25* [41] 
CO slip from combustion reactor molCO/molCO2 0.05 [77] 
Heat loss relative to fuel power in gasification reactor % 1.0 [41] 
Heat loss relative to fuel power in combustion reactor % 1.6 [41] 

*The air ratio was allowed to be higher for the BCG-DRI(HC) configurations to avoid combustion temperatures over 1000 °C 

from combusting high amounts of char transported from the gasification to the combustion reactor. 

Experimental data from the 100 kWth DFB gasifier at TU Wien are used to simulate the DFB system. 

Data from experiment #5 by Mauerhofer et al. [29] with low CO2 conversion are used for the BCG-

DRI(LC) cases. Data for the medium-conversion (MC) and high-conversion (HC) simulations were 

described in our earlier work as experiments #4 and #7 [22], which used an electrically heated single 

bubbling bed reactor at a laboratory scale. Both works used similar temperatures in the bubbling bed, 

olivine of the same composition as bed material, and CO2 as a gasification agent. Experiment #4 (MC 

simulations) in our earlier work also used the same pelletized softwood fuel as Mauerhofer et al. [29] 

(LC simulations). A critical difference between these experiments is the ratio of fuel to gasification 

agent supplied to the gasification reactor. While Mauerhofer et al. used excess CO2, more carbon was 

fed via biomass in our earlier work.  

The abundance of tar, dust, and fly char [29] and the elemental composition of tar [78] and fly char in 

the product gas were assumed to be equal for all simulated biomass CO2 gasification cases. The 

elemental composition of fly char is supposed to match the composition of ungasified char transported 

from the gasification to the combustion reactor. It follows data reported for Eucalyptus char produced 

at 900 °C [68]. The amount of char transported from the gasification reactor to the combustion reactor 

results from mass and energy balancing. For the (HC) simulations feeding char as feedstock to the 

gasifier, char transport is significantly higher. The air ratio in the combustion reactor is increased for 
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these simulations to keep flue gas temperatures below 1000 °C. The data in Table 6 is used for both 

oxy-fuel and non-oxy-fuel simulations. 

Table 6: Key settings used to simulate the dual fluidized bed gasifier for individual process routes. 
Parameter Unit BCG-

DRI(AIR,LC) 
BCG-
DRI(OXY,LC) 

BCG-
DRI(AIR,MC) 
BCG-
DRI(OXY,MC) 

BCG-
DRI(AIR,HC) 
BCG-
DRI(OXY,HC) 

Data source  [29] Exp.5 [22] Exp.4 [22] Exp.7 
Fuel type gasifier  Softwood Softwood Wood char 
CO2 conversion in 
gasifier by Eq. 1 

% 15 34 89 

Feed ratio Cfuel:CCO2 mol/mol 0.8 2 2 
Feed ratio 
H2O/(Cfuel+CCO2) 

mol/mol 0.04 0.10 0.08 

Bubbling bed 
temperature 

°C 837 825 856 

CO in product gas vol.-% 37.6 46.0 80.0 
CO2 in product gas vol.-% 38.2 17.1 4.2 
CH4 in product gas vol.-% 5.6 5.6 0.8 
H2 in product gas vol.-% 11.6 20.0 10.4 
H2O in product gas vol.-% 7.0 11.2 4.6 

2.1.8. Auxiliary equipment 
The hot gases from biomass gasification and pyrolysis contain impurities such as dust and tar particles 

and condensable organic compounds [24], often referred to as tar [79]. These impurities are typically 

removed or reduced by combining gas-cleaning steps [77]. Some tar compounds can condense at 

ambient pressure and around 200 °C, possibly leading to problems in heat exchangers and filters [69]. 

For this reason, many processes include a tar removal step, either by reforming the tars to permanent 

gases and water [17,18], or by condensing or absorbing them in a scrubber [19,20]. A scrubber is 

selected for this work because it allows for simultaneous water removal, thereby increasing the reducing 

gas’ reduction potential.  

The gas cleaning steps in this work follow the course gas cleaning procedure described for product gas 

from a DFB gasifier by Hammerschmid et al. [77]. After heat exchange and cooling, a baghouse gas 

filter removes particles. Hammerschmid et al. proposed a product gas temperature of 180 °C before the 

baghouse filter [77]. Our work assumes a higher inlet gas temperature of 200 °C for the filter to prevent 

tar condensation at the cost of some waste heat that could be additionally recovered at 180 °C. In the 

second step, tar and water are removed in a scrubber using RME as solvent. The scrubber includes a 

phase separator, allowing for the recirculation of RME to the scrubber. Water is removed from the phase 

separator and disposed of, while an emulsion phase, including RME and tars, is recirculated to the DFB 

combustor and used as fuel.  

Furthermore, Hammerschmid et al. propose an activated carbon filter and a ZnO guard bed when 

utilizing the product gas for synthetic natural gas production. These steps are omitted in this work 

because the ironmaking process is reported to be more resistant to the presence of various organic and 
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sulfur compounds [17]. In reducing gas, acceptable levels of sulfur contamination are reported as 

100 – 3000 ppm [17] to achieve satisfactory DRI quality. Based on the fuel used in this simulation, the 

sulfur content in the reducing gas is calculated at only 20 – 40 ppm. 

Heat integration is included to reduce total fuel consumption and increase process efficiency. The 

simulation includes three gas-gas heat exchangers, which heat the reducing gas, gasification agent, and 

air for MEA stripping and biomass drying. While the former two are straightforward in design and 

include only one hot and one cold gas stream each, air is heated in the third heat exchanger by contact 

with three hot gas streams. All heat exchangers are operated in counter-current mode. 

Several condensers are included in this work for gas cooling and water removal. Water at ambient 

temperature is assumed to be available for cooling. Condensate from CO2 drying is recirculated to the 

MEA scrubber, and other condensates are disposed of as wastewater. 

The pressure levels for the gases and liquids in this simulation range between 1 – 100 bara and are based 

on literature data where possible, e.g., for the shaft furnace [43] and the carbon capture section [50,51]. 

Determining the configuration and individual pressure drop for auxiliary equipment like heat 

exchangers, particle separators, and condensers is beyond the scope of this study; instead, standard 

values are assumed for these types of equipment. If gas streams are merged, the resulting pressure is 

considered equal to the feed stream with the lowest pressure. Pumps and compressors not mentioned in 

Section 2.1.5 are simulated as single-stage pressurization. 
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Table 7: Key settings used in the simulation for auxiliary equipment. 
Parameter Unit Value Data source 
Dust in product gas after filter g/Nm³ 0.025 [19] 
Char in product gas after filter g/Nm³ 0 Assumption 
Tar in product gas after scrubber g/Nm³ 0.025 [19] 
Product gas temperature before RME scrubber °C 200 Assumption 
RME make-up stream kgRME/(h∙MWth,gasifier) 1.1 [77] 
Minimum temperature difference in heat exchangers °C 10 [18] 
Cooling water temperature in °C 10 Assumption 
Cooling water temperature out °C 20 Assumption 
Flue gas exhaust temperature °C 140 Assumption 
Sensible heat loss in filters, scrubbers and heat 
exchangers 

% 2.5 Assumption 

Pressure drop in condensers mbar 100 Assumption 
Pressure drop in filters, scrubbers and heat 
exchangers 

mbar 25 Assumption 

Isentropic efficiency product gas blower % 50 [53] 
Isentropic efficiency CO2 compressors % 84 – 74 [51] 
Isentropic efficiency other blowers  % 65 [53] 
Isentropic efficiency pumps  % 50 [53] 
Mechanical efficiency blowers, compressors, pumps  % 98 [53] 
Electrical efficiency drive systems % 90 [53] 
Mechanical efficiency drive systems % 100 [53] 

2.2. Performance indicators 

2.2.1. Technical assessment 
The quality of reducing gas is often compared using the reduction potential (RP: Eq. 4). RP expresses 

the molar ratio of H2 and CO compared to H2O and CO2. Higher RP values in the reducing gas mean 

the gas can take up more oxygen from the iron ore until the thermodynamic equilibrium is reached at 

similar operating conditions, hydrogen content, and carbon content in the overall gas. The H2:CO ratio 

is also important because it influences carburization and sensible heat demand in the shaft furnace.  

The specific energy demand for carbon capture (eCO2,CAP: Eq. 5) includes the reboiler heat duty (𝑄̇PC), 

the electrical power demand of auxiliary equipment like pumps and compressors in the MEA scrubber 

and CO2 compression/drying section (PCCS-AUX), the chemical energy of the MEA and TEG make-up 

streams, and, in the case of oxy-fuel combustion, the electrical demand for air (PASU) and CO2 (PCSU) 

separation units. These energy demands are related to the mass flows of CO2 fed back to the gasifier 

(𝑚̇DN<,EGC,\_) or prepared for storage (𝑚̇DN<,DDQ). This value is mainly helpful for validating the 

simulations. Simulations without oxy-fuel combustion can be compared to the existing literature on 

carbon capture in an MEA scrubber. Furthermore, it can be checked if the inclusion of oxy-fuel lowers 

the specific energy demand for carbon capture or if another MEA scrubber should be installed instead. 

Chemical energy for the MEA make-up stream and other organic and gaseous fuel streams is calculated 

in this work from their respective lower heating values (LHV) and mass flows (𝑚̇). The energy 

efficiency of ironmaking (ηIRON: Eq. 6) relates the enthalpy change from iron ore to CDRI (∆𝐻̇JPNM) to 
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the overall energy demand, which is the sum of electrical and thermal input power. Thermal input power 

is calculated from lower heating values (LHV) and mass flows (𝑚̇) of each feed stream. Some authors 

instead report the specific energy demand for reduction per mass unit of CDRI (eIRON: Eq. 7), although 

this representation loses information about iron ore quality and CDRI carburization. The NGR-DRI 

route also includes the utilization of waste heat for district heating (∆𝐻̇EI), which is included in the 

overall energy efficiency of the process (ηTOT: Eq. 8).  

Table 8: Technical key performance indicators 

2.2.2. CO2 emission calculation 
Three strategies of emission calculation are included in this work to serve different purposes. 1 tCDRI is 

the functional unit for all three calculations; all results are presented in kgCO2/tCDRI or kgCO2e/tCDRI. 

• The first calculation method follows the rules of the European Union Emission Trading Scheme 

(EU-ETS). It is used to calculate the cost of CO2 allowances in the techno-economic section of 

this work.  

• The second strategy proposes a hypothetical change to the EU-ETS methodology that would 

allow net-negative emission processes to profit from creating and selling carbon reduction 

credits within the EU-ETS. This scenario is also included as the basis for techno-economic 

calculations. It is used to estimate how a change of political regulation with more focus on 

BCCS could impact profitability.  

• Third, a simplified life-cycle assessment is included as an ecological key performance indicator, 

which sums direct and indirect CO2-equivalent emissions. This calculation encompasses a 

cradle-to-gate scope to compare the radiative forcing impact between the investigated processes. 

The techno-economic assessment uses an emission calculation (CFEU-ETS: Eq. 9) following the current 

legal framework of the EU-ETS. Annex I of the EU-ETS Directive 2003/87/EC stipulates that processes 

in which pig iron or steel is produced and which have a capacity exceeding 2.5 tons per hour (approx. 

Reducing gas quality  RP = 𝑛Ih + n@A𝑛IhN + 𝑛DAh Eq. 4 

Process energy efficiency  𝑒DN<,DBO = 𝑄̇PC + 𝑃DDQ?BST + 𝑃BQS + 𝑃DQS + ∑ (𝐿𝐻𝑉 ⋅ 𝑚̇)RFH,LFB𝑚̇DN<,EGC,\_ + 𝑚̇DN<,DDQ  
Eq. 5 

𝜂JPNM = ∆𝐻̇JPNM𝑃FK,RNR + ∑ (𝐿𝐻𝑉 ⋅ 𝑚̇)CL,MH,RFH,LFB,PLF  
Eq. 6 

𝑒JPNM = 𝑃FK,RNR + ∑ (𝐿𝐻𝑉 ⋅ 𝑚̇)CL,MH,RFH,LFB,PLF𝑚̇DEPJ  
Eq. 7 

𝜂RNR = ∆𝐻̇JPNM + ∆𝐻̇EI𝑃FK,RNR + ∑ (𝐿𝐻𝑉 ⋅ 𝑚̇)CL,MH,RFH,LFB,PLF  
Eq. 8 
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20 kt/a) are subject to the EU-ETS for their carbon dioxide emissions [80]. Article 25 of the Commission 

Implementing Regulation 2018/2066 in its amended form [81] states: “Under the mass balance 

methodology, the operator shall calculate the quantity of CO2 corresponding to each source stream […] 

with the fuel’s or material’s carbon content multiplied by 3.664 tCO2/tC [..]”. The number 3.664 is used 

in this context because it is the molar mass ratio of CO2 and carbon. In Paragraph 2 of Article 38, the 

emission factor of biomass is set to zero, provided Paragraph 5 is considered, rendering the relevant 

emissions of the entire stream zero. Paragraph 5 refers to “the sustainability and greenhouse gas 

emissions saving criteria in paragraphs 2 to 7 and 10 of Article 29 of Directive (EU) 2018/2001” that 

must be fulfilled if biomass is used for combustion and should not be counted as fossil carbon. This 

work assumes that the wood used for gasification fulfills those sustainability criteria as described in 

Article 29 of Directive (EU) 2018/2001 (“Renewable Energy Directive”) [82]. For simplicity and to 

have a conservative estimation, all other carbon input streams are assumed to be fossil in origin, and the 

emission calculation follows Article 25 of 2018/2066 [81].  

The transfer of inherent and formed CO2 from a facility is regulated in Articles 48 and 49 of Regulation 

2018/2066 [81]. The transport of inherent CO2, such as the carbon content of CDRI after carburization, 

is not counted as emission if the transfer is to another installation covered by Directive 2003/87/EC. 

Carbon dioxide, transferred from a plant to a capture installation, a transport network, or a storage site 

for long-term geological storage, is subtracted from the facility's emissions. However, if the input 

streams of the facility were already rated zero (as would be in the case that only biomass is used), the 

transferred inherent and formed CO2 would also be rated zero. Therefore, the generation of emission 

certificates through “negative emissions” stemming from BCCS (bioenergy, carbon capture, and 

storage) is currently not possible within the framework of the EU-ETS [83–85]. The first calculation 

strategy (CFEU-ETS) assumes that all transferred inherent and formed CO2 in the biomass gasification 

routes is biogenic and does not reduce the need for emission allowances from using other utilities. 

Various authors have discussed the importance and challenges of implementing an option to create CO2 

removal credits into the EU-ETS to create economic benefits [83] while ensuring that permanence and 

liability questions are addressed [84]. While the “how” is yet unsolved, there seems to be an agreement 

that carbon dioxide removal, including BCCS, needs to be incentivized to match the IPCC’s [1] and 

EU’s [86] proposed decarbonization targets and offset emissions in hard-to-abate sectors. Our work 

assumes that the regulations would be changed to allow the subtraction of biogenic CO2 and create net-

negative emissions within the EU-ETS. This change would reward the plant operator with CO2 removal 

credits that could be traded at the same price as emissions allowances within the EU-ETS. The techno-

economic calculations include this case as a second, hypothetical scenario (CFEU-ETS,BCCS: Eq. 10).  

Both calculation methods based on the EU-ETS neglect the indirect upstream emissions of materials 

and energy entering the process. For this reason, a third CO2e footprint calculation is included (CFLCA: 

Eq. 11). It is a simplified life cycle assessment with only one impact category that uses mass balance 
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data and CO2-equivalent emission factors (fCO2e), similar to the methodology described by the Federal 

Environmental Agency of Austria (Umweltbundesamt) [87,88]. A cradle-to-gate system boundary was 

selected, including the upstream emissions of utilities but not the further use of CDRI. This selection 

allows for the relative comparison of all investigated process routes, assuming that downstream use of 

CDRI would be equal regardless of ironmaking process choice.  

Table 9: Carbon footprint calculation strategies 

The fCO2e factors for each stream are calculated as the sum of indirect CO2e emissions listed in the 

ecoinvent database (version 3.10.1) [89] plus the direct CO2 emissions that would originate from 

combustion. Additionally, mass balance data are used to calculate negative factors for streams that 

reduce or offset the sum of the feed-related emissions. These negative factors include the amount of CO2 

that is not emitted but captured in the process and sent to transport and storage or is inherently contained 

in CDRI after carburization. Additionally, the carbon contained in biomass is assumed to originate from 

the atmosphere and offset the direct biomass emissions. The carbon content of the fuel used in the (LC) 

and (MC) simulations is slightly different than in the (HC) simulations (Appendix A), which leads to 

different fCO2e values.  

Table 10: CO2e emission factors used for CFLCA carbon footprint calculation.  
Stream Unit fCO2e Direct CO2 

emissions by 
mass balance 

Indirect CO2e 
emissions 
(upstream) 

Source 

Iron ore pellets kgCO2e/kgiron ore 0.103  0.1033 [90] 
Triethylene glycol kgCO2e/kgTEG 3.968 1.758 2.21 [91] 
Monoethanolamine kgCO2e/kgMEA 5.827 1.847 3.98 [92] 
Rapeseed methyl ester kgCO2e/kgRME 5.340 2.840 2.5* [93] 
Olivine kgCO2e/kgolivine 0.043  0.0432** [94] 
Biomass (LC/MC)-
simulations 

kgCO2e/kgdry wood  

(LC/MC) 
1.906 1.861 0.045 [95] 

Biomass (HC)-
simulations 

kgCO2e/kgdry wood 

(HC) 
1.793 1.748 0.045 [95] 

Electricity kgCO2e/kWhgrid elect. 0.260  0.26 [96] 
Natural gas kgCO2e/m³natural gas 2.646 2.046 0.6 [97] 
CO2 to storage kgCO2e/kgCO2 to CCS -1.000 -1.000   
Carburization kgCO2e/kgCDRI -0.073 -0.073   
Plant growth 
(LC/MC)-simulations 

kgCO2e/kgdry wood 

(LC/MC) 
-1.861  -1.861 Mass 

balance 
Plant growth (HC)-
simulations 

kgCO2e/kgdry wood 

(HC) 
-1.748  -1.748 Mass 

balance 
*Data for fatty acid methyl ester.  
**Data for silica sand. 

𝐶𝐹FS?FRQ = ∑ (𝑚̇D ⋅ 3.664MH,RFH,LFB,PLF ) − 𝑚̇D \_ DEPJ ⋅ 3.664 − 𝑚̇DN<,DDQ,Z`dd\]𝑚̇DEPJ  
Eq. 9 

𝐶𝐹FS?FRQ,CDDQ = ∑ (𝑚̇D ⋅ 3.664MH,RFH,LFB,PLF ) − 𝑚̇D \_ DEPJ ⋅ 3.664 − 𝑚̇DN<,DDQ𝑚̇DEPJ  
Eq. 10 

𝐶𝐹KDB = ∑ (𝑟𝑒𝑓𝑒𝑟𝑒𝑛𝑐𝑒 𝑢𝑛𝑖𝑡 𝑓𝑙𝑜𝑤 ⋅ 𝑓DN<Y)U]] decYU^d 𝑚̇DEPJ  
Eq. 11 
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2.2.3. Economic assessment 
The techno-economic assessment (TEA) in this work uses the net present value method to determine the 

levelized cost of DRI production (LCOP: Eq. 12), which is the cost of producing one unit of product in 

a new plant [98–100]. This method assesses an investment by introducing a cumulative discount factor 

(CDF: Eq. 13) to relate the value of future cash flows to the present. LCOP includes the estimated 

investment costs (I0), expenses (E), and revenues from secondary products (R). Various authors have 

used this method for cost estimation of biomass-fed gasifier systems [19,41,77].  

The process scale is assumed as 1 MtCDRI/a, comparable to the assumption of 1 Mtsteel/a proposed by 

Pissot et al. for a similar system [20]. The LCOP calculation includes the investment costs (I0: Eq. 14), 

also referred to as capital expenditure (CAPEX) in this work. The installed costs of equipment at the 

design size (Ceq,design: Eq. 15) can typically be estimated for a first-of-a-kind plant at this stage with an 

accuracy of -30 to +50 % using the capacity method [99], for which reference costs are given in 

Appendix B. The CAPEX estimation for the whole system is calculated as the sum of estimations for 

each of the main sub-systems described in Sections 2.1.3-2.1.7. 

Additionally, this work calculates the emission allowance break-even price (EABEP: Eq. 16) as an 

additional economic indicator. EABEP is a comparative indicator and describes the emission allowance 

price for a process to reach cost parity with the NGR-DRI(no CCS) case. If an emission allowance price 

(pEA,0) other than 0 €/tCO2 was already assumed in the LCOP calculation, this price must be added to 

calculate EABEP. EABEPBCCS is a variation of this indicator that uses CFEU-ETS,BCCS instead of CFEU-ETS 

for the hypothetical scenario where it is possible to generate profit from CO2 removal credits within the 

EU-ETS. 

Table 11: Economic equations and key performance indicators 

Operational expenditures (OPEX) that arise during the operation of the plant are distinguished into fixed 

OPEX and variable OPEX in this work, for which assumptions are given in Table 12. Fixed OPEX is 

associated with investment costs and depends on the equipment size. Variable OPEX arises from the 

input and output streams necessary to produce one CDRI unit. The energy prices are based on average 

data from Austria and Germany from November 2023 to October 2024. Other cost factors were 

𝐿𝐶𝑂𝑃 = 𝐼; + (𝐸 − 𝑅) ⋅ 𝐶𝐷𝐹𝑚DEPJ ⋅ 𝐶𝐷𝐹  
Eq. 12 

𝐶𝐷𝐹 = (1 + 𝑖)_ − 1𝑖 ⋅ (1 + 𝑖)_  
Eq. 13 

𝐼; = n 𝐶Yb,XYd\[_,\\  Eq. 14 

𝐶Yb,XYd\[_ = 𝐶Yb,VUdY ⋅ l𝑆XYd\[_𝑆VUdY mc ⋅ 𝑍 ⋅ 𝐶𝐸𝑃𝐶𝐼VUdY gYUc𝐶𝐸𝑃𝐶𝐼<;<>  
Eq. 15 

𝐸𝐴𝐵𝐸𝑃 = 𝐿𝐶𝑂𝑃ac`WYdd − 𝐿𝐶𝑂𝑃MH?EPJ𝐶𝐹FS?FRQ,MH?EPJ − 𝐶𝐹FS?FRQ,ac`WYdd + 𝑝FB,; 
Eq. 16 
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preferably used from other works on biomass gasification in Austria or Germany and adjusted for 

Austrian inflation using the consumer price index [101]. 

The CO2 transport and storage costs are based on European CCS potentials and a pessimistic 

transportation range of around 500 km to a suitable storage site [102]. While the average price of CO2 

emission certificates via the European Union Emission Trading System (EU-ETS) was only 67.44 €/t 

[103] from November 2023 to October 2024, this price is forecast to increase significantly in the coming 

years [104]. The predicted value for 2030 is 146 €/tCO2, which is around halfway between the forecasts 

for 2025 (80 €/ tCO2) and 2035 (194 €/ tCO2) [104]. The forecasted value of 146 €/tCO2 for 2030 is used as 

pEA,0 over the proposed plant lifetime of 20 years. CFEU-ETS (Eq. 9) is used to calculate emission 

allowance costs per ton of produced CDRI. The calculation is instead also performed using CFEU-ETS,BCCS 

(Eq. 10) to calculate LCOPBCCS if a plant operator could economically profit from BCCS by selling CO2 

removal credits within the EU-ETS.  

Table 12: Parameters assumed for techno-economic calculations  
Net present value 
calculation 

Unit Value Source 

Nameplate capacity MtCDRI/a 1000 Assumption based on 
[20] 

Plant lifetime a 20 [105] 
Interest rate % 6 [106] 
Fixed OPEX 
calculation 

Unit Value Source 

Maintenance cost per 
year 

% of CAPEX/a 2.00  [107] 

Insurance, 
administration, and tax 
per year 

% of CAPEX/a 1.50 [19] 

Cost of one employee 
per year 

€/a 88000 [19] i.a.* 

Operating hours h/a 8000 [19] 
Number of employees - 25 Assumption based on 

[19,105]  
Variable OPEX 
calculation: expenses 

Unit Cost in €/unit Source 

Wood (35 wt.-% H2O) MWhLHV 28.8** [37] 1 year average 
Natural gas MWhLHV 56.5 [108] 1 year average 
Electricity MWh 74.8 [109] 1 year average 
Iron ore pellets t 104 [110] 1 year average 
Rapeseed Methyl Ester t 1300 [105] i.a.* 
Process water t 2.4 [107] i.a.* 
Olivine t 260 [53] i.a.* 
Triethylene glycol t 1000 Online markets 
Monoethanolamine t 850 Online markets 
Cooling water t 0.06 [111] 1 year average 
Ash/olivine landfilling t 125 [53] i.a.* 
Wastewater disposal t 4 [105] i.a.* 
CO2 transport and 
storage 

t 60 [102] 
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CO2 emission price 
(fossil) 

t 146 [104] 2030 forecast 

Side revenues Unit Cost in €/unit Source 
CO2 removal credit t 146 [104] 2030 forecast 
District heating MWh 15 [105] i.a.* 

*i.a.=inflation-adjusted (and rounded) from year of cost data to October 2024 based on Austria's consumer price index 
**Recalculated from a net price of 89.6 €/t using a calculated lower heating value (LHV) of 3.17 MWh/t 

3. Results and discussion 

3.1. Mass and energy balancing 

3.1.1. Process flows 
The central mass and energy streams for the novel biomass CO2 gasification routes derived from 

modeling in IPSEpro are presented as Sankey diagrams. All streams are scaled to the base of 1 t of 

CDRI. Streams under 5 kg or 5 MJ per ton of CDRI, the cooling water, the water recirculated between 

the CO2 capture and CO2 compression sections, and the heat loss streams are omitted from the figures 

to improve readability. The mass flow of drying air is depicted at a 1:10 scale because it is much larger 

than the other streams. Figure 4 and Figure 5 compare the main streams between two different BCG-

DRI process configurations to highlight some significant differences for illustration. The following 

chapters, which discuss the results by topic, include data for all BCG-DRI routes (given in Appendix 

C). These process data are the basis for all technical (3.1), environmental (3.2), and economic (3.3) 

discussions.  

BCG-DRI(AIR,LC) uses air as the combustion agent and has low (15 %) CO2 conversion during 

gasification with wood. In contrast, BCG-DRI(OXY,HC) uses an oxygen-enriched flue gas recycle as 

the combustion agent and has high (89 %) of CO2 conversion during gasification by reactions with wood 

char, produced in an intermediate pyrolysis step. This pyrolyzer also produces pyrolysis gas, which is 

merged with the product gas from gasification. The amount of product gas is significantly higher for the 

BCG-DRI(AIR,LC) simulation without a pyrolyzer (Figure 4). This difference has multiple reasons: 

First, more product gas is needed without pyrolysis gas. Second, the product gas from the low-

conversion process has a higher CO2 content so the total gas flow is higher to have a similar CO and H2 

flow. Third, due to higher internal heat demand, more top is fed to combustion for the low-conversion 

process, and less top gas is available to form new reducing gas. The increased amount of CO2 flowing 

to the capture unit also incurs a significantly higher energy demand. The amount of sensible heat needed 

for the MEA reboiler is around twice as high for the low-conversion process, which also needs to feed 

a significant amount of top gas to the secondary combustion chamber to cover the sensible heat demand 

(Figure 5). This energy demand creates a negative feedback cycle, where more top gas is combusted 

for energy and replaced with more product gas with a high CO2 content, leading to higher energy demand 

for carbon capture. 
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The high demand for internal CO2 recirculation for the low-conversion process also comes at the cost 

of available CO2 for transport and storage. No excess CO2 is available for sequestration in the low-

conversion process with air as the combustion agent, so there is no CO2 compression and purification 

section. Instead, most biogenic CO2 from this process is vented to ambient air after combustion in the 

DFB gasifier or the secondary combustion chamber. On the contrary, the high-conversion process with 

oxy-fuel combustion has two CO2-rich streams sent to the compression and purification unit: One stream 

of excess CO2 from the MEA scrubber (CO2 capture) and, in addition, the flue gas from oxy-fuel 

combustion, which is mostly CO2 and H2O. Of these two streams, the amount of biogenic CO2 for 

sequestration from oxy-fuel combustion is higher. Oxy-fuel combustion also makes it possible to send 

some biogenic CO2 for sequestration in the low- and medium-conversion processes. This fact is shown 

in the data in Appendix C and further discussed in Section 3.2, which discusses process CO2 emissions. 
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Figure 4: Comparison of mass flows between two Biomass CO2 Gasification-Direct Reduction Ironmaking (BCG-DRI) routes. 
The processes use air (AIR) or oxygen-enriched flue gas (OXY) for combustion. (LC) and (HC) stand for Low or High 
Conversion of CO2 during gasification. SH=Sensible Heat, LHV=Lower Heating Value, ISBL/OSBL=Inside/Outside Battery 
Limit 
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Figure 5: Comparison of energy flows between two Biomass CO2 Gasification-Direct Reduction Ironmaking (BCG-DRI) 
routes. The processes use air (AIR) or oxygen-enriched flue gas (OXY) for combustion. (LC) and (HC) stand for Low or High 
Conversion of CO2 during gasification. SH=Sensible Heat, LHV=Lower Heating Value, ISBL/OSBL=Inside/Outside Battery 
Limit 

3.1.2. Material and energy efficiency 
Technical key performance indicators are summarized for all investigated processes in Table 13. The 

table also includes the necessary gasifier input power and wood demand per year for the 1 MtCDRI/a 

design scale to compare with existing DFB gasifiers and biomass potentials. The order of energy 
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efficiencies of ironmaking ηIRON for the biomass gasification routes is (HC)>(MC)>>(LC) with and 

without oxy-fuel combustion. The difference between (MC) and (LC) is more than 10 %-points despite 

sharing the same process configuration. This significant difference indicates that high process efficiency 

is highly correlated with high conversion of CO2 in the gasifier. The even higher efficiency of the (HC) 

over (MC) routes suggests the same trend. However, this comparison is less clear-cut as the (HC) routes 

use a different configuration and include a pyrolyzer. 

Including oxy-fuel combustion slightly lowers the biomass demand, but electricity demand for ASU, 

CSU, and compressors increases significantly. The specific energy demand for carbon capture eCO2,CAP 

is lower once oxy-fuel combustion is included, which agrees with the literature [33,34]. Despite these 

energy savings per unit, the oxy-fuel processes are overall less energy efficient. The decrease in process 

efficiency is because the total amount of captured CO2 is significantly higher for the oxy-fuel processes, 

and, therefore, so is the total energy demand for carbon capture.  

Waste heat is internally and wholly used for the biomass gasification routes, and it is almost entirely 

used for the NGR-DRI(CCS) route. As a result, there is no and respectively little difference between the 

energy efficiency of ironmaking and the overall process efficiency for these processes. The high overall 

process efficiency of nearly 80 % for the NGR-DRI(no CCS) case in this study results from assuming 

waste heat can be utilized for district heating.  

Table 13: Energy demand and efficiency for all investigated process routes. PJ/a is equivalent to GJ/tCDRI at the simulated 1 
MtCDRI/a plant capacity. 
  NGR- 

DRI 
(no 
CCS) 

NGR- 
DRI 
(CCS) 

BCG- 
DRI 
(AIR, 
LC) 

BCG- 
DRI 
(OXY, 
LC) 

BCG- 
DRI 
(AIR, 
MC) 

BCG- 
DRI 
(OXY, 
MC) 

BCG- 
DRI 
(AIR, 
HC) 

BCG- 
DRI 
(OXY, 
HC) 

Total energy 
efficiency 

         

eCO2,CAP MJ/kgCO2 0.0 4.3 3.9 2.6 3.9 2.3 4.1 2.5 
eIRON MJ/kgCDRI 11.0 11.1 16.5 18.0 12.6 13.7 12.4 13.4 
ηIRON % 63.5 62.6 42.3 38.7 55.2 50.9 56.3 52.1 
ηTOT % 79.1 63.5 42.3 38.7 55.2 50.9 56.3 52.1 
Process size 
1 MtCDRI/a 

         

Wood/NG GJLHV/tCDRI 

=PJLHV/a 
10.4 10.4 15.4 14.8 11.7 11.4 11.4 11.1 

Electricity GJ/tCDRI 
=PJ/a 

0.5 0.7 0.9 3.1 0.8 2.1 0.9 2.1 

DFB product 
gas output 
(LHV) 

MW   434 434 449 437 177 173 

The results can be validated by comparison with other authors’ results. Hammerschmid et al. have 

summarized the energy demands of various iron- and steelmaking routes [19]. Based on their summary, 

the energy demand for the reducing agent is around 10 GJ/t of crude steel for MIDREX process 

configurations using natural gas. This number is close to the 10.4 GJ/tCDRI calculated in our study. 

Typically, 3 – 4 MJ/kgCO2 are reported as the specific energy demand for carbon capture in literature 
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[112], of which the reboiler duty is the most significant factor needing a minimum of 1.7 – 4.1 MJ/kgCO2 

for different configurations and assumptions [50]. This work finds 3.9 – 4.3 MJ/kgCO2 for non-oxy-fuel 

routes. The numbers in this work include the energy demand for compression and purification to prepare 

the CO2 for CCS, which explains why the numbers are towards the higher end of the 3 – 4 MJ/kgCO2 

range. A significant reduction by several hundred kJ/kgCO2 would be possible by assuming a 5 °C pinch 

temperature instead of the more conservative 10 °C proposed by Madeddu et al. [50] in the heat 

exchanger connecting lean and rich MEA. A 5 °C temperature approach in the heat exchanger would 

mean that more sensible heat stored in hot lean MEA flowing from the stripper to the absorber would 

be used to preheat rich MEA. This change would decrease the reboiler duty and put eCO2,CAP firmly into 

the 3 – 4 MJ/kgCO2 range for the simulations without oxy-fuel combustion. 

The DFB gasifier scale of 173 – 449 MWLHV calculated for the production of 1 MtCDRI/a is more 

extensive than any realized biomass DFB gasifiers to date, of which the GoBiGas plant was the largest 

at 32 MW biomass power input until its decommissioning in 2018 [113]. In techno-economic studies 

published by the research groups connected to the GoBiGas plant [114] and gasifier development at TU 

Wien [77], DFB gasifiers with 100-200 MW have been discussed as target commercial scales. This scale 

would match the calculation results of the BCG-DRI(HC) plants. It has to be noted that the biomass 

demand for these routes is similar to the biomass demand for the BCG-DRI(MC) routes because of the 

additional biomass demand for the pyrolyzer.  

Various studies have reported on the reduced technical biomass potential in 2050 in Austria [77,115–

117], which can be understood as the amount that does not endanger sustainable agriculture and forestry 

practices and can be made available by societal and political measures [77]. For 2050, these studies have 

reported the reduced technical potential for biomass gasification feedstocks at 50 – 126 PJ/a of woody 

biomass, 80 – 200 PJ/a of agricultural raw materials and residues, and 10 – 67 PJ/a of other organic 

residues and waste. These estimates can be combined with the biomass demand identified in this work 

for the investigated biomass gasification routes to calculate how much CDRI could theoretically be 

produced. At 11.1 – 15.4 PJwood/(a∙MtCDRI) and the given reduced technical biomass potentials, 

3.2 – 11.3 MtCDRI/a could be produced from woody biomass and 9.1 – 35.3 MtCDRI/a from all biomass 

sources. The World Steel Association reported Austria’s pig iron production and apparent consumption 

in 2023 as 5.5 Mt [118]. Transport limitations and biomass competition from other technologies will 

likely reduce biomass availability for ironmaking from the high-end of the calculated availabilities. 

Nevertheless, these results indicate that reduced technical biomass potentials in Austria in 2050 are large 

enough to replace a significant share of Austria’s pig iron production by the investigated biomass CO2 

routes.  
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3.1.3. Reducing gas composition 
The composition of reducing streams to the DRI shaft is summarized for all process routes in Table 14. 

Additional data for carburizing gas and top gas compositions are available in Appendix D. The optional 

inclusion of oxy-fuel combustion in the biomass CO2 gasification routes and a MEA scrubber in the 

natural gas comparison process have nearly no consequences on these streams.  

All biomass gasification processes show higher RP values than NGR-DRI, meaning iron reduction is 

thermodynamically feasible with all investigated processes. The reducing gas from biomass gasification 

has a much lower H2O content than in the NGR-DRI case. While the reducing gas is not cooled between 

the reformer and the DRI shaft in the NGR-DRI case, most water is removed in a condenser between 

the MEA scrubber and the DRI shaft for the biomass gasification routes. The MEA scrubber’s position 

in the BCG-DRI cases also results in the removal of most CO2 from the gas, increasing RP. The CO2 

content in the reducing gas is lower for the (MC) and (HC) and higher for the (LC) routes compared to 

NGR-DRI. This discrepancy is caused by the low CO2 conversion and high product gas flow rates for 

the (LC) simulations, coupled with a CO2 capture efficiency of only 90 %. The higher conversion and 

lower product gas flow rates result in reduced CO2 contents in the reducing gas for the (MC) and (HC) 

routes. This reduction in CO2 content results in RP values of 25 and more for BCG-DRI(MC) and BCG-

DRI(HC), clearly surpassing the BCG-DRI(LC) and NGR-DRI cases.  

The reducing gas flow and H2:CO ratios are significantly lower in all biomass gasification processes. 

The endothermic iron reduction with hydrogen demands a larger sensible heat supply in the DRI shaft, 

which increases the demand for hot reducing gas at higher H2:CO ratios. Lowering the reducing gas 

flow rate lowers the compression energy and can help decrease equipment size. The H2:CO ratios 

between 0.46 and 0.68 for the biomass gasification processes are in the range reported as ideal for 

carburization [28]. This result suggests that it is valid to use these reducing gases as carburization gas. 

Furthermore, the low H2:CO ratios from biomass gasification and exothermic iron ore reduction reaction 

with CO suggest that these processes should face fewer heat distribution problems than H2-DRI 

pathways [16]. These values are also much lower than the 1.31 [18] to 4.0 [20] reported for processes 

with steam gasification, demonstrating that CO2 gasification could be uniquely advantageous compared 

to other biomass gasification technologies for ironmaking due to the lower sensible heat demand in the 

shaft furnace and higher potential for carburization.  
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Table 14: Reducing gas compositions used as feed for the DRI shaft furnace 
Process 
route 

 NGR- 
DRI 
(no 
CCS) 

NGR- 
DRI 
(CCS) 

BCG- 
DRI 
(AIR, 
LC) 

BCG- 
DRI 
(OXY, 
LC) 

BCG- 
DRI 
(AIR, 
MC) 

BCG- 
DRI 
(OXY, 
MC) 

BCG- 
DRI 
(AIR, 
HC) 

BCG- 
DRI 
(OXY, 
HC) 

Flow rate Nm³/ 
(h∙tCDRI) 

1720 1717 1232 1232 1177 1187 1180 1187 

CO vol.-% 30.0% 30.0% 59.8% 59.8% 58.6% 58.2% 55.1% 54.8% 
CO2 vol.-% 4.8% 4.8% 5.8% 5.8% 2.8% 2.9% 2.5% 2.6% 
H2 vol.-% 52.6% 52.6% 27.3% 27.3% 32.2% 32.8% 37.2% 37.5% 
H2O vol.-% 4.7% 4.7% 0.7% 0.7% 0.7% 0.7% 0.7% 0.7% 
CH4 vol.-% 7.8% 7.8% 6.3% 6.3% 5.5% 5.3% 3.4% 3.3% 
Rest vol.-% 0.2% 0.2% 0.2% 0.2% 0.2% 0.2% 1.1% 1.1% 
H2:CO mol/mol 1.75 1.75 0.46 0.46 0.55 0.56 0.67 0.68 
RP mol/mol 8.74 8.74 13.47 13.47 25.76 25.49 28.80 28.53 

3.2. CO2 and CO2-equivalent process emissions 
Process CO2 and CO2e emissions are summarized in Figure 6, as calculated by the three strategies 

discussed in Section 2.2.2. Regardless of the calculation strategy, all biomass CO2 gasification processes 

show lower emissions than the NGR-DRI(no CCS) case. The same is true for comparing BCG-DRI with 

the NGR-DRI(CCS) case, which reduces the emissions from the NGR-DRI case by installing a carbon 

capture system with 90 % separation efficiency. For the techno-economy, the relevant calculations are 

CFEU-ETS and CFEU-ETS,BCCS, while CFLCA aims to compare the climate change contribution of the 

processes. 

CFEU-ETS, which does not allow the creation of CO2 removal credits from BCCS, is positive for all routes. 

Consequently, all investigated process routes must pay for CO2 emission allowances under current EU-

ETS rules. However, the BCG-DRI routes need around 80 % less emission allowances than the NGR-

DRI(CCS) case and around 98 % less than the NG-DRI(no CCS) case.  

CFEU-ETS,BCCS assumes that creating CO2 removal credits from BCCS would be possible. This would not 

change anything for the NGR-DRI cases, which do not use a biogenic carbon feedstock. In contrast, all 

BCG-DRI routes would be eligible for generating CO2 removal credits and need no more CO2 emission 

allowances. Creating CO2 removal credits would offer an alternative revenue stream for the BCG-DRI 

processes. Without oxy-fuel combustion, the BCG-DRI(HC) process is the only route that could 

generate more than 100 kgCO2/tCDRI in removal credits. Including oxy-fuel combustion in the three 

investigated (OXY) routes allows for capturing CO2 from combustion and generating more than 1,000 

kgCO2/tCDRI in removal credits each. 

The CFLCA calculation includes direct CO2 emissions and indirect upstream emissions of CO2 and other 

substances contributing to radiative forcing, e.g., methane leaks from pipelines and fossil fuel 

consumption during iron ore pellet preparation. The data reveal that the consumption of natural gas, 

electricity, and iron ore contributes the most to global warming. The direct emissions from biomass use 

are even higher but nearly offset by biomass capturing CO2 from the atmosphere during growth. CO2 
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sequestration lowers emissions for all processes that include CCS, and carburization stores some carbon 

in the CDRI product. The results show that all three (OXY) processes and the BCG-DRI(AIR,HC) route 

reach net-negative emissions due to the permanent sequestration of biogenic CO2. Including biogenic 

carbon capture and storage in the flue gas allows the (OXY) routes to reach significant net-negative 

emissions of −910 to −1,227 kgCO2e/tCDRI. These net-negative emissions could make such an ironmaking 

process an asset in the global struggle to meet net-zero emissions goals because it can be used to offset 

hard-to-abate emissions elsewhere. 

The results also show that the proposed change to the EU-ETS, which aims at strengthening BCCS 

processes economically (CFEU-ETS,BCCS), would bring the results closer to the CFLCA calculation for the 

processes with significant net-negative emissions. However, the actual CO2e emissions would be 

systematically underestimated. The reason for this is not BCCS-specific but is rooted in the different 

accounting scope. The scope 1 accounting approach of the EU-ETS also leads to an underestimation of 

the actual radiative forcing for the NGR-DRI cases because indirect emissions from electricity and 

material supply are neglected. 

 
Figure 6: Comparison of emissions for each process by different calculation schemes: CFEU-ETS (first column for each process 
route, purple) follows current EU-ETS emission accounting, CFEU-ETS,BCCS (second column, red) extends EU-ETS accounting 
by the option to generate CO2 removal credits from biogenic carbon capture and storage, CFLCA (third column, turquoise) 
includes direct CO2 emissions and cradle-to-gate CO2-equivalent emissions based on data from the ecoinvent database. The 
data labels refer to the total net values, which include both the (counted) positive and negative contributions. 
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3.3. Economics 

3.3.1. CAPEX estimation 
The CAPEX estimations for the proposed process scale of 1 MtCDRI/a are summarized in Table 15. The 

presented estimations include installation and auxiliary equipment, and each is the average of multiple 

estimations using data from different sources. The total CAPEX of the NGR-DRI(no CCS) process is 

lowest at 204 M€. The biomass gasification routes were calculated to 520 – 988 M€, a 155 – 385 % 

increase over the NGR-DRI(no CCS) case. The increase also means that CAPEX-related costs constitute 

a larger share of the levelized cost of production for biomass gasification than for the natural gas routes 

(Figure 7). The numbers agree in order of magnitude with the CAPEX estimations by Pissot et al., who 

reported 760 – 1000 M€ for similar biomass gasification-direct reduced ironmaking concepts in 2021 

[20]. Their simulations were for a 1 Mtsteel/a plant with steam gasification including an EAF but no oxy-

fuel combustion or pyrolyzer. 

Adding carbon capture as in an MEA scrubber in the NGR-DRI(CCS) case constitutes an increase of 

around 50 % for a total of 315 M€. Costs for the MEA scrubber are similar for the BCG-DRI(MC) and 

BCG-DRI(HC) cases, which have low CO2 content in the product gas. The BCG-DRI(LC) process has 

significantly higher flow rates and, therefore, higher CAPEX for the MEA scrubber. This high CAPEX 

results from the low CO2 conversion in the gasifier, which results in a high CO2 pump-around.  

The DFB system, which includes the two reactors, the biomass dryer, coarse gas cleaning, secondary 

combustion chamber, and other auxiliary equipment, is the most expensive part of every simulated 

biomass gasification process. The BCG-DRI(HC) routes show cost advantages in the DFB gasifier since 

part of the biomass is processed in the pyrolyzer instead. Processing some biomass in the pyrolyzer 

appears advantageous to minimize CAPEX, as the combined CAPEX of the pyrolyzer and the DFB 

system for the (HC) configurations is lower than the DFB CAPEX alone for the alternative process 

configurations.  

The air separation and cryogenic CO2 purification units included in the oxy-fuel cases increase CAPEX 

by another 173 – 215 M€. This increase could also be considered an optimistic estimation since no 

structural changes required for the use of oxy-fuel combustion in the DFB system were included in the 

CAPEX estimation.  
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Table 15: CAPEX estimations for a plant producing 1 MtCDRI/a. 
All data in M€ NGR- 

DRI 
(no 
CCS) 

NGR- 
DRI 
(CCS) 

BCG- 
DRI 
(AIR, 
LC) 

BCG- 
DRI 
(OXY, 
LC) 

BCG- 
DRI 
(AIR, 
MC) 

BCG- 
DRI 
(OXY, 
MC) 

BCG- 
DRI 
(AIR, 
HC) 

BCG- 
DRI 
(OXY, 
HC) 

Shaft furnace 66.7 66.7 66.7 66.7 66.7 66.7 66.7 66.7 
NG reformer 137.6 137.7       
MEA scrubber  111.1 214.3 214.3 125.9 129.4 124.2 126.5 
ASU    95.4  150.9  149.3 
CO2 purification    77.9  64.5  63.6 
Pyrolyzer       49.8 49.0 
DFB system   523.3 523.3 536.3 525.7 279.7 275.3 
SUM 204.3 315.4 804.4 977.7 728.9 937.3 520.3 730.4 

3.3.2. Levelized cost of production 
The most impactful LCOP drivers under base scenario assumptions are shown in Figure 7 for all 

simulated routes. The investigated biomass CO2 gasification routes without oxy-fuel combustion show 

an LCOP reduction of −5 % to −16 % compared to the NGR-DRI(no CCS) process, even if not 

considering the option to profit from BCCS. In the hypothetical “BCCS profit”-scenario, the oxy-fuel 

processes are even more profitable at LCOP reductions of −23 % to −33 %  compared to NGR-DRI(no 

CCS).  

Iron ore and fuel (wood or natural gas) are the most expensive categories of LCOP drivers at these 

assumptions. Iron ore costs the same for each process. Fuel costs are correlated with process efficiency 

and price per energy unit, where wood is cheaper than natural gas. CAPEX, electricity, and other OPEX 

per ton of CDRI are higher for the BCG-DRI routes because the processes involve more unit operations 

than the NGR-DRI simulations.  

The CO2 disposal cost shown in Figure 7 summarizes the cost of emission allowances within the EU-

ETS and the cost of transport and storage for captured CO2 sent to storage. At 90 % CO2 capture rate in 

the MEA scrubber, 146 €/tCO2 for emission allowances and 60 €/tCO2 for transport and storage, this 

reduces the CO2 disposal costs for the NGR-DRI(CCS) case by around 50 % compared to NGR-DRI(no 

CCS). However, adding more carbon capture increases the CAPEX, electricity demand, and other 

OPEX, e.g., the cost of fresh MEA. Based on our calculations, including carbon capture and storage in 

a NGR-DRI process with these assumptions would still be economically profitable, although not by 

much (−3 % LCOP).  

Since emissions from biomass use are considered exempt from buying CO2 allowances based on the 

legislation in the EU-ETS (explained in Section 2.2.2), the depicted CO2 disposal costs for the biomass 

routes only result from the costs of transport and storage for BCCS. The cases without oxy-fuel 

combustion emit most of the produced CO2 and only store a small fraction, leading to low CO2 disposal 

costs. These costs are much higher for the simulated oxy-fuel cases since they also capture and store 

CO2 from the flue gas. Other OPEX, CAPEX, and especially electricity costs per ton of CDRI are also 

much higher for the oxy-fuel cases since they need additional energy for air and CO2 separation, as well 
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as CO2 compression. Therefore, in the current EU-ETS scenario, where no opportunity to profit from 

BCCS exists, including oxy-fuel combustion to generate net-negative emissions only increases the cost 

of production. In fact, under current legislation, every BCG-DRI route would be able to reduce costs 

further by releasing any captured CO2 into the air instead of paying for transport and storage. However, 

if BCCS could be monetized, these process routes would be 8 -17 % cheaper than the comparable routes 

without oxy-fuel combustion. CO2 emission allowance pricing is further discussed in Section 3.3.3. 

 
Figure 7: Levelized cost of production for all investigated process routes 

The effects of changing the cost assumptions for various parameters are shown in sensitivity analysis 

plots. Sensitivity analysis plots for the NGR-DRI(no CCS) and the BCG-DRI(AIR,HC) case are 

compared in Figure 8 and discussed here. Plots for all process routes are available in Appendix E. 

Figure 8 confirms the high significance of iron ore pellets, natural gas, and wood pricing for LCOP. 

The pricing of emission allowances is significant for the NGR-DRI(no CCS) process, which emits fossil 

CO2. In contrast, LCOP is sensitive to fluctuations in CAPEX cost and operating hours for the BCG-

DRI processes, which have much higher investment costs.  

Iron ore pellet demand and pricing are the same for each route, and fluctuations affect all processes 

equally. The natural gas costs in Austria have increased significantly since 2021 and were around double 

the average from 2018-2020 in the first half of 2024 [108]. This work uses the price average of the last 

year, which is around 30 % lower than the historic maximum reported in the second half of 2022 

following Russia’s invasion of Ukraine. This example shows that geopolitical factors strongly influence 

natural gas prices. Since natural gas price deviation shows the highest effect on LCOP for the NGR-DRI 
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process, the total cost for the NGR-DRI processes can vary heavily by region and over time. 

Comparatively, wood prices have been more stable in middle Europe recently [37], likely because 

biomass is typically supplied via more diversified and local supply chains, which are less prone to 

external geopolitical factors. However, the local supply chains can also lead to significant regional price 

differences [119]. The net biomass price used in this work is around 30 % higher than the price average 

between 2018-2020. This more modest increase compared to natural gas is very noticeable in the LCOP 

calculation, as wood costs per ton of CDRI are lower than natural gas costs for all investigated biomass 

gasification routes despite the higher process efficiency for the NGR-DRI routes. 

 

  
Figure 8: Sensitivity analysis for direct reduction ironmaking: Natural gas reforming without carbon capture (NGR-DRI) 
versus biomass CO2 gasification with air as combustion agent and high CO2 conversion “BCG-DRI(AIR,HC)” 

3.3.3. CO2 emission allowance pricing 
The emission allowance break-even price (EABEP, Figure 9) is the CO2 certificate price at which a 

process can be profitable in the EU-ETS framework. In principle, the EABEP expresses how much 

economic incentive in the EU-ETS is necessary to make it profitable to reduce one ton of CO2 emissions 

by replacing the high-emission NGR-DRI(no CCS) process with one of the lower-emission processes. 

For the NGR-DRI(CCS) route, these costs are around 118 €/tCO2, which is between the price forecasts 

for 2025 and 2030 [104]. EABEPBCCS, which contains a hypothetical economic profit from creating and 
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selling CO2 removal credits, is the same as EABEP for the NGR-DRI(CCS) route since no biogenic CO2 

is created or stored. 

EABEP and EABEPBCCS differ significantly between biomass gasification routes. All BCG-DRI 

processes have negative CFEU-ETS,BCCS and can profit from selling CO2 removal credits, which is why 

EABEPBCCS is lower than EABEP for all biomass gasification routes. This relative difference is more 

pronounced if the amount of CO2 stored per ton of CDRI is higher, which affects the (OXY) routes the 

most.  

In the current EU-ETS scenario, BCCS creates costs for capture, transport, and storage, but brings no 

economic benefit. As a result, EABEP for the oxy-fuel routes, which also store CO2 from flue gas, is 

very high at 227 – 424 €/tCO2. These numbers are even higher than the 2035 forecast [104]. The results 

would change if the oxy-fuel processes would profit from creating net-negative emissions, putting 

EABEPBCCS for these routes between the emission allowance price in 2024 and the 2030 forecast [104]. 

The increased amount of CO2 stored via BCCS in the oxy-fuel routes helps these processes profit more 

substantially once the actual emission price clears EABEPBCCS. This higher deployment leads to lower 

LCOP values for the oxy-fuel routes than the (AIR) routes in the BCCS-profit scenario based on the 

given assumptions (Figure 7). A downside of the more substantial BCCS deployment of the oxy-fuel 

routes is their need to cover more CO2 transport and storage costs. In contrast, the biomass gasification 

routes without oxy-fuel combustion utilize BCCS less and, therefore, show less reliance on emission 

allowance pricing and the profitability of BCCS. The process efficiency of the BCG-DRI(MC) and 

BCG-DRI(HC) scenarios and the economic advantages of using wood instead of natural gas make these 

routes already economically favorable compared to the NGR-DRI(no CCS) route at 2024’s emission 

allowance price. 
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Figure 9: Emission allowance break-even price for all process routes with the base scenario NGR-DRI. Emission allowance 
cost forecasts are based on a BloombergNEF survey [104]. Transport and storage costs assume around 500 km transportation 
distance [102]. 

4. Comparison of the investigated biomass CO2 gasification 

routes 
The main economic (LCOP, LCOPBCCS) and ecological (CFLCA) KPIs investigated in this work are 

combined in Figure 10 for the six investigated BCG-DRI process routes to identify overall trends 

regarding the main differentiating features: a) CO2 conversion in the gasifier and b) choice of 

combustion technology. 

Higher CO2 conversions in the gasifier are found to improve five of the six depicted KPIs, including 

economic KPIs and, for the cases using air as a combustion agent, also the CO2-equivalent process 

emissions. The only value negatively impacted (it increases) is CFLCA in the case of oxy-fuel combustion. 

These trends are correlated with process efficiency, which was discussed in Section 3.1.2. The decrease 

in CO2 concentration in the gasification product gas at higher CO2 conversion values means that less 

CO2 needs to be captured in the MEA scrubber, which reduces the reboiler duty. Overall, this effect 

reduces energy and material demand, which benefits the techno-economy. This decrease in material 

demand is also the reason for the increase in CO2e emissions from processes with oxy-fuel combustion 

at higher CO2 conversion: The decreased demand for biomass at more efficient operation means less 

biogenic CO2 is formed, which can be stored for net-negative emissions. 
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The efficiency increase, and therefore the improvement of five KPIs, is more pronounced for the first 

increase in CO2 conversion from (LC) to (MC), which uses the same unit operations. While including 

the pyrolyzer in the (HC) simulations further lowers the CO2 concentration in the product gas, it also 

induces additional CO2 to be captured from the pyrolysis gas. Overall, the total capture demand is 

slightly lowered, and the (HC) configuration is a slight overall process efficiency increase, positively 

influencing the economic and emission KPIs. Based on these trends, it seems clear that process design 

should aim for efficient CO2 conversion in the gasifier, likely even if this necessitates the inclusion of a 

pyrolyzer as an additional unit operation for biomass pretreatment. 

The inclusion of oxy-fuel combustion is more complicated to assess overall. A clear advantage is that 

these routes offer the option for significant net-negative CO2e emissions. If carbon removal credits 

economically incentivized these net-negative emissions, this would also bring economic advantages - 

making the choice to include oxy-fuel combustion clear. However, there is no such incentive under 

current EU-ETS rules, and the oxy-fuel routes are much more expensive than the routes with air as a 

combustion agent. For this reason, a sensible strategy could be to target a plant with air as a combustion 

agent first and prepare for plant design adjustments enabling oxy-fuel combustion later if the 

political/economic framework changes. 

 

Figure 10: Economic and ecological trends observed for the six investigated biomass CO2 gasification - direct reduction 
ironmaking process routes. 
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5. Conclusion 
Previous studies have investigated biomass gasification as an option to produce reducing gas for the 

direct reduction ironmaking process. These studies showed that biomass gasification has the technical 

potential to fulfill DRI process requirements while potentially creating below-zero CO2 emissions. 

However, none of these previous studies have investigated biomass gasification with CO2 as a 

gasification agent. This new work provides a first holistic description of biomass CO2 gasification’s 

integration into ironmaking. 

The study contains mass and energy balance data calculated in the process simulation software IPSEpro 

8.0. Six biomass CO2 gasification process routes for ironmaking were proposed and compared with two 

routes using natural gas reforming. All biomass CO2 gasification processes and one variant of the natural 

gas case include carbon capture. These cases assume the captured CO2 would be compressed and 

transported to permanent sequestration. The main findings of this study are: 

• Reducing gas quality: All proposed biomass CO2 gasification processes provide reducing gas at 

a higher reduction potential (13 -28) than in the comparison process with natural gas (9). 

Furthermore, the reducing gas has a higher CO content. This high CO content could prove 

beneficial for temperature control and carburization in the DRI reactor, especially if compared 

to H2-DRI with pure hydrogen. 

• Energy efficiency: The process efficiency of ironmaking, relating the chemical change in the 

ferrous phase to the total process input power, was found to be 38.7 – 56.3 % for the biomass 

CO2 gasification routes. The natural gas process was calculated at 63.5 % without carbon 

capture and 62.6 % with carbon capture. Higher CO2 conversion in the gasifier correlated with 

higher process efficiency. This correlation was stark when comparing the low-conversion and 

medium-conversion simulations, which had the same process configuration but more than 10 % 

points difference in efficiency. Oxy-fuel combustion lowered process efficiency by around 4 % 

points due to additional electrical demand for air and CO2 separation and compressors. 

• CO2-equivalent emissions: Calculations resulted in significantly lower emissions for the 

biomass-based processes than the natural gas process, and could even result in net-negative 

emissions. The natural case with and without carbon capture had CO2 emissions of 

441 – 892 kgCO2e/tCDRI. The biomass CO2 gasification routes without oxy-fuel combustion 

sharply reduced CO2e emissions to 166 kgCO2e/tCDRI at low CO2 conversion and further down to 

−83 kgCO2e/tCDRI at high conversion. Oxy-fuel combustion, capturing CO2 in the flue gas that 

originated from biomass, further decreased these emissions and resulted in net-negative 

emissions of −910 to −1,227 kgCO2e/tCDRI. 

• Levelized cost of production: The reduction in emissions by EU-ETS calculation is also one of 

the main factors for pushing the levelized cost of producing (LCOP) cold DRI via biomass CO2 
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gasification below the cost of the natural gas process. The other main factor for biomass CO2 

gasification’s low LCOP is the low price of wood compared to natural gas in Austria. LCOP 

was found to decrease at higher CO2 conversion. When using carbon emission price allowance 

predictions for 2030, 350 €/tCDRI were found for the biomass CO2 gasification process with high 

conversion, compared to 416 €/tCDRI for the natural gas case without carbon capture. Emission 

allowance break-even calculations showed that biomass CO2 gasification processes are already 

cheaper than the natural gas process at 2024’s emission allowance price. 

• Biomass availability: A comparison with Austria's reduced technical biomass potential forecast 

in 2050 revealed that biomass CO2 gasification could replace a sizeable part of Austria’s 

ironmaking production from woody biomass alone.  

• Incentives for net-negative emission technologies: Capturing, transporting, and storing biogenic 

CO2 brings additional costs and is not compensated under current EU-ETS legislation. Based 

on this work, the EU-ETS would need to allow for the creation and trading of CO2 removal 

credits to make sequestrating captured biogenic CO2 profitable. If it were possible to generate 

CO2 removal credits and sell them at the emission allowance price, this work would find the 

oxy-fuel processes to be the most profitable due to their significant net-negative emissions. 

A limitation of this study is that it had to use process data from various sources and scales. For many 

variables, e.g., heat loss of specific units, no data were available, and the estimations introduce 

uncertainty. Consequently, the promising results of this study should be grounds for future research that 

tries to combine the proposed processes experimentally and increase the technological readiness level 

of the overall process. A key aspect is the experimental validation of a combined pyrolysis-biomass CO2 

gasification process, as simulated in the BCG-DRI(HC) route based on various literature sources. 

Another aspect that was simplified in this study and warrants experimental investigation is the 

dependence of CDRI characteristics based on product gas composition and temperature. If experimental 

validations are promising, biomass CO2 gasification could be a key technology in future ironmaking. 

These results suggest that biomass CO2 gasification has vast potential for application in ironmaking. It 

offers the chance to create net-negative emissions and is cheaper than the natural gas comparison 

process. This combination of economic and ecological advantages is crucial because it can help the 

industry to decarbonize while remaining competitive. Based on this work’s results, a new plant should 

strive to reach a high conversion of CO2 in the gasifier, as this brings advantages in key areas like process 

efficiency and production costs.  
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Nomenclature 

Table 16: Terminology 
Abbreviation Term  
ASU Air Separation Unit  
BCCS Biogenic Carbon Capture and Storage  
BCG Biomass CO2 Gasification  
BF Blast Furnace  
BOF Basic Oxygen Furnace  
CAPEX CAPital EXpenditure  
CCS Carbon Capture and Storage  
CDRI Cold Direct Reduced Iron  
CSU CO2 Separation Unit  
DFB Dual Fluidized Bed  
DRI Direct Reduction Ironmaking, Direct Reduced Iron  
EAF Electric Arc Furnace  
EU-ETS European Union Emission Trading Scheme  
HC High conversion of CO2 in gasifier  
IEA International Energy Agency  
IPCC Intergovernmental Panel on Climate Change  
ISBL InSide Battery Limit  
LC Low Conversion of CO2 in gasifier  
LHV Lower Heating Value  
MC Medium Conversion of CO2 in gasifier  
MEA Mono-EthanolAmine  
NGR Natural Gas Reforming  
OECD Organization for Economic Co-operation and Development  
OPEX OPerational EXpenditure  
OSBL OutSide Battery Limit  
OXY OXY-fuel combustion  
RME Rapeseed Methyl-Ester  
TEG TriEthylene Glycol  

Table 17: Math 
Symbol Parameter description Unit 
CDF Cumulative discount factor - 
CEPCI Chemical engineering plant cost index - 
Ceq,design Installed equipment cost at the design size € 
CFEU-ETS Carbon footprint following current EU-ETS methodology kgCO2/tCDRI 
CFEU-

ETS,BCCS 
Carbon footprint following EU-ETS methodology with 
opportunity to create CO2 removal credits from BCCS kgCO2/tCDRI 

CFLCA Carbon footprint by simplified life cycle assessment kgCO2e/tCDRI 
E Expenses € 
EABEP Emission allowance break-even price €/tCO2 
eCO2,CAP Specific energy demand for carbon capture  J/kgCO2 
eIRON specific energy demand for reduction per mass unit of CDRI J/kgCDRI 
fCO2e CO2-equivalent emission factor kgCO2e/kgreference unit 
i Interest rate % 
I0 Investment costs, also referred to as CAPEX € 
LCOP Levelized cost of production €/tCDRI 𝑚̇ Mass flow kg/s 
n Amount of substance mol 
PASU Electrical demand for air separation unit W 
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PCCS-AUX 
Electrical demand for auxiliary equipment related to carbon 
capture W 

PCSU Electrical demand for CO2 separation unit W 
pEA,0 Base scenario price of CO2 allowances €/tCO2 
PEL,TOT Total electrical power demand W 𝑄̇PC Reboiler heat duty W 
R Revenue for secondary products € 
r Scale factor - 
RP Reduction Potential mol/mol 
S Equipment size - 
Z Overall installation factor - 𝛥𝐻̇EI Enthalpy change between district heating feed and drain W 𝛥𝐻̇JPNM Enthalpy change from iron ore to CDRI W 
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Appendix A: Feedstock compositions 
This section provides additional data on the feedstock compositions used in this work’s flowsheet 

simulations. 

All simulations use identical iron ore compositions. 

Table A- 1: Iron ore composition follows supplemental material data provided by Nurdiawati et al. without moisture [10]  

Component Wt.-% 
FeO 0.00 
Fe3O4 0.97 
Fe2O3 96.30 
Fe3C 0.00 
Fe 0.00 
Total gangue 2.73 
Al2O3 0.17 
CaO 0.89 
CaSO4 0.01 
K2O 0.03 
MgO 0.65 
Na2O 0.04 
SiO2 0.80 
TiO2 0.14 

Dry wood compositions for the BCG-DRI routes are the same as experimentally used for CO2 

gasification at TU Wien [22,29]. The Eucalyptus globulus char used for gasification in our earlier work 

[22,23] and included in the BCG-DRI(HC) simulations was delivered by an external supplier who did 

not provide much data on the pyrolysis process or raw Eucalyptus globulus composition. Therefore, the 

Eucalyptus globulus raw composition is taken from Bagatini et al. [68], who pyrolyzed Eucalyptus and 

reported char compositions similar to the feedstock composition in our earlier work. 

Table A- 2: Woody biomass feedstock composition.  

Parameter BCG-DRI(LC) 
BCG-DRI(MC) 

BCG-DRI(HC) Unit 

Data source [22,29] [68]  
H2O 35 35 wt.-% 
Ash 0.2 2.0 wt.-% dry basis 
Carbon 50.7 46.8 wt.-% dry basis 
Hydrogen 5.9 6.0 wt.-% dry basis 
Oxygen 43.0 45.0 wt.-% dry basis 
Nitrogen 0.2 0.2 wt.-% dry basis 
Sulfur 0.005 0.005 wt.-% dry basis 
Chlorine 0.005 0.005 wt.-% dry basis 
Lower Heating Value 11,215 10,233 kJ/kg 

Natural gas composition resembles the typical natural gas composition provided by Enbridge Gas [36]. 
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Table A- 3: Typical natural gas composition provided by Enbridge Gas [36] and recalculated to mass fractions. 

Parameter Value Unit 
C2H6 7.51  
C3H8 0.52  
CH4 90.51  
CO2 0.79  
N2 0.67  
Lower Heating Value 49,074 kJ/kg 
Lower Heating Value 36,822 kJ/Nm³ 
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Appendix B: Investment cost estimation 
The CAPEX reported for the sub-systems in literature are scaled to the design scale (Sdesign) by 

employing a scale factor r, multiplied by an overall installation factor Z if the reported costs did not 

include installation, and recalculated to present-day values by using historic and May 2024 chemical 

engineering plant cost index (CEPCI) data (Eq. 15). If data had been reported in $ or SEK, it was 

recalculated to € by using 0.91 €/$ and 11.56 €/SEK as conversion factors. A scale factor r of 0.7 and 

an overall installation factor Z of 5 were assumed, where no values were given. Some authors also 

proposed other CAPEX estimation equations, as shown in Table B-1. The calculation results from all 

sources were averaged for each sub-system to improve data credibility by not relying on singular 

references. 

Table B-1: Cost basis for CAPEX estimation 

Sub-system Source Year Ceq,base Sbase r Z 
Shaft furnace [121] 2024 56,735,000 €* 423.5 tiron ore/h 0.7 1 
Natural gas 
reformer 

[121] 2024 228,032,000 €** 423.5 tiron ore/h 0.7 1 

CO2 capture [122] 2012 6,700,000 € 8,640 Nm³CO2/h 
(calculated) 

0.7 5.5 

CO2 capture [123] 2010 5,190,000 € 6,557 Nm³CO2/h 
(calculated) 

0.6 4.8 

CO2 capture [124] 2016 138,777,000 € 1,000,000 tCO2/a 0.7 1 
Pyrolyzer [63] 2019 618,800 € 1 tWood/h 0.6 5 
Pyrolyzer [125] 2013 4,004,000 € 5 tWood/h 0.72 1 
Pyrolyzer [64] 2022 2,030,668 € 3577 tChar/a 0.7 1 
DFB+dryer [53,126] 2013 25,500,000 € 15 MWproduct gas 0.7 1 
DFB+dryer [114] 2014 68,257,000 €*** 28.3 MWproduct gas**** 0.7 1 
Air 
separation 
unit 

[127] 2024 12,476,000 € 7.11 tair/h 0.7 1 

Cryogenic 
CO2 
purification 

[34] 2014 30,527,000 € 274.25 tCO2/h 0.7 1 

Other correlations 
Shaft furnace [128] 2022 𝐶Yb,XYd\[_ ($) = 49,080($ ⋅ ℎ𝑘𝑔 ) ⋅ 𝑚̇DEPJ(𝑘𝑔ℎ ) 

Natural gas 
reformer 

[128] 2022 𝐶Yb,XYd\[_ ($) = 4,903,889( $𝑀𝑊) ⋅ 𝑄ecU_d(𝑀𝑊) 
CO2 capture [124] 2016 𝐶Yb,XYd\[_ ($) = 4,903,889( $𝑀𝑊) ⋅ 𝑄ecU_d,cYZ`c^Yc(𝑀𝑊) 
Air 
separation 
unit 

[129] 2014 𝐶Yb,XYd\[_ ($) = 4,417,2000( $𝑀𝑊) ⋅ 𝑃BQS(𝑀𝑊) 

*Includes shaft furnace, warehouse, site development, piping 
**Includes oxygen supply, reformer, recycle compressor, cooling tower 
***The value reported by Thunmann et al. was reduced by 33 %, because it includes various sections dedicated to 
synthesizing synthetic natural gas. The 33 % reduction for an ironmaking process was previously estimated by [20]. 
****28.3 MWproduct gas was calculated from 20 MWbiomethane at a biomethane production efficiency of 61.8 % and a raw 
product gas efficiency of 87.3 % as reported by Alamia et al. [120]   
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Appendix C: Main mass and energy streams of all 
investigated BCG-DRI routes 
The flow data calculated in IPSEpro 8.0 were used to prepare Sankey diagrams showing the central mass 

and energy flows in e!Sankey 4 (Figure C-1-Figure C-6). All streams are scaled to the base of 1 tCDRI. 

Streams under 5 kg or 5 MJ per ton of CDRI, the cooling water, the water recirculated between the CO2 

capture and CO2 compression sections, and the heat loss streams are omitted from the figures to improve 

readability. The mass flow of drying air is depicted at a 1:10 scale because it is much larger than the 

other streams. 
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Figure C-1: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with air-
combustion and low conversion of CO2 in the gasifier: “BCG-DRI(AIR,LC)”. SH=Sensible Heat, LHV=Lower Heating Value, 
ISBL/OSBL=Inside/Outside Battery Limit 
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Figure C-2: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with air-
combustion and medium conversion of CO2 in the gasifier: “BCG-DRI(AIR,MC)”. SH=Sensible Heat, LHV=Lower Heating 
Value, ISBL/OSBL=Inside/Outside Battery Limit 
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Figure C-3: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with air-
combustion and high conversion of CO2 in the gasifier: “BCG-DRI(AIR,HC)”. SH=Sensible Heat, LHV=Lower Heating Value, 
ISBL/OSBL=Inside/Outside Battery Limit 
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Figure C-4: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with oxy-
fuel combustion and low conversion of CO2 in the gasifier: “BCG-DRI(OXY,LC)”. SH=Sensible Heat, LHV=Lower Heating 
Value, ISBL/OSBL=Inside/Outside Battery Limit 
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Figure C-5: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with oxy-
fuel combustion and medium conversion of CO2 in the gasifier: “BCG-DRI(OXY,MC)”. SH=Sensible Heat, LHV=Lower 
Heating Value, ISBL/OSBL=Inside/Outside Battery Limit 
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Figure C-6: Main mass and energy flows for the Biomass CO2 Gasification-Direct Reduction Ironmaking process with oxy-
fuel combustion and high conversion of CO2 in the gasifier: “BCG-DRI(OXY,HC)”. SH=Sensible Heat, LHV=Lower Heating 
Value, ISBL/OSBL=Inside/Outside Battery Limit 
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Appendix D: Reducing gas, carburizing gas, and top 
gas compositions 
This Appendix extends the information provided in Section 3.1.3 on the gas composition and flows to 

and from the shaft furnace. These compositions were calculated based on mass and energy balances that 

use the data presented in the methodology section. 

Table D-1: Gas composition to and from the DRI shaft furnace 

  NGR-
DRI 

NGR-
DRI 
(CCS) 

BCG-
DRI 
(AIR, 
LC) 

BCG-
DRI 
(OXY, 
LC) 

BCG-
DRI  
(AIR, 
MC) 

BCG-
DRI 
(OXY, 
MC) 

BCG-
DRI 
(AIR, 
HC) 

BCG-
DRI 
(OXY, 
HC) 

Reducing 
gas 

         

Flow rate Nm³/ 
(h∙tCDRI) 

1720 1717 1232 1232 1177 1187 1180 1187 

CO vol.-% 30.0% 30.0% 59.8% 59.8% 58.6% 58.2% 55.1% 54.8% 
CO2 vol.-% 4.8% 4.8% 5.8% 5.8% 2.8% 2.9% 2.5% 2.6% 
H2 vol.-% 52.6% 52.6% 27.3% 27.3% 32.2% 32.8% 37.2% 37.5% 
H2O vol.-% 4.7% 4.7% 0.7% 0.7% 0.7% 0.7% 0.7% 0.7% 
CH4 vol.-% 7.8% 7.8% 6.3% 6.3% 5.5% 5.3% 3.4% 3.3% 
Rest vol.-% 0.2% 0.2% 0.2% 0.2% 0.2% 0.2% 1.1% 1.1% 
H2:CO mol/mol 1.75 1.75 0.46 0.46 0.55 0.56 0.67 0.68 
RP mol/mol 8.74 8.74 13.47 13.47 25.76 25.49 28.80 28.53 
Carburizing 
gas 

         

Flow rate Nm³/ 
(h∙tCDRI) 

85 85 116 116 124 126 138 139 

CO vol.-% 0.0% 0.0% Carburization gas composition is the same as reducing 
gas composition for these simulations. CO2 vol.-% 0.3% 0.3% 

H2 vol.-% 0.0% 0.0% 
H2O vol.-% 0.0% 0.0% 
CH4 vol.-% 94.9% 94.9% 
Rest vol.-% 4.8% 4.8% 
H2:CO mol/mol ∞ ∞ 
RP mol/mol 0.03 0.03 
Top gas          
Flow rate Nm³/ 

(h∙tCDRI) 
1895 1893 1481 1481 1408 1416 1408 1414 

CO vol.-% 19.1% 18.9% 34.0% 34.0% 32.2% 32.0% 30.6% 30.5% 
CO2 vol.-% 13.9% 14.1% 29.0% 29.0% 27.2% 27.0% 25.6% 25.5% 
H2 vol.-% 37.1% 37.3% 27.5% 27.5% 29.3% 29.4% 30.8% 30.9% 
H2O vol.-% 21.3% 21.1% 9.4% 9.4% 11.3% 11.4% 12.8% 12.9% 
CH4 vol.-% 8.4% 8.4% 0.0% 0.0% 0.0% 0.0% 0.0% 0.0% 
Rest vol.-% 0.2% 0.2% 0.1% 0.1% 0.1% 0.1% 0.2% 0.2% 
H2:CO mol/mol 1.94 1.97 0.81 0.81 0.91 0.92 1.01 1.01 
RP mol/mol 1.60 1.60 1.60 1.60 1.60 1.60 1.60 1.60 
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Appendix E: Sensitivity analysis for all process routes 
The sensitivity analysis plots for all routes are shown in this Appendix in Figure E-1-Figure E-4. The 

levelized costs of product (LCOP) results are discussed in Section 3.3. The basis for each sensitivity 

analysis is the current EU-ETS scenario without a profit option from BCCS. 

 
Figure E-1: Sensitivity analysis showing the influence of various economic parameters on the levelized cost of producing 
(LCOP) one ton of cold direct reduced iron. The process acronyms “NGR-DRI(no CCS)” and “NGR-DRI(CCS)” stand for 
Natural Gas Reforming – Direct Reduction Ironmaking with and without Carbon Capture and Storage. 
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Figure E-2: Sensitivity analysis showing the influence of various economic parameters on the levelized cost of producing 
(LCOP) one ton of cold direct reduced iron. The process acronyms “BCG-DRI(AIR,LC)” and “BCG-DRI(OXY,LC)” stand for 
Biomass CO2 Gasification – Direct Reduction Ironmaking with air or oxygen-enriched flue gas as combustion agent and low 
conversion of CO2 in the gasifier. 
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Figure E-3: Sensitivity analysis showing the influence of various economic parameters on the levelized cost of producing 
(LCOP) one ton of cold direct reduced iron. The process acronyms “BCG-DRI(AIR,MC)” and “BCG-DRI(OXY,MC)” stand 
for Biomass CO2 Gasification – Direct Reduction Ironmaking with air or oxygen-enriched flue gas as combustion agent and 
medium conversion of CO2 in the gasifier. 
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Figure E-4: Sensitivity analysis showing the influence of various economic parameters on the levelized cost of producing 
(LCOP) one ton of cold direct reduced iron. The process acronyms “BCG-DRI(AIR,HC)” and “BCG-DRI(OXY,HC)” stand 
for Biomass CO2 Gasification – Direct Reduction Ironmaking with air or oxygen-enriched flue gas as combustion agent and 
high conversion of CO2 in the gasifier. 
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Abstract  
This paper explores how torrefaction and CO2 gasification can be combined to 
create biochar with a high surface area from Pinus sylvestris wood pellets. Raw 
pellets were pretreated in a torrefaction process at 300 °C before conducting 
biomass CO2 gasification experiments under various operating conditions. 
Gasification was performed under fixed and fluidized bed conditions at 
temperatures between 800 to 900 °C and biomass residence times of 15 or 25 
minutes. Biomass burn-off and BET surface areas were analyzed individually and 
combined to determine the surface yield per raw Pinus sylvestris feedstock. 
Higher temperatures, higher biomass residence times, and fixed bed conditions 
increased burn-off and BET surface areas up to 798 m²/g. Surface yield per raw 
biomass was instead found to be the highest from fluidized bed experiments, 
which yielded around 100 m²/gfeedstock after gasification at 850 to 900 °C. 

1. Introduction 
Biomass CO2 gasification is a carbon capture and utilization technology producing CO-rich 
gas [1]. Potential applications of such gas are for iron ore reduction in a direct reduced 
ironmaking shaft furnace [2] or, if sustainable hydrogen is added, as a synthesis gas for 
producing renewable chemicals and energy carriers [3]. If no oxygen is fed to the gasification 
reaction, biomass is often not fully converted, and the residual char is frequently used for 
energy generation [5]. The specific surface areas of typical biochars (from 0.1 to 500 m²/g) 
make them suited for applications like soil amendment [7] and to restore degraded sites [8]. 
Activated biochars with high specific surface areas of 200 to 2500 m²/g can be produced from 
various biomass feedstocks by thermochemical treatment and can be used for higher-value 
applications like catalysis, electrochemistry, or energy storage [9]. An ongoing research 
project on phytoremediation at TU Wien investigates the encapsulation of heavy metals in 
biochar. In this project, one investigated process route is a multi-stage process consisting of 
a torrefaction process at mild temperatures as pretreatment and a CO2 gasification step for 
surface activation at high temperatures. This paper investigates the influence of CO2 
gasification operating conditions on the surface characteristics of biochar. 

1.1. State of the art on surface adjustment by gasification 
The manufacturing process of activated biochar generally consists of a carbonization step, 
creating a biochar structure with pores that are often blocked by tar compounds, and an 
activation step, during which these blockages are removed and the pores are widened [10]. 
This activation step can be realized by adding chemicals before thermal or physical activation 
through gasification, where oxidizing gases penetrate the structure at temperatures between 
700 and 1000 °C [11]. The characteristics of the final product depend mainly on feedstock 
composition and process conditions such as heating rate, temperature, and residence time 
[12]. 
CO2 and H2O are the most common gasification agents for producing high surface area 
biochars because their endothermic reactions can be controlled well [13]. Chang et al. 
reported on the gasification of corn cob agro-waste that at 900 °C higher Brunauer-Emmett-
Teller (BET) surface areas and total pore volumes were found with CO2 as gasification agent 
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compared to steam (1705 vs. 1063 m²/g; 0.884 vs. 0.536 cm³/g) [14]. The opposite trend was 
reported at 800 °C (670 vs. 998 m²/g; 0.342 vs. 0.511 cm³/g), which can be attributed to the 
higher reaction rate for the steam-carbon reaction with H2O compared to the Boudouard 
reaction with CO2 [13]. Pallarés et al. reported a similar trend reversion when they studied the 
activation of barley straw after carbonization via pyrolysis at 500 °C [11]. BET surface area 
and pore volume were higher from CO2 gasification at 800 °C (789 vs. 534 m²/g; 0.3495 vs. 
0.2576 cm³/g), but higher surface area was found for steam gasification at 700 °C (211 vs. 
552 m²/g). Additionally, Ngernyen et al. reported a linear increase in burn-off values and BET 
surface area with increasing activation time between 60 and 300 minutes for the CO2 activation 
of Eucalyptus and Wattle wood [15].  
Based on the presented literature, activation time and temperature were selected to 
investigate Pinus sylvestris pellets' surface evolution during CO2 gasification. Additionally, the 
experiments were performed under fixed and fluidized bed conditions to examine if this would 
lead to different results, e.g., from differences in heat transfer.  

2. Materials and methods 
2.1. Experimental design 

Pellets with a diameter of approximately 4 mm and varying lengths between 5 to 20 mm were 
produced from a mixture of Pinus sylvestris needles and branches (Table 1). The pellets were 
subjected to a pre-treatment phase by torrefaction and further activation by gasification. The 
torrefaction process was performed under an N2 atmosphere and fixed bed conditions in a 
separate reactor with an inner diameter of 53 mm. This larger reactor was used because it 
enabled the production of torrefied intermediate products for all gasification experiments in a 
single batch. The pellets were kept at 300 °C for 45 minutes under a nitrogen flow of 0.8 Nm³/h. 
Quartz sand with a density of 2650 kg/m³ and a particle mean diameter determined by sieving 
analysis at 370 µm was used as bed material during fluidized bed experiments. CO2 and N2 
from gas bottles were used as gaseous feed.  
Table 1: Elemental analysis of raw Pinus sylvestris pellets 

 Water content C H N S O 
wt% 4.6 50.0 6.9 1.1 0.7 41.3 

Torrefied biochar was activated by gasification with CO2 in a stainless-steel batch reactor with 
an inner diameter of 38 mm (Figure 1a). Two external half-shells electrically heated the reactor  
(Figure 1b). Temperatures were measured by thermocouples type K. A gas mixture of 
1.6 NL/min N2 and 0.4 NL/min CO2 was supplied to the reactor and controlled by mass flow 
controllers for all experiments. Gas entered the reactor through an empty preheating section 
before a Quartz glass frit distributed the gas evenly into the upper section, where the activation 
process was carried out (reaction zone). Fuel was inserted into the reaction zone batch-wise. 
It was placed into a metal cage with a mesh size of approximately 500 μm, which was used 
for extracting the activated biochar after the experiment. Fuel was added after the reactor had 
reached its desired temperature. 

 
Figure 1:a) Gasification reactor schematic layout, b) Reactor with heating, c) Sample extraction cage 
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For fluidized bed experiments, fuel was submerged in Quartz sand. Fluidization equations 
proposed by Grace [16], Wen, and Yu [17] were used to calculate that the selected feed gas 
flow rate of 2.0 NL/min resulted in around 5 times the minimum fluidization velocity. Therefore, 
the fluidized bed conditions were achieved by forming a bubbling fluidized bed from Quartz 
sand particles around the fuel in the sample extraction cage (Figure 1c).  
A four-step procedure was followed after the activation time to stop reactions and freeze the 
surface state of biochar: 1. The electrical heating was turned off, 2. CO2 was no longer fed to 
the reactor (only N2), 3. 50 mL of Quartz sand at room temperature was fed through the ball 
valve lock to lower the temperature in the reactor, and 4. A part of the insulation was removed 
to cool down the biochar faster. After the reactor had cooled down, the activated biochar 
samples were removed by carefully lifting the cage.  
A list of the selected experimental conditions for activation is given in Table 2. 
Table 2: Investigated gasification conditions 

Name Fluidization Temperature Activation time 
 Fluidized bed Fixed bed 800°C 850°C 900°C 15 min 25 min 
E1  X X   X  
E2  X  X  X  
E3  X   X X  
E4  X X    X 
E5  X  X   X 
E6  X   X  X 
E7 X  X   X  
E8 X   X  X  
E9 X    X X  
E10 X  X    X 
E11 X   X   X 
E12 X    X  X 

2.2. Sample characterization 
The weight loss of the solid samples during processing is described by the burn-off value (b), 
which is formed from the weight before the conversion step (w0) and the weight of the final 
product (wf); see Eq. 1. 𝑏 = 𝑤� −𝑤�𝑤�  Eq. 1 

Nitrogen adsorption isotherms for surface characterization were measured using an ASAP 
2020 Plus adsorption analyzer by Micromeritics for the torrefied biochar and a Belsorp Max G  
by Microtrac Retsch for samples after activation. These measurements were also used to 
determine the total pore volume. Before measurement, the activated samples were degassed 
under vacuum in a Belprep Vac degassing station for 24 hours at 150°C, which is suggested 
as degassing temperature in the European Biochar Certification [18]. The torrefied sample 
was degassed at 200 °C for 4 hours. Isotherm data were used to calculate a specific surface 
area aBET following the proposed method by Brunauer-Emmett-Teller (BET) [19]. Guidelines 
for applying this method to microporous materials, as given in Annex C of DIN ISO 9277:2014-
01, were followed for activated samples. These guidelines were proposed by Rouquerol et al. 
[20] and are as follows:  

• C must be positive 
• Application of the BET equation must be limited to the range where the term V(1-P/P0) 

continuously increases with P/P0 
• The P/P0 value corresponding to the monolayer volume should be within the selected 

BET range. 
Two further criteria were followed to select the appropriate range for multi-point BET in this 
analyzer: 

• The first point of the fit must be at least 1∙10-3 Pa following pressure measurement 
sensitivity. 



4 
 

• The last point of the fit is chosen to achieve the highest correlation coefficient between 
data and fit. 

Furthermore, light microscopy using a Keyence VHX-S650E and a VH-ZST dual zoom 
objective and scanning electron microscopy (SEM) were used to evaluate surface adjustments. 
Samples were sputtered with gold before analysis in a COXEM EM-30 Plus microscope. 
Increasing the surface area further and further might not bring additional benefits for some 
applications, which might, for example, only need 500 m²/g to reach process demands. In such 
cases, optimal operating conditions to produce biochar could be identified by considering both 
aBET and b. A surface yield parameter (y) is proposed that relates the final biochar surface area 
aBET to the mass of Pinus sylvestris feedstock used for producing this biochar (Eq. 2). Higher 
y values indicate that higher total surface area is produced per mass of raw feedstock. 𝑦 = 𝑎�	
 ⋅ �1 − 𝑏����
�������� ⋅ (1 − 𝑏������������) Eq. 2 

3. Results and discussion 
3.1. Biomass conversion 

A burn-off value (b) of 32.64 % was recorded during torrefaction. The torrefied pellets were 
dark brown and softer in texture compared to the raw pellets, suggesting a slight surface 
degradation and the presence of tar in the pore structures. Investigations by SEM at various 
magnifications from x50 to x2000 confirmed that the pore structure remained relatively closed 
after torrefaction (Figure 2). Small hollows and irregularities were visible in the raw and 
torrefied samples due to the pelletization process mixing needles and branches. At the 
process temperature of 300 °C and under constant nitrogen flow, this weight loss was likely 
caused by drying and the decomposition of hemicellulose [13].  

 
Figure 2: Evolution of Pinus sylvestris pellets during thermal processing investigated by light and 
scanning electron microscopy (x50, x1000 magnifications). 

Significant further weight losses were recorded during gasification with CO2 (Figure 3). Burn-
off was calculated relative to the torrefied intermediate product. Biochar pellets were black and 
brittle after gasification, and their diameter had decreased by 25 % on average. Morphological 
examination under light microscopy and SEM revealed a surge in fragmentations and the 
development of both, narrow and larger pore structures that were not there before gasification. 
The inner structure showed the presence of channels and hollow areas next to each other, 
which might be related to solid-gas reactions with CO2.  
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Figure 3: Burn-off during CO2 gasification under various conditions. FB=Fixed bed; FLB=Fluidized bed. 

The increase in biochar residence time from 15 to 25 minutes increased burn-off for fluidized 
bed and fixed beds experiments. Burn-off was also increased at higher temperatures. 
Devolatilization at high temperatures is a fast process [6], suggesting that the burn-off increase 
at longer residence times was a result of ongoing gas-solid reactions. Temperatures 
exceeding 800 °C lead to the pyrolytic decomposition of more stable biomass components [22] 
and also favor fixed carbon conversion by gas-solid reactions, mainly the Boudouard reaction 
[1]. Therefore, the increase in burn-off at higher temperatures can be attributed to a mixture 
of pyrolytic decomposition and reactions with the gasification agent CO2. 
Burn-off values across all temperatures and residence times were higher under fixed bed than 
under fluidized bed conditions. Various factors could influence this result, e.g., an inhibition 
effect of silicon in the bed material could have lowered the biomass conversion under fluidized 
bed conditions [1][21]. Another reason could be lower fuel-gas contact times under fluidized 
bed conditions, due to inconsistent fluidization and effects like gas channeling around the 
sample cage. Differences in heat transfer from the external heating shell to the thermocouples 
outside the sample extraction cage and biomass inside the cage could also lead to this result 
because the cage could have decreased heat transfer from the heating to the sample by 
hindering radial mixing. As a result, the samples' actual temperature could have been higher 
under fixed bed than under fluidized bed conditions.  

3.2. BET surface 
Multi-point fitting data, calculated BET surface areas, and total pore volumes are given in 
Table 3. Correlation coefficients between isotherm measurement data and selected multi-point 
fits were at least 0.9981.  
Table 3: Surface characterization data from BET surface measurement by N2 adsorption 

Name p/p0 C Isotherm data points 
in the fitting range 

BET surface 
area (m²/g) 

Total pore 
volume (cm³/g) Low point High point 

Torref. 1.01E-02 0.07 46 4 0.65 9E-04 
E1 1.16E-03 0.23 261 16 201 0.09 
E2 1.12E-03 0.20 812 30 387 0.17 
E3 1.76E-03 0.05 2902 8 608 0.25 
E4 1.07E-03 0.14 1177 9 193 0.09 
E5 2.13E-03 0.04 3702 6 498 0.20 
E6 1.39E-03 0.05 1913 12 798 0.34 
E7 3.28E-03 0.10 645 6 55 0.03 
E8 1.10E-03 0.20 796 24 340 0.15 
E9 1.03E-03 0.04 3811 8 482 0.20 
E10 4.76E-03 0.14 655 9 240 0.11 
E11 1.76E-03 0.03 4088 5 451 0.18 
E12 1.44E-03 0.04 3472 7 560 0.23 
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Surface areas and total pore volume are orders of magnitude higher for biochar samples after 
CO2 gasification. BET surface area and total pore volume increased with higher burn-off 
values. Samples prepared under fixed bed conditions generally showed higher surface areas 
and pore volumes than samples prepared under fluidized bed conditions. Both values were 
increased for samples prepared at higher gasification temperatures and solid residence times. 
The surface area measured after 25 minutes of fixed bed operation was around 4 times as 
much as the surface area after treatment at 800 °C under otherwise equivalent conditions, 
showing that temperature had a high impact.  
This indicates two things: First, heat transfer problems under fluidized bed conditions might 
also explain the differences observed in surface area and pore volume compared to fixed bed 
conditions. Second, since the difference between 800 and 900 °C significantly impacts the 
thermodynamic equilibrium and reaction kinetics of the Boudouard reaction in biomass CO2 
gasification [1], these results suggest that surface area growth is largely caused by the 
Boudouard reaction.  
While these results suggest fixed bed conditions, long solid residence times, and high 
temperatures for producing biochar with a high BET surface area, fixed bed conditions did not 
yield the highest surface area per mass of raw feedstock. Figure 4 compares the BET surface 
area results side-by-side with the surface yield. The second metric suggests that the yield of 
surface area per mass of feedstock was higher from gasification under fluidized bed conditions. 
Around 100 m²/gfeedstock are found for gasification under fluidized bed conditions and at 850 °C 
or 900 °C. Since the BET surface area measured for these samples was also near or above 
500 m²/g, fluidized bed operation seems to have an edge in yield for applications that do not 
need BET surface areas over 500 m²/g.  

  
Figure 4: a) BET surface area of biochar, b) Surface yield from raw biomass to biochar. 

4. Conclusion 
The combination of torrefaction pretreatment and biomass CO2 gasification produced biochar 
with a high surface area. CO2 gasification increased BET surface areas by two to three orders 
of magnitude compared to the torrefied intermediate product. Higher temperatures and solid 
residence times lead to higher BET surface areas, burn-off, and surface yields. While fixed 
bed conditions were used to produce the highest BET surface areas and pore volumes in this 
work, fluidized bed conditions yielded more total surface area per raw feedstock due to lower 
burn-off values during gasification. Therefore, fluidized bed gasification should be considered 
if the biochar meets the application's demands. Further research could help to determine if the 
observed differences in burn-off are a system-specific result of this experimental setup. Since 
high temperatures and solid residence times are also favorable for utilizing CO2 in this process, 
using biomass CO2 gasification as a CCU process and for producing high-quality biochar is 
promising.  
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