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An erster Stelle möchte ich mich bei Univ. Prof. Hermann Hofbauer dafür
bedanken, dass er mir die Chance gegeben hat, unter seiner Anleitung diese
Dissertation zu erstellen.
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In weiterer Folge danke ich meiner Familie - meiner Mutter Hannelore,
meinem Vater Erich und meinem Bruder Robert - ohne deren Unterstützung
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Ihr habt mich zu dem gemacht, was ich heute bin und dafür bin ich euch
unendlich dankbar.
Ganz besonders danke ich auch meiner Freundin, Christine. Deine Unterstützung und aufheiternde Art haben mich täglich motiviert und dafür
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Abstract
Global warming led to the Paris agreement which was signed by the majority
of all countries in order to reduce the CO2 emission to keep the global temperature increase below 1.5 ◦ C. Therefore, a shift towards renewable energy
carriers is necessary. Renewable energy carriers already have a high share in
Austria’s electricity sector. More than 70 % of the electricity demand is met
by renewable sources. However, the industrial sector and the transportation
sector highly depend on fossil energy carriers. In contrast, biomass, especially solid biomass like wood chips, has still a high utilization potential for
different processes in Austria. In order to use this potential and to reduce the
CO2 emissions, dual fluidized bed biomass steam gasification with its high
efficiency and product flexibility can be employed. Therefore, different processes for the production of electricity, valuable gases (hydrogen, synthetic
natural gas, and a gas mixture composed of hydrogen and methane), and
district heat were investigated in this thesis. The techno-economic feasibility
of the investigated processes was evaluated as well as its most significant
influencing parameters.
Therefore, a robust and reliable data basis derived from commercial gasification plant data, experimental work carried out as part of this thesis, and
an extensive literature review was used. With this data basis, mass and energy balances of the investigated processes were calculated. Subsequently,
pinch analyses were carried out in order to prove the technical feasibility of
the process layouts before the techno-economic assessments for fuel capacities
of 10, 50, and 100 MW were evaluated.
The results show that governmental support and subsidies are necessary
for an economically feasible operation of the investigated processes. The
most significant influencing parameters of the economic feasibility are the
production efficiency, the annual operating hours, the investment costs, and
the feedstock price.
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Kurzfassung
Im Zuge des Klimagipfels in Paris haben sich die unterzeichnenden Länder
dazu verpflichtet ihre CO2 Emissionen zu verringern, um die globale Erwärmung auf 1.5 ◦ C zu beschränken. Um dieses Ziel zu erreichen, ist der
vermehrte Einsatz von erneuerbaren Energieträgern erforderlich. Erneuerbare Energieträger spielen bereits heute eine wichtige Rolle in Österreichs
Stromsektor. Über 70 % des Elektrizitätsbedarfs werden mittels erneuerbaren Energien erzeugt. Im Gegensatz dazu sind der Transportsektor und
die Industrie sehr stark von fossilen Energieträgern abhängig. Biomasse,
besonders feste Biomasse wie Hackschnitzel, besitzt noch großes Potential
für verschiedene Anwendungen und kann einen Beitrag zur Reduktion der
CO2 Emissionen leisten. Um dieses Potential zu nutzen, bietet sich die
Zweibett-Wirbelschicht-Dampfvergasung an. Diese bietet hohe Effizienz und
Flexibilität hinsichtlich der Produkte. Aus diesem Grund werden in dieser
Arbeit verschiedene Prozesse zur Erzeugung von Elektrizität, hochwertigen
Gasen (Wasserstoff, synthetisches Erdgas und eine Gasmischung bestehend
aus Wasserstoff und Methan) und Fernwärme untersucht. In weiterer Folge
wurde die techno-ökonomische Machbarkeit sowie deren wichtigsten Einflussgrößen ermittelt.
Ausgangspunkt für die Berechnungen war eine belastbare Datenbasis
bestehend aus Daten kommerzieller Vergasungsanlagen, Experimenten, die
im Laufe dieser Arbeit entstanden sind, und einer umfangreichen Literaturstudie. Mit diesen Daten wurden Massen - und Energiebilanzen der
untersuchten Prozesse berechnet. Um die technische Machbarkeit zu untersuchen, wurde die Wärmeintegration der Prozesse untersucht, bevor die
techno-ökonomische Machbarkeit für Anlagen mit Brennstoffwärmeleistungen von 10, 50, und 100 MW evaluiert wurde.
Die Ergebnisse zeigen, dass gezielte Fördermaßnahmen notwendig sind,
damit die untersuchten Prozesse wirtschaftlich betrieben werden können.
Den größten Einfluss auf die Wirtschaftlichkeit hat der energetische Wirkungsgrad vor den jährlichen Betriebsstunden, den Investitionskosten und dem
Holzpreis.
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1 Introduction
This thesis investigates the techno-economic feasibility of biomass gasificationbased processes for the generation of
• combined heat and power (CHP),
• H2 and district heat,
• synthetic natural gas (SNG) and district heat, and
• a gas mixture mainly composed of H2 and CH4 referred to HNG
for Austria in 2017. In addition, the most significant parameters influencing
the techno-economic feasibility of the processes are investigated. Therefore,
this section gives some background information about the Austrian energy
market. Furthermore, the price development over the last years of wood,
natural gas, and electricity is covered. Consequently, the state of the art of
biomass-based CHP, H2 , SNG, and HNG concepts is briefly given.

1.1 Motivation
In December 2015, 195 member states of the United Nations Framework
Convention on Climate Change (UNFCCC) negotiated the so called Paris
agreement in order to reduce the impact of the climate change through [1]
• holding the increase in the global average temperature well below 2 ◦ C
above pre-industrial levels and to pursue effort to limit the temperature increase to 1.5 ◦ C above pre-industrial levels, recognizing that this
would significantly reduce the risks and impacts of climate change.
• increasing the ability to adapt to the adverse impacts of climate change
and foster climate change resilience and low greenhouse gas emissions
development, in a manner that does not threaten food production.
• making finance flows consistent with a pathway towards low greenhouse
gas emissions and climate-resilient development.
8

By December 2016, 192 states and the European Union have signed the
agreement. Each country has to set measures in order to reach the above
mentioned targets of the agreement [2]. This agreement should force the
signing countries to reduce their CO2 emissions and to support the use of
renewable energy carriers. In addition, this agreement offers the possibility to
reduce the import dependence from fossil fuels and could add economic value
to the countries. For example, in 2013 Austria imported energy worth about
14.8 billion EUR. Therefrom, about 9.7 billion EUR for oil, 3.3 billion EUR
for gas, 1.1 billion EUR for electricity, and about 0.7 billion EUR for coal
[3]. Hence, in Austria there is significant potential to shift economic value
into the own market by using biomass-based processes and other renewable
energy sources.
1.1.1 Austrian energy statistics
Historically, renewable energy carriers have had a significant share of Austria’s primary energy production. However, Austria is also dependent on the
import of fossil energy carriers like oil, natural gas, and coal. Figure 1 shows
the distribution of the energy production in Austria in 2015.
Waste
Gas
7%

Renewables
Oil

Biomass
Wind and PV

6%

5%

Hydropower
Ambient heat

4%

9%

34%

57%

78%

Figure 1: Distribution of the total primary energy production (left) and the
primary energy production of renewables (right) in Austria in 2015 [4].
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The primary energy production of 508 PJ was mainly covered by renewable energy carriers like hydro, wind, solar, and ambient heat. From these 78
% of the primary energy production, 57 % were covered by biogenous energy
carriers, for example, fire wood, pellets, wood chips, bio fuels, waste lye of
pulp and paper industry, biogas, or sewage sludge. These biogenous energy
carriers were mainly used for heating [4].
Figure 2 shows the distribution of the electricity and district heat generation in Austria in 2015.
Wind and PV
Waste
Coal

Hydropower
Gas
8%

1%

Biomass
Oil

Waste
Gas
Coal

9%

6%

Renewables
Oil
5%

8%

13%

1%

7%
37%

44%

60%

Figure 2: Distribution of the electricity generation (left) and district heat
generation (right) in Austria in 2015 [4].
In 2015, 222 PJ of electricity were generated in Austria. The electricity
was mainly produced by hydropower followed by natural gas, wind and photovoltaic, and coal. About 7 % of the electricity generation was generated by
biomass, mainly by combined heat and power (CHP) plants [4]. The overall
district heat consumption in Austria was 84 PJ in 2015. Renewable energy
carriers generated most of the demanded district heat, mainly by combustion
of solid biomass [4].
Figure 3 shows the gross domestic consumption and the energetic end use
in Austria in 2015.
The gross domestic consumption in 2015 was about 1409 PJ. Oil based
products had the highest share followed by renewable energy carries and
10
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Figure 3: Gross domestic consumption (left) and energetic end use (right) in
Austria in 2015 [4].
natural gas. Wood-based biomass had the highest share (about 63 %) of
the gross domestic consumption of the biogenous energy carriers [4]. The
energetic end use in Austria was about 1087 PJ in 2015. Again, the highest
share was oil followed by electricity. The natural gas was mainly demanded
by industrial processes and household heating. The share of the renewables
was mainly caused by household heating with biomass [4].
In general, renewable energy carriers have already a high share in Austria’s energy system compared to other EU states. However, oil and natural
gas have an equally high share taking the gross domestic consumption and
the energetic end use into account. Therefore, in order to effectively reduce
the CO2 emissions, measures should be applied aiming to substitute oil and
natural gas in the Austrian energy system.
The domestic biomass resources in Austria are already extensively used
[5]. Nevertheless, according to Biermayr et al. [6], the utilization of biomassbased household heating systems decreased over the past year. Consequently,
in order to maximize the economic and ecologic efficiency of the bioenergy
sector, the focus should shift towards the most efficient applications [7]. In
addition, Lichtscheidl et al. [8] and Ehrig et al. [9] see that biomass, especially solid biomass like wood chips, has still a high potential in Austria,
11

especially within the background of increasing utilization of electricity for
household heating [6]. Therefore, biomass-based process concepts which offer a high fuel utilization rate should be employed in order to generate higher
value products like electricity and valuable gases. Hence, heat from biomass
should be mainly produced as by product of the processes.
1.1.2 Development of energy prices
Overall, energy prices in Austria increased over the past years [3]. Figure
4 shows the consumer price index of overall energy, fire wood, electricity,
district heat, and natural gas from 2000 to 2015.

Consumer price index in -

180
170

Energy overall

160

Fire wood

150

Electricity

140

District heat

130

Natural gas

120
110
100
90

2000 2001 2002 2003 2004 2005 2006 2007 2008 2009 2010 2011 2012 2013 2014 2015

Figure 4: Consumer price index of different energy carriers in Austria from
2000 to 2015 [4].
The prices of all indicated energy carriers increased since the year 2000.
In addition, there is a significant increase of the fire wood prices between
2005 and 2007. Wood chips are used in several district heating plants as well
as in biomass-based CHP plants. In 2004, several new plants were started
up in Austria which led to an increasing demand of wood chips. Therefore,
between 2005 and 2007, the wood chip prices (dry basis) increased from about
70 EUR · t−1 to about 75 EUR · t−1 . Furthermore, in 2012 the price reached
about 90 EUR · t−1 resulting in an increase of 29 % since 2005 [10].
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Figure 5 shows the profiles of the industry prices of electricity and natural
gas from 2005 to 2015.
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Figure 5: Development of industry prices for electricity and natural gas in
Austria from 2005 to 2015 (excl. taxes and other charges) [11, 12].
It can be seen that the electricity price had a maximum at the beginning
of the financial crisis in 2008. However, the natural gas price stayed on the
same level.
Figure 6 shows the price development of electricity, natural gas, and wood
chips in Austria for end users in the private sector from 2011 to 2017.
The price levels stayed at a consistent level over the last years. In addition, it can be seen that the wood chip prices are significantly lower than the
prices for electricity and natural gas. This shows the potential of a higher
share of biomass-based energy carriers in the Austrian energy system, which
would also add economic value to the country. Nevertheless, because of the
comparably high demand of wood chips in Austria, the wood chip prices
for end users in the private sector increased by 158 % since 2005. However,
biomass is still one of the most important energy carriers in Austria and its
demand is further increasing [6].
In conclusion, a reduction of CO2 emissions is necessary in order to achieve
the targets of the Paris agreement. Austria already has a significant share
of renewables in the electricity and district heat production. In contrast, the
13
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Figure 6: End-user prices of electricity, natural gas, and wood chips for the
private sector in Austria from 2011 to 2017 [13].
industrial sector and the transportation sector mainly use fossil fuels in order
to cover their energy demand. Especially, the industrial sector could lower
its CO2 emissions by using biomass-derived products, for example BioH2 ,
BioSNG, or BioHNG. However, the low electricity and natural gas prices are
a hard-economic competition for biomass-based concepts.

1.2 State of the art processes
This section gives a brief introduction of the current state of the art of
biomass-based CHP plants, production of H2 , as well as processes for SNG
and HNG production.
1.2.1 Combined heat and power
CHP plants are technologically proven and reliable with a history of more
than 100 years. In a CHP system, excess heat, which can be as much as 60
to 80 % of the total primary energy in combustion-based electricity generation by operating a Clausius-Rankine process, is used for different purposes.
Typically, CHP is defined as the combined production of electrical (or me-
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chanical) and useful thermal energy from the same primary energy source
[14].
In order to reach a significant reduction of CO2 emissions, the Austrian
government introduced feed-in tariffs for renewable electricity in dependence
of the capacity of the plants (compare Figure 7).

Electricity feed-in tariffs in EUR kWh -1

0.180
0.160
0.140

0.120
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0.080

Up to 2 MW

0.060

2 to 5 MW

0.040

5 to 10 MW
Over 10 MW

0.020

0.000
2003 2004 2005 2006 2007 2008 2009 2010 2011 2012 2013 2014 2015 2016 2017

Figure 7: Overview of Austrian electricity feed-in tariffs for CHP plants using
solid biomass as feedstock in EUR · kWh−1 from 2003 to 2017 [15, 16, 17].
The feed-in tariffs for newly erected CHP plants generating renewable
electricity from solid biomass steadily decreased over the past years. Nevertheless, the feed-in tariffs led to a significant increase of the number of CHP
plants in Austria. Those plants were mainly based on anaerobic digestion
with subsequent combustion of biogas in a gas engine or Rankine cycle plants
using lignocellulose biomass as feedstock. In 2017, the installed capacity of
biomass-based electricity generation in Austria is 473.8 MW, which equals
about 2.2 % of the overall installed capacity for electricity generation [18].
In addition, the CHP plants in Güssing, Oberwart, and Villach, employing the dual fluidized bed (DFB) biomass steam gasification technology which
will be decribed in the more detailed in Section 2.1.1, were erected in Austria.
Furthermore, several other DFB plants were built in other countries not only
producing CHP but also serving a different purpose like BioSNG production
(GoBiGas project) [19, 20].
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1.2.2 Hydrogen production
Hydrogen is an important resource for a wide range of applications in the
chemical industry [21]. Steam reforming of natural gas and other processes
with fossil fuels as feedstock produce more than 95 % of the hydrogen which
is needed in industry [22]. These large-scale steam reformer plants mainly
cover the H2 demand of refineries and ammonia plants and can reach efficiencies (H2 output to natural gas input) of up to 85 % [23]. However, other
industries, like glass, food, metal, and petrochemicals also need H2 but in
significantly smaller amounts. Consequently, small-scale natural gas steam
reformer plants have been established throughout these markets because in
most cases on-site supply of H2 offers better economy if compared to delivery
by trucks [24]. Nevertheless, steam reforming of natural gas or other fossil feedstock causes significant CO2 emissions. Figure 8 shows a simplified
flowchart of a typical steam reforming process for H2 production.
Water

Steam
generator

Sulfur

Natural gas

Sulfur
removal

Flue gas

Steam

Steam
reformer

Water gas shift
reactor

Pressure swing
adsorption

H2

Adsorbate
Air

Figure 8: Simplfied flowchart of a natural gas steam reforming process for
H2 production based on [25].
Natural gas is desulfurized with a partial flow of generated H2 and subsequently fed into the steam reformer where product gas, mainly composed
of H2 , CO, CO2 , and CH4 , is generated. The product gas is fed into a water
gas shift (WGS) reactor in order to lower the CO content and to increase the
H2 content. Finally, CO, CO2 , and CH4 are separated in a pressure swing
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adsorption unit. The steam reformer is heated by the combustion of the
adsorbate and the flue gas is used to generate steam for the steam reformer.
Another way of producing H2 is electrolysis of water. Especially alkaline
water electrolysis (AEL) is a well-established and commercially used technology for production of H2 . It is mainly used to generate small-scale H2
supplies on-site [26, 27]. If powered by renewable electricity, the generated
H2 is CO2 -neutral. In addition, the proton exchange membrane (PEM) water
electrolysis becomes also interesting for H2 production, especially within the
background of fluctuating renewable power sources like wind turbines and
photovoltaic because of their good partial load behavior [26].
1.2.3 Synthetic natural gas
Today, the generation of SNG via the thermochemical route by gasification is mainly carried out with lignite as feedstock. The first commercial
SNG production plant was the Great Plains Synfuels Plant in North Dakota,
USA, employing lignite gasification [28]. Furthermore, China is also planning the erection of several lignite coal-based SNG production plants in the
next years. However, these plants have to be watched critically regarding
its CO2 emissions and their general environmental impact [29]. In contrast,
the GoBiGas plant in Gothenburg, Sweden, is a DFB biomass steam gasification technology-based BioSNG plant which is in demonstration and generates SNG from biomass [30]. Furthermore, a BioSNG pilot plant employing
fluidized bed methanation was extensively investigated at the site of the
commercial DFB CHP plant in Güssing, Austria [31, 32].
Upgrading of biogas to biomethane is commonly utilized to produce SNG
for injecting into the grid. In this process, the most crucial operation is
a separation of CO2 from biogas, which is carried out by unit operations
like absorption, adsorption, or gas permeation (membranes). Although the
upgrading of biogas can be beneficial, its market is still small [33].
Nevertheless, biogas upgrading and BioSNG production based on the
thermochemical route via gasification must not necessarily be competitive
technologies as different feedstock for the processes can be used. The injec-
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tion regulations for both technologies are defined in the standard EN 167231:2016.
1.2.4 Simultaneous hydrogen and methane production
Gas mixtures composed of H2 and CH4 , sometimes referred to as hythane [34]
and referred to as HNG in this thesis, were extensively investigated for usage
in internal combustion engines in order to supplement compressed natural
gas as car fuel, for example in Larsen and Wallace [35], Ortenzi et al. [36],
and Sierens and Rosseel [37]. Verhelst and Wallner [38] report, that due to
the similarity of the Wobbe index of H2 and CH4 , a gas mixture composed
of those components could be used as fuel, for example, for cars, for gas boilers, or for industrial applications and, therefore can supplement fossil CH4
in natural gas grids. The Wobbe index (according to DIN 51857 “Gaseous
fuels and other gases - Calculation of calorific value, density, relative density and Wobbe index of pure gases and gas mixture”) describes the flow
of energy through a given throttle at a given pressure in the gas grid [39].
However, another important factor, which has to be considered, is material
compatibility because of the higher H2 content [40].
First experiments for the production of BioHNG based on DFB biomass
steam gasification were carried out at the site of the commercial DFB plant in
Oberwart. Product gas was processed in a WGS unit and in a pressure swing
adsorption (PSA) unit. Based on the achieved Wobbe index, the generated
BioHNG gas mixture could have been used as natural gas substitute in industrial applications. The achieved energetic BioHNG to biomass efficiency
was about 40 %.

1.3 Aim of the work
As described in the previous section, a reduction of the CO2 emissions is
necessary in order to achieve the targets of the Paris agreement. Especially,
Austria is very depended on the import of carbon-based energy carriers like
oil or natural gas. These fossil energy carriers are mainly used in the transportation sector (oil), for electricity and heat generation (natural gas), and
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for the industry (oil and natural gas). A part of the natural gas is also used
for H2 generation. However, Austria has also a very long history in using
biomass as energy carrier [6]. In addition, Austria has still potential in the
use of solid biomass feedstock for different processes. Therefore, this thesis investigates different biomass-based processes employing the DFB steam
gasification technology as it enables CHP generation, BioH2 and district heat
production, production of BioSNG and district heat, and the production of a
gas mixture consisting of H2 and CH4 which is referred to as BioHNG as possible future CO2 neutral supplement for natural gas. In addition, there are
also liquid synfuels discussed as future replacement of fossil fuels. However,
those are not further discussed in this thesis.
Table 1 and Figure 9 give an overview about the investigated processes.
Table 1: Overview about the investigated processes.
Processes
A
B
C
D

Electricity
•

BioH2

BioSNG

BioHNG

•
•

District heat
•
•
•

•

All investigated processes are based on the DFB steam gasification of
wood chips. Subsequently, the generated product gas is converted in four
different processes configurations. Process A is a CHP process aiming at the
production of electricity and district heat via combustion of the generated
product gas in a gas engine. Process B aims at the generation of BioH2 with
a purity higher than 99.9 % and district heat. In this process, the product
gas is fed into a WGS reactor, where CO is converted into additional H2 .
Subsequently, most of the tar is removed in a RME scrubber before the gas
is fed into an amine scrubber for CO2 removal. Finally, a PSA unit separates
H2 from the other gas components. Process C generates BioSNG, which
could be injected into the natural gas grid as well as district heat. In this
process, tar is removed in a RME scrubber. The cleaned product gas is
subsequently fed into a WGS unit and into a series of methanation reactors
to generate CH4 from H2 and CO. Finally, the CO2 is separated by an amine
scrubber. Process D aims at the production of a gas mixture composed of H2
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Figure 9: Graphical overview about the investigated processes.
and CH4 as possible natural gas substitute for industrial processes, referred
to as BioHNG. In this route, which is less complex than the BioSNG route,
the product gas is fed into two WGS units in series to reduce the CO content
and to increase the H2 content. Subsequently, tar is removed in a RME
scrubber before the gas is fed into an amine scrubber to remove the CO2 .
As the WGS unit plays a major role in processes B, C, and D, it was
extensively investigated with real product gas extracted from the commercial
DFB gasification plant in Oberwart (Papers 1 to 5). Based on these results
and among other data from commercial DFB plants and literature, a technoeconomic assessment of the presented processes is carried out considering
plant capacities of 10, 50, and 100 MW gasifier fuel power in Austria in the
base year 2017. Therefore, the following questions should be answered:
• What are technically feasible operating conditions for a WGS unit processing product gas from DFB biomass steam gasification plants?
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• What are economically feasible selling prices for electricity, BioH2 ,
BioSNG, BioHNG for different plant capacities in Austria in 2017 and
• which parameters have the most significant influence on the technoeconomic feasibility of the investigated processes?
• Furthermore, how can those parameters be influenced and improved?
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2 Materials and methods
This chapter introduces the approach which was used for carrying out the
techno-economic assessment of the investigated processes (see Figure 10).
Aim of this specific approach is to have a reliable and robust data basis.

Operating data from
commercial DFB
plants

Results of
water gas shift
experiments

Literature review
and
expert talks

Process layout

Mass and energy balance for
10 MW gasifier fuel power

Pinch analysis (heat integration) for
10 MW gasifier fuel power

Technical
feasibility

No

Yes
Techno-economic assessment
of gasifier fuel powers with
10, 50, and 100 MW

Figure 10: Approach for the evaluation of the investigated processes.
Based on commercial DFB plant data, experimental results of a WGS
unit (Paper 1 to 5), literature review, expert talks, and experiences, mass
and energy balances were calculated for each investigated process with a
gasifier fuel power of 10 MW. Subsequently, a pinch analysis was performed
in order to assess the technical feasibility of the processes. If the technical
feasibility was given, the techno-economic assessment was carried out for 10,
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50, and 100 MW gasifier fuel power using in principle the same process layout.
In the following, an overview about the employed main unit operations is
given. Subsequently, the approach for the calculation of the mass and energy
balances and the approach for the techno-economic assessment is introduced.

2.1 Employed unit operations
This chapter gives an overview of the state of the art of the main unit operations which were used for the investigated processes. The data are based
on literature study, experimental work carried out within this thesis, as well
as on plant data from commercial DFB CHP plants.
2.1.1 Dual fluidized bed gasification of biomass
Gasification is the thermal conversion of a carbonaceous solid fuel into a
product gas in the presence of a specific gasification fluid. Depending on the
used gasification agent, two gasification approaches can be identified: autothermal and allothermal gasification. In general, gasification is comprised
of several steps:
(a) evaporation of moisture at temperatures up to 150 ◦ C,
(b) pyrolysis, therefore release of volatiles (H2 , CO, CO2 , CH4 , tar, etc.)
between 200 and 650 ◦ C,
(c) reactions of volatiles in the gas phase between 700 and 1000 ◦ C, and
(d) heterogeneous reactions of char between 700 and 1000 ◦ C [21, 41].
During the gasification process, mainly the following homogeneous and
heterogeneous reactions take place (compare Kaltschmitt et al. [41]). Based
on these equations, the following gasification agents can be identified: O2 ,
H2 O, CO2 , and H2 .
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Homogeneous gasification reactions
∆H298 = −41.2 kJ · mol−1

(1)

*
) 3H2 + CO

∆H298 = +206.2 kJ · mol−1

(2)

*
) CO2

∆H298 = −282.9 kJ · mol−1

(3)

*
) H2 O

∆H298 = −241.8 kJ · mol−1

(4)

*
) 2H2 + 2CO

∆H298 = +247.3 kJ · mol−1

(5)

∆H298 = −808.2 kJ · mol−1

(6)

CO + H2 O *
) H2 + CO2
CH4 + H2 O
1
CO + O2
2
1
H2 + O2
2
CH4 + CO2

CH4 + 2O2 *
) 2H2 O + CO2
Heterogeneous gasification reactions
*
) CO2

∆H298 = −393.4 kJ · mol−1

(7)

*
) CO

∆H298 = −110.5 kJ · mol−1

(8)

*
) H2 + CO

∆H298 = +131.3 kJ · mol−1

(9)

C + CO2 *
) 2CO

∆H298 = +172.4 kJ · mol−1

(10)

C + 2H2 *
) CH4

∆H298 = −74.9 kJ · mol−1

(11)

C + O2
1
C + O2
2
C + H2 O

In general, for autothermal gasification, either air, pure O2 , or a mixture
of O2 and steam can be used. Therefore, the heat for the endothermal gasification reactions is supplied by partial combustion of the fuel. In case of
allothermal gasification, steam or CO2 or a combination of both is used as
gasification agent. In order to supply the heat for the endothermic gasification reactions, either a heat pipe heat exchanger or a circulating bed material,
as it is employed in the DFB process, can be used.
A special type of the fluidized bed gasifier is the already mentioned DFB
gasifier which enables allothermal gasification using steam as gasification
agent. The heat is supplied by a circulating bed material. Figure 11 shows
the principle of the DFB process which is described in detail in [41].
The fuel is fed into the gasification reactor where it reacts with steam
into a product gas mainly consisting of H2 , CO, CO2 , CH4 , and steam. The
heat for the endothermic gasification reactions is supplied by the circulating
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Figure 11: Principle of the DFB gasification process.
bed material olivine, which shows catalytic activity regarding gasification
reactions and tar reduction [42, 43]. After releasing the sensible heat in the
gasification reactor, the olivine is transported into the combustion reactor
where biomass char, a partial flow of the used tar scrubbing fluid, and a
partial flow of product gas is burnt in order to heat up the olivine.
Table 2 gives an overview of plant data from the commercial DFB biomass
gasification plants in Güssing and Oberwart which are operated as CHP
plants. The Oberwart data are derived from two different measurement campaigns, one took place in 2012 [44] and one took place in 2016 [45]. Between
those campaigns, several improvements were implemented.
Table 3 shows the typical product gas composition of the DFB biomass
steam gasification process with wood chips as fuel and olivine as circulating
bed material.
The product gas has a high H2 content and a suitable H2 to CO ratio
for several synthesis reactions, for example methanation, Fischer-Tropsch
synthesis, and mixed alcohols synthesis [47]. Furthermore, the CH4 content
accounts for about one third of the lower heating value of the product gas.
N2 is used as inertization fluid for the commercial CHP plants in order to
overlay the fuel feeding system and blowers. Therefore, the product gas
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Table 2: Input streams of commercial DFB CHP plants.
Güssing [46]

Oberwart [44]

Oberwart [45]

Units

7.80
2065
20 %
20 %
200
17
75
10
40

8.40
2783
35.9 %
26.4 %
420
6
75
5
20

8.37
2603
32.0 %
16.8 %
214
20
33
10
20

MW
kg · h−1
kg · kg−1
kg · kg−1
kW
kg · h−1
m3 · h−1
kg · h−1
kg · h−1

178

78

48

kg · h−1

Input streams
Gasifier fuel power
Wood chips (wet basis)
ωH2 O before dryer
ωH2 O after dryer
Electricity (consumption)
Fresh RME
N2
CaO
Fresh olivine
Output streams
Ash

Table 3: Typical dry product gas composition of the DFB gasification process
with olivine as bed material [41].
H2
CO
CO2
CH4
N2
LHV

Values
35 % to 40 %
22 % to 25 %
20 % to 25 %
9 % to 11 %
<1%
12 to 14
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Units
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
MJ · m−3

contains a volumetric N2 content of about 1.9 %. Known from experience and
experimental test runs at the commercial DFB plant in Güssing, without N2
as inertization fluid, the volumetric N2 content in the product gas would be
about 0.5 % (mainly leakage from the combustion reactor to the gasification
reactor).
Based on the data in Table 2, a reference gasification plant was simulated with the simulation software IPSEpro (compare Benedikt [48]) in order
to acquire detailed mass and energy balances which were the basis for the
techno-economic assessment of the different investigated processes.
Table 4 shows a typical fuel analysis of wood chips, fresh RME, tar, and
char which were used for the simulation of the DFB reference plant.
Table 4: Analysis of the wood chips, fresh RME, tar, and char used for the
simulation of the DFB gasifier. All values on water-free basis [48].
Ash
C
H
O∗
N
S
Cl
LHV
∗
O was calculated by

Wood chips
0.98 %
49.35 %
6.03 %
43.45 %
0.17 %
0.013 %
0.005 %
18.17
difference.

Fresh RME
0.00 %
93.00 %
5.00 %
2.00 %
0.00 %
0.00 %
0.00 %
36.87

Tar
0.00
94.00
6.00
0.00
0.00
0.00
0.00
38.49

Char
0.00
84.80
3.20
12.00
0.00
0.00
0.00
31.25

Units
kg · kg−1
kg · kg−1
kg · kg−1
kg · kg−1
kg · kg−1
kg · kg−1
kg · kg−1
MJ · kg−1

Table 5 shows the operating data of the 10 MW DFB reference gasification
plant.
The GCMS tar content before the rapeseed methyl ester (RME) scrubber
was 5 g · m−3 dry product gas and after the RME scrubber 1.5 g · m−3 dry
product gas. The benzene, toluene, ethylbenzene, and toluene (BTEX) content was not considered in the simulation. However, based on experiments
and operating experiences of the commercial DFB plants, the BTEX content
is usually three to five times higher than the content of other tar components
(compare Bardolf [49]). In addition, it was assumed that the RME scrubber
removes all gravimetric tar.
Figure 12 shows a Sankey diagram of the reference gasifier indicating the
LHV-based chemical energy and the heat streams.
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Table 5: Key data of the reference DFB gasification plant [48]. N2 was used
as inertization fluid for the CHP process whereas CO2 was used for the other
processes. The volumetric flow rate is given at STP.
Input streams
Gasifier fuel power
Wood chips (before dryer)
ωH2 O before dryer
ωH2 O after dryer
Electricity (consumption)
Fresh RME
N2 or CO2
CaO
Fresh olivine
Output streams
Ash

Reference

Units

10
3417
40 %
20 %
350
20
40
5
20

MW
kg · h−1
kg · kg−1
kg · kg−1
kW
kg · h−1
m3 · h−1
kg · h−1
kg · h−1

45

kg · h−1

Figure 12: 10 MW reference DFB gasifier Sankey diagram. All streams are
given in kW.
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In the dryer, the gravimetric water content of the wood chips is reduced
from about 40 % to 20 % which leads to an increase of the LHV-based
chemical energy to about 10 MW. Fly char is separated by a product gas
filter and subsequently fed into the combustion reactor where it serves as
fuel. Tar, which is contained in the product gas is partially removed by the
RME scrubber and steadily fed into the combustion reactor together with
the used RME. Beside the fly char, tar, RME, and additional fuel in form
of recycled product gas is fed into the combustion reactor. The overall heat
losses of the gasification process are about 509 kW at 10 MW gasifier fuel
power.
Figure 13 shows the annual operating hours of the CHP plants Güssing
(start-up 2002), Oberwart (start-up 2008), and Senden (start-up 2012) as
well as of the GoBiGas plant for BioSNG production (start-up 2014).
9000

Annual operating time in h

8000

Güssing

Oberwart

Senden

GoBiGas

7000
6000
5000
4000
3000
2000

1000
0
2002 2003 2004 2005 2006 2007 2008 2009 2010 2011 2012 2013 2014 2015 2016

Figure 13: Annual operating hours of the CHP plants Güssing, Oberwart,
and Senden as well as of the GoBiGas plant [50, 51].
The plants in Güssing and Oberwart reached more than 7000 operating
hours per year. This indicates that the technology is proven and reliable. If
problems occurred than in most cases either with the fuel feeding system or
due to heat exchanger clogging (product gas as well as flue gas line). However,
the reliability problems in Senden and at the GoBiGas BioSNG plant can be
dedicated to scale effects due to larger plant capacities and greater dimensions
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of the gasification reactor [52]. The accumulated operating time of all four
DFB plants is more than 150000 hours. Based on this information, the
annual operating time for the techno-economic assessment of the investigated
processes was chosen with 8000 hours.
2.1.2 Water gas shift unit
In order to increase the H2 content and to lower the CO content of the
generated product gas, a water gas shift (WGS) unit can be employed, where
the WGS reaction (Equation 12) takes place.
CO + H2 O *
) H2 + CO2

∆H298 = −41.2 kJ · mol−1

(12)

It converts carbon monoxide and steam to hydrogen and carbon dioxide.
At the industrial scale, a WGS unit is usually a fixed bed reactor. In order
to reach economic reaction rates, different catalysts can be used. Fe-Crbased catalysts are suitable for a high temperature WGS stage. This high
temperature stage operates adiabatically with a gas inlet temperature of
350 to 550 ◦ C and space velocities from 400 to 1200 h−1 . The operating
pressure depends on the plant requirements [21]. Fe-Cr-based catalysts seem
to be robust against sulfur poisoning at levels of about 100 to 200 ppm H2 S
which are observed in the product gas of DFB biomass gasification plants
[53, 54]. Catalysts for the low temperature stage (about 200 ◦ C) are CoMo or Cu-Zn-based catalysts. The Co-Mo catalyst is resistant against the
presence of sulfur components but the amount of H2 S in the product gas of
biomass steam gasification is too low for the Co-Mo catalyst to reach a high
level of activity as the Co-Mo catalyst is activated by sulfur (compare [53]).
In contrast, Cu-Zn catalysts are sensitive to sulfur poisoning [21], therefore
sulfur removal would be necessary. This section focuses on the Fe-Cr-based
catalyst as it has proofed very suitable for the operation with the product
gas from DFB biomass gasification plants and its long-term investigation is
a significant part of this thesis (Section 3.1 and Paper 1 to Paper 5).
The Fe-Cr-based high temperature shift catalyst is composed of Fe3 O4
and Cr2 O3 , basically the same catalyst as developed by BASF in 1915. The
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catalyst is relatively inexpensive, because of the Cr2 O3 resistant to sintering
and robust against sulfur and chlorine compounds. Zhu and Wachs [55] give
an extensive review of iron-based high temperature water gas shift catalysts.
One key factor which affects the performance of the Fe-Cr-based WGS
catalyst and influences the overall heat integration of a plant is the steam
to dry gas ratio at the reactor inlet. Both, laboratory and commercial data,
indicate that higher steam to dry gas ratios also increase the water gas shift
reaction rate. As a result of the steam to dry gas ratio’s effect on the thermodynamic and kinetic properties of the process, higher values give higher
CO conversions and a lower CO content in the exit gas. In addition to the
CO conversion, the steam to dry gas ratio can also affect the production of
hydrocarbons (mainly methane) by the Fischer-Tropsch reaction. In order
to minimize such undesirable reactions, a minimum steam to dry gas ratio
of 0.4 should be ensured at the inlet of a WGS reactor. Depending on the
feed of the WGS reactor, typical molar steam to dry gas ratios are between
0.6 and 2.2 and steam to carbon ratios between 2.8 and 4.2 [56].
2.1.3 Tar scrubber
The product gas generated by the DFB gasification system contains a significant amount of tar. In order to remove the tar and to condense the
steam by lowering the gas temperature, RME has been a well proven scrubbing liquid at the commercial DFB plants in Güssing, Oberwart, and Senden
[45, 52, 57]. Bardolf [49] summarizes the state of the art and latest research
results regarding the RME scrubbing units employed at commercial DFB
plants serving tar removal and steam condensation. Therefore, in all investigated processes the RME scrubber was employed to remove tar. It was
assumed that the scrubber operating temperature is 50 ◦ C, therefore tar is
partially removed (GCMS tar content decreased from 5 g · m−3 to 1.5 g · m−3 )
and steam condensed.
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2.1.4 Amine scrubber
Amine scrubbing has been used to separate carbon dioxide from gaseous
streams since 1930 [58]. The CO2 -rich gas stream is contacted with an aqueous amine solution. The amine solvent reversibly reacts with CO2 forming
water-soluble salts. Amine-based solvent processes are well-suited to capture
CO2 from dilute low-pressure streams [59]. Problems during operation can
occur due to the corrosive behavior of amines, formation of non-soluble salts,
and foaming [60].
Due to the high affinity of especially CO2 to the used solvents, mainly
aqueous solutions of monoethanolamine (MEA), diethanolamine (DEA) and
methyldiethanolamine (MDEA), the operating pressure of amine scrubbers
can be kept at ambient level. The high capacity and high selectivity of the
amine solution turns out to be a disadvantage during the regeneration of the
scrubbing solution. Chemical scrubbing liquids require a significant amount
of energy for the regeneration which has to be provided as process heat. As
a small part of the scrubbing liquid is lost due to evaporation, it has to be
replenished frequently. Hydrogen sulfide could also be chemically absorbed
but higher temperatures during regeneration would be needed [61].
Amine systems have taken a great step forward in the market of biogas
upgrading plants. In 2009, amine scrubbers were still only used at demonstration plants in the biogas sector, whereas the systems are commercially used
now. Today MDEA is the most commonly used solvent in amine scrubbing
systems [62].
The loading capacity for chemical solvents like amines is primarily dependent on the concentration of the active components and the achievable
loading according to the thermodynamic equilibrium. For the range of alkanolamines, the primary amines (MEA) will be more favorable in terms of
reaction rates compared to secondary (DEA), or tertiary (MDEA) amines.
However, achievable loadings and heat requirement for regeneration will be
also higher for primary amines [63]. Today, the most common industrially
used amine system is a mixture of MDEA and piperazine (PZ), often termed
activated MDEA (aMDEA). Activated MDEA uses piperazine as a catalyst
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to increase the speed of the reaction with CO2 . This system is today supplied by several major suppliers of chemicals such as BASF, DOW chemicals,
Shell, and Taminco [62, 64, 65]. In general, different solvents show the following CO2 removal efficiency: water < MDEA < DEA < MEA. With PZ
activated MDEA has the same CO2 removal efficiency as MEA, but is less
corrosive. Furthermore, the energy requirements of MDEA are usually lower
compared to MEA and DEA [66].
Figure 14 shows the principle of an amine scrubbing unit with amine
regeneration.
Lean product gas 3

9

CO2

Condenser
Cooler

6

1

Stripper

Rich product gas

Absorber

2

5

7

Boiler

4

8

Figure 14: Simplified flowchart of an amine scrubbing process (based on [62]).
The CO2 rich gas stream (1) is fed into the absorber where the CO2 reacts
with the amine solution resulting in the lean gas stream (3). The liquid amine
solution (8, referred to as lean amine with a low CO2 content) enters from
the top of the absorber (2) and leaves at the bottom (4, rich amine). The
rich amine is then preheated and enters the stripper (5). In the stripper,
the rich amine solution flows in counter-current flow down to the bottom.
At the bottom, the aqueous amine solution is heated up in order to desorb
CO2 . The steam and the desorbed CO2 leave the stripper at the top (6).
Subsequently, the steam and a small part of evaporated amine is condensed
and fed back to the stripper (7), whereas the CO2 leaves the stripper (9).
The regenerated amine solution (8) is cooled and used again in the absorber
(2).
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According to Bauer et al. [62], amine scrubbers can reach CO2 removal
efficiencies of up to 99.8 % with biogas with a volumetric fraction of 40 %
CO2 in the feed. Ryckebosch et al. [67] report CO2 removal efficiencies
up to 99.5%. Further CO2 purification would bring the CO2 quality up to
food-grade standard [63].
In the following, typical operating parameters of amine scrubbers are
given. The operating conditions depend on the CO2 concentration in the
feed and the used amine solvent.
• Stripper temperature: 100 to 160 ◦ C [58, 61, 62, 68, 69]
• Absorber temperature: 40 to 65 ◦ C [62, 68, 69]
• Electricity demand: 300 to 700 kJ · kg−1 of absorbed CO2 [62, 70, 71,
72, 73]
• Heat demand for regeneration: 1400 to 4000 kJ · kg−1 of absorbed CO2
[62, 70, 71, 73, 74, 75]
• Solvent consumption: 0.35 to 2 kg · t−1 of absorbed CO2 [63, 72, 74]
In order to calculate the mass and energy balances of the different investigated processes, the assumptions for the amine scrubbing units were
taken based on the presented literature. According to Bauer et al. [62] and
Privalova [76], aMDEA is the most common amine for CO2 removal today.
Therefore, it was selected as solvent for the amine scrubbers. A CO2 removal
efficiency of 99 % was chosen (compare Bauer et al. [62] and Ryckebosch et
al. [67]). According to Bauer et al. [62] and Tobiesen et al. [77], about 2.4
MJ thermal energy per kg of absorbed CO2 are necessary to regenerate the
aqueous amine solution. If H2 S is included in the removal, about 10 % extra
energy consumption would be necessary. In contrast, the application of MEA
would lead to a significant higher energy demand of about 4.0 MJ per kg of
absorbed CO2 [78]. Furthermore, based on Bauer et al. [62] an electricity
consumption of 0.4 MJ per kg absorbed CO2 was assumed. The stripper temperature for regeneration of the amine solution was 110 to 120 ◦ C according
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to Aaron and Tsouris [79] and Dugas [80]. The absorber temperature was
chosen with 50 ◦ C according to Aaron and Tsouris [79].
2.1.5 Methanation and prior gas cleaning
The oil crisis in the 1970s intensified the development of lignite and coal
gasification processes with SNG production. One commercial SNG plant
was erected. The Great Plains Synfuels Plant by the Dakota Gasification
Company (North Dakota, United States) was commissioned in 1984 and has
been producing 4.8 Mio m3 SNG per day [28, 81]. Schildhauer [82] gives a
detailed overview about SNG production via gasification.
Fixed bed methanation reactors are state of the art as gas cleaning units
in, for example ammonia plants. They are used to eliminate small concentrations of CO by methanation in hydrogen-rich streams before the ammonia
synthesis to avoid catalyst deactivation [54, 83]. The removal of the reaction
heat is not a problem in these applications because of the high heat capacity
of the large gas volumes and the low CO content. However, for the production of SNG, the heat of reaction has to be considered due to the high
amount of CO in the product gas. In this case, several methanation reactors
are connected in series with intermediate gas cooling or recycling of product
gas. Fixed bed methanation processes are commercially available from different companies [84]. For example, the Haldor Topsoe TREMP process was
employed at the GoBiGas project for the production of SNG from biomass
[30, 85].
Fluidized bed reactors are known to be suitable for large scale operation
of heterogeneously catalyzed reactions with highly exothermic behavior. The
excellent mixing of the fluidized solids leads to almost isothermal conditions
in the reactor, which allows simple and easy control of the operation. However, special attention should be paid to attrition and the entrainment of the
catalyst particles. Several research projects regarding fluidized bed methanation were carried out. One example is the successful demo operation at the
DFB plant in Güssing which is well described in Rehling [31] and Rehling
et al. [32]. However, although there are certain advantages, fluidized bed
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methanation processes are not commercially available. Therefore, in this
thesis, the focus lies on the commercially available fixed bed methanation
processes because of the higher technology readiness level (TRL) of 9 [84].
Equations 13 to 17 are the main reactions which take place during methanation processes.

3H2 + CO *
) CH4 + H2 O

∆H298 = −206.2 kJ · mol−1

(13)

CO + H2 O *
) H2 + CO2

∆H298 = −41.2 kJ · mol−1

(14)

2H2 + 2CO *
) CH4 + CO2

∆H298 = −247.3 kJ · mol−1

(15)

4H2 + CO2 *
) CH4 + 2H2 O

∆H298 = −165.0 kJ · mol−1

(16)

∆H298 = −172.4 kJ · mol−1

(17)

2CO *
) C + CO2

Low temperatures and high pressures are thermodynamically preferred.
The reaction of CO via the Sabatier process 1 is preferred and can even inhibit
the CO2 methanation because of the far stronger adsorption strength of CO
on catalyst surfaces [86]. It is still unclear if CO2 methanation needs CO as
intermediate product or not. However, even for CO methanation, there is still
no consensus about the kinetics and the mechanism [87]. According to Twigg
[54], the methanation of CO2 is inhibited until CO levels are lower than 200
to 300 ppm. Furthermore, the methanation reactions are accompanied by
the WGS reaction (Equation 14), which can be suppressed by proper choice
of the feed gas mixture, the catalyst, and the operating conditions [82].
Basically, all metals located in groups 8 to 10 of the periodic table are
suited for catalyzing the methanation reaction. Due to a good combination
of price, activity, and selectivity, nickel catalysts are predominantly applied
in commercial methanation plants [84, 88].
In particular for CO methanation, prevention of fouling caused by carbon
deposition is one of the major challenges [89]. In contrast, carbon deposition
1

The Sabatier reaction or Sabatier process was discovered by the French chemist Paul
Sabatier in the 1910s. It involves the reaction of hydrogen with carbon dioxide at elevated
temperatures (optimally 300 to 400 ◦ C) and pressures in the presence of a nickel catalyst
to produce methane and water.
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seems to cause no problems in CO2 methanation processes [90]. If coking
and carbon deposition is thermodynamically favored can be checked with
C-H-O ternary diagrams. The equilibrium calculations show that a higher
steam to carbon ratio or a higher O2 to carbon ratio is generally needed to
prevent carbon deposition with decreasing temperature. Furthermore, the
addition of CO2 suppresses the deposition at higher temperatures around
1000 ◦ C [91, 92]. However, these temperature levels are usually not reached
in methanation processes. Carbon deposition and coke formation occur at
relatively low rates under favorable reaction conditions. However, under
unfavorable conditions, high rates can lead to catastrophic failure of the
catalyst and plugging of reactor voids leading to shut down within hours.
The order of reactivity for coke formation is structure dependent: polynuclear
aromatics > aromatics > olefins > branched alkanes > normal alkanes [93].
Key factors to prevent carbon deposition and coke formation include:
(a) operating under conditions that minimize formation,
(b) optimizing catalyst design, for example in the case of zeolites optimizing
acidity to minimize coke formation, and
(c) purifying the feed to remove precursors that accelerate carbon or coke
formation [90, 93]
Carbon deposits are formed by the Boudouard reaction (compare Equation 17). In this reaction, carbon monoxide is converted into carbon dioxide
and solid carbon, which deposits on the active nickel surface [89]. Moreover,
the presence of olefins like ethylene enhances the risk for carbon deposition
[93, 94]. Therefore, gas conditioning is needed upstream of fixed bed methanation processes [95].
Gas cleaning prior methanation Catalysts for alkene hydrogenation include a
wide variety of nickel metals, noble metals, and sulfided (Ni-Mo/Al2 O3 and
Co-Mo/Al2 O3 ) materials. The less expensive nickel catalysts can be used for
hydrogenation of relatively pure feeds, for example with low concentrations
of sulfur compounds and other poisons. Noble metal catalysts are preferred
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for hydrogenation involving molecules containing impurities, such as halides
or sulfur (at low levels), that would poison nickel. Ni-Mo and Co-Mo sulfides
are used for processes in which sulfur removal to low levels is impractical.
Hence, they can be used for sulfur containing feeds [83].
According to Haro et al., Deithorn, Marsh and Rodriguez-Reinoso, and
Yang [85, 96, 97, 98] activated carbon (AC) is well suited and commercially
widely used for the removal of organic compounds from gas streams. Furthermore, according to a report from TU Wien [61] impregnated activated
carbon is well suitable for removal of H2 S contents of up to 150 ppm which
is about the same H2 S content of the product gas of DFB gasifiers operated
with wood chips (Paper 1 to Paper 4). For desorption and regeneration of the
loaded activated carbon, Woods [99] gives a value of 3 to 5 kg of steam per
kg of adsorbed organic. In addition, the regeneration temperature has to be
high enough to heat the adsorbent about 50 ◦ C above the boiling temperature
of the highest boiling organic.
The removal of COS with state of the art adsorbents at low temperature
is difficult since COS is rather inactive compared to H2 S probably due to its
neutrality and similarity to CO2 [21, 100]. Therefore, hydrodesulfurization
(HDS) with a subsequent ZnO adsorber is often used to remove COS from
gaseous streams [21]. In this process, the feed gas is, if necessary, mixed with
a small quantity of hydrogen and passes over a catalyst bed. The typical HDS
catalyst is either a Co-Mo/Al2 O3 or a Ni-Mo/Al2 O3 catalyst. The organic
sulfur is reduced to H2 S and hydrocarbon. Subsequently, the H2 S can be
removed by adsorption on a bed of ZnO sorbent at temperatures between
300 to 400 ◦ C. ZnO sorption capacity for H2 S is much higher than that of
other sorbents, which leads to lower inventories of sorbent and decreasing
sorbent replacement frequency [21].
In this work, the VESTA process developed by Amec Foster Wheeler and
Clariant was chosen as methanation process because it is commercially available and avoids expensive gas recycling in order to restrict the temperature
increase over the fixed bed methanation reactors. Therefore, its investment
costs should be also suitable for small-scale plants which use biomass as
feedstock [101, 102, 103].
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2.1.6 Pressure swing adsorption
The pressure swing adsorption (PSA) process is based on the physical binding
of gas molecules to a solid adsorbent material. The interaction between the
gas and the adsorbent depends mainly on the gas component, its partial
pressure, the type of adsorbent, and the temperature. It is a state of the art
process for gas separation and widely used at commercial scale for different
applications, for example air separation, hydrogen production, and biogas
upgrading [23, 61, 104]. Figure 15 shows a simplified flowchart of a PSA
process.

Raffinate
(high p)

Adsorbate
(low p)

Feed
(low p)

Figure 15: Simplified flowchart of a PSA process.
The feed is compressed and successively fed into the different adsorber
vessels. Those vessels, which are not in contact with the feed, are regenerated
by lowering the pressure and flushing with high-pressure product (raffinate).
The low-pressure product (adsorbate) which contains the contaminants of
the feed can be reused within upstream or downstream processes.
Considering the main gas components of the processed gas, the adsorption
strength on activated carbon can be described by the following relation: CO2
> CH4 > CO > H2 [21]. This means that CO2 is preferably adsorbed on the
activated carbon and, hence better removed from the feed gas stream than,
for example H2 . Consequently, activated carbon is a suitable adsorbent for
the production of pure H2 . In contrast, carbon molecular sieve (CMS) is
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often used for biogas upgrading in order to separate CO2 from CH4 [105]. In
Paper 7, the authors observed the following adsorption strength of the main
product gas components at CMS: CO2 > CO > H2 > CH4 .
In the last years, several approaches aiming to reach the fuel cell grade
H2 production via PSA from product gas derived from DFB biomass steam
gasification plants were carried out at the sites of the DFB plants in Güssing
and Oberwart. During these experiments with a lab-scale PSA unit employing activated carbon as adsorbents, H2 recoveries up to 80 % were reached
[106, 107]. With additional CO2 separation before the PSA unit and further
optimization measures, 90 % H2 recovery (also used in this work) can be
achieved [21]. However, there is always a trade-off between H2 recovery and
purity. Therefore, if high grade H2 (purity higher than 99.999 %) should be
generated, the recovery could be significantly lower.
In addition, the production of a gas mixture consisting mainly of H2
and CH4 , sometimes referred to as hythane and BioHNG in this work, was
also carried out with the lab-scale PSA unit. In contrast to the experiments
aiming at pure H2 production, in these test runs, CMS was used as adsorbent
(compare Paper 7).
2.1.7 Gas engines
Today, gas engines are widely operated for generation of heat and power
[108]. They can be operated with a variety of gaseous fuels, for example
natural gas, biogas, and even hydrogen rich syngases from biomass gasifiers
[109, 110]. Operated with natural gas, an electrical efficiency up to 49 % can
be achieved. Gas engines have been successfully operated with the hydrogen
rich product gas from DFB gasification plants for several thousand hours for
CHP [45, 111]. Operated with the product gas from DFB plants, the gas
engines can reach the following key figures [46, 48, 112, 113]:
• Electrical efficiency based on product gas input: 38.8 %
• Heat losses of the gas engine without considering flue gas losses: 7.4 %
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• Thermal efficiency without flue gas cooling: 21.8 % at a district heat
feed flow of 90 ◦ C and a return flow of 70 ◦ C [114]
• Air to product gas ratio: 8.2 kg · kg−1
In addition, the flue gas leaves the gas engines with a temperature between
430 and 500 ◦ C. The flue gas can be cooled and the heat can be used for
different applications, for example generation of additional district heat. The
high air to product gas ratio is necessary to reduce knocking tendency caused
by the high hydrogen content of the product gas from the DFB plants [110].

2.2 Calculation of the mass and energy balances
Mass and energy balances of the investigated processes were carried out using the process simulation tools IPSEpro and COCO. IPSEpro is a software
system for calculating heat balances and simulating processes. It comprises
a set of software modules for creating process models for a wide range of applications and for utilizing these models throughout the lifecycle of process
plants [115]. It is possible to implement an actual process from a small scale
experimental setup into a formal scheme to predict specific behavior of a
system and to scale up this process into industrial-scale. The Biomass Gasification Library (compare Pröll [46]) implemented in the IPSEpro software
is used for the presented work. COCO (CAPE-OPEN to CAPE-OPEN) is a
free-of-charge CAPE-OPEN2 compliant steady-state simulation environment
[116].
A 10 MW reference plant for CHP based on state of the art DFB plants
and corresponding literature data was simulated in IPSEpro [48]. Input data
for the gasifier was mainly provided by operating data from the commercial DFB plants in Güssing and Oberwart. Therefore, this data can be seen
as very reliable and robust. Based on this data, the mass and energy balances of the investigated process for CHP, BioH2 , BioSNG, and BioHNG
production were calculated with the COCO simulator. As equation of state,
2

The CAPE-OPEN Interface Standard consists of a series of specifications to expand
the range of application of process simulation technologies.
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the Peng-Robinson approach was chosen [117]. Tar and sulfur components
were not considered in the COCO simulation, but in the IPSEpro simulation.
Compressors were calculated with an isentropic efficiency of 75 % (according to manufacturer data in Müller [118]). Water gas shift, hydrogenation,
and methanation reactors were simulated as equilibrium reactors minimizing
the Gibbs enthalpy without kinetic data. For the simulation of the water
gas shift reactors, only CO, H2 O, H2 , and CO2 were considered as reactive
components. This behavior was also observed during experiments with a labscale water gas shift unit with real product gas from the commercial DFB
plant in Oberwart, Austria (compare Paper 1 to 5). Heat losses were only
considered of the DFB gasifier as commercial plant data was available as
source [44, 45, 46, 48]. These are based on operational experience. Pressure
losses where not considered in the calculation of the mass and energy balance.
The reference conditions for the enthalpy calculation were 25 ◦ C (298.15 K)
and 101325 Pa.
The steam to dry gas ratio (Equation 18) is the ratio of the molar steam
flow rate to the molar dry gas flow rate in the feed:
StG =

ṅSteam
ṅG

(18)

The steam to carbon ratio (Equation 19) is the ratio of the molar steam
flow rate to the molar carbon flow rate in the feed:
StC =

ṅG · (ϕCO + ϕCO2 + ϕCH4

ṅSteam
+ 2 · ϕC2 H4 + 2 · ϕC2 H6 + 3 · ϕC3 H8 )

(19)

Two efficiencies were calculated based on the mass and energy balances
of the investigated processes. The wet fuel-based main product efficiency
(Equation 20)
ηMP =

PEl,g + ṁH2 · LHVH2 + ṁSNG · LHVSNG + ṁHNG · LHVHNG
ṁBM · LHVBM

(20)

is the ratio of the main products (district heat is not included) of each process
to the wet biomass-based energy input.

42

The overall efficiency
PEl,g + PDH + ṁH2 · LHVH2 + ṁSNG · LHVSNG + ṁHNG · LHVHNG
ṁBM · LHVBM + ṁRME · LHVRME + PEl,c
(21)
is the ratio of the energy streams of all generated products (district heat is
included) of each process to the wet biomass-based energy input, the RME
input, and the electricity consumption.
In addition, the carbon conversion efficiency was calculated as follows.
ηO =

ηC =

ṁC,Product
ṁC,BM + ṁC,RME

(22)

This key figure is the ratio of the carbon in the generated product to the
carbon fed into the system. For calculation of this key figure, electricity and
district heat were not considered.

2.3 Pinch analysis and heat integration
After the calculation of the mass and energy balances, pinch analysis of the
investigated processes was carried out in order to find a suitable heat exchanger layout which minimizes external heating and cooling utilities. In
general, pinch analysis is a methodology for minimizing energy consumption
of chemical processes by calculating thermodynamically feasible energy targets (or minimum energy consumption) and achieving them by optimizing
heat recovery systems, energy supply methods, and process operating conditions. It is also referred to as process integration, heat integration, energy
integration, or pinch technology. The methodology is well described in Kemp
[119] and Brunner and Krummenacher [120].
In this work, the pinch analysis was carried out using Microsoft Excel and
under the assumption of a constant specific isobaric heat capacity over the
whole temperature range. Heat losses of the heat exchangers were neglected
and ∆Tmin was set to 20 ◦ C as this value seems to be a good compromise
between technical and economic feasibility [120]. Subsequently, the composite curves (CC) and the grand composite curve (GCC) were drawn and the
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necessary cold and hot utilities were determined. District heat was considered with a feed flow temperature of 90 ◦ C and a return flow temperature of
70 ◦ C.

2.4 Techno-economic assessment
The techno-economic assessment is based on previously developed approaches
[121]. First, the overall investment and production costs were estimated.
Subsequently, the selling price of the main product for a net present value
(NPV) equally zero was calculated. The base year for the calculations was
2017. In addition, it was assumed that 2016 prices are equal to 2017 prices
where applicable.
2.4.1 Investment costs
Capital expenditures (CAPEX) were estimated based on a literature study as
well as on budget quotes from different plant manufacturers. CAPEX from
years different than 2017 were adjusted using the chemical engineering plant
cost index (CEPI) and converted to actual prices considering the respective
currency exchange rates.
CEPI 1
CAPEX 1
=
(23)
CAPEX 2
CEPI 2
The CAPEX of plants and units of different sizes were adjusted using
order-of-magnitude estimates and capacity rationing was accounted for with
Equation 24.
CAPEX 1
=
CAPEX 2



Capacity 1
Capacity 2

m
(24)

An exponent m of 0.67 was used as scale factor in this work as it seems
to be a reasonable value for scaling whole plants [121]. In addition, the
plant start-up expenses (SUEX) were considered to be 10 % of the calcu-
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lated CAPEX. Therefore, the overall investment costs (INV) of a plant were
calculated as follows.
INV = CAPEX + SUEX = CAPEX · (1 + 10%)

(25)

Nevertheless, according to Brown [121], in this early stage of process
development, if few design details are known, the CAPEX estimation has
an uncertainty from –30 % to +50 %. Furthermore, Weber [122] gives an
uncertainty between 20 % and 30 % (positive and negative) at the beginning
of the engineering phase of a process. Therefore, the sensitivity analysis of
the CAPEX in this thesis is carried out with an uncertainty between –25 %
to +25 %.
2.4.2 Production costs
The production costs or operating expenditures (OPEX) of a certain plant
were split into detailed and factored estimates. The detailed estimates were
calculated based on actual prices of the year 2017 of materials and energy
streams according to the amounts calculated in the process simulations. Factored estimates were either considered as a percentage of the operating labor
or as a percentage of the capital investment. Table 6 gives an overview of
how the production costs were calculated.
Table 6: Overview of estimated OPEX.
Production costs
Raw materials
Operating labor
Utilities
Employee benefits
Supervision
Laboratory
Maintenance
Insurance and taxes
Operating supplies
Plant overhead
Depreciation

Detailed estimates
Process simulation
Plant data
Process simulation

Factored estimates

30 % of operating labor
10 % of operating labor
10 % of operating labor
6 % of CAPEX
3 % of CAPEX
3 % of CAPEX
1 % of CAPEX
Equation 26

Raw materials consider the wood chips and operating labor the wage of a
plant operator before taxes. Utilities consider all other material and energy
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streams which need to be bought in order to operate the plant. Employee
benefits consider the non-wage labor costs. Supervision considers the plant
management and laboratory covers labor and equipment for analysis. Maintenance considers labor, replacement, and maintenance parts, and contract
maintenance. Insurance and taxes covers non-income taxes and insurances.
Operating supplies covers lubricants, filters, and custodial supplies. Plant
overhead considers clerical stuff and groundskeeping. The depreciation was
assumed linear and calculated according to Equation 26.
CAPEX
(26)
n
The raw material costs, utility costs, and revenues were calculated with
the specific prices in Table 7.
Depreciation =

Table 7: Specific prices for calculation of the production costs (OPEX).
Input streams
Wood chips (dry)
Electricity (consumption)
N2
RME
CaO
Olivine
Makeup water
Output streams
Ash disposal
District heat (generation)

Values

Units

Sources

0.088
0.080
0.090
1.100
0.150
0.156
0.002

EUR · kg−1
EUR · kWh−1
EUR · m−3
EUR · kg−1
EUR · kg−1
EUR · kg−1
EUR · kg−1

[6]
[123] [124]
DFB plant Oberwart
DFB plant Güssing
DFB plant Oberwart
DFB plant Oberwart
DFB plant Güssing

0.090
0.050

EUR · kg−1
EUR · kWh−1

DFB plant Güssing
DFB plant Oberwart

According to expert talks and experiences, the makeup amine (aMDEA)
of the employed amine scrubbers does not have to be considered in the production costs as its consumption is not significant.
2.4.3 Assessment
In order to carry out the economic assessment, the assumptions in Table 8
were made for all investigated processes.
It was assumed that six employees are needed to ensure a safe, twentyfour-seven operation of the plants. The annual operating time (t) was set to
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Table 8: Assumptions for the techno-economic assessment.
Number of employees
Wage per employees
Annual operating hours (t)
Plant lifetime (n)
Tax rate
Discount rate or ROI (i)

Values
6
50 000
8000
20
25 %
10 %

Units
EUR · a−1
h · a−1
a
-

8000 hours and the expected plant lifetime (n) was set to 20 years. Furthermore, a tax rate of 25 %, which is the standard tax rate on profits in Austria,
was assumed. Finally, a discount rate or a return of investment (ROI3 , i) of
10 % was chosen for the NPV calculation. The before tax (BT) cash flow
was calculated based on the OPEX estimation in Table 6. It was calculated
according to Equation 27 as the difference of revenues (REV) and OPEX.
BT cash flow = REV − OPEX

(27)

The after tax (AT) cash flow was calculated according to Equation 28,
which takes the BT cash flow, the tax rate and depreciation into account.

AT cash flow = BT cash flow · (1 − Tax rate) + Depreciation

(28)

The techno-economic assessments were based on the NPV, which was
calculated with the AT cash flow, the discount rate, the plant lifetime, and
the investment costs according to Equation 29.

NPV = AT cash flow ·

(1 + i)n − 1
i · (1 + i)n


− INV

(29)

Based on the assumption of NPV = 0, the specific selling prices of the
electricity, BioH2 , BioSNG, and BioHNG were calculated.
3

Sometimes referred to as internal rate of return (IRR).
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The specific investment costs (INVs ) were calculated according to Equation 30 and considered the overall investment costs and the generated amount
of the main product (electricity, BioH2 , BioSNG, or BioHNG).
INVs =

INV
n · t · ṁi · LHVi

(30)

The specific operating expenditures (OPEXs ) were calculated according
to Equation 31 and considered the production costs (expenses, compare Table
6) and the generated main product.
OPEXs =

OPEX
t · ṁi · LHVi

(31)

The specific total expenditures (TOTEXs ) are simply the sum of INVs
and OPEXs according to Equation 32.
TOTEXs = INVs + OPEXs

(32)

Furthermore, a sensitivity analysis showing the influence of different parameters on the main product selling price was carried out for all three investigated plant capacities. The varied parameters were the annual operating
hours, the CAPEX, the wood chip prices, the number of employees, the main
product production efficiency, and the district heat production efficiency.
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3 Results and discussion
This section presents the results of experimental investigations with a WGS
unit (Section 3.1 and Papers 1 to 5) as well as of the techno-economic assessment of the four investigated processes (Section 3.2). The results in Section
3.1 were a fundamental basis for Section 3.2.

3.1 Experimental investigation of a water gas shift unit
The described experiments in this section were carried out at the site of
the commercial DFB plant in Oberwart using real product gas. Several
experiments were carried out with a WGS unit, which employed a commercial
Fe-Cr-based catalyst (Shiftmax 120 from the company Clariant). The same
catalyst batch was operated for more than 3000 hours, therefrom more than
2200 hours with tar-rich product gas extracted after the product gas filter of
the plant. Figure 16 shows a simplified flowchart of the investigated WGS
unit.

TC0 to TC6

TB0 to TB6

TA0 to TA6

Shifted product gas

Additional steam
Product gas from DFB plant

Figure 16: Simplified flowchart of the WGS unit located at the site of the
DFB plant Oberwart.
The WGS unit consisted of three fixed bed reactors (A, B, and C) in
series filled with a commercial Fe-Cr-based catalyst. Each catalyst bed had
a diameter of about 9 cm and a bed height of about 40 cm, resulting in an
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catalyst volume of about 2.5 dm3 for each reactor. Along the reactor height
of each reactor, seven type J thermocouples (TA0 to TA6, TB0 to TB6,
and TC0 to TC6) recorded the temperature profile along the reactors. At
the inlet and outlet of reactors A and B, the gas stream could be heated or
cooled in order to achieve the desired gas inlet temperatures. At the inlet of
the first reactor, the product gas was mixed with additional steam to ensure
a sufficient steam to carbon ratio. The WGS unit was operated at ambient
pressure. During the investigations, the gas hourly space velocity (GHSV)
of the first reactor was between 326 and 495 h−1 (dry gas based).
Paper 1 compared the operation of the WGS unit with product gas extracted before and after the RME scrubber respectively before and after tar
removal. No significant performance differences could be observed. In both
cases, a CO conversion of at least 91 % was achieved and the CO content
could be lowered from more than 20 % to below 2 %. Those results indicated, that a WGS unit can be operated with filtered but tar-rich product
gas extracted after the filter and before the RME scrubber of a DFB plant.
In Paper 2, the WGS unit was operated for more than 2250 hours with
tar-rich product gas extracted before the RME scrubber of the DFB plant
in Oberwart. Figures 17 and 18 show the ternary C-H-O-diagram for 1 bar
and 10 bar indicating if coking and carbon deposition is thermodynamically
favored.
The steam to dry gas ratio was 1.6, the steam to carbon ratio 2.7. It
can be seen that during the long-term operation, the steam to dry gas ratio
was sufficient in order to avoid coking and carbon deposition on the catalyst
surface.
Figure 19 shows the temperature profile of the first reactor of the WGS
unit.
No catalyst deactivation could be observed during the long-term operation. The concentration of COS significantly decreased along the WGS unit.
The H2 S and C4 H4 S concentration did not decrease although both should
have been decreased due to a higher volumetric dry gas flow rate after a
WGS reactor. Consequently, it can be assumed that COS reacted to H2 S
and C4 H4 S or other non-detected sulfur components. This statement is sup50

C = 0.08
H = 0.61
O = 0.31

Figure 17: C-H-O ternary diagram for p = 1 bar indicating the C-H-O-ratio
of the feed. The figure shows if coke formation and carbon deposition is
thermodynamically favored. Based on [91], all carbon allotropes.

C = 0.08
H = 0.61
O = 0.31

Figure 18: C-H-O ternary diagram for p = 10 bar indicating the C-H-Oratio of the feed. The figure shows if coke formation and carbon deposition
is thermodynamically favored. Based on [91], all carbon allotropes.
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Figure 19: Temperature profile along the first reactor of the WGS unit during
the long-term operation (based on Paper 2).
ported by Twigg [54] who reports that Fe-Cr-based catalysts also catalyze
the conversion of COS to H2 S. The results also show that the NH3 concentration along the WGS unit decreased due to a higher volumetric dry gas
flow rate. No chemical conversion of NH3 could be observed.
Figure 20, which is based on the results in Paper 3, shows the GCMS tar
concentration at the inlet and outlet of the WGS unit in dependence of the
operating time. It is also an indicator for the running time of the commercial
DFB gasifier. The product gas was extracted after the filter and before the
RME scrubber of the plant.
The DFB gasification plant in Oberwart was started up with fresh olivine
and the first GCMS tar measurement was carried out after 430 hours of operation. The GCMS tar concentration decreased with increasing plant operating time, which can be dedicated to the formation of a catalytic layer on
the used bed material. Between the third measurement after 1710 operating
hours and the fourth measurement after 2050 operating hours, the plant was
stopped for a few days [125]. The start-up was carried out with the same
batch of bed material. Nevertheless, this interruption of the operation could
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Figure 20: GCMS tar concentration of the dry product gas along the WGS
unit. The product gas was extracted after the filter and before the RME
scrubber of the DFB plant Oberwart.
explain the higher tar concentration at the fourth measurement. In addition, the results show that along the WGS unit, no significant GCMS tar
reduction occurred. The GCMS tar concentration mainly decreased due to
a higher volumetric dry gas flow rate after the WGS unit. The decrease was
between –28 and – 38 % depending on the measurement. The results also
indicate that some tar components were converted into tar components with
lower molecular weight.
Paper 4 investigated the partial load behavior of the WGS unit during
the operation with tar-rich product gas. The partial load operation did not
have a negative influence on the performance, the catalyst lifetime, or the
CO conversion of the WGS unit.
Based on the results in Paper 1 to 4 and based on previous work from Fail
[53], an improved kinetic model (see Equation 33) for a WGS unit employing
a Fe-Cr-based catalyst was developed and validated in Paper 5. The results
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qualify the kinetic model for basic design and engineering of a WGS unit
which processes tar-rich product gas from DFB biomass gasification plants.
!
kJ
−126.6 mol
·
R·T


KM AL
−0.17
−0.12
0.23
1.77
· pCO · pH2 O · pCO2 · pH2 · 1 −
Kg

mol
r(ϕx , T ) =117.8
· exp
g · Pa1 71 · s

(33)

Overall, the experimental results showed that a WGS unit employing
a commercial Fe-Cr-based catalyst can be operated with filtered but tarrich product gas extracted before the RME scrubber of a commercial DFB
gasification plant if a certain steam to carbon ratio is adjusted in the feed of
the reactor. Using tar-rich product gas also enhances the energy efficiency
of the process as steam, which is already contained in the product gas can
also be used in the feed of the WGS unit. Therefore, steam addition can be
significant lower compared to an operation with product gas extracted after
the RME scrubber.
For the calculation of the mass and energy balances of the investigated
processes, the same steam to dry gas and steam to carbon ratios were assumed
as during the WGS unit long-term operation (compare Figures 17 and 18).
The inlet gas temperature was set between 300 and 350 ◦ C depending on the
investigated process.

3.2 Techno-economic assessment
This section presents the results of the techno-economic assessment of the
four investigated processes. The CHP process, the process aiming at the production of BioH2 and district heat, the BioSNG and district heat generation
process, and the process aiming at the generation of BioHNG are presented.
The technical assessment was carried out for 10 MW gasifier fuel power as
most data are available from industrial plants for this size. Subsequently,
the economic assessment was carried out considering three different plant
capacities with 10, 50, and 100 MW gasifier fuel power. It is assumed that
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the efficiencies and technical coherencies do not change with increasing plant
capacity.
3.2.1 Process A: Combined heat and power
In this section the technical and economic assessment of the DFB-based CHP
plant is presented.
Technical assessment The technical assessment was carried out by means
of mass and energy balance and heat integration of the plant with 10 MW
gasifier fuel power.
Figure 21 shows a simplified flowchart of the CHP process. Wood chips
with a water content of 40 % are fed into the dryer, where the water content
is reduced to 20 %. Subsequently, the wood chips enter the gasifier, where
they react with steam to product gas. The product gas is cooled to 150 ◦ C
before it passes through a filter, where dust particles and fly ash are removed.
Furthermore, the product gas enters a RME scrubber where the majority of
tar is removed, steam is condensed, and the product gas is cooled to 50
◦
C before it enters the gas engine to generate electricity and district heat.
Tar saturated RME is recycled to the combustion reactor where it serves
as additional fuel. The flue gas of the gas engine is cooled for district heat
generation. The flue gas of the combustion reactor of the DFB gasification
system is used for air preheating as well as for the generation of steam which
serves as gasification agent. Excess heat of the process is used to operate a
biomass dryer in order to enable steady conditions in the gasifier. The whole
process operates at ambient pressure.
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Figure 21: Simplified flowchart of the investigated CHP process.
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Figure 22 shows the composite curves (CC, left) and the grand composite
curve (GCC, right) of the CHP process.
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Figure 22: Composite curves (CC, left) and grand composite curve (GCC,
right) for ∆Tmin = 20 ◦ C of the investigated 10 MW CHP plant.
One can see that there is no heat exchanger network design limitation regarding temperature differences resulting in no clear pinch point. This makes
the heat exchanger network design relatively straight forward (compare Figure 23). However, because of the high temperature level of the hot composite
curve, there would be more potential for usage of high temperature heat.
Figure 24 shows the Sankey diagram of the investigated CHP process.
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Figure 23: Heat exchanger network of the investigated 10 MW CHP plant.
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Figure 24: Sankey diagram of the investigated 10 MW CHP plant. All streams are given in kW.

The CHP process reaches an electrical efficiency of 29.5 % (main product efficiency, Equation 20) based on the lower heating value of the wood
chip before the biomass dryer. In addition, it is shown that the biomass
dryer has a heat demand of 872 kW low temperature heat, which could have
been used for district heat generation as well. However, operation without a biomass dryer would lead to higher product gas consumption for the
combustion reactor. Hence, less electricity could be produced. The overall
efficiency according to Equation 21 of the process is 66.7 % (compare Figure
25). In contrast, according to Koppejan [126], conventional biomass combustion CHP plants employing a steam cycle and back pressure turbines reach
electrical efficiencies between 8 and 12 %. At operation with condensation
turbines and without co-generation of district heat, the electrical efficiency
is between 20 to 25 % [127]. In comparison, natural gas powered combined
cycle plants can reach electrical efficiencies of about 59 % [128].
These results show the advantage of the DFB gasification CHP plant,
the high electrical efficiency in co-generation (electricity and district heat)
operation. However, the overall fuel-based efficiency considering electricity
and district heat generation seems to be similar or slightly lower compared
to biomass combustion steam cycle CHP plants [127].
Table 9 shows the material and energy streams which were considered for
the calculation of the production costs for the techno-economic assessment.
Table 9: Material and energy streams of the investigated CHP plants. Volumetric flow rates are given at STP.
Plant capacity
Input streams
Wood chips (dry)
Electricity (consumption)
N2
RME
CaO
Olivine
Output streams
Ash disposal
Electricity (generation)
District heat (generation)

10

50

100

MW

2050
350
40
20
15
20

10250
1750
200
100
75
100

20500
3500
400
200
150
200

kg · h−1
kW
m3 · h−1
kg · h−1
kg · h−1
kg · h−1

45
2771
3856

225
13855
19280

450
27710
38560

kg · h−1
kW
kW
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It can be seen that the plants have a remarkable electricity consumption,
even without compressor, which is caused by pumps, blowers, the fuel feeding
system, and other consumers. The N2 consumption can be dedicated to fuel
feeding overlay and bag house filter cleaning. In addition, beside the olivine,
the plants also use additional CaO in order to enhance the catalytic activity
of the bed material [42, 43].
Figure 25 shows the energy distribution of the investigated CHP process.

Figure 25: Energy distribution of the investigated 10 MW CHP plant. All
streams are given in kW.
It can be seen that most of the energy input is converted into district heat
followed by electricity. On the one hand, without biomass drying a higher
district heat output would be possible. On the other hand, more product
gas has to be recycled into the combustion reactor of the gasifier in order to
evaporate the moisture. This would lead to a lower electricity generation as
less product gas would be available for the gas engine to generate power.
Economic assessment In this section, the results of the economic assessment
of the CHP process for a gasifier fuel power of 10, 50, and 100 MW are
presented.
Figure 26 shows the learning curve of the commercial DFB gasification
plants.
The figure does not consider gas engines (Güssing, Oberwart, Villach,
and Senden) or the methanation sections (GoBiGas) but does consider fuel
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Figure 26: DFB gasification plant learning curve considering ISBL CAPEX
based on experiences and [30, 118].
feeding and drying (when applicable), the gasification section, the product
gas line, the flue gas line, and other equipment parts which are needed for
the DFB gasification process. In addition, the specific CAPEX are based
on inside battery limit (ISBL) considerations. According to expert talks
and experience, the CAPEX of gas engines are about 1 million EUR per
MW electrical power. The specific CAPEX of years other than 2016 were
converted with the respective annual average exchange rate into US dollar
as the CEPI is an US index and then converted into 2016 CAPEX using the
CEPI. Subsequently, the 2016 US dollar CAPEX were converted back into
EUR CAPEX. It is assumed that the 2016 costs are the same as the 2017
costs.
Table 10 shows the capital costs of the investigated CHP plants.
Table 10: Investment costs of the investigated CHP plants.
Plant capacity
CAPEX
SUEX
INV

10
12 000 000
1 200 000
13 200 000

50
35 000 000
3 500 000
38 500 000
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100
56 000 000
5 600 000
61 600 000

MW
EUR
EUR
EUR

The capital costs of the 10 MW CHP plant are based on Figure 26 considering ISBL costs. A specific CAPEX of 1 million EUR per MW gasifier
fuel power was chosen. The gas engine was considered with 2 million EUR.
The capital costs of the other plant capacities were calculated using capacity
rationing (see Equation 24).
Table 11 shows the results of the techno-economic assessment.
Table 11: Results of the techno-economic assessment of the investigated CHP
plants.
Plant capacity
OPEX
REV
BT cash flow
AT cash flow
El. selling price for NPV = 0

4
5
1
1

10
557 360
824 649
267 289
550 467
193

50
16 486 800
20 183 061
3 696 261
4 522 196
113

100
30 003 600
35 917 617
5 914 017
7 235 513
92

MW
EUR · a−1
EUR · a−1
EUR · a−1
EUR · a−1
EUR · MWh−1

The BT cash flow is lower than the AT cash flow. This can be explained by
the fact that depreciation is added back to the AT cash flow. The electricity
selling price of the 10 MW plant is significantly higher than the current
(2017) feed-in tariff of 133 EUR · MWh−1 for biomass-based plants between
5 and 10 MW [17]. In contrast, the feed-in tariff for plants over 10 MW is
currently at 105 EUR · MWh−1 [17]. This value is lower than the electricity
selling price of the 50 MW plant but higher than the electricity selling price
of the 100 MW plant. Therefore, from this point of view, the CHP plant
with 100 MW gasifier fuel capacity would be economically feasible.
Figure 27 compares different electricity generation processes. The values
for DFB gasification are based on the electricity selling prices calculated in
this thesis for the 10 and 100 MW plant (see Table 11). The values of the
other processes are based on German data from 2013 in Kost et al. [129].
It can be seen that the 10 MW CHP plant has similar production costs
as existing biogas plants (no heat generation considered) and the upper limit
of offshore wind turbines. The 100 MW CHP plant has similar performance
as gas combined cycle plants. However, the production costs of lignite and
black coal power plants are significantly lower.
Figure 28 shows the specific cost distribution of the investigated plant
capacities.
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Figure 27: Typical production costs of different electricity generation routes.
Only the DFB process considers CHP.
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Figure 28: Specific cost distribution based on the generated electricity.
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In case of the 10 MW plant capacity, the CAPEX related costs have the
highest share followed by the raw material (wood chips) related costs. In
addition, the share of the labor related costs is the lowest. With increasing
plant capacity, the CAPEX and labor related costs decrease which can be
dedicated to economy of scale effects. In contrast, at the higher plant capacities, the raw material and utility related costs become more significant.
Figure 29 shows the distribution of the raw material and utility costs for
the 10 MW CHP plant.
18 000

24 960 32 400

176 000

Wood chips (dry)

28 800

Electricity (consumption)
N2

224 000
RME
CaO
1 443 200

Olivine
Ash disposal

Figure 29: Distribution of annual raw material and utility costs based on the
10 MW plant in EUR · a−1 .
It can be seen that the costs for the wood chips account for about 74 %
of the specific material and energy costs. In addition, the electricity costs
account for 12 %. Moreover, the RME consumption accounts for about 9
% of the annual material and energy costs. Therefore, the wood chips, the
electricity, and the RME account for about 95 % of the annual raw material
and utility costs.
Figures 30 to 32 show the influence of different process variables on the
specific electricity selling price for the 10, 50, and 100 MW CHP plant.
From the slope of the lines one can see how significant the influence of single
variables is.
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Figure 30: Sensitivity analysis of the 10 MW CHP plant.
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Figure 31: Sensitivity analysis of the 50 MW CHP plant.
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Figure 32: Sensitivity analysis of the 100 MW CHP plant.
In case of the 10 MW plant it can be seen that a change of the operating
hours and the electrical efficiency would have the most significant influence
on the economic feasibility of the CHP process. Furthermore, a variation of
the CAPEX and the wood chip prices would also have a high influence. In
contrast, the influence of the number of employees and the district heat power
is relatively low. It can also be seen that with increasing plant capacity to
50 or 100 MW the influence of the wood price and the district heat increases
whereas the influence of the number of employees decreases even more.
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3.2.2 Process B: Hydrogen and district heat
In this section the technical and economical assessment of the DFB-based
plant for BioH2 and district heat is presented.
Technical assessment The technical assessment was carried out by means of
mass and energy balance calculations and heat integration of the plant with
10 MW gasifier fuel power.
Figure 33 shows a simplified flowchart of the investigated process. Wood
chips are dried and subsequently enter the gasifier where they are converted
into the H2 -rich product gas. The product gas is cooled, filtered, and enters an adiabatic fixed bed WGS reactor employing a Fe-Cr-based catalyst.
Before the WGS reactor, the product gas is mixed with additional steam in
order to avoid coking and carbon deposition on the catalyst (compare Section 3.1). In the WGS reactor, CO and H2 O are converted into additional H2
and CO2 according to Equation 14. Because of the exothermic WGS reaction, the gas has to be cooled and is subsequently fed into the RME scrubber
where steam is condensed and tar removed. The condensate is used for steam
generation for the DFB gasifier and the WGS reactor. The cleaned product
gas enters an amine scrubbing unit where 99 % of the CO2 is removed via
chemisorption with aMDEA (1847 kg · h−1 ). A partial flow of the CO2 (79.2
kg · h−1 ) is used as overlaying and inertization agent for the fuel feeding system and blowers along the process. Therefore, it replaces N2 which is used
as inertization fluid for the CHP process. Subsequently, the product gas is
dried and compressed to an absolute pressure of 10 bar before it is fed into
a PSA unit where H2 with a purity of 99.9 % is separated from the other
gaseous components at a recovery of 90 %. A partial flow of the adsorbate of
the PSA unit is recycled into the combustion reactor of the DFB gasification
system as fuel whereas the main fraction of the adsorbate is burnt in order
to provide heat for the steam generation and other units along the process.
The flue gas of the process is mainly used for air preheating. Subsequently,
it is filtered and led into the ambient. The gasification process operates at
ambient pressure.
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Figure 33: Simplified flowchart of the plant for BioH2 and district heat generation.

Figure 34 shows the composite curves and the grand composite curve of
the investigated process.
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Figure 34: Composite curves (left) and grand composite curve (right) for
∆Tmin = 20 ◦ C of the investigated plant for BioH2 and district heat generation with 10 MW fuel power.
It can be seen that there is a sufficient high temperature difference at all
temperature levels to realize an economic heat exchanger network (see Figure
35). The most significant cold streams which need to be heated up are the
water for steam generation and the CO2 rich amine stream for regeneration.
Figure 35 shows the heat exchanger network of the investigated process.
Along the overall process 20 kW of cooling utility is necessary. In addition, 1200 kW of district heat at a feed flow temperature of 90 ◦ C and a
return flow temperature of 70 ◦ C can be generated.
Figure 36 shows a Sankey diagram of the investigated process for BioH2
and district heat production.
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Figure 35: Heat exchanger network of the investigated plant for BioH2 and
district heat generation with 10 MW fuel power.
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Figure 36: Sankey diagram of the investigated plant for BioH2 and district heat generation with 10 MW gasifier fuel
power. All streams are given in kW.

A fuel-based BioH2 production efficiency of about 39.5 % can be reached
with the suggested process layout (main product efficiency, Equation 20).
The overall efficiency (Equation 21) is about 47.3 %. The diagram also indicates that the amine scrubber and the steam generation units are the most
significant heat consumers. Furthermore, even though the BioH2 recovery
in the PSA unit was set to 90 %, only about 49.5 % of the energy content
of the feed gas can be found in the raffinate (high pressure BioH2 ) fraction
of the PSA, which can be mainly dedicated to the high CH4 content in the
adsorbate (low pressure product).
These results are in agreement with the results in Paper 8 and similar
to published literature [130]. However, the efficiency of 61 % reported in
Müller et al. [131] is higher which can be dedicated to an additional steam
reforming unit which converts hydrocarbons into additional H2 . Other ways
for renewable H2 production can be based on biogas steam reforming or
water electrolysis. According to Paper 8 and Miltner et al. [130], biogas
steam reforming plants achieve a fuel-based H2 production efficiency between
40 % and slightly more than 50 %. Alkaline water electrolyzers reach H2
production efficiencies up to 70 % and PEM electrolyzers efficiencies up to
82 % (compare Paper 8, Zeng and Zhang [27], and Miltner et al. [130]). In
contrast, according to Mueller-Langer et al. [132], fossil natural gas steam
reforming plants reach H2 production efficiencies between 70 and 80 %. The
carbon conversion efficiency of the BioH2 production process is zero as no
carbon containing products are generated.
Figure 37 shows a Sankey diagram indicating the H flow in BioH2 , CH4 ,
Cx Hy , and H2 O streams.
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Figure 37: Sankey diagram of the investigated plant for BioH2 and district heat generation with 10 MW gasifier fuel
power showing the H flows in H2 , CH4 , Cx Hy , and H2 O streams in kg · h−1 .

It can be seen that 40.2 % of the H2 which is contained in the biomass
feedstock is recovered as pure BioH2 at the end of the process. This equals
a specific H2 production rate of 54 g H2 per kg dry biomass. The specific
production rate is in agreement with the results in Paper 8 and higher than
in Fail et al. [106] which can be dedicated to the assumption of a higher H2
recovery of the PSA unit. This assumption is applicable because of the CO2
separation with the amine scrubber upstream of the PSA unit. Therefore,
the PSA has to separate significantly less CO2 .
Table 12 shows the material and energy streams of the investigated process for BioH2 and district heat generation.
Table 12: Material and energy streams of the investigated process for BioH2
and district heat generation.
Plant capacity
Input streams
Wood chips (dry)
Electricity (consumption)
RME
CaO
Olivine
Makeup water
Output streams
Ash disposal
BioH2 (generation)
BioH2 (generation)
District heat (generation)

10

50

100

MW

2050
795
20
15
20
360

10250
3975
100
75
100
1800

20500
7950
200
150
200
3600

kg · h−1
kW
kg · h−1
kg · h−1
kg · h−1
kg · h−1

45
111.3
3708
1200

225
556.5
18540
6000

450
1113
37080
12000

kg · h−1
kg · h−1
kW
kW

The electricity consumption is split up into the consumption of the compressor (240 kW), the amine scrubber (205 kW), and other electricity consumers (350 kW4 ). The values are given for the 10 MW plant. For the other
plant sizes the values are a multiple of five respectively ten. The amount
of generated district heat results from the pinch analysis and the heat exchanger network with a feed flow temperature of 90 ◦ C and a return flow
temperature of 70 ◦ C.
Figure 38 shows the energy distribution of the investigated BioH2 process.
4

The same value as for the CHP plant was used.

75

Figure 38: Energy distribution of the investigated 10 MW BioH2 plant. All
streams are given in kW.
It can be seen that most of the energy input is converted into BioH2 .
In addition, a significant amount of heat is used for steam generation for
the gasifier and the WGS reactor in order to ensure a sufficient steam to
carbon ratio to avoid coking and carbon deposition. Therefore, in order to
reduce the heat demand for steam generation, catalyst development aiming
at lower steam to carbon ratios would be desirable. Hence, more heat could
be used for district heat generation. The amine regeneration also requires a
high amount of heat. Without biomass drying, a higher district heat output
would be possible. On the other hand, more product gas had to be recycled
into the combustion reactor of the gasifier in order to evaporate the moisture.
This would lead to a lower BioH2 generation.
Economic assessment In this section, the results of the economic assessment
of the process for BioH2 and district heat production for a gasifier fuel power
of 10, 50, and 100 MW are presented.
Table 13 shows the investment costs for the plants with 10, 50, and 100
MW.
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Table 13: Investment costs of the investigated process for BioH2 and district
heat generation.
Plant capacity
CAPEX
SUEX
INV

10
15 000 000
1 500 000
16 500 000

50
44 000 000
4 400 000
48 400 000

100
70 000 000
7 000 000
77 000 000

MW
EUR
EUR
EUR

The capital costs of the 10 MW plant are based on Figure 26 and on
expert talks as well as on data from single unit operations. The capital
costs for the 50 and 100 MW plant are calculated based on the capital cost
estimation of the 10 MW plant by using capacity rationing (Equation 24).
Table 14 shows the results of the techno-economic assessment.
Table 14: Results of the techno-economic assessment of the investigated process for BioH2 and district heat generation.
Plant capacity
OPEX
REV
BT cash flow
AT cash flow
BioH2 selling price for NPV = 0
BioH2 selling price for NPV = 0

5
6
1
1

10
359 120
943 232
584 112
938 084
7.3
218

50
19 415 600
24 062 328
4 646 728
5 685 046
4.9
146

100
35 141 200
42 533 722
7 392 522
9 044 391
4.2
127

MW
EUR · a−1
EUR · a−1
EUR · a−1
EUR · a−1
EUR · kg−1
EUR · MWh−1

It can be seen that the BT cash flows are lower than the AT cash flows
which can be explained by the high depreciation which is added back to the
AT cash flows.
Figure 39 shows the specific cost distribution of the investigated plant
capacities.
In case of the 10 MW plant capacity, the CAPEX-related costs have
the highest share followed by the raw material-related costs. In addition,
the share of the labor related costs is the lowest. With increasing plant
capacity, the CAPEX and labor-related costs decrease which can be dedicated
to economy of scale effects. In contrast, at the higher plant capacities, the
raw material and utility-related costs become more significant.
The specific production costs are in the same order of magnitude as the
results presented in Paper 8 and in Zech et al. [133]. However, the reported
values in Zech et al. [133] are slightly smaller than the values reported in
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Figure 39: Specific cost distribution based on the generated BioH2 .
this work which can be dedicated to different assumptions and a different
base year (2011). Müller et al. [131] reports specific H2 production costs of
54 EUR · MWh−1 for a 100 MW fuel input plant which is significantly lower
than the results presented in this work. However, this can be dedicated to
the higher process efficiency of the also biomass-based process. In contrast,
Müller-Langer [132] reports production costs of natural gas steam reforming plants between 1.03 EUR · kg−1 (large scale) and 2.60 EUR · kg−1 (small
scale). Those comparably low production costs can be, on the one hand,
dedicated to the low natural gas prices and, on the other hand, to the high
generation efficiency of natural gas steam reforming plants.
Figure 40 shows the cost distribution of the annual material and energy
streams of the 10 MW plant.
The wood chip costs have the most significant share with about 65 %
followed by the electricity consumption with 23 % and the RME consumption
with 8 %. The distribution for the 50 MW and 100 MW plants is equal.
Figures 41 to 43 show the influence of different process variables on the
specific BioH2 selling price for the 10, 50, and 100 MW BioH2 plant. From the
slope of the lines one can see how significant the influence of single variables
is.
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Figure 40: Distribution of annual raw material and utility costs. Based on
the 10 MW plant in EUR · a−1 .
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Figure 41: Sensitivity analysis of the 10 MW BioH2 plant.
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Figure 42: Sensitivity analysis of the 50 MW BioH2 plant.
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Figure 43: Sensitivity analysis of the 100 MW BioH2 plant.
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Those results are analogous to the results of the CHP process. It can be
seen that a change of the operating hours and the BioH2 production efficiency
has the most significant impact on economic feasibility followed by the capital
costs, and the wood chips price. The influence of the number of employees
and the district heat production rate is relatively low. Furthermore, the
influence of the BioH2 efficiency increases compared to the influence of the
operating hours with increasing plant capacity.
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3.2.3 Process C: Synthetic natural gas and district heat
In this section, the technical and economical assessment of the DFB-based
plant for BioSNG and district heat production is presented. The SNG synthesis part is based on the VESTA process from Amec Foster Wheeler and
Clariant.
Technical assessment The technical assessment is carried out by means of
mass and energy balance and heat integration of the plant with 10 MW
gasifier fuel power. Figure 44 shows a simplified flowchart of the process for
BioSNG production. Basically, it consists of the DFB part which covers the
gasification, a part of the gas cleaning, and compression and the VESTA
part which covers the final gas cleaning, methanation, CO2 removal, and
BioSNG upgrading in order to reach the gas grid specifications. Wood chips
are fed into the dryer where the water content is reduced from 40 % to 20
%. Subsequently, the wood chips are fed into the gasifier, where they are
converted with steam into product gas. The product gas is cooled, filtered,
and subsequently fed into the RME scrubber where most of the tar, except
BTEX, is removed and steam condensed. The condensate is reused for steam
fluidization in the gasifier. After the RME scrubber, a partial flow of the
product gas is extracted and used as fuel for the combustion reactor of the
DFB system. Subsequently, the remaining product gas is led into fixed bed
adsorbers filled with activated carbon for removal of sulfur, especially H2 S,
and BTEX. The adsorbers are in batch operation and are regenerated with
steam. Then, the product gas is compressed to 10 bar (278 kW) and fed
into the VESTA part of the process. In the first step the product gas is led
into the fixed bed hydrogenation reactor employing a Co-Mo catalyst with
a temperature of 300 ◦ C, where ethene is hydrogenated to ethane and COS
to H2 S. The H2 S is subsequently removed by a ZnO adsorber bed. Then
the gas is mixed with additional steam in order to avoid coking and carbon
deposition in the downstream fixed bed reactors. Subsequently, the gas is
fed into a WGS reactor at a temperature of 330 ◦ C where CO and H2 O react
to H2 and CO2 . Then the gas is cooled and led into the first methanation
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reactor at an inlet temperature of 350 ◦ C. In this first reactor CO and H2
are converted into CH4 and H2 O. In addition, higher hydrocarbons are also
reformed and decomposed. After the first methanation reactor, the gas enters
the second methanation reactor at an inlet temperature of 300 ◦ C where
methanation continues before the gas enters the third methanation reactor.
The inlet temperature of the third methanation reactor is 250 ◦ C. This seems
to be the lower temperature limit due to low methanation rate of commercial
catalysts below 250 ◦ C [84]. After the third methanation reactor, the gas is
cooled to about 50 ◦ C which leads to condensation of steam. Subsequently
the gas enters the amine scrubber where CO2 is removed with a removal
efficiency of 99 % (1228 kg · h−1 ). A partial flow of the removed CO2 (79.2
kg · h−1 ) is used for inertization and overlaying of the fuel feeding systems and
gas blowers. Then, the gas enters the final methanation reactor with 250 ◦ C
in order to reach the gas grid specifications before it is released into the gas
grid as BioSNG. The flue gas of the DFB system is cooled and mainly used
for air preheating and steam generation which is needed for fluidization of
the gasifier and for steam addition before the WGS reactor. The gasification
process operates at ambient pressure.
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Figure 44: Simplified flowchart of the plant for BioSNG and district heat generation.

Figure 45 shows the composite curves and the grand composite curve of
the investigated process.
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Figure 45: Composite curves (CC, left) and grand composite curve (GCC,
right) for ∆Tmin = 20 ◦ C of the DFB plant for BioSNG and district heat
production.
It can be seen that all heat demand of the process can be covered by
the process itself. Therefore, no additional heating utility is required. In
addition, in the investigated configuration for the 10 MW plant, 800 kW of
district heat are generated.
Figure 46 shows the heat exchanger network of the investigated process
for BioSNG production.
Figures 47 and 48 show energy Sankey diagrams of the DFB and VESTA
part of the investigated process for BioSNG and district heat production.
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Figure 46: Heat exchanger network of the 10 MW plant for BioSNG and
district heat production. The upper part of the figure shows the DFB part
of the process and the lower part shows the VESTA part of the process.
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Figure 47: Energy Sankey diagram of the DFB part of the plant for BioSNG and district heat production for 10
MW gasifier fuel power. All streams are given in kW.
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Figure 48: Energy Sankey diagram of the VESTA part of the plant for BioSNG and district heat production for 10
MW gasifier fuel power. All streams are given in kW.

It can be seen that an overall biomass-based BioSNG production efficiency
of 65.3 % is reached (main product efficiency, Equation 20). The overall efficiency (Equation 21) is 66.9 % considering biomass, electricity, RME input,
and district heat. Furthermore, most of the heat released is used for steam
generation, either for the gasification reactor or the steam addition before
the WGS reactor. In addition, the amine scrubber also needs a significant
share of the heat released.
In contrast to this work, Rehling et al. [32] simulated a DFB gasificationbased SNG process using an isothermal SNG reactor and achieved a production efficiency of 66.0 %. Furthermore, Hemetsberger [134] simulated a
combination of a DFB-based SNG process with addition of H2 from a power
to gas PEM electrolyzer where an overall efficiency of 64.2 % was reached by
considering the biomass input and the electricity input from the PEM electrolyzer. Moreover, at the GoBiGas plant, which employs the DFB steam
gasification process and the fixed bed methanation TREMP process from
Haldor Topsoe, a SNG production efficiency of 61.8 % is achieved [30]. The
lower value can be explained by the lower water content of the fuel (8 %
compared to 40 % in this work) and the corresponding decrease of the lower
heating value of the biomass feed. Bunten [135] reports a SNG production
efficiency of 62 % converting municipal solid waste into SNG by employing
the VESTA SNG process. Moreover, Ruggeri [136] gives a SNG conversion
efficiency of woody biomass between 60 and 67 % by using the VESTA SNG
process. In conclusion, all presented results from literature are in good agreement with the results in this work. The carbon conversion efficiency of the
BioSNG process is 31.9 % based on the carbon contained in the produced
BioSNG, related to the carbon in the biomass feedstock, and in the fresh
RME.
Table 15 shows the Austrian gas grid specifications according to ÖVGW
G31 in comparison with data from the calculated BioSNG composition of
the investigated process.
It can be seen that the specification for the higher Wobbe index and
the higher heating value are reached by the generated SNG. However, the
relative density cannot be achieved. Regarding dew points and impurities,
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Table 15: Gas grid specifications according to Austrian ÖVGW G31 in comparison with the calculated BioSNG data.
Higher Wobbe index
Higher heating value
Relative density
Cx Hy condensation point
H2 O condensation point at 40 bara
O2
CO2
N2
H2

ÖVGW G31
47.9 to 56.5
38.5 to 46.1
0.55 to 0.65
0
–8
< 0.5 %
< 2.0 %
< 5.0 %
< 4.0 % (< 2.0 %)

BioSNG
52.6
38.5
0.54
–125
< –8
0.0
73 ppm
1.60 %
2.35 %

Units
MJ · m−3
MJ · m−3
◦
C
◦
C
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

all specifications are in agreement except the one of the H2 content, if a
compressed natural gas (CNG) fueling station is nearby the grid. In this case
the H2 content should be lower than 2.0 %. The volumetric CO content of
the generated BioSNG is below 100 ppm which would meet the requirements
of the standard EN 16723-1:2016, which gives a maximum CO content of
0.1 % or 1000 ppm for biomethane grid injection. The standard is valid
for biomethane via biogas upgrading as well as BioSNG via methanation of
syngas from biogenous resources.
Table 16 shows the material and energy streams of the investigated BioSNG
plant.
Table 16: Material and energy streams of the investigated process for BioSNG
and district heat production.
Plant capacity
Input streams
Wood chips (dry)
Electricity (consumption)
RME
CaO
Olivine
Output streams
Ash disposal
BioSNG (generation)
BioSNG (generation)
District heat (generation)

10

50

100

MW

2050
764
20
15
20

10250
3820
100
75
100

20500
7640
200
150
200

kg · h−1
kW
kg · h−1
kg · h−1
kg · h−1

45
452.93
6132
800

225
2264.65
30660
4000

450
4529.3
61320
8000

kg · h−1
kg · h−1
kW
kW
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For a 10 MW plant capacity, the electricity consumption considers the
compression to p = 10 bara (278 kW), the amine scrubber (136 kW), and
other consumers (350 kW5 ).
Figure 49 shows the energy distribution of the investigated BioSNG process.

Figure 49: Energy distribution of the investigated 10 MW BioSNG plant.
All streams are given in kW.
It can be seen that most of the energy input is converted into BioSNG.
In addition, a significant amount of heat is used for steam generation for the
gasifier and the WGS reactor in order to ensure a sufficient steam to carbon
ratio to avoid coking and carbon deposition. More heat could be used for
district heat generation if a lower steam to carbon ratio at the inlet of the
WGS reactor were technically feasible. Furthermore, the amine regeneration
also requires a high amount of heat. Additionally, without biomass drying,
a higher district heat output would be also possible. However, more product
gas has to be recycled into the combustion reactor of the gasifier in order to
evaporate the moisture. This would lead to a lower BioSNG generation.
5

The same value as for the CHP plant was used.
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Economic assessment In this section, the results of the economic assessment
of the process for BioSNG and district heat production for a gasifier fuel
power of 10, 50, and 100 MW are presented.
Table 17 shows the estimated investment costs for the three investigated
plant capacities for the production of BioSNG.
Table 17: Investment costs of the investigated process for BioSNG production.
Plant capacity
CAPEX
SUEX
INV

10
17 000 000
1 700 000
18 700 000

50
50 000 000
5 000 000
55 000 000

100
80 000 000
8 000 000
88 000 000

MW
EUR
EUR
EUR

The estimation of the gasification part was based on Figure 26 and on expert talks with a DFB plant manufacturer. The capital costs of the VESTA
part were estimated based on an internal study where the costs of main process equipment (compressor, reactors, and amine scrubber) were estimated
in collaboration with project partners who have experience in erection of
synthesis plants.
Table 18 shows the results of the techno-economic assessment of the three
investigated plant capacities.
Table 18: Results of the techno-economic assessment of the investigated process for BioSNG and district heat production.
Plant capacity
OPEX
REV
BT cash flow
AT cash flow
BioSNG selling price for NPV = 0
BioSNG selling price for NPV = 0

5
7
1
2

10
693 520
488 847
795 327
196 495
146
2.0

50
20 367 600
25 647 973
5 280 373
6 460 279
98
1.3

100
36 685 200
45 133 796
8 448 596
10 336 447
85
1.2

MW
EUR · a−1
EUR · a−1
EUR · a−1
EUR · a−1
EUR · MWh−1
EUR · kg−1

The BT cash flow is lower than the AT cash flow because of the comparable high investment costs of the plants. Therefore, the depreciation which
is added back for the after tax calculation is significantly high which leads to
an increase of the AT cash flow over the BT cash flow. Gassner and Marechal
[137] report SNG production costs based on biomass gasification from 76 to
107 EUR · MWh−1 for a fuel power of 20 MW and 59 to 97 EUR · MWh−1
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for a fuel power of 150 MW in 2009. However, they assumed higher production efficiencies between 69 and 76 %. Moreover, Billig [138] reports BioSNG
production costs of biomass steam gasification plants between 68 and 182
EUR · MWh−1 depending on plant capacity and feedstock for the reference
year 2012. In contrast, biomethane from biogas upgrading plants has production costs from 57 to 129 EUR · MWh−1 depending on the feedstock and
the upgrading unit in the year 2012 [138]. The actual price for natural gas
in Austria (November 2017) according to E-Control [139, 140] is about 44
EUR · MWh−1 (incl. taxes and other charges).
Figure 50 shows the specific cost distribution of the investigated plant
capacities.
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Figure 50: Specific cost distribution based on the generated BioSNG.
In case of the 10 MW plant capacity, the CAPEX related costs have
the highest share followed by the raw material related costs. In addition,
the share of the labor related costs is the lowest. With increasing plant
capacity, the CAPEX and labor related costs decrease which can be dedicated
to economy of scale effects. In contrast, at the higher plant capacities, the
raw material and utility related costs become more significant.
Figure 51 shows the distribution of the raw material and utility costs of
the 10 MW plant capacity. The distribution of the other plant capacities is
equal.
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Figure 51: Distribution of annual raw material and utility costs. Based on
the 10 MW plant in EUR · a−1 .
It can be seen that the raw material costs (wood chips) have a 66 % share
of the overall raw material and utility costs. The electricity consumption
accounts for 22 % and the RME consumption for 8 %.
Figures 52 to 54 show the influence of different process variables on the
specific BioSNG selling price for the 10, 50, and 100 MW plant.
It can be seen that a change of the operating hours and the BioSNG
production efficiency has the most significant impact on economic feasibility
followed by the capital costs, and the wood chips price. The influence of
the number of employees and the district heat production rate is relatively
low. The influence of the BioSNG production efficiency increases compared
to the influence of the operating hours with increasing plant capacity. The
same results were observed for the subsequent investigated CHP and BioH2
processes.
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Figure 52: Sensitivity analysis of the 10 MW BioSNG plant.
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Figure 53: Sensitivity analysis of the 50 MW BioSNG plant.
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Figure 54: Sensitivity analysis of the 100 MW BioSNG plant.
3.2.4 Process D: Hydrogen and methane
In this section the technical and economic assessment of a process for the
generation of BioHNG, a gas mixture composed of H2 and CH4 , in order to
replace or supplement natural gas in certain applications is presented.
Technical assessment Figure 55 shows a simplified flowchart of the investigated process.
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Figure 55: Simplified flowchart of the plant for BioHNG generation.

Flue gas

Wood chips are fed into the biomass dryer and subsequently into the gasifier. The product gas is cooled, filtered, and fed into the first WGS reactor.
At the inlet of the first WGS reactor, addition steam is added in order to
avoid coking and carbon deposition of the catalyst. The inlet temperature
of the first WGS reactor is 350 ◦ C. Before the second WGS reactor, the gas
is cooled to 300 ◦ C in order to benefit from the lower temperature regarding
the equilibrium composition. Both WGS reactors employ an Fe-Cr-based
catalyst. After the second WGS reactor, the gas is cooled and fed into the
RME scrubber where the gas is cooled from 150 ◦ C to 50 ◦ C. Consequently,
steam is condensed and most of the tar removed. The condensed steam is
reused for steam generation. A partial flow of the product gas is fed into the
combustion reactor of the DFB gasification system in order to provide heat
for the endothermic gasification reactions. Subsequently, the main fraction
of the gas is fed into an amine scrubbing unit where CO2 is removed with
an efficiency of 99 % (1363 kg · h−1 ). The removed CO2 is partially used for
inertization and overlay of the fuel feeding system and the gas blowers (79.2
kg · h−1 ). Finally, the product gas is dried and the BioHNG gas mixture is
fed into a gas grid or can be used for other applications. The flue gas from
the combustion reactor of the DFB system is mainly used for air preheating,
steam generation, and amine regeneration before it is filtered and released
into the ambient. The whole process operates at ambient pressure.
Figure 56 shows the composite curves and the grand composite curve of
the investigated process for BioHNG generation.
The high temperature heat is mainly required by the steam generation
system and air preheating of the combustion air of the combustion reactor
of the DFB system. The low temperature heat is mainly required for amine
regeneration and biomass drying.
Figure 57 shows the corresponding heat exchanger network.
74 kW of external cooling utility is required for the process. In addition
to the heat recovery along the process, the heat utility is also satisfied by
combustion of a partial flow of the product gas which is extracted downstream
of the RME scrubber.
Figure 58 shows an energy Sankey diagram of the investigated process.
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Figure 56: Composite curves (CC, left) and grand composite curve (GCC,
right) of the plant for BioHNG generation for ∆Tmin = 20 ◦ C.
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Figure 57: Heat exchanger network of the process for BioHNG generation.
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Figure 58: Sankey diagram of the process for BioHNG generation. All streams are given in kW.

The main product efficiency (Equation 20) is 56.4 % based on the LHV of
the biomass fed into the dryer and the LHV of the generated BioHNG. This
efficiency is significantly higher than the value reported in Paper 7 because
of significant gas losses to the adsorbate of the employed PSA. However, no
external heat source was necessary with this process configuration. Moreover,
in Kraussler et al. [141] the BioHNG production efficiency was 44.4 % which
can also be dedicated to losses along the employed PSA unit. However, it
can be seen that 1532 kW of product gas are needed in order to cover the
heat utility. Hence, an overall efficiency (Equation 21) of 52.2 % is reached.
The carbon conversion efficiency of the BioHNG process is 13.5 % based on
the carbon contained in the produced BioHNG, in the biomass feedstock,
and in the additional RME.
Table 19 shows the Austrian natural gas grid specifications in comparison
with the data of the generated BioHNG.
Table 19: Gas grid specifications according to Austrian ÖVGW G31 in comparison with the calculated BioHNG data.
Higher Wobbe index
Higher heating value
Relative density
Cx Hy condensation point
H2 O condensation point at 40 bara
O2
CO2
N2
H2

ÖVGW G31
47.9 to 56.5
38.5 to 46.1
0.55 to 0.65
0
–8
< 0.5 %
< 2.0 %
< 5.0 %
< 4.0 % (< 2.0 %)

BioHNG
42.5
18.0
0.18
–116
< –8
0.0
0.57 %
0.64 %
82.4 %

Units
MJ · m−3
MJ · m−3
◦
C
◦
C
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

It can be seen that the higher Wobbe index is slightly lower than the grid
specifications. However, the higher heating value and the relative density of
the generated BioHNG is significantly lower than the gas grid specifications.
In contrast, all other given specifications except the H2 level are reached.
In addition, the volumetric CO content of the generated BioHNG is about
0.7 % which would not meet the requirements of the standard EN 167231:2016, which gives a maximum volumetric or molar CO content of 0.1 % or
1000 ppm for biomethane or BioSNG grid injection. The standard includes
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biomethane via biogas upgrading as well as biomethane via methanation of
syngas from biogenous resources.
Table 20 shows the material and energy streams which were considered
for the techno-economic assessment.
Table 20: Material and energy streams of the investigated process for
BioHNG generation.
Plant capacity
Input streams
Wood chips (dry)
Electricity (consumption)
RME
CaO
Olivine
Makeup water
Output streams
Ash disposal
BioHNG
BioHNG

10

50

100

MW

2050
500
20
15
20
440

10250
2500
100
75
100
2200

20500
5000
200
150
200
4400

kg · h−1
kW
kg · h−1
kg · h−1
kg · h−1
kg · h−1

45
290.9
5294

225
1454.5
26470

450
2909.0
52940

kg · h−1
kg · h−1
kW

The electricity consumption considers the plant consumption (350 kW6 )
and the consumption of the amine scrubber (150 kW). The makeup water is
needed for steam generation and for the amine scrubber.
Figure 59 shows the energy distribution of the investigated BioHNG process.
It can be seen that most of the energy input is converted into BioHNG.
In addition, a significant amount of heat is used for steam generation for
the gasifier and the WGS reactors in order to ensure a sufficient steam to
carbon ratio to avoid coking and carbon deposition. Therefore, in order to
reduce the heat demand for steam generation, catalyst development aiming
at lower steam to carbon ratios would be sufficient. Hence, more heat could
be used for district heat generation. The amine regeneration also requires a
high amount of heat. Without biomass drying, a higher district heat output
would be possible. On the other hand, more product gas had to be recycled
into the combustion reactor of the gasifier in order to evaporate the moisture.
This would lead to a lower BioHNG generation.
6

The same value as for the CHP plant was used.
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Figure 59: Energy distribution of the investigated 10 MW BioHNG plant.
All streams are given in kW.
Economic assessment In this section, the results of the economic assessment
of the process for BioHNG production for a gasifier fuel power of 10, 50, and
100 MW are presented.
Table 21 shows the investment costs of the three investigated plant capacities.
Table 21: Investment costs of the investigated process for BioHNG production.
Plant capacity
CAPEX
SUEX
INV

10
14 000 000
1 400 000
15 400 000

50
41 000 000
4 100 000
45 100 000

100
65 000 000
6 500 000
71 500 000

MW
EUR
EUR
EUR

The CAPEX are based on manufacturer data as well as on a detailed
literature study and Figure 26.
Table 22 shows the results of the techno-economic assessment.
Similar to the other processes, it can be seen that the AT cash flow
is higher than the BT cash flow for all three plant capacities. This can
again be dedicated to the depreciation which is added back for AT cash flow
calculation (compare Equation 28).
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Table 22: Results of the techno-economic assessment of the investigated process for BioHNG production.
Plant capacity
OPEX
REV
BT cash flow
AT cash flow
BioHNG selling price for NPV = 0
BioHNG selling price for NPV = 0

4
6
1
1

10
991 600
470 104
478 504
808 878
153
2.8

50
17 938 000
22 267 905
4 329 905
5 297 429
105
1.9

100
32 366 000
39 230 484
6 864 484
8 398 363
93
1.7

MW
EUR · a−1
EUR · a−1
EUR · a−1
EUR · a−1
EUR · MWh−1
EUR · kg−1

Figure 60 shows the specific cost distribution of the investigated plant
capacities.
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Figure 60: Specific cost distribution based on the generated BioHNG.
As observed for the other investigated processes, in case of the 10 MW
plant capacity, the CAPEX related costs have the highest share followed by
the raw material related costs and the share of the labor related costs is the
lowest. With increasing plant capacity, the CAPEX and labor related costs
decrease which can be dedicated to economy of scale effects. In contrast, at
the higher plant capacities, the raw material and utility related costs become
more significant.
Figure 61 shows the annual cost distribution of the material and energy
streams for the 10 MW plant.
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24 960
7 040
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176 000
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Figure 61: Distribution of the annual raw material and utility costs. Based
on the 10 MW plant in EUR · a−1 .
It can be seen that the wood chips have the highest share (71 %) followed
by the electricity consumption (16 %) and the RME consumption (9 %). The
share of the other material streams is negligible.
Figures 62 to 64 show the influence of different process variables on the
specific BioHNG selling price for the 10, 50, and 100 MW BioHNG plant.
In agreement with the other processes, it can be seen that a change of
the operating hours and the BioHNG production efficiency has the most
significant impact on economic feasibility followed by the capital costs, and
the wood chips price. The influence of the number of employees is relatively
low. It is remarkable that the influence of the BioHNG production efficiency
increases compared to the influence of the operating hours with increasing
plant capacity.
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Figure 62: Sensitivity analysis of the 10 MW BioHNG plant.
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Figure 63: Sensitivity analysis of the 50 MW BioHNG plant.
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Figure 64: Sensitivity analysis of the 100 MW BioHNG plant.

4 Comparison of the investigated processes
This section compares and summarizes the results of the assessment of the
four investigated processes with the three different plant capacities (10, 50,
and 100 MW). Figure 65 compares the main product and the overall efficiencies of the four investigated processes.
The process for the generation of BioSNG and district heat has the highest main product efficiency and the CHP process the lowest. This can be
dedicated to the comparable low electrical efficiency of the gas engine. In addition, the BioSNG process has also the highest overall efficiency. In contrast,
the BioH2 process has the lowest overall efficiency which can be dedicated
to the PSA unit, where the CH4 , with its high heating value, is separated as
well as to the heat demand for steam generation and amine regeneration.
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Figure 65: Efficiency comparison of the four investigated processes with 10
MW gasifier fuel power. The efficiency of the other plant capacities is assumed to be the same value.

4.1 10 MW plants
Figure 66 shows the comparison of the investment costs, the TOTEXs , and
the selling price at NPV = 0 (Equation 29) of the investigated 10 MW plants.
The BioSNG process has the highest investment costs which can be explained by the complex BioSNG process with the gas cleaning steps. The
CHP process has the lowest investment costs because of its simple process
layout and low number of unit operations. Moreover, the CHP process has
the highest TOTEXs which can be dedicated to the lowest main product
efficiency. The BioSNG process has the lowest TOTEXs because of the high
efficiency. In case of the CHP process, the TOTEXs are higher than main
product selling price. This can be explained by the fact that the calculation
of the TOTEXs does not consider the generated district heat. However, for
the calculation of the main product selling price, the revenues gained from
the district heat were considered. The other processes show the expected case
where the main product selling price is higher than the TOTEXs because of
the discounted cash flows over the plant life time.
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Figure 66: Investment costs (top) and TOTEXs (left), and the selling prices
for NPV = 0 (right) of the investigated 10 MW plants.
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4.2 50 MW plants
Figure 67 shows the comparison of the investment costs, the TOTEXs , and
the selling price at NPV = 0 of the investigated 50 MW plants.
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Figure 67: Investment costs (top) and TOTEXs (left), and the selling prices
for NPV = 0 (right) of the investigated 50 MW plants.
The comparison of the investment costs shows the same correlation as
the comparison of the 10 MW plants. However, at 50 MW plant capacity,
also the BioH2 process has higher TOTEXs than the main product selling
price. This is caused by two effects, the district heat generation and revenues,
which are, again, only considered for the calculation of the main product
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selling price and economy of scale effects which lead to decreased CAPEX
and labor related costs. Moreover, it can be seen, that the TOTEXs and the
main product selling prices come closer to each other in case of the BioSNG
and the BioHNG process compared to the 10 MW plants. This can also be
dedicated to economy of scale effects.

4.3 100 MW plants
Figure 68 shows the comparison of the investment costs, the TOTEXs , and
the selling price at NPV = 0 of the investigated 100 MW plants.
The investment costs comparison and the TOTEXs comparison shows the
same correlations as for the 10 MW and 50 MW plant The TOTEXs of the
CHP and BioH2 process are higher than the respective main product selling
prices. Again, this can be dedicated to the fact that the generation and the
revenues of district heat are only considered for the calculation of the main
product selling price. However, the usual behavior can be seen in case of the
BioSNG and the BioHNG process with a higher main product selling price
compared to the TOTEXs .

4.4 Sensitivity comparison
In this section, the influence of the annual operating hours, the CAPEX, and
the wood price on the main product selling prices is shown for all investigated
processes and plant capacities as those parameters have a significant influence
on the economic feasibility beside the production efficiency. The field height
in the figures is directly proportional to the respective sensitivity.
Figure 69 shows the sensitivity of the selling price depending on a variation of the annual operating hours.
It can be seen that with increasing plant capacities the sensitivity regarding the operating hours decreases. The CHP process has the highest
sensitivity followed by the BioH2 process, the BioHNG, and the BioSNG
process which can be dedicated to the respective main product efficiencies.
Figure 70 shows the sensitivity of the selling price depending on the variation of the CAPEX.
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Figure 68: Investment costs (top) and TOTEXs (left), and the selling prices
for NPV = 0 (right) of the investigated 100 MW plants.
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Figure 69: Selling price comparison of the investigated processes. The lower
limit indicates the reference operating hours of 8000 h · a−1 . The upper limit
indicates an operating hours variation of –25 %.
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Figure 70: Selling price comparison of the investigated processes. The upper
limit indicates a CAPEX variation of +25 % and the lower limit indicates a
CAPEX variation of –25 %. The center point indicates the reference.
113

Again, it can be seen that the CHP process has the highest sensitivity
followed by the BioH2 process, the BioHNG, and the BioSNG process. Also
the sensitivity depending on the CAPEX decreases with increasing plant
capacity.
Figure 71 shows the sensitivity of the selling price depending on the variation of the wood price.
300
CHP
BioH2
BioSNG
BioHNG

Selling price in EUR MWh-1

250

200

150

100
+25 % Wood price
Wood price
-25 % Wood price

50

0
0

10

20

30 40 50 60 70 80
Gasifier fuel power in MW

90 100

Figure 71: Selling price comparison of the investigated processes. The upper
limit indicates a wood price variation of +25 % and the lower limit indicates
a wood price variation of –25 %. The center point indicates the reference.
It can be seen, that in contrast to the figures before, the sensitivity increases with increasing plant capacity. Nevertheless, the CHP process has
the highest sensitivity followed by the BioH2 , the BioHNG, and the BioSNG
process.
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5 Conclusion and outlook
At the beginning of this thesis, the following questions were raised:
• What are technically feasible operating conditions for a WGS unit processing product gas from biomass steam gasification plants?
• What are economically feasible selling prices for electricity, BioH2 ,
BioSNG, BioHNG for different plant capacities in Austria in 2017 and
• which parameters and variables have the most significant influence on
the techno-economic feasibility of the investigated processes?
• Furthermore, how can those parameters be influenced and improved?
Based on the results, the following answers can be given:
The long-term operation of the WGS unit at the site of the DFB plant
in Oberwart was demonstrated. No catalyst deactivation could be observed
with the experimental layout and equipment which was used during the experiments. The results show that the application of a commercial Fe-Crbased catalyst in a WGS unit is possible, even if tar-rich product gas from
biomass steam gasification plants is processed if certain operating conditions
(steam to carbon ratio, operating temperature) are ensured. However, future
research should focus on further observations on possible catalyst deactivation during additional long-term experiments. In addition, process simplification by means of a lower steam to carbon ratio should be a goal for future
research activities.
The CHP process could be economically feasible between 50 and 100 MW
gasifier fuel power with the current (2017) feed-in tariffs for renewable electricity in Austria. However, realization of a biomass plant of this size is
unlikely to happen in Austria. The largest biomass CHP plant in Austria
is the biomass CHP in Wien Simmering, operated by Wien Energie GmbH
with a fuel power of 66 MW [127]. Furthermore, biomass-based electricity
generation seems not to be competitive compared to other renewable electricity sources like wind and photovoltaic. Nevertheless, there is some potential
for optimization, especially for plants with smaller capacity; reducing the
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RME consumption or using a cheaper fuel as feedstock, for example logging
residues. In addition, further adaption of the gas engine to the requirements
of the generated product gas could increase the electrical efficiency. Future
work should also focus on the replacement of the gas engines with fuel cells
in order to increase the electrical efficiency.
The BioH2 process is not competitive in comparison with H2 from natural gas steam reformers but in comparison with H2 from other renewable
sources. Compared to the other renewable H2 generation technologies, biogas
steam reforming or water electrolysis, the biomass steam gasification route
can cover a wide range of scale. In order to improve the process, an additional
steam reforming unit could be employed. However, this would increase the
gas cleaning demand because of the Ni-based catalysts in commercial steam
reformers. Furthermore, it would significantly influence the heat integration
of the process.
The selling price of BioSNG is not competitive with the price of fossil natural gas. Nevertheless, based on the calculated results the generated BioSNG
could be used in natural gas grids with the regulations today. BioSNG would
have the advantage that it has the highest production efficiency of the investigated processes and could be distributed and stored via the existing natural
gas infrastructure. Therefore, it could be used as fuel for the transportation
sector, as fuel for steam reformer plants for H2 production, and for electricity
generation in combined cycle plants, where a combined electrical efficiency
of over 35 % could be achieved based on the results in this work and typical
electrical efficiency of gas combined cycle plants.
The BioHNG process could be an economically feasible alternative because of lower investment costs and a comparable high production efficiency.
However, so far, there are no regulations, which support the injection of pure
H2 or HNG into the natural gas grids. Nevertheless, HNG could be used in
industrial applications as natural gas replacement or substitute because the
Wobbe index is similar to the Wobbe index of natural gas. Depending on
the electricity price, other processes to separate the CO2 could be applicable
and should be investigated, for example membrane-based processes.
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In all investigated processes, the production efficiency has a significant
influence on the economic feasibility. In addition, the production efficiency
is directly depending on the cold gas efficiency of the gasification process.
Consequently, measures to increase the cold gas efficiency of the gasification
process should be investigated.
Beside the product generation efficiency, the annual operating hours have
the most significant influence on an economically feasible operation of the
investigated plants. At the commercial DFB CHP plants in Güssing and
Oberwart, annual operating times of up to 7500 hours were reached. The
limiting factors were in most cases the reliability of the fuel feeding system
and heat exchanger clogging. Both factors need certain attention, especially
if a different, respectively low-quality fuel is used as feedstock. Therefore,
experimental test runs regarding the fuel feeding should be carried out before
utilizing alternative fuels. In order to reduce the clogging tendency of heat
exchangers, the gas cleaning should be adopted and checked for reliability in
experimental test runs as well (tar condensation). In addition, redundancy
of certain equipment parts would also contribute to an increase of the annual
operating time. However, most of these measures go hand in hand with an
increase of the investment costs.
In general, the investment costs and the wood chip prices also have a
significant influence on the economic feasibility of the investigated processes.
In addition, also the electricity consumption of the processes is a factor which
should be considered. Nevertheless, plant operators have nearly no influence
on those parameters.
Labor related costs are of lower significance. Therefore, the number of
employees and operators should be sufficient enough to enable a reliable plant
operation to achieve high annual operating times.
The district heat generation has only significant influence in case of the
CHP process. For example, fuel drying needs a significant amount of energy
which could be used for district heat generation. However, without fuel
drying, more product gas needs to be recycled into the combustion reactor
of the DFB gasification system which would reduce the electrical efficiency
of the CHP process. Also, the steam generation has a significant influence
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on the energy balance of the processes, especially of the BioH2 , the BioSNG,
and the BioHNG process. This is mainly caused by the required steam to
achieve a certain steam to carbon ratio at the inlet of fixed bed reactors in
order to avoid coking and carbon deposition. Therefore, different catalysts
should be investigated which are able to handle a lower steam to carbon ratio
of the product gas.
CO2 from the amine stripping units could also be used as product which
would generate additional revenues and increase the economic feasibility
of the investigated processes for BioH2 , BioSNG, and BioHNG generation.
However, CO2 pretreatment demand should be investigated before utilization, for example in the food industry.
In conclusion, without proper boundary conditions by means of governmental economic support and subsidies, an economic feasible operation of the
investigated processes seems not possible if the processes have to compete
with fossil energy carriers or renewable electricity sources like wind turbines
or photovoltaic. Different measures to increase the annual operating time
and to lower the fuel price should be realized in order to increase the economic feasibility of the processes. Therefore, extensive research regarding
the utilization of different low-quality fuels should be carried out, especially
the fuel feeding and gas cleaning has to be investigated in order to achieve
high process reliabilities and to ensure a sufficient product gas quality for
downstream unit operations.
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Abbreviations and acronyms
AC
AEL
aMDEA
AT
BASF
BioH2
BioHNG
BioSNG
BM
BT
BTEX
CC
CHP
CMS
CNG
COCO
con
CR
DEA
DFB
DH
El.
FG
GCC
GCMS
GE
GR

Activated carbon
Alkaline electrolysis
Activated methyldiethanolamine
After taxes
Badische Anilin und Soda-Fabrik
Biomass derived H2
Biomass derived gas mixture mainly composed of H2 and
CH4
Biomass derived synthetic natural gas
Biomass
Before taxes
Benzene, toluene, ethylbenzene, xylene
Composite curve
Combined heat and power
Carbon molecular sieve
Compressed natural gas
Cape-open to cape-open
Condensation
Combustion reactor
Diethanolamine
Dual fluidized bed
District heat
Electricity
Flue gas
Grand composite curve
Gas chromatography mass spectroscopy
Gas engine
Gasification reactor
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HNG
HDS
IRR
ISBL
MDEA
MEA
NG
OSBL
ÖVGW
PEM
PG
PSA
PV
PZ
RME
sh
SNG
STP
TRL
UNFCCC
US
WGS

Gas mixture composed of H2 and CH4
Hydrodesulfurization
Internal rate of return
Inside battery limit
Methyldiethanolamine
Monoethanolamine
Natural gas
Outside battery limit
Österreichischer Verein für das Gas- und Wasserfach
Proton exchange membrane or polymer electrolyte
membrane
Product gas
Pressure swing adsorption
Photovoltaic
Piperazine
Rapeseed methyl ester
Superheated
Synthetic natural gas
Standard temperature and pressure (273.15 K and
101325 Pa)
Technology readiness level
United Nations Framework Convention on Climate
Change
United States
Water gas shift
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Latin symbols
AT cash flow
BT cash flow
CAPEX
CAPEXs
Capacity
CEPI
Depreciation
GHSVi
HHVi
HWOi
i
INV
INVs
Kg
KM AL
LHVi
LWOi
m
ṁi
ṁcp

Cash flow after taxes in EUR · a−1
Cash flow before taxes in EUR · a−1
Capital expenditures in EUR
Specific capital expenditures in EUR · MWh−1 or
EUR · kg−1
Fuel or product capacities of different plants or unit
operations in MW or kg · h−1
Chemical engineering plant index in Plant depreciation in EUR · a−1
Gas hourly space velocity in h−1
Higher heating value of component i in MJ · m−3 or
MJ · kg−1
Higher Wobbe index of component i in MJ · m−3 or
MJ · kg−1
Discount rate in Investment costs in EUR
Specific investment costs in EUR · MWh−1 or
EUR · kg−1
Equilibrium constant calculated by thermo-physical
properties in Equilibrium constant calculated by the mass action law
in Lower heating value of component i in MJ · m−3 or
MJ · kg−1
Lower Wobbe index in MJ · m−3 or MJ · kg−1
Capacity rationing factor in Mass flow rate of component i in kg · h−1
Heat capacity flow rate in kW · K−1
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n
ṅG
ṅSteam
NPV
OPEX
OPEXs
ROI
Tax rate
PEl,c
PEl,g
p
px
R
r
REV
SUEX
T
t
TOTEXs

Plant lifetime in a
Molar dry gas flow rate in kmol · h−1
Molar steam flow rate in kmol · h−1
Net present value in EUR
Operational expenditures or production costs in
EUR · a−1
Specific operating expenditures in EUR · MWh−1 or
EUR · kg−1
Return on investment in -. The ROI is the discount rate
i at which the NPV equals zero.
Tax rate in Consumed electrical power in kW
Generated electrical power in kW
Absolute pressure in Pa or bar
Partial pressure of component x in Pa or bar
General gas constant in J · mol−1 · K−1
Reaction rate in in mol · g−1 · s−1
Plant revenues in EUR · a−1
Start-up expenses in EUR · a−1
Temperature in K or ◦ C
Annual plant operating hours in h · a−1
Specific total expenditures in EUR · MWh−1 or
EUR · kg−1
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Greek symbols
ηC
ηMP
ηO
∆H298
∆Tmin
ϕx
ωx

Carbon efficiency in kg · kg−1
Main product efficiency in kW · kW−1
Overall efficiency in kW · kW−1
Enthalpy of formation at 25 ◦ C (298.15 K) and 101325
Pa in kJ · mol−1
Minimum temperature difference for the pinch analysis
in ◦ C
Volumetric fraction of component x in m3 · m−3
Mass fraction of component x in kg · kg−1
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[4] Manfred Gollner. Energiedaten Österreich 2015. Technical report,
Statistik Austria, Wien, December 2016.
[5] BASIS. European Wood Chips Plants - Country analysis. Technical Report 2, Biomass Availability and Sustainability Information System, July 2015. URL: http://www.basisbioenergy.eu/fileadmin/
BASIS/D3.6_Global_Country__analysis_version2.pdf.
[6] Peter Biermayr, Christa Dißauer, Manuela Eberl, Monika Enigl,
Hubert Fechner, Kurt Leonhartsberger, Florian Maringer, Stefan
Moidl, Christoph Schmidl, Christoph Strasser, Werner Weiss, Patrik Wonisch, and Elisabeth Wopienka. Innovative Energietechnologien in Österreich Marktentwicklung 2016.
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A Simulation stream data
Data tables of the COCO simulations, which were carried out to acquire
the mass and energy balances of the investigated processes for a gasifier fuel
power of 10 MW. Tar, BTEX, and sulfur components were not simulated.

A.1 Process A: Combined heat and power

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

PG from GR

RME scrubber inlet

RME scrubber outlet

PG to GE

Units

1.0
850.0
3045.6
0.2572
0.1420
0.1295
0.0581
0.0133
0.0009
0.0031
0.0118
0.0000
0.3840

1.0
150.0
3045.6
0.2572
0.1420
0.1295
0.0581
0.0133
0.0009
0.0031
0.0118
0.0000
0.3840

1.0
50.0
2154.1
0.3714
0.2050
0.1869
0.0839
0.0192
0.0013
0.0045
0.0171
0.0000
0.1107

1.0
50.0
1981.8
0.3714
0.2050
0.1869
0.0839
0.0192
0.0013
0.0045
0.0171
0.0000
0.1107

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

PG to CR

GE mixture

Ambient air
to GE

FG from GE

Units

1.0
50.0
172.3
0.3714
0.2050
0.1869
0.0839
0.0192
0.0013
0.0045
0.0171
0.0000
0.1107

1.0
21.8
18284.5
0.0569
0.0314
0.0286
0.0128
0.0029
0.0002
0.0007
0.6674
0.1736
0.0254

1.0
10.0
16302.7
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
435.1
18223.4
0.0000
0.0008
0.0855
0.0000
0.0000
0.0000
0.0000
0.6987
0.0970
0.1180

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

RME scrubber condensate

Excess condensate

Steam

Superheated
steam

Units

1.0
50.0
891.5
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
50.0
44.6
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
101.0
846.9
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
450.0
846.9
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

FG from CR

FG to ambient

Ambient air

Preheated
air

Units

1.0
930.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.7160
0.0640
0.0900

1.0
150.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.7160
0.0640
0.0900

1.0
10.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
450.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

150

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Cold drying
air

Hot
air

drying

1.0
10.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
90.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

Units
bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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A.2 Process B: Hydrogen and district heat

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

PG from GR

WGS in

WGS out

RME scrubber out

Units

1.0
850.0
3045.6
0.2561
0.1414
0.1376
0.0578
0.0132
0.0009
0.0031
0.0031
0.0000
0.3867

1.0
356.4
4775.3
0.1600
0.0883
0.0860
0.0361
0.0083
0.0006
0.0020
0.0019
0.0000
0.6168

1.0
436.4
4775.3
0.2397
0.0086
0.1657
0.0361
0.0083
0.0006
0.0020
0.0019
0.0000
0.5371

1.0
50.0
2564.7
0.4605
0.0166
0.3183
0.0694
0.0159
0.0011
0.0038
0.0037
0.0000
0.1107

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Amine
scrubber out

Removed
CO2

PSA feed

PSA
raffinate (BioH2 )

Units

1.0
50.0
717.7
0.6724
0.0242
0.0046
0.1014
0.0232
0.0016
0.0055
0.0054
0.0000
0.1617

1.0
50.0
1847.0
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000

10.0
50.0
452.1
0.8021
0.0289
0.0055
0.1209
0.0277
0.0019
0.0065
0.0064
0.0000
0.0000

10.0
50.0
111.3
> 0.9990
< 0.0001
< 0.0001
< 0.0001
< 0.0001
< 0.0001
< 0.0001
< 0.0001
< 0.0001
< 0.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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PSA
bate
p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

adsor-

Adsorbate to
CR

RME scrubber condensate

Makeup water

Units

1.0
47.2
340.8
0.2884
0.1038
0.0199
0.4348
0.0996
0.0069
0.0235
0.0231
0.0000
0.0000

1.0
47.2
56.9
0.2884
0.1038
0.0199
0.4348
0.0996
0.0069
0.0235
0.0231
0.0000
0.0000

1.0
50.0
2210.6
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
10.0
366.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Steam

Ambient air

Preheated
air

Superheated
steam to GR

Units

1.0
101.0
2576.6
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
10.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
450.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
450.0
846.9
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

FG from CR

FG from CR
out

Boiler inlet

Boiler FG

Units

1.0
930.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.736
0.069
0.065

1.0
150.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.736
0.069
0.065

1.0
47.2
283.9
0.2884
0.1038
0.0199
0.4348
0.0996
0.0069
0.0235
0.0231
0.0000
0.0000

1.0
1810.8
4635.1
0.0000
0.0000
0.0896
0.0000
0.0000
0.0000
0.0000
0.7273
0.0172
0.1659

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Cold drying
air

Hot
air

1.0
10.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
90.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

Boiler
out
p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

1.0
150.0
4635.1
0.0000
0.0000
0.0896
0.0000
0.0000
0.0000
0.0000
0.7273
0.0172
0.1659

FG
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drying

Units
bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

A.3 Process C: Synthetic natural gas and district heat

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

PG from GR

RME scrubber out

RME scrubber condensate

PG
VESTA
process

1.0
850.0
3045.6
0.2561
0.1414
0.1376
0.0578
0.0132
0.0009
0.0031
0.0031
0.0000
0.3867

1.0
50.0
2151.5
0.3714
0.2050
0.1996
0.0839
0.0192
0.0013
0.0045
0.0044
0.0000
0.1107

1.0
50.0
894.1
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
50.0
1985.9
0.3714
0.2050
0.1996
0.0839
0.0192
0.0013
0.0045
0.0044
0.0000
0.1107

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

PG to CR

Hydration in

Hydration
out

WGS in

Units

1.0
50.0
165.7
0.3714
0.2050
0.1996
0.0839
0.0192
0.0013
0.0045
0.0044
0.0000
0.1107

10.0
300.0
1783.0
0.4176
0.2305
0.2244
0.0943
0.0216
0.0015
0.0051
0.0050
0.0000
0.0000

10.0
381.2
1783.0
0.4047
0.2356
0.2293
0.0964
0.0000
0.0236
0.0052
0.0051
0.0000
0.0000

10.0
330.9
4339.0
0.1556
0.0906
0.0884
0.0371
0.0000
0.0091
0.0020
0.0020
0.0000
0.6154

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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to

Units

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

WGS out

SNG 1 in

SNG 1 out

SNG 2 in

Units

10.0
413.8
4339.0
0.2387
0.0074
0.1716
0.0371
0.0000
0.0091
0.0020
0.0020
0.0000
0.5322

10.0
350.0
4339.0
0.2387
0.0074
0.1716
0.0371
0.0000
0.0091
0.0020
0.0020
0.0000
0.5322

10.0
511.7
4339.0
0.1179
0.0062
0.1529
0.0958
0.0000
0.0000
0.0000
0.0021
0.0000
0.6251

10.0
300.0
4339.0
0.1179
0.0062
0.1529
0.0958
0.0000
0.0000
0.0000
0.0021
0.0000
0.6251

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

SNG 2 out

SNG 3 out

SNG 3 out

Amine
scrubber in

Units

10.0
401.3
4339.0
0.0420
0.0007
0.1436
0.1217
0.0000
0.0000
0.0000
0.0022
0.0000
0.6898

10.0
250.0
4339.0
0.0420
0.0007
0.1436
0.1217
0.0000
0.0000
0.0000
0.0022
0.0000
0.6898

10.0
289.4
4339.0
0.0089
0.0000
0.1382
0.1324
0.0000
0.0000
0.0000
0.0022
0.0000
0.7183

10.0
50.0
1704.2
0.0311
0.0001
0.4841
0.4647
0.0000
0.0000
0.0000
0.0078
0.0000
0.0122

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Amine
scrubber out

Final SNG in

Final
out

10.0
50.0
475.9
0.0597
0.0003
0.0093
0.8924
0.0000
0.0000
0.0000
0.0149
0.0000
0.0234

10.0
250.0
475.9
0.0597
0.0003
0.0093
0.8924
0.0000
0.0000
0.0000
0.0149
0.0000
0.0234

10.0
285.9
475.9
0.0225
0.0000
0.0001
0.9193
0.0000
0.0000
0.0000
0.0152
0.0000
0.0429

10.0
50.0
452.9
0.0235
0.0000
0.0001
0.9606
0.0000
0.0000
0.0000
0.0159
0.0000
0.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Steam

Superheated
steam

FG from CR

FG from CR
out

Units

1.0
101.0
910.1
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
450.0
850.9
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
930.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.7160
0.0640
0.0900

1.0
150.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.7160
0.0640
0.0900

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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SNG

BioSNG
grid

to

Units

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Ambient air

Preheated
air

Superheated
steam
to
VESTA

SNG
condensate

Units

1.0
10.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
450.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

10.0
300.0
2556.0
0.0000
0.0000
0.0004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.9996

10.0
50.0
2634.8
0.0000
0.0000
0.0004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.9996

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Removed
CO2

Cold drying
air

Hot
air

Makeup water

Units

10.0
50.0
1228.2
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000

1.0
10.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
90.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
10.0
16.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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drying

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

SNG
condensate
to
steam
generator

Excess condensate

Steam
VESTA

10.0
50.0
2556.0
0.0000
0.0000
0.0004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.9996

10.0
50.0
81.2
0.0000
0.0000
0.0004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.9996

10.0
300.0
2556.0
0.0000
0.0000
0.0004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.9996
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to

AC regeneration steam

1.0
200.0
59.2
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

A.4 Process D: Hydrogen and methane
p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

PG from GR

WGS 1 in

WGS 1 out

WGS 2 in

Units

1.0
850.0
3045.6
0.2561
0.1414
0.1376
0.0578
0.0132
0.0009
0.0031
0.0031
0.0000
0.3867

1.0
357.0
4805.4
0.1590
0.0877
0.0854
0.0359
0.0082
0.0006
0.0019
0.0019
0.0000
0.6193

1.0
436.6
4805.4
0.2382
0.0085
0.1647
0.0359
0.0082
0.0006
0.0019
0.0019
0.0000
0.5401

1.0
300.0
4805.4
0.2382
0.0085
0.1647
0.0359
0.0082
0.0006
0.0019
0.0019
0.0000
0.5401

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

WGS 2 out

RME scrubber out

PG to CR

Amine
scrubber in

Units

1.0
306.7
4805.4
0.2446
0.0021
0.1710
0.0359
0.0082
0.0006
0.0019
0.0019
0.0000
0.5337

1.0
50.0
2598.3
0.4665
0.0041
0.3262
0.0685
0.0157
0.0011
0.0037
0.0036
0.0000
0.1107

1.0
50.0
220.9
0.4665
0.0041
0.3262
0.0685
0.0157
0.0011
0.0037
0.0036
0.0000
0.1107

1.0
50.0
1844.3
0.4665
0.0041
0.3262
0.0685
0.0157
0.0011
0.0037
0.0036
0.0000
0.1107

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Amine
scrubber out

BioHNG

Removed
CO2

Dryer condensate

Units

1.0
50.0
482.1
0.6889
0.0060
0.0048
0.1011
0.0232
0.0016
0.0055
0.0054
0.0000
0.1635

1.0
50.0
290.9
0.8236
0.0072
0.0058
0.1209
0.0277
0.0019
0.0065
0.0064
0.0000
0.0000

1.0
50.0
1362.7
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000

1.0
50.0
191.3
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

RME scrubber condensate

Makeup water

Steam

Ambient air

Units

1.0
50.0
2207.1
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
10.0
400.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
101.0
2607.1
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
10.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Preheated
air

Superheated
steam to GR

FG from CR

FG from CR
out

Units

1.0
450.0
6888.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
450.0
847.3
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
930.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.736
0.069
0.065

1.0
150.0
7836.9
0.0000
0.0000
0.1300
0.0000
0.0000
0.0000
0.0000
0.736
0.069
0.065

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

Boiler FG

Boiler
out

Cold drying
air

Hot
air

1.0
1599.0
2477.3
0.0000
0.0000
0.1380
0.0000
0.0000
0.0000
0.0000
0.6025
0.0143
0.2452

1.0
150.0
2477.3
0.0000
0.0000
0.1380
0.0000
0.0000
0.0000
0.0000
0.6025
0.0143
0.2452

1.0
10.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

1.0
90.0
38435.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.7850
0.2050
0.0100

FG
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drying

Units
bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3

p
T
ṁ
ϕH2
ϕCO
ϕCO2
ϕCH4
ϕC2 H4
ϕC2 H6
ϕC3 H8
ϕN2
ϕO2
ϕH2 O

Additional
steam

PG to boiler

Units

1.0
450.0
1759.8
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000

1.0
50.0
532.7
0.4665
0.0041
0.3262
0.0685
0.0157
0.0011
0.0037
0.0036
0.0000
0.1107

bar
◦
C
kg · h−1
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
m3 · m−3
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Overview of the peer-reviewed journal papers as well as about conference
papers, posters, and presentations the author of this thesis made major contributions to. In addition to the peer-reviewed journal papers at the end of
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Conference papers
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applying a Fe/Cr catalyst processing product gas from biomass steam
gasification, 23rd European Biomass Conference and Exhibition, 1-4
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• Kraussler M., Binder M., Fail S., Bosch K., Hackel M., Hofbauer H.,
Performance of a water gas shift unit processing product gas from
biomass steam gasification, 23rd European Biomass Conference and
Exhibition, 1-4 June 2015, Vienna, Austria, Pages 668-678
• Benedikt F., Kraussler M., Konlechner D., Bosch K., Hackel M., Hofbauer H., Polygeneration at the biomass steam gasification plant Oberwart - Evaluation of process chains to produce hydrogen, electricity
and heat, 23rd European Biomass Conference and Exhibition, 1-4 June
2015, Vienna, Austria, Pages 792-799
• Michael Kraussler, Philipp Schindler, Matthias Binder, Hermann Hofbauer, Hydrogen production within a polygeneration concept based on
dual fluidized bed biomass steam gasification, 24th European Biomass
Conference and Exhibition, 6-9 June 2016, Amsterdam, The Netherlands, Pages 1715-1721
• Michael Kraussler, Florian Benedikt, Juraj Priscak, Hermann Hofbauer, Simulation of a polygeneration process for the generation of
hydrogen, HNG, and district heat via sorption enhanced reforming of
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wood chips, 25th European Biomass Conference and Exhibition, 12-15
June 2017, Stockholm, Sweden, Pages 732-737
Conference posters
• Kraussler M., Binder M., Fail S., Plaza A., Cortes A., Hofbauer H.,
Validation of a kinetic model for the catalyzed water gas shift reaction
applying a Fe/Cr catalyst processing product gas from biomass steam
gasification, 23rd European Biomass Conference and Exhibition, 1-4
June 2015, Vienna, Austria
• Michael Kraussler, Philipp Schindler, Hermann Hofbauer, Hythane
from biomass steam gasification as natural gas substitute in industrial
applications, 1st International Conference Bioresource Technology for
Bioenergy, Bioproducts & Environmental Sustainability, 23-26 October
2016, Sitges, Spain
• Michael Kraussler, Florian Benedikt, Juraj Priscak, Hermann Hofbauer, Simulation of a polygeneration process for the generation of
hydrogen, H2 CH4 , and district heat via sorption enhanced reforming of
wood chips, 25th European Biomass Conference and Exhibition, 12-15
June 2017, Stockholm, Sweden
Conference presentations
• Michael Kraussler, Performance of a Water Gas Shift Unit Processing
Product Gas from Biomass Steam Gasification, 23rd European Biomass
Conference and Exhibition, 1-4 June 2015, Vienna, Austria
• Kraussler M., Binder M., Hofbauer H., Performance of a water gas
shift pilot plant processing tar-rich product gas from a commercial
biomass steam gasification plant operating at partial load conditions,
International Bioenergy Exhibition and Asian Bioenergy Conference,
21-23 October 2015, Shanghai, China
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• Michael Kraussler, Operation of a PEM fuel cell with H2 generated
from biomass steam gasification, Fuel Cells Science and Technology,
13-14 April 2016, Glasgow, UK
• Michael Kraussler, H2 production within a Polygeneration concept based
on dual fluidized bed biomass steam gasification, 24th European Biomass
Conference and Exhibition, 6-9 June 2015, Amsterdam, The Netherlands
• Michael Kraussler, Hydrogen from biomass - Status and perspective,
Mitteleuropäische Biomassekonferenz, 18-20 January 2017, Graz, Austria
• Michael Kraussler, Hythane production from biomass steam gasification, Mitteleuropäische Biomassekonferenz, 18-20 January 2017, Graz,
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In this paper, the performance of a commercial Fe/Cr based catalyst for the water gas shift reaction was
investigated. The catalyst was used in a water gas shift pilot plant which processed real product gas
from a commercial biomass steam gasiﬁcation plant with two different qualities: extracted before and
extracted after scrubbing with a rapeseed methyl ester gas scrubber. The performance of the WGS pilot
plant regarding these two different gas qualities was investigated. For this reason, extensive chemical
analyses were carried out. CO, CO2, CH4, N2, O2, C2H6, C2H4, and C2H2 and H2S, COS, and C4H4 S were
measured. In addition, GCMS tar and NH3 analyses were performed. Furthermore, the catalyst's activity
was observed by measuring the temperature proﬁles along the reactors of the water gas shift pilot plant.
During the 200 h of operation with both product gas qualities, no catalyst deactivation could be
observed. A CO conversion up to 93% as well as a GCMS tar reduction (about 28%) along the water gas
shift pilot plant was obtained. Furthermore, a speciﬁc H2 production of 63 g H2 per kg biomass (dry and
ash free) was reached with both product gas qualities. No signiﬁcant performance difference could be
observed.
© 2015 Elsevier Ltd. All rights reserved.
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1. Introduction
Today, hydrogen is an important resource for a wide range of
applications in the chemical industry [1]. Steam reforming of natural gas and other processes with fossil fuels as feedstock produce
more than 95% of the hydrogen which is needed in industry.
Against a background of climate change, a CO2 neutral method for
hydrogen production should be established [2]. Biomass steam
gasiﬁcation is a proven technology and a CO2 neutral alternative to
steam reforming of natural gas [3].
A promising technology for biomass steam gasiﬁcation is the
dual ﬂuidized bed (DFB) process [4,5]. The commercial biomass
steam gasiﬁcation plants in Guessing and Oberwart have been using this technology for several years. Both plants generate a product
gas from woodchips with an high H2 content (4H2 z40 %,d.b.). The
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E-mail address: michael.kraussler@bioenergy2020.eu (M. Kraussler).
http://dx.doi.org/10.1016/j.biombioe.2015.12.001
0961-9534/© 2015 Elsevier Ltd. All rights reserved.

other main components are CO (4COz25 %,d.b.), CO2
(4CO2 z20 %,d.b.), and CH4 (4CH4 z10 %,d.b.). In addition, it contains
small amounts of N2, O2, higher hydrocarbons, and H2S
(4H2 S z100 cm3 ,m3 ,d.b.) and minor amounts of other sulfur
components. The high H2 content makes this product gas a promising CO2 neutral H2 source [6]. A process which can further increase the hydrogen content in the product gas is the water gas
shift (WGS) reaction (see Equation (1)).

CO þ H2 O#H2 þ CO2

DH ¼ 41:1

kJ
mol

(1)

It converts carbon monoxide and steam to hydrogen and carbon dioxide. At the industrial scale, a WGS unit consits of a high
temerature stage and a low temperature stage. In order to reach
economic reaction rates, catalysts are necessary. A suitable catalyst
for the high temperature stage is an Fe/Cr based catalyst. The high
temperature stage operates adiabatically with a gas inlet temperature of 350e550 +C and space velocities from 400e1200 h1.
The operating pressure depends on the plant requirements [1].
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Fe/Cr based catalysts seem to be robust against sulfur poisoning at
the amounts of H2S which are contained in the product gas of
biomass steam gasiﬁcation [7,8]. Catalysts for the low temperature
stage (about 200 +C) are Co/Mo or Cu/Zn based catalysts. The Co/
Mo catalyst is resistant to the presence of sulfur components but
the amount of H2S in the product gas of biomass steam gasiﬁcation is too low for the Co/Mo catalyst (see Ref. [9]) to reach a high
activity [8]. In contrast, Cu/Zn catalysts are sensitive to sulfur
poisoning [1].
Several studies have been carried out regarding the H2 production from biomass (see Ref. [10]). In Refs. [11] and [12], a high
temperature and low temperature WGS unit was operated after a
H2OeO2 gasiﬁer and a steam reformer. In Ref. [13], synthetic gas
mixtures which simulated the gas composition of pressurized oxygen gasiﬁcation were used together with a high temperature WGS
catalyst in order to achieve high H2 yields. In Ref. [14], sawdust was
gasiﬁed with mixtures of O2, N2, and H2O in a ﬂuidized bed gasiﬁer.
In Ref. [15], a model biogas was used with a steam reformer and a
two-stage WGS reactor for increasing the H2 yield. In addition, a lot
of research in the ﬁeld of gasiﬁcation of biomass with supercritical
water has been carried out (see Ref. [16]). For example, in Ref. [17],
biomass was gasiﬁed in a heated batch reactor with supercritical
water.
For this work, a WGS pilot plant applying a commercial Fe/Cr
based catalyst was operated with product gas from the commercial
biomass steam gasiﬁcation plant in Oberwart, Austria. The WGS
pilot plant was operated with product gas extracted before a
rapeseed methyl ester (RME) gas scrubber for more than 100 h as
well as with product gas extracted after a RME gas scrubber, again,
for more than 100 h. Refs. [12] and [18] showed that an operation
with product gas extracted after a RME gas scrubber with a low tar
content is possible. The performance of the WGS pilot plant which
processed the product gas extracted before the RME gas scrubber
with a high content of tar is compared with the performance of the
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WGS pilot plant which processed the product gas extracted after
the RME gas scrubber with a low content of tar. The shifted product
gas could be the basis for a simple polygeneration process which
can generate valuable gases (H2 and CH4), electricity, and heat.
2. Materials and methods
The experimental work was carried out at the plant site of the
biomass steam gasiﬁcation plant in Oberwart, Austria, where the
WGS pilot plant is located. The pilot plant consisted of three reactors in series which applied an Fe/Cr based catalyst. The gas
composition and the steam content were measured before and
after each reactor. GCMS tar and NH3 analyses were performed by
the Test Laboratory for Combustion Systems at the Vienna University of Technology. The temperature proﬁle along each reactor
was recorded. This allowed judging the activity of the applied Fe/Cr
based catalyst.
2.1. The biomass gasiﬁcation plant
The WGS pilot plant processed product gas from the combined
heat and power (CHP) plant in Oberwart. Fig. 1 shows a simpliﬁed
ﬂowchart of the CHP plant.
The plant is based on the DFB steam gasiﬁcation technology
described in detail in Refs. [4] and [5]. The CHP plant generates
district heat and electricity with biomass (woodchips) as feedstock.
Table 1 shows the main operating parameters of the CHP plant.
Biomass is fed into the biomass dryer. The dried biomass is
transported into the gasiﬁer by a screw conveyor. In the gasiﬁer, the
biomass reacts with steam and is in contact with the bed material
(olivine) at about 850 +C at ambient pressure. The result is a
product gas with a high hydrogen content (4H2 z40 %, d.b.). Then,
the product gas is cooled and cleaned in a bag house ﬁlter and in an
RME gas scrubber. In the RME gas scrubber, tar, NH3, and other

Fig. 1. Simpliﬁed ﬂowchart of the CHP plant in Oberwart, Austria. Heat sources and heat sinks of the process are indicated by arrows. The ﬂowchart also shows the extraction points
for experimental work before and after the RME gas scrubber of the CHP plant.
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2.2. The WGS pilot plant
The experimental work was carried out with a WGS pilot plant
located at the plant site of the CHP plant in Oberwart. Fig. 2 shows a
simpliﬁed ﬂowchart of the WGS pilot plant.
The WGS pilot plant consisted of three ﬁxed bed reactors (A, B,
and C) in series ﬁlled with a commercial Fe/Cr based catalyst
(ShiftMax® 120, [19]). Each catalyst bed had a diameter of about
9 cm and a bed height of about 40 cm, resulting in an Fe/Cr based
catalyst volume of about 2.5 dm3 for each reactor.
Along the reactor height of each reactor, seven type J thermocouples (TA0 to TA6, TB0 to TB6, and TC0 to TC6) were installed in
order to record the temperature proﬁle along the reactors. At the
inlet and outlet of reactors A and B, the gas stream could be heated
or cooled in order to achieve the desired gas inlet temperatures.
Before and after each reactor, a partial ﬂow of the processed gas
was sent to the analytic devices where the gas composition measurements, water measurements, tar samplings, and NH3 samplings were done.
At the inlet of the ﬁrst reactor, the product gas was mixed with
Table 1
Main operating parameters of the CHP plant in Oberwart, Austria [6].
Parameter

Value

Units

Fuel power
District heat power
Electrical power

8.7
4.0
2.8

MW
MW
MW

Table 2
Operating conditions at the extraction points (see Fig. 1) along the CHP plant in
Oberwart, Austria, at full load operation of the CHP plant [18].
Parameter

Temperature
4H2 OðgÞ
GCMS tar content

Shifted gas to CHP plant

TC0 to TC6

To analytics

Before

After

RME scrubber

RME scrubber

z150
z35

z40
z7

z8200

z1100

Units

+
C
%

mg,m3

Reactor C

To analytics

Reactor B

To analytics

TA0 to TA6

condensable fractions of the product gas are removed before the
product gas is fed into the gas engines for electricity generation.
Heat from the ﬂue gas line is mainly recovered for the process and
for district heating. Fly ash is removed before the ﬂue gas is released
into the atmosphere.
For experimental work, it is possible to take a partial ﬂow of the
product gas from two different extraction points along the product
gas line (see Fig. 1). The ﬁrst extraction point is before the RME gas
scrubber and the second extraction point is after the RME gas
scrubber. Table 2 shows the conditions at the two extraction points.
During the investigations, the product gas was taken from each
extraction point for about 100 h. The water content, the tar content,
and the temperature of the product gas at the extraction point
before the RME gas scrubber is signiﬁcantly higher than at the
extraction point after the RME gas scrubber. Therefore, from an
energy efﬁciency point of view, it is useful to take the product gas
from the extraction point before the RME gas scrubber as the
temperature and the water content is more suitable for a WGS reaction compared to the extraction point after the RME gas scrubber.
In contrast, the higher tar content of the product gas extracted
before the RME gas scrubber could be a challenge for a reliable
operation of the WGS pilot plant. The higher tar content could lead
to coking and carbon deposition on the catalyst's surface if the
steam content in the processed gas is too low. A detailed description of the process and the CHP plant can be found in Refs. [4,6,8].

TB0 to TB6
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Reactor A

To analytics
Additional steam
To analytics
Product gas from CHP plant

Fig. 2. Simpliﬁed ﬂowchart of the WGS pilot plant located at the plant site of the CHP
plant in Oberwart.

additional steam in order to avoid coking and carbon deposition.
The WGS pilot plant was operated at ambient pressure.
2.3. Temperature measurement along the WGS reactors
Fig. 2 shows the positions of the thermocouples (type J) along
the studied WGS reactors. Thermocouple T0 was positioned before
the ﬁxed bed Fe/Cr based catalyst. Therefore, it was not in the
reactive zone. T1 to T5 were positioned along the catalyst bed at a
distance of 10 cm from each other. T1 was positioned directly at the
beginning of the catalyst bed and T5 was positioned directly at the
end of the catalyst bed. T6 was outside the catalyst bed. This
arrangement was the same in each of the three reactors. A LabVIEW™ program recorded the temperature proﬁles.
2.4. Measurement of the gas composition
A gas chromatograph (GC, Clarus 500™ from Perkin Elmer)
measured the gas composition before and after each WGS reactor.
Fig. 3 shows the setup of the gas conditioning for the GC.
The sample gas stream was led through two gas washing bottles
ﬁlled with glycol at a temperature of about 5 +C in order to
condense the steam. Therefore, a dry gas stream could be assumed
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Gas stream from
WGS reactor

FR

53

are always given at standard temperature and pressure (STP,
273.15 K and 101325 Pa).

Gas stream
to GC

2.6. Tar sampling method

Glycol in gas
washing bottles
at -5 °C

Glass wool

Fig. 3. Sampling line for the gas composition analytics before the GC and the water
measurement.

after the two gas washing bottles. The dry gas stream passed
another gas washing bottle ﬁlled with glass wool in order to prevent aerosols from entering the GC. After the glass wool, a gas
meter recorded the volumetric dry gas ﬂow.
In the GC, a thermal conductivity detector (TCD) enabled the
quantiﬁcation of the CO, CO2, CH4, N2, O2, C2H6, C2H4, and C2H2. The
C2 species were summarized and are referred to as C2Hy. A ﬂame
photometric detector (FPD) was used to detect H2S, COS, and C4 H4S.
2.5. Measurement of the steam content and the volumetric ﬂow
rates of the gas
Fig. 3 also shows the ﬂowchart and the principle of the gravimetric determination of the steam content. The gas passed through
the glycol gas washing bottles at 5 +C for a certain time. Subsequently, the volumetric dry gas ﬂow was recorded with a gas meter.
By weighing the gas washing bottles, the water content before
the steam addition, at the inlet, and at the outlet of each WGS
reactor was determined. The volumetric ﬂow rates were calculated
based on the water balance.
In this work, the volumetric gas ﬂow rates and the gas volumes

During the experimental runs, tar measurements at the inlet
(reactor A) and outlet (reactor C) of the WGS pilot plant were
performed. Additional information about the method is available in
Ref. [20]. Fig. 4 shows the principle of the tar sampling.
For the GCMS tar analyses, toluene was used as a solvent
because tar has a good solubility in it [20]. Toluene also allows the
determination of the tar and water content at the same time.
A sample ﬂow of the product gas passed ﬁve gas washing bottles
ﬁlled with 0.5 dm3 toluene in all, and one gas washing bottle ﬁlled
with glass wool in order to prevent aerosols from entering the
analytic gas pump.
The ﬁrst three gas washing bottles were cooled to about 0 +C.
Consequently, the tar was dissolved and the steam condensed. The
next two gas washing bottles were cooled to 8 +C in order to make
sure that all other remaining tar components were ﬁnally dissolved
in the toluene.
The gas was sampled for about 3 h. In addition, the volumetric
dry gas ﬂow was recorded by a gas meter. The dry gas sampling
ﬂow rate was set to 2.0 to 2.5 dm3∙min1.
After the sampling, the content of the ﬁve gas washing bottles
ﬁlled with toluene was mixed. The samples were handed over to
the Test Laboratory for Combustion Systems at the Vienna University of Technology. The test laboratory determined the amount
of GCMS tar components.
2.7. NH3 sampling method
The NH3 sampling was carried out according to the instructions
of the Test Laboratory for Combustion Systems at the Vienna University of Technology. Fig. 5 shows the principle.
A sample ﬂow of the processed gas at the inlet and outlet of the
WGS pilot plant was led through the NH3 sampling line. The gas
passed through two gas washing bottles, each ﬁlled with about
0.1 dm3 of 0.05 mol,dm3 sulfuric acid. The sampling time was
about 15 min. The volumetric dry gas ﬂow was recorded by a gas
meter. The volumetric dry gas sampling ﬂow rate was set to about
0.6 dm3∙min1.
After the sampling, the contents of the two gas washing bottles
were mixed and the sample volume was ﬁlled up to a certain

FR
From WGS reactor

To gas pump

0.1 dm3 toluene
at 0 °C in each gas washing bottle

0.1 dm3 toluene
at -8 °C in each gas washing bottle

Fig. 4. Flowchart of the tar sampling.

Glass wool
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FR
From WGS reactor

dry gas ﬂow rate at the inlet and the outlet of the WGS pilot plant
and the reactors.
All four ﬁgures described the conditions along the WGS pilot
plant. In addition, those ﬁgures make different WGS units and WGS
reactors comparable.

To gas
pump

3. Results and discussion

0.1 dm3 of 0.05 mol·dm-3 H2SO4
at 0 °C in each gas washing bottle

This chapter presents the results of the WGS pilot plant operation with product gas extracted before and extracted after the RME
gas scrubber. The results were determined during two successive
100 h runs of the WGS pilot plant with each gas quality. The real
and unconditioned product gas from the CHP plant was directly fed
into the WGS pilot plant for both test runs.
The Fe/Cr based catalyst was activated in previous experiments.
The activation procedure and results of these previous experiments
can be found in Refs. [8] and [18].

Glass wool

3.1. Operation with product gas extracted before the RME gas
scrubber

Fig. 5. Flowchart of the NH3 sampling.

volume with sulfuric acid in order to obtain the volumetric NH3
content of the product gas.
The analyses were carried out using column chromatography by
the Test Laboratory for Combustion Systems at the Vienna University of Technology.
2.8. Characteristic ﬁgures describing the performance of the WGS
pilot plant
The WGS pilot plant was described by characteristic ﬁgures. The
ﬁrst ﬁgure (Equation (2)) was the gas hourly space velocity (GHSV).
It was calculated as the ratio of the volumetric dry gas ﬂow rate at
the inlet of the reactor to the catalyst volume of the reactor. It indicates the stress of the catalyst.

GHSV ¼

V_ Dry

(2)

VCatalyst

The second ﬁgure (Equation (3)) was the steam to dry gas ratio
(STDGR). This ﬁgure was calculated as the ratio of the volumetric
steam ﬂow rate to the volumetric dry gas ﬂow rate in the feed of the
WGS pilot plant.

STDGR ¼

V_ H2 O
_
V Dry;In

(3)

The third ﬁgure (Equation (4)) was the steam to carbon ratio
(STCR). This ﬁgure was calculated as the ratio of the volumetric
steam ﬂow rate to the volumetric ﬂow rate of all gas components
which included at least one carbon atom. The value of the STCR
must not be too low, in order to avoid coking and carbon deposition
on the surface of the catalyst.

STCR ¼

V_ H2 O



V_ Dry;In , 4CO þ 4CO2 þ 4CH4 þ 4C2 Hy



(4)

Another typical ﬁgure of the WGS pilot plant was the CO conversion in Equation (5).

XCO ¼

4CO;In ,V_ Dry;In  4CO;Out ,V_ Dry;Out
4
,V_ Dry;In

Table 3 shows the WGS pilot plant operating parameters and the
corresponding ﬁgures during the operation with product gas
extracted before the RME gas scrubber.
The STDGR and STCR were chosen in order to protect the Fe/Cr
based catalyst from coking and carbon deposition. During this
100 h of operation, an overall CO conversion of 93% was achieved.
Fig. 6 shows the average temperature proﬁles along reactors A,
B, and C during the 100 h of operation.
It indicates that the WGS reaction mainly took place in reactor A.
The temperature increased along reactor A because of the
exothermic WGS reaction. After the maximum temperature was
reached, the temperature along reactor A decreased. This was the
result of two effects. First, a gas composition near the equilibrium
composition of the reactive species of the WGS reaction was
reached. Therefore, the reaction and, consequently, the temperature increase stopped. Second, heat losses occurred, which ﬁnally
caused a slight temperature decrease.
The product gas was cooled before it entered reactors B and C.
The aim was to achieve about the same reactor inlet temperature at
the inlet of all three WGS reactors.
In reactor B, signiﬁcantly less WGS reaction occurred because
the gas composition was near the equilibrium composition, at a
temperature of about 350 +C. Consequently, the heat losses
exceeded the temperature increase caused by the exothermic reaction. Therefore, the temperature decreased. In reactor C, the same
effects as in reactor B occurred.
Table 4 shows the volumetric concentrations of the main gas
components at the inlet and outlet of all three reactors during the
100 h of operation with product gas extracted before the RME gas
scrubber. The CHP plant in Oberwart provided product gas with a
steady composition during the 100 h of operation of the WGS pilot
plant (see WGS inlet).
In addition, Table 4 indicates that an volumetric H2

(5)

CO;In

It was calculated with the CO concentrations and the volumetric

Table 3
Operating data of the WGS pilot plant with product gas extracted before the RME gas
scrubber. The GHSV is given for the ﬁrst reactor (reactor A). The STDGR and the STCR
are given for the inlet of reactor A. XCO is given for reactor A and the whole WGS pilot
plant.
GHSV
h

1

478

STDGR

STCR

XCO(reactor A)

XCO(overall)

-

-

%

%

1.6

2.6

84

93
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Table 6
GCMS tar and NH3 concentration (d.b.) at the inlet (reactor A) and outlet (reactor C)
of the WGS pilot plant during the 100 h of operation with product gas extracted
before the RME gas scrubber. The measurements were single sample measurements.
Therefore, no standard deviation could be calculated.

500
RA

RB

RC

Temperature in °C

450

GCMS tar
3

WGS inlet
WGS outlet

400

350

300
0

0.1

0.2

0.3

0.4

Catalyst bed height in m
Fig. 6. Average temperature proﬁles of reactors A, B, and C during the operation with
product gas extracted before the RME gas scrubber.

Table 4
Concentrations (d.b.) of the main gas components during the 100 h of operation with
product gas extracted before the RME gas scrubber (DL ¼ 2 cm3∙m3).

WGS inlet
Outlet A
Outlet B
Outlet C

WGS inlet
Outlet A
Outlet B
Outlet C

4H2

4CO

4CO2

4CH4

%

%

%

%

24.8 ± 1.1
3.4 ± 0.3
2.1 ± 0.2
1.5 ± 0.1

22.7
35.7
36.8
37.0

4C2 Hy

4 N2

4O2

%

%

%

37.9
48.7
49.3
49.7

2.8
2.2
2.1
2.0

±
±
±
±

±
±
±
±

1.5
1.0
0.8
0.9

0.3
0.2
0.3
0.2

1.3
1.1
1.0
1.0

±
±
±
±

0.2
0.2
0.2
0.2

0.08
0.03
0.03
0.03

±
±
±
±

0.8
0.7
0.5
0.5

±
±
±
±

0.03
0.01
0.01
0.01

10.5 ± 0.5
8.9 ± 0.4
8.8 ± 0.3
8.6 ± 0.3

Table 5
Concentrations (d.b.) of the sulfur components during the 100 h of operation with
product gas extracted before the RME gas scrubber (DL ¼ 0.3 cm3∙m3).
4H2 S

4COS

4C4 H4 S

cm3∙m3

cm3∙m3

cm3∙m3

3.1 ± 0.5
BDL
BDL
BDL

5.6
5.1
5.4
5.3

104
107
108
110

±
±
±
±

10
8
14
12

4NH3

mg,m

cm3∙m3

8145
5829

3395
2840

It shows that the GCMS tar content decreased along the WGS
pilot plant because the pilot plant offered a reactive environment
and, consequently, a certain residence time for tar reduction. The
NH3 content decreased because of the higher volumetric dry gas
ﬂow rate after the WGS pilot plant. No NH3 reaction occurred according to these results.
Table 7 shows the detailed results of the GCMS tar analyses
where all detected GCMS tar components are listed.
The amount of naphthalene, the main tar component, mainly
decreased because of the dilution effect caused by the fact that the
volumetric dry gas ﬂow rate after the WGS pilot plant was higher.
Styrene, indene, and phenylacetylene were probably hydrogenated
to species which were not detected by this GCMS tar analysis.
Acenaphthylene was most probably hydrogenated to acenaphthene. Beside acenaphthene, the amount of anthracene, ﬂouranthene, pyrene, phenanthrene, and 4,5-methylphenanthrene also
increased along the WGS pilot plant. Further information regarding
tar reduction mechanism can be found in Refs. [22e24].
3.2. Operation with product gas extracted after the RME gas
scrubber
The results of the operation with product gas extracted after the
RME scrubber are quite similar compared to the results which were
achieved during the operation with product gas extracted before

concentration of about 50% was reached at the outlet of the WGS
pilot plant. Along the WGS pilot plant, the volumetric dry gas ﬂow
rate increased by a factor of 1.2. With a product gas output of about
1.18 m3∙h1 (d.b.) per kg biomass (see Ref. [21]), a speciﬁc H2
production of about 63 g H2 per kg biomass was obtained on a d.a.f.
(dry and ash free) biomass basis.
Table 5 shows the volumetric concentrations of the sulfur
components during the 100 h of operation with product gas
extracted before the RME gas scrubber. It can be seen that the
concentrations of all sulfur components except COS remained
nearly constant.
During the 100 h of operation with product gas extracted before
the RME gas scrubber, GCMS tar and NH3 analyses were carried out
at the inlet (reactor A) and outlet (reactor C) of the WGS pilot plant.
Table 6 shows the results for these samples.

WGS inlet
Outlet A
Outlet B
Outlet C

55

±
±
±
±

1.7
1.4
0.8
1.0

Table 7
Detailed GCMS tar analyses in mg,m3 (d.b.) at the inlet (reactor A) and outlet
(reactor C) of the WGS pilot plant during the operation with product gas extracted
before the RME gas scrubber. The measurement was a single sample measurements.
Therefore, no standard deviation could be calculated (DL ¼ 1 mg,m3).
GCMS tar component

WGS inlet

WGS outlet

Naphthalene
Styrene
Indene
Phenylacetylene
Mesitylene
Benzofuran
Dibenzofuran
1-Benzothiophene
2-Methylnaphthalene
1-Methylnaphthalene
Biphenyl
Acenaphthylene
Acenaphthene
Anthracene
Flouranthene
Pyrene
Flourene
Quinoline
Phenol
Isoquinoline
Cresol
Phenanthrene
4,5-Methylphenanthrene
Indole

5804
272
376
47
BDL
2
48
7
57
34
57
835
24
375
38
29
71
6
2
1
BDL
49
11
BDL

4291
32
109
BDL
BDL
BDL
36
5
38
25
44
47
506
467
56
44
56
4
BDL
BDL
BDL
55
14
BDL

Total GCMS tar

8145

5829

56
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Table 8
Operating data of the WGS pilot plant with product gas extracted after the RME gas
scrubber. The GHSV is given for one reactor (reactor A). The STDGR and the STCR are
given for reactor A. XCO is given for reactor A and the whole WGS pilot plant.
GHSV
h

STDGR

1

394

STCR

XCO(reactor A)

XCO(overall)

e

e

%

%

1.2

2.0

83

91

500
RA

RB

RC

Temperature in °C

450

400

350

300
0

0.1

0.2

0.3

0.4

Catalyst bed height in m
Fig. 7. Average temperature proﬁles of reactors A, B, and C during the operation with
product gas extracted after the RME gas scrubber.

the RME scrubber. Nevertheless, the operating parameters were not
exactly the same as during the operation with product gas extracted before the RME scrubber (see Table 3).
The reason for the different operating conditions was the low
steam content in the product gas which was extracted after the
RME scrubber. Due to this low steam content, the steam addition
system of the WGS pilot plant already worked at its maximum load
and no higher STDGR and STCR could be achieved (see Table 8).
During these 100 h of operation, an overall CO conversion of 91%
was achieved.
Fig. 7 shows the average temperature proﬁles along reactors A,
B, and C during the operation with product gas extracted after the
RME gas scrubber.
It shows nearly the same result as already observed during the
test with product gas extracted before the RME gas scrubber.
Table 9 shows the volumetric concentrations of the main gas
components at the inlet and outlet of all three reactors during the

WGS inlet
Outlet A
Outlet B
Outlet C

4. Conclusion

4H2

4CO

4CO2

4CH4

%

%

%

%

During both 100 h of operation, one with product gas extracted
before and the other with product gas extracted after the RME gas
scrubber, no signiﬁcant differences regarding the performance of
the WGS pilot plant could be observed.
In both cases, an overall CO conversion of more than 91% and a
speciﬁc H2 production of 63 g H2 per kg biomass (d.a.f.) was achieved. According to Ref. [14], this equals about 38% of the theoretical
maximum of 165 g H2 per kg biomass (d.a.f.). Consequently, the
volumetric CO concentration of the product gas could be lowered to
less than 2% (d.b.) at the outlet of the WGS pilot plant which is also
in the same range of industrial high temperature WGS units
(compare [1]).
In contrast to these results, [11] and [12] achieved a speciﬁc H2
production of 140 g H2 per kg biomass (d.a.f.) which can be dedicated to the additional steam reformer and the low temperature
WGS reactor. In Ref. [14], 62e128 g H2 per kg biomass (d.a.f.) were
achieved in a bench scale ﬂuidized bed gasiﬁer at varying operating
conditions and without a WGS unit. In Ref. [13], a volumetric CO
concentration of less than 2.5% (d.b.) and a CO conversion of 93%
were reached, using synthetic gas mixtures, simulating synthesis

23.3 ± 0.9
3.4 ± 0.3
2.2 ± 0.1
1.8 ± 0.1

22.7
35.1
36.0
36.3

10.0 ± 0.4
8.6 ± 0.3
8.5 ± 0.3
8.4 ± 0.3

Table 10
Concentrations (d.b.) of the sulfur components during the 100 h of operation with
product gas extracted after the RME gas scrubber (DL ¼ 0.3 cm3∙m3).

Table 9
Concentrations (d.b.) of the main gas components during the operation with product
gas extracted after the RME gas scrubber (DL ¼ 2 ccm3∙m3).

WGS inlet
Outlet A
Outlet B
Outlet C

100 h of operation with product gas extracted after the RME gas
scrubber. Again, it can be seen that the CHP plant in Oberwart
provided product gas with a steady composition during these 100 h
of operation of the WGS pilot plant and that the CO content in the
product gas decreased signiﬁcantly.
In addition, Table 9, again, indicates that an volumetric H2
concentration of about 50% was reached at the outlet of the WGS
pilot plant. Also the same speciﬁc H2 production of about
63 g H2 per kg biomass was obtained on a d.a.f. biomass basis with
product gas extracted after the RME scrubber.
Table 10 shows the volumetric concentrations of the sulfur
components during the operation with product gas extracted after
the RME gas scrubber.
In contrast to the operation with product gas extracted before
the RME gas scrubber, the H2S content decreased. Before the
operation with product gas extracted after the RME gas scrubber,
the WGS pilot plant was ﬂushed with steam and nitrogen. As soon
as the operation with the product gas started, FeS could have been
formed from Fe3O4 which could be the reason for the H2S decrease
(compare [8]).
During the 100 h of operation with product gas extracted after
the RME gas scrubber, no tar and NH3 samples were taken. Refs. [8].
and [18] provide the data of the tar and NH3 samples which were
taken during a previous operation of the WGS pilot plant with
product gas extracted after the RME gas scrubber.
According to the achieved results with the relatively low GHSV,
future work should test the long term stability of the Fe/Cr based
catalyst during operation with tar-rich product gas extracted before
the RME gas scrubber. Therefore, a long operating time (preferable
more than 1000 h) should be chosen in order to compensate for the
relatively low GHSV.

38.2
48.5
48.9
49.2

±
±
±
±
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0.9
0.9
0.9

±
±
±
±

0.7
0.4
0.3
0.3
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%

%
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BDL
BDL
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5.6
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±
±
±
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0.3
0.3
0.2
0.2
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2.2
2.1
2.1

±
±
±
±

0.3
0.2
0.2
0.2

0.30
0.03
0.03
0.03

±
±
±
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0.04
0.01
0.01
0.01

WGS inlet
Outlet A
Outlet B
Outlet C

91
79
59
44

13
12
13
9

±
±
±
±

1.6
1.0
0.9
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gas from pressurized oxygen gasiﬁcation, and a high temperature
WGS unit. In Ref. [15], with model biogas, a steam reformer, and a
two-stage WGS reactor, a volumetric H2 concentration of 68% and
CO conversion of 99% were achieved. In Ref. [17], a H2 conversion of
38% was reached with supercritical water gasiﬁcation of biomass.
During the 100 h of operation with product gas extracted before
the RME gas scrubber, the WGS pilot plant operated ﬂawlessly.
With the presented experimental layout and the operating conditions of the WGS pilot plant which were signiﬁcantly inﬂuenced by
the CHP plant operating conditions, the Fe/Cr based catalyst
(ShiftMax® 120) showed no performance decrease caused by the
higher tar and NH3 content in the product gas extracted before the
RME gas scrubber. This is an important as well as encouraging
result for future applications.
The two different product gas qualities (extracted before and
after the RME gas scrubber) showed no difference regarding the
performance of the WGS pilot plant.
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scrubber of the gasification plant. The extracted product gas had a temperature of about 150


C and a GCMS tar content between 2.7 and 8.2 g m3 (d.b.). In order to investigate the stability

Keywords:

of the catalyst and to observe the performance of the WGS pilot plant, extensive chemical

Biomass

analyses were carried out: CO, CO2, CH4, N2, O2, C2H6, C2H4, C2H2, H2S, COS, and C4H4S were

Dual fluidized bed

measured. In addition, GCMS tar and NH3 analyses were performed. Furthermore, the cata-

Steam gasification

lyst's activity was observed by measuring the temperature profiles along the reactors of the

Water gas shift

three stage WGS pilot plant. During the about 2250 h of operation, no significant catalyst

Hydrogen

deactivation could be observed. A CO conversion of up to 92% as well as a GCMS tar reduction
along the WGS pilot plant was obtained. The results showed that the application of a commercial Fe/Cr based catalyst in a WGS unit seems to be a suitable way for increasing the
hydrogen content in a product gas generated by dual fluidized bed biomass steam gasification.
Furthermore, with such a technique, it is possible to optimally adjust the required CO/H2 ratio
for several synthesis reactions, for example, methanation and Fischer-Tropsch synthesis.
Copyright © 2016, Hydrogen Energy Publications, LLC. Published by Elsevier Ltd. All rights
reserved.

Introduction
Biomass is one of the most promising renewable resources.
Besides its use as solid fuel for heating and combustion applications, it can be converted to gaseous and liquid fuels via

gasification. Therefore, biomass is seen as a promising
resource for the renewable production of different energy
carriers and chemical products. One of these products, which
is mostly needed by the chemical industry, is hydrogen [1e3].
A promising technology for biomass gasification is steam
gasification, especially, the dual fluidized bed (DFB) process [4,5].
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The commercial biomass steam gasification plants in Guessing
and Oberwart have been using this technology for several years.
Both plants generate a product gas from wood chips with an
volumetric H2 content of about 40%. The volumetric concentrations of the other main gas components are about 25% CO,
20% CO2, and 10% CH4 (all d.b.). In addition, the product gas
contains small amounts of N2, O2, higher hydrocarbons, and a
volumetric concentration of about 100 cm3 m3 H2S and minor
amounts of other sulfur components. The typical volumetric
H2O content of the product gas is between 30 and 40%.
The high volumetric H2 content makes this product gas a
promising CO2 neutral H2 source. A process which can further
increase the hydrogen content in the product gas is the water
gas shift (WGS) reaction (see Equation (1)).
CO þ H2 O#H2 þ CO2

1

DH ¼ 41:1 kJ$mol

(1)

It converts carbon monoxide and steam to hydrogen and
carbon dioxide. At the industrial scale, a WGS unit usually
consists of a high temperature stage and a low temperature
stage. In order to reach economic reaction rates, catalysts are
necessary. A suitable catalyst for the high temperature stage is
an Fe/Cr based catalyst. The high temperature stage operates
adiabatically with a gas inlet temperature of 350e550  C and
space velocities from 400 to 1200 h1. The operating pressure
depends on the plant requirements [6]. Fe/Cr based catalysts
seem to be robust against sulfur poisoning at the amounts of
H2S which are observed in the product gas of biomass steam
gasification [7,8]. Catalysts for the low temperature stage (about
200  C) are Co/Mo or Cu/Zn based catalysts. The Co/Mo catalyst
is resistant to the presence of sulfur components but the
amount of H2S in the product gas of biomass steam gasification

is too low for the Co/Mo catalyst to reach a high level of activity.
In contrast, Cu/Zn catalysts are sensitive to sulfur poisoning [6].
For this research, a WGS pilot plant employing a commercial
Fe/Cr based catalyst was operated with tar-rich product gas
from the industrial scale and commercial biomass steam gasification plant in Oberwart, Austria. The WGS pilot plant was
continuously operated for about 2250 h. Some authors ([8e10])
showed that an operation with product gas with a low tar content is possible. In addition, Kraussler et al. ([11]) showed that a
short term operation with tar-rich product gas for about 100 h is
possible. This paper investigates the long term performance of
the WGS pilot plant which processed tar-rich product gas
extracted before a rapeseed methyl ester (RME) gas scrubber.

Materials and methods
The experimental work was carried out at the site of the biomass
steam gasification plant in Oberwart, Austria, where the WGS
pilot plant is located. The pilot plant consists of three reactors in
series which employ an Fe/Cr based catalyst. The gas compositions and the steam contents were measured before and after
each reactor. GCMS tar and NH3 analyses were performed by the
Test Laboratory for Combustion Systems at the TU Wien. The
temperature profile along each reactor was recorded. This
allowed judging the activity of the Fe/Cr based catalyst.

The biomass steam gasification plant in Oberwart
The WGS pilot plant processed product gas from the combined
heat and power (CHP) plant in Oberwart. Fig. 1 shows a
simplified flowchart of the process employed.

To WGS pilot plant

RME gas
scrubber

Bag house
filter

Gas engines
Product gas blower

Product gas
recirculation
blower

G

Fly coke
Product gas
cooler

Steam
generator

Scrubbing fluid
container
Condensate

Product gas

Flue gas
Biomass dryer

Flue gas cooler

Cyclone

Biomass

Steam
superheater
Combustion zone

Gasifier

Screw conveyor

Mixed phase

Air
preheater

Flue gas
blower

Heat transfer
oil preheater

Stack

Coarse ash
Fly coke
Mixed phase
Ash

Coarse ash
District heat

Air

ORC
Combustion air blower
Superheated steam

Fig. 1 e Simplified flowchart of the CHP plant in Oberwart, Austria, showing the extraction point of the product gas for the
operation of the WGS pilot plant.
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The experimental work was carried out at a WGS pilot plant
located at the site of the CHP plant in Oberwart. Fig. 2 shows a
simplified flowchart of the WGS pilot plant.
The WGS pilot plant consists of three fixed bed reactors (A,
B, and C) in series filled with a commercial Fe/Cr based

Shifted gas to gasification plant
To analytics

TC0 to TC6

The water gas shift pilot plant

catalyst (ShiftMax® 120). Each catalyst bed had a diameter of
about 9 cm and a bed height of about 40 cm resulting in an Fe/
Cr based catalyst volume of about 2.5 dm3 for each reactor.
The catalyst was used in its original size. Discs with a diameter of about 6 mm and a height of about 3 mm. The bulk
density was 1.24 kg dm3.
Along the reactor height of each reactor, seven type J
thermocouples (TA0 to TA6, TB0 to TB6, and TC0 to TC6) were
installed in order to record the temperature profile along the
reactors. At the inlet and outlet of the reactors A and B, the gas
stream could be heated or cooled in order to achieve the
desired gas inlet temperature.
Before and after each reactor, a partial flow of the processed gas was sent to the analytical line where the gas
composition measurements, water measurements, GCMS tar
samplings, and NH3 samplings were done.
At the inlet of the first reactor, the product gas was
mixed with steam to assure a high steam content in the
processed gas along the WGS pilot plant. Due to the lack of
experience with the tar-rich product gas, the maximum
load for the steam addition was chosen aiming the protection of the Fe/Cr based catalyst from coking and carbon
deposition.
The WGS pilot plant was operated at ambient pressure.

Units

8.7
4.0
2.8

MW
MW
MW

TA0 to TA6

Fuel power
District heat power
Electrical power

Value

Reactor B

To analytics

Table 1 e Main operating parameters of the CHP plant in
Oberwart, Austria [8].
Parameter

Reactor C

To analytics

TB0 to TB6

The plant is based on the dual fluidized bed (DFB) steam
gasification technology described in detail in [4,5]. The CHP
plant generates district heat and electricity with biomass
(woodchips) as feedstock. Table 1 shows the main operating
parameters of the CHP plant.
Biomass is fed into the biomass dryer. Afterwards, a
screw conveyor transports the biomass into the gasifier. In
the gasifier, the biomass is in contact with steam (steam to
fuel ratio, d.a.f., of about 0.5) and the bed material (olivine)
at about 850  C. The resulting product gas has a high volumetric hydrogen content (about 40%, d.b.), a lower heating
value of about 14 MJ m3 [12], and a dust content of about
50 g m3. In the following process steps, the product gas is
cooled and passes through a bag house filter. The bag house
filter shows a particle separation efficiency of more than
99%. Therefore, a dust free product gas can be assumed after
the filter [13]. Furthermore, in the following RME gas
scrubber, tar, NH3, and other condensible fractions of the
product gas are removed before the product gas is fed into
the gas engines for electricity generation. Heat from the flue
gas line is mainly recovered for the process and for district
heating. Fly ash is removed before the flue gas is released
into the atmosphere.
It is possible to extract a partial flow of the product gas for
experimental work from the extraction point located before
the RME gas scrubber (see Fig. 1). Table 2 shows the conditions
at this extraction point.
The tar content of the gas before the RME gas scrubber is
much higher than after the RME gas scrubber, which is a
challenge for the reliable operation of the WGS pilot plant. A
detailed description of the process and the CHP plant can be
found in [4,8,12,14].

Reactor A

To analytics

Table 2 e Operating conditions at the extraction point
(see Fig. 1) at the CHP plant in Oberwart, Austria, at full
load operation of the CHP plant.
Parameter

Value

Units

Temperature
Volumetric H2O content
GCMS tar content

z150
30e40
2.7e8.2


C
%
g m3

Additional steam
To analytics
Tar-rich product gas from
the gasification plant

Fig. 2 e Simplified flowchart of the WGS pilot plant located
at the site of the CHP plant in Oberwart.
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Temperature measurement along the water gas shift
reactors
Fig. 2 also shows the positions of the thermocouples (type J)
along the studied WGS reactors. Thermocouple T0 was positioned before the catalyst bed. Therefore, it was not in the
reactive zone. T1 to T5 were positioned along the catalyst bed
at a distance of 10 cm from each other. T1 was positioned
directly at the beginning of the catalyst bed and T5 was
positioned directly at the end of the catalyst bed. T6 was
outside the catalyst bed. This arrangement was the same in
each of the three reactors. A LabVIEW™ program recorded the
temperature profiles during the about 2250 h of operation.

Measurement of the volumetric gas composition
A gas chromatograph (GC, Clarus 500™ from Perkin Elmer)
measured the volumetric gas composition before and after
each WGS reactor. Fig. 3 shows the setup of the gas conditioning for the gas chromatograph.

Gas stream from
WGS reactor

FR

Gas stream
to GC

The sample gas stream was led through two gas washing
bottles filled with ethylene glycol at a temperature of about
5  C in order to condense the steam. Therefore, a dry gas
stream could be assumed after having passed through the two
gas washing bottles. The dry gas stream passed through
another gas washing bottle filled with glass wool in order to
prevent aerosols from entering the GC. After passing through
the glass wool, a gas meter (FR) recorded the volumetric dry
gas flow.
In the GC, a thermal conductivity detector (TCD) enabled
the quantification of the CO, CO2, CH4, N2, O2, C2H6, C2H4, and
C2H2. The C2 species were summarized and are referred to as
C2Hy. The H2 content was determined via calculation. A flame
photometric detector (FPD) was used to detect the H2S, COS,
and C4H4S.

Measurement of the volumetric steam content in the gas
Fig. 3 also shows the flowchart for the gravimetric steam
content determination. The gas passed through the ethylene
glycol gas washing bottles at 5  C for a certain time where the
steam was condensed. Subsequently, the volumetric dry gas
flow was recorded with a gas meter (FR). By weighing the gas
washing bottles and calculations, the volumetric steam content before the steam addition, at the inlet, and at the outlet of
each reactor was determined.

Tar sampling method for the determination of the GCMS tar
concentration

Ethylene glycol in gas
washing bottles
at -5 °C

Glass wool

Fig. 3 e Sampling line for the gas composition analytics
before the gas chromatograph (GC).

During the experimental runs, GCMS tar measurements at the
inlet and outlet of the WGS pilot plant were performed.
Additional information about the method is available in [15].
Fig. 4 shows the principle of the tar sampling.
A sample flow of the product gas passed through five gas
washing bottles filled with 0.5 dm3 toluene in all, and one gas
washing bottle filled with glass wool in order to prevent
aerosols from entering the analytical gas pump. Tar has a
good solubility in toluene [15]. However, toluene as a solvent
did not allow the determination of the concentration of

FR
From WGS reactor

To gas pump

0.1 dm3 toluene
at 0 °C in each gas washing bottle

0.1 dm3 toluene
at -8 °C in each gas washing bottle

Fig. 4 e Flowchart of the tar sampling line.

Glass wool
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benzene, toluene, ethylbenzene, and xylenes (BTEX). The
first three gas washing bottles were cooled to about 0  C.
Consequently, the tar was dissolved and the steam
condensed. The next two gas washing bottles were cooled to
8  C in order to make sure that all other remaining tar
components were finally dissolved in the toluene. The gas
passed the sampling line for about 3 h. In addition, the
volumetric dry gas flow was recorded by a gas meter (FR).
The dry gas sampling flow rate was set between 2.0 and
2.5 dm3 min1.
After the sampling, the content of the five gas washing
bottles filled with toluene was mixed. The samples were
handed over to the Test Laboratory for Combustion Systems at
the TU Wien. The test laboratory determined the amount of
the GCMS tar components.
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Fig. 6 e Balance for the determination of the volumetric flow
rates along the WGS pilot plant before the first WGS reactor.

The overall volumetric balance and the water balance can
be seen in Equations (2) and (3).

NH3 sampling method
The NH3 sampling was carried out according to the instructions of the Test Laboratory for Combustion Systems at
the TU Wien. Fig. 5 shows the principle.
A sample flow of the processed gas at the inlet and outlet of
the WGS pilot plant was led through the NH3 sampling line.
The gas passed through two gas washing bottles filled with
overall 0.2 dm3 of 0.05 mol dm3 sulfuric acid. The sampling
time for one sample was about 15 min. The volumetric dry gas
flow was recorded by a gas meter (FR). The dry gas sampling
flow rate was set to about 0.6 dm3 min1.
After the sampling, the content of the two gas washing
bottles was mixed and the sample volume was filled up to a
certain volume with sulfuric acid. The sample was handed
over to the Test Laboratory for Combustion Systems at the TU
Wien where the volumetric NH3 concentration was determined with column chromatography.

V_ Wet;Out ¼ V_ Wet;In þ V_ H2 O; Add

(2)

V_ Wet;Out $4H2 O;Out ¼ V_ Wet;In $4H2 O;In þ V_ H2 O; Add
|ﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ{zﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ}

(3)

V_H2 O

The steam contents (4H2 O;In and 4H2 O;Out ) as well as the
steam addition (V_ H2 O; Add ) were determined. Consequently, the
overall volumetric flow rate before the steam addition (V_ Wet;In )
was calculated according to Equation (4) where V_ H2 O; Add was
the controlled and, therefore, known amount of steam which
was added to the processed gas, 4H2 O;In the steam content
before the steam addition, and 4H2 O;Out the steam content after
the steam addition.
V_ H2 O;Add $4H2 O;Out  V_ H2 O;Add


V_ Wet;In ¼
4H2 O;In  4H2 O;Out

(4)

In general, the volumetric dry gas flow rate along before the
first WGS reactor was calculated using Equation (5).

Determination of the volumetric flow rates along the water
gas shift pilot plant
The volumetric flow rates along the WGS pilot plant were
determined by the water balance before the first WGS reactor
according to Fig. 6.

From WGS reactor

FR



V_ Dry;In ¼ V_ Wet;In $ 1  4H2 O;In

All gas volumes and volumetric flow rates in this work are
given at standard temperature and pressure (STP, 273.15 K and
101325 Pa).

Characteristic figures of the water gas shift pilot plant
To gas
pump

The WGS pilot plant and its reactors were described by characteristic figures. The first figure (Equation (6)) is the gas
hourly space velocity (GHSV). It was calculated as the ratio of
the volumetric dry gas flow rate at the inlet of the first reactor
to the catalyst volume of the first reactor. It indicates the
stress of the catalyst.
GHSV ¼

0.1 dm3 of 0.05 mol·dm-3 H2SO4
at 0 °C in each gas washing bottle

(5)

Glass wool

Fig. 5 e Flowchart of the NH3 sampling line.

V_ Dry;In
VCatalyst

(6)

The second figure (Equation (7)) is the steam to dry gas
ratio (STDGR). This figure was calculated as the ratio of the
volumetric steam flow rate after the steam addition to the
volumetric dry gas flow rate of the feed of the WGS pilot
plant.
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STDGR ¼

Concentration profiles along the water gas shift pilot plant

V_ H2 O
V_ Dry;In

(7)

The third figure (Equation (8)) is the steam to carbon ratio
(STCR). This figure was calculated as the ratio of the volumetric steam flow rate after the steam addition to the volumetric flow rate of all gas components which included at least
one carbon atom. The value of the STCR must not be too low in
order to avoid coking and carbon deposition on the surface of
the catalyst.
STCR ¼

V_ H2 O


V_ Dry;In $ 4CO þ 4CO2 þ 4CH4 þ 2$4C2 Hy

(8)

Another typical figure of the WGS pilot plant is the CO
conversion in Equation (9).
XCO ¼

V_ Dry;In $4CO;In  V_ Dry;Out $4CO;Out
V_ Dry;In $4CO;In

(9)

It was calculated with the CO concentrations and the
volumetric dry gas flow rates at the inlet and the outlet of the
reactors of the WGS pilot plant.
All four figures describe the conditions along the WGS
pilot plant. The GHSV, the STDGR, and the STCR were
calculated before the first reactor of the WGS pilot plant. The
CO conversion was calculated for the whole pilot plant as
well as for every single reactor. In addition, those figures
make different WGS units, respectively, WGS reactors
comparable.

Results and discussion
This section presents the results which were gathered during
the about 2250 h of operation of the WGS pilot plant with tarrich product gas from the biomass steam gasification plant in
Oberwart.

Operating conditions of the water gas shift pilot plant
Table 3 shows the operating conditions during the about
2250 h of operation of the WGS pilot plant with tar-rich
product gas extracted before the RME gas scrubber of the
CHP plant in Oberwart.
The GHSV is given for the first reactor as well as the STDGR
and the STCR which were chosen in order to protect the
catalyst from coking and carbon deposits. During the whole
operating time, an average CO conversion of 92% was reached
for the whole WGS pilot plant. The WGS pilot plant was
operated at ambient pressure.

Table 3 e Operating parameters of the WGS pilot plant
during the about 2250 h of operation with tar-rich product
gas. The parameters are given for the first reactor of the
WGS pilot plant.
GHSV
h1
479

STDGR
e

STCR
e

Overall XCO
%

1.6

2.6

92

Fig. 7 shows the concentration profiles of the main components during the whole operating time at the inlet of the WGS
pilot plant, respectively, at the inlet of reactor A, after reactor
A, after reactor B, and after reactor C which is the outlet of the
WGS pilot plant.
It can be seen (Fig. 7-I) that the gasification process of the
CHP plant provided a constant product gas quality during the
whole operating time. Between the operating hours 1150 and
1450, the CHP plant operated at partial load with only one of
the two gas engines due to a technical problem. The partial
load operation of the CHP plant resulted in a higher steam to
fuel ratio in the gasifier and, therefore, in a higher CO2 and
lower CO content in the product gas (see Fig. 7-I and compare
[16]). The CH4 concentration decreased due to the higher
volumetric dry gas flow rate after reactor A. Along the whole
WGS pilot plant, the volumetric dry gas flow rate increased by
a factor of about 1.2. The CO mostly reacted in the first of the
three reactors (reactor A) of the WGS pilot plant. The volumetric CO content could be lowered to below 5% after reactor
A and below 2% after reactor C.
Fig. 8 shows the concentration profiles of the sulfur components during the whole operation time at the inlet of the
WGS pilot plant, respectively, at the inlet of reactor A, after
reactor A, after reactor B, and after reactor C which is the
outlet of the WGS pilot plant.
The concentration profiles of the sulfur components at the
inlet of the WGS pilot plant was also very stable (see Fig. 8-I).
The relatively low sulfur content makes the product gas of the
DFB biomass steam gasification suitable for the Fe/Cr based
catalyst. Fig. 8 also shows that the COS content decreased to
below the detection limit in reactor A. The H2S and C4H4S
concentrations remained constant after reactor A.
Table 4 shows the concentrations of all the measured main
components along the WGS pilot plant during the about
2250 h of operation. It shows that the concentration of the
reactive components (CO, CO2, and H2) changed significantly
along the WGS pilot plant. The non-reactive components (CH4,
C2Hy, N2, and O2) were lowered due to the dilution effect
caused by the higher volumetric dry gas flow rate after a WGS
reactor.
With a product gas output of about 1.18 m3 h1 (d.b.) per kg
biomass (dry and ash free, see [17]) and the higher volumetric
dry gas flow rate (by a factor of 1.2), a specific H2 production of
about 64 g H2 per kg biomass was achieved.
Table 5 shows the concentrations of all measured sulfur
components along the WGS pilot plant during the about
2250 h of operation.
The concentration of COS significantly decreased along
the WGS pilot plant. H2S and C4H4S were not affected by the
dilution effect due to the higher volumetric dry gas flow
rate. Consequently, it can be assumed that COS reacted to
H2S and C4H4S or other non-detected sulfur components.
Twigg reports (see [7]) that Fe/Cr based catalysts also catalyze the conversion of COS to H2S according to Equation
(10).
COS þ H2 O#H2 S þ CO2

1

DH ¼ 34:6 kJ$mol

(10)
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Fig. 7 e Concentration profiles of the main gas components of the product gas during the about 2250 h of operation at the
inlet of the WGS pilot plant (I), after reactor A (II), after reactor B (III), and after reactor C (IV) (DL ¼ 2 cm3 m¡3).

Steam content of the processed gas during the about 2250 h
of operation
Fig. 9 shows the steam content of the product gas along the
WGS pilot plant. The steam content was determined with the
method described in Section 2.5.
Over the whole operating time, the steam content could be
kept at a nearly constant level. This was very important in
order to protect the commercial Fe/Cr based catalyst from
coking and carbon deposition (compare [8]).

CO conversion during the about 2250 h of operation
Fig. 10 shows the concentration of the reactive WGS species
along the WGS pilot plant over the whole operating time. It

shows that the CO content significantly decreased in reactor
A. In reactors B and C, less WGS reaction occurred because of
the
unfavorable
temperature
for
the
equilibrium
composition.
Therefore, reactor A showed the highest CO conversion of
about 81% and reactors B and C a relatively low CO conversion
of about 43%, respectively, 29% (see Fig. 11). The overall CO
conversion was 92% (see Table 3).

Temperature profiles along the water gas shift reactors
The inlet temperature of each of the three WGS reactors was
set to about 350  C because earlier research showed that this
temperature is a good compromise between the reaction rate
and the equilibrium composition (see [8,10,11]).
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Fig. 8 e Concentration profiles of the sulfur components of the product gas during the about 2250 h of operation at the inlet
of the WGS pilot plant (I), after reactor A (II), after reactor B (III), and after reactor C (IV) (DL ¼ 0.3 cm3 m¡3).

Fig. 12 shows the temperature profiles along reactors A, B,
and C.
The temperature in reactor A increased significantly due to
the exothermic WGS reaction. After the maximum

temperature was reached and nearly no further reaction could
take place, the temperature decreased because the equilibrium composition was reached. In addition, after thermocouple TA5, the temperature decreased because of heat losses.

Table 4 e Concentrations (d.b.) of the main gas components of the processed gas along the WGS pilot plant during the about
2250 h of operation (DL ¼ 2 cm3 m¡3).
4H2
%
Inlet
Outlet A
Outlet B
Outlet C

38.6
49.1
49.7
50.2

± 1.5
± 1.3
± 1.3
± 1.3

4CO
%
24.9
4.1
2.3
1.6

± 1.3
± 0.7
± 0.2
± 0.2

4CO2
%
22.3
34.9
36.3
36.6

± 1.2
± 1.0
± 0.8
± 0.8

4CH4
%
10.1
8.6
8.4
8.3

± 0.6
± 0.5
± 0.5
± 0.5

4C2 Hy
%
2.7
2.1
2.1
2.1

± 0.3
± 0.2
± 0.2
± 0.2

4N2
%
1.4
1.1
1.1
1.1

± 0.6
± 0.4
± 0.6
± 0.5

4O2
%
0.08
0.03
0.03
0.03

± 0.04
± 0.02
± 0.01
± 0.02

6255

i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n e n e r g y 4 1 ( 2 0 1 6 ) 6 2 4 7 e6 2 5 8

Table 5 e Concentrations (d.b.) of the sulfur gas
components of the processed gas along the WGS pilot
plant during the about 2250 h of operation
(DL ¼ 0.3 cm3 m¡3).
4H2 S
cm3 m3
Inlet
Outlet A
Outlet B
Outlet C

93.5
94.6
93.0
90.9

± 16.9
± 16.0
± 15.6
± 16.5

4COS
cm3 m3
3.2 ± 1.2
BDL
BDL
BDL

4C4 H4 S
cm3 m3
5.8
5.1
5.1
5.2

± 1.9
± 1.6
± 1.6
± 1.7

The temperature profile had a high standard deviation. This
was caused by the oscillating operating conditions of the CHP
plant, especially the differing amounts of steam content in the
processed gas caused by the differing fractions of biomass
wood chips with varying water content.
Fig. 12 also indicates that the inlet temperature of about
350  C at the inlet of reactors B and C was unfavorable for the
equilibrium composition. Consequently, nearly no WGS reaction occurred. Therefore, the heat losses were higher than
the temperature increase caused by the exothermic WGS
reaction.
Furthermore, the temperature profile in Fig. 13 indicates
that no significant deactivation of the commercial Fe/Cr based
catalyst occurred during the about 2250 h of operation of the
WGS pilot plant with tar-rich product gas.

GCMS tar measurements
During the about 2250 h of operation of the WGS pilot plant
with product gas extracted before the RME gas scrubber, four
GCMS tar measurements were performed (I to IV). Table 6
shows the results of all four GCMS tar measurements.
The table shows that the amount of GCMS tar significantly
decreased along the WGS pilot plant because the pilot plant
offered a reactive environment and additional residence time
for tar reduction.
It can be seen that the GCMS tar concentrations significantly decreased with increasing operating time. This could

Fig. 10 e Mean volumetric concentration profile of the
reactive species during the about 2250 h of operation along
the WGS pilot plant.

be explained by advancing formation of inorganic layer at the
surface of the bed material in the gasifier. Furthermore, this
layer formation advances with advancing residence time of
the bed material in the gasifier. These inorganic layers show
significant catalytic activity regarding tar reduction [17e20].
Further information regarding this matter can be found in
[21,22].

NH3 measurements
During the about 2250 h of operation of the WGS pilot plant
with product gas extracted before the RME gas scrubber, three
NH3 measurements were performed (I to III). Table 7 shows
the results of all three NH3 measurements.
The table shows that the NH3 content only decreased due
to the dilution effect caused by the higher volumetric dry gas
flow rate (by a factor of about 1.2) after the WGS pilot plant.

100
90

80

CO conversion in %

70
60
50
40

30
20
10
0

Reactor A

Fig. 9 e Steam content of the processed product gas during
the about 2250 h of operation along the WGS pilot plant.

Reactor B

Reactor C

Fig. 11 e CO conversion during the about 2250 h of
operation in every single reactor of the WGS pilot plant.
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Table 7 e Results of the NH3 measurements during the
about 2250 h of operation of the WGS pilot plant with tarrich product gas extracted before the RME gas scrubber
(d.b.). The measurements were single sample
measurements. Therefore, no standard deviation could
be calculated.
No.
e
I
II
III

WGS inlet
cm3 m3

WGS outlet
cm3 m3

Operating time
h

3395
1924
2383

2840
1460
1869

z1200
z1700
z2045

Conclusion and outlook

Fig. 12 e Average temperature profiles along reactors A, B,
and C during the about 2250 h of operation of the WGS pilot
plant.

Fig. 13 e Temperature profile along reactor A after 500,
1000, 1500, and 2000 h of operation with the tar-rich
product gas.

Table 6 e GCMS tar concentration (d.b.) at the inlet
(reactor A) and outlet (reactor C) of the WGS pilot plant
during the about 2250 h of operation with tar-rich product
gas extracted before the RME gas scrubber. The
measurements were single sample measurements.
Therefore, no standard deviation could be calculated.
In/out
e

GCMS tar
mg m3

Operating time
h

I
I

In
Out

8145
5829

z430
z433

II
II

In
Out

4710
3331

z1190
z1193

III
III

In
Out

2697
1873

z1710
z1713

IV
IV

In
Out

3762
2335

z2050
z2053

No.
e

In this paper, a long term operation performance of a WGS
pilot plant processing product gas from an industrial scale
DFB biomass steam gasification plant is investigated. The pilot
plant employed a commercial Fe/Cr based catalyst (ShiftMax®
120) and was operated for about 2250 h with tar-rich product
gas from the gasification plant.
During these 2250 h, a flawless operation of the WGS pilot
plant was demonstrated. The volumetric CO content in the
product gas was decreased to below 2%. Furthermore, a CO
conversion of 92% was obtained. In addition, a significant GCMS
tar reduction along the WGS pilot plant occurred. No catalyst
deactivation could be observed with the experimental layout
and equipment which was used during the experiments.
The results show that the application of a commercial Fe/
Cr based catalyst in a WGS unit is possible, even if tar-rich
product gas is processed.
Future research should focus on further observations on
possible catalyst deactivation during additional long term
experiments. In addition, process simplification by means of a
lower STDGR and STCR should be a goal for future research
activities.

Acknowledgments
This work was carried out within the framework of the Bioenergy2020þGmbH project “C20005016 Polygeneration III”.
Bioenergy2020þ GmbH is funded by the states Burgenland,
Niederoesterreich, Steiermark, and within the Austrian
COMET program which is managed by the Austria Research
Promoting Agency (FFG).
The authors want to thank the project partners Air Liquide,
Guessing Renewable Energy GmbH, and ISG Energy GmbH. In
addition, the plant operators of the CHP plant in Oberwart are
gratefully acknowledged.
The authors also thank Binder Industrieanlagenbau for
constructing the WGS pilot plant as well as the Clariant
company for providing the commercial Fe/Cr based catalyst
(ShiftMax®' 120).
Silvester Fail is thanked for the buildup, the startup, and
the optimization of the WGS pilot plant as well as for performing the first experimental runs.
The Test Laboratory for Combustion Systems at the TU
Wien is acknowledged for carrying out the GCMS tar and NH3
analyses.

i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n e n e r g y 4 1 ( 2 0 1 6 ) 6 2 4 7 e6 2 5 8

Abbreviations and acronyms
[3]

BDL
BTEX
CHP
d.a.f.
d.b.
DFB
DL
FPD
FR
GC
GCMS
ORC
RA
RB
RC
RME
STP
TA
TB
TC
TCD
WGS
Symbols
4CO,In
4CO,Out
4H2 O;In
4H2 O;Out
4i
GHSV
DH
STDGR
STCR
VCatalyst
V_ Dry;In
V_ Dry;Out
V_ H2 O;Add
V_ H O
2

V_ Wet;In
V_ Wet;Out
XCO

below detection limit
benzene, toluene, ethylbenzene, and xylenes
combined heat and power
dry and ash free
dry basis
dual fluidized bed
detection limit
flame photometric detector
flow record
gas chromatograph
gas chromatography mass spectroscopy
organic Rankine cycle
reactor A
reactor B
reactor C
rapeseed methyl ester
standard temperature and pressure (273.15 K and
101325 Pa)
thermocouple number along reactor A
thermocouple number along reactor B
thermocouple number along reactor C
thermal conductivity detector
water gas shift
volumetric CO fraction before a reactor in e
volumetric CO fraction after a reactor in e
volumetric steam fraction before steam addition in e
volumetric steam fraction after steam addition in e
volumetric fraction of component i in e
gas hourly space velocity before reactor A in h1
enthalpy of formation (at 298.15 K and 101325 Pa) in
kJ mol1
steam to dry gas ratio before reactor A in e
steam to carbon ratio before reactor A in e
catalyst volume in m3
volumetric dry gas flow rate before a reactor at STP in
m3 h1
volumetric dry gas flow rate after a reactor at STP in
m3 h1
steam addition at STP addition in m3 h1
volumetric steam flow rate at STP after the steam
addition in m3 h1
overall volumetric flow rate before steam addition at
STP in m3 h1
overall volumetric flow rate after steam addition at
STP in m3 h1
CO conversion in e
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Abstract In this paper, the behavior of gas chromatography
mass spectroscopy (GCMS) tar components in a three-stage
water gas shift (WGS) unit is discussed. The GCMS tar measurements were carried out during the long-term operation
(2250 h) of a WGS unit with tar-rich product gas from the
commercial biomass steam gasification plant in Oberwart,
Austria. In order to investigate the behavior of the GCMS
tar components, four tar measurements were performed during
the long-term operation of the WGS unit which employed a
commercial Fe/Cr-based catalyst. The tar-rich product gas was
extracted before reaching the scrubbing unit of the biomass
steam gasification plant, therefore, the extracted gas contained
a high amount of tar. In order to investigate the behavior of the
GCMS tar in the WGS unit, the GCMS tar concentrations
were determined at the inlet and the outlet of the WGS unit.
The samples were taken during full load operation and during
partial load operation of the WGS unit, respectively, the biomass steam gasification plant. In addition to the increase of the
volumetric hydrogen content from about 40 % (d.b.) to 50 %
(d.b.), the amount of GCMS tar was reduced (up to 38 %) as
the gas passed through the WGS unit. No catalyst deactivation
was observed. Furthermore, the efficiency of the hydrogen
increase or the GCMS tar reduction did not depend on
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whether the operation of the WGS unit, respectively, the gasification plant was at partial load or full load.
Keywords Biomass steam gasification . Dual fluidized bed .
Hydrogen . Product gas . Water gas shift . GCMS tar

Abbreviations
AC
Aromatic components
ANC
Aromatic nitrogen components
BDL
Below detection limit
BTEX Benzene, toluene, ethylbenzene, and xylene
CHP
Combined heat and power
d.b.
Dry basis
DFB
Dual fluidized bed
DL
Detection limit
FPD
Flame photometric detector
FR
Flow record
GC
Gas chromatograph
GCMS Gas chromatography mass spectroscopy
ORC
Organic Rankine cycle
PAH
Polycyclic aromatic hydrocarbons
RME
Rapeseed methyl ester
STP
Standard temperature and pressure
(273.15 K and 101325 Pa)
TA
Thermocouples along reactor A
TB
Thermocouples along reactor B
TC
Thermocouples along reactor C
TCD
Thermal conductivity detector
WGS
Water gas shift
Symbols
ϕi
Volumetric fraction of component i in GCMS tar concentration of component i
ci, Inlet
at the inlet of the WGS unit in mg m−3
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ci, Outlet
Δ
δ
ΔH
STDGR
STCR
VCatalyst
V̇ Dry
V̇ H2O
XCO
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GCMS tar concentration of component i at the
outlet of the WGS unit in mg m−3
Absolute change of the GCMS tar
concentration in mg m−3
Relative change of the GCMS tar
concentration in %
Enthalpy of formation (at 298.15 K and
101325 Pa) in kJ mol−1
Steam to dry gas ratio in –
Steam to carbon ratio in –
Catalyst volume in m3
Volumetric dry gas flow rate in m3 h−1
Volumetric dry gas flow rate in m3 h−1
CO conversion in –

measurements were performed. The WGS unit employed a
commercial Fe/Cr-based catalyst and was operated with tarrich product gas that was extracted before reaching the scrubbing unit of the commercial DFB biomass steam gasification
plant in Oberwart, Austria.
This paper discusses the effects of the WGS unit on the
GCMS tar components which were measured in the tar-rich
product gas from the commercial DFB biomass steam gasification plant. However, it should be pointed out that the WGS
unit was rather operated to increase the hydrogen content of
the product gas than to reduce the tar content. Consequently,
the observed tar reduction was a positive side effect.

2 Materials and methods
1 Introduction
The increasing CO2 emissions caused by increasing energy
consumption are one reason for global warming. In order to
stop this climate change, CO2 neutral alternatives for the energy supply need to be established. Beside wind, water, and
solar energy, biomass is a promising CO2 neutral energy
source which has been used for centuries and which is available all over the world.
Biomass gasification offers the possibility of the renewable
production of a wide range of products for chemical industry
and energy supply. Especially biomass steam gasification,
employing the dual fluidized bed (DFB) technology is a proven process. Various products from the biomass, for example,
electricity, heat, hydrogen, synthetic natural gas, FischerTropsch products, and alcohols (see [6, 20, 21, 23]) can be
produced.
The water gas shift (WGS) reaction (see Eq. 1) can be used
to adjust the H2/CO ratio in the generated product gas for
several of the above-mentioned synthesis reactions.

CO þ H 2 O⇌H 2 þ CO2

ΔH ¼ −41:1k Jmol−1

ð1Þ

An unwanted side product of the gasification process is tar.
According to [4], tar is a hydrocarbon-containing mixture
which can form deposits (ranging from liquid to highly viscous to solid) by a cooling of the gaseous phase down to the
ambient temperature.
The tar formation and reduction related to biomass gasification was extensively discussed by different authors, for example in [2, 3, 10, 12, 26].
During a long-term operation of a WGS unit (see [15]), gas
c hro ma to gr ap hy ma ss sp ec tr os co py (G CM S) ta r

The experimental work was carried out at the site of the DFB
biomass steam gasification plant in Oberwart, Austria, where
the WGS unit is located. The WGS unit consisted of three
reactors in series which employed a commercial Fe/Cr-based
catalyst. The GCMS tar samples were taken at the inlet and the
outlet of the WGS unit. The GCMS tar analyses were performed by the Test Laboratory for Combustion Systems at
the TU Wien. In addition, during the tar sampling, the temperature profile along each reactor was recorded and the gas
composition was determined.
2.1 The biomass steam gasification plant
The WGS unit processed product gas from the DFB biomass
steam gasification plant in Oberwart, Austria. This plant is a
combined heat and power (CHP) plant. Figure 1 shows a
simplified flowchart of the overall process.
The gasification plant is based on the DFB steam gasification technology described in detail in [7, 9]. The plant generates heat for the district and electricity with biomass
(woodchips) as feedstock. [5, 14] give a short overview of
the working principle of the process.
Biomass is fed into the biomass dryer and, subsequently, transported into the gasifier by a screw conveyor. In the gasifier which operates at ambient pressure, the
biomass reacts with steam and is in contact with the
catalytically active bed material (olivine) at about
850 °C resulting in a product gas with a high hydrogen
content (ϕH2 ≈ 40 % (d.b.)). Then, the product gas is
cooled and cleaned in a bag house filter and in an
Rapeseed methyl ester (RME) gas scrubber. In the
RME gas scrubber, tar, NH3, and other condensable fractions of the product gas are removed before the product
gas is fed into the gas engines for electricity generation.
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Heat from the flue gas line is mainly recovered for the
process and for district heating. Fly ash is removed before the flue gas is released into the atmosphere.
For the operation of the WGS unit, a partial flow of the
product gas was extracted before reaching the RME gas scrubber of the gasification plant (see Fig. 1). Table 1 shows the
conditions at this extraction point.
The overall tar content in the product gas which is
extracted before the RME gas scrubber is much higher
compared to a point after the RME gas scrubber. This is
a challenge for a reliable operation of the WGS unit. The
product gas composition at the extraction point can be
seen in Sect. 3.
2.2 The water gas shift unit
The experimental work was carried out with a WGS unit located at the site of the gasification plant in Oberwart. The
WGS unit employed a commercial Fe/Cr-based catalyst
(ShiftMax 120). Figure 2 shows a simplified flowchart of
the WGS unit.
The WGS unit consisted of three fixed bed reactors
(A, B, and C) in series filled with the Fe/Cr-based catalyst. Each catalyst bed had a diameter of about 9 cm and

Table 1 Operating conditions at the extraction point (see Fig. 1) of the
CHP plant in Oberwart, Austria, at full load operation [6]
Parameter

Before RME scrubber

Units

Temperature

≈ 150
≈ 35

°C
%

≈ 2700–8200

mg m−3

Volumetric H2O content
GCMS tar content

a bed height of about 40 cm, resulting in an Fe/Cr-based
catalyst volume of about 2.5 dm3 for each reactor.
Along the height of each reactor, seven type J thermocouples (TA0 to TA6, TB0 to TB6, and TC0 to TC6) were
installed in order to record the temperature profiles. At the
inlet and outlet of reactors A and B, the gas stream could be
heated or cooled in order to achieve the desired gas inlet temperatures of about 350 °C.
In addition to the steam which was already contained in the
product gas, more steam was added to the product gas before
the inlet of the WGS unit in order to avoid coking and carbon
deposition on the surface of the catalyst.
The WGS unit was operated at ambient pressure.
[14, 15] give a detailed description of the WGS unit.

To WGS unit

RME gas
scrubber

Bag house
filter

Gas engines
Product gas blower
Product gas
recirculation
blower

G

Fly coke
Product gas
cooler

Steam
generator

Scrubbing fluid
container
Condensate

Product gas

Flue gas
Biomass dryer

Flue gas cooler

Cyclone

Biomass

Steam
superheater
Combustion zone

Gasifier

Screw conveyor

Mixed phase

Air
preheater

Flue gas
blower

Heat transfer
oil preheater

Stack

Coarse ash
Fly coke
Mixed phase
Ash

Coarse ash
District heat

Air

ORC
Combustion air blower
Superheated steam

Fig. 1 Simplified flowchart of the gasification plant in Oberwart, Austria
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Shifted gas to gasification plant

TC0 to TC6

To analytics

Reactor C

TB0 to TB6

To analytics

In the GC, a thermal conductivity detector (TCD) enabled
the quantification of CO, CO2, CH4, N2, O2, C2H6, C2H4, and
C2H2. The C2 species were summarized and are referred to as
C2Hy. The H2 content was determined via calculation. A flame
photometric detector (FPD) was used to detect the H2S, COS,
and C4H4S content in the product gas.
The steam content of the processed gas was determined via
the water balance along the whole of its passage through the
WGS unit.
In addition, all gas volumes and volumetric gas flow rates
are given at standard temperature and pressure (STP, 273.15 K
and 101325 Pa).

Reactor B

2.4 Tar sampling and classification

TA0 to TA6

To analytics

Reactor A

To analytics
Additional steam
To analytics
Tar-rich product gas from
the gasification plant

Fig. 2 Simplified flowchart of the WGS unit located at the site of the
gasification plant in Oberwart, Austria

2.3 Measurement of the gas composition and the steam
content
A gas chromatograph (GC, Clarus 500 from Perkin Elmer)
measured the gas composition before and after the WGS unit.

During the experimental run of the WGS unit, tar samples from the inlet (reactor A) and outlet (reactor C) of
the WGS unit were taken. Additional information about
the method is available in [24, 25]. Figure 3 shows the
principle of the tar sampling, which is described in detail
in [15].
Toluene as solvent allowed the determination of the
GCMS tar concentration and the water content of the
extracted product gas at the same time. However, it did
not allow the detection of benzene, toluene, ethylbenzene, and xylenes (BTEX).
The samples were handed over to the Test Laboratory
for Combustion Systems at the TU Wien. The Test
Laboratory determined the concentrations of the GCMS
tar components.
Overall, according to the tar guideline (see [1]), tar can be
classified into gravimetric tar and GCMS tar. In addition, several additional classifications for biomass tar exists in literature ([16, 18, 19]). For example, the classification in primary,
secondary, and tertiary tar (see [18]). Another approach was
chosen by [8, 17]. These authors classified the tar based on the
molecular weight.
FR

From WGS reactor

0.1 dm3 toluene
at 0 °C in each gas washing bottle

Fig. 3 Flowchart of the tar sampling principle

To gas pump

0.1 dm3 toluene
at -8 °C in each gas washing bottle

Glass wool
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In this work, the tar is classified according to the molecular
weight and the chemical properties which strongly depend on
the functional groups of the components (compare [25]).
However, this work only considers GCMS tar components
which were categorized into groups as described in Table 2.
2.5 Characteristic figures
The operating conditions of the WGS unit were described by
the following three characteristic figures (see Eqs. 2, 3, and 4).
These figures were the gas hourly space velocity (GHSV), the
steam to dry gas ratio (STDGR), and the steam to carbon ratio
(STCR).

Table 3
Number

Overview of the GCMS tar samplings
Hours of operation

Load conditions
gasification plant

Load conditions
WGS unit

1st

≈ 430 h

Full

Full

2nd

≈ 1190 h

Partial

Full

3rd
4th

≈ 1710 h
≈ 2050 h

Full
Full

Partial
Full

before the WGS unit for all performed GCMS tar measurements. The results show the measured concentrations of the
GCMS tar components at the inlet and outlet of the WGS unit.

•

GHSV ¼

V Dry

ð2Þ

V Catalyst

3 Results and discussion

•

ST DGR ¼

V H2O

ð3Þ

•

V Dry
•

ST CR ¼

V H2O

•

V Dry  ϕCO þ ϕCO2 þ ϕCH4 þ ϕC2Hy



ð4Þ

The values of the GHSV, the STDGR, and the STCR were
calculated for the first reactor of the WGS unit and do not
consider the other two reactors.
Two figures were used in order to describe the behavior of
the GCMS tar components. They were calculated according to
Eqs. 5 and 6.
Δ ¼ ci;Outlet −ci;Inlet


ci;Outlet
 ð−1Þ  100%
δ ¼ 1−
ci;Inlet

ð5Þ
ð6Þ

A negative value of Δ or δ means a decrease of GCMS tar,
and a positive value means an increase of GCMS tar along the
WGS unit.
In addition, the dilution effect caused by the higher volumetric dry gas flow rate after the WGS unit has to be taken
into account. The volumetric dry gas flow rate after the WGS
unit is about 20 % higher than the volumetric dry gas flow rate
Table 2

Categorization of all detected GCMS tar components

Phenols
Furans
AC

Phenol
Benzofuran; dibenzofuran
Phenylacetylene; styrene; mesitylene; 1H-indene

ANC
Isoquinoline; indole; quinoline
Naphthalenes Naphthalene; 2-methylnaphthalene; 1-methylnaphthalene
PAH

Thiophenes

Biphenyl; acenaphthylene; acenaphthene; fluorene;
anthracene; phenanthrene; 4,5-methylphenanthrene;
fluoranthene; pyrene
1-benzothiophene

Based on [10, 11, 17, 24]

This section presents the results of four GCMS tar measurements which were carried out during a long-term
operation (2250 h) of the WGS unit with tar-rich product gas (see [15]).
For all four GCMS tar measurements, the GCMS tar content was within the typical order of magnitude for DFB biomass steam gasification systems (compare [25]).
3.1 Load conditions of the water gas shift unit
and the gasification plant during the GCMS tar samplings
Table 3 gives an overview of the load conditions of the gasification plant and the WGS unit during the four GCMS tar
samplings.
It can be seen that during the first and the fourth GCMS
tar sampling, both, the WGS and the gasification plant,
operated at full load. However, during the second sampling,
the gasification plant operated at partial load due to maintenance work which resulted in a higher steam to fuel ratio
in the gasifier of the gasification plant. During the third
sampling, the WGS unit operated at partial load due to a
problem with the membrane gas pump which extracted the
product gas from the gasification plant.
Table 4 Operating parameters of the WGS unit during the GCMS tar
samplings
Number

GHSV

STDGR

STCR

–

h−1

1st
2nd

495
445

–
1.6
1.9

–
2.7
3.2

3rd
4th

326
495

1.6
1.6

2.7
2.7

All parameters are given for the inlet, respectively, the first reactor of the
WGS unit
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1st

2nd
450
TA

400

Temperature in °C

Temperature in °C

450

350
TB

300

400

TA

350
TB

300

TC

250
0

1

2

3

4

5

6

0

1

2

3

4

5

Number of thermocouple

Number of thermocouple

3rd

4th

450

450

400

400

Temperature in °C

Temperature in °C

TC

250

TA

350
TB

300

TA

350
TB

300

TC

250

TC

250

0

1

2

3

4

5

6

6

0

Number of thermocouple

1

2

3

4

5

6

Number of thermocouple

Fig. 4 Temperature profiles along reactors A, B, and C during the first, second, third, and fourth GCMS tar sampling

3.2 Operating conditions of the water gas shift unit
during the GCMS tar samplings
Table 5 Volumetric concentrations (d.b.) of the main gas components
of the processed gas along the WGS unit (DL = 2 cm3 m−3)
ϕH2
%

ϕCO
%

ϕCO2
%

ϕCH4
%
10.5
8.7
10.4
8.7
9.5
7.8
9.9
8.0

1st Inlet
1st Outlet
2nd Inlet
2nd Outlet
3rd Inlet
3rd Outlet
4th Inlet
4th Outlet

38.9
50.0
37.3
46.0
39.8
51.4
38.6
51.2

25.4
1.7
23.0
1.5
25.3
1.5
25.9
1.8

20.7
36.5
24.1
37.7
21.1
36.2
21.1
36.3

1st Inlet
1st Outlet
2nd Inlet
2nd Outlet
3rd Inlet
3rd Outlet
4th Inlet
4th Outlet

ϕC2Hy
%
2.8
1.9
2.4
1.9
2.5
1.9
2.6
1.9

ϕN2
%
1.5
1.1
2.0
2.0
1.7
1.1
1.8
0.7

ϕO2
%
0.2
0.1
0.2
0.2
0.1
0.1
0.1
0.03

The measurement was a single sample measurement. Therefore, no standard deviation can be given

Table 4 shows the operating parameters of the WGS unit during the GCMS tar samplings.
During the first GCMS tar sampling, both the WGS
unit and the gasification plant operated at full load. It
Table 6 Volumetric concentrations (d.b.) of the sulfur gas components
of the processed gas in the WGS unit (DL = 0.3 cm 3∙m−3). The
measurement was a single sample measurement. Therefore, no standard
deviation can be given
ϕH2S
cm3 m−3

ϕCOS
cm3 m−3

ϕC4H4S
cm3 m−3

1st inlet

93.7

3.1

4.3

1st outlet
2nd inlet
2nd outlet

89.3
94.5
84.9

BDL
4.5
BDL

2.4
5.1
BDL

3rd inlet
3rd outlet
4th inlet
4th outlet

88.6
55.2
83.6
84.3

2.7
BDL
2.9
BDL

4.3
1.5
3.9
3.7
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Toluene
phase

Toluene
phase

Water
phase

Water
phase

During the second GCMS tar sampling, the temperature
maximum in reactor A was slightly lower which can be attributed to the lower CO content in the product gas because of the
partial load operation of the gasification plant.
During the third sampling, the temperature maximum in
reactor A was also lower and the temperature profiles in reactors B and C decreased even more compared to the other
GCMS tar samplings. This effect can be attributed to the overall lower volumetric product gas flow rate through the WGS
unit caused by the defect membrane gas pump.

3.4 Gas concentrations along the water gas shift unit
Fig. 5 Picture of a typical tar sample. Left before reaching the WGS unit.
Right after leaving the WGS unit. The upper phase is the toluene phase
with dissolved tar and the lower phase is the water phase

can be seen that the STDGR and the STCR are higher
during the second GCMS tar sampling because the gasification plant operated at partial load. During the third tar
sampling, the gasification plant operated at full load and
the WGS unit at partial load which is indicated by the
lower GHSV. During the fourth GCMS tar sampling, the
GHSV, STDGR, and STCR were at the same level as for
the first GCMS tar sampling.

Table 5 shows the volumetric concentrations of the measured
main gas components during the GCMS tar samplings.
Typical for the partial load operation of the gasification
plant was the higher CO2 content at the inlet of the WGS unit
compared to the full load operation of the gasification plant. In
this case, it was even higher than the CO content. This can be

1st Inlet
1st Outlet
2nd Inlet
2nd Outlet
3rd Inlet
3rd Outlet
4th Inlet
4th Outlet

Phenols

3.3 Temperature profiles along the water gas shift reactors
Furans

Figure 4 shows the temperature profiles along all three WGS
reactors during the GCMS tar samplings.
The temperature profiles indicate that most of the exothermic WGS reaction occurred in the first reactor (reactor A). In
reactors B and C, nearly no reaction occurred, therefore, the
temperature profile decreased along these two reactors due to
heat losses exceeding the temperature increase caused by the
exothermic reaction.

AC

ANC

Overall GCMS tar concentration in mg·m-3

9.E+03
In

8.E+03

Naphthalenes

7.E+03
6.E+03

Out
In

5.E+03
4.E+03

In

Out
In

3.E+03

Out

2.E+03

PAH
Out

1.E+03

Thiophenes

0.E+00
1

2

3

4

Number of GCMS tar measurement

Fig. 6 Overall GCMS tar concentration of all four GCMS tar
measurements during the operation of the WGS unit with tar-rich product
gas from the gasification plant in Oberwart

1.E+00

1.E+01

1.E+02

Concentraon in

1.E+03

1.E+04

mg·m-3

Fig. 7 Concentrations of the tar groups at the inlet and outlet of the WGS
unit. Results printed on logarithmic scale
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explained by the higher steam to fuel ratio in the gasifier
(compare [13]).
Table 6 shows the volumetric concentrations of the measured sulfur components.
It can be seen that the sulfur concentrations were
within the same order of magnitude during all GCMS
tar samplings. In addition, COS was most likely converted to H2S along the WGS unit (compare [22]).
3.5 GCMS tar measurements
Figure 5 shows typical GCMS tar samples taken before
reaching and after leaving the WGS unit.
The sample which was taken before reaching the WGS unit
can be seen on the left, and the sample which was taken after
leaving the WGS unit can be seen on the right. The upper
phase of a sample is the toluene phase with the dissolved tar
and the lower phase is the water phase. In the following, detailed results of all four GCMS tar measurements will be
presented.
Figure 6 summarizes the results of all four GCMS tar
measurements.

Table 7

It can be seen that the overall amount of GCMS tar was
reduced while passing through the WGS unit because the unit
offered a reactive environment with additional residence time.
Depending on the measurement, the overall amount of GCMS
tar was reduced by 28 to 38 %.
However, the figure also shows that the overall
amount of GCMS tar is different for every single measurement. During the first GCMS tar sampling, fresh
olivine was used as bed material in the gasifier. With
increasing residence time of the olivine in the gasifier, it
came to advancing layer formation on the surface of the
olivine. These layers improved the catalytic activity of
the olivine and, therefore, led to a lower overall tar
content in the product gas which was processed in the
WGS unit (compare [11]).
Figure 7 shows the amount of the different tar groups according to Table 2.
Based on these results, aromatic components (AC),
naphthalenes, and polyaromatic hydrocarbons (PAH)
were considered as the significant GCMS tar groups
because they were present in a much higher amount
than the other tar groups. This could be explained by

First GCMS tar measurement in mg m−3

Group

Component

Inlet

Outlet

Δ

δ

Phenols
Furans

Phenol
Benzofuran
Dibenzofuran
Phenylacetylene
Styrene
Mesitylene
1H-indene
Isoquinoline
Indole
Quinoline

2
2
48
47
272
BDL
376
1
BDL
6

BDL
BDL
36
BDL
32
BDL
109
BDL
BDL
4

−2
−2
−12
−47
−240

−100 %
−100 %
−25 %
−100 %
−88 %

−267
−1

−71 %
−100 %

−2

−33 %

Naphthalenes

Naphthalene
2-Methylnaphthalene
1-Methylnaphthalene

5804
57
34

4291
38
25

−1513
−19
−9

−26 %
−33 %
−26 %

PAH

Biphenyl
Acenaphthylene

57
835

44
47

−13
−788

−23 %
−94 %

Acenaphthene
Fluorene
Anthracene

24
71
375

506
56
467

+482
−15
+92

+2008 %
−21 %
+25 %

Phenanthrene
4,5-Methylphenanthrene
Fluoranthene
Pyrene

49
11
38
29

55
14
56
44

+6
+3
+18
+15

+12
+27
+47
+52

1-Benzothiophene
∑

7
8145

5
5829

−2
−2316

−29 %
−28 %

AC

ANC

Thiophenes
All

The measurement was a single sample measurement. Therefore, no standard deviation can be given (DL = 1 mg m−3 )

%
%
%
%
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Second GCMS tar measurement in mg m−3

Table 9

Group

Component

Inlet Outlet Δ

Phenols
Furans

Phenol
Benzofuran
Dibenzofuran

BDL BDL
BDL BDL
8
7

−1

−13 %

AC

Phenylacetylene
Styrene

25
166

−25
−128

−100 %
−77 %

Mesitylene
1H-indene

BDL BDL
138 65

−73

−53 %

Isoquinoline

BDL BDL

Indole
Quinoline

BDL BDL
1
BDL

−1

−100 %

3822 2870

−952

−25 %

2-Methylnaphthalene
1-Methylnaphthalene

26
18

21
15

−5
−3

−19 %
−17 %

Biphenyl
Acenaphthylene
Acenaphthene

24
233
37

21
6
190

−3
−228
+153

−13 %
−97 %
+414 %

Fluorene

9

6

−3

Anthracene
Phenanthrene

118
11

46
4

Thiophenes

4,5-Methylphenanthrene
Fluoranthene
Pyrene
1-Benzothiophene

4
33
30
7

2
18
17
5

All

∑

4710 3331

ANC

Naphthalenes Naphthalene

PAH

BDL
38

δ

Third GCMS tar measurement in mg m−3

Group

Component

Inlet Outlet Δ

Phenols
Furans

Phenol
Benzofuran
Dibenzofuran

2
2
5

2
2
5

AC

Phenylacetylene
Styrene

24
190

BDL
20

−24 −100 %
−170 −89 %

Mesitylene
1H-indene

1
165

7
47

+6
+600 %
−118 −72 %

Isoquinoline

BDL BDL

Indole
Quinoline

BDL BDL
1
1

ANC

δ

2060 1595

−465 −23 %

2-Methylnaphthalene
1-Methylnaphthalene

22
15

19
13

−3
−2

Biphenyl
Acenaphthylene
Acenaphthene

15
128
17

12
7
103

−3
−20 %
−121 −95 %
+86 +506 %

−33 %

Fluorene

5

5

−73
−7

−61 %
−64 %

Anthracene
Phenanthrene

19
4

15
3

−4
−1

−21 %
−25 %

−2
−15
−13
−2

−50
−45
−43
−29

Thiophenes

4,5-Methylphenanthrene
Fluoranthene
Pyrene
1-Benzothiophene

2
8
7
5

2
6
6
3

−2
−1
−2

−25 %
−14 %
−40 %

All

∑

2697 1873

%
%
%
%

−1379 −29 %

The measurement was a single sample measurement. Therefore, no standard deviation can be given (DL = 1 mg m−3 )

the fact that the furans (O), ANC (N), and thiophenes
(S) contained a heteroatom in the aromatic ring which
made them more reactive. In addition, the OH group of
the phenols enhances the reactivity. However, each single tar group decreased along the WGS unit. The decrease was based on two effects. First, the WGS reaction which lead to a higher volumetric dry gas flow rate
after the WGS unit. Therefore, the dry gas concentrations of all measured components, except hydrogen and
carbon dioxide, decreased. Second, the hydrogenation
and decomposition reactions involving tar components.
The content of the furans, naphthalenes, PAH, and thiophenes was most probably not significantly decreased
by chemical reaction. The decrease mainly occurred because of the about 20 % higher volumetric dry gas flow
rate after the WGS unit. The results regarding naphthalene were in agreement with the results gathered by
Devi et al. [4] who reported that an increasing amount
of H2 in the product gas leads to a decrease in naphthalene conversion.

Naphthalenes Naphthalene

PAH

−14 %
−13 %

−824 −31 %

The measurement was a single sample measurement. Therefore, no standard deviation can be given (DL = 1 mg m−3 )

In contrast, the concentration of the phenols, AC, and ANC
was most probably decreased by hydrogenation and decomposition reactions. The decrease caused by hydrogenation and
decomposition reactions significantly exceeded the decrease
caused by the higher volumetric dry gas flow rate after the
WGS unit.
Based on the detailed results (see Tables 7, 8, 9, and 10), it
can be seen that phenylacetylene, styrene, 1H-indene, naphthalene, and acenaphthylene were contained in a much higher
amount at the inlet of the WGS unit in all four GCMS tar
measurements.

4 Conclusion and outlook
The varying GCMS tar compositions at the inlet of the WGS
unit could be explained by the bed material used, which was
olivine. Fresh olivine has significantly less catalytic activity.
Therefore, the tar content with fresh olivine is much higher. In
contrast, used olivine has significantly higher catalytic activity
and, therefore, the tar content is significantly lower [11].
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Fourth GCMS tar measurement in mg m−3

Group

Component

Inlet Outlet Δ

Phenols
Furans

Phenol
Benzofuran
Dibenzofuran

BDL BDL
2
2
6
4

−2

−33 %

AC

Phenylacetylene
Styrene

25
253

BDL
31

−25
−222

−100 %
−88 %

Mesitylene
1H-indene

BDL BDL
220 39

−181

−82 %

Isoquinoline

BDL BDL

Indole
Quinoline

4
3

−4
−3

−100 %
−100 %

2925 2069

−856

−29 %

2-Methylnaphthalene
1-Methylnaphthalene

28
19

15
10

−13
−9

−46 %
−47 %

Biphenyl
Acenaphthylene
Acenaphthene

25
196
26

17
3
122

−8
−193
+96

−32 %
−98 %
+369 %

Fluorene

5

2

−3

−60 %

Anthracene
Phenanthrene

13
1

9
1

−4

−31 %

Thiophenes

4,5-Methylphenanthrene
Fluoranthene
Pyrene
1-Benzothiophene

BDL
3
3
5

BDL
4
4
3

+1
+1
−2

+33 %
+33 %
−40 %

All

∑

3762 2335

ANC

Naphthalenes Naphthalene

PAH

BDL
BDL

δ

−1427 −38 %

The measurement was a single sample measurement. Therefore, no standard deviation can be given (DL = 1 mg m−3 )

WGS unit is employed in the process in order to increase
the hydrogen content of the product gas.
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1

Introduction

Today, hydrogen is an important resource for a lot of applications in industry (Liu et al.,
2010). The production is mainly based on fossil feedstock. Against a background of
climate change, a CO2 neutral method for hydrogen production should be established
(Balat and Kirtay, 2010). Biomass steam gasification is a proven technology and a
promising CO2 neutral alternative to state of the art steam reforming processes which are
mainly used for hydrogen production (Mueller, 2013).
A well-established technology for biomass steam gasification is the dual fluidised bed
(DFB) process (Kaltschmitt et al., 2009; Proell et al., 2007). The commercial DFB
biomass steam gasification plants in Guessing and Oberwart have been using this
technology for several years. Both gasification plants generate a product gas with a
volumetric hydrogen content of about 38 % which makes this product gas a promising
CO2 neutral hydrogen source (Diaz, 2013). A process which can further increase the
H2 content in the product gas is the exothermic water gas shift (WGS) reaction [see
equation (1)].
CO + H 2 O ↔ CO2 + H 2

ΔH = −41.1 kJ ⋅ mol−1

(1)

It converts carbon monoxide and steam to hydrogen and carbon dioxide. In order to reach
economic reaction rates, catalysts are necessary. A suitable catalyst is a Fe/Cr-based
catalyst. Fe/Cr-based catalysts seem to be robust against sulphur poisoning at H2S
amounts which are contained in the product gas of the DFB biomass steam gasification
plants (Fail, 2014; Twigg, 1997).
The Fe/Cr-based catalyst is used since the beginning of the twentieth century as a
high temperature catalyst for the WGS reaction (Rhodes et al., 1995). It was developed
by the company BASF in order to improve the hydrogen yield for the ammonia
production (Boon et al., 1992; Chinchen et al., 1984; Gottschalk et al., 1988; Shchibrya
et al., 1965). Today, volumetric CO concentrations of about 1% can be reached with
commercial Fe/Cr-based catalysts (Twigg, 1997).
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By adding a low temperature copper-containing catalyst, volumetric CO
concentrations of about 0.1 % can be reached (Twigg, 1997). However, these catalysts
are highly sensitive to sulphur poisoning at sulphur levels higher than 100 mm3•m–3
(Rhodes et al., 1995). Therefore, the copper-containing catalysts cannot be used with the
product gas of DFB biomass steam gasification plants because the product gas contains
about 100 cm3•m–3 H2S.
For this work, a WGS unit, employing a commercial Fe/Cr-based catalyst, was
operated with real, tar-rich product gas from the commercial gasification plant in
Oberwart, Austria. The WGS unit was operated with product gas which was extracted
before a rapeseed methyl ester (RME) gas scrubber for more than 2,000 hours while the
gasification plant operated at full load and for more than 100 hours while the gasification
plant operated at partial load. The latter is the main topic of this paper. The performance
of the WGS unit regarding the partial load operation of the gasification plant is
investigated.
This work was carried out within the framework of the Bioenergy2020+ GmbH
project ‘C20005 Polygeneration III’. Bioenergy2020+ GmbH is funded by the states
Burgenland, Niederoesterreich, Steiermark, and within the Austrian COMET program
which is managed by the Austrian Research Promoting Agency (FFG). In addition, the
project partners Air Liquide, Guessing Renewable Energy GmbH, and ISG Energy
GmbH are acknowledged.

2

Materials and methods

The experimental work was carried out at the site of the DFB biomass steam gasification
plant in Oberwart, Austria, where the WGS unit is located. The WGS unit consisted of
three fixed bed reactors in series which employed a commercial Fe/Cr-based catalyst.
The gas composition and the steam content were measured before and after each reactor.
The temperature profile along each reactor was recorded. This allowed judging the
activity of the commercial Fe/Cr-based catalyst. In addition, ammonia and GCMS tar
concentrations were determined at the inlet and the outlet of the WGS unit.

2.1 The DFB biomass steam gasification plant
The WGS unit processed tar-rich product gas which was extracted from the DFB biomass
steam gasification plant in Oberwart which works as a combined heat and power (CHP)
plant.
Figure 1 shows a simplified flowchart of the applied process which is described in
detail in Kaltschmitt et al. (2009) and Proell et al. (2007). The gasification plant generates
district heat and electricity from a high calorific, hydrogen rich and nitrogen free product
gas with biomass (woodchips) as feedstock. The basic working principle of the
gasification plant can be reviewed in Kraussler et al. (2015).
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Simplified flowchart of the gasification plant in Oberwart, Austria (see online version
for colours)
To WGS unit

Gas engines
Biomass

Product gas
blower

RME gas
scrubber

Product gas
recirculation
blower

G

Fly coke

Scrubbing fluid
container
Condensate

Steam
generator

Mixed phase

Combustion reactor

Gasification
reactor

Cyclone

Flue gas

Product gas

Biomass dryer

Steam
superheater

Air
Heat transfer
preheater oil preheater

Flue gas
blower

Fly coke
Coarse ash
Mixed phase
Ash
Coarse ash

District
heat

Air
ORC
Combustion air blower
Superheated steam

Note: Also showing the experimental extraction point for tar-rich product gas.
Table 1

Component

Volumetric product gas compositions (d.b.) of the main gas components of the
gasification plant in Oberwart, Austria, at full load (Diaz, 2013) and partial load
operation
Full load

Partial load

Units

φH2

~38

~38

%

φCO

~24

~23

%

φCO2

~22

~26

%

φCH4

~10

~10

%

φOthers

~6

~3

%

The average product gas compositions at full and partial load operation can be seen in
Table 1. It is possible to take a partial flow of the tar-rich product gas for experimental
work from an extraction point along the product gas line (see Figure 1). The extraction
point is located before the RME gas scrubber. Therefore, the extracted product gas
contains a higher amount of tar which is a challenge for a reliable operation of the WGS
unit. However, at this extraction point, the product gas has already a higher water content
as well as a higher temperature which is more favourable for the WGS reaction compared
to the conditions at an extraction point, for example, after the RME gas scrubber.
Table 2 shows the conditions at the extraction point during the full and the partial
load operation of the gasification plant. During the investigation regarding the partial
load behaviour of the WGS unit, the product gas was taken from the extraction point for
about 100 hours while the gasification plant operated at partial load. At full load
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operation of the gasification plant, the results of the performance of the WGS unit
operation can be reviewed in Kraussler et al. (2015).
Table 2

Operating conditions at the extraction point (see Figure 1) at the gasification plant in
Oberwart, Austria, at full load operation (Kraussler et al., 2015) and partial load
operation

Parameter
Temperature

Full load

Partial load

Units

~150

~150

°C

φH2O

~35

~46

%

GCMS tar content

~8.2

~4.7

g•m–3

2.2 The WGS unit
The experimental work was carried out at a WGS unit located at the site of the
gasification plant in Oberwart. Figure 2 shows a simplified flowchart of the WGS unit.
The unit employed a commercial Fe/Cr-based high temperature WGS catalyst in all three
reactors. The catalyst had a bulk density of 1.24 kg•dm–3 and the catalyst discs had a
diameter of 6 mm and a height of 3 mm.
Figure 2

Simplified flowchart of the WGS unit located at the site of the gasification plant in
Oberwart (see online version for colours)
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The same WGS unit was used for the experimental work in Kraussler et al. (2015) where
the design of the unit can be reviewed (also see Fail, 2014).
A partial flow of the processed gas was successively sent to the analytical devices
from four positions along the WGS unit.
Seven type J thermocouples along each reactor were used in order to observe and
record the temperature profiles. This allowed judging the activity of the used catalyst.
Thermocouples 0 and 6were not in the reactive zone of the catalyst bed of the reactors.

2.3 Measurement of the gas composition and the steam content of the processed
product gas
A gas chromatograph (GC) measured the dry gas composition before and after each WGS
reactor. Before the analyses in the GC, the sample gas stream was led through two gas
washing bottles filled with ethylene glycol cooled to about −5°C in order to condense the
steam. Therefore, a dry gas stream could be assumed after the two gas washing bottles.
The dry gas stream passed another gas washing bottle filled with glass wool in order to
prevent aerosols from entering the GC. After the glass wool, a gas meter recorded the
volumetric dry gas flow. In addition, the GC was calibrated for all detected components
with the expected concentrations.
In the GC, a thermal conductivity detector (TCD) enabled the quantification of the
CO, CO2, CH4, N2, O2, C2H6, C2H4 and C2H2. The C2 species were summarised and are
referred to as C2Hy. A flame photometric detector (FPD) was used to detect the H2S, COS
and C4H4S. The H2 content was determined by calculation. Because helium was used as
carrier gas, the H2 could not be quantified by the GC.
The steam content in the processed gas was gravimetrically determined and the
volumetric dry gas flow rate was determined by closing the water balance along the WGS
unit.
The gas volumes and the volumetric gas flow rates in this work are always given at
standard temperature and pressure (STP, 273.15 K and 101,325 Pa).

2.4 Ammonia and GCMS tar measurements
Both, the ammonia and the GCMS tar samplings were carried out according to the
instructions of the Test Laboratory for Combustion System at the TU Wien.
Figure 3

Principle of the ammonia sampling (see online version for colours)
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For the ammonia sampling, a partial flow of the processed gas was successively extracted
from the inlet (before reactor A) and the outlet (after reactor C) of the WGS unit. The
extracted gas stream was led through two cooled gas washing bottles filled with 0.05
mol•dm–3H2SO4 which was used as solvent for the ammonia. Figure 3 shows the
principle of the ammonia sampling. For the determination of the ammonia content, the
samples were handed over to the Test Laboratory for Combustion System at the TU
Wien.
For the tar sampling, again, a partial flow of the processed gas was successively
extracted from the inlet (before reactor A) and the outlet (after reactor C) of the WGS
unit. A sample stream of the product gas passed five gas washing bottles filled with 0.5
dm3 toluene in all and one gas washing bottle filled with glass wool in order to prevent
aerosols from entering the analytic gas pump. The first three gas washing bottles were
cooled to about 0°C. Consequently, the tar was dissolved and the steam condensed. The
next two gas washing bottles were cooled to –8°C in order to make sure that all other
remaining tar components were finally dissolved in the toluene. The gas was sampled for
about 3 h. In addition, the volumetric dry gas flow was recorded by a gas meter. The dry
gas sampling flow rate was set to 2.0 to 2.5 dm3•min–1 (compare Figure 4).
Figure 4

Principle of the tar sampling (see online version for colours)

Toluene as tar solvent has the advantage that it allows the simultaneous determination of
the tar and the water content. However, it does not allow the determination of benzene,
toluene, ethylbenzene and xylenes (BTEX).
After the sampling, the content of all gas washing bottles was mixed and the sample
was handed over to the Test Laboratory for Combustion System at the TU Wien in order
to determine the detailed GCMS tar concentrations.

2.5 Characteristic figures of the WGS unit
The operating conditions of the WGS unit were described by the following four figures:

GHSV =

VDry
VCatalyst

(2)
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VH 2O
VDry

(3)

VDry ⋅ ( φCO

VH 2O
+ φCO 2 + φCH 4 + φC 2 Hy )

(4)

VDry , IN φCO , IN − VDry ,OUT φCO ,OUT
VDry , IN φCO , IN

(5)

The gas hourly space velocity [GHSV, equation (2)] describes the stress of the catalyst.
The steam to dry gas ratio [STDGR, equation (3)] and the steam to carbon ratio [STCR,
equation (4)] are an indicator if coking effects and carbon deposition could be a problem
during the operation of the WGS unit. The CO conversion [XCO, equation (5)] describes
how much carbon monoxide was converted along the overall WGS unit.
The GHSV, the STDGR and the STCR were calculated for the inlet of the first
reactor of the WGS unit.

3

Results and discussion

This chapter presents the results of the experiments which were carried out during a
partial load operation of the gasification plant. First, the operating data of the WGS unit
are presented. Second, the concentrations of the product gas components along the WGS
unit are shown. Third, the CO conversions and the temperature profiles along the reactors
of the WGS unit are discussed. Finally, the results of the ammonia and GCMS tar
measurements are shown.

3.1 Operating data of the WGS unit during the partial load operation of the
gasification plant
Table 3 shows the operating data of the WGS unit during the partial load operation of the
gasification plant which lasted about 100 hours. The amount of additional steam was set
to maximum, resulting in an overall volumetric steam flow rate of 2.2 m3•h–1 in order to
protect to Fe/Cr-based catalyst from coking and carbon deposition. In addition, the gas
pump of the WGS unit, which extracted the product gas from the gasification plant,
operated at full load.
Table 3

Operating data of the WGS unit

Load

GHSV h–1

STDGR

STCR

XCO %

Partial

465

1.9

3.2

92

Full

478

1.6

2.6

94

Note: The GHSV, the STDGR and the STCR are given for inlet of the first reactor. The
XCO is given for the whole WGS unit.

The resulting STDGR and the STCR show that the steam content of the product gas was
higher during the partial load operation of the gasification plant than during a full load
operation. The steam fluidisation of the gasifier was kept at the same level during the
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partial load operation as during a full load operation. In addition, less biomass was fed
into the system which resulted in the higher steam content of the product gas.
Nevertheless, despite the fact that the gasification plant worked at partial load, an
overall CO conversion of 92 % was reached which was in the same order of magnitude as
during a full load gasification plant operation (compare Kraussler et al., 2015). In
general, a higher STDGR and STCR enhance the WGS reaction according to the
principle of least constraints.

3.2 Gas composition along the WGS unit
Table 4 shows the concentrations of the measured non-sulphur gas components of the
processed gas at the inlet and the outlet of all three WGS reactors.
Table 4

Volumetric concentrations (d.b.) of the measured non-sulphur gas components during
the 100 hours of partial load operation (DL = 2 cm3•m–3)
φH2 %

φCO %

φCO2 %

φCH4 %

Inlet

37.1 ± 0.9

22.7 ± 0.6

25.2 ± 0.7

10.4 ± 0.4

Outlet A

47.1 ± 1.0

4.3 ± 0.5

36.2 ± 0.6

8.9 ± 0.3

Outlet B

47.9 ± 1.0

2.3 ± 0.1

37.5 ± 0.7

8.7 ± 0.3

Outlet C

48.1 ± 0.8

1.5 ± 0.1

38.1 ± 0.4

8.7 ± 0.3

φC2Hy %

φN2 %

φO2 %

Inlet

2.5 ± 0.3

2.0 ± 0.7

0.08 ± 0.02

Outlet A

2.0 ± 0.2

1.5 ± 0.5

0.03 ± 0.01

Outlet B

2.0 ± 0.2

1.6 ± 0.7

0.03 ± 0.01

Outlet C

1.9 ± 0.2

1.6 ± 0.5

0.03 ± 0.01

It can be seen that most of the WGS reaction occurred in reactor A. In reactors B and C,
less WGS reaction occurred because of the unfavourable temperature level for the
equilibrium composition. The H2 content was significantly increased along the overall
WGS unit (up to a volumetric fraction of 48.1%).
In addition, Table 4 shows that the CO2 content at the inlet of the WGS unit was
higher than the CO content. This effect was caused by the partial load operation of the
gasification plant. Typically, the CO content in the product gas is slightly higher than the
CO2 content if the gasification plant operates at full load (see Table 1). The higher steam
content caused an increase of the WGS reaction according to the principle of least
constraint.
The concentrations of the other components decreased because of the dilution effect
which was caused by the higher volumetric dry gas flow rate after a WGS reactor.
According to these results, no other reactions occurred. In addition, the standard
deviations in Table 4 indicate steady operating conditions during the 100 hours of partial
load operation.
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Volumetric concentrations (d.b.) of the measured sulphur components during the
100 hours of partial load operation (DL = 0.3 cm3•m–3)
φH2S cm3•m–3

φCOS cm3•m–3

φC4H4S cm3•m–3

Inlet

101 ± 9

1.5 ± 0.5

4.7 ± 0.8

Outlet A

104 ± 11

BDL

4.0 ± 0.7

Outlet B

101 ± 18

BDL

3.8 ± 1.2

Outlet C

106 ± 10

BDL

3.9 ± 0.7

Table5 shows the concentrations of the sulphur components of the processed gas at the
inlet and after all three reactors of the WGS unit.
It can be seen that the C4H4S content remained at about the same level along all three
reactors. In contrast, the COS content of the product gas decreased below the detection
limit (BDL).
Table 5 also indicates that the COS was most probably partially converted to H2S
along the WGS unit because the COS concentration decreased BDL and the H2S
concentration slightly increased.
These results could also be observed during a full load operation of the gasification
plant (see Kraussler et al., 2015).

3.3 Behaviour of the reactive species and the carbon monoxide conversion
along the WGS unit
Figure 5 shows the profile of the reactive species (CO, CO2 and H2) along the WGS unit.
It also indicates that most of the WGS reaction occurred in reactor A. This was also
observed during full load operation of the gasification plant.
Concentration profiles of the reactive species along all three reactors of the WGS unit
during the partial load operation of the gasification plant (see online version for colours)
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CO conversion of all three reactors of the WGS unit based on the inlet concentration of
every single reactor during the partial load operation of the gasification plant (see online
version for colours)
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Reactor B

Reactor C

CO conversion of all three reactors of the WGS unit based on the inlet concentration of
reactor a during the partial load operation of the gasification plant (see online version
for colours)
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Figures 6 and 7 show the CO conversions of all three reactors of the WGS unit based on
the inlet concentration of every single reactor and based on the inlet concentration of
reactor A. It can be seen that a CO conversion of nearly 80% was reached in reactor A
during the partial load operation of the gasification plant. In reactor B, respectively,
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reactor C, a CO conversion of about 45%, respectively, 35% was reached. Consequently,
an overall CO conversion of 92% could be achieved at partial load operation. At full load
operation of the gasification plant, an overall CO conversion of 94% could be achieved
along the WGS unit.

3.4 Temperature profiles along the reactors of the WGS unit
Figure 8 shows the temperature profiles along all three reactors of the WGS unit. The gas
inlet temperature before all three reactors was set to about 350°C.
Figure 8

Average temperature profiles along the WGS reactors A, B, and C during the 100 hours
of partial load operation of the gasification plant (see online version for colours)
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In reactor A, the temperature increased at the beginning of the catalyst bed until the
temperature maximum was reached. At this point, a gas composition close to the
equilibrium composition was reached. Therefore, from this point, heat losses exceeded
the temperature increase and, consequently, the temperature along reactor A decreased.
In reactors B and C, nearly no WGS reaction occurred. Therefore, in those two
reactors, the heat losses exceeded the temperature increase caused by the exothermic
WGS reaction.

3.5 Ammonia and GCMS tar measurements
Table 6 shows the results of the ammonia measurements which were carried out at the
inlet (before reactor A) and the outlet (after reactor C) of the WGS unit. According to
these measurements, no chemical reaction with ammonia occurred. The concentration of
ammonia decreased because of the dilution effect which was caused by the higher
volumetric dry gas flow rate after the WGS unit.
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Table 6

Volumetric ammonia concentrations (d.b.) at the inlet and the outlet of the WGS unit
φNH3 cm3•m–3

Inlet

3,350

Outlet

2,840

Notes: The measurement was a single sample measurement. Therefore, no standard
deviation can be given.
Table 7

GCMS tar concentrations at the inlet and outlet of the WGS unit

GCMS tar components

Units
–3

Inlet

Outlet

Phenylacetylene

mg•m

25

BDL

Styrene

mg•m–3

166

38

Mesitylene

–3

mg•m

BDL

BDL

Phenol

mg•m–3

BDL

BDL

–3

Benzofuran

mg•m

BDL

BDL

1H-Inden

mg•m–3

138

65

2-methylphenol

–3

mg•m

BDL

BDL

4-methylphenol

mg•m–3

BDL

BDL

2-methylbenzofuran

–3

mg•m

BDL

BDL

2,6-dimethylphenol

mg•m–3

BDL

BDL

2,5 u. 2,4-dimethylphenol

–3

mg•m

BDL

BDL

3,5-dimethylphenol

mg•m–3

BDL

BDL

2,3-dimethylphenol

–3

mg•m

BDL

BDL

3,4-dimethylphenol

mg•m–3

BDL

BDL

2-methoxy-4-methylphenol

–3

mg•m

BDL

BDL

naphthalene

mg•m–3

3822

2870

1-benzothiophen

mg•m–3

7

5

Quinoline

mg•m–3

1

BDL

2-methylnaphthalene

mg•m–3

26

21

Isoquinoline

mg•m–3

BDL

BDL

1-methylnaphthalene

mg•m–3

18

15

1-indanon

mg•m–3

BDL

BDL

Eugenol

mg•m–3

BDL

BDL

Indole

mg•m–3

BDL

BDL

–3

Biphenyl

mg•m

24

21

Isoeugenol

mg•m–3

BDL

BDL

Acenaphthylene

mg•m–3

233

6

Acenaphtene

mg•m–3

37

190

Dibenzofuran

mg•m–3

8

7

Fluorene

mg•m–3

9

6

Note: The measurement was a single sample measurement. Therefore, no standard
deviation can be given (DL = 1 mg•m–3).
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GCMS tar concentrations at the inlet and outlet of the WGS unit (continued)

GCMS tar components

Units
–3

Inlet

Outlet

Dibenzothiophene

mg•m

BDL

BDL

Anthracene

mg•m–3

118

46

–3

Phenanthrene

mg•m

11

4

Carbazole

mg•m–3

BDL

BDL

4,5-methylphenanthren

mg•m–3

4

2

–3

9-methylanthracen

mg•m

BDL

BDL

Fluoranthene

mg•m–3

33

18

Pyrene

mg•m–3

30

17

Benzo[a]anthracene

–3

mg•m

BDL

BDL

Chrysene

mg•m–3

BDL

BDL

–3

BDL

BDL

Benzo[k]fluoranthene

–3

mg•m

BDL

BDL

Benzo[a]pyrene

mg•m–3

BDL

BDL

Benzo[g,h,i]perylene

mg•m–3

BDL

BDL

–3

BDL

BDL

Benzo[b]fluoranthene

mg•m

Dibenz[a,h]anthracene

mg•m

Indeno[1,2,3-cd]pyrene

mg•m–3

BDL

BDL

Total GCMS amount

mg•m–3

4,710

3,331

Note: The measurement was a single sample measurement. Therefore, no standard
deviation can be given (DL = 1 mg•m–3).

Table 7 shows the detailed GCMS tar measurements which were carried out at the inlet
and the outlet of the WGS unit. The total amount of GCMS tar was reduced by 30%
along the WGS unit. Naphthalene, the main GCMS tar component, was reduced by about
25 % along the WGS unit. Devi et al. (2005) shows a possible decomposition mechanism
scheme of naphthalene.
However, the concentration of acenaphthene even increased by about 400% along the
WGS unit. It was, most probably, partially formed from acenaphthylene by
hydrogenation. Further information regarding the tar content of the product gas generated
by DFB biomass steam gasification can be reviewed in Kirnbauer et al. (2012, 2013),
Wolfesberger et al. (2009) and Wolfesberger-Schwabl et al. (2012).

4

Conclusions and outlook

A WGS unit processed real product gas from the commercial DFB biomass steam
gasification plant in Oberwart, Austria. The WGS unit processed this tar-rich product gas
for about 100 hours while the gasification plant operated at partial load. The WGS unit
employed a commercial Fe/Cr-based catalyst which showed no deactivation or
performance decrease during the operation with the tar-rich product gas.
Comparing the full load and the partial load operation of the gasification plant, no
significant differences in the performance of the WGS unit could be observed. The
volumetric CO content in the product gas could be lowered from 22.7 to 1.5 % (d.b.).
Consequently, an overall CO conversion of 92 % could be achieved along the WGS unit.
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In addition, a reduction of GCMS tar (about 30 %) could be achieved. Nearly the same
results were obtained in the case of a full load operation of the gasification plant
(Kraussler et al., 2015). All these results are within the same order of magnitude as
achieved at industrial scale WGS units (Liu et al., 2010; Rhodes et al., 1995).
Recently, a lot of research regarding the hydrogen production from biomass was
carried out where different processes and process chains with different unit operations
were investigated (Aznar et al., 2006; Corella et al., 2008; Maroo et al., 2010; Ni et al.,
2006). These results are also in agreement with the results which were achieved in this
work. However, in none of these approaches, a commercial DFB biomass steam gasifier
was combined with a WGS unit which, in addition, processed tar-rich product gas.
Consequently, these results show that it is possible to operate a WGS unit with the
tar-rich product gas from DFB biomass steam gasification even if the gasification plant
operates at partial load. This is an encouraging result for future applications regarding a
process chain for hydrogen production from biomass which consists of DFB biomass
steam gasification and a WGS unit.
Future research should focus on lower steam content at the inlet of the WGS unit as
well as further observations regarding the performance of the commercial Fe/Cr-based
catalyst during the operation with tar-rich product gas.
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Abbreviations and acronyms
BDL

below detection limit

BTEX

benzene, toluene, ethylbenzene, xylene

CHP

combined heat and power

d.b.

dry basis

DFB

dual fluidised bed

DL

detection limit

FPD

flame photometric detector

FR

flow record

GC

gas chromatograph
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GCMS

gas chromatography mass spectroscopy

RME

rapeseed methyl ester

STP

standard temperature and pressure (273.15 K and 101,325 Pa)

TCD

thermal conductivity detector

WGS

water gas shift

Symbols
φi

volumetric fraction of component i

GHSV

gas hourly space velocity in h–1

ΔH

enthalpy of formation at 298.15 K and 101,325 Pa in kJ•mol–1

STDGR steam to dry gas ratio
STCR

steam to carbon ratio

VCatalyst

catalyst volume in m3

VDry

dry gas flow rate at STP in m3•h-1

VH 2O

steam flow rate at STP in m3•h-1

XCO

CO conversion
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ABSTRACT This paper introduces an improved kinetic model
for the water gas shift reaction catalyzed by an Fe-/Cr-based
catalyst. The improved model is based on a former model
which was developed previously in order to consider the composition and the catalyst poisons (H2S) of product gas derived
from dual fluidized bed biomass steam gasification.
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1 Introduction
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Furthermore, this improved model has been validated with
experimental data. The data was generated by a WGS reactor
which employed a commercial Fe-/Cr-based catalyst and
which processed real product gas from the dual fluidized
bed biomass steam gasification plant in Oberwart, Austria.
Basically, the validation showed good agreement of the measured and the calculated values for the gas composition (absolute errors of the volumetric fractions of up to 1.5 %) and the
temperature profile (absolute errors of up to 21 °C) of the
WGS reactor. Of all considered gas components, the CO concentration showed the highest error.
The results qualify the improved kinetic model for basic
design and engineering of a WGS reactor employing a commercial Fe-/Cr-based catalyst which processes product gas
from an industrial scale biomass steam gasification plant.
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The water gas shift (WGS) reaction (see Eq. 1) is a proven
method for increasing the hydrogen content in a product gas
generated by gasification. Recent research has extensively investigated a WGS unit, employing a commercial Fe-/Cr-based
catalyst, which processed product gas from dual fluidized bed
(DFB) biomass steam gasification [8, 16, 17].
CO þ H2 O↔ H2 þ CO2 ΔH ¼ −41:1 k J mol−1

ð1Þ

Since the first applications of the WGS reaction catalyzed
by an Fe-/Cr-based catalyst (compare [23]), several kinetic
models, based on power laws, have been proposed by different authors, for example, in [2, 3, 9, 13, 20] and [22].
However, most of the investigations of Fe-/Cr-based WGS
catalysts were carried out for product gas derived from coal
gasification [10, 11]. Zhu and Wachs [28] give a comprehensive summary about kinetic models of the WGS reaction catalyzed by Fe-/Cr-based catalysts.
In addition, Fail [7] proposed a kinetic model for the
WGS reaction catalyzed by an Fe-/Cr-based catalyst. This
kinetic model specifically takes the product gas from DFB
biomass steam gasification into account. In the present
paper, this model is referred to as the former kinetic
model.
The main gas components of the product gas are H2, CO,
CO2, and CH4 which makes the product gas a suitable source
for different synthesis reactions, for example, see [19, 21] and
[24]. In addition, it contains about 100 cm3 m−3 H2S. This H2S
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content was considered within the former model because H2S
could lead to a performance decrease of the catalyst [26].
In [15], the former model was validated with experimental
data from a WGS reactor which employed commercial Fe-/
Cr-based catalyst disks (diameter about 6 mm and height
about 3 mm, original size) and which processed real product
gas from the industrial scale DFB biomass steam gasification
plant in Oberwart, Austria. The validation showed significant
inaccuracies of the temperature profile along the WGS reactor,
which could be attributed to the fact that the former model was
established with a milled Fe-/Cr-based catalyst, which did not
have the original disk size. Therefore, a higher catalyst surface
was available during the establishment of the former kinetic
model compared to the validation experiments where the catalyst was used in its original size. However, the WGS reactor,
which is located at the site of the gasification plant in
Oberwart employed the catalyst in its original pellet size.
Consequently, the differences between the measured and calculated temperature profile occurred.
The present paper improves the former kinetic model in
order to obtain a better agreement between the experimental
data and the model. Consequently, the improved kinetic model
should be accurate enough to be used for basic design and
engineering of WGS reactors employing Fe/Cr based catalysts
which process product gas from DFB biomass steam
gasification.

2 Materials and methods
First, this section presents the former kinetic model, which is
based on the previous work carried out by Fail (see [7]) and
which is improved in the present paper. Second, the experimental setup which generated the data material which was
used to improve the former and to validate the improved kinetic model is presented. Third, the derivation of the numerical mass and energy balances of the WGS reactor is introduced, which enables the comparison of the measured data
with the results of the model.
2.1 The former kinetic model
This paper is based on a kinetic model which was derived at
the TU Wien from results obtained with a laboratory scale
chemical kinetics test rig (see [7]). For that kinetic model,
the Fe-/Cr-based catalyst was milled before the kinetic parameters were determined. Consequently, the model shows inaccuracies regarding the reaction rate and, therefore, the temperature profile (compare [15]) if the catalyst is used in its original size.
In this paper, the former kinetic model has been improved
in order to meet the requirements for using this model for the

basic design and engineering of a WGS reactor which processes product gas from DFB biomass steam gasification.
The starting point for both the former and the improved
kinetic model was the power law in Eq. 2 which is based on
[7] and [15]:





−E a
K MAL
a
b
c
d
rðφi ; T Þ ¼ k 0 ⋅exp
⋅pCO ⋅pH2O ⋅pCO2 ⋅pH2 ⋅ 1−
R⋅T
Kg
ð2Þ
The reaction rate r(φi, T) is a function of the reactive species (CO, H2O, CO2, and H2) and the temperature. Other gas
components which are usually contained in small amounts in
the product gas of the DFB biomass steam gasification are
considered as inert.
The parameters which describe the reaction rate are the rate
constant k0, the activation energy Ea, and the reaction exponents (a, b, c, and d) of each component i which is a reactant of
the WGS reaction (see Eq. 1). pi is the partial pressure, R is the
general gas constant, and T is the temperature along the reactor. KMAL is the mass action law and Kg the equilibrium constant calculated from thermo-physical properties.
φH2 ⋅φCO2
φCO ⋅φH2O


−ΔGðT Þ
K g ¼ exp
R⋅T

K MAL ¼

ð3Þ
ð4Þ

The partial pressure of each component pi can be expressed
by the overall absolute pressure p and the volumetric
fraction φi.
ð5Þ

pi ¼ φi ⋅p

The work in [7] led to the following parameters for Eq. 2,
resulting in the former model (see Table 1).

2.2 Setup for the generation of the experimental data
This section provides information about the plants and the
measurement principles which were used for the data
Table 1

Parameters of the former kinetic model (see [7] and [15])

Parameters

Values

Units

k0
Ea
a
b

117.8
101.9
1.77
0.23

mol g−1 Pa−(a + b + c + d) s−1
kJ mol−1
–
–

c
d

−0.17
−0.12

–
–
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2.2.2 The water gas shift reactor

generation in order to improve the former and to validate the
improved kinetic model.

Figure 2 shows a simplified flowchart of the cylindrical WGS
reactor located at the site of the gasification plant in Oberwart
which was used for the generation of the experimental data.
The WGS reactor successively processed a partial flow of
the product gas of the gasification plant from the two extraction points (see Fig. 1). The product gas was mixed with
additional steam which was provided by a steam generator.
The gas inlet temperature was adjusted with a heating section
to about 350 °C. At the bottom of the reactor, a screen plate
was used for carrying the commercial Fe-/Cr-based catalyst
which had been in operation for more than 2000 h at the time
this research was conducted. The catalyst bed was a fixed bed
with a diameter of 9 cm and a height of about 40 cm resulting
in a catalyst bed volume of about 2.5 dm3. The bulk density
of the catalyst bed was 1.24 kg dm−3. The wall thickness of the
reactor was 3 mm and the insulation consisted of stone wool
with a thickness of 10 cm and a thin layer of Al around the
outer surface.
Seven thermocouples were used to measure and to record
the temperature profile along the WGS reactor. The temperature profile allowed reaching some conclusion about the

2.2.1 The dual fluidized bed steam gasification plant
The product gas for the WGS reactor was extracted from the
commercial DFB biomass steam gasification plant in
Oberwart, Austria. The gasification plant is operated as combined heat and power (CHP) plant and generates electricity
and heat for the district. Figure 1 shows a simplified flowchart
of the gasification plant.
For the improvement of the former and the validation of the
improved kinetic model, the product gas was extracted from
two extraction points (see also Fig. 1). The first extraction
point was located before the rapeseed methyl ester (RME)
gas scrubber, and the second extraction point was located after
the RME gas scrubber. The product gas which was extracted
before the RME gas scrubber showed a significantly higher
amount of tar (about 10 g m−3) and steam (about 35 %) compared to the product gas which was extracted after the RME
gas scrubber (about 2 g m−3 tar and about 7 % steam).
Further details of the plant can be found in [6, 15–17].

To WGS reactor

To WGS reactor

Gas engines
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blower

RME gas
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Fig. 1 Simplified flowchart of the gasification plant in Oberwart, Austria
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To gas
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Fig. 2 Simplified flowchart of the WGS reactor which was used for the
generation of the experimental data

activity of the commercial Fe-/Cr-based catalyst due to the
exothermic nature of the WGS reaction.
After the product gas was processed in the reactor, it was
recycled back to the gasification plant. A sample flow of the
processed gas extracted before the steam addition, before the
inlet, and after the outlet of the WGS reactor was sent to the
analytical line and, subsequently, to a gas chromatograph
(GC) in order to measure the dry gas composition of the processed gas.
The WGS reactor operated at ambient pressure and the
pressure drop along the catalyst bed was between 500 and
1000 Pa during the whole operating time.
2.2.3 Measurement of the temperature profile along the water
gas shift reactor
Figure 2 shows the positions of the thermocouples (type J)
along the WGS reactor. Thermocouple T0 was positioned
before the fixed bed Fe-/Cr-based catalyst. Therefore, it was
not in the reactive zone. T1 to T5 were positioned along the
catalyst bed at a distance of 10 cm from each other. T1 was
positioned right at the beginning of the catalyst bed, and T5
was positioned right at the end of the catalyst bed. T6 was
outside the catalyst bed. T1 to T5 enabled the measurement
and recording of the temperature profile along the fixed bed
WGS catalyst.
2.2.4 Measurement of the gas composition at the inlet
and the outlet of the water gas shift reactor
Figure 3 shows the setup of the gas conditioning before the
gas chromatograph (GC) that was used for the determination
of the gas composition.
Before entering the GC, the gas stream passed through two
gas washing bottles filled with glycol at a temperature of about

Glycol in gas
washing bottles
at -5 °C

Glass wool

Fig. 3 Setup of the gas conditioning before the GC and the water content
determination

−5 °C in order to condense and separate the steam. Therefore,
a dry gas stream could be assumed after the gas washing
bottles. The dry gas stream passed through another gas washing bottle filled with glass wool in order to prevent aerosols
from entering the GC. After the glass wool bottle, a gas meter
recorded the volumetric dry gas flow.
The steam content in the product gas before the addition of
steam, before the inlet of the reactor, and after the outlet of the
reactor was determined with a gravimetrical method. The wet
gas stream passed through the gas washing bottles for a certain
time, where the steam was condensed. Subsequently, the volumetric dry gas flow was recorded and the gas washing bottles
were weighed. Consequently, the steam content before the
steam addition, before the inlet, and before the outlet of the
reactor could be determined.
The volumetric dry gas flow rate at the inlet of the WGS
reactor was calculated by the water balance of the steam generator according to the following equation and the known
volumetric flow rate of the steam addition:


V ̇ Dry ¼ V ̇ Wet;In ⋅ 1−φH2O;In
 ̇


V H2O;Add ⋅φH2O;Out −V ̇ H2O;Add 


¼
⋅ 1−φH2O;In:
φH2O;In −φH2O;Out
In this paper, all volumetric gas flow rates and gas volumes
are given at standard temperature and pressure (STP, 273.15 K
and 101325 Pa).
A GC (Clarus 500™ from Perkin Elmer) was used to measure the gas composition at the inlet and at the outlet of the
WGS reactor. A thermal conductivity detector (TCD) enabled
the quantification of the CO, CO2, CH4, N2, and higher hydrocarbons in the gas stream with two different columns (7’
HayeSep N, 60/80 1/8B SF and 9' molecular sieve 13× 45/60,
1/8^ SF). The higher hydrocarbons were considered inert and,
therefore, their amount was added to the N2 concentration.
The GC was not able to measure the H2 concentration.
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Consequently, the H2 concentration was calculated by closing
the overall mass balance. Furthermore, CH4 was also considered inert for the modeling process.
In addition, the measurements were validated by applying
the least squares method on the elemental balances of C, H, O,
and N describing the WGS reactor.

.
ni(z+Δz)
Catalyst bed
height element

Δz

z

2.3 Balances and consideration of the heat losses
of the water gas shift reactor

2.3.1 Molar balance of the water gas shift reactor
Figure 4 shows the derivation of the molar balance of the
WGS reactor.
The molar balance of each reactive component i leads to
ð6Þ

ni̇ is the molar flow of component i and A is the cross
section of the catalyst bed. ρs is the bulk density of the Fe-/
Cr-based catalyst and Δz is the grid step, which was chosen
with 1 mm. ±indicates whether component i is an educt or a
product of the WGS reaction.
The limiting processlimΔz → 0 leads to the following differential equation:
dni̇
¼ rðφi ; T Þ⋅ρs ⋅A:
dz

ð7Þ

Replacing the molar flow rate ni̇ of each component i with
the overall molar flow rate ṅ and the volumetric fractions of
each component i leads to
dφi
1
¼ rðφi ; T Þ⋅ρs ⋅A⋅ :
dz
ṅ

T = const.

Fig. 4 Illustration for the calculation of the molar balance for the WGS
reactor

2.3.2 Energy balance of the water gas shift reactor
Figure 5 shows a drawing for the derivation of the energy
balance of the WGS reactor.
The energy balance of the differential height element leads
to
ḣ ðz þ ΔzÞ− ḣ ðzÞ
¼ ΔhR ðφi ; T Þ:rðφi ; T Þ:ρs :A:Δz−Δ Q̇ ðzÞ:

ð10Þ

Here, ΔhR(φi, T) is the formation enthalpy of the WGS
reaction, ḣ is the overall enthalpy flow, and Δ Q̇ ðzÞ is the
term which describes the heat losses along each height
element Δz. The limiting process limΔz → 0 and the overall
molar heat capacity cP(φi, T) of the gas stream lead to
dT
ρs ⋅A
d Q̇ ðzÞ
−
¼  ΔhR ðφi ; T Þ⋅rðφi ; T Þ⋅
:
dz
cP ðφi ; T Þ⋅ ṅ cP ðφi ; T Þ⋅ ṅ ⋅dz

ð11Þ
Applying the finite difference approach to Eq. 11 leads to

 

T Kþ1 ¼  ΔhR φKi ; T K ⋅r φKi ; T K ⋅

K

ρs ⋅A
ΔQ̇
⋅Δz−  K K  þ T K :
cP ðφi ; T Þ⋅ ṅ
cP φ i ; T ⋅ n ̇

ð12Þ
ð8Þ

This step is valid because of the equimolar character of the
WGS reaction and the assumption of ideal gas behavior.
Using the finite difference approach (see [25]) leads to


1
¼ r φKi ; T K ⋅ρs ⋅A⋅ ⋅Δz þ φKi :
φKþ1
i
ṅ

.

ni(z)
Ø dR

This section describes the derivation of the numerical molar
and energy balances of the WGS reactor which was used for
gathering the experimental data. Furthermore, the approach
for the consideration of the heat losses along the reactor is
shown.
For the derivation of the balances, the assumption of an
ideal plug flow reactor was made.

ni̇ ðz þ ΔzÞ−ni̇ ðzÞ ¼ rðφi ; T Þ⋅ρs ⋅Δz⋅A:

Fixed bed Fe/Cr
based catalyst with
bulk density ϱs and
reaction rate r(ϕi,T)

ð9Þ

Equation 9 enables the calculation of the concentration
profiles of CO, H2O, CO2, and H2 along the catalyst bed
height of the WGS reactor.

Equation 12 enables the calculation of the temperature profile along the catalyst bed height of the WGS
reactor. It also considers the heat losses which occur
along the WGS reactor.
Equations 9 and 12 form a system of equations which describes the concentration and temperature profiles along the
WGS reactor. This system of equations was solved using an
algorithm which was written with the numerical software
Scilab™ [27].
The thermo-physical properties of the product gas components were calculated by NASA polynomials [18].
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Catalyst bed
height element

.

h(z+Δz)

Fixed bed Fe/Cr
based catalyst with
bulk density s,
reaction rate r( i,T),
and reaction
enthalpy ΔhR( i,T)

coefficients (ambient, insulation, reactor wall, and inner
reactor) according to Eq. 15.
1
1
δI
δS
1
¼
þ
þ
þ
0RQ α0 ⋅A0 λI ⋅AI λS ⋅AS αR ⋅AR

ΔQ(z)
Δz

z

.

h(z)

T = const.

Ø dR

Fig. 5 Illustration for the calculation of the energy balance for the WGS
reactor

The input values for the numerical solution are the
volumetric steam flow rate V ̇ H2O , the volumetric dry gas
flow rate V ̇ Dry , the kinetic model coefficients, the reactor geometry, the gas composition at the reactor inlet φ0i ,
the reactor inlet temperature T0, and the ambient temperature T0.
With the numerical calculation of the mass and energy balance of the WGS reactor, the former kinetic model (see Table 1) was improved and the resulting improved kinetic model (see Table 3) was validated with
experimental data. To acquire the experimental data, the
WGS reactor was operated with real product gas from
the gasification plant.

2.3.3 Consideration of the heat losses along the water gas
shift reactor
The heat losses along the WGS reactor were considered
because they have a significant influence on the energy
balance of the WGS reactor.
The heat losses Δ Q̇ ðzÞ are calculated for each Δz along
the WGS reactor according to
Δ Q̇ ðzÞ ¼ ðT ðzÞ  T 0 Þ:RQ ðzÞ:

ð13Þ

B
C
B
C
B
1 B 1
δI
δS
1 C
C
⋅B
¼
þ
þ
þ
d I −d S
d S −d R
π⋅Δz B α0 ⋅d 0
αR ⋅d R C
C




λ
⋅
λ
⋅
I
S
@
A
dI
dS
ln
ln
dS
dR
ð15Þ
These four terms describe the heat transfer conductivity of
the shell of the reactor (compare Fig. 6). The heat losses of the
bottom surface and the top surface of the reactor are neglected
because the surfaces are significantly smaller than the shell
surface.
In the following, the derivation of the four heat transfer
conductivity terms (ambient, insulation, reactor wall, and inner reactor) is shown.

Ambient This term consists of the heat transfer coefficients α0 and the outer surface of the reactor A0.
α0 can be calculated with the heat transfer coefficient
caused by the radiation emitted by the insulation surface
(αRad, thin Al layer) and the heat transfer coefficient caused
by natural convection (αConv):
α0 ¼ αRad þ αConv

K



ΔQ̇ ¼ T K −T 0 ⋅RKQ :

ð14Þ

Here, T(z) is the actual reactor temperature for each z,
T0 is the ambient temperature, and RQ(z) is the overall
heat transfer conductivity for each z; it can be described
by four different single heat transfer conductivity

ð16Þ

According to [1], αRad can be calculated with Eq. 17.
T 4S −T 40
¼
T S −T 0
W
ðð50 þ 273:15ÞK Þ4 −ðð25 þ 273:15ÞK Þ4
¼ 0:09⋅5:67⋅108 2 4 ⋅
ð50 þ 273:15ÞK−ð25 þ 273:15ÞK
m ⋅K
W
¼ 0:61 2
m ⋅K
αRad ¼ ϵ 0 ⋅σ⋅

ð17Þ

The convective heat transfer coefficient αConv can be calculated by the Nusselt number Nu with the correlation in
Eq. 18 (see [5]).

Using the finite difference approach leads to


1

¼

8
>
<
>
:

Nu ¼
0:6 þ h

αConv ⋅d 0
λ

0:387⋅ðGr⋅PrÞ

92
>
=

1
6
9

1 þ ð0:559⋅Pr−1 Þ 16

ð18Þ

i 278 >
;

In this equation, d0 is the outer diameter of the reactor and λ is the heat conductivity of air.
The Grashof number Gr with the gravitational constant g, the thermal expansion coefficient of air β, the
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and heat conductivity λI
Ambient
T0
α0

the mean logarithmic surface of the insulation AI. In general,
the mean logarithmic surface (Am) can be calculated using the
outer (Ao) and inner (Ai) surface of a cylindrical object according to Eq. 23.

Reactor with
inner diameter dR and
heat transfer
coefficient αR

Reactor wall with
thickness δs and heat
conductivity λS

z
Aluminium layer
with emission
coefficient ε0
and
surface temperature TS

Am ¼

Fig. 6 Drawing for the consideration of the heat losses along the reactor
shell

outer reactor diameter d0, and the kinematic viscosity of
air ν

ð19Þ

and the Prandtl number of air
Pr = 0.7
lead to
Nu = 47.89
and, consequently, to

αConv

With Eqs. 17 and 20, the overall heat transfer coefficient for
the ambient can be calculated with
ð21Þ

It can be seen that the heat transfer coefficient which is caused
by the natural convection is about seven times higher than the
heat transfer coefficient of the radiation at this low ambient
temperature.
Furthermore, the outer surface of the reactor can be calculated with
A0 ¼ d 0 ⋅π⋅Δz

Inner reactor The inner reactor is considered as an ideal pipe
reactor with the inner surface area AR. Therefore, [1] (page
418) gives a Nusselt number of Nu = 3.657. With Nu, the
inner reactor diameter dR, and the estimated heat conductivity
of the product gas λR, the heat transfer coefficient αR can be
calculated.
Hence, the overall heat transfer conductivity RQ for each
Δz is 2.46 ⋅ 10−4 W ⋅ K−1 with the chosen parameters. With
this information, the heat losses along the reactor can be calculated according to Eqs. 13 and 14, respectively.

3 Result and discussion

−2 W
Nu⋅λ 47:89⋅2:6⋅10 m⋅K
W
¼
¼
¼ 4:21 2 : ð20Þ
d0
m ⋅K
0:296 m

α0 ¼ αRad þ αConv ¼
W
W
W
¼ 0:61 2 þ 4:21 2 ¼ 4:82 2
m ⋅K
m ⋅K
m ⋅K

ð23Þ

Reactor wall This term consists of the thickness of the reactor
wall δS, the heat conductivity of steel λS, and the mean logarithmic surface of the inner reactor AR and the outer surface
of the reactor wall AS.

Ø dR

g⋅β⋅ðT S −T 0 Þ⋅d 30
Gr ¼
ν2
m
1
1
⋅ð25 K Þ⋅0:2963 m3 ¼
9:81 2 ⋅
s ð25 þ 273:15Þ K
¼

2  m2 2
1:6⋅10−5
s
¼ 8:33⋅107

Ao −Ai
Ao
ln
Ai

ð22Þ

Insulation This term consists of the thickness of the
insulation δI, the heat conductivity of the insulation, λI and

First, this section presents the determination of the parameters for the improved kinetic model. Second, the
validation results of the improved kinetic model are
discussed.
Table 2 gives an overview of the four different operating points of the WGS reactor (OP1 to OP4). OP1
was used to improve the former kinetic model, and
OP2 to OP4 were used for the validation of the improved kinetic model with experimental data from the
WGS reactor.

Table 2 Overview of the operating points for the improvement of the
kinetic model and its subsequent validation
OP

GHSV

STDGR

V ̇ Dry

Usage

-

h−1

1

495

–
1.6

m3 · h‐1
1.24

–
Improvement

2
3
4

445
326
414

1.9
1.6
1.2

1.11
0.82
1.04

Validation
Validation
Validation
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The operating conditions of the WGS reactor were described by the gas hourly space velocity (GHSV) and the
steam to dry gas ratio (STDGR) in Eqs. 24 and 25.
V ̇ Dry
V Cat

GHSV ¼

STDGR ¼

ð24Þ

V ̇ H2O
V ̇ Dry

ð25Þ

OP1, OP2, and OP3 processed product gas which was extracted before the RME gas scrubber of the gasification plant
and OP4 processed gas which was extracted after the RME
gas scrubber.

3.1 The improved kinetic model
In order to improve the former kinetic model, a new parameter
for the activation energy Ea was sought, one that should consider the fact that the catalyst was used in its original pellet
size during this experimental approach, which was in contrast
to the determination of the former kinetic model, where the
catalyst was milled and, therefore showed a higher specific
surface. Ea was chosen as the parameter to improve because
it significantly affects the temperature profile (compare Eq. 2).
To do so, a variation of Ea with subsequent error calculation
regarding the temperature profile was done.
For each Ea, the temperature profile along the WGS reactor
(thermocouples 1 to 5) was calculated and compared with the
measured values of OP1. Subsequently, the overall error for
each Ea was calculated according to Eq. 26.
Err ¼

5 qﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
X

2
T c;i −T m;i

ð26Þ

i¼1

The result can be seen in Fig. 7.
250

Error in °C

200

150

The new value for Ea , j was chosen to be that for which the
error Err was a minimum.
The new value of Ea and, consequently, the other parameters for Eq. 2 which were not changed can be seen in Table 3.
Compared to the models in [2, 7, 13, 15] and [22], the
activation energy Ea is higher. In these approaches, the activation energy values varied between 95 and 118 kJ mol−1.
However, Chinchen et al. [4] give a value of 129.4 kJ mol−1
for the activation energy for WGS catalysts used at industrial
scale and at pressures of up to 3.0 MPa, which is in good
agreement with the value found in this work.
In addition, the presented value of factor a shows that the
influence of the CO partial pressure is also higher (1.77 in this
work versus about 1.0 in [2, 13], and [22]). This could be
explained by the low operating pressure in this work and,
therefore, an even lower adsorption of CO on the catalyst
surface.
In contrast, the reaction exponents b, c, and d are in the
same order of magnitude, which also indicates that the supply
of H2O, CO2, and H2 to the catalyst surface is not limiting the
reaction.
3.2 Validation of the improved kinetic model
with experimental data
The improved kinetic model was validated with temperature
measurements and concentration measurements of all four
operating points where real product gas from the gasification
plant was processed in the WGS reactor.
Figure 8 shows the validation of the kinetic model with the
measured temperature profiles along the WGS reactor from all
four operating points (OP1 to OP4). The temperatures at T1
were the boundary conditions; therefore, the measurements
and the calculations have the same value.
It can be seen that the calculated and measured temperature
profiles have nearly no difference at OP1 because the improved model is based on this operating point.
The temperature profiles of OP2 also have a higher difference. However, the calculated profile was slightly lower than
the measured profile. Consequently, the chosen activation energy of Ea = 126.6 kJ mol−1 seems to be too high for OP2.

Ea = 126.6 kJ·mol-1
Error = 6.98 °C

Table 3
100

50

0
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120
Ea in

130
kJ·mol-1

Fig. 7 Variation of Ea with corresponding error for OP1

140

Parameters of the improved kinetic model

Parameters

Values

Units

k0
Ea
a
b

117.8
126.6
1.77
0.23

mol g−1 Pa−(a + b + c + d) s−1
kJ mol−1
–
–

c
d

−0.17
−0.12

–
–
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OP1

Fig. 8 Temperature profiles
along the water gas shift reactor
for all four operating points

OP2
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-0.9 °C
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-0.2 °C
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Temeprature in °C

425

375
350

Measured

325

1.7 %
-6.6 °C

400

0.6 %
-2.2 °C

350

Measured

300

0

0.1

0.2

0.3

0.4

0

Catalyst bed height in m

0.1

0.2

0.3

0.4

Catalyst bed height in m

OP3

OP4

450

450

0.8 %
-3.2 °C

400

425

0.7 %
2.8 °C
Temeprature in °C

425

Temeprature in °C

Rel. error in %
Abs. error in °C

Calculated

325

300

1.4 %
-5.6 °C

375

Rel. error in %
Abs. error in °C

Calculated

2.6 %
-10.3 °C

0.7 %
-2.5 °C

375

2.1 %
8.3 °C

350

Measured

400

350

Measured

2.5 %
11 °C

2.9 %
12 °C

Rel. error in %
Abs. error in °C

Calculated

325

300

2.0 %
8.7 °C

375

Rel. error in %
Abs. error in °C

Calculated

325

4.8 %
21 °C

300

0

0.1

0.2

0.3

Catalyst bed height in m

For OP3, the temperature profiles show good agreement
for the first three measurement points. However, it seems that
the calculated heat losses in the improved model are too low
compared to the measured values, which explains the higher
calculated temperature profile at measurement points 4 and 5.
Consequently, the highest error occurred at the last measurement point.
OP4 shows the highest gap regarding the calculated
and the measured temperature profile which could be
explained by the fact, that this operating point processed
product gas with a lower STDGR of 1.2 compared to
the other operating points. For this operating point, the
chosen value of Ea was too low, which indicates that a
lower STDGR ratio has a negative effect on the kinetics. This is in agreement with Hla et al. [12], where the
authors observed that higher steam content increased the
reaction rate of the WGS reaction. However, the measurement points 3 to 5 indicate good agreement between
the calculated and measured heat losses.
Table 4 shows the calculated and measured values of the
gas compositions at the inlet and outlet of the WGS reactor.
The measured inlet concentrations were the boundary conditions for the calculation.
Overall, it can be seen that the error of the CO concentration is the highest of all measured and calculated components.

0.4

0

0.1

0.2

0.3

0.4

Catalyst bed height in m

However, the absolute error is quite low, which indicates a
good agreement of the measured and calculated values.
Taking a look at OP1, it can be seen that the measured and
calculated values show good agreement regarding the concentrations of H2, CO2, CH4, and N2. The relative error of CO is
higher than the relative errors of the other gas components.
However, the absolute error is about 1 %.
Looking at OP2, it can be seen that the absolute and relative
errors of the CO concentration are slightly higher than for OP1.
In addition, OP2 has a higher CO2 concentration than the CO
concentration at the inlet of the WGS reactor which can be attributed to a partial load operation of the gasification plant during
this measurement. At partial load operation, a higher steam to
fuel ratio leads to higher CO2 concentrations and, consequently,
to lower CO concentrations (compare [14]).
OP3 shows similar results as for OP1. However, the
overall errors are higher; especially, the CO concentration shows a higher relative error and a higher absolute
error compared to OP1.
OP4 shows, again, good agreement of the measured
and calculated concentrations at the outlet of the WGS
reactor. It shows again the highest relative error for the
CO concentrations. The absolute error of 0.9 % is also
in the same order of magnitude as for the other operating points.
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φH2
%

φCO
%

φCO2
%

φCH4
%

φN2
%

OP1
Inlet
Outlet measured
Outlet calculated
Rel. error
OP2
Inlet
Outlet measured
Outlet calculated

450
425

Temeprature in °C

Table 4 Concentrations at the inlet and outlet of the WGS reactor for
all operating points. The measured reactor inlet concentrations as well as
the measured and calculated reactor outlet concentrations are shown. The
H2 concentration of the measurements was calculated by closing the mass
balance as H2 could not be detected by the GC. The measurements were
single sample measurements; therefore, no standard deviation can be
given
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Fig. 9 Comparison of the temperature profile along the WGS reactor
between the measured data, the improved kinetic model, and the former
kinetic model using data from OP1

In contrast, the CH4 and N2 concentrations of the
former and improved are at the same level, which indicates, that CH4 and N2 did not take part in a reaction
and the error between the measured and calculated
values was caused by a measurement error. The small
deviation can be explained by the slightly higher volumetric dry gas flow rate if the former kinetic model is
employed for the calculation.

4 Conclusion and outlook
3.3 Comparison of the improved with the former model
In this section, the improved and the former kinetic model are
compared by using the experimental data from OP1. Figure 9
shows the comparison of the temperature profile between the
measured data, the improved kinetic model, and the former
kinetic model.
It can be seen that the temperature profile, which was calculated with the former kinetic model, shows significant deviation compared with the measured data and, therefore, also
with the improved kinetic model.
Table 5 shows the comparison of the volumetric fractions
of the gas components between the measured data, the improved kinetic model, and the former model.
It can be seen that the former kinetic model shows a higher
H2 and CO2 concentration and, consequently, a lower CO
content. This could be explained by the higher reaction rate
of the former kinetic model. In addition, the volumetric fractions of the former kinetic model are very close to the equilibrium composition at the given parameters.

In this paper, a former kinetic model for the water gas
shift reaction was improved with experimental data from
a water gas shift reactor which processed real product
gas from dual fluidized bed biomass steam gasification
and which employed a commercial Fe-/Cr-based catalyst. Both kinetic models, the former one and the improved one, considered a H 2 S amount of about
100 cm3 m−3 which is usually contained in the product

Table 5 Comparison of the volumetric fractions of the gas components
between the measured data, the improved kinetic model, and the former
model using data from OP1
φH2
(%)

φCO
(%)

φCO2
(%)

φCH4
(%)

φN2
(%)

Inlet
Outlet measured

38.9
48.9

25.4
3.4

20.7
35.0

10.5
9.0

4.5
3.7

Outlet improved
Outlet former

49.9
50.5

2.9
1.7

34.9
35.7

8.6
8.5

3.7
3.6
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gas generated from dual fluidized bed biomass steam
gasification.
rðφi ; T Þ ¼ 117:8


kJ 
−126:6 mol
mol
0:23 −0:17 −0:12
⋅exp
⋅p1:77
CO ⋅pH2O ⋅pCO2 ⋅pH2
R⋅T
g Pa1:71 s



K MAL
⋅ 1−
Kg
Furthermore, this improved kinetic model was validated with
the experimental data from four different operating points of the
water gas shift reactor.
In order to enhance the accuracy of the validation, the heat
losses of the water gas shift reactor, which play a significant
part in the energy balance, were also considered.
For the improvement of the former kinetic model and the
validation of the improved kinetic model, the gas composition
at the inlet and the outlet of the water gas shift reactor was
measured. In addition, the temperature profile along the catalyst bed of the reactor was recorded.
Overall, the validation showed good agreement of the
measured and calculated values for the gas compositions
and the temperature profiles of the water gas shift reactor. Of all considered gas components, the CO concentration showed the highest error. However, the highest
absolute error was about 1.5 % (relative error of
30.0 %). The highest absolute error of the temperature
profile was 21 °C (relative error of 4.8 %). In addition,
a low steam to dry gas ratio at the reactor inlet (from
1.2 and below), reduced the accuracy of the model.
Hence, these results qualify the presented improved kinetic
model for basic design and engineering of a water gas shift
reactor which employs a commercial Fe-/Cr-based catalyst
and which processes product gas derived from dual fluidized
biomass steam gasification if the steam to dry gas ratio at the
reactor inlet is set to about 1.5.
Furthermore, future work should focus on an additional kinetic model which considers a product gas
which is derived from the gasification of alternative
fuels like waste or, for example, plastic residues.
Abs, absolute; BDL, below detection limit; Cat, catalyst; CHP, combined heat and power; d.b., dry basis;
DFB, dual fluidized bed; DL, detection limit; FR, flow
record; GC, gas chromatograph; OP, operating point;
ORC, organic Rankine cycle; Rel, relative; RME, rapeseed methyl ester; STP, standard temperature and pressure (273.15 K and 101325 Pa); TX, thermocouple X
along the WGS reactor; TCD, thermal conductivity detector; WGS, water gas shift.
Greek Symbols α0 Heat transfer coefficient of the outer reactor wall to the ambient in W m−2 K−1
αConv Heat transfer coefficient of the outer reactor wall
caused by natural convection in W m−2 K−1
αR Heat transfer coefficient of the inner reactor wall in W
m−2 K−1

αRad Heat transfer coefficient of the outer reactor wall
caused by radiation in W m−2 K−1
β Thermal expansion coefficient of air in K−1
φi Volumetric fraction of component i in −
δI Insulation thickness in m
δS Reactor wall thickness in m
∈0 Emission coefficient of the thin aluminum layer in −
ΔG(T) Gibbs enthalpy as function of temperature in kJ
mol−1
ΔhR Enthalpy of formation for a certain temperature in kJ
mol−1
ΔH Enthalpy of formation at 298.15 K and 101,325 Pa in
kJ mol−1
Δ Q̇ ðzÞ Heat losses along the reactor in W
λ Heat conductivity of air in W m−1 K−1
λI Heat conductivity of the insulation in W m−1 K−1
λS Heat conductivity of the reactor wall in W m−1 K−1
v Kinematic viscosity of air in m2 s−1
ρS Catalyst bulk density
σ Stefan-Boltzmann constant in W m−2 K−4
Δz Differential height element of the reactor in m

Latin Symbols a Reaction exponent for CO in A Cross section of the reactor in m2
A0 Outer reactor surface in m2
Ai General inner cylindrical surface in m2
AI Mean logarithmic surface of the insulation in m2
Am General mean logarithmic surface in m2
Ao General outer cylindrical surface in m2
AR Inner reactor surface in m2
AS Mean logarithmic surface of the reactor in m2
b Reaction exponent for H2O in −
c Reaction exponent for CO2 in −
d Reaction exponent for H2 in −
d0 Outer reactor diameter in m
dI Inner reactor diameter including reactor wall and insulation in m
dR Inner reactor diameter in m
dS Inner reactor diameter including reactor wall in m
Ea Activation energy in kJ mol−1
Err Error in K
g Gravitational constant in m2 s−1
GHSV Gas hourly space velocity in h−1
Gr Grashof number in −
k0 Rate constant in mol g−1 Pa−(a + b + c + d) s−1
K Control variable for the finite difference approach in −
Kg Equilibrium constant calculated by thermo-physical
properties in −
KMAL Equilibrium constant calculated by the mass action
law in −
ṅ i Molar flow rate of component i in mol s−1
Nu Nusselt number in −
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p Absolute pressure in Pa
pi Partial pressure of component i in Pa
Pr Prandtl number in −
r Reaction rate in mol g−1 s−1
R General gas constant in J mol−1 K−1
RQ Overall heat transfer conductivity in W K−1
STDGR Steam to dry gas ratio in −
T Temperature in K
T0 Ambient temperature in K
TS Surface temperature of the thin Al layer of the insulation
in K
Tc , i Calculated temperature at thermocouple i in K
Tm , i Measured temperature at thermocouple i in K
VCat Catalyst bulk volume in m3
V ̇ Dry Volumetric dry gas flow rate at STP in m3 h−1
V ̇ H2O Volumetric steam flow rate at STP in m3 h−1
XCO CO conversion in −
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Dual ﬂuidized bed biomass steam gasiﬁcation generates a high caloriﬁc, practically nitrogen-free product
gas with a volumetric H2 content of about 40%. Therefore, this could be a promising route for a polygeneration concept aiming at the production of valuable gases (for example H2), electricity, and heat. In
this paper, a lab-scale process chain, based on state of the art unit operations, which processed a tar-rich
product gas from a commercial dual ﬂuidized bed biomass steam gasiﬁcation plant, is investigated
regarding H2 production within a polygeneration concept. The lab-scale process chain employed a water
gas shift step, two gas scrubbing steps, and a pressure swing adsorption step. During the investigations, a
volumetric H2 concentration of 99.9% with a speciﬁc H2 production of 30 g kg1 biomass was reached. In
addition, a valuable off-gas stream with a lower heating value of 7.9 MJ m3 was produced. Moreover, a
techno-economic assessment shows the economic feasibility of such a polygeneration concept, if certain
feed in tariffs for renewable electricity and H2 exist. Consequently, these results show, that the dual
ﬂuidized bed biomass steam gasiﬁcation technology is a promising route for a polygeneration concept,
which aims at the production of H2, electricity, and district heat.
© 2016 Elsevier Ltd. All rights reserved.
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1. Introduction
Today, the steam reforming of fossil fuels, mainly of natural gas,
is the state of the art technology for H2 production. After steam
reforming, the generated gas passes through a water gas shift
(WGS) unit and is ﬁnally fed into a pressure swing adsorption (PSA)
unit, where H2 with a purity higher than 99.999% can be produced
[1]. H2 from biomass within a polygeneration concept could be a
CO2 neutral alternative offering a high fuel utilization ratio
considering all products.
The dual ﬂuidized bed (DFB) biomass steam gasiﬁcation generates a product gas with a volumetric H2 content of about 40% using
biomass (wood chips) as feed stock. Therefore, this product gas
could be used for CO2 neutral H2 production as well as for electricity
generation if it is burned in gas engines. Moreover, the process heat
can be used for district heating. In addition, in previous experimental investigations, it was also shown that DFB biomass steam
gasiﬁcation is a suitable process for the production of Fischer-

* Corresponding author. Bioenergy2020þ GmbH, Wienerstrasse 49, 7540 Güssing, Austria.
E-mail address: michael.kraussler@bioenergy2020.eu (M. Kraussler).

Tropsch fuels as well as synthetic natural gas (SNG) [2,3]. Consequently, DFB biomass steam gasiﬁcation offers a route for the
simultaneous production of valuable gases (e.g. H2 or CH4), liquids,
electricity, and district heat. This concept is referred to as
polygeneration.
Several polygeneration processes have been comprehensively
investigated by different authors. For example, Gassner et al.
extensively investigated the polygeneration of SNG, power, and
district heat [4]e[6]. Moreover, Gale et al. [7] investigated FischerTropsch polygeneration concepts and Gao et al. [8], Li et al. [9], and
Liu et al. [10] investigated polygeneration concepts aiming mainly
at methanol production. In contrast, Tock and Marchal [11] investigated a polygeneration concept for H2 production based on
biomass and Kyriakarakos et al. [12] investigated a process aiming
the production of H2, potable water, and power based on wind
energy and solar energy.
Former experiments carried out by this research group have
investigated different process chains, which aimed at H2 production from the product gas generated by DFB biomass steam gasiﬁcation technology. The investigations were conducted at the site of
the commercial DFB biomass steam gasiﬁcation plant in Oberwart,
Austria, which is a plant for heat and power generation. However, in
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these investigations, the product gas was extracted after the tar
scrubber of the gasiﬁcation plant [13,14].
In contrast, recent research activities have shown that it is even
possible to operate a lab-scale WGS unit with tar-rich product gas
from the gasiﬁcation plant without experiencing catalyst deactivation [15]e[17]. Processing the tar-rich product gas gives advantages regarding the energy efﬁciency because it can be extracted at
a higher temperature (about 150 C) and with a higher volumetric
steam content (about 35%). Therefore, less heating and steam
addition is required before feeding the gas into a WGS unit.
This paper presents the investigations of a lab-scale process
chain for the simultaneous production of pure H2 and a valuable
off-gas, which can be used for heat and power generation. The
process chain was operated with tar-rich product gas extracted
from the commercial DFB biomass steam gasiﬁcation plant in
Oberwart and employed a WGS step, two gas scrubbing steps, and a
PSA step. Furthermore, a techno-economic assessment of the presented polygeneration process based on real gasiﬁcation plant data
and the experimental results was carried out.
2. Materials and methods
This section describes the process chain which was used for the
experimental investigations. It covers the gasiﬁcation plant and the
lab-scale process chain with a WGS step, gas scrubbing steps, and a
PSA step. A parameter study of the lab-scale process chain was
conducted prior to this investigation in order to ﬁnd suitable
operating parameters for the different units. In addition, the
methodology, which was used for the techno-economic assessment, is described.
2.1. The gasiﬁcation plant
The lab-scale process chain processed tar-rich product gas from
the industrial scale combined heat and power (CHP) gasiﬁcation
plant in Oberwart (fuel power 8 MW). Fig. 1 shows a simpliﬁed
ﬂowchart of the employed process.
The plant is based on the dual ﬂuidized bed (DFB) steam gasiﬁcation technology described in detail in Ref. [18]. The CHP plant
generates district heat and electricity with biomass (wood chips) as
feed stock. Information about the average feed stock composition
can be reviewed in Ref. [19].
Biomass is fed into the biomass dryer and, subsequently, into a
screw conveyor which transports the biomass into the gasiﬁer. In
the gasiﬁer, the biomass is in contact with steam (steam to fuel
ratio, d.a.f., of about 0.5) and the bed material (olivine) at about
850 C. The resulting product gas has a volumetric composition of
about 40% H2, 25% CO, 22% CO2, 10% CH4, as well as minor amounts
of CxHy, N2, and sulfur components. Furthermore, the product gas
has a lower heating value (LHV) of up to 14 MJ m3 (d.b.) and a dust
content of about 26 g m3 [19].
In the subsequent process steps, the product gas is cooled and
passes through a bag house ﬁlter. The bag house ﬁlter has a particle
separation efﬁciency of more than 99%. Therefore, a practically dust
free product gas can be assumed after the ﬁlter [20]. In addition, in
the following rapeseed methyl ester (RME) gas scrubber, the
product gas is cooled from about 150 to 40 C, therefore, tar, steam,
and other condensable fractions of the product gas are removed
before the product gas is fed into the gas engines for electricity
generation. Heat from the ﬂue gas line is mainly recovered for the
process and for district heating. Fly ash is removed before the ﬂue
gas is released into the atmosphere.
It is possible to extract a partial ﬂow of the product gas for
experimental work from an extraction point located before the
RME gas scrubber (see Fig. 1). The tar content of the gas extracted

before the RME gas scrubber is signiﬁcantly higher (about 9 g m3
GCMS tar [19]) than after the RME gas scrubber (about 3 g m3
GCMS tar [19]), which is a challenge for the reliable operation of the
subsequent process chain. However, the tar-rich product gas has a
higher temperature and a higher volumetric steam content (about
150 C and 35%) compared to the gas extracted after the RME
scrubber (temperature about 40 C and volumetric steam content of
about 7%). Therefore, the tar-rich product gas shows advantages
regarding the energy efﬁciency because the gas needs less heating
and less additional steam before processing in a WGS reactor. A
detailed description of the process and the CHP plant can be found
in Refs. [13,20,21].
2.2. The lab-scale process chain
This section describes the lab-scale process chain which processed the tar-rich product gas extracted from the gasiﬁcation plant
in order to generate H2 and a valuable off-gas stream. Fig. 2 shows a
simpliﬁed ﬂowchart of the process chain where I to V indicate the
gas sampling points. The process chain employed a WGS unit, an
RME scrubber, a glycol scrubber, and a PSA unit for the ﬁnal gas
separation. These different units are discussed below.
2.2.1. The water gas shift unit
The aim of the water gas shift unit was the conversion of CO to
H2 according to Equation (1).

CO þ H2 O#H2 þ CO2

DH ¼ 41:1kJ$mol1

(1)

The WGS unit consisted of three ﬁxed bed reactors (A, B, and C)
in series ﬁlled with a commercially available Fe/Cr based catalyst.
Each catalyst bed had a diameter of about 9 cm and a bed height of
about 40 cm resulting in a catalyst volume of approximately
2.5 dm3 in each reactor. The activation procedure of the catalyst
before the operation is described in detail in Ref. [21].
Along the height of each reactor, seven type J thermocouples
were installed in order to record the temperature proﬁle along the
reactors. At the inlet and outlet of each reactor, the gas stream could
be heated or cooled in order to achieve the desired gas inlet,
respectively, outlet temperatures.
Before the inlet (I, Fig. 2) of the ﬁrst reactor, steam was added to
assure a high steam content in the processed gas in order to avoid
coking and carbon deposition on the catalyst surface. The WGS unit
was operated at ambient pressure and the gas inlet temperature
was set to about 350 C (I, Fig. 2).
In previous experiments, the WGS unit was operated with a tarrich product gas for more than 2250 h in order to prove the stability
of the catalyst under the conditions of a tar-rich product gas. During
that investigation, no catalyst deactivation could be observed [16].
2.2.2. The gas scrubbing units
Two gas scrubbing units were employed after the WGS unit in
order to remove tar and NH3 from the processed gas. In addition,
steam should be condensed.
The ﬁrst scrubbing device, which is referred to as the RME
scrubber, used RME as the scrubbing ﬂuid. In past investigations, it
turned out that RME is a good solvent for tar [22]. The RME
scrubber was operated at ambient pressure and at a temperature of
about 15 C. Therefore, the tar-rich gas stream was cooled and,
consequently, tar was condensed and dissolved in the RME.
Furthermore, steam contained in the gas stream was condensed
and most of the NH3 was dissolved in the condensed steam. Some
RME in the scrubber was continually removed and replaced with
fresh RME in order to avoid saturation with tar.
After the RME scrubber, the processed gas passed through a
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Fig. 1. Simpliﬁed ﬂowchart of the gasiﬁcation plant in Oberwart, Austria.

Fig. 2. Simpliﬁed ﬂowchart of the investigated lab-scale process chain. I, II, III, IV, and V indicate sampling points for measurements.

glycol scrubber which was also operated at ambient pressure but at
a lower temperature of about 5 C, in order to condense the
remaining steam and other remaining minor condensable impurities. The glycol in the scrubber was also continually removed and
replaced with fresh glycol in order to avoid saturation as well.
Therefore, after the glycol scrubber, a dry gas stream could be
assumed which was, subsequently, led to the compressor of the PSA
unit.

2.2.3. The pressure swing adsorption unit
The ﬁrst part of the PSA unit was a compression of the dry gas
stream (feed) to an absolute pressure of 0.4 MPa. The compressed
gas stream was subsequently led to the second part of the PSA.

This second part consisted of four pressure vessels, each one
ﬁlled with about 4.7 dm3 of activated carbon (Norit RB 2). The four
pressure vessels were interconnected with automated valves in
order to enable a continuous operation of the PSA unit. When the
activated carbon in one of the pressure vessels reached saturation,
it was regenerated by removing the adsorbed gas components via
lowering the pressure to about 0.02 MPa. These gas components
were extracted from the bottom of the pressure vessel and are
referred to as adsorbate (off-gas). The high pressure product is
referred to as rafﬁnate and was, during this investigation, pure H2.
The different gas components have different adsorbing behaviors with the activated carbon. Looking at the main gas components
of the processed gas, the adsorption strength can be described by
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the following relation: CO2 > CH4 > CO > H2 [1]. This means that
CO2 is preferably adsorbed on the activated carbon and, therefore,
better removed from the feed gas stream than, for example, H2.
Hence, activated carbon is a suitable adsorbent for the production
of pure H2.
In order to ﬁnd suitable operating parameters for the PSA unit, a
parameter study was carried out before the test run of the whole
process chain. During the study, the adsorption pressure and the
adsorption time was varied.

the amount of that component in two different streams. It is an
indicator of a unit's efﬁciency at separating; in this paper, especially
of the PSA unit.

Ui ¼

4i;IV $V_ IV
4 $V_ III

(4)

i;III

2.3. Gas analytics

2.5. Techno-economic assessment

A gas chromatograph (GC, Clarus 500™ from Perkin Elmer) was
used to measure the gas composition at the sampling points I to V
(Fig. 2). A small analytical gas stream was led through two gas
washing bottles ﬁlled with glycol at a temperature of about 5 C in
order to condense the steam. Therefore, a dry gas stream could be
assumed after the two gas washing bottles. The dry gas stream
passed another gas washing bottle ﬁlled with glass wool in order to
prevent aerosols from entering the GC. After the glass wool ﬁlter, a
gas meter recorded the volumetric dry gas ﬂow.
In the GC, a thermal conductivity detector (TCD) enabled the
quantiﬁcation of CO, CO2, CH4, N2, O2, C2H6, C2H4, and C2H2 with
two different columns (70 HayeSep N, 60/80 1/800 SF and 90 molecular sieve 13x 45/60, 1/800 SF). The C2 species were summarized and
are referred to as C2Hy. The H2 content was calculated by closing the
mass balance. Furthermore, H2, CO, CO2, and CH4 are referred to as
the main gas components.
In order to measure the steam content, the gas was sent through
the glycol gas washing bottles at 5 C for a certain time. Subsequently, the volumetric dry gas ﬂow was recorded with a gas meter.
By weighing the gas washing bottles before and after a certain time,
the water content was determined. Subsequently, the volumetric
ﬂow rates were calculated with the water balance.
In this paper, all gas volumes and volumetric gas ﬂow rates are
given at standard temperature and pressure (STP, 273.15 K and
101325 Pa).
In addition, the least squares method, using the numerical
software package Scilab™, was applied to the WGS and PSA unit in
order to ﬁnd a balanced solution for the composition of all gas
streams and for the volumetric ﬂow rates. This approach of data
reconciliation includes the standard deviation of every single
measured value (compare [23]).

Based on real gasiﬁcation plant data and the experimental results, a techno-economic assessment for the production of H2,
electricity, and district heat was carried out. Fig. 3 shows the process concept for the techno-economic assessment. Wood chips
(fuel power of 8 MW) are converted in the DFB gasﬁcation unit into
the product gas. The product gas is fed into a WGS unit, where CO is
converted with steam into additional H2 and CO2. Then, the product
gas is fed into the RME scrubber, where tar is removed and the
remaining steam is condensed. Furthermore, the gas is fed into a
PSA unit were H2 is separated. The adsorbate of the PSA unit is fed
into a gas engine for electricity and district heat generation. In
addition, heat, which is not needed for the process is also used for
district heat generation. Moreover, a partial ﬂow of the product gas
is used as fuel for the combustion reactor of the DFB gasiﬁcation
system.
The techno-economic assessment is based on the approach
described in Brown [24]. Data for the DFB gasiﬁcation unit are
based on Wilk and Hofbauer [19] and on data from the operators of
the gasiﬁcation plant Oberwart. Data for the other unit operations
are based on the experiments described in this work.
The investment costs were estimated based on the information
of a plant manufacturer and on expert talks. Investment costs from
a different year than 2016 were adjusted using the chemical engineering plant cost index (CEPI). Additionally, the plant start-up
expenses were considered with 10% of the calculated capital costs.
The production costs were split into detailed estimates and
factored estimates. The detailed estimates were calculated on
actual 2016 prices of material and energy streams based on the
information of the plant operators of the gasiﬁcation plant Oberwart. Table 1 gives an overview about the considered production
costs.
In addition, it was assumed, that the renewable electricity feedin tariff is higher than the electricity costs for the plant. Therefore,
all electricity, which is needed for plant operation, is extracted from
the grid.
Further assumptions were a staff of ﬁve employees in order to
maintain a twenty-four-seven operation of the plant. In addition,
the plant should operate for 8000 h per year in a 20 years lifetime.
The techno-economic assessment was based on the net present
value (NPV).

2.4. Key ﬁgures
The following key ﬁgures (Equations (2)e(4)) describe the
operating conditions as well as results along the process chain.
The gas hourly space velocity (GHSV, see Equation (2)) indicates
the stress of the catalyst in a chemical reactor. The GHSV was
calculated for the ﬁrst reactor of the WGS unit.

GHSV ¼

V_ I
VCat

(2)

The steam to dry gas ratio (STDGR, see Equation (3)) describes
the relative amount of steam along the WGS unit, which is very
important for an adequate operation of the catalyst. It must not be
too low in order to avoid coking and carbon deposition on the
surface of the catalyst employed in the WGS unit.

STDGR ¼

V_ H2 O;I
V_ I

(3)

The recovery of a component i (see Equation (4)) is the ratio of

3. Results and discussion
This section discusses the results that were gathered with the
lab-scale process chain during the investigations at the CHP plant
Oberwart. A parameter study with the PSA unit was carried out
prior to the investigation in order to determine the optimum process chain parameters for the production of H2 and a valuable offgas within a polygeneration concept based on DFB biomass steam
gasiﬁcation. Furthermore, the results of the techno-economic
assessment are discussed.
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Fig. 3. Polygeneration concept for the techno-economic assessment.

Table 1
Production cost estimates (based on Ref. [24]).

Raw materials
Operating labor
Utilities
Employee beneﬁts
Supervision
Laboratory
Maintenance
Insurance and taxes
Operating supplies
Plant overhead
Depreciation

0.4 MPa
Factored estimates

Based on plant data
Based on plant data
Based on plant data
22% of operating labor
10% of operating labor
10% of operating labor
6% of investment costs
3% of investment costs
3% of investment costs
1% of investment costs
Investmentcosts
Plantlifetime

Raﬃnate H2 frac on in m3 m-3

Detailed estimates

100%

3.1. Parameter study of the pressure swing adsorption unit

90%

AdsorpƟon pressures
0.2 and 0.4 MPa

80%
0.2 MPa
70%

Feed composiƟon
H2 50.4 %
CO 1.9 %
CO2 36.1 %
CH4 8.4 %

60%

50%
0
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400
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Adsorp on me in s
Fig. 4. Rafﬁnate H2 fraction over the adsorption time.

100%

AdsorpƟon pressures
0.2 and 0.4 MPa

0.2 MPa

80%
Raﬃnate H2 recovery

Based on previous experiences (see Refs. [13] and [14]), this
section shows the results of the parameter study, which was carried
out with the PSA unit prior to the test run of the whole process
chain. Fig. 4 shows the proﬁle of the rafﬁnate H2 fraction over the
adsorption time. It can be seen that with increasing adsorption time
the H2 purity decreased. In addition, at the same adsorption time, a
higher adsorption pressure increased the H2 purity.
Fig. 5 shows the proﬁle of the rafﬁnate H2 recovery over the
adsorption time.
A higher adsorption time led to an increased H2 recovery.
Furthermore, a higher adsorption pressure lowered the H2
recovery.
Fig. 6 shows the proﬁle of the rafﬁnate H2 fraction over the
rafﬁnate H2 recovery. It summarizes the results of Figs. 4 and 5. It
shows that there was a trade-off between H2 purity and H2 recovery. However, it also shows that a higher overall adsorption
pressure increased the purity of the H2 at constant H2 recovery.
Therefore, the operating point with an adsorption pressure of
0.4 MPa and an adsorption time of 300 s was chosen for the
operation.

Adsorbent
Ac vated carbon

0.4 MPa

60%

Adsorbent
Ac vated carbon

40%

Feed composiƟon
H2 50.4 %
CO 1.9 %
CO2 36.1 %
CH4 8.4 %

20%

0%
3.2. Operation of the whole process chain
Table 2 shows the main operating parameters of the process
chain that were chosen for the investigation. The GHSV and the
STDGR of the ﬁrst reactor of the WGS unit were on the same order
of magnitude as in previous experiments (see Refs. [14], [15], [16],
and [17]). The adsorption pressure pAds and the adsorption time tAds
were chosen in order to obtain a good compromise between H2

0

200

400

600

800

Adsorp on me in s
Fig. 5. Rafﬁnate H2 recovery over the adsorption time.

purity and H2 recovery as discussed in the previous section. In
addition, as further requirement for the process, the adsorbate
should also be suitable for combustion in a gas engine.
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Table 3
Temperatures, pressures, and volumetric dry gas ﬂow rates along the lab-scale
process chain.

100%

Raﬃnate H2 frac on in m3 m-3

0.4 MPa
90%

T
p
V_ x

AdsorpƟon pressures
0.2 and 0.4 MPa

80%

I

II

III

IV

V

Units

350
0.1
1.2

150
0.1
1.4

5
0.1
1.4

20
0.4
0.4

20
0.1
1.0


C
MPa
m3 h1

0.2 MPa

70%

Feed composiƟon
H2 50.4 %
CO 1.9 %
CO2 36.1 %
CH4 8.4 %

60%

Adsorbent
Ac vated carbon

50%
0%

20%

40%

60%

80%

100%

Raﬃnate H2 recovery
Fig. 6. Rafﬁnate H2 fraction over the rafﬁnate H2 recovery.

Table 3 shows the temperatures, pressures, and volumetric dry
gas ﬂow rates along the process chain at the sampling points I to V
(compare Fig. 2). The product gas which was extracted from the
gasiﬁcation plant had a temperature of about 150 C with a steam
content of about 35%. Before being processed in the WGS unit,
steam was added to the gas stream and the resulting gas stream
was subsequently heated up to the reactor inlet temperature of
about 350 C (I, Table 3).
Along the ﬁrst reactor of the WGS unit (reactor A), the temperature increased up to 420 C because of the exothermic nature of
the WGS reaction. The gas inlet temperature of reactors B and C was
also set to about 350 C. However, because of the unfavorable
temperature level for the equilibrium composition of the gas
stream before reactors B and C, nearly no WGS reaction occurred.
Consequently, the heat losses along reactors B and C exceeded the
temperature increase and the gas stream left reactor C at about
320 C. Along the WGS unit, there came about an increase of the
volumetric dry gas ﬂow rate by a factor of 1.15 due to the WGS
reaction.
Before entering the RME scrubber, the gas stream was cooled to
about 150 C (II, Table 3). In the RME scrubber, the gas stream was
cooled to about 15 C. Therefore, tar and steam condensed and NH3
was dissolved in the condensate. After the RME scrubber, the gas
stream entered the glycol scrubber, which cooled the gas to
about 5 C. Consequently, the remaining steam and minor impurities were condensed and separated from the gas stream (III,
Table 3).
Based on a more than 2250 h lasting operation of the WGS unit
employing the same Fe/Cr based catalyst wand processing tar-rich
product gas (compare [16]), it can be assumed, that the higher tar
content does not cause deactivation of the catalyst, if a certain
steam to dry gas ratio is adhered. In addition, the results in
Refs. [14,16,17] indicate, that no problems related to the higher tar
or NH3 content can be expected if the process chain is operated
with tar-rich product gas. Subsequently, the gas stream was

Table 2
Main operating conditions of the lab-scale process chain. GHSV and STDGR are given
for the inlet of the ﬁrst WGS reactor.
GHSV
h1

STDGR

pAds
MPa

tAds
s

483

1.5

0.4

300

compressed to 0.4 MPa before entering the PSA unit, where the gas
stream was split into the rafﬁnate (IV, Table 3) and the adsorbate (V,
Table 3).
Table 4 shows the measured dry gas compositions along the
process chain. It can be seen that the extracted tar-rich product gas
contained about 38.7% H2 (I, Table 4). Along the WGS unit, the H2
concentration was increased to 50.4% (II, Table 4). Along the
scrubbing devices (RME and glycol), no change in the main gas
composition could be observed. Furthermore, in the rafﬁnate of the
PSA unit, (IV, Table 4) an H2 concentration of 99.9% was measured.
The CO content in the extracted product gas could be lowered
from 26.0% to 1.9% along the WGS unit (I and II, Table 4). In reactor
A, the CO content was decreased from 26.0% to about 4.0%, which
was close to the equilibrium composition. In reactors B and C, the
CO content was lowered to 1.9%. The reason for the low CO conversion in reactors B and C was the unfavorable temperature level
for the equilibrium composition.
The CO2 concentration increased from 21.5% to 36.1% along the
WGS unit due to the WGS reaction (I and II, Table 4).
The CH4 in the extracted product gas was lowered from 9.8% to
8.4% (I and II, Table 4) which can be attributed to the higher volumetric dry gas ﬂow rate after the WGS unit (factor 1.15). Based on
these results and other investigations (see Refs. [14e17,21]), it can
be assumed that there were no reactions with CH4 within the WGS
unit.
Table 5 shows the rafﬁnate recoveries of the main gas components within the PSA unit. It can be seen that activated carbon is a
suitable adsorbent for H2 production based on the product gas from
biomass steam gasiﬁcation with the chosen operating conditions.
More than the half of the H2 which was contained in the product
gas after the WGS unit was found as a high pressure and high purity
product in the rafﬁnate stream of the PSA unit. In addition, CO, CO2,
and CH4, were effectively separated and could be found in the
adsorbate stream of the PSA unit.
Fig. 7 shows a Sankey diagram of the main gas components'
volumetric ﬂow rates along the investigated process chain. It indicates, that the rafﬁnate stream (IV, Fig. 7) effectively contained
practically only H2 and the adsorbate stream (V, Fig. 7) contained H2
as well as all the CO, CH4, and CO2. Moreover, based on a speciﬁc
overall product gas production in the gasiﬁcation plant of about
1 m3 kg1 biomass on a dry and ash free basis (Kirnbauer [25] gives
a factor of 1.18 and Wilk [19] gives a factor of 0.9), a speciﬁc production of pure H2 of about 30 g kg1 biomass (d.a.f.) (or

Table 4
Volumetric dry gas compositions along the process chain (DL ¼ 2 cm3 m3). The
measurements were validated with the least squares method in order to ﬁnd the
balanced solution.

I
II
III
IV
V

4H2
m3 m3

4CO
m3 m3

4CO2
m3 m3

4CH4
m3 m3

4C2 Hy

m3 m3

4N2
m3 m3

4O2
m3 m3

38.7%
50.4%
50.4%
99.9%
30.2%

26.0%
1.9%
1.9%
0.002%
2.7%

21.5%
36.1%
36.1%
0.04%
50.8%

9.8%
8.4%
8.4%
0.015%
11.9%

2.5%
2.0%
2.0%
0.01%
2.8%

1.4%
1.2%
1.2%
0.04%
1.6%

0.07%
0.02%
0.02%
0.015%
0.015%
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Table 5
Recovery of the main gas components within the rafﬁnate of the PSA unit.

UH 2

UCO

UCO2

UCH4

e

e

e

e

57.31%

0.030%

0.032%

0.052%

0.33 m3 kg1) was reached after passing through the whole process
chain. However, based on the given product gas composition in this
paper, an ideal CO conversion in the WGS unit, and an ideal separation in the PSA unit, a speciﬁc production of pure H2 of about
46 g kg1 biomass (d.a.f.) would be possible. Therefore, the investigated process chain achieved an H2 production efﬁciency of about
65%.
In contrast, Fig. 8 shows the sankey diagram of the mass ﬂows of
the main gas components. It shows, that the PSA unit has to
separate a signiﬁcant amount of CO2. Hence, for a scale-up of the
process chain, an additional CO2 separation unit could be
considered.
Fig. 9 shows a Sankey diagram of the energy streams of the main
gas components based on their LHV.
It can be seen that the CH4 accounted for about one-third of the
energy content of the extracted product gas (I, Fig. 9). The CO2 is not
shown because it does not contribute to the LHV but dilutes and,
therefore, lowers the LHV of the gas streams. Along the WGS unit,
the overall energy content of the gas stream decreased because of
the exothermic WGS reaction and the conversion of CO to H2 and
CO2 leading to an overall feed energy stream of 3.4 kW (II and III,
Fig. 9). Furthermore, the chosen PSA parameters led to an energy
distribution of 35% to the rafﬁnate (IV, Fig. 9) and 65% to the
adsorbate (V, Fig. 9). Hence the rafﬁnate stream had a LHV of
10.8 MJ m3 and the adsorbate stream had a LHV of 7.9 MJ m3.
Therefore, based on the fuel data of the gasiﬁcation plant (see
Ref. [19]) - LHV of 18.3 MJ m3 and H2O mass fraction of 32% - a fuel
based rafﬁnate efﬁciency of 20.8% and a fuel based adsorbate efﬁciency of 37.3% was reached. Consequently, the adsorbate stream
could be used as fuel for the combustion reactor of the DFB process
and/or as fuel for a gas engine for electricity and heat generation as
one option within a polygeneration concept. Additionally, the lower
H2 content in the adsorbate, compared to the product gas, would
reduce any knocking tendency in a gas engine.
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3.3. Techno-economic assessment
In this section, the results of the techno-economic assessment
are presented. Table 6 shows the main energy streams of the polygeneration plant. It can be seen, that the polygeneration process
reaches an overall efﬁciency of about 70%, which is about the same
order of magnitude as the commercial gasiﬁcation plant for CHP in
Güssing [26]. The H2 efﬁciency is about 21%, the electrical efﬁciency
is about 12.5%, and the district heat efﬁciency is about 36%.
Table 7 shows the results of the assessment of key ﬁgures which
were the basis for the NPV calculation.
Fig. 10 shows the necessary H2 price for a NPV equal zero at
given electricity and district heat prices. It indicates, that, in order
to reach a NPV equal zero, a H2 price between 0.200 and 0.300
EUR kWh1 (6.65 and 9.98 EUR kg1) is necessary at typical prices
for renewable electricity (0.150 EUR kWh1) and district heat
(0.040 EUR kWh1). However, the results show, that certain feed in
tariffs are needed in order for economic feasibility of the presented
polygeneration concept.
4. Conclusion and outlook
The investigations showed that dual ﬂuidized bed biomass
steam gasiﬁcation technology is a suitable route for a polygeneration process which can produce valuable gases (for example H2),
electricity, and district heat. Tar-rich product gas was extracted
from a commercial dual ﬂuidized bed biomass steam gasiﬁcation
plant and processed in a lab-scale process chain which employed
state of the art unit operations. Those unit operations were a water
gas shift unit, a rapeseed methyl ester scrubber, a glycol scrubber,
and a pressure swing adsorption unit. The gasiﬁcation plant and the
process chain enabled a ﬂawless production of H2 and a valuable
off-gas which could be used as fuel for gas engines in order to
generate electricity and heat.
During the investigations, an H2 purity of 99.9% as well as an H2
recovery of more than 57.3% was obtained with the PSA unit.
Consequently, a speciﬁc H2 production of 30 g kg1 biomass was
reached. This value is lower than the value described in Ref. [14],
where a speciﬁc H2 production of 46 g kg1 was reached. However,
in Ref. [14], the pressure swing adsorption unit was operated with a
higher adsorption pressure (0.6 MPa), which allowed a higher H2
recovery at nearly the same H2 purity. Moreover, in Ref. [27], the

Fig. 7. Sankey diagram of the main gas components volumetric ﬂow rates (H2, CO, CO2, and CH4) along the lab-scale process chain. Volumetric ﬂow rates are given in m3 h1 at STP.
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Fig. 8. Sankey diagram of the main gas components mass ﬂow rates (H2, CO, CO2, and CH4) along the lab-scale process chain. Mass ﬂow rates are given in kg h1.

Fig. 9. Sankey diagram of the energy streams of the main gas components (H2, CO, and CH4) along the lab-scale process chain based on their LHV. All energy streams are given in
kW.

Table 6
Assumptions for the techno-economic assessment.

Fuel power
H2 power
Electricity power
District heat

Values

Units

8.0
1.7
1.0
2.9

MW
MW
MW
MW

Table 7
Techno-economic key ﬁgures for the 8 MW fuel power polygeneration concept
based on DFB biomass steam gasiﬁcation for a plant in Austria in 2016.

Investment costs
Plant lifetime
Expenses
Tax rate
Depreciation
Discount rate

Values

Units

13 200 000
20
4 680 643.94
25%
660 000.00
10%

EUR
a
EUR a1
e
EUR a1
e

authors give a maximum speciﬁc biomass based H2 yield of
165 g kg1 considering ideal steam reforming and water gas shift
reaction. In addition, the generated adsorbate stream had a lower
heating value of 7.9 MJ m3.
In order to optimize the H2 production, future work could focus
on the steam reforming and subsequent recycling of the adsorbate
stream in order to further increase the H2 yield of the process.
However, if polygeneration (simultaneous production of H2, electricity, and district heat) is employed, the adsorbate stream should
be used as fuel for the combustion reactor of the dual ﬂuidized bed
gasiﬁcation system and/or as fuel for the combustion in gas engines
for the generation of electricity and heat.
The techno-economic assessment showed, that a proﬁtable
operation of the plant would be possible if certain feed in tariffs for
renewable electricity and renewable H2 exist.
In order to improve the process, the CO2 after the water gas shift
unit could be removed in order to increase the H2 recovery as well
as increase the lower heating value of the adsorbate of the pressure
swing adsorption unit. Therefore, different CO2 separation technologies should be evaluated for their suitability for the tar-rich
product gas generated by the dual ﬂuidized bed biomass steam
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STP
TCD
WGS

9

Standard temperature and pressure (273.15 K and
101325 Pa)
Thermal conductivity detector
Water gas shift

Symbols
4i
Volumetric fraction of component i in m3 m3
Ui
Recovery of component i in %
GHSV
Gas hourly space velocity in h1
DH
Enthalpy of formation at 298.15 K and 101325 Pa in kJ
mol1
LHV
Lower heating value in MJ m3
VCat
Catalyst volume in m3
Overall volumetric dry gas ﬂow rate at position x at STP in
V_ x
m3 h1

V_ H2 O;x
p
pAds
STDGR
T
tAds
Fig. 10. H2 price in dependence of the electricity price and district heat price for a NPV
equal zero.

gasiﬁcation plants. Furthermore, the process chain should be
simpliﬁed by using only one water gas shift reactor as most of the
CO conversion takes place there.
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Abbreviations and acronyms
I, II, III, IV, V Sampling point positions along the lab-scale process
chain
BDL
Below detection limit
CEPI
Chemical engineering plant cost index
CHP
Combined heat and power
d.a.f.
Dry and ash free
d.b.
Dry basis
DFB
Dual ﬂuidized bed
DL
Detection limit
GC
Gas chromatograph
GCMS
Gas chromatography mass spectroscopy
NPV
Net present value
ORC
Organic Rankine cycle
PSA
Pressure swing adsorption
RME
Rapeseed methyl ester

Volumetric steam ﬂow rate at position x at STP in m3 h1
Absolute pressure in MPa
Adsorption pressure in MPa
Steam to dry gas ratio in Temperature in  C
Adsorption time in s
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h i g h l i g h t s
 A process chain was operated with product gas from a biomass gasification plant.
 A WGS unit, scrubbing units, and a PSA unit were employed.
 A parameter study was carried out in order to find optimum operating parameters.
 A H2CH4 gas mixture with a Wobbe index close to the Wobbe index of CH4 was produced.
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a b s t r a c t
This work presents an experimental approach aiming the production of a gas mixture composed of H2
and CH4, which should serve as natural gas substitute in industrial applications. Therefore, a lab-scale
process chain employing a water gas shift unit, scrubbing units, and a pressure swing adsorption unit
was operated with tar-rich product gas extracted from a commercial dual fluidized bed biomass steam
gasification plant. A gas mixture with a volumetric fraction of about 80% H2 and 19% CH4 and with minor
fractions of CO and CO2 was produced by employing carbon molecular sieve as adsorbent. Moreover, the
produced gas mixture had a lower heating value of about 15.5 MJm3 and a lower Wobbe index of about
43.4 MJm3, which is similar to the typical Wobbe index of natural gas.
Ó 2017 Elsevier Ltd. All rights reserved.

1. Introduction
Today, natural gas is a very important energy carrier for different industries. In Austria, its demand contributed to about 20% of
the overall annual energy consumption in 2015 (compare EControl (2017), Austria (2017)). Nevertheless, its consumption also
leads to significant CO2 emissions due to its fossil origin.
Gas mixtures composed of H2 and CH4 (sometimes referred to
as hythane) were extensively investigated for usage in internal
combustion engines in order to supplement compressed natural
gas as car fuel, for example in Larsen and Wallace (1997), Ortenzi
et al. (2008) and Sierens and Rosseel (2000). Some authors, for
Nelsson et al. (2010), refer to hythane as blend with a maximum
volumetric H2 content of 20% in CH4. In this work, the authors refer
⇑ Corresponding author at: BIOENERGY 2020+ GmbH, Wienerstrasse 49, 7540
Güssing, Austria and TU Wien, Institute of Chemical, Environmental and Biological
Engineering, Getreidemarkt 9, 1060 Wien, Austria
http://dx.doi.org/10.1016/j.biortech.2017.03.040
0960-8524/Ó 2017 Elsevier Ltd. All rights reserved.

to H2CH4 as gas mixture consisting of any H2 to CH4 ratio. Verhelst
and Wallner (2009) report that, due to the similarity of the Wobbe
index of H2 and CH4, a gas mixture composed of those components
could be used as fuel, for example, for cars, for gas boilers, or for
industrial applications and, therefore can supplement fossil CH4
in natural gas grids. The Wobbe index (according to DIN 51857)
describes the flow of energy through a given throttle at a given
pressure Klell et al. (2012). However, another important factor,
which has to be considered according to Dekate et al. (2013), is
material compatibility because of the higher H2 content.
Several authors investigated different pathways for CO2 neutral
production of a H2CH4 gas mixture. For example, Cavinato et al.
(2012) investigated a production route based on dark fermentation
of food waste and Elreedy et al. (2015) investigated a production
route from petrochemical waste water. Additionally, Roy and Das
(2016) give an overview about the present state of biohythane production from organic waste. In contrast, in this work, the authors
carried out an experimental approach in order to generate a
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Abbreviations and acronyms
A, B, C
CHP
CMS
d.b.
DFB
GC
GCMS
H2CH4
ORC
PSA
RME
SNG
STP
TCD
WGS

sampling points along the lab-scale process chain
combined heat and power
carbon molecular sieve
dry basis
dual fluidized bed
gas chromatograph
gas chromatography mass spectroscopy
gas mixture composed of H2 and CH4 (sometimes referred to as hythane)
organic Rankine cycle
pressure swing adsorption
rapeseed methyl ester
synthetic natural gas
standard temperature and pressure (273.15 K and
101325 Pa)
thermal conductivity detector
water gas shift

H2CH4 gas mixture from real product gas from a commercial biomass steam gasification plant using a simple lab-scale process
chain.
The dual fluidized bed (DFB) biomass steam gasification technology is a well established process in order to convert biomass
into a product gas mainly consisting of H2, CO, CO2, and CH4, where
H2 and CH4 account for about 72% of the lower heating value (LHV).
At commercial scale, the product gas is burnt in gas engines for
combined heat and power (CHP) (compare Pröll et al. (2007),
Wilk and Hofbauer (2016)). Furthermore, the product gas has been
extensively used for experimental investigations in the past. For
example, for H2 production (see Fail (2014), Fail et al. (2014),
Diaz (2013), Kraussler et al. (2015), Kraussler et al. (2016a),
Kraussler et al. (2016b)), for production of synthetic natural gas
(SNG) according to Rehling et al. (2011), for Fischer–Tropsch synthesis in Sauciuc et al. (2012), and for production of mixed alcohols
according to Weber et al. (2015). In addition, a polygeneration concept, aiming the production of H2, electricity, and district heat was
experimentally investigated by Kraussler et al. (2016c).
This work presents an experimental approach to produce a
H2CH4 gas mixture from biomass (wood chips) for substitution of
natural gas in industrial applications. Therefore, a lab-scale process
chain was operated with tar-rich product gas which was extracted
from a commercial and industrial scale 8 MW (fuel power) DFB
1

biomass steam gasification plant. About 0:8 m3  h of real product
gas were extracted and processed in the lab-scale process chain,
which employed a water gas shift (WGS) unit, scrubbing units,
and a pressure swing adsorption (PSA) unit, which operated at an
absolute pressure of 0.6 MPa. A parameter study was conducted
in order to reach suitable fuel parameters, especially, a suitable
Wobbe index of the produced H2CH4 gas mixture.
2. Materials and methods
2.1. The gasification plant
The investigated lab-scale process chain was operated with tarrich product gas from the industrial scale CHP gasification plant in
Oberwart, Austria. Fig. 1 shows a simplified flowchart of the process. The plant employs the DFB steam gasification technology
described in detail in Pröll et al. (2007) and Wilk and Hofbauer

Symbols

ui
Xi

xi
GHSV
DH
LHV
LWO
V Cat
V_ x
V_ H2 O;x
pAds
STDGR
T
t Ads

volumetric fraction of component i in m3m3
recovery of component i in %
mass fraction of component i in kgkg1
gas hourly space velocity in h1
enthalpy of formation at 298.15 K and 101325 Pa in
kJmol1
lower heating value in MJm3
lower Wobbe index in MJm3
catalyst volume in m3
overall volumetric dry gas flow rate at position x at STP
in m3h1
volumetric steam flow rate at position x at STP in
m3h1
adsorption pressure in MPa
steam to dry gas ratio in –
temperature in °C
adsorption time in s

(2016). The CHP plant uses biomass (wood chips) as feed stock.
Information about the average feed stock composition is given in
Wilk and Hofbauer (2016).
Wood chips are fed into the biomass dryer, where the mass
fraction of water is reduced to about 16%. After drying, the wood
chips are fed into a screw conveyor which transports the wood
chips into the gasifier. In the gasifier, the wood chips devolatilize
and react with steam at the presence of the bed material (olivine)
at about 850 °C. The steam to fuel ratio (dry and ash free basis) is
about 0.5. The resulting dry product gas has a volumetric composition of about 40% H2, 25% CO, 22% CO2, 10% CH4, as well as minor
traces of Cx Hy , N2, and sulfur components. Moreover, the product
gas shows a lower heating value (LHV) of up to 14 MJm3 (d.b.)
(compare Wilk and Hofbauer (2016)).
In the subsequent process steps, the product gas is cooled and
passes through a bag house filter with a particle separation efficiency of more than 99%. Consequently, a practically dust free product gas can be assumed after the filter. In the following rapeseed
methyl ester (RME) gas scrubber, the product gas is cooled from
about 150 to 40 °C. Hence, tar, steam, and other condensable fractions of the product gas are removed before the product gas is fed
into the gas engines for CHP generation. Heat from the flue gas line
is mainly recovered for the steam generation and for district heating as well.
It is possible to use a partial flow of the product gas for experimental work from an extraction point located before the RME
gas scrubber (see Fig. 1). The tar content of the gas extracted
before the RME gas scrubber is significantly higher (7.6 gm3
GCMS tar and 1.8 gm3 gravimetric tar according to Wilk and
Hofbauer (2016)) than after the RME gas scrubber (2.7 gm3
GCMS tar and 0.1 gm3 gravimetric tar according to Wilk and
Hofbauer (2016)). However, the tar-rich product gas has a higher
temperature (about 150 °C) and a higher volumetric steam content (about 35%) compared to the gas extracted after the RME
scrubber (temperature about 40 °C and steam content of about
7%). Consequently, the tar-rich product gas extracted before the
RME scrubber shows advantages regarding the energy efficiency
because the gas needs less heating and less additional steam
before processing in a subsequent WGS reactor. A more detailed
description of the CHP plant can be found in literature given by
Diaz (2013) and Fail (2014).
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Fig. 1. Simplified flowchart of the commercial DFB gasification plant in Oberwart, Austria.

2.2. The lab-scale process chain
This section describes the lab-scale process chain which processed the tar-rich product gas from the gasification plant to produce the H2CH4 gas mixture.
Fig. 2 shows a simplified flowchart of the process chain where
A, B, and C indicate gas sampling points. The process chain consisted of a WGS unit, an RME scrubber, a glycol scrubber, and a
PSA unit.

2.2.1. The water gas shift unit
The WGS unit converted CO to H2 according to Eq. (1).

CO þ H2 O

H2 þ CO2

1

DH ¼ 41:1kJ  mol

ð1Þ

It consisted of three fixed bed reactors in series filled with a
commercial Fe/Cr based catalyst. Each catalyst bed had a diameter
of about 9 cm and a bed height of about 40 cm resulting in a catalyst volume of about 2.5 dm3. The activation procedure of the cat-

Fig. 2. Simplified flowchart of the investigated lab-scale process chain. A, B, and C indicate sampling points for measurements.
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alyst is described in Fail (2014). At the inlet and outlet of each reactor, the gas stream could be heated or cooled in order to achieve
the desired gas inlet and outlet temperatures. These temperatures
were measured with type J thermocouples. Before the inlet of the
first reactor, steam was added to assure a high steam content in
the processed gas in order to avoid coking and carbon deposition
on the catalyst surface. The WGS unit was operated at ambient
pressure and the gas inlet temperature was set to about 350 °C
and the gas outlet temperature after reactor C was set to about
150 °C.
Overall, the WGS unit was operated with the same catalyst
batch for more than 3000 h. During all investigations, no catalyst
deactivation could be observed (compare with Fail (2014), Fail
et al. (2014), Kraussler et al. (2016a)).

with a gas meter. By weighing the gas washing bottles before and
after a certain time, the water content was determined. Subsequently, the volumetric flow rates were calculated by the water
balance.
In this paper, all gas volumes and volumetric gas flow rates are
given at standard temperature and pressure (STP, 273.15 K and
101325 Pa). In addition, the least squares method, using the
numerical software package ScilabTM, was applied on the measured
values of the WGS and PSA unit in order to find a balanced solution
for the composition and volumetric flow rates of all gas streams.
This approach of data reconciliation also included the standard
deviation of every single measured value (compare Narasimhan
and Jordache (1999)).
2.4. Key figures

2.2.2. The gas scrubbing units
Two gas scrubbing units were employed downstream of the
WGS unit in order to condense steam and to remove tar and NH3
from the processed gas.
The first scrubber used RME as scrubbing fluid. This RME scrubber was operated at ambient pressure and at a temperature of
about 15 °C. Therefore, the tar-rich gas stream was cooled and,
consequently, tar was condensed and dissolved in the RME. Thus,
steam contained in the gas stream was condensed and most of
the NH3 was dissolved in the condensate. The RME in the scrubber
was continually removed and replaced with fresh RME in order to
avoid saturation with tar.
After the RME scrubber, the gas passed through a glycol scrubber which was also operated at ambient pressure but at a lower
temperature of about 5 °C, in order to condense the remaining
steam and other remaining minor condensable impurities. The glycol was also continually removed and replaced with fresh glycol to
avoid saturation as well. Consequently, after the glycol scrubber, a
dry gas stream could be assumed which was, subsequently, led to
the compressor of the downstream PSA unit.
2.2.3. The pressure swing adsorption unit
Upstream of the PSA unit, the dry gas stream (feed) was compressed to an absolute pressure of 0.6 MPa. The compressed gas
was then fed into the adsorber vessels.
Each of the four employed adsorber vessels was filled with
about 4.7 dm3 of carbon molecular sieve (CMS) from Carbotech/
Shirasagi (MSC–CT 350), which is often used for biogas upgrading
in order to separate CO2 from CH4 (compare Grande (2011)). The
four vessels were interconnected with automated valves in order
to enable a continuous operation of the PSA unit. The adsorbed
gas components were desorbed by lowering the pressure to about
0.02 MPa. These gas components were extracted from the bottom
of the vessels and are referred to as adsorbate (off-gas). The high
pressure product is in general referred to as raffinate or, in this
work, H2CH4.
2.3. Gas analytics
A gas chromatograph (GC, Clarus 500TMfrom Perkin Elmer) was
used to measure the gas composition at the sampling points A, B,
and C (Fig. 2). In the GC, a thermal conductivity detector (TCD)
enabled the quantification of CO, CO2, CH4, N2, O2, C2H6, C2H4,
0
00
and C2H2 with two different columns (7 HayeSep N, 60/80 1/8
0
00
SF and 9 molecular sieve 13 45/60, 1/8 SF). The C2 species were
summarized and are referred to as C2Hy. The H2 content was calculated by closing the mass balance. In this work, H2, CO, CO2, and
CH4 are referred to as the main gas components.
In order to measure the steam content of the processed gas, the
gas was sent through glycol gas washing bottles at 5 °C for a certain time. Subsequently, the volumetric dry gas flow was recorded

The following key figures (Eqs. (2)–(4)) describe the operating
conditions along the lab-scale process chain.
The gas hourly space velocity (GHSV, see Eq. (2)) indicates the
stress of the catalyst in a chemical reactor. The GHSV was calculated for the first reactor of the WGS unit.

GHSV ¼

V_ A
V Cat

ð2Þ

The steam to dry gas ratio (STDGR, see Eq. (3)) describes the relative amount of steam along the WGS unit, something which is
very important for an adequate operation of the catalyst. It must
not be too low in order to avoid coking and carbon deposition on
the surface of the catalyst employed in the WGS unit. It was also
calculated for the inlet of the first reactor.

STDGR ¼

V_ H2 O;A
V_ A

ð3Þ

The recovery of a component i (see Eq. (4)) is the ratio of the
amount of that component (i) in two different streams. It is an indicator of a unit’s separation efficiency.

Xi ¼

ui;C  V_ C
ui;B  V_ B

ð4Þ

Additionally, the LHV and the lower Wobbe index (LWO) are
important key figures in order to describe the interchangeability
of gaseous fuels in terms of energy content and power.
3. Results and discussion
In this section, the results from the experiments for the produc1

tion of the H2CH4 gas mixture are presented. About 0:83 m3  h of
the product gas were extracted from the commercial gasification
plant, which resulted in a GHSV of 483 h1 at the inlet of the first
WGS reactor. In addition, a STDGR of 1.5 was chosen in order to
avoid coking and carbon deposition on the surface of the commercial Fe/Cr based catalyst. Along the WGS unit, the volumetric dry
1

gas flow rate increased to about 1:0 m3  h due to the reaction
of CO and H2O to H2 and CO2. After the scrubbing units, the gas
was fed into the PSA unit (adsorption pressure 0.6 MPa), where
the adsorption time (tAds ) was varied between 200 s and 700 s in
order to find a H2CH4 composition aiming a LWO similar to pure
CH4.
3.1. Gas composition and recovery
Table 1 shows the gas composition of the extracted product gas
(A) and the gas composition downstream of the WGS unit (B) considering only the main components H2, CO, CO2, and CH4. The pro-
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duct gas was extracted with a typical composition for DFB gasification plants (compare Wilk and Hofbauer (2016)). Along the WGS
unit, the volumetric H2 fraction could be increased from 40.8% to
53.3%, which is in agreement with WGS units operated with the
product gas from DFB biomass steam gasification (compare
Chianese et al. (2015, 2016)). The volumetric CO content could
be lowered from 25.4% to 1.9%. The volumetric CH4 content was
lowered due to the higher volumetric dry gas flow rate after the
WGS unit. Higher hydrocarbons and sulfur components were also
in the same order of magnitude as in previous published literature
(see Fail (2014), Kraussler et al. (2015, 2016a,b)).
Fig. 3 shows the volumetric raffinate composition over different
adsorption times of the PSA parameter study for H2CH4 production.
It can be seen that at low adsorption times, CO and CO2 were effectively separated from the feed gas mixture (B). At 200 s adsorption
time, the volumetric CO content could be lowered to 0.32% and the
volumetric CO2 content could be lowered to 0.04%. At higher
adsorption times, first, CO started to break through the CMS adsorbent, followed by CO2.
It could also be observed that during the whole parameter study
the volumetric H2 content was between 80 and 81%, whereas, the
volumetric CH4 content was between 16 and 19%. It seems that the
CH4 tended to a sharper decrease than H2. This can be explained by
the fact that the overall higher H2 amount in the feed caused an
overall lower decrease of the H2 fraction in the raffinate over the
investigated adsorption times. Actually, even more H2 molecules
were adsorbed than CH4 molecules (compare recoveries in Fig. 4)).
Fig. 4 shows the recoveries of the main components over the
investigated PSA adsorption times. It can be seen that with increasing adsorption time, the recovery of all main components
increased. At all adsorption times, the CH4 recovery was higher
than the H2 recovery, which is untypical for adsorption processes
(compare Liu et al. (2010)) but can be explained by the fact that
CMS has usually a narrow pore distribution and the pore diameter
is significantly smaller (between 0.3 and 0.4 nm) compared to regular activated carbon (see Sircar et al. (1996)). Therefore, because
of the steric effect (compare Yang (2003)), the smaller H2 molecules (diameter about 0.3 nm according to Xu et al. (2003)) tended
to occupy a pore at the surface of the CMS more likely than the larger CH4 molecules (diameter about 0.4 nm according to Mao and
Sinnott (2001)). Hence, CMS showed a lower adsorption capacity
for CH4 which resulted in higher recoveries. In general, the recoveries of H2, CO, and CH4 significantly increased with higher adsorption times. The recovery of just CO2 slightly increased with higher
adsorption times which is an indicator for strong adsorption of CO2
on CMS.
In conclusion, Fig. 3 and Fig. 4 indicate that CMS showed a high
separation efficiency for CO2. The separation efficiency of CO was
lower which can be explained by the polar character of the CO
molecule and the non-polar character of the CMS (compare Yang
(2003)). In contrast, the separation efficiency of H2 and CH4 was
significantly lower. Thus, CMS seems to be a suitable adsorbent
in order to separate H2CH4 from a CO and CO2 containing feed
gas mixture.

Table 1
Volumetric composition of the extracted product gas (A) and the PSA feed (B)
considering the main components H2, CO, CO2, and CH4.
Components
–

uH 2
uCO
uCO2
uCH4

A
m3m3

B
m3m3

40.8%
25.4%
22.9%
10.9%

53.3%
1.9%
35.2%
9.6%
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Fig. 3. Volumetric raffinate composition over different adsorptions times.

Fig. 4. Recoveries of the main components over different adsorption times.

3.2. Fuel parameters
This section presents the fuel parameters LHV and LWO
achieved from the parameter study of the lab-scale process chain
for H2CH4 production. The LHV and LWO are important key figures
in order to describe the interchangeability of gaseous fuels.
Table 2 shows the LHV and LWO of the processed gas at the
sampling points A, B, and C along the lab-scale process chain.
The LHV after the WGS unit (B) was lower compared to the
extracted product gas (A) due to the conversion of CO into H2
and CO2. With increasing adsorption time, the LHV of the H2CH4
(C) decreased from about 15.6 MJm3 (200 s) to about 14.7 MJm3
(700 s). However, the LHV of pure CH4 of 35.9 MJm3 is significantly higher.
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Table 2
Fuel parameters (LHV and LWO) of the extracted product gas (A), the PSA feed (B), and the raffinate (C).

LHV
LWO

A
–
MJm3

B
–
MJm3

C
200 s
MJm3

300 s
MJm3

400 s
MJm3

500 s
MJm3

600 s
MJm3

700 s
MJm3

11.52
15.79

9.43
13.29

15.57
43.40

14.93
42.73

15.08
41.35

14.88
39.71

14.89
39.44

14.69
38.22

The LWO after the WGS unit (B) was also lower compared to the
LWO of the extracted product gas (A), which can also be explained
by the higher CO2 content. Along the PSA unit, H2CH4 with a significantly higher LWO compared to sampling points A and B could be
produced. Increasing adsorption time (from 200 s to 700 s) led to
lower values of the LWO because of the increasing CO and CO2 content. Nevertheless, the maximum LWO of about 43.4 MJm3 is
nearly the same as the LWO of pure CH4 of about 48.1 MJm3.
Hence, the LWO indicates that the produced H2CH4 gas mixture
could be used as natural gas substitute in industrial applications.
H2 and CH4 contributed with about 38% and 34%, respectively,
to the LHV of the extracted product gas at sampling point A,
whereas CO contributed to about 28%. After the WGS unit (sampling point B), H2, CH4, and CO contributed to the LHV with about
61, 36, and 3%, respectively. In the raffinate (H2CH4, sampling point
C) an increasing adsorption time (200–700 s) led to an increase of
the H2 contribution from 56 to 59%, whereas the contribution of
CH4 decreased from 44 to 39%. Moreover, the contribution of CO
increased to 0.3% with increasing adsorption time. A CO contribution of 0.3% is higher than the contribution in the PSA feed (sampling point B) which can be explained by the significantly lower
CO2 content in the raffinate (H2CH4).
3.3. H2CH4 process assessment
In this section, a possible process for H2CH4 production based
on DFB biomass steam gasification is presented. The process is
based on the experimental results from this paper (PSA adsorption
time of 200 s) and on gasification plant data described in Pröll et al.
(2007) and Wilk and Hofbauer (2016). The layout is based on a
simple process which consists of a minimized number of state of
the art unit operations.
Fig. 5 shows the process design for H2CH4 production. Wood
chips (water mass fraction of about 32% according to Wilk and
Hofbauer (2016)) are fed into a dryer and subsequently into the

DFB gasifier where they are converted with steam into the product
gas (compare sampling point A). Subsequently, the product gas is
fed into the WGS unit, where CO and H2O are converted into additional H2 and CO2. Then, the gas enters scrubbing units in order to
condense steam and to remove tar. The condensed steam is fed
back into the gasification reactor and the tar is fed back into the
combustion reactor of the DFB gasifcation system. The heat from
the product gas and flue gas lines is mainly used for steam generation. Subsequently, the gas is compressed and fed into a PSA unit
employing CMS as adsorbent in order to separate H2CH4 from the
feed gas stream. The off gas, a low calorific gas with a LHV of about
7.1 MJm3, is split. On the one hand, a part of the off gas is recycled
into the DFB gasifier and burnt in order to supply the heat for the
endothermic gasification reactions. On the other hand, the excess
flow of the off gas could be burnt in a gas boiler or burnt in gas
engines in order to cover a certain amount of the electricity
demand of the process.
Fig. 6 shows the sankey diagram of the LHV based energy
streams of the possible process for H2CH4 production. The wet
wood chips with a fuel power of 10 MW are fed into a biomass
dryer and subsequently into the DFB gasifier where they are converted into product gas with an efficiency of 70%. Along the WGS
unit, conversion losses of about 1% occur. 8.8 MW of the shifted
product gas are fed into the PSA unit. The result is 4.0 MW of
H2CH4 and 4.8 MW of the low calorific off gas, where 2.7 MW are
recycled into the DFB gasifier and 2.1 MW could be used for additional heat and electricity generation. The sensible heat of the process (about 3.0 MW) is mainly used for steam generation and
combustion air preheating. Excess heat, which cannot be utilized
further, is used for the biomass dryer upstream of the gasifier.
Based on these results, a wet fuel based H2CH4 production efficiency of 40% could be achieved.
In comparison, Roy and Das (2016) found a gaseous energy
recovery of 53.6% with a two stage dark fermentation process using
starchy wastewater as feedstock for production of biohythane. Fur-

Fig. 5. Process configuration for H2CH4 production based on DFB biomass steam gasification (compare Figs. 1 and 2) also indicating the mass and volumetric flow rates of the
wood chips and main gas components. The volumetric flow rates are given on d.b. and at STP.
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Fig. 6. LHV based sankey diagram of a possible process for H2CH4 production. All streams are given in MW. No sensible heat is considered.

thermore, Rehling et al. (2011) investigated a BioSNG process
based on the DFB gasification technology which used wood chips
with a water mass fraction of 20% as feedstock. In that study, an
energy efficiency of 66% was reported. The energy efficiency based
on the results in this work (40%) is lower but the process configuration is simpler compared to typical methanation processes (compare Kopyscinski et al. (2010)).
4. Conclusion
Carbon molecular sieve is a suitable adsorbent for separating
CO2 from a H2 and CH4 containing gas mixture. However, separation of CO turned out to be more difficult. Nevertheless, based on
the Wobbe index, the generated H2CH4 gas mixture could be used
as substitute of natural gas in industrial applications. The H2CH4
output of the presented process could be improved by methanation of remaining CO downstream of the CO2 removal. This
approach would increase the lower heating value as well as the
lower Wobbe index of the H2CH4, as a result of the conversion of
some H2 into additional CH4.
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a b s t r a c t
In this paper, three CO2-neutral H2 production processes were investigated. The three employed technologies were dual fluidized bed (DFB) biomass steam gasification, biogas steam reforming (BSR), and
alkaline electrolysis (AEL) powered by renewable electricity with their necessary downstream separation
and purification process steps. Aspen Plus process simulations were carried out in order to calculate the
mass and energy balances of the three processes. In addition, a techno-economic assessment was carried
out for a fictitious business producing H2 at a rate of 90 kg h1 in Austria in 2016. This assumption was
used so that the economic feasibility of these investigated processes could be directly compared.
The simulation results show that the DFB biomass steam gasification process has a higher H2 conversion rate (51.4%) but a lower fuel based H2 production efficiency (38.9%) than the BSR process (27.2% and
47.0%, respectively). Moreover, the alkaline electrolysis process shows the highest energy based H2 conversion efficiency at about 66%.
The results of the economic assessment show that the DFB biomass steam gasification process has
investment costs of 12.1 MEUR followed by the biogas steam reforming process with investment costs
of 9.9 MEUR. The alkaline electrolysis process has investment costs of 4.4 MEUR. However, the after
tax H2 break-even price of the DFB process is the lowest with 0.148 EUR kWh1. The BSR process has
an after tax H2 break-even price of 0.152 EUR kWh1 and the AEL process has an after tax H2 breakeven price of 0.191 EUR kWh1. The net present value (NPV) calculations reveal that the BSR process
has the highest NPV, followed by the AEL process and the DFB biomass steam gasification process.
However, the NPV of all three processes are very similar. In general, all three H2 production processes perform at the same level based on the results of the process simulation and the chosen economic
assumptions.
Ó 2017 Elsevier Ltd. All rights reserved.

1. Introduction
Today most H2 used in industry is produced by steam reforming
of natural gas or other hydrocarbons [1]. These large scale steam
reformer plants mainly cover the H2 demand of refineries and
ammonia plants. However, other industries, like the glass, food,
metal, and petrochemicals also need H2 but in significantly smaller
amounts. Consequently, small-scale natural gas steam reformer
plants have been established throughout these markets because

⇑ Corresponding author at: Bioenergy 2020+ GmbH, Wienerstrabe 49, 7540
Güssing, Austria.
E-mail address: michael.kraussler@bioenergy2020.eu (M. Kraussler).
http://dx.doi.org/10.1016/j.enconman.2017.04.084
0196-8904/Ó 2017 Elsevier Ltd. All rights reserved.

in most cases on-site supply of H2 offers greater economy when
compared to delivery by truck [2].
In light of climate change, small scale CO2-neutral H2 production processes should be established. Hence, this work investigates
the following three CO2-neutral H2 production routes: biomass
steam gasification, steam reforming of biogas, and alkaline electrolysis powered by renewable electricity together with its necessary downstream separation and purification steps.
In the case of biomass steam gasification, the dual fluidized bed
(DFB) steam gasification technology was chosen because it has proven its feasibility for several years in multiple commercial plants.
In addition, the product gas generated is practically free of N2
and already contains a high volumetric H2 fraction of about 40%
[3,4]. Anaerobic digestion (AD) is an established technology for
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Nomenclature
Abbreviations and acronyms
AD
anaerobic digestion
AEL
alkaline electrolysis
AT
after tax
BSR
biogas steam reforming
BT
before tax
CHP
combined heat and power
DFB
dual fluidized bed
PSA
pressure swing adsorption
RME
rapeseed methyl ester
SG
steam generator
SR
steam reformer
WGS
water gas shift
Symbols

uj
.

AT cash flow after tax cash flow in EUR a1
BEP
break-even price in EUR kg1 or EUR kWh1
BT cash flow before tax cash flow in EUR a1
Capital required capital for the plant in EUR
CEPI
chemical engineering plant index in –
Depreciation linear depreciation in EUR a1
Expenses in EUR a1
i
discount/interest rate in –
LHV
lower heating value in MJ kg1
m
exponent for order of magnitude capital estimation in –
_j
m
mass flow of component j in kg h1
n
plant lifetime in a
NPV
net present value in EUR
Revenues in EUR a1
Tax rate in –
xj
mass fraction of component j in kg kg1

volumetric fraction of component j in m3 m3
density in kg m3

the generation of biogas, which mainly consists of CH4 and CO2.
Furthermore, the separation of CH4 from biogas and its injection
in the natural gas grid is commercially employed at different locations. Moreover, CH4 in the biogas can also be used as feed stock in
a steam reforming process in order to generate H2 [5]. Alkaline
water electrolysis (AEL) is a well established and commercially
used route for production of H2 from electricity. It is mainly used
to generate small scale H2 supplies on-site [6,7]. If powered by
renewable electricity, the generated H2 is CO2-neutral.
The three CO2-neutral H2 production routes were evaluated via
process simulation in Aspen Plus in order to acquire mass and
energy balances and, consequently, to deliver the data necessary
for a techno-economic assessment. Based on this assessment, a
decision about which kind of plant offers the greatest economic
benefit can be made.
The work presented here is based on the following fictitious
business case located in Austria in 2016: A company needs about
90 kg h1 (1000 m3 h1) H2 with a volumetric purity greater than
99.9% for its process. They want to erect a H2 production plant
which needs to be available for 8000 h per year. Heat is not a
required product. Company policy demands that the H2 production
plant be CO2-neutral. Based on the results of this study, a decision
should be possible, which of the three investigated CO2-neutral H2
production routes offers the highest economy feasibility.
2. Materials and methods
This section introduces the three processes for production of
CO2-neutral H2. Furthermore, assumptions made for the simulation
of each of the three processes are shown. In addition, the approach
for the techno-economic assessment is presented.
2.1. Investigated processes
This section describes the three routes for production of CO2neutral H2: DFB biomass steam gasification, steam reforming of
biogas, and alkaline electrolysis. The presented principles are the
basis for Aspen Plus process simulations and, further on, for the
techno-economic assessment. The described processes were simulated using Aspen Plus 8.6. All volumetric flow rates are given at
standard temperature and pressure (273.15 K and 101,325 Pa).
Table 1 shows the technical boundary conditions and assumptions used for all three process designs.

Table 1
Assumptions for simulations of the DFB, BSR, and AEL processes.

_ H2
m

uH2
pH2
TH2

Values

Units

90
99.9%
1.0
25

kg h1
m3 m3
MPa
°C

Based on these assumptions, the mass and energy balances from
all three processes were calculated. No district heat generation
within the DFB and BSR design was considered. Therefore, all heat
was used within the processes, mainly for steam generation.
2.1.1. Dual fluidized bed biomass steam gasification
Fig. 1 shows the simplified process layout for H2 production by
DFB biomass steam gasification.
Wet wood chips are fed into the biomass dryer (not depicted),
which is operated with low temperature waste heat from the process. In the dryer, the H2O mass fraction of the feedstock is reduced
from about 32% to about 16%, which is a typical value for dryers
within commercial DFB biomass steam gasification plants [8].
Dried wood chips are fed into the gasifier where they devolatilize
and react with H2O. According to the endothermic gasification
reactions, at about 850 °C the product gas with the main gas components H2, CO, CO2, and CH4 is formed. Olivine is used as bed
material and heat carrier. It exhibits catalytic activity that
enhances gasification reactions and, therefore, reduces the tar content of the product gas [9–12]. Subsequently, the product gas is
cooled, filtered (mainly by particle separation), and fed into a fixed
bed water gas shift (WGS) reactor employing a Fe/Cr-based catalyst where CO and H2O are converted into additional H2 and CO2
according to the exothermic WGS reaction. The gas inlet temperature is about 350 °C, and a molar steam to dry gas ratio of 1.5
avoids coking and carbon deposition on the catalyst surface. During past investigations, the Fe/Cr-based catalyst has proven its stability in processing tar-rich product gas [13,14]. In the next steps,
the product gas is cooled and fed into a rapeseed methyl ester
(RME, . = 880 kg m3, LHV = 36.9 MJ kg1) scrubber, where the
gas is further cooled from about 150 °C to about 50 °C. Consequently, tar and steam are removed and condensed. The condensed
steam is recycled and used to generate more steam for the process.
The RME scrubber has proven to be sufficient for removing tar and
steam from the product gas stream when employed at commercial
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Fig. 1. DFB biomass steam gasification process for H2 production.

DFB biomass steam gasification plants for combined heat and
power (CHP) [3,15]. In the last step, the gas is compressed to
1.0 MPa and subsequently fed into a pressure swing adsorption
(PSA) unit where H2 is separated from the other gas components.
H2 recovery in the PSA unit is assumed to be 85%, which is within
the same order of magnitude reported previously [1,16–20]. Consequently, H2 with a volumetric fraction of more than 99.9% is produced. The PSA off gas is used as fuel for the combustion reactor of
the DFB gasification system and the heat from the flue gas line is
recovered for use elsewhere within the process. The flue gas is filtered before it is released into the environment. A typical feed
stock composition can be seen in Table 2. It is assumed that wood
chips with a water mass fraction of 32% are delivered to the plant.

Table 2
Elemental analysis and LHV of wood chips (dry basis), which are typically used as fuel
for DFB gasification plants [8]. Sulphur was not considered in the process simulation.

C
H
N
Oa
Ash
LHV
a

By calculation.

Values

Units

49.4%
6.0%
0.2%
43.5%
0.9%
18.3

kg kg1
kg kg1
kg kg1
kg kg1
kg kg1
MJ kg1

Fig. 2 shows the simulation flowsheet for H2 production by DFB
biomass steam gasification. A RYield block is applied to model the
gasifier, in which wood chips devolatilize and react with H2O. The
amount of makeup H2O could be calculated by writing a FORTRAN
statement in the calculator block and then using it before the unit
operation (steam generator). Products from the gasifier enter a
SSplit block (SEPERAT) which separates solid residues (Dec-char)
from gaseous products into DECOMP. Gaseous products then pass
through into the heat exchanger (HE1). A RYield block (DECOMP)
is applied to model the decomposition of bio-char into its constituting elements (C, N, and ash). A FORTRAN statement is introduced to define the distribution of elements in term of its
proximate and ultimate analysis and to determine their mass flow
rate at the outlet of the block. A RStoic block is applied to model
the combustor, in which the PSA off-gas combusts with air to fulfil
the energy demand of the gasification process. A REquil block
(WGSR) is applied to simulate the WGS reactor, in which only
the WGS reaction is considered. Heater blocks are applied to simulate the steam generator and heat exchangers (HE1, HE2, and
HE3). The MCompr block is applied to simulate the compressor
(C1). Sep2 blocks are applied to simulate the gravitational separator and the RME scrubber. A Sep block is applied to simulate the
PSA unit. FabFI blocks are applied to simulate the filtration units
(Filter-1 and Filter-2). In addition, a heat stream (Q-supply) is
applied to fulfil the energy demands of the gasifier. In this model,
the physical properties of mixed conventional components and

Fig. 2. Aspen flowsheet of the DFB gasification process for H2 production.
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CISOLID components are calculated by the property method of
IDEAL. The enthalpy and density of non-conventional components
are calculated by HCOALGEN and DCOALIGT models, respectively.
The reactions used in the DFB process simulation are highlighted
in Table 3. The input specifications for unit operation blocks of
the DFB process simulation are presented in Table 4. The component attributes used for Dec-char in gasifier block and for ash in
DECOMP block are presented in Table 5.
2.1.2. Biogas steam reforming
Fig. 3 shows the process layout of the biogas steam reforming
(BSR) process to generate H2.
Wet maize silage is fed into the AD, where it is converted into
biogas. Subsequently, the biogas is desulfurized via fixed bed activated carbon and ZnO beds. This step is necessary because the
nickel catalyst, which is usually employed in steam reforming

reactors [1], is very sensitive to sulphur poisoning. In the steam
reformer, biogas, which mainly consists of CH4 and CO2, is converted into H2, CO, CO2, and minor amounts of CH4 at a molar
steam to carbon ratio of three in order to avoid coking and carbon
deposition. Heating is carried out with a small amount of biogas
and the off gas from the PSA. After cooling, the gas stream is fed
into a WGS unit were CO and H2O are converted into additional
H2 and CO2. Subsequently, the remaining steam is condensed and
the condensate is reused for steam generation. Further on, the
gas is compressed to 1.0 MPa and, finally, fed into a PSA unit. In
the PSA unit, H2 is separated from the other gas components with
an assumed H2 recovery of 85% (compare Section 2.1.1). The PSA
off gas is used to cover the heat demand of the endothermic steam
reforming reactions. However, about 1.1 MW of additional heating
is required. Therefore, additional maize silage is converted into
biogas and burned to supply the heat required for reforming. The

Table 3
Specifications of the reactions used in the DFB process simulation.
Unit operation

Aspen block

Specification type

Stoichiometry

Fraction

Base component

Combustor

RStoic

Frac. conversion

1

WGSR

REquil

Temp. approach

C + O2 ? CO2
2H2 + O2 ? 2H2O
2CO + O2 ? 2CO2
CH4 + 2O2 ? CO2 + 2H2O
H2O + CO ? CO2 + H2

C
H2
CO
CH4
–

–

Table 4
Specifications for unit operation blocks of the DFB process simulation.
Unit operation

Aspen block

Specifications

Steam generator

Heater

Gasifier

RYield

Temperature
Pressure
Temperature
Pressure
Component yields (kg kg1)

DECOMP

RYield

Combustor

RStoic

WGSR

REquil

HE1, HE2, and HE3

Heater

C1

MCompr

Temperature
Pressure
Component yields (kg kg1)
Temperature
Pressure
Pressure
Duty
Temperature
Pressure
Configuration
Cooler

350 °C
0.1 MPa
850 °C
0.1 MPa
H2 = 0.016543, CO = 0.144528, CO2 = 0.201388,
CH4 = 0.0351642, DECCHAR = 0.0580664, and H2O = 0.5444
945 °C
0.1 MPa
C = 0.934323, Ash = 0.055968, and N2 = 0.009709
945 °C
0.1 MPa
0.1 MPa
0 kW
HE1 = 350 °C, HE2 = 150 °C, and HE3 = 25 °C
0.1 MPa for HE1, HE2, and HE3
Number of stages = 1, Compressor model = Polytropic using
ASME method and Specification type = Fix discharge pressure from last stage: 1 MPa
Stage = 1, specification = outlet Temp, Value = 25 °C, and pressure drop = 0 MPa

Table 5
Component attributes in unit operation blocks of the DFB process simulation.
Component ID (unit operation)

Attribute ID

Proximate analysis (kg kg1)

Ultimate analysis (kg kg1)

Sulfanal (kg kg1)

Moisture
Fixed carbon
Volatile matter
Ash
Ash
C
H
N
Cl
S
O
Pyritic
Sulfate
Organic

Dec-char (Gasifier)

Ash (DECOMP)

0
0.934323
0.009709
0.055968
0.055968
0.934323
0
0.009709
0
0
0
0
0
0

0
0
0
100
100
0
0
0
0
0
0
0
0
0
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Fig. 3. BSR process for H2 production.

Table 6
Elemental analysis and LHV of maize silage (wet basis) [23]. Sulphur was not
considered in the process simulation.

C
H
N
Oa
Ash
H2O
LHV
a

Values

Units

23.0%
1.0%
0.1%
9.0%
1.9%
65%
6.4

kg kg1
kg kg1
kg kg1
kg kg1
kg kg1
kg kg1
MJ kg1

By calculation.

simulation data for AD have been described previously [21,22].
Table 6 shows the feedstock analysis of maize silage for the BSR
process.
Fig. 4 shows the simulation flowsheet for H2 production by the
BSR process. A RYield block is applied to model the anaerobic
digester. Mixtures from the anaerobic digester enter a Sep2 block
(SEPERAT) which separates residues from biogas. The biogas then
passes through into a heat exchanger (HE1). The amount of
makeup H2O could be calculated by writing a FORTRAN statement
in the calculator block and then using it before the unit operation
(steam reformer). A RGibbs block is applied to model the steam
reformer. A REquil block (WGSR) is applied to simulate the WGS

reactor, in which the same specifications of the reaction as that
of WGSR in DFB process simulation are applied. A RGibbs block
is applied to model the combustor, in which PSA off-gas and additional biogas combust with air to fulfil the energy demands of the
steam reformer. Heater blocks are applied to simulate the steam
generator and the heat exchangers (HE1, HE2, HE3, and HE4). A
MCompr block is applied to simulate the compressor (C1). Sep2
blocks are applied to simulate the condenser. A Sep block is applied
to simulate the PSA unit. In addition, heat streams (Q-supply-1 and
Q-supply-2) are applied to fulfil the energy demand of the steam
reformer. In this model, the physical properties of mixed conventional components and CISOLID components are calculated by
the property method of RKS-BM. The enthalpy and density of
non-conventional components are calculated by HCOALGEN and
DCOALIGT models, respectively.
The input specifications of unit operation blocks used in the BSR
process simulation are presented in Table 7. The component attributes used for the residue in anaerobic digester block are presented in Table 8.
2.1.3. Alkaline electrolysis
Fig. 5 shows the principle of H2 generation by AEL.
Liquid water passes a scrubber, is mixed with lye (KOH) to generate a 25% aqueous solution with enhanced conductivity and is fed
into the alkaline electrolyzer where the aqueous solution is split

Fig. 4. Aspen flowsheet of the BSR process for H2 production.
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Table 7
Specifications of unit operation blocks used in the BSR process simulation.
Unit operation

Aspen
block

Specifications

Steam generator

Heater

Anaerobic digester

RYield

Steam reformer

RGibbs

Combustor

RGibbs

WGSR

REquil

HE1, HE2, HE3,
and HE4
C1

Heater

Temperature
Pressure
Temperature
Pressure
Component yields
(kg kg1)
Calculation option
Products
Pressure
Temperature
Pressure
Pressure
Duty
Temperature
Pressure
Configuration

MCompr

Cooler

400 °C
0.1 MPa
35 °C
0.1 MPa
CH4 = 0.0794029, CO2 = 0.181416, H2 = 0, Residue = 0.177747, and H2O = 0.561433
Restrict chemical equilibrium-specify temperature approach or reactions (900 °C)
H2, CO, CH4, H2O, and CO2
0.1 MPa
900 °C
0.1 MPa
0.1 MPa
0 kW
HE1 = 900 °C, HE2 = 350 °C, HE3 = 25 °C, and HE4 = 50 °C
0.1 MPa for HE1, HE2, HE3, and HE4
Number of stages = 1, compressor model = polytropic using ASME method and specification type = fix
discharge pressure from last stage: 1 MPa
Stage = 1, specification = outlet Temp, value = 25 °C, and pressure drop = 0 MPa

Table 8
Component attributes used for the residue in anaerobic digester block.
Component ID (unit operation)
Residue (anaerobic digester)
Proximate analysis (kg kg1)

Attribute ID

Ultimate analysis (kg kg1)

Sulfanal (kg kg1)

Moisture
Fixed carbon
Volatile matter
Ash
Ash
C
H
N
Cl
S
O
Pyritic
Sulfate
Organic

0
0.270054
0.623025
0.106921
0.106921
0.679745
1.09313E-09
0.00571035
0
0
0.207623
0
0
0

H2

costs were estimated. Then the net present value (NPV) and
break-even price (BEP) were determined from the economic
assessment.
Water

2.2.1. Investment costs
Investment costs were estimated based on a literature study as
well as on budget quotes from different plant manufacturers.
Investment costs from years other than 2016 were adjusted using
the chemical engineering plant cost index (CEPI, see Eq. (1)).

Alkaline
electrolyzer
Renewable electricity

O2

Fig. 5. AEL process for H2 production.

into H2 and O2 by an electrical current. Subsequently, the H2 produced passes the lye separator and the scrubber where it is cooled
by fresh water and, finally, fed into the compressor. The O2, which
is generated during the process, is released into the ambient air
after passing the lye separator.
The AEL process was simulated as black box model entirely
based on manufacturer data [7,24].
2.2. Techno-economic assessment
The techno-economic assessment was based on previously
developed approaches [25]. First, the investment and production

Capital 1 CEPI 1
¼
Capital 2 CEPI 2

ð1Þ

The capital cost of plants and units of different sizes were
adjusted using order-of-magnitude estimates and capacity rationing was accounted for with Eq. (2).


m
Capital 1
Capacity 1
¼
Capital 2
Capacity 2

ð2Þ

An exponent m of 0.67 was used in this work to take into
account the whole plant [25].
In addition, plant startup expenses were considered to be 10% of
the calculated capital costs. Therefore, the overall investment costs
of a plant were calculated according to Eq. (3).

Inv estment costs ¼ Capital  ð1 þ 10%Þ

ð3Þ
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Table 9
Overview of estimated production costs.
Production costs

Detailed estimates

Factored estimates

Raw materials
Operating labor
Utilities
Employee benefits
Supervision
Laboratory
Maintenance
Insurance and taxes
Operating supplies
Plant overhead
Depreciation

Based on process simulation and market prices
Based on plant operator data
Based on process simulation and market prices
22% of operating labor
10% of operating labor
10% of operating labor
6% of investment costs
3% of investment costs
3% of investment costs
1% of investment costs
Based on Eq. (4)

Table 10
Assumptions for the techno-economic assessment.

Number of employees
Annual operating hours
Plant lifetime (n)
Tax rate
Discount rate (i)

Values

Units

5 (DFB)/5 (BSR)/1 (AEL)
8000
20
25%
10%

–
h
a
–
–

Investment costs given in US $ were converted into EUR using
an exchange rate of 1.10 $ EUR1 from 18th of October 2016.
Investment costs given for a year other than 2016 were adjusted
using Eq. (1) and costs, which were given for a different capacity,
were adjusted using Eq. (2).

2.2.2. Production costs
The production costs were split into detailed and factored estimates. The detailed estimates were calculated based on actual
2016 prices of materials and energy streams according to the
amounts as calculated in the process simulations. Factored estimates were either considered as a percentage of the operating
labor or as a percentage of the investment costs. Table 9 gives an
overview of how the production costs were calculated.
The depreciation was calculated according to Eq. (4).

Depreciation ¼

Inv estment costs
Plant lifetime

ð4Þ

V = 4888 m3 h-1
ϕH2 = 24.1 %
ϕCO = 2.4 %
ϕCO2 = 17.0 %
ϕCH4 = 4.4 %
ϕH2O = 52.1 %

V = 4888 m3 h-1
ϕH2 = 16.2 %
ϕCO = 10.3 %
ϕCO2 = 9.1 %
ϕCH4 = 4.4 %
ϕH2O = 60.0 %

RME
scrubber

WGS
reactor

Filter

H2

PSA

V = 1000 m3 h-1
ṁ = 90 kg h-1
ϕH2 = 99.9 %
T = 25 °C
p = 1.0 MPa

Fresh
RME

Wood chips

Dryer

Gasiﬁcaon
reactor

ṁ = 1834 kg h-1
ωH2O = 16 %

V = 20 dm3 h-1

Makeup
water

Steam
generator
Combuson reactor

Cyclone

RME saturated
with tar

Condensate
container

ṁ = 450 kg h-1

Flue gas

Filter
ṁ = 2266 kg
ωH2O = 32 %

h-1
Air
V = 1336 m3 h-1
ϕH2 = 13.2 %
ϕCO = 8.8 %
ϕCO2 = 62.1 %
ϕCH4 = 15.9 %
ϕH2O = 0 %

ṁ = 2501 kg h-1

Fig. 6. Design of the DFB process for H2 production including process simulation data.
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2.2.3. Assessment
In order to carry out the techno-economic assessment, the
assumptions in Table 10 were made for all investigated H2 production processes. The base year for the investigation was 2016.
It was assumed that five employees are needed to ensure safe,
twenty-four-seven operation of the H2 production plants, except
for the AEL plant. According to the manufacturer (personal communication Nel Hydrogen [24]), only one employee is necessary
in order to watch and maintain the operation of an AEL plant. In
addition, the annual operating time was set to 8000 h and the
expected plant lifetime was set as 20 years. Furthermore, a tax rate
of 25%, which is the standard tax rate on profits in Austria, was
assumed allowing the consideration of the impact of the H2 plant
on the AT cash flow of the fictitious company. Finally, a discount
rate of 10% was chosen for the NPV calculation.
The before tax (BT) cash flow was calculated according to Eq.
(5). The revenue was set to zero as no H2 was sold because all H2
is needed for the process within the company. The expenses were
based on the production costs in Table 9.

BT cash flow ¼ Rev enues  Expenses

ð5Þ
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The after tax (AT) cash flow was calculated according to Eq. (6),
which takes the BT cash flow, the tax rate, and depreciation into
account.

AT cash flow ¼ BT cash flow  ð1  Tax rateÞ þ Depreciation

ð6Þ

The techno-economic assessment was based on the NPV, which
was calculated with the AT cash flow, the discount rate, the plant
lifetime, and the investment costs according to Eq. (7). A higher
NPV indicates a higher economic feasibility of a process over its
lifetime even if it has a negative value.


NPV ¼ AT cash flow 


n
ð1 þ iÞ  1
 Inv estment costs
n
i  ð1 þ iÞ

ð7Þ

The BEP of the produced H2 was calculated based on before tax
(BT BEP) and after tax (AT BEP) basis because tax consideration is
an important factor which can significantly influence the results.
Consequently, the BT BEP was calculated according to Eq. (8) and
the AT BEP was calculated according to Eq. (9).

BT BEP ¼

1
 Expenses
_ H2  Annual operating hoursÞ
ðm

Fig. 7. H mass flows along the DFB process. The mass flows are given in kg h1.

Fig. 8. DFB process energy flows. The energy flows are based on the LHV and are given in kW. Sensible heat is not depicted.

ð8Þ
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AT BEP ¼

1
_ H2  Annual operating hoursÞ
ðm


Expensesð1  Tax rateÞ  Depreciation

ð1  Tax rateÞ

ð9Þ

3. Results and discussion
This section shows the results of the Aspen Plus process simulations and the results of the techno-economic assessment. The
results are presented in the following order: the DFB process, the
BSR process, and the AEL process.
3.1. Biomass steam gasification
Fig. 6 shows a simplified flowchart of the DFB process for H2
production and includes some of the main process parameters
from the process simulation.

It can be seen that 2266 kg h1 wet wood chips are necessary in
order to produce a H2 output of 90 kg h1. In addition, about
450 kg h1 of makeup water are needed in order to achieve the
desired molar steam to dry gas ratio of 1.5 at the inlet of the
WGS reactor (compare [13]). Furthermore, the product gas composition after the gasifier is in the typical order of magnitude of commercial DFB gasification plants (compare [3,8]).
Fig. 7 shows the H mass flows (in kg h1) along the DFB process
considering H atoms which are derived from the wood chips as
well as the H2, CH4, and H2O streams.
Of the H fed into the process, 51.4% can be extracted as pure H at
the end of the process. The recycle stream from the RME scrubber
(227 kg h1) is composed mainly of hydrogen in the condensed
steam which is used as a gasification agent in the DFB gasifier. Furthermore, about 37.5% of the H leaving the scrubber is recycled
with the adsorbate of the PSA unit, which is fed into the combustion reactor of the DFB gasification system.

Fig. 9. The BSR process for H2 production showing the process design and process simulation data.

Fig. 10. H mass flows along the BSR process. The mass flows are given in kg h1. The H contained in the CH4 downstream of the steam reformer is negligible.

287

J. Yao et al. / Energy Conversion and Management 145 (2017) 278–292

Fig. 11. BSR process energy flows. The energy flows are based on the LHV and given in kW. Sensible heat is not depicted.

= 1000 m3 h-1
= 90 kg h-1
T = 25 °C
p = 1.0 MPa

= 1300 kg h-1

H2

Water
treatment

Fresh water

Scrubber

Lye
separator
Pel = 4500 kW

Electrical
power

AC/DC
converter

AEL

Lye
separator

Fig. 12. AEL process for H2 production showing the process design and some of the process simulation data.

Fig. 13. H mass flow along the AEL process. All mass flows are given in kg h1.

O2
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Fig. 8 shows the LHV based energy and electricity streams along
the DFB process.
It indicates that the production efficiency is about 38.9% based on
the LHV of wood chips, the electricity consumption, and H2. Overall, within the DFB concept, a specific H2 production rate of 39.7 g
H2 per kg wood chips (wet) and 58.4 g H2 per kg wood chips (dry)
can be achieved.
3.2. Biogas steam reforming
Fig. 9 shows a simplified flow chart of the BSR process for generating H2 from maize silage and indicates some main process
parameters.
It shows that 3433 kg h1 of wet maize silage is needed in order to
produce 90 kg h1 H2. Additionally, 437 kg h1 of makeup water is
necessary in order to achieve a molar steam to carbon ratio of 3.0
at the inlet of the steam reformer.
Fig. 10 shows the H mass flows (in kg h1) along the BSR process
for H2 production considering H atoms contained in maize silage,
H2, CH4, and H2O streams.

About 27.2% of the H which is fed into the process can be recovered at
its end as pure H2. Most H losses occur in the AD (72.7%) in the form of
water. In addition, it can be seen that the PSA losses in the BSR process
are significantly lower compared to the PSA losses of the DFB process.
This can be due to the higher H2 content and, therefore, the higher
partial pressure of H2 in the PSA feed of the BSR process.
Fig. 11 shows the LHV based energy and electricity streams
along the BSR process.
It indicates that the fuel and electricity based efficiency the of the
H2 generation is about 47.0%, which is in agreement with previous
results [26]. In addition, according to the simulation, 267 kW of
electrical power is needed for compression of the PSA feed. Overall,
in the BSR concept, a specific H2 production rate of 26.2 g H2 per kg
maize silage (wet) and 74.9 g H2 per kg maize silage (dry) was
achieved.
3.3. Alkaline electrolysis
Fig. 12 shows a simplified flowchart of the AEL process used to
generate H2 from water and renewable electricity.

Fig. 14. AEL process energy flows. The H2 energy flow is based on the LHV and given in kW. Sensible heat is not considered.

Table 11
Investment costs of the three investigated processes.

Capital costs
Startup expenses
Overall investment costs

DFB

BSR

AEL

Units

11,000,000
1,100,000
12,100,000

9,000,000
900,000
9,900,000

4,000,000
400,000
4,400,000

EUR
EUR
EUR

Table 12
Material and energy streams of the three investigated processes.
DFB
Wood chips (dry)
Maize silage (wet)
Electrical energy
Fresh water
RME
H2

BSR

AEL

Units

3433
267
437

4500
1300

90

90

kg h1
kg h1
kW
kg h1
m3 h1
kg h1

1540
369
450
0.020
90

Table 13
Specific costs of the considered material and energy streams.

a
b

Value

Units

Source

Wood chipsa
Maize silageb

0.097
0.065

EUR kg1
EUR kg1

Electricity
Fresh water
RME

0.11
0.002
1000

EUR kWh1
EUR kg1
EUR m3

Information from plant operator (July 2016)
Information from
ARGE Kompost & Biogas (August 2016)
Information from plant operator (July 2016)
Information from plant operator (July 2016)
Information from plant operator (July 2016)

Dry basis.
Wet basis.
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3.4. Techno-economic assessment
This section presents the results of the techno-economic assessment based on the results of the process simulations in Sections
3.1,3.2, and 3.3.
3.4.1. Investment costs
Investment costs for the DFB process are based on experience
within the research group as well as on data from a plant operator
and plant manufacturer, which are comparable to the investment
costs previously published [27,28]. Investment costs for the BSR
process are based on information found in the literature [27–32].
Investment costs for the AEL process are based on a budget quote
from the company Nel Hydrogen [24]. However, it should be mentioned that the estimation of the investment costs by order of magnitude analysis bears an uncertainty of about +50% and 30%
according to [25].
Table 11 shows the investment costs of the three investigated
processes for a H2 production rate of 90 kg h1 (1000 m3 h1).
Based on these numbers, the DFB process has the highest investment cost, which is due to its complex process design. Investment
costs for the AEL process are significantly lower than the investment costs of the DFB and BSR processes. This is due to the overall
simplicity of the electrolysis process.
The capital cost distribution of the DFB plant is as follows: 9
MEUR for the DFB plant which also includes the biomass dryer,
the WGS unit, the scrubbing unit, and the steam generation system. 1 MEUR for the compressor according to a compressor manufacturer budget quote, and 1 MEUR for the PSA unit according to
the budget quote of a plant manufacturer. In comparison, the capital distribution of the BSR plant is as follows: 4.5 MEUR according
to [30] for the AD unit including desulphurization and 4.5 MEUR
according to a budget quote of a manufacturer for the reforming
unit, which includes the steam reformer, the WGS unit, the
compressor, the PSA unit, and the steam generation system. The

capital costs of the AEL process are entirely based on a budget
quote [24].

3.4.2. Production costs
Production costs were calculated using the material and energy
streams of the process simulations (Table 12) as well as the specific
cost of the feedstock materials and the electrical energy (Table 13).
Based on the information provided in Tables 9, 10, 12, and 13,
production costs and expenses were calculated in Table 14.
The raw materials consist of wood chips in case of the DFB process,
maize silage in case of the BSR process, and fresh water in case of
the AEL process. The utilities consider additional material streams
as well as electrical energy. Therefore, the utilities cause the AEL
process to cost significantly more than the other processes.
Fig. 15 shows the production cost distribution of the DFB, BSR,
and AEL processes.
Fig. 15 demonstrates that production costs for the DFB process are
mainly determined by raw material and other costs, which include
employee benefits, supervision, maintenance, insurance, taxes,
operating supplies, and plant overhead. A similar picture can be
observed for the BSR process. However, the raw materials have a
significantly higher share of the overall production costs compared
to the DFB process. Production costs for the AEL process are determined primarily by the utility costs which are mainly composed of
electricity.

Raw materials
Utilities
Other

Operating labor
Depreciation

100%
90%

Production cost distribution

It can be seen that 1300 kg h1 fresh water are necessary in order
to generate 90 kg h1 H2. According to Nel Hydrogen [24], the fresh
lye consumption is insignificant. Thus, it was not considered in the
simulation.
Fig. 13 shows the H mass flows (in kg h1) along the AEL process
following H atoms in the H2 and H2O streams.
It can be seen that 62.5% of the H that is contained in the feed
water is recovered as product. Water is also included with the
losses, as it is needed for process cooling.
Fig. 14 shows the energy streams along the AEL process for H2
production.
It indicates a H2 energy conversion efficiency of about 66.4%. In
addition, electricity consumption also includes the electricity
needed for H2 compression.

80%
70%
60%
50%
40%
30%
20%
10%
0%
DFB

BSR

AEL

Fig. 15. Production cost distribution of the DFB, BSR, and AEL processes.

Table 14
Production costs and overall expenses of the three investigated processes.

Raw materials
Operating labor
Utilities
Employee benefits
Supervision
Laboratory
Maintenance
Insurances and taxes
Operating supplies
Plant overhead
Depreciation
Overall expenses

DFB

BSR

AEL

Units

1,195,040
350,000
491,920
77,000
35,000
35,000
726,000
363,000
363,000
121,000
605,000
4,361,960

1,785,160
350,000
241,952
77,000
35,000
35,000
594,000
297,000
297,000
99,000
495,000
4,306,112

20,800
70,000
3,960,000
15,400
7000
7000
264,000
132,000
132,000
44,000
220,000
4,872,200

EUR
EUR
EUR
EUR
EUR
EUR
EUR
EUR
EUR
EUR
EUR
EUR

a1
a1
a1
a1
a1
a1
a1
a1
a1
a1
a1
a1
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Table 15
NPV calculations for the investigated processes.

Investment costs
Lifetime
Expenses
BT cash flow
Tax rate
Depreciation
AT cash flow
Discount rate
NPV

DFB

BSR

AEL

Units

12,100,000
20
4,361,960
4,361,960
25%
605,000
2,666,470
10%
34,801,162

9,900,000
20
4,306,112
4,306,112
25%
495,000
2,734,584
10%
33,181,055

4,400,000
20
4,872,200
4,872,200
25%
220,000
3,434,150
10%
33,636,855

EUR
a
EUR
EUR
–
EUR
EUR
–
EUR

AT BEP

BT BEP

0.203
0.191

0.182
0.148

0.00
0.0E+00

0.05

0.10

0.15

0.20

-2.0E+07

0.152

0.150

-3.0E+07

0.100

0.25

0.30

DFB
DFB_now
BSR
BSR_now
AEL
AEL_now

-1.0E+07

0.180

NPV in EUR

BEP of H2 in EUR kWh-1

a1
a1

Feed price in EUR kWh-1

0.250

0.200

a1
a1

-4.0E+07
-5.0E+07
-6.0E+07
-7.0E+07

0.050

-8.0E+07
-9.0E+07

0.000
BSR

AEL

Fig. 16. BEP of H2 on AT and BT basis.

3.4.3. Net present value
Table 15 shows the NPV calculation for the three investigated
processes according to Eqs. (4)–(7).
These calculations indicate that all three investigated processes
have nearly the same NPV. However, based on this calculation,
the BSR process would be the most profitable because it has the
highest NPV. The BSR process is followed by the AEL and DFB processes in profitability.
3.4.4. Break-even price
Fig. 16 shows the BEP of H2 on AT and BT basis which reveals
the process that is the most cost efficient H2 producer from an economic point of view.
It shows that the DFB process has the lowest AT BEP, followed by
the BSR process and then the AEL process. The reason for this trend
is that the specific price of dry wood chips (0.019 EUR kWh1) is
lower than that for dry maize silage (0.037 EUR kWh1) and significantly lower than the price for electricity (0.110 EUR kWh1) and
the tax allowance caused by the depreciation. In contrast, the BT
BEP of the BSR process is lower than the BT BEP of the DFB process,
followed by the AEL process. This can be explained by higher
investment costs and the resulting depreciation of the DFB process
and the omission of the tax allowance.
3.4.5. Sensitivity analysis
Fig. 17 shows the sensitivity analysis of the NPV depending on
varying feed stock prices for the DFB and BSR processes and
depending on varying electricity price for the AEL process.

-1.0E+08
Fig. 17. NPV sensitivity analysis based on feed stock price. Dots indicate the
assessment values determined in this work.

1.00

DFB
DFB_now
BSR
BSR_now
AEL
AEL_now

0.90

AT BEP of H2 in EUR kWh-1

DFB

0.80
0.70
0.60
0.50
0.40
0.30
0.20
0.10
0.00
0.00

0.05

0.10

0.15

0.20

0.25

0.30

Feed price in EUR kWh-1
Fig. 18. AT BEP sensitivity analysis based on the feed stock price. Dots indicate the
assessment values determined in this work.

From the graph, it can be seen that the DFB process has a steeper
slope than the BSR and AEL processes. This indicates that the economy of the DFB process would be more sensitive to increasing (or
decreasing) feed stock prices than the BSR process would be to
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increasing (or decreasing) maize silage prices or the AEL process
would be to increasing (or decreasing) electricity prices.
Fig. 18 shows a sensitivity analysis of the AT BEP of H2 production depending on feed stock or electricity prices.
Again, it can be seen that the DFB process has the steepest slope,
which also indicates that its AT BEP is more affected by varying
feed stock prices. In addition, it is of note that the actual electricity
price is closer to the BEP of the AEL process than the feedstock
prices for the DFB and BSR processes and their corresponding AT
BEP. The BT BEP sensitivity analysis shows similar results.

4. Conclusion and outlook
In this work, three processes for CO2-neutral H2 production
were investigated by means of process simulations and subsequent
techno-economic assessment. The simulations were carried out
using the software Aspen Plus. The investigated processes were
based on DFB biomass steam gasification, BSR, and alkaline electrolysis powered by renewable electricity together with their necessary downstream separation and purification steps.
The technical assessment showed that the DFB biomass steam
gasification process had nearly twice the H2 conversion rate of
the BSR process. Moreover, wet fuel-based H2 production in the
DFB process was significantly higher. In contrast, the BSR process
had a higher dry fuel-based H2 production efficiency compared
to the DFB biomass steam gasification process. Some reports [28]
have demonstrated that the biomass steam gasification process
has an overall higher performance than the BSR process. However,
in our study only maize silage was used as fuel for the BSR process,
whereas maize silage, organic waste, and cattle manure can be
used as feedstocks [28]. Organic waste and cattle manure have significantly lower biogas yields than maize silage [33]. In contrast to
both biomass-based processes, the alkaline electrolysis process
had the highest H2 conversion rate and the highest fuel-based
efficiency.
The techno-economic assessment for the production of
90 kg h1 or 1000 m3 h1 of H2 showed that the biomass steam
gasification process had the highest investment costs. The BSR process had lower investment costs and slightly lower production
costs. The alkaline electrolysis process had significantly lower
investment costs compared to the other two processes but had
the highest production costs, which were significantly influenced
by the utility costs as determined by the price of electricity. Moreover, the DFB biomass steam gasification process had the lowest AT
BEP for H2 compared to the BSR process and the AEL process. In
contrast, the BSR process had the lowest BT BEP followed by the
DFB and AEL process. This difference shows the importance of
tax consideration in techno-economic assessments. In conclusion,
all three processes have a similar NPV based on the chosen
assumptions and performed calculations, which indicates that they
have about the same economic feasibility for CO2-neutral H2
production.
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